WD 99/ 65825 _

PCT/ US99/ 11325 TWD STACGE HYDRODESULFURI ZATI ON PROCESS FI ELD OF
THE | NVENTI OO 99/65825 The present invention rel ates toPETURYE32F e
process for hydrodesul furizing naphtha feedstreans wherein the first stage
contains a catalyst conprised of about | 4o about 10 wt.% Merr], about
0.1 to about 5 wt. % CoO supported on a swtabl e support material. They are

al so characteri zed ? om about 60
Ato 200 A, a Co/ 'PW(B%T&@ Fh?ﬁ Vo err]

surface concentration of about 0.5 X 10[err] to about 3. 0 X 10[err]g

M err]/ nl FFRLDOF THEANVENTIONti cl e size of | ess than about 2.0 mmin
di aneter; arﬁmal ns a conventional hydrodesul furization
catal yst conprised of at |east one Goup VIII netal and at |east one G oup
VI metal on an inor garfhe presahe invantiontrelatd3ACAERG ke Protels foNVENTI ON
Napht ha streans are primary products in any petroleumrefinery in the

Uni ted Stat dydrﬁdmultfusizimgarw ﬁrad‘ebdi&tmaam wherehkthefirshsiage somtafnsmr ed to in
the industry as the "gasoline pool". probl em associ ated with such
streans, espéi ﬁtlwﬂmﬁb‘% of &bﬂ‘!ﬂw’a‘%@b@ér’rﬁ %70&40@359 abwidhbfc@ abouts wit¥eki ng

rocess. sug s fluidjzed cat Iytlc cracking d Co i s that they
Eont ain rel aé]‘?(sé}"?p on g suitab 81S“Bi?fa’é§}a|t q afsq%@rag’peggeg@ﬁt ain
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catal ysts having ever roperties w respec

desul furi zaty pm+4q6 aBaﬁm bax 15@442%%0%12 hatld iﬂ‘ﬁvezh'%é particRVéike Of 134 fifanSt  €ams

can be brought to the ever lower |evels require y ever stricter
gover nnent alabout 2.0 mm in diameter; and the second stage contains a conventional

hydrodesulfurization catalyst comprised of at least one Group VIII metal and at

least one Group VI metal on an inorganic oxide support.
BACKGROUND OF THE INVENTION

Naphtha streams are primary prdducts in any petroleum refinery in
the United States. These streams are blended to makeup what is referred to in
the industry as the “gasoline pool”. One problem associated with such streams,
especially those naphtha streams which are products of a cracking process, such
as fluidized catalytic cracking and coking, is that they contain relatively high
levels of undesirable sulfur. They also contain valuable olefins which contribute
to the octane number of the resulting gasoline pool, and thus it is highly desirable
not to saturate them to lower octane paraffins during processing. There is a
continuing need for catalysts having ever improved properties with respect to the
desulfurization of naphtha streams so that the sulfur level of such streams can be
brought to the ever lower levels required by ever stricter governmental
regulations. Research over the last couple of decades has resulted in a great

many hydrodesulfurization catalysts and processes for desulfurizing naphtha feed



regul ati ons. Research over the | ast couple of decades has resulted.in a .
great manywuysvessssul furi zati on catal ysts and processes forpd@mgb;,n@iszl ng
napht ha feed WO 99/ 65825

PCT/-US99/ 11325 streans, while atterrptrng to keep olefin saturation at a
m nimum Wile there are comrercially successful napht ha

hydr odesul stiedmstwhile atterapting to keepualefinsdturation at & miaimumoriWhiieithereneed f or
i nproved catal ysts that are ca abl e of conbini ng optinum

hydr odesul #grGoramermally suf:qes e hydeodesuldorization eatalysts isuserodayor THE

| NVENTI ON acgor.dance th the present jnvention, there is
provi ded aﬂm‘ss’t SQinting ng‘ff‘m’mﬂfﬁt’gﬂnﬁ%@mﬁﬁﬁhﬂ S %Pﬁh\?tﬁ tombining ock,
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catal yst is conprised of: (a)- about 1to 10 wt.% MJerr]; and
(b) aboUSUMMARY OF THEANVENTION (c) a Co/M> atomc ratio of
about 0.1 I_TU"%L_—(%nedi an pore dianmeter of about 60 Ato
200 A; and (e) a Mo(Jerr] surface concentration in g

M err]/nferr] of ahpaécoddince viith di¢ present invention, thér i$ piovi@E®h o and
() an average particle size dianeter of |ess t-han about 2.0 nmm and
stage process for hydrodesulfurizing a naphtha feedstock, which process

comprises:

i) reacting said feedstock in a first reaction stage under hydrodesulfurization

conditions in contact with a catalyst is comprised of:

(a) about 1 to 10 wt.% MoO3; and

(b) about 0.1 to 5 wt.% CoO; and

(¢) aCo/Mo atomic ratio of about 0.1 to 1.0; and

(d)  amedian pore diameter of about 60 A to 200 A; and

(¢)  aMoOj3 surface concentration in g MoO3/m?2 of about 0.5 x 10-4

to 3 x 10-4; and
(f)  anaverage particle size diameter of less than about 2.0 mm; and

if) passing the reaction product of the first stage to a second stage, also
operated under hydrodesulfurization conditions, and in contact with a
catalsyt comprised of at least one Group VIII metal selected from the
group consisting of Co and Ni, and at least one Group VI metal selected
from the group consisting of Mo and W, more preférably Mo. on an

inorganic oxide support material.



i) . passing the reaction product of the first stage to a second stage.

al so WO under hydrodesul furization conditions, ' £Aap4 act
with a cegﬂgg gyt conprised of at |east one Goup VIII net é‘fga"" %ect ed
fromt.he group consi:stjng of Co andl-Ni, and at |east one Goup VI
nmetal sel ected fromthe group consisting of M and W nore
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to 2800 [ err hsmicasurgd dy/axyjgefichemjsoastioreasur ed by oxygen chemi sorpti on.
I n anot her preferred enbodi ment of the present i nvention the Goup VIII

nmetal is Ni and the Goup VI netal is . I n anot her
preferred enmbodi nent oinamthgrmﬁmedmbodxmm of tee present ssventiodithe ons  of

hydr odesul furj zat are.s t e inlet tenperature of the feedstock

tg t he react F%ﬂ%#ﬁﬁmstaba W“i‘ﬂ&’ d@wuao\’hme&ﬁ 11§ Mo.f eedst ock and 100% of

t he feedstock beconmes vaporized in the catal yst bed ] f
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versus percent olefin saturation for the exanple esent anple 11
her eof 100% of the feedstock becomes vaporized in the catalyst bed.
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In other preferred embodiments of the present invention. the MoO3
surface concentration in g MoO3/m2 is about 0.75 x 104 t0 2.5 x 10-4: the
Co/Mo atomic ratio is from about 0.20 to 0.85; and the mean pore diameter is

from about 75 A to about 175 A.
BRIEF DESCRIPTION OF THE FIGURES

Figure 1 is a plot of percent hydrodesulfurization versus percent

olefin saturation for the examples presented in Example 11 hereof.

Figure 2 is a bar chart showing relative volumetric activity for
hydrodesulfurization for the catalyst systems of Example 11 herein wherein one
catalyst system is a bed of only the catalyst of this invention. a second catalyst
system is a bed composed of 87 vol.% of the catalyst of this invention and 13
vol.% of the conventional catalyst KF-742: and a third catalyst system which is a
bed composed of 74 vol.% of catalyst of this invention and 26 vol.% of the

conventional catalyst KF-742.



Figure 2 is a bar chart showing relative volunetric activity for

hydr odesul wr99ms8ison for the catal yst systens of Exanple 11PUWUSD9]1M53I’GI n
one catal yst systemis a bed of only the catalyst of this invention, a-
second catal yst systemis a bed conposéd"of 87 vol.%of the catalyst of
this inventioh and 13 voI %of t he conventlonal catal yst KF-742: and a

t hird cat aDETAILEDDESCRIPTION O DNMENTION vol . % of catal yst of
this invention and 26 voI %of the conventional cat aI yst KF-742. WO
99/ 65825
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| PTI ON OF .THE | NVENT hh dst k t abl f
Hoe i n 1 heCOmpLEt Ay Ve of rioTe sefinery, streems botBhg i feaﬁs? Eara ebaut 108 T eans

ressure. ThaTlingee PO RRBHRc B} ﬂecf%eorﬁa%im? Brkahefina wor ch
ﬁ:gﬁlt lhgl) COco ﬂgrﬁﬁﬁcgpikehﬁ@%&?%c Hﬁa l#iyegr esl gﬁtﬁ% ‘fqg ?‘gﬂnﬁapht ha,
debut ani zegdaplitht f(ECCD@eﬁﬁl'yh@EltaEm cdk@ﬁ’ ngﬁmﬁhl mrebﬁeﬁéwo gﬁﬁt s trom

ot her sources wherein a nap a boili ng range stream ca uced. FCC

catal yti c hygiutreaternmiphtiias detahized naturabgasetint (DNG), andgakolne blrapiighas
since they are products of catalytic and/or thermal cracking reactions. and

are the nocemposentsfeam ﬁh@mmes whesein anaphthp beslmg range streamrcan be
The naphtha f dstock preferably a cracked naphtha feedstock, generally

cont ai ns n#fo G ratahgic naphithaandeok %m@ph mg@geraﬂutmatesmieﬁmc
unsat ur at es en- chal and.c n and cyclic
hydr ocar bo ng%?l?ﬁsgpg?f? HE eé?rﬂ‘é“‘ttﬁ of ﬁétal ﬂia‘ﬁfﬁ?ﬁ&gfré%@&%e k

generally t a ng as high as
about 60 Fén@?znﬁfkp&\égcfrféd st?éﬁ ﬂﬁélggéfgglﬁ rg% f&n‘nvﬁ ngd nost typically
from about 5_ vvt %to about 40 wt.% The cracked napht ha feedstock can
conprise a diene The naphtha feedstock, preferably a cracked naphtha feedstock,

generally contains not only paraffins, naphthenes, and aromatics, but also
unsaturates, such as open-chain and cyclic olefins, dienes, and cyclic
hydrocarbons with olefinic side chains. The cracked naphtha feedstock generally
comprises an overall olefins concentration ranging as high as about 60 wt.%,
more typically as high as about 50 wt.%. and most typically from about 5 wt.%
to about 40 wt.%. The cracked naphtha feedstock can comprise a diene
concentration of as much as 15 wt.%, but more typically ranges from about 0.02
wt.% to about 5 wt.% of the feedstock. High diene concentrations can result in a
gasoline product with poor stability and color. The cracked naphtha feedstock
sulfur content will generally range from about 0.05 wt.% to about 0.7 wt.% and
more typically from about 0.07 wt.% to about 0.5 wt.% based on the total weight
of the feedstock. Nitrogen content will generally range from about 3 wppm to

about 500 wppm. and more typically from about 20 wppm to about 200 wppm.

There are many hydrodesulfurization catalysts in the prior art that

are similar to those used in the first stage of the present invention. but none can



concentration of as nuch as 15 wt.% but nore typically ranges from about
0.02 wt.%to g3 W . % of the feedstock. Hi gh diene conce | 9 an
result in a gasoline product with poor stability and color. %@érgac%ed i
napht ha feedstock sul fur cdhtent will genérally riinge from about 0.05 wm.%
to about 0.7 w.% and nore typically fromabout 0.07 wt.%to about 0.5 w.%

based on t he be@hatactéizetas Mavineall 6EGRIASE eﬁ‘ob' ERRANafPluS the Wve] openeral |y
range from about 5 wppmto abg{??l 500 vvppmdfua d nore typl calrﬂ?y from about 20

wppm t o aboutac@ity ferttydrodesulfurization in combination evittethe rblbvelelow dléfinzat i on
catalysts in the prior art that are simlar to those used in the first

st age of t he sptugateon, as thasetof e iristant iroreatioan For exampled S6me&dhventional
PCT/ US99/ 11323 L . . -5- be characterized
as havi ng al lhydrodesulfurization qatalpess typisallyeentaimMoQseandGeoD levelaotithintle f or

hydr odesul furizati I n, con‘ai nat.i o B Lth §h Eieslrﬁ i yelgy I gtv;lol efin
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i nstant cat alhydtSdedh RuzRah cofbisitidh ﬁitﬂisﬂﬁh F’(g\evr()gﬁierﬁgaturation be met. The

hydr odesul furization 1 n conbination wth suc I'n saturation be net.

The properti egopdtiieswhich areictitieal totthe chrlystd 6f thelpreseht frienfibE HMdd: RYpNt i on

I nclude: (a) a Mo err] concentration of about 1'to 10 wt.% preferably
about 2 to 8aiMo@3 comdemtoatiorpodteuatity 18wV, préeforablyaboat Jomstdt.on dnde

total weight of the_ catal éSt . (b) a CoO concentration of about 0.1 to 5
Wt . % pref er 305 pagfstably aboutdt i quvtdp, based wprthe p;lytelf weight of ﬁmcoml I\I%Stt o)a
w.% also b on the total weight of the catalyst: (c)_a atom c
rati (:) of abog:ts&g pgnqegtrgggmo?ﬁbg,t 1 &9 &rvity Wpfe%%!(@béb%hﬁu((g?%@ 4 M%g@ﬁd 0. 80,
more preferably fro out 0. 0 _ghout 0. 72 a L gn e dianeter
of about 60 AU PIEHPSghout B & P acklyo Paskdh ont kSl waighy 033%%9&@%%\,
and nore pref r X rface
concent rat1 ot ConabiR b ffdbbnt 0.1 8be £8, Stegrabp{hfaanut b A
M err]/ i efabbut ®BE MbAPhferably from about 0.25 to about 0.72; (d) a median pore
diameter of about 60 A to about 200 A, preferably from about 75 A to about 175

A, and more preferably from about 80 A to about 150 A; (¢) a MoO3 surface
concentration of about 0.5 x 10-4 to about 3 x 104 g. MoO3/m2, preferably
about 0.75 x 10-4 to about 2.5 x 10~4, more preferably frém about 1 x 104 10
about 2 x 10-4; and (f) an average particle size diameter of less than 2.0 mm.
preferably less than about 1.6 mm, more preferably less than about 1.4 mm. and
most preferably as small as practical for a commercial hydrodesulfurization
process unit. The most preferred catalysts will also have a high degree of metal
sulfide edge plane area as measured by the Oxygen Chemisorption Test
described in “Structure and Properties of Molybdenum Sulfide: Correlation of
O2 Chemisorption with Hydrodesulfurization Activity”, S.J. Tauster et al.,
Journal of Catalysis 63. pp 515-519 (1980), which is incorporated herein by

reference. The Oxygen Chemisorption Test involves edge-plane area



about 0.75 x 10[err] to about 2.5 x 10[err], nore preferably from about 1 x
10[err] towol»omiss282 x 10[err]; and (f) an average particl e specrusivans2ser of
| ess than 2.0 mm preferably |ess than gbout 1.6 mm nore preferably |ess
than about 1.4 mm and nost preferably~™ds small as practical for a

commerci al hydrodesul furization process unit. The nost preferred catal ysts
wi Il al so measuemsinghmadgvderein pulsesl ofsaxyged are addedtoemearniee gasistreamsur ed
by the Oxygen Chem sgorption Test described in "Structure and Properties of
Mol ybdenun?if thusqapidly traveeseithe cafalyst bed,) Fonexamples thepxygenn

L Stk oy s 2o, S A0
PC}II'? US99/ 1?@ Q}xﬁ ?r?orl%%fe%\w fom aﬁggte I,Eba W& 2%@mol %3/&%:9 S'fcgt&é'nt s
made wher eﬂeﬁ%ﬁ@ﬁ%ﬂot%?iggtﬁngglgflﬁg%%lfﬁﬂﬁ%fcgﬁéﬂé's%fnéiﬁ’ﬁessﬁsre am and thus

rapidly traverse t cata r exa the oxygen chem sorption
W Il be froperdhanpedl) it thid d8Emeny. ef erably from about 1,000 to 2,200, and
nore preferably fromabout 1,200 to 2.000 [err]nol oxygen/gram Mo err].
The terns hydrotreating and hydrodesul furization are sonetines used
i nt erchangeably in t Ale catalysts for both the first and secoild stage redctivhszdnes ofot h t he
first and second stage reaction zones of the present invention are
support ed ¢he pregentsinvemijorsate:sapperted catglsts Any duitsbispnergania exidal may be
used for the catal yst of the pr&z&n& I nv nti%n. Non- |imting exanples of
sui tabl e s§BpRYE matedalimpy bensed fer the catalys of she pregentinvention. Nanci um
oxi de, stronti.um oxid bar . oxi de,. carbons i ycopi a, di.at omaceous
earth, I antRutPEsxamRiesof itabls Sppot mater il tnsfude: AltwainansiBed dianRe oy ni um
oxi de, yttr.li ' vl Egle; ] - -hoy: | L.de, '
urania, nio @rﬂ;ﬂa’ﬁg%lsg{mpﬁqﬁgﬁ?gb%%%&gﬁgg ) é‘%ghg?olfﬁg’n(ﬁ%%@]%ségﬁgt e.
Preferred ghahdlaiifdidde Skides ﬁxcl@dlﬁﬁ%ﬁhﬁﬁoﬁhemaﬂﬁlanw 6xikle A& dyRthurhS
alumina. For the catalysts with a high degree of .metal sulfide edge plane
area of thexideytmium oxiie and prassgdpsium oxideptirontie, thefdm dxidesuraaidye
understood that the support material can _

niobia, tantala, tin oxide, zinc oxide, and aluminum phosphate. Preferred are

alumina, silica, and silica-alumina. More preferred is alumina. For the catalysts
with a high degree of metal sulfide edge plane area of the present invention,
magnesia can also be used. It is to be understood that the support material can
contain small amount of contaminants, such as Fe. sulfates. silica, and various
metal oxides which can be present during the preparation of the support material.
These contaminants are present in the raw materials used to prepare the support
and will preferably be present in amounts less than about 1 wt.%. based on the
total weight of the support. It is more preferred that the support material be
substantially free of such contaminants. It is an embodiment of the present
invention that about 0 to 5 wt.%, preferably from about 0.5 to 4 wt.%. and more
preferably from about 1 to 3 wt.%, of an additive be present in the support.
which additive is selected from the group consisting of phoéphorus and metals or
metal oxides from Group IA (alkali metals) of the Periodic Table of the

Elements.



contain sngll amount of contam nants, such as Fe. sulfates, silica, and

vari ous net ' whi ch can be present during the prepara
%o%?)_sfﬁ%ese tpb?fbs%f fahe

support materi a contam nants are present in the raw materials used
to prepare the support and ‘wi%| preferably.be present in ambunts |ess than
about 1 wt.% based on the tatal weight of the support. It is nore
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sel ect ed froghdrigestocio ipreheses in f&dﬁfﬂﬁ&ﬂ%@é%aﬂ@&s?ﬂo?'té efiferi@laal oxi des
fromGoup |A (alkali nmetals) of the Periodic Table of the Elenents.
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The hydr odes f¢edstockasande qontastedwith attiydrpgenscontainivestréamm priot Lo, tdppingal | y
begin with a cracked napht ha feedstock preheating step. That is, the
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hydr ogen- conifdryi, RgdedgeA3NIAERY TR hydr8ged Sty Puﬁwjﬂﬂﬂﬁ‘@ bt l‘éaﬁ%;oﬁhe

hydrogen stream purity should be at” | east about 50% by vol une rogen,

pref erably at0%eby vohineihyido¥em)preferably abjadsoant 66%byobRink Ry@ogbhy at
| east about 75% by vol une hydrogen for best results. Each

reaction st agedozore poeferahly of leasteabont Ai¥eebyf Volathedgdirogar foribestemshltof whi ch
can conprise a plurality of catalyst beds. Since sonme olefin saturation

will take place, and oggfi n saturation and the desul furization reaction are
general |y exothermic, E8AREASHAR SIAZE AR CONSIFOLYS erigorschixgcbbed fege@rped

each of which can comprise a plurality of catalyst beds. Since some olefin
saturation will take place, and olefin saturation and the desulfurization reaction
are generally exothermic, consequently interstage cooling between fixed bed
reactors. or between catalyst beds in the same reactor shell. can be employed. A
portion of the heat generated from the hydrodesulfurization process can be
recovered and where this heat recovery option is not available. cooling may be
performed through cooling utilities such as cooling water or air, or through use
of a hydrogen quench stream. In this manner, optimum reaction temperatures

can be more easily maintained.

The process of the present invention, for both stages, generally
operates at a liquid hourly space velocity of from about 0.5 hr-1 to about 15 hr-1.
preferably from about 0.5 hr-! to about 10 hr-1. and most preferably from about

2 hr-! to about 10 hr-l.



reactors, or between catal yst beds in the sane reactor shell, can be

enpl oyed. wopomss2sn of the heat generated fromthe hydrodesPCTAIB$9248350Nn
process can be recovered and where this heat recovery option is not

avai l abl e, cooling may be performed thrdugh cooling utilities such as
cooling water or air, or through use of a hydrogen quench stream In this
nmanner, optimum r eactThe mostefaied mode df pesfofming tieshydrod@uugizA66n in
The process of the present invention, for both stages, generally operates
at a | i qui dhérfiwstirgactjpmcstagesisdoiusy aatactop inlebienipedatirdibélew thetdevapoint 15
hr[err]. preferably fromabout 0.5 hr[err] to about 10 hr[err]. and nost
pr ef er abl y dfithefegdstock sorthatsthenaph tionowill pet bg completelywaporiged ac
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vapori zation wt y poOi nt operation). transftferring sone of
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the reactor is noderated, thus reducing the overall extent of olefin

hydr ogenat i reduesing lthooveraHrextént ofdlefin hpdrogenhiyolt edehsorly smatkdedactionsia
degree of vaporization is defined by the ratio of the inlet dew point

t enper at ur éhydrpdesulfurizption. The degrsaetofvapesidation is definadeby theoatip ofithet
tenperature (TIN, R),, where Rig the_absolute tenperature in degrees

Ranki ne. TH@“’éé\ﬁ“’pERIHE tempRsRMES (ToP, Bao1 the E%H‘Ehggﬁf‘é‘at%ii to Shprrastordalet war e

prograns. such aaj

P |1 il l.e f i | at Sci I . th
present confPl§F PTC{)@{I& WQ?}\/V%ISF?RI\]I(SE p?f: &%103‘#%3F'§P8‘9@?‘8F§§%§%%ﬁS}ﬁ%&m’gquaf to
0.990. but QI ' [ ' ' ' hi d
within the 1B Sph it ok RiRs Yan e louliitaly AmAREE Atk proBbimahi eved
which the ofiRhaisiFab/IBlaA¥Mable! from Simulation Sciences Inc. In the present ;

configuration, the Tpp/T]N ratio should be greater than or equal to 0.990. but
less than the ratio at which dry point operation is not achieved within the catalyst
bed. That is, the ratio extends up to the point at which the operation stays all
mixed phase in the reactor. The ratio limit may vary somewhat depending on
selected operating conditions. The 0.990 ratio is specified to account for
uncertainties in the measurement of the inlet temperature including variance in
the location of the temperature measurement and uncertainties in the calculation
of the actual dew point; however, the naphtha feedstock should not be

completely vaporized at the reactor inlet.

The metals of the catalyst for both reaction stages of the present
invention can be deposited or incorporated upon the support by any suitable
conventional means. such as by impregnation employing heat-decomposable
salts of the Group VIB and VIII metals or other methods known to those skilled

in the art such as ion-exchange. with impregnation methods being preferred.



m xed, phase in the reactor. The ratio limt may vary sonmewhat dependi ng on
sel ect ed opeywwjdopgsgondi tions. The 0.990 ratio is specified tpgraeRomishsfor
uncertainties in the nmeasurenent of the inlet tenperature including :
variance in the location of:.tthe tenperatuPe nmeasurepment and uncertainties
in the cal culation of the actwual dew point; however:; the naphtha feedstock
shoul d not b | : Ofand ‘ot

The netal s O;S dti%gmca albgss%&ﬂﬁjygh %ot %lgggﬁ @Eﬂg{eég%ﬂs&%?‘ to% H!en lE)erd ggé&balt

i nvention camiipgted@mafonid molybdae! Riekel ikthatéd afd hifnSiiRCiktaddndSites ui t abl e
conventional neans, such as by inpregnation enploying heat-decoffposabl e
salts of the G oup VIB and VI'll netals or other nethods known to those
skilled in the art sudmpasgrationeftheahydrogendtion mptatpomtheccataiystsuppottei ng
preferred. . WD 99/ 65825 )

PCT/ US99/ 1132wsing the above aqueous impregnation solutions can be performed 8singabl e
aqueous i npregnation sol uti %r;ls I nclyde, but are not limted to cobalt
nitrates amuURFNRNLBYEIRRSE fEChniucke| lI!‘ﬁl"@1 & suppprt srprsptloinedand-the amount o
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vt ness oo heSiaThSo it B 5% PR o B SO BRI 1 e
[P egraton ek udeo gty HARISIIE BRSO ANOEOAL ™S |

gi ven mass ofmgdsiflupport "InpEEpARIioN c&if Be PerfBRIEP fFSRAch MetSPEParRig!
separately, including an intérvening drying step between inpregnations, or

as a singl e doeluding aginsdrveming ideping B betiveeRtmprepnanond, o ay atshqle Be-
separated, drained, and dried in preparation for calcination. Calcination
general |y i s ipprégmatien stap. alhe saturated support can then be separated, drained, and

-

dried in preparation for calcination. Calcination generally is performed at a
temperature of from about 250°C to about 650°C, or more preferably from about

425°C to about 600°C.

Hydrodesulfurization of the naphtha feedstocks of the present
invention for both reaction stages may be performed under the following

N conditions:

Conditions Broad Preferred
Temp (°C) 230-370 260-355
Total Press (psig) 200-800 200-500
H, Feed Rate SCF/B' 200-5000 1500-3000
H, Purity v% 50-100 65-100
LHSV? 0.5-15 . 0.5-10

! Standard Cubic Feed per Barrel
2 Liquid Hourly Space Velocity

Reaction pressures and hydrogen circulation rates below these

ranges can result in higher catalyst deactivation rates resulting in less effective



tenperature of from about 250[err]C to about 650[err]C, or nore preferably
from aboutwéagpksses ] C t o about 600[err]C. PCT/US99/11325

Hydr odesul furi zati on of the naphtha feedstocks of the present invention for
both reaction stages may be perforned udtder the foll owi ng conditions:
Condi ti ons Br oad Preferred

Temp ([ erri&ective hydrotreating. 2BRcesséfvely hi&h reacticib Bredsires increase energy and Ot 2!
Press (psig) 200- 800 200- 500 _ H err F%ed Rat e
SCF/ B[ err] equipn%@cBﬁggncli &govide Unkthiskif@ marginal benefits. Herr] Purity v%

50- 100 LHSV[ err ]
0.5-15 0.5-10 [err] Standard Cubic Feed per
Barr el Therfollowingiexamples aye presented/dod diustsate the invention

Reaction pressures and hydrogen c¢ircul ation rates bel ow these ranges can
result in AngFapuldsolbgconsidsrad Natingin aiYeWayesul ting in | ess effective
WO 99/ 65825

PCT/ US99/ 11325 -10- selective
hydr ot r eat m ssively high reaction pressures increase energy and
equi pnent costs and provide di m ni shing margi nal benefits.

A solution was prepared by dissolving 8.590 g. of citric acid in 15

ml of deionized water to which 2.840 g. of cobalt carbonate was added. The
resulting solution was heated to a boil then held there until the solution was
clear. The heated solution was then cooled to about room temperature and 6.533
g. of ammonium heptamolybdate was added. After the solution became clear.
the solution was diluted to 73.3 ml with deionized water. 118.2 g. of a
transitional alumina extrudate which contained 84.6 wt.% solids and the
remainder adsorbed water was added to the solution and agitated for several
minutes to wet all of the particles. The transitional alumina extrudate was in
cylindrical form with an average diameter of 1/16 inch, a median pore diameter
as measured by mercury intrusion of 87A, a surface area of about 270 m2/g. and
a pore volume of about 0.60 cm3/g. After the particles were wetted. the solution
was air dried under a hood overnight in an evaporation dish after which it was
dried at about 120°C for four hours and then calcined at 455°C for two hours in

air. The resulting catalyst is Catalyst A, which is used in Example 3 below.

Example 2

Isothermal. upflow, all-vapor phase runs were made using a small
fixed-bed unit with an intermediate cat naphtha (ICN) feedstock. The naphtha
was found to have a 80-155°C boiling range (5% and 95% distillation boiling
points). 740 wppm total sulfur, and 46 bromine number. The olefin saturation in

this and all examples herein was determined by using the bromine number test



The follow ng exanples are presented to illustrate the invention and shoul d

not be consi .mting in any way. Exanple 1 tion
was prepareda@rﬁgf%zgol ving 8.590 g. of citric acid in 15 m gp@ﬁ%@ﬁ%ﬁd

water to which 2.840 g. of cobalt carbonagje_was added. The resulting
solution was heated to a baik: then held there untisthe solution was clear.

The heated so .0 t hen, cogl ed to about room tenperature and 6.533 g.
of anmoni um h@%‘%éafesm d’d%fﬁl.% Q(?QQ} catalystoupprred BB @lyming were. t he
solution was diluted to 73.3 ml with deionized water. 118.2 g. of a
transitional RReD#icdsuek thaldag atomis Mple satiapheebaitsognokybdsrumivasied ftom he

remai nder ads e e S ed to t ol ytion _and agitated for several
m nutes to We‘?bgP I%Q?&OE{)}@V%E’F% &og)s‘.”aﬁ' ﬁg&fﬁaﬂﬁiethdeﬁlms AGRICABRCENEAHAR%t e was
incylindrical formwith an average dianeter of 1/16 inch, a nedian pore
di aneter as n@athmectata}yst&mwbetmndsﬂmd@ﬂx&ﬂﬁgMdDgffmi:ehaa%ragé about
270 nferr]/g, and a pore volune of about 0.60 cnB/g. After the particles

vere wetted, particlealiameters wese B3R ingh, agd uhel aledianene divasterOWere 75-38 A
evaporation dish after which it was dried at about 120[err]C for four hours

and then cal casmadasured!bp rarcyrg ifitrnsionontthe fresh catalysts ibhexidiesd fornngEach al yst
is Catalyst A which is used in Exanple 3 bel ow. Exanple 2

| sot her nal . ugHtalyst wag sulfidedin sinawithralH}olds $/Hpegks hlendigt 37054009C fdri Sdem - bed
unit with an internedi ate cat naphtha (1 CN) feedstock. The naphtha was
found to haveand @®labg{ 250°Obdford thedntradusionsohthe daplitha deedstdckatHoprthdoi | i ng
points). 740 wopmtotal sulfur, and 46 brom ne nunber. The olefin
saturation i rfes#nihg reariorganditionsivers 27876, h0ORSCEAB H0A% drydnygendreay gasie
brom ne nunbggoﬂt est . . WD 99/ 658(?5 A .

PCT/ US99/ 113 psig total inlet pressure and constant space velocity. Table I below lists the

selectivity factors (x10) and the Co/Mo atomic mole ratios. The selectivity
factor has been described previously in US Patent 4,149,965 and is defined as the
ratto of the hydrodesulfurization rate constant to the olefin hydrogenation rate

constant:

N S

Selectivity Factor =ii;f-
Ln (ﬂﬁ)
Br,

where Sg Sp are the feed and product sulfur levels. respectively and Bry and Brp

are the feed and product bromine number levels, respectively. Table I shows that
there is a maximum in selectivity when the Co/Mo mole ratio is greater than 0.0

and less than 0.86.



- 11 - (ASTM 1159). A series of 5 w.% Md(Jerr] catal ysts support.ed on.
al um na wewmm 99/¢s8Epar ed such that the atomc nole ratio of eekRishills
nol ybdenum varied from 0.0 to 0.86 (0.0-2.4 wt.% CoO was added). The.
Mo err] surface concentrations for th2se catal ysts were between 1.0 and
2.0x10[err] g Mo(err]/nferr], the average particle dianeters were 1/32
inch, and the medi an pore dianeters WKBLES] 76 A as neasured by nercury
intrusion on the fresh catalysts in oxidized form Each catal yst was

sulfided in situwith a1l bl end 3704 rr for 8 hr

and cooled to 250[err]C b%’?ﬁﬁg" g%f'?oduct [ ?#1“'?5(‘“’ tﬁgio”l['iﬁlﬂf%ﬁ%) f eedst ock.
For the tests, the reactor corg@i ons were 275[errd ¢ 1000 SCF/ B, 100%
hydrogen treat gas. 200 psig total inlet pressure and constant space
velocity. Table | below |ists & sel ecti vi ty fact-drs (x10) and the Co/ M
atomc nole ratios. The sel ecticf)('jy factor has beéag descri bed previously
in US Patent 4,149,965 and is defined as the ratio™of the

hydr odesul furi zation rate constte8§ to the ol efin hyjgogenation rate

const ant: [err]

Example 3

Isothermal, upflow, all-vapor phase pilot plént runs were made on
an ICN feedstock (70-163°C, 775 wppm total sulfur, 49.2 bromine number) at
274°C, 200 psig total inlet pressure, treat gas to oil of 2000 SCF/B. 100%
hydrogen treat gas and constant LHSV. Three catalysts were tested under these
conditions: (1) Catalyst A, which was prepared according to Example 1 herein. is

a 5.2 wt.% MoO3 and 1.5 wt.% CoO on an alumina support with a 87 A median
pore diameter and 1/16 inch particle diameter (of this invention); (2) Catalyst B
which is a 8.2 wt.% MoO3 and 2.4 wt.% CoO on an alumina support with a 85 A

median pore diameter and 1/16 inch particle diameter; and (3) Catalyst C which

is a commercial RT-2 catalyst that contained about 12 wt.% MoO3 and 4 wt.%

CoO (67 A median pore diameter and 1/16 inch particle diameter). The Co/Mo
mole ratios for all three catalysts ranged from 0.55 to 0.63. A fourth catalvst,
Catalyst D, was also tested but the catalyst was first run with a heavy cat naphtha
feed (1757 wppm total sulfur and 29.7 bromine number) for a period of 24 days
before switching to the above ICN feedstock and conditions. Catalyst D was a

commercial KF-742 catalyst with about 15 wt.% MoO3, 4 wt.% CoO. 72 A

median pore diameter and 1.3 mm particle diameter. All catalysts were sulfided

in situ with a 10% H»S/Hp gas blend at 371°C for 15 hr and cooled to 93°C

before the introduction of the initial naphtha feedstock. After the introduction of

the ICN feedstock. the catalysts were given 4-11 days to line-out. Table II shows



where S[err], Slerr] are the feed and product sulfur |evels, respectively

and Brf and the feed and product brom ne nunber |ev
respectivel y.ar(?%ﬁggﬁl shows that there is a maxi numin sel ecflii vi,(tlsfg%sez?l the

Co/M nmole ratio is greater than 0.0 and3.ess than 0. 86. WO 99/ 65825
PCT/ US99/ 11325 5 | Loy o- 12-
IQEB)E l the selectivity factor (x ﬁﬁl alggxl %Icﬁoﬁ e MoO3 Susrfz{cgcctoh\é!%r;téxtﬁ)%?t or
. . 4 . D. . . . .4
g. 30 Catalyst A. which is ?1 cgta&'sé f this invention, shows a clear e&;@%eﬁggm e 3

| sothermal, upflow, all-v has Ilot plant runs re made, on an |ICN
f eedst ock (7§&EB§Y@WE€£§%W %ﬁ%m@svmw 15dess %%%Ohﬁﬁber) at
274[err]C, 200 psig total inlet pressure, treat gas to oil of 2000 SCF/B.

100% hydr ogdvioOs4mt. Fasthersameoousilnsts, thelSéat i ®eoit fitidl wad Shatped tb 2606 d
under these conditions: (1) Catalyst A which was prepared according to

Exanpl e | heiSERB dfter the completion of the balances at 2000 SCF/B. Again, Catalyst A

shows a clear enhancement in selectivity when the MoO3 surface concentration

is less than 2.9x10-4 g MoO3/m2.

TABLE II
Treat Gas Ratio  Total Days Surface Selectivity
Catalyst SCF/B on Oil Concentration Factor (x10)
g MoO3/m?
A 2000 11 1.9x 104 6.2
B 2000 11 2.9x 104 4.6
C 2000 11 4.0x 104 4.5
D 2000 28 55x104 3.9
A 1000 25 1.9x 104 52
B 1000 25 2.9x 104 4.3
C 1000 25 4.0x 104 4.5
D 1000 40 5.5 x 104 4.5
Example 4

The temperature response of three low-metal catalysts was
investigated with an ICN feedstock (71-167°C, 922 wppm total sulfur. 58
bromine number) at 200 psig total inlet pressure. 1000 SCF/B treat gas to oil
ratio, 100% hydrogen and 260-288°C. The runs were done in isothermal. upflow
reactors in all-vapor phase operation. The catalysts were prepared in the

laboratory with MoO3 contents ranging from 3.2-5.2 wt.% and CoO contents

ranging from 0.9-1.5 wt.%. Three different alumina supports were used that



cab2w.%MJerr] and 1.5 w. % CoO on an al um na suppor :
medi an WO6#anet er and 1/16 inch particle dianeter (ofL?’Wué&’ﬁ ntlon)
(2) Catalyst B whichis a 8.2 w.%NM{B and 2.4 wt.% CoO on an al um na
support with a 85 A madl an pore dianmeter and 1/16 inch particle dianeter:
and (3) Catal yst,C whic Is a .comercial RT-2 catal yst that contained
about 12va¥ie @lwq@nﬂy laﬁhe megiamporestinmetern, haisupprey wilhbgreteeredand 1/ 16

anged 11 SRS & Hhich Hais SRA redfinpotedinteserdM). Sumaet §1so | ast ed
DUt " O i A S Wﬁﬂ%@%ﬁ%ﬂcam&%ﬁfﬁ L

SW tchl n

conmer ci PRI RRAG T AL et AEERgS |ugach F@‘*‘%k%&ﬁsﬁ? 72 A
medi an  peffectddfyitit WiarAr with @Mpeaituie| Bach azitﬁtv@f wabkhlfRRUGhBRUSVHE' ©
sulfided in situwith a 10%Herr]S/ Herr] gas blend at 371[err]C for 15
hr and cad0&6HxS/H3[gasblénd eINCE ford Si nt amiceouled o 93°C beforeitiid al napht ha
feedstock. After the introduction of the ICN feedstock. the catal ysts were :

gi ven 4- inkrethictioh @ fithé EEMUfeedstask.eThe cafa®yéis and the\/l@d}%@ﬁﬁﬁﬁxzatlon
PCT/ US99/ 11325

(HDS) results as a function of temperature are reported in Table III below.

TABLE IIl

Catalyst Wt% Wt% Particle ~ Median Pore Relative
Number MoO; CoO  Support Dia.,,inch Diameter. A LHSV Temp.°C %HDS
1 49 1.4 X 120 58 ] 260 74.0
1 274 90.0
[ 288 91.8
2 5.2 1.5 Y 1/32 87 1.75 260 75.7
1.75 274 86.2
1.75 288 95.8
3 3.2 0.9 z 120 131 1 260 72.6
1 274 87.6
1 288 96.0

For both Catalysts 2 and 3. the %HDS increased in a uniform trend
from 260 to 288°C. However. for Catalyst 1, only a small increase was observed
from 274 to 288°C indicating a HDS diffusion limitation due to the small
average pore size of 58A. Thefefor;. catalysts of the present invention must
have median pore diameters greater than 58 A at moderate operating

temperatures.



the selectivity factor -(x10) as a function of the Mo(Qerr] surface
concentrati oo 9ofedd28l yst A which is a catalyst of this invepdrakssnesys a
cl ear enhancenent in selectivity when the Mo err] surface concentration
is less than 2.9x10[err] g MJerr]/nerry- For the sanme catal ysts, the
treat gas to oil ratio was changed to 1000 SCF/B after the conpletion of
t he bal ances\%ﬂrﬁ%& SCF/ B.” Again, Catalyst A shows a clear enhancement in
selectivity Mo err]. surf ace concentratlon is less than

2.9x10[err] g M(err]/nferr]. _ ;I'ABLEII
Treat Gas Ratio Total [Payp B
SCF/ B on G Ahermal SAGE Sall-vapor priaSe ?@%B%‘Wms Wtk Wi on
g Ol[\/bO[ ]er rl/ ”{aetida]vy cat naphtta (HCN) feedsm()(72-228°c. 2075 Wppm total sulfur'3 ?.é
err
10[err] bromnth ﬁumber) usig the three caﬁg&& listed in Tabll;JIV below. The4t»€b X
10[ err] 4.5 D 2000 .5 X
10[ err] low-tgetal CoMo catAlysts were madcm'ﬁlh aluminas that lﬁzﬂ median pore 199 X
10 25 9 X
10% 3 ; % dlamgtegs of 87 A (éupport Y)and }_L.’d@%(Support Z) as !zsasured by mercuryox

10[ err] 5.5x10[ err]
4.5 Exanple lquu510n 8n the fresh Cq{ﬁb’sfse‘h‘ﬁg‘? SFW%Cdr@Efﬁorﬂ'@ fb‘irdtanaébStllﬁﬁﬂ Masal

catal ysts vas, il Gt A" dtnffel ol i (KE75H)55Hn § oSl Do biGinetd o™
A. In order to monitor the performance of the high-activity catalyst at levels
similar to the low-metals catalysts, less volume of the high-activity catalyst was
loaded into its reactor (by a factor of 4.7). This resulted in the very high space
velocities used for this catalyst. Each cataltyst was sulfided in situ with a 10%

H3S/Hj gas blend at 370°C for 15 hr and cooled to 93°C before the introduction
of the HCN feedstock.

The catalysts were first allowed to line-out for 10 days at the base
condition of 296°C, 800 SCF/B and 325 psig total inlet pressure. After this
period. the temperature was increased to 338°C and the space velocity was
increased by a factor of 2 for each catalyst. Data was taken after one dayv on oil
(Case I). After 8 days. the conditions were switched back to the base conditions.
After 4 days, the conditions were changed to 354°C and 300 SCF/B: again data

was taken after one day on oil (Case II). Table IV shows the %HDS results for

the three catalysts.
TABLE IV
Commercial Low-Metal Low-Metal
High Catalyst on Catalyst on
Description Activity Catalyst Support Y Support Z
Wt.% MoO; 20.5 5.2 3.2

Wt.% CoO - 49 1.5 0.9



brom ne nunber) at 200 psig total inlet pressure. 1000 SCF/ B treat- gas to
oi | ratio,wb0assydr ogen and 260-288[err] C. The runs were RERAUSN11325

i sothermal . upflow reactors in all-vapor phase operation. The catal ysts
were prepared in the laboratory with M§err] contents ranging from3.2-5.2"
w . % and CoO contents ranging fromO0.9-1.5 wt.% Three different alum na

suppor t sMét{afl PesEDidntetdr. A WO 99/ 65825 87 131

PCT/ US99/ 11325 -14- vari ed

srgnrfrcggg W+t he medi an pore diamgters. The supﬁ)orts will be yeferred

to as Su e%,arch ad a 58 A rred pore di arre (MPD). Su %rt Y

whi ch ha d Support Z had a 13]9 D. The ay®lage

particl eP8¥ s of the catal ysts é/"all | ess 1/ 16 i ncH-4% as to

i solate the effect of pore dianeter with terrperature. Each catal yst

was sul f Cdsed LHS¥Ftu with a 10% Q3err]S/Herr]2gas blend at B71 [err]C

for 15 hCaseldieimserstdre} @C93[ err] C bef o387t he i33%r oducti on o3z he I CN

f eedst ocleaseMRHERA @l ysts and the hydgoaesul furi zatggoy, (HDSQ-“)«%SUI ts as

a function of terrperature are reported in Table 111l bel ow

TABLEIIb . % W % Particle NEdraln Por e

Rel ati ve Niﬁi@ err] Sug%rt D a. 32h D aneter, A LHSV

Terrp [er @HBW‘“TB 1/20 3% g
spll %HDS74. 0 63.8% 97 5% 89.9%

]_ 274 90..0 .

1 288 * Spa&lrel&ities on &relative basis. O- 2 1.5 Y 1/ 32

87 1.75 260 75.7

i ;g %g gg}%compgrison of theBase Casejod ase I shows that the high->¢

131 27 &C&Vity catglysg 824 the smallést ?ncrease in HDS level. Comparing the Base

Case with Case II shows that there was a dramatic decrease in HDS level for the
high-activity catalyst whereas the HDS levels for each low-metal catalyst
remained approximately constant. Both Cases I and II indicate that there is a
significant HDS diffusion limitation for the high-activity catalyst with the HCN
feedstock at temperatures greater than 337°C. Therefore. the median pore

diameter should be greater than about 77 A for higher temperature operations.

Example 6

Isothermal, upflow, all-vapor phase pilot plant runs were made
using two very similar HCN feedstocks with 72-228°C boiling range. 1760 (Feed
L) to 2075 (Feed H) wppm total sulfur, and 29.7 (Feed L) to 33.2 (Feed H)
bromine number. A laboratory-prepared low-metal catalyst and a commercially-
produced low-metal. catalyst were compared to the commercial catalysts RT-2
and KF-742. The low-metal catalysts were 1.3 mm asymmetric quadrilobes with

84-87 A median pore diameters and consisted of 4.2 wt.% MoO3 and 1.2-1.3

wt.% CoO on alumina. Commercial RT-2 was a 1/16 inch extrudate with 67 A



288 . 96.0 ' For both Catalysts 2 and 3. the %DS
i ncreased in IfQrmtrend from260 to 288[err]C. Ho
sl Feifboghiss, |

Catalyst 1, onfy a small increase was observed from 27
indicating a HDS diffusion limtation duejio the small average pore
size of 58A. Therefore. catalysts of the present invention nust have

{onpor at ur cs Mela Pore Bo6)ansabur 2 5 Y MBOS % B, B0 *rhe KF-742
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before the i Hydeegksiation (OH) levels BronglWNth aROsdlQlited selectivity factors. The

selectivity factors show that the low-metal catalysts are the most selective for

e 5

HDS.
TABLE V
HCN  LHSV Selectivity
Catalyst Feed (relative) %HDS %0H Factor (x10)
Commercial RT-2 L 2.8 96.8 45.6 2.93
Commercial KF-742 L 6.4 97.8 489 3.17
Lab Low-Metal Catalyst H 1 99.2 58.5 3.54
Commercial Low-Metal Catalyst H 1 99.1 57.0 3.57

Example 7

Isothermal. upflow, all-vapor phase pilot plant runs were made on
a HCN feedstock (85-237°C. 1760 wppm sulfur, 29.7 bromine number) at
288°C. 325 psig total inlet pressure. treat gas to oil of 1000 SCF/B. 80%
hydrogen/20% methane treat gas and constant LHSV. A laboratory-prepared

catalyst containing 5.2 wt.% MoQ3 and 1.5 wt.% CoO on an alumina support



The catal ysts were first allowed to |line-out for 10 days at the base -
condi tion wHougsperr] C, 800 SCF/ B and 325 psig total inlet roTASYINE2sAft er
this period, the tenperature was increased to 338[err]C and the space

vel ocity was increased by a factor ol82 for each catal yst. Data was taken
after one day on oil (Case |). After 8 days. the conditions were swtched
back to tRetlhasq A ansliidn pofe diambtéravasicoinpareditba mgniﬂctivny%om&cmanged to
354[err] C and 300 SCF/ B; again data was taken after one day on oil (Case
11). Tabl €dMo<hatalpst; K¥-74IBotdscdtalysfsovere subfidedinesitcwithlayK0%.H>S/Hy

TABLE |V - Commer ci al Low Met al
Low Met al gas blend at 371°C for 15 hr and cooled to 93°C beford-ih@lintroductionef theyst on
Cat al yst on Description Activity Catal yst Support Y
Support Z HON. feedstGfler Al comparison at constant conditions siw$that the low-metal 5. 2
3.2 W. % CoO . 4.9 , 1.5
0.9 catajyst ggn @shieye a sulfur removal level close to 90% while providing
PCT/ US99/ 113 . - 16- Medi an Pore
Di amet er . s%gnzlgcantly less olefinhydrogenation (see Tahle VI). 131 Base LHSV*
4.7 1 1 Base Tenperature. [err]C '
296 296 %DS
89. 2% 97.6% ﬁggﬁ%se | LHSV*
9.3 2 2 Case | Tenperature, [err]C
337 33+ 33—Case—+—4-DS
89. 9% 99. 7% wt% 97 Wy % Olefin

Catalyst MoO; CoO - %HDS Hydrogenation

Low-Metal Catalyst 52 1.5 87.7 28.9

Commercial KF-742 15 4 99.6 85.4

Example 8

Isothermal, upflow, all-vapor phase pilot plant runs were made on
an ICN feedstock (71-166°C, 978 wppm total sulfur, 49.7 bromine number, 49.1
API, 29 wppm total nitrogen) at 274°C, 200 psig total inlet pressure, 1000
SCF/B. 100% hydrogen treat gas and constant LHSV. Table VII shows a
summary of the catalysts that were tested. Both Supports a and b were alumina.

Each catalyst was sulfided in situ with a 10% H2S/H> gas blend at 371°C for 15
hr and cooled to 93°C before the introduction of the ICN feedstock. After the

introduction of the ICN feedstock, the catalysts were given 10-11 days to line-

out.



Case || LHSV* 4.7 1 1

Case || TerWwepessre, [err]C 354 354 PCTAUS99/11325 354
Case || %IDS - 63.8% 97. 5% .
89. 9%. *Space vel ocities on a F®tative basis. A
conpari son of the Base Case to Case | shows that the high- activity
catal yst had the snall est increase TABLE YHvel. Conparing the Base

Case with Case Il shows that there was a dramatic: decrease in HDS | evel for
t he ; v b sel's_for each | ow net al

cat al yst remai ned approxi mately constant. Both Cases | and Il indicate
that there is a significant HDS diffusion limtation for tFéee

high-activity catalyst with the H@Mo Me#@dst oskfaad t enper atpihefred! RBLRR
than 337[err]C. Th for t he nmedi an pore. di aneter_shpul d greater

t han about 77 A fo(rﬁlroﬁr”ghg?ote%per'gIl ur eQS%z)Faét (g ggntration " Ragrig Iém§%3 Factor

| sot hefatalyst  Sypparow,wial | -WidpomwtphaRetiopi | ruter A ang Mboyas WeSize. Aade Moo,  USINIQ
two very similar HCN feedstocks with 72-228[err]C boiling range. 1760 (Feed
L) to207Z5 (Feed H) wppmtotal sulfur, and 29.7 (Feed L) to 33.2 (Feed H)
brom ne nunber. A | aboratory-prepared | ownetal catalyst and a
comerciflly- 2 pfdducdd | ow metls¥, catdal yst Leger wconpamed t déthe 5.

1
comrercipl catglystg,RT-35 .and olgg;f742.87The }g‘;r/\f‘l- g;%t al ldfr%tnal Y$des Were 1.3
5

nmm asynmmetric quadril obes with -87 A ned re dianmeters and
consi sted of 422 wt 359 Mo@Serr]} and.51.2- 343 1.74x 104  Viéin 2560

H b 5.0 17 053 064 84 178 x fo4 1/16in 1348 s,

(5]

L]

Figure 1 hereof shows a plot of the HDS relative activity versus the
metal sulfide edge plane area for the catalysts described in Table VII above. The
relative HDS activity was calculated for each catalyst based on a weight MoO3
basis using 1.33 order kinetics and then normalized to the value for the
commercial Catalyst E (which was given the value of 100). Since the selectivity
factors in Table VII are approximately constant. it is apparent that obtaining
metals dispersions higher than about 800 and lower than about 2800 umol Qg
MoOQ3 results in catalysts that have higher HDS activity per weight of MoO5
than the base Catalyst E yet retain the same high selectivity. Tht;.‘ HDS activity
per weight of MoO3 appears to be maximized between about 1200 and 2000

umol O2/g MoO3.

Example 9

A HCN feedstock (99-232°C. 2200 wppm sulfur. 21.1 bromine
number) was processed in a commercial hvdrotreating unit with a fixed bed of a

new commercial catalyst of this invention (1.3 mm asvmmetric quadrilobe. 4.2



. % CoQ na. Commercial RT-2 was a 1/16 inch ext h 67 A
V\D 99/ 65% §§9,%§3¥£” Pt 1%hd

PCT/ US99/ 11325 -20- - 17- medi an pore
di anet er and about 12 wt. % Mo err] and 4 wt.% CoO. The KF-742

i anet or MAMBRES 2 Gl o0; ul “%dprpénﬁw by e RRAReoL s o
ool o070 bty S A AR S e R bl L T 20
feedst ocly.q fﬂard BSmbRsdist rgia&?cer 61OV IIE AW ¢ &Rﬂﬁaﬁﬁésetwo %%l{s] C, 1000

SCF/ B, 80% hydrogen/ 20% net hane treat gas an 25 psig t I nl et

pr essur e(:oﬁhmcﬁp.a.dse a\caseini whieh thefeacrdljiniet eehpevatired Wad grdofertigaeine bet ween
96 and 99% wer e obtai ned. Table V bel ow summari zes the HDS and ol efin

hy dr ogenaaicolat¢dislet| devepaintlempgratited whereas Gboditianddl isseLasetwhere yhef act or s.

The sel ectivi ty factors show that the | ownetal catalysts are the npst
sel ect i v&eacter inleytgmperature was lower than the calculated dew point. FronTABLE Vv

Feed ?f’ Ol A dg Bethe deppint aithe infEl piged b & spP ol Beroaging the
t c Eace veloé@t g» a factﬁxgolg" 3 and m% %%n%g'{)mﬁé&b res urégi% s y%wnh H

1 98k Rydrogelr 8o%rate approXifmdtely constant. The temperature rise for

Condition B shows that the product at the reactor outlet was completely

vaporized. i.e.. the operation went through the dry point in the reactor bed.

TABLE VIII
Gasto Oil  Inlet Reactor
Condi- ratio Temp.. Inlet Dew  ATemp. Tpp/TiN %OlefinH  Selectivity = RON ~ MON
tion # SCF/B °C Point. °C °C (R/R) %HDS ydro. Factor (x10)  Loss Loss
A 2000 374 249 46 0.954 97 83 1.0 4.5 1.9
B 950 277 285 7.2 1.015 93 33 27 1.0 0.5

Table VIII shows that the HDS levels for the two conditions were
close while the olefin hvdrogenation was significantly different (83% for
Condition A versus 33% for Condition B). This corresponds to a factor of 2.7
increase in the selectivity factor for Condition B versus Condition A. The large
olefin hydrogenation reduction resulted in significant octane savings of 3.5 RON
and 1.6 MON while the HDS level was maintained at greater than 90%. Note
that the road octane loss. (ARON+AMON)/2. was only 0.65 at 93% HDS.



Commer ci al Low Metal Catalyst H 1 I9|9 1 SE. o 3. E? t
Example 7 | sot hermal , upflow, all-vapor phas (Rhan
runrsmwere na é)!)gﬁssszsa HCN f eedstock (85-237[err]C, 1760 vvppmq,sdaw%?’ i%‘29.._7
brom ne nunber) at 288C. 325 psig totalli-nl et pressure. treat gas to oil
of 1000 SCF/B. 80% hydrogen/ 20% net hane treat gas and constant LHSV. é
| aboratory-p - Al pi 9 I wt . %
aborat o v- PAERAGEG iRtk thsRA) Rivie? werd bisdZeA o B¥ohch

PCT/ US99/ 1138fefin hydrogenation level. _ .. - 18- withag87A
medi an pore dianeter was conpared to a high-activity comrercial CoM
catal yst, KF-742. Both catalysts were sulfided in situ with a 10%

H err] S/ H er Exanpde 18l end at 371[err]C for 15 hr and cooled to 93[err]C
before the introduction of the HCN feedstock. A conparison at constant

conditions shows that the | ownmetal cat al%/st can achi eve a sul fur. rermval
|l evel close to 90% whi AdIEhofeedstaek 9%2327C2200ywppmsulfuefl1nl byamimgenat i on

Table V). S ) " TABLE VI
6\? .eoe/o 2 eW P&H‘ber) was processed in a commeygial by drotreating ugitywith a fixed bed ofa
5 ;
MQerr] new%((D)r(?nmerm{i‘l—| IE:)gtalyst E’%‘ ﬂ{iso %%%Ei'orcl) ?1 .3 mm asymrnetric quadrilobe, 4.2

wt.% MoO3, 1.2 wt.% CoO, alumina support with 87 A median pore diameter).

The catalyst was sulfided prior to hydrotreating the HCN feedstock according to
a standard commercial practice. Table IX below summarizes ten conditions that
were run over two months in the commercial unit. The total reactor pressure
during this time was 280-350 psig while the LHSV varied by a factor of 2.85
over a base level. Table IX also lists the %HDS and %OH which are values that

were averaged over the period at each condition.

TABLE IX
Inlet Dew-

Condition Gas to Oil Inlet Temp. Point Temp.  Tpp/Tiy Selectivity
Number Ratio, SCF/B °C(TyN) °C(Tpp) (R/R) %HDS %0OH Factor (x10)
1 2000 263 249 0.974 94 75 0.9
2 2000 274 249 0.954 97 83 1.0
3 1500 274 263 0.980 97 68 1.5
4 1500 269 264 0.990 97 58 20
5 1450 266 268 1.005 93 42 20
6 1000 274 282 1.015 93 45 1.8
7 820 288 296 1.015 93 46 1.8
8 950 277 285 1.615 93 33 27
9 760 pig! 293 1.005 95 38 2.3
10 890 279 288 1.015 95 34 32

Conditions 1-3 above are at Tpp/Ty ratios below 0.990 and show

low selectivity values of 1.5 or less. Conditions 4-10 are at Tpp/Ty ratios of



Low Met al Cat al yst 5.2 1.5 87.7 28.9 Conwer ci af
KF- 742 WO 99/65825 4 99. 6 85.4  Exanpl e BCT/US99/11325

| sothermal , upflow, all-vapor phase pilot plant runs were made on an |ICN
f eedst ock (71-166[err]C, 978 wppm totalk2sul fur, 49.7 bronine nunber, 49.1
APl . 29 wopmtotal nitrogen) at 274[err]C, 200 psig.total inlet pressure,
1000 SCF/ B).990@fd lgyetteroamd shosaselgaiviandalaes of 418 tol31DV These Hata\shbwsthans a
summary of the catal ysts that were tested. Both Supports a and b were

al unmi na. Hacla vasiety 9 commereial tnid ednditions using a catalysDef tHisimvestieherr] gas
bl end at 37,1Lerr] Cfor 15 hr and cooled to QS%E%C before the

i nt r oduct i bighselechyity waluyes ane obtainedas; long@n dhe IRt ingreates than

feedstock. the catal ysts were given 10-11 days to |ine- out. WO

99/ 65825 or equal to 0.990.

PCT/ US99/ 11325 -19-

TABLE VI |

Edge Example 11 Co/ Mo  Medi an Sur f ace

Pl ane Area Sel ectivity Mo err] CoO P Atomc - Pore
r

Dy, Conentat Lon Bk Sy, B ShSbion e el HPro"

MO err]  yab XisddPfor this example. The catalyst of this invention was comprised of 4.2
wt.% MoO3, 1.2 wt.% CoO, on an alumina support having a median pore
diameter of about 87A. The conventional catalyst was a catalyst designated KF-
742 and available from Akzo Nobel, and was comprised of about 15 wt.%
Mo0O3, 4 wt.% CoO on an alumina support having a median pore diameter of
about 72A. Both catalysts were tested in 2 1.3 mm asymmetric quadrilobe size.
Each catalyst was sulfided in situ with a 10% st/Hj gas blend for
approximately 16 hrs at two holding temperatures, 232°C and 371°C. and cooled
to 93°C before introduction of naphtha feed. All tests were preformed in
isothermal, upflow, all vapor phase pilot units. The two stacked bed tests and the
full charge of RT-225 and KF-742 were tested with a Baton Rouge heavy cat
naphtha feed having a 72-246°C boiling range, 2321 wppm total sulfur. and 23.5
bromine number. Two stacked bed volume percent loadings were compared,
87/13 and 74/26, of RT-225 (inlet)/KF-742 (outlet). All tests were performed at
reactor conditions of 260/277/293°C, 2600 scf/b, 100% hydrogen treat gas and
300 psig total inlet pressure. Space velocity was held constant at 6.5 LHSV,
Figure 1 plots %HDS versus %OS from the four runs. Se.lectivity is shown

directly by plotting percent HDS versus the percent olefin saturation.

Figure 1 show equivalent selectivity for the stacked beds when
compared with RT-225. And significantly improved selectivity for the stacked

beds versus KF-742 alone. Equivalent selectivity means that the catalysts will



E a 4.2 1.2 - 0.55 87 1.49x10[err] 1.3 mm

761 Swh 99/65825 a 6.1 1.5 . - 0. 47 PCT/SS09/11325
1.99x10[err] 1.3 mm 1885 5.0 G b 5.0 1.5 -
0.57 . 84 1. 74x10[err] 1/16 B0 2560 5.2 H b

5.0 1.7 0.53 0.64 1. 78x10[ err] 1/16 in 1348

5.3 ive similar olefin szﬁhﬁﬁb atald @Ib@"ﬁ PAR exBhpld lative
activity ver &SI o ¢ ?ﬁﬁgﬁte ge pﬁgneAgtrgea Fﬁgﬁca al ysts

descri bed i nFTQ(hJeel §Hdwsﬂ5tﬁh¢he itﬁ@ked beds and'l?f-@%‘ﬁ?e %ﬁﬁig‘dﬂoﬁl’ Eg(g. s using
is usi

cal cul ated for.each catal yst based on a weight Mo err]

1. 33 order kiobefinscat 9586 HDS whilerKBi742adturates b; mimeteipsswe

comercial Catalyst E (which was given the value of 100). Since the
selectivity factors in Table VIl are approximately constant. it is
apparent that obtai ni n@lgureZshowsat@ql@d@a@;bjatbsdmonmgmg RTh225 aidh KiF-800

and lower th about, 2800 err]/g err] results in
Cﬁ.t aLyst s thg{‘1 2 yeitle sign %a@l“f‘w H‘}PTQEPWﬁswl Ehe Beg ¢ase of a t han
Ca
ber MZ.SISm ol ORI I rnck® R Telath Dolimeiackitsfor esblovalité 000
A
HON 1 oedst oo R 89 H3R KT 4 2sekes s vt PPkt o the 74 yoh oo RT-225726

vol.% KF-742 stacked bed 200. KF-742 was added as the second (outlet)
catalyst in a stacked bed configuration with HDS selective RT-225 in the inlet. to

increase the overall HDS performance of the catalyst system.



nunber) was processed in a commercial hydrotreating unit with a fixed bed
of a Wh65825mmer ci al catal yst of this invention (1.3 ROTAISYIMIBLS i C
guadril obe. 4.2 WO 99/ 65825 .
PCT/ US99/ 11325 - T

w. % Merr]. 1.2 wt.% CoJerr] al unina support ﬂ"ﬂ"ﬂa mﬂlﬂmgore

di aneter). The catal yst was sul fided prior O t he HCN
f eedst ock AIMSty to a standard commercial practi'te.s Table VI 1|
bel ow summari zes two conditi ons. Condition Ais a case i 3 vvh: ch ;he
reactor inlet tenperature was greater than the calcul ated inlet dew -
poi nt tenpérat u l‘%nP‘O(ﬂ &tagg Precssa %‘t’\' medesulfurizing anaphtha fieedstock, whicheact or
inlet tenperature was |ower than the cal cul ated dew point. From

Oonditiogg A topé?cetsﬁgoﬁlé’wsﬁ%i nt at the inlet changed as a result of

I ncreasing the space velocity by a factor of 2.3 and increasing the

reactor pressurg 45 Qéi&in‘gsfam ft?e(()irstock iht&qi}g%gﬁ?ﬁg{#g%\ﬁ’gﬁ%&appr oxi mately

constant. The tehperature-rise that the

product at the react ?ﬁd@éﬁésﬁlﬁxﬁ@éti(ﬁp%}kﬁﬁ@hy in contact wfﬂzacbra'tazlﬁ&'isi .€..-the
g t bed.

operation went throu the dry point In the reactor
comprised of: "

(a) about 1 to 10 wt.% MoO3; and

(b) about 0.1 to 5 wt.% CoO; and

(c) aCo/Mo atomic ratio of about 0.1 to 1.0; and

(d) amedian pore diameter of about 60 A to 200 A; and

()  aMoOj3 surface concentration in g MoO3/m2 of about 0.5 x

10-4 to 3 x 10-4; and

(g) anaverage particle size diameter of less than about 2.0 mm:

and

ii) passing the reaction product of the first stage to a second stage,
also operated under hydrodesulfurization conditions in contact with
a catalsyt comprised of at least one Group VIII metal selected from
the group consisting of Co and Ni, and at least one Group VI metal
selected from the group consisting of Mo and W, more preferably

Mo, on an inorganic oxide support material.

2. The process of claim 1 wherein the amount of MoO3 is from about 2 to 8

wt.%, and the amount of CoO is from about 0.5 to 4 wt.%. and the

Thiz Qlnne 1122 Dann Ro
FOBNEHACGHE S OIS Ll af 4 33

[T



TABLE VI I | Gas to O I nl et Reactor Condi- ratio

Tenp.. Inle err] Tenp, TDp/ T[-err] % efinH Sel |V 1 2E{O\I
MON tion # ggggsm[s[err]c Point. [err]C (R'R %M3ydr
Factor (x 10) Loss Loss A 2003 - 374 249 6

0. 954 97 4.5 1.9 B 950 277

B 111 <o EF St s o b o

cl ose while the 0|aﬁfmiha.h§iﬁ6'§>®ﬂ%ﬂi&0al‘dﬁﬁn§l gni fi dant | y different (83% for
Condition A versus 33%for Condition B). This corresponds to a factor of

2.7 I ncrease in the selectivity factor for Condition B versus

Condi tion A 3The [Thegrocess of claim@ where thg G abiTe ratRrisdrérmmboase20ed in
significant octane savings of 3.5 RON and 1.6 MON while the HDS

| evel was mai nt ai feabeut (8@ andthermedianpare diameter is from about:#5 Ahe aband

oct ane | oss. ([err]lgeg\l+[err]l\/0\l)/2 was only 0.65 at 93% HDS. WO
99/ 65825

PCT/ US99/ 11325

4, The process of claim 3 wherein the catalyst has a metal sulfide edge plane
area of from about 800 to 2800 pmol oxygen/g MoO3 as measured by

oxygen chemisorption and the MoO3 surface concentration is from about
0.75 x 10-4 to about 2.5 x 10 -4.

5. The process of claim 4 wherein the process unit is operated such that the
inlet temperature of the feedstock to the reaction unit is below the dew
point of the feedstock and 100% of the feedstock becomes vaporized in
the catalyst bed.

6. The process of claim 5 wherein the amount of MoO3 is from about 4 to 6
wt.%, and the amount of CoQ is from about 1 to 3 wt.%, and the
inorganic support material is selected from the group consisting of

alumina, silica, and silica-alumina.

7. The process of claim 6 where the Co/Mo atomic ratio is from about 0.25
to about 0.72 and the median pore diameter is from about 80 A to about

150 A.

8. The process of claim 7 wherein the MoO3 surface concentration is from

about 1 x 10~4 to about 2 x 10-4g MoO3/m?2.
3 I

L
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-21 - Si gni ficant hydrogen consunption savings were al so realized from

the | ower ol efin hydrogenation |evel. Exanpl e 10 X i
A HCN f ewd9bsmssses (99- 232[ err] C, 2200 wppm sul fur, 21.1 br GGIRSIMIBS hypper)
was processed in a commercial hydrotreating unit with a fixed bed of a

new comercial catalyst of this ilnd@ntion (1.3 mm asymetric quadril obe,
4.2 w.% MJerr], 1.2 wt.% CoO, alum na support with 87 A nedi an pore
di aneter) . The catal yst was sulfided prior to hydrotreating the HCN

f eedstock according to a standard conmercial practice. Table |IX bel ow ﬁ
sunmari zes ten conditions that were run over two nonths in the
commercial "unit. The total reactor pressure during this tinme was
280-350 psig while the LHSV varied by a factor of 2.85 over a base

| evel. Table I X also lists the %IDS and %H whi ch are val ues that wer e
averaged over the period at each condition.

o
TABLE | X I'nl'et] Bw Condition Gas
to Ol Inlet §enp. Point Tenp. T[err]/JHe~]

Sel ectivity Numbdr Ratio, SCF/B [err]¢ (TINP [err]C (T[err])
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1 . ,2000 263 249 0.974 94 75

0.9 2 00 274 249 0.9

83 Vg solestgs 1500 274 SearcTusnts,
97 : 68 1.5 4 2/E¥1500 269 264

0. 990 97 58 2.0 1450 266

268 1. 005 93 42 2.0 6 1000

274 282 1.015 93 45 1.8 7

820 288 296 1.015 93 46 1.8
8 950 277 285 1.015 93 33
2.7 9 760 291 293 1. 005 95

38 2.8 10 890 279 288 1.015
95 34 3.2 _ Condi tions 1-3 above are at
T[err]/T[err] ratios below 0.990 and show | ow sel ectivity val ues of
1.5 or less. Conditions 4-10 are at T[err]/T[err] ratios of WO

99/ 65825

PCT/ US99/ 11325 - 22 - 0.990 and

greater and show selectivity values of 1.8 to 3.2. These data show that for
a variety of comrercial unit conditions using a catalyst of this invention,
hi gh selectivity values are obtained as long as the T[err]/T[err] ratio is

greater than or equal to 0.990. Me 2 A sanpl e of
catalyst of this invention and a cdn leO catal yst was used for this

exanpl e. The catalyst of this invention was conprised of 4.2

200

180 -
160 |-
140
120~
100
80
60 |-
401

201

Relative Volumetric Activity HDS

Catalyst A 87% Catalyst A 74% Catalyst A‘
13% Catalyst B 26% Catalyst B



W, %”ﬁ/bq err], 1.2 wt.% CoO, on an alum na support having a nedi an pore
diraneter of about 87A. The conventional catal yst was a catal yst designated
KF- 742 and avail abl e from Akzo Nobel, and was conpritggd,af.c abgaterdsitvahient
Moderr], 4 w.% CoO on an al um na support having a nmedi an pore di aneter of
about 72A. Both catalysts were tested i.pga 1.3 nmmasymmetri gWrmpbe
size. Each catalyst was sulfided in situ with a 10% H2 S e for
appr oxi mat ey hrs at two hol ding tenperatures, 232[err]C and 371[err]C
and cool ed%err]c before introduction of naphtha feed. Al tests were
preformed in isothermal, upflow, all vapor phase pilot units. The two
stacked bed. t st o dhab Prdcdl o3RRI FERE 2P dbhaK FoddockigcH BRI6d Wi L
a Baton Rouge heavy ca napht ha feed having a 72-246[err] C boilihg range,
2321 wppm t ot al cempisgs: and 23.5 brom ne nunber. Two stacked bed vol une

percent | oadi ng re. co e 71,13 and 74/.26, of RI-225 (i.nl J KF-742
Couttet) Al o D Eaqink R KEdnoek i d FBE PSSR stk PG haproosufiulizaton
260/ 277/ 293[ er r | C,cod@itidns i doltacthfidla batsli@@emptisedads: gas and 300 psig total
inlet pressure. Space velocity was held conspant at 6.5 LHSV, Figure 1

pl ots %IDS ver sus @sbaut die 1hwt%MoQuaed Selectivity is shown directly by

plotting percent nt jol efin saturation.
Figure 1 show equil?ggfﬁeloﬁftiagéf)tg%i 8’?"?@6’%}9 t he stacked beds when conpared
wi th RT-225. And HcpaiCoiMaatomic tatiprofybsht 961t0dt0;und y for the stacked beds

versus KF-742 al one, Equi val ent, sel ecti vi t_)/ ans ‘&hat the catal ysts wl|
VO 99/ 65825 (d) a median pore diameter of about 75 A to 175 A; and

PCT/ US99/ 11325 IS 2 o - i {ga.l ar
ol efin saturation (g)[aall\d%% Sl c%nTraet%/oe mn g)\rl}doggé%Ptéal%oguEé)thflgg\rfn@ 32?%ndre 1
shows both the stackssi beds and RT-225 are saturating about 28%

-

() an average particle size diameter of less than about 2.0 mm; and
(g) a metal sulfide edge plane area of from about 761 to 2800 umol oxygen/g
MoO; as measured by oxygen chemisorption; and

(b) an inorganic refractory support material; and

ii) passing the reaction product of the first stage to a second stage, also operated
under hydrodesulfurization conditions in contact with a catalyst comprised of at
least one Group VIII metal selected from the group consisting of Co and Ni,
and at least one Group VI metal selected from the group consisting of Mo and

W, on an inorganic oxide support material.

2. The process of claim 1 wherein the amount of MoOs is from about 2 to 8 wt. %,
and the amount of CoO is from about 0.5 to 4 wt. %, and the inorganic support

material is selected from the group consisting of alumina, silica and silica-alumina.

3. The process of claim 2 where the Co/Mo atomic ratio is from about 0.20 to about
0.80.
.4. The process of claim 3 wherein the MoO; surface concentration is from about
0.75x10* to about 2.5x10™*,
I

R L



ol.efizns at 95% HDS whtl e KF-742 saturates approxi mately 35% :
Figure 2 shows stacked catal yst beds containing RT- 225_,:a,ndr.'é<ng;chbEnthshﬁet
significant HDS activity inprovenents over the referénée’case of a 100%
RT-225 | oaded reactor. The relative volunetric activity for theﬁgé i.%
RT-225/13 vol . KF-742 stacked bed was 18@_and for th@afet voli & Zé@ 26
vol . % KF- 742 stacked bed 200, KF-742 was added as the second (outlet)
catalyst in a stacked bed configuration with HDS sel ective RT-225 in the

{,\g Stg/ 6t582§|- ner %g %rgcggs gfvc%i%l 1 wll_lic[e)r%i Exg fcgtr ystnt?a% aor];letglh sﬁl}f(l:c?é gdg%%tlanse)ﬁ%aeo

PCT/ US99/ 11325 ag 2 I IR
A two stage progggns %bg}lt h8)9 r(g%ezsglg)lof gﬂo%i %?ggn/ﬁa%%%a a? e@g%stugeggbﬁmwg}é .

process conpri sehemisorption. i) reacting said feedstock in a first reaction
st age under hydr odesul furi zation conditions in contact with a
catal yst is conprised of: (a) about 1 to 10

wt. % Mo erg ] 8 process of claim 1 wherein the process unit is operated such that the inlet
temperature of the feedstock to the reaction unit is below the dew point of the

feedstock and 100% of the feedstock becomes vaporized in the catalyst bed.

7. The process of claim 4 wherein the process unit is operated such that the inlet
temperature of the feedstock to the reaction unit is below the dew point of the
feedstock and 100% of the feedstock becomes vaporized in the catalyst bed.

8. A process for hydrodesulfurizing naphtha feedstreams without excessive olefin
saturation, which process comprises:
feeding a naphtha feedstream to a hydrodesulfurization process unit containing a
bed of hydrodesulfurization catalyst, which catalyst is comprised of:
(a) an inorganic refractory support material; and
(b) about 2 to 8 wt. % MoO;; and
(c) about 0.5 to 4 wt. % CoO; and
(d) a Co/Mo atomic ratio of about 0.20 to 0.80; and
(¢) a median pore diameter of about 75 A to 175 A; and
(f) a MoO; surface concentration in g MoOs/m” of about 0.75x10* to 2.5x10*; and
(g) an average particle size diameter of less than about 1.6 mm; and
(h) a metal sulfide edge plane area of from about 761 to 2800 umol oxygen/g

MoQs as measured by oxygen chemisorption; and

wherein the process unit is operated such that the inlet temperature of the feedstock
to the reaction unit is below the dew point of the feedstock and 100% of the
feedstock becomes vaporized in the catalyst bed.

T



(b) =*about 0.1 to 5 wt.% CoQ and (c) a Co/Mo atomc ratio

of about 0.1 to 1.0; and - (d) a nedi an pore dianeter of _
about 60 A to 200 A, and (e) a M( er Thissierthaceplacement sheet
concentration in g Mo err]/nferr] of about 0.5 X

10[err] to 3 x 10[err]; and ) (9 an average particle size

di ameter of |ess than about 2.0 nmm 258 %ag?%d i 6 M&R; 2001

passi ng the reaction product of the first stage to a second st age,

al so operated under hydrqdesul furization conditiqns jn con t Wit

a catal syt Jeonprin€ FEPCEss éﬁ&“@és‘%%%ﬂ@wnwfimoﬁﬂsadm%@%&?g%léf“fto%mand
the group consi g A 188 WCHS hncd¥RE irfdh bRt Mbpdfe trdterial is
sel ected from tﬁ%dg%éﬁéog%g%%abﬂ?qwgggﬁg%w m)ré pF ef esr ggﬁf/

Mo, on an i nor gaelectedfromdahes gropp consisting of @hminasilica, afddsliga-adumig. of claim 1
wherein the anount of Mob(Jerr] is fromabout 2 to 8 wt.% and the
amount of CoOis fromabout 0.5 to 4 wt.% and the WD 99/ 65825

PCT/ US99/ 13825 The process of claim 9 where the Co/Mo atomic ratio is TR about 0.25 to about
i norgani c support imterial is selected fromthe group consisting of

alum na, silica®7nd silica-alunmina. 3. The process of claim2 where the
Co/Mo atomc ratio is from about 0.20 to about 0.80 and the nedian
pore dianmeter is fromabout 75 A to about 175 A
11.  The process of claim 10 wherein the median pore diameter is from about 80 A to
about 150 A,

12.  The process of claim 11 wherein the MoO; surface concentration is from about
1x10* to about 2x10™*g MoOs/m®.

13.  The process of claim 8 wherein the catalyst has a metal sulfide edge plane area of
from about 1000 to 2200 umol oxygen/g MoO; as measured by oxygen

chemisorption.
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4. The process of claim3 wherein the catalyst has a netal ZGg\ de edge
pl ane of fro e SO W oxy gen/ EMAS
nmeasured by PCT oxygen%@%ﬁorpﬂ%ﬁ%%@r grr] surf at
concent INYERVATIGNAL APPEICRYION PUBLISHED UNDERBINE P ATENPCOOPERATHOR TRENINVCRET) |

5. Th rocessof—cHat-mA—whererf—tHe—process—urt—+s—operated—sSuech—trat
the | ®D iﬁ“‘ﬁ%‘é’f“ﬁ*ﬁ?ﬁ%ﬁ e of the fddHsintsriationy) Poliicationspenbiron uni WO 9968825

vapokized 1o o (i coval vetbha. |4 ke enblel i A R e

t he of Mo js.fromabout 4 to 6 .% and the anpunt of CoQ
ot O s Arplegn gy o g9 S mwg@%;g:ﬁ 40, 38 e M Bl o', &
sel e[ thidmiafsthiliiRg BEQUP CONS ivaf loft21Q0s.99) | IR MLV, AMX ! NZ, PL, RO, SG,
silifca-alumna. 7. The process of claim Gtmnmmhmwmxtmsmp@m
is f b(g 0. 25 to about 0.72]and % . %‘:@;}%m , Burasian
u.
fromS %g;/o ko 10 aboul 1998 (13,0698 20 AU}grS- gm!%m ?@ﬁ ) E%{?’&jﬁw
t

the Mo err] "surface concentration is oM g, IT, LUAME WL, BT, SE)LOAR bdtdnt (BB, BY, CF,
2 x 10[err]g MoQerr]/nferr]. CG, CI, CM, GA, GN, GW, ML, MR, NE, SN, TD, TG).
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(54) Title: TWO STAGE HYDRODESULFURIZATION PROCESS
.| 87) Abstract

A process for hydrodesulfurizing naphtha feedstreams wherein the reactor inlet temperature is below the dew point of the feedstock
at the reactor inlet so that the naphtha will completely vaporize within the catalyst bed. It is preferred to use a catalyst comprised of about
1 to about 10 wt.% MoQs, about 0,1 to about S5wt.%CoO supported on a suitable support material, They are also characterized as having an
average medium pore diameter from about 60 A to 200 A, a Co/Mo atomic ratio of about 0.1 to about 1.0, a MoQ3 surface concentration
of about 0.5 x 104 to about 3.0 x 10-4g MoOs/m?, and an average particle size of less than about 2.0mm in diameter.




