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TITLE OF THE INVENTION

Method for continuously producing a dialkyl
carbonate and a diol

BACKGROUND OF THE INVENTION

Field of The Invention

The present invention relates to a method for

"continuously producing a dialkyl carbonate and a diol

from a cyclic carbonate and an aliphatic monohydric
alcohol. More pa;ticulariy, the present invention is
concerned with a method for continuouslj producing a
dialkyl carbonate and a diol from a cyclic carbonate
and an aliphatic monohydric alcohol, comprising contin-
uously feeding a cyclic carbonate and an aliphatic
monohydric élcohol to a continuous multi-stage distil-
lation column, and continuously effecting a transester--
ification between the cyclic carbonate and the aliphat-
ic'monohydric alcohol in the presence of a transester-
ification catalyst in the multi-stage distillation
column, thereby continuously producing a dialkyl car-
bonate and a diol, while continuously withdrawing a low
boiling point mixture containing the produced dialkyl
carbonate in a gaseous form from an upper portion of
the multi-stage distillation column and continuously
withdrawing a.high boiling point mixture containing the

produced diol in a liquid form from a lower portion of
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the multi-stage distillation column, wherein the trans-
esterification is performed under conditions wherein:
(a) the reaction pressure is 5 x 104 Pa or less, as
measured at the inner bottom of the multi-stage distil-
1atioﬁ column; (b) the reaction temperature is in the
range of from -20 °C to less than 60 °C, as measured at
the inner bottom of the multi-stage distillation col-
umn; and (c) the multi-stage-distillation column has an
F-factor in the range of from 0.2 to 5.0. By the
method of the present invention, continuous production
of'a dialkyl carbonate and a diol from a cyclic car-
bonate and an aliphatic monohydric alcohol can be
easily performed with high pfbductivity and high selec-
tivity (i.e., a lowering of the occurrence of by-
products), without using complicated egquipment.
Therefore, the method of the present invéntion is
extremely advantageous from the commercial viewpoint.
Prior Art

With respect to the method for producing a dialkyl
carbonate and a diol by reacting a cyclic carbonate
with an aliphatic monochydric alcohol, various proposals
have been made. Most of those proﬁosals relate to the
development of catalysts for the above reaction.
Examples of such catalysts include alkali metals or

basic compounds containing alkali metals [see U.S.
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Patent No. 3,642,858, Unexamined Japanese Patent Appli-
cation Laid-Open Specification No. 54-48715 (corre-
sponding to U.S. Patent No. 4,181,676)], tertiary
aliphatic amines [see Unexamined Japanese Patent Appli-
cation Laid-Open Specification No. 51-122025 (corre-
sponding to U.S. Patent No. 4;062,884)], thallium
compounds [see Unexamined Japanese Patent Application
Laid-Open Specification No. 54-48716 . (corresponding to.
U.S. Patent No. 4{307,032)], tin alkoxides (see Unexam-
ined Japanese Patent Application Laid-Open Specifica-
tion No. 54-63023), alkoxides of zinc, aluminum and
titanium (see Unexamined Japanese Patent Application
Laid-Open Specification No. 54-148726), a mixture of a
Lewis aéid with a nitrogen-containing organic base (éee
Unexamined Japanese Patent Application Laid-Open Speci-
fication No. 55-64550), phosphine compounds (see Unex-
amined Japanese Patent Application Laid-Open Specifica-
tion No. 55-64551), quaternary phoéphonium salts (see
Unexamined Japanese Patent Application Laid-~Open Speci-~
fication No. 56-10144), cyciic-amidines [see Unexamined
Japanese Patent Application Laid;Open Specification No.
59-106436 (corresponding to U.S. Patent No. 4,681,967,
EP 110629B, and DE 3366133G)], compounds of zirconium,
titanium and tin [see Unexamined Japanese Pétent Appli-

cation Laid-Open Sﬁecification No. 63-41432 (corre-
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sponding to U.S. Patent No. 4,661,609, EP 255252B1 and
DE 3781742G)], a solid, strongly basic anion-exchanger
containing a guaternary ammonium group (see Unexamined
Japanese Patent Application Laid-Open Specification No.
63-238043), a solid catalyst selected from the group
consisting of a tertiary amine- or quaternary ammonium
group-containing ion-exchange resin, a strongly acidic
or a weakly acidic ion-exchange resin, a silica impreg-
nated with a siliqate of an alkali metal or an alkaiine
earth.mefal, and a zeolite exchanged with ammonium ion
[see Unexamined Japanese Patent Application Laid-Open
Specification No. 64-31737 (corresponding to U.S. Patent
No. 4,691,041)], a homogeneoué catalyst selected from
the groﬁp consisting of tertiary phosphine, tertiary
arsine, tertiary stibine, a divalent sulfur compound
and a selenium compound (see U.S. Patent No. 4,734,518).
With respect to the method for conducting.the
above-mentioned reaction between a cyclic carbonate and
a diol, the below-mentioned four types of methods (1)
to (4) have conventionally been proposed. Hereinbelow,
explanation is made with respect to such methods (1) to
(4), taking as an example the production of dimethyl
carbonate and ethylene glycol by the reaction between
ethylene carbonate and methanol, which is a representa-

tive exampie of reactions between cyclic carbonates and



10

15

20

25

diols.

(1) A completely batchwise method.

(2) A batchwise method using a reaction vessel provided
at an upper portion thereof with a distillation column.
(3) A liquid flow method using a tubular reactor.

(4) A reactive distillation method.

The completely batchwise method (1) is a method in
which ethylene carbonate, methanol and a catalyst are
fed to an autoclaye as a batchwise reaction vessel, and
a reaction is performed at a reaction temperature
higher than the boiling point of methanol under pres-
sure for a predetermined period of time [see U.S.
Patent No. 3,642,858, Unexamined Japanese Patent'Appli-
cation Léid-Open Specification No. 54-48715 (corre-
sponding to U.S. Patent No. 4,181,676, EP 1082B and DE
2860078G), Unexamined Japanese Patent Application Laid-
Open Specification No. 54-63023, Unexamined Japanese
Patent Application ﬁaid-Open Specification No. 54-
148726, Unexamined Japanesé Patent Applicatioh Laid-~
Open Specification No. 55-64550, Unexamined Japanese
Patent Application Laid-Open Specification No. 55-64551
and Unexamined Japanese Patent Application Laid-Open
Specification No. 56-101447.

The batchwise method (2), using an apparatus

comprising a reaction vessel provided at an upper
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portion thereof with a distillation column, is ‘a method
in which ethylene carbonate, methanol and a catalyst
are fed to the reaction vessel, and a reaction is
performed by heating the contents of the reaction
vessel to a predetermined temperature. In this mefhod,
the produced dimethyl carbonate and methanol form a
minimum boiling point azeotropic mixture having. a
boiling point of 63 °C/760 mmHg. The boiling point of
methanol per se is 64.6 °C/760 mmHg. In this method,
the reaction is performed by using an excess amount

of methanol in the reaction system, so that the result-

ant reaction products can be separated into the azeo-

tropic mixture and methanol, due to the difference in

boiling-point therebetween, by means of the distilla-
tion column provided at the upper portion of the reac-
tion vessel. Specifically, a gaSeouS'mixture of di-
methyl carbonate and methanol, which is formed in the
reaction vessel, ;s allowed-to.ascend_inside the dis-
tillation column, and during the ascending of the
gaseous mixture, the gaseous mixture is caused to
separate into a gaseous azeotropic mixture and liquid
methanol. Then, the gaseous azeotropic mixture is
distilled from the top of the distillation column while
the liguid methanol flows down to the reaction vessel

so as to be recycled to the reaction system in the
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reaction vessel.

The liquid flow method (3) is a method in which a
solution of ethylene carbonate in methanol is continu-
ously fed to é tubular reactor to perform a reaction at
a predetermined reaction temperature in the tubular
reactor, and the resultant liquid reaction mixture
containing the unreacted materiais (i.e., ethylene
carbonate and methanpl) and the reaction products
(i.e., dimethyl carbonate and ethylene glycol) is
continuously withdrawn through an outlet of the reac-
tor. This method has conventionally been conducted in
two different manners in accordance with the two types
of catalyst used. That is, ohe manner consists in .
passing é mixture of a solution of ethylene carbonate
in methanol and a solution of a homogenous catalyst in
a solvent through a tubular reactor to perform a reac-
tion, thereby obtaining a reaction mixture, and sepa-
rating the catalyst from the obtained reaction mixture
[see Unexamined Japanese Patent Application Laid-Open
Specification No. 63-~41432 (corresponding to U.S.
Patent No. 4,661,609, EP 255252B1 and DE 3781742G) and
U.S. Patent No. 4,734,518]. The other manner consists
in performing the reaction in a tubular reactor having
a heterogeneous catalyst securely placed therein [see

Unexamined Japanese Patent Application Laid-Open Speci-
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fication No. 63-238043 and Unexamined Japanese Patent
Application Laid-Open Specification No. 64-31737
(corresponding to U.S. Patent No. 4,691,041, EP
298167B1 and DE 3781796G)].

The reactive distillation method (4) is a method

in which each of ethylene carbonate and methanol is

continuously fed to a multi-stage distillation column
to perform a reaction in a plurality .of stages of the
distillation column in the presence of a catalyst,
while continuously effecting separation between the
produced dimethyl carbonate and the produced ethylene
glycol [see Unexamined Japanese Patent Application
Laid-Open Specification No. 4-198141, Unexamined Ja-

panese Patent Application Laid-Open Specification No.

- 4-230243, Unexamined Japanese Patent Application Laid-

Open Specification No. 5~213830 (corresponding to DE
4129316A1, U.S. Patent No. 5,231,212 and EP 530615A3)
and Unexamined'Japanese Patent Application Laid-Open
Specification No. 6-9507 (corresponding to U.S. Patent
No. 5,359,118, EP 569812A1 and DE 4216121A1)].

However, the above-mentioned conventional methods
(1) to (4) have their respective problems as described
below.

In the case of each of the completely batchwise

method (1) and the flow method (3) using a tubular
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reactor, it is impossible to achieve a higher conver-
sion of ethylene carbonate than the conversion of
ethylene carbonate at the equilibrium state of reaction
(the latter conversion is dependent on the composition
ratio of the feedstocks fed to the reactor and the
reaction temperature). For example, in Example 1 of
Unexamined Japanese Patent Application Laid~Open Speci-
fication No. 63-41432 (corresponding.to U.S. Patent No.
4,661,609, EP 255252B1 and DE 3781742G) which is di-

rected to a continuous flow reaction method using a

tubular reactor and wherein the flow reaction is con-

ducted at 130 °C using a feedstock mixture having a

-methanol /ethylene carbonate molar ratio of 4/1, the

conversion of ethylene carbonate is only 25 %. This
means that largé amounts of unreacted ethylene car-
bonate and unreacted methanol, which are contained in
the reaction mixture, need to be separated and recov-
ered, which in turn are recycled to the reactor.
Actually, in the method disclosed in Unexamined Ja-
panese Patent Application Laid-Open Specification No.
64~31737 (corresponding to U.S. Patent No. 4,691,041,
EP 298167B1 and DE 3781796G), Qarious apparatuses are
used for the separation, purification, recovery and
recycling of the unreacted compounds.

As deséribed'below in detail, the batchwise method
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(2) using a reaction vessel provided at an upper por-
tion thereof with a distillation column has problems in
that the reaction.must be conducted for a prolonged
period of time and, therefore, a large amount of metha-
nol needs to be used for preventing the lowering of the
selectivity for the desired products.

In method (2), in order to compensate for the
methanol distilled as an azeotropic mixture of the
methanol and the produced dimethyl carbonate, the
continuous or batchwise addition of supplemental metha-
nol to. the reaction vessel is optionally conducted.
However, irrespective of whether or not such_an addi-
tion of supplemental methanol is conducted, the reac-
tion per se is performed only in a batch-type reaction
vessel. That is, in this method, the feactiop_is
batchwise performed under reflux for a prolongéd period
of time as long as 3 to 20 hours. J

In this method, the dimethyl carbonate,'which is
one of the reaction products, is continuoﬁsly withdrawn
out of the reaction system, whereas the ethylene gly-
col, which is another reaction product, remains togeth-
er with the unreacted ethylene carbonate in fhe-reac-
tion system éontaining the catalyst for a 1ong period
of time. This long residence time of the ethylene

glycol and the ethylene carbonate in the reaction
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system causes side reactions to thereby produce poly-
ethylene glycols, such as diethylene glycol and
triethylene glycol. For preventing the occurrence of
such side reactions and the lowering of the selectivity
for the desired products, it is necessary to use a
large excess of methanol, relative to the amount of the
ethylene carbonate which is batchwise fed to the reac-
tion vessel. In fact, in the conventionally proposed
methods, the following examples are noted in which a
large excess of methanol is used; that is, use is made
of methanol in excess amounts (in terms éf the number
of moles of methanol per mole of ethylene carbonate or
propylene carbonate), such as'14 moles (U.S. Patent No.
3,803,261), 17 moles (Unexamined Japanese Patent Appli-
cation Laid-Open Specification No. 1-311054), 22 moles
[Unexamined Japanese Patent Application Laid-Open
Specification No. 51-122025 (corresponding to U.S.
Patent No. 4,062,884 and DE 2615665B)], and 23 moles
[Unexamined Japanese Patent Application Laid-Open
Specification No. 54-48716 (corresponding to U.S.
Patent No. 4,307,032, EP 1083B and DE 2860142G)].

In the case of the reactive distillation method
(4), it is possible to perform a reaction with high
conversion, as compared to methods (1), (2) and (3).

In fact, it has béen reported that, when the reactive
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distillation is conducted using a large amount of pure
methanol (containing no dimethyl carbonate), relative
to the amount of ethylene carbonate, i.e., an amount

such that the methanol/ethylene carbonate molar ratio

~is 9 to 10, the conversion of the ethylene carbonate

reaches 100 % [see Example 1 of Unexamined Japanese
Patent Application Laid—open Specification No. 4-198141
and Example 11 of Unexamined Japanese Patent Applica-
tion Laid-Open Specification No. 5-213830 (correspond-~
ing to U.S. Patent No. 5,231,212, EP 530615A3 and DE
4129316A1)] . |

In method (4), the produced dimethyl carbonate is
distilled from the distillatibn column as a low boiling
point pfoduct together with the unreacted methanol.
Dimethyl carbonate and methanol form an azeotropic
mixture. Therefore, the separation of the produced
dimethyl carbonate from the gaseous reaction mixture

distilled from the distillation column is conducted by

special separation methods, such as a distillation method

conducted under pressure [Unexamined Japanese Patent
Application Laid-Open Specification No. 51-108019
(corresponding to DE 2607003B)]. Generally, by this
method, dimethyl carbonate containing no methanol can
be obtained, whereas methanol can be obtained only in

the form of a mixture thereof with dimethyl carbonate.
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Therefore, it is difficult to obtain pure methanol
containing substantially no dimethyl carbonate. For
example, in the Examples of the above-mentioned Unexam-

ined Japanese Patent Application Laid-Open Specifica-~

tion No. 51-108019 (corresponding to DE 2607003B), a

methanol/dimethyl carbonate mixture (weight ratio:
70/30) is separated by distillation, and pure dimethyl
carbonate is obtained as a column bottom product.
However, as a product distilled from the column top,
only a methanol/dimethyl carbonate mixture (weight
ratio: 95/5) is obtained.

As can be seen from the above, for obtaining pure

methanol, an additional separation process needs to be

conducted. Therefore, from the viewpoint of ease in
practicing a commercial scale production of dimethyl
carbonate, it has been strongly desired to develop a
method in which the methanol/dimethyl carbonate mixture
as such can be used as a feedstock instead of pure
methanol.

However, heretofore, only a few techniques have
been known, in which only a methanol/dimethyl cérbonate
mixture is used as a feedstock in method (4). For
example, there can be mentioned the method described in
Example 5 of Unexamined Japanese Patent Application

Laid-Open Specification No. 5-213830 (corresponding to
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U.S. Patent No. 5,231,212, EP 530615A3 and DE
4129316A1). However, in Example 5 of this Unexamined
Japanese Patent Application Laid-Open Specification No.
5-213830, in which a methanol /dimethyl carbonafé mix-
ture (weighf ratio: 70/30) is used, the conversion of
ethylene carbonate is only 62.8 % (calculated from the
data of the composition of the product mixture obtained
at the column bottom). The reason for such poor con-
version resides ip that, since the reaction betweeﬁ
ethylene carbonate and methanol is an equilibrium
reaction, the presence of dimethyl carbonate (which is
a reaction product of the above reaction) in the reac-
tion system causes a lowering in the conversion of the
ethylené carbonate. Therefore, this method has a
problem in that the larger the amount of dimethyl
carbonate recycled to the reaction system, the longer
the reaction time (residence time) required for achiev-
ing a desired conversion and the larger the amount of
methanol required for achieving a desired conversion.

_ Accordingly, in the production of a dialkyl car-
bonate and a diol from a cyclic carbonate and an
aliphatic monohydric alcohol by using method (4) and by
making use of recycled methanoi in the form of a metha-
ncl/dimethyl carbonate mixture, for achieving a com-

plete conversion of ethylene carbonate, pure methanol
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needs to be supplied in addition to the methanol/di-
methyl carbonate mixture:as in Unexamined Japanese
Patent Application_Laid-Open Specification No. 6-9507
'(corresponding to U.S. Patent No. 5,359,118, EP
569812A1 and DE 4216121A1).

However, when the methanol/dimethyl carbonate
mixture is used in combination with pure methanol, in
addition to the main operation for obtaining the de-~
sired products, an additional complicated operatioﬁ to
separate the methanol/dimethyl carbonate azeotropic
mixture into components thereof for obtaining pure
methanol_containing substantially no dimethyl carbonate
needs to be conducted [for ekample, such an additional
operatibn needs to be conducted using, in combination,
two distillation columns which have different operation
pressures (see Unexamined Japanese Patent Application
Laid-Open Specification No. 2-212456)]. In fact, in
the above-mentioned Unexamined Japanese Patent Applica-
tion'Laid—Qpen Specification No. 6-9507 (corresponding
to U.S. Patent No. 5,359,118, EP 569812A1 and DE
4216121A1), pure methanol is obtained by the above-
mentioned additional complicated operation and used.

As mentioned above, in the case of method (4), it
is possible to perform a reaction with high conversion,

as compared to methods (1), (2) and (3). However,
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method (4) has a problem in that the productivity has
not been satisfactorily high. Further, method (4) also
has a problem in that the occurrence of by-products,
such as dialkylene glycol and 2-alkoxyethanol, has not
been able to be reduced.(e.g., when ethylene caxbonate
and methanol are used as feedstocks, diethylene glycol
and methoxyethanol are by-produced).

For solving the above-mentioned.problems of method
(4), a proposal has been made wherein a mixture of
methanol and dimethyl carbonate is reacted with ethy-
lene carbonate so as to cause the conversion of ethy-
lene carbonate to become less than 100 % and the unre-
acted. ethylene carbonate is hydrolyzed to form ethylene
glycol,.thereby producing dimethyl carbonate and high
purity ethylene glycol with high productivity while
removing the need to recycle the unreacted ethylene
carbonate [sée WO 97/23445 (corresponding to U.S.
Patent No. 5,847,189 and EP-0889025A1)].' However, this
method requires a hydrolysis reactor or the like, in
addition to a distillatibn column. That is, this method
requires complicated equipment.

As can be understood from the above, no method has
heretofore been proposed for continuously producing a
dialkyl carbonate and a diol, each with high productiv-

ity and high selectivity (i.e., a lowering of the
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occurrence of by—prbducts), from a cyc;ic carbonate and
an aliphatic monohydric alcohol by using only simple

equipment.

SUMMARY OF THE INVENTION

The present inventors have made extensive and
intensive studies with a view toward developing a
method which is free from the above problems accompany-
ing the prior art. Specifically, the studies have been
made in connection with a continuous method which
comprises continuously feeding a cyclic carbonate and
an aliphatic monohydric alcohol to a continuous multi-
stage distillation column, and continuously effecting a
transesterification between the cyclic carbonate and
the aliphatic monochydric alcohol in the presence of a
transesterification catalyst in the multi-stage distil-
lation column, thereby continuously producing a dialkyl
carbonate and a diol, while continuously withdrawing a
low boiling point mixture containing the producéd
diélkfl carbonate in a gaseous form from an upper
portion of the multi-stage distillation column and
continuously withdrawing a high boiling point mixture
containing the produced diol in a liquid form from a
lower portion of the multi-stage distillation column.

As a result, it has unexpectedly been found that, when
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the transestérification is performed under conditions
wherein:

(a) the reaction pressure is 5 x 104 Pa or less,
as measured at the inner bottom of the multi-stage’
distillation column,

| (b) the reaction temperature is in the range of
from -20 °C to less than 60 °C, as measured at the
inner bottom of the multi-stage distillation column,
and _

(c) the multi-stage distillation column has an F-
factor in the range of from 0.2 to 5.0, the F-factor
being represented by the following formula (1):

F-factor = ug (4 g)l/z (1)

whérein ugy represents the gas velocity (m/s)

in the multi-stage distillation column and

P g represents the gas density (kg/m3) in the

multi-stage distillation columﬁ,
it becomes possible to achieve the above objective,
i.e., to continuously produce a dialkyl carbonate and a
diol, each with high producfivity and high selectivity,
without usiﬁg_complicated equipment, even when the
aliphatic monohydric alcohol/cyclic carbonate molaf
ratio is low. The present invention has been made,

based on this novel finding.

Accordingiy,'it is a primary object of the present '
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invention to provide a novel method for contihuously
producing a dialkyl carbonate and a diol, each with
high productivity and high selectivity (i.e., a lower-
ing of the occurrence of by-products), from an aliphat-
ic monohydric alcohol and a cyclic daibonate without
using complicated equipment.

The foregoing and other objects, features and
advantages of the present invention will be apparent
from the following detailed description and appended
claims taken in connection with the accompanying draw-

ing.

BRIEF DESCRIPTION OF THE DRAWINGS

In the drawings:

Fig. 1 is a diagram showing the system which was
used for practicing Examples 1 to 7 and Comparative
Examples 1 to 3 of the present application; and

Fig. 2 is a diagram showing the system which was
used for practicing Reference Example and Reference

Comparative Example of the present application.

Description of Reference Numerals
1 continuous multi-stage distillation column
2, 2' conduit

3 preheater -
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13
14
15
16
17
18
19
20
21
22
23
24
25
26
27

5!

20

- top of column

conduit

reboiler
evaporator
condenser
bottom of column
conduit

low boiling point mixture-~recovering column
top of column
conduit
condenser
conduit

conduit

bottom of column
conduit

rebpiler

conduit

conduit

conduit

conduit
diol-separating column
top of column
conduit
condenser

conduit
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32
33
34
35
36

37.

38
39
40

method for continuously producing a dialkyl carbonate
and a diol from a cyclic carbonate and an aliphatic

monohydric alcohol, comprising coﬁtinuously feeding a
cyclic carbonate répresented by the following formula

(A):

21

bottom of column
conduit

reboilér

conduit

conduit
condenser
conduit

conduit

conduit
continuous hydrolysis reactor
conduit

gas-liquid separator

~conduit

DETAILED DESCRIPTION OF THE INVENTION

In the present invention, there is provided a

' Rl/o.\c=o
AN
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wherein Rl is a divalent group represented by
the formula —(CHjp),—, wherein m is an
integer of from 2 to 6, which is unsubstitut-
ed or substituted with at least one substitu-~
ent selected from the grdup'consiéting of a
Cq - Cqp alkyl group and a Cg - Cyg aryl

group,

and an aliphatic monohydric alcohol representéd by the

following formula (B):

R20H (B)

wherein R2 is a monovalent aliphatic Cqy - C12
hydrocarbon group which is unsubstituted or
substituted with at least one substituent
selected from the group consisting of a C; -

Cio alkyl group and a Cg - Cyqg aryl group,

to a continuous multi-stage distillation column, and
continuously effecting a transesterification between.
the cyclic carbonate and the aliphatic monohydric
alcohol in the presence of a transesterification cata-
lyst in the multi-stage distillation column, thereby
continuously producing a dialkyl carbonate and a diol,

while continuously withdrawing a low boiling point
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mixture containing the produced dialkyl carbonate in a
gaseous form from an upper portion of the multi-stage
distillation column and continuously withdrawing a high

boiling point mixture containing the broduced diol in a

liguid form from a lower portion of the multi-stage

distillation column,

wherein the transesterification is performed under
conditions wherein: |

(a) the reaction pressure is 5 x 104 pa or less,
as measured at the inner bottom of the multi-stage
distillation column,

(b) the reaction temperature is in the range of
from -20 °C to less than 60 °C, as measured at the
inner bottom of the multi-stage distillation column,
and

| (c) the multi-stage distillation column has an F-
factor in the range of from 0.2 to 5.0,

the F-factor being represented by the following

formula (1):
- - 1/2
F-factor = ug (P g) (1)
wherein ug represents the gas velocity (m/s) in

the multi-stage distillation column and p g repre-

sents the gas density (kg/m3) in thé multi-stage
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distillation column.

For an easy understanding of the present inven-
tion, the essential features and various preferred
embodiments of the present invention are enumerated
below.

1. A method for continuously producing a dialkyl
carbonate and a diol from a cyclic carbonate and an
aliphatic monohydric alcohol, comprising continuously

feeding a cyclic carbonate representéd by the following

formula (A):

0

Rl/

\\\\ :::>C=O (A)

wherein Rl is a divalent group represented by
the formula —(CHy),—; wherein m is an
integer of from 2 to 6, which is unsubstitut-
ed or substituted with at least one substitu-
ent selected from the group consisting of a
Cy - Cip alkyl group and a Cg - Cjg aryl

group,

- and an aliphatic monohydric alcohol represénted by the

following formula (B):
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R20H (B)

wherein R? is a monovalent aliphatic C; - C3,

hydrocarbon gioup which is unsubstituted or

substituted with at least one substituent

selected from the group consisting of a C, -

Cig alkyl groub and a Cg ~ Cyg aryl gioup,
to a continuous multi-stage distillation column, and
continuously effecting a transesterification between
the cyclic carbonate and the aliphatic monohydric
alcohol in the presence of a transesterification cata-
lyst.in the multi-stage distillation column, thereby
continuously producing a dialkyl carbonate and a diol,
while continuously withdrawing a low boiling point
mixture containing the produced dialkyl carbonate in a
gaseous form from an upper portion of the multi-stage
distillation column and continuocusly withdrawing a high.
boiling point mixture containing the produced diol in a
liquid form from a lower portion of the multi-stage
distillation column,

wherein the transesterification is performed under
conditions wherein:

(a) the rgaction pressure is 5 x 104 Pa or less,
as measured at the inner bottom of the multi-stage

distillation column,
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(b) the reaction temperature is in the range of
from -20 °C to less than 60 °C, as measured at the
inner bottom of the multi-stage distillation column,
and

(c) the multi-stage distillation column has an F-
factor in the range of from 0.2 to 5.0,

the F-factor being represented by the following

formula (1):
- - 1/2
F-factor ug (o g) (1)

wherein ug represents the gas velocity (m/s) in
the multi-stage distillation column and o g repre-
sents the gas density (kg/m3)\in the multi-stage

distillation column.

2. The method according to item 1 above, wherein the

F-factor is in the range of from 0.4 to 4.0.

3. The method according to item 2 above, wherein the

F-factor is in the range of from 0.6 to 4.0.

4. The method according to any one of items 1 to 3

above, wherein the aliphatic monohydric alcohol con-

Y

tains a concomitant dialkyl carbonate in an amount of
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from 0 to 40 $ by weight, based on the totai weight of
the aliphatic monohydric alcohol and the concomitant

dialkyl carbonate.

5. The method according to any one of items 1 to 4
above, wherein the cyclic carbonate is at least one
carbonate selected from the group consisting of ethy-
lene carbonate and propylene carbonate, and the

aliphatic monohydric alcohol is methanol.

6. The method according to any one of items 1 to 5
above, wherein:

the cyclic carbonate is continuously fed, to an
upper portion of the-continuoﬁs multi-stage distilla-
tion column, in a liquid form or a'gas—liquid mixture
form, and

the aliphatic monohydric alcohol is continuously
fed, to a lower portion of the continuous multi-stage
distillation column, in a gaseous form or a gas-liquid
mixture form, or in a gaseous form and in a liquid form

individually.

In the method of the present invention, it becomes
possible to advance the transesterification reaction

with high productivity and high selectivity, as com-
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pared to those achieved by conventional methods, even
when the aliphatic monohydric alcchol/cyclic carbonate
molar ratio is low. Hereinbelow, the present invention
will be explained in more detail.

The reaction performed in the present invention is
a reversible, equilibrium transesterification reaction
represented by the following reaction scheme (1), in
which a dialkyl darbonate (C) and a diol (D)-ére pro-
duced from a cyclic carbonate (A) and an aliphatic

monohydric alcochol (B):

0 - OH

/ \ :
1" ‘co0 + 2RrRZ%0H
\ / <
)

R > R20cOR? + RI (1)

| | \
0 OH

(a) (B) (c) (D)

wherein:

R.l is a divalent group represented by formula
-(CH3)y~, in which m is an integer of from 2
to 6 and which is unsubstituted or substitut-
ed with at least one substituent selected
from the group consisting of a C; - Cyg alkyl
group and a Cg - Cq1g aryl group; and

R? represents a monovalent-ci - Cyo aliphatic

group which is unsubstituted or substituted
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the reactive distillation under a low pressure without
decreasing the feeding rate of the feedstocks, it is
necessary to increase the diameter of the distillation

column. For lowering the reaction pressure without

-decreasing the diameter of the distillation column, it

is necessary to reduce the feeding rate of the feed-
stocks. Thus, a decrease in the reaction pressure is
expected to result in a lowering of the productivity.

Therefore, according to the conventional knowl-
edge, an attempt to perform the reactive distilletion
uhder conditions wherein the reaction pressure is as
low as 5 x 104 Pa or less and the reaction temperature
is as low as less than 60 °C, each as measured at the
inner bottom of the multi-stage distillation column, is
considered as being disadvantageoue from the viewpoint
of the pfoductivity and .the like. In fact, there has
been no attempt in which the reactive distillation is
conducted under the above pressure and temperature
conditions, i.e., the conditions employed in the method
of the present invenfion.

However, unexpectedly, it has for the first time
been found that a dialkyl carbonate and a diol can be
continuously produced with high productivity and high
selectivity when the reactive distillation is performed

under conditions wherein not only are the pressure and
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with at least one substituent selected from
the group consisting of a C; - Cio alkyl

group and a Cg - C;p aryl group.

The above reaction is an exothermic reaction. The
lower the reaction temperature, the larger the equilib-
rium constant becomes and, therefore, the higher the
equilibrium concentrations of the products become.
However, the lower the reaction temperature, the small-
er the reaction rate becomes. Accordingly, for achiev-
ing and maintaining a satisfactory production rate
while performing the reaction at a low temperature, it
is necessary to increase the volume of the reaction
system. An increase in the volume of the reaction
system means a lowering of the productivity as defined
in the present invention. In the present invention,
the term "prodﬁctivity" méans a yield per unit volume
of the reaction zone in a continuous multi-stage dis-
tiilation column and per uhit time, i.e., a épace time
yvield in the reaction zone of a continuous multi-stage
distillation column; When a plurality of continuous
multi-stage distillation columns are used, the total
volume of the continuous multi-stage distillation
columns is used for calculation of the above-mentioned
yield.

On the other hand, when it is desired to perform
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temperature of the column bottom maintained within the
above-mentioned specific ranges, but also the distilla-
tion column has an F-factor in the range of from 0.2 to
5. Conventionally, the F-factor of a distillation
column has been known as a parameter which relates to
the stage efficiency of the distillation column [see
OKagakukougaku jiten (Dictionary of Chemical Engineer-
ing), edited by Kagakukogaku Kyokai (Association of
Chemical Engineer;ng), p.55 (1986) (Maruzen Co., Ltd.,
Japan) and Chemical Engineer's Handbook, fifth edition,
Section 18, p. 6 (1973) (McGraw-Hill Kogakusha, Ltd.)].
However, in the production of a dialkyl carbonate and a
diol by the technique of reactive distillation using a
distillétion column, it has never been known at all
that a correlation is present between the F-factor of
the distillation column and the productivity of and the
selectivity for the desired prodﬁcts. The present
inventors have for the first time found that the F-
factor of the distillation column employed in the
reactive distillation has a correlation with the pro-
ductivity of and the selectivity for the desired pro-
ducts.

Elucidation has not yet been made with respect to
fhe reason why a high productivity and a high selectiv-

ity can be achieved by performing the present reaction
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by the reactive distillation under conditions wherein
the reaction pressure and temperature fall within the
above-mentioned respective specific ranges, as measured
at the inner bottom of the multi-stage distillation .
column, and the F-factor of the distillation column is
from 0.2 to 5.0. However, it is presumed that the
efficiency of the reactive distillation is increased by
employing such reaction conditions.

Examples of by-products formed in the reaction for
producing a dialkyl cerbonate and a diocl from a cyclic
carbonate and an aliphetic monohydric alcohol include a
condensation product of ethylene glycol (EG), such as

diethylene glycol (DEG) and triethylene glycol (TEG),

-and 2—methoxyethanol (2ME). When the content of DEG in

ethylene glycol as the desired diol is high, a problem
arises that a polyester which is produced using the
ethylene glycol as a raw material has a pon—uniformity
in color. Further, when ethylene glycol (which is a
bifunctional monomer) eontains 2ME (which is monofunc-
tional), a problem arises that 2ME acts as a terminator
in a polyester-forming reaction using the ethylene
glycdl as a raw material and, hence, the obtained
polyester is likely to have a low molecular weight.
Therefore, it is disadvantageous that ethylene glycol

contains such by-products as impurities. In general,
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the by~products contained in EG are separated therefrom -
by distillation. For example, since the boiling point
of DEG (245 °C) is higher than that of EG (198 °C);
when EG containing DEG is subjected to distillation,_a
purified EG containing a small amount of DEG is ob-
tained as a column top fraction or a side cut (side
stream) (i.e., a fraction withdrawn from a withdrawal
port provided in a side wall of the distillation col-
umn), and DEG is obtained mainly as a column bottom
liquid. In this distillation, for lowering the concen-
tration of DEG in the purified EG, the distillation
column is required to have a number of distillation
stages. In addition, the concentration of DEG in the
column bottom liquid is lowered by causing some amount
of EG to go into the column bottom‘liquid; therefore,
when the column bottom liguid is withdrawn from the
column, EG is necessarily withdrawn from the column
bottom together with by-produced DEG. This withdréwn
column bottom liguid containing EG is generally wasted
or incinerated, so that the yield of EG is lowered.
Therefore, for preventing such a loss due to the oc-
currence of by-products, a high selectivity for the
desired products is required.

With respect to the continuous multi-stage distil-

lation column to be used in the method of the present
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invention, there is no particular limitation, as long
as it is a distillation column which hés two or more
stages of distillation and which is capable of continu-
ous disfillation. In the present invention, the term
"stages” is intended to include théoretical stages
(theoretical plates). In the case of a distillation
column having no substantive stages, such as a packed
column, the value obtained by dividing the packing
height by the height per theoretical stage (plate)
(H.E.T.P.) (height equivalent to a theoretical plate)
is considered as the nuﬁber of stages. Examples of
such continuous multi-stage distillation columns in-
clude plate type columns using a tray, such as a bub-
ble-cap tray, a sieve tray, a valve tray, a counterflow
tray, and packed type columns packéd with various
packings, such as a Raschig ring, a Lessing ring, a
Pall ring, a Berl saddle, an Interlox saddle, a Dixon
packing,.a McMahon packing, a Heli pack, a Sulzer
packing and Mellapak. Any column which is generally
used as a continuous multi-stage distillation column
can be utilized. Further, a mixed tYpe of plate column
and packed column, which comprises both a plate portion

and a portion packed with packings, can also be prefer-

'ably used. When a solid catalyst which is insoluble in

the liquid phase in a distillation column is used, a
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aliphatic monohydric alcohols include methanol, etha-~
nol, propanol (isomers), allyl alcohol, butanol
(isomers), 3-butene-1-o0l, amyl alcohol (isomers), hexyl
alcohol (isomeré), heptyl alcohol (isomers), octyl
alcohol (isomers), nonyl alcohol (isomers), decyl
alcohol (isomers), undecyl alcohél (isomers), dodecyl
alcohol (isomers), cyclopentanol, cyclohexanol, cyclo-
heptanol, cyclooctanol, methylcyclopentanol (isomers),
ethylcyclopentanol (isomers), methylcyclohexanol
(isomers), ethylcyclohexanol (isomers), dimethylcyclo-
hexanol (isomers), diethylcyclohexanol (isomers),
phenylcyclohexanol (isomers), benzyl alcohol, phenethyl
alcohol (isomers), phenylpropanol (isomers) and the
like. The above-mentioned aliphatic monohydric alcohol
may be substituted with at least oﬁe substituent, such
as a halogen atom, a lower alkoxy group, a cyano group,
an alkoxycarbonyl group, an aryloxycarbonyl group, an
acyloxy group or a nitro group.

Of these aliphatic monohydric alcohols, an alcohol
having 1 to 6 carbon atoms is preferred. More pre-
ferred are monohydric alcohols having 1 to 4 carbon
atoms, i.e., methanol, ethanol, propanol (isomers) and

butanol (isomers). When ethylene carbonate or propy-

lene carbonate is used as a cyclic carbonate, methanol

and ethanol are preferred, and especially preferred is
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packed column type distillation column, in which the
solid catalyst is used in substitufion for part or all
of the packings, is preferably employed. As the con-
tinuous multi-stage distillation column to be used in
the method of the present invention, the above-men-
tioned distillation columns can be used individually or
in combination. When used in combination, a plurality
of distillation columns may be connected in series or
in parallel..

A cyclic carbonate to be used as a feedstock in
the present invention is represented by formula (A)
mentioned above. Examples of cyclic caibonates include
alkylene carbonates, such as ethylene carbonate and
propylene carbonate, 1,3—digxa¢yclohexa-2—one, 1,3-
dioxacyclohepta-2-one, and the 1iké. Of these.cyclic
carbonates, ethylene carbonate and propylene carbonate
are preferred because of their good availability.
Ethylene carbonate is most preferred.

An aliphatic monohydric alcohol used as another
feedstock in the present invention is a compound which
is represented by formula (B) mentioned above and has a
boiling point lower than that of the produced dioi.

The type of an aliphatic mdnohydric alcohol which can
be used in the present invention varies depending on

the type of the cyclic carbonate used. Examples of
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methanol.

In the present invention, the reactidn represented
by reaction scheme (I) is conducted by the technique of
reactive distillation, that is, the reaction is coh—_
ducted in a continuous multi-stage distillation column
while separating a produced low boiling point mixture
from the reaction system by distillation.

In the_method of the present invention, a catalyst
is placed in the continuous multi-stage.distillation
column. The method for causing a catalyst to be pre-

sent in the multi-stage distillation column is not

particularly limited. For example, a homogeneous

catalyst which is soluble in the reaction system under
the reaction conditions can be caused to be present in
the continuous multi-stage distillétion column by
continuously féeding the homogeneous catalyst to the
continuous multi-stage distillation coldmn. Alterna-
tively, a heterogeneous catalyst (solid catalyst) which
is insoluble in the reactiop system.under the reaction
conditions, can be caused to be present in the continu-
ous multi-stage distillation column by packing the
solid catalyst in the continuous multi-stage distilla-
tion column. The above-mentioned homogeneous and
heterogenéous catalysts can be used in combination.

When a homogeneous catalyst is continuously fed to
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As a catélyst used in the present invention,
various types of known catalysts can be used. Examples
of such catalysts include alkali metals or alkaline
earth metals, such_as lithium, sodium, potassium,
rubidium, cesium, magnesium, calcium, strontium and
barium; basic compounds, such as hydrides, ﬁydroxides,
alkoxides, aryloxides and amides of alkali metals or
alkaline earth metals; basic compounds, such as car-
bonates and hydrogencarbonates of alkali metals or
alkaline earth metals and alkali metal or alkaline
earth metal salts of organic acids; tertiary amines,
such as triethylamine, tributylamine, trihexylamine and
benzyldiethylamine; nitrogen-containing heteroaromatic
compounds, such as N-alkylpyrrole, N-alkylindole,
oxazole, N-alkylimidazole, N—alkylbyrazole, oxadiazole,
pyridine, alkylpyridine, quinoline, alkquuinoline,
isoquinoline, alkylisoguinoline, acridine, alkylacri-
dine, phenanthroline, alkylphenanthroline, pyrimidine,
alkylpyrimidine, pyradine, alkylpyradine, triazine and
alkyltriazine; cyclic amidines, such as diazabicycloun-
decene (DBU) and diazabicyclononene (DBN); thallium
compounds, such as thallium oxide, thallium halides,
thallium hydroxide, thallium carbonate, thallium ni-

trate, thallium sulfate and thallium salts of organic

acids; tin compounds, such as tributylmethoxytin,
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tributylethoxytin, dibutyldimethoxytin, diethyldiethox-
ytin, dibutyldiethoxytin, d;butylphenoxytin, diphenyl-
methoxytin, dibutyltin acetate, tributyltin chloride
and tin 2—ethylhexanoaté; zinc compounds, such as
dimethoxyzinc, aiethoxyzinc, ethylenedioxyzinc and

dibutoxyzinc; aluminum compounds, such as aluminum

- trimethoxide, aluminum triisopropoxide and aluminum

tributoxide; titanium compounds, such as tetramethoxy-'
titanium, tetraethoxytitanium, tetrabﬁtoxytitanium,
dichlorodimethoxytitanium, tetraisopropoxytitanium,
titanium acetate and titanium acetylacetonate;
phosphorus compounds, such as_ trimethylphosphine,
triethylphosphine, tributylphosphine, tri-
phenylphosphine, tributylmethylphosphonium halides,
trioctylbutylphosphonium halides and tfiphenyl—
methylphosphonium halides; zirconium compounds, such as
zirconium halides, zirconium acetylacetonafe, zirconium
alkoxides and zirconium acetate; lead and lead-contain-
ing compounds, e.g., lead oxides, such as PbO, PbO, and
Pbz0,; lead sulfides, such as PbS, Pb,yS3 and PbS,; lead
hydroxides, such as Pb(OH),, Pb302(OH)2, sz[PbOZ(OH)z]
and Pb,O(OH),; plumbites, such és Na;Pb0O,, KoPbO,,
NaHPbO, and KHPbO,; plumbates, such as NaZPbds,
NajH,PbO,, KoPbOs, Ko[Pb(OH)gl, K4PbO,, Ca,PbO, and

Can03; lead carbonates and basic salts thereof, such
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the continuous multi-stage distillation column, it may
be fed to the distillation column together with a
feedstock cyclic carbonate and/or a feedstock aliphatic
monohydric alcohol. Alternatively, the homogeneous
catalyst may be fed to the distillation column at a
position different from that at which.the feedstock is
fed. Further, the homogeneous catalyst can be fed to
the distillation column at any position as long as the
position is at least one theoretical stage (plate)
above the column bottom. However, since the region
where the reaction actually takes place in the continu-
ous multi-stage distillation column is generally below
the position at which the homogeneous cata;yst is fed,
it is preferred that the homogeneous catalyst is fed to
the distillation column at the uppér portion of the
column.

When a heterogeneous solid catalyst is used as a
catalyst, the catalyst can be packed in a desired
amount at a desired position of the continuous multi-
stage distillation column, as long as the catalyst
layer present in the column has a height which corre-
sponds to at least one theoretical stage.(plate),
preferably two or more theoretical stages (plates); A
catalyst which can serve as a packing for the continu-

ous multi-stage distillation column can also be used.
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as PbCO3 and 2Pb003-Pb(OH)2; alkoiylead compounds and
aryloxylead compounds, such as Pb(OCHz),, (CHzO)Pb(OPh)

and Pb(OPh)z; lead salts of organic.acids, and car-

| bonates and basic salts thereof, such as Pb(OCOCHg),,

Pb(OCOCH3)4 énd Pb(OCOCH3)2-PbO-3H20; organolead com-
pounds, sgch as BuyPb, PhyPb, BugPbCl, PhgPbBr, PhgaPb
(or PhgPby), BugPbOH and PhyPbO wherein Bu represents a
butyl group and Ph represents a phenyl group; lead
alloys, such as Pb-Na, Pb-Ca, Pb-Ba, Pb-Sn and Pb-Sb;
lead minerals, such as galena and zinc blende; hydrates
of these lead compounds; ion-exchangers, such as anion-
exchange resins having tertiary amino groups, ion-
exchange resins having amide Qroups, ion-exchange
resins having at least one type of ion-exchange group
selected from the group consisting of sulfonate, car-
Soxylate and phosphate groups, and strongly basic solid
anion-exchangers having quaternary ammonium groups as
ion-~exchange groups; solid inorganic compounds, such as
silica, silica-alumina, silica-magnesia, aluminosi-
licate, gallium silicate, various types of zeolites,
various types of metal-exchanged zeolites and ammonium-
exchanged zeolites.

Among the above-mentioned solid catalysts, stron-
gly basic anion-exchangers having quaternary ammonium

groups as anion-exchange groups are preferred. Exam-
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ples of such anion-exchangers include strongly basic
anion-exchange resins having quaternary ammonium groups
as anion-exchange groups, cellulose type strongly basic
anion-exchangers having quaternary ammonium grohps as
anion-exchaﬁge groups and strongly basic anion-exchang-
ers carried on an inorganic carrier which have quater-
nary ammonium groups as anion-exchange groups.

Of these strongly basid anion-exchange resins
having quaternary.ammonium groups as ion-exchange
groups, styrene type strongly basic ahion;exchange
resins and the like are preferred. A styrene type
strongly basic anion-exchange resin is comprised of a
styrene/divinylbenzene copolymer as a base resin, and
quatefnéry ammonium groups (type I or type 11) as
anion-exchange groups, examples of which are diagram-

matically represented by the following formulae (II).

—CH—CHz—CH—CHz— CH—CHz—"L"

Q0 Q, =
CHzN(CH3)3

CHzN(CHa)s A—CH—CHz—~"

()
L ~—CH—CHz—CH—CHz—CH—"\"

(type II)

@
@ A ~—~CH—CHz~"— CHzNgZHa)z(CzH:iOH)
C}Ich(aCHs)z(CzH4OH) , X -

X
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In above formulae (I1), X represents aﬁ anion.
Generally, X is at least one type of anion selected
from the group consisting of -, C1~, Br~, I, HCO3 ,
C032~, CHgCO,™, HCO,™, 103, BrOg~ and ClOg~. It is
preferred that X is selected from the group consisting
of .C1l~, Br , HCO3  and 0032’. With respect to the
structure of the base resin of the anion-exchange
resin, either a gel type or a macroreticular type (MR
type) can be used. However, because of the high re-
sistance to organic solvents, the MR type is preferred.

Examples of cellulose type strongly basic anion-
exchangers having quaternary ammonium groups as ion-
exchange groups include cellulose type strongly basic
anion-exchangers having ion-exchange groups of the
structure represented by the formula: -OCH,CHyNR3X,
which exchangers are obtained by trialkylaminoethyla-
tion of a part or all of the hydroxyl gfoups of cellu-
lose. In the above formula, R represents an alkyl
group, for example, a methyl group, an ethyl group, a
propyl group, a butyl group or the like, preferably a
methyl group or an ethyl group; and X is as defined
above.

The inofganic carrier-carried strongly basic
anion—ekchanger usable in the present invention, which

has quaternary ammonium groups as ion-exchange groups,
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is an anion-exchanger having quaternary ammonium groups
represented by the formula —O(CHz)nNR3X wherein R and X
are as defined above and n is usually an integer of
from 1 to 6, preferably 2, which anion-exchangéf can be
prepared by.the modification of a part or all of the
hydroxyl groups on the surface of the inorganic carri-
er. Examples of inorganic carriers include silica,
alumina, silica-alumina, titania and. zeolite. Of
these, silica, alumina and silica-~alumina are pre-

ferred. Silica is most preferred. There is no limita-

-tion with respect to the method for the modification of

hydroxyl groups on the surface-of the inorganic carri-
er. For example, such a strdngly basic anion-exchanger
carried'on an inorganic carrier can be obtained by
subjecting an inorganic carrier and an aminoalcohol
represented by the formula HO(CH;),NR, to a dehydration
reaction between them in the presence of a basic cata-
lyst to thereby effect aminoalkoxylation, followed by
the reaction of the resultant aminoalkoxylated inorga-
nic carrier with an alkyl halide represented by the
formula RX', wherein X' represents a halogen atom,
preferably Cl, Br or I, to thereby convert the aminoal-
koxy group into a -O(CH,),NRzX' group. The
-O(CH5 ), NRgX' group is further converted to a

-O(CHy ), NRzgX group having the desired anion X by an
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anion exchange reactidn. When n is 2, an inorganic
carrier is treated with N,N-dialkylaziridine so that
the hydroxyl groups on the inorganic carrier are N,N-
dialkylaminoethoxylated to obtain a —OCHZCHZNRé.group,
which is thén converted to a -OCH,CHyNRgX group by the
above-mentioned method.

Commercially available solid, strongly basic
anion-exchangers having quaternary ammonium groups as
ion-exchange groups can be used in the present inven-
tion. When a commercially available solid, strongly
basic anion-~exchanger is used, it can be treated for
anion-exchange with a desired anion species before it
is used.as a transesterificafion catalyst.

A éolid catalyst comprised of a macroreticular or
gel type organic polymer or an inorganic cafrier, each
having bonded thereto a heterocyclic group containing
at least one nitrogen atom, is preferably used as a
transesterification catalyst. Further, the above-

mentioned  solid catalyst can be treated for quaternar-

izing a part or all of the nitrogen-containing hetero-

cyclic groups before it is used.

The amount of the catalyst to be used in the
present_invéntion varies depending on the type thereof.
The homogeneous catalyst, which is soluble in the

reaction system under the reaction conditions, is fed
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continuously in an amount of from 0.0001 to 50 % by
weight, based on the total weight of the feedstock
cyclic carbonate and the feedstock aliphatic monohydric
alcohol. When the solid catalyst is packed in £he
continuous ﬁﬁlti—stage distillation column, it is
packed preferably in an amount of from 0.01 to 75 % by
volume, based on the internal volume of the empty
distillation column.

There is no particular restriction with respect to

the method for continuously feeding a cyclic carbonate

-and an aliphatic monohydric alcohol to the continuous

multi-stage distillation column, and any feeding method
can be used as long as the feedstocks can be contacted
with the catalyst in a region of the distillation
column which corresponds to at least one stage, prefer-
ably at least two stages. That is, the cyclic caf-
bonate and the aliphatic monohydric alcohol can be
continuously fed to at least one stage of the continu-
ous multi-stage distillation column through a desired
number of feeding pipes onto a desired stage as long as
the above requirement is satisfied. The cyclic car-
bonate and the monohydric alcohol may be fed either to
the same stage of the distillation column or to sepa-
rate stages individually. The feedstocks are continu-

ously fed in a liguid form, a gaseous form or a gas-
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liquid mixture form. In addition to the feeding of the
feedstocks to the continuous multi-stage distillation
column as described above, édditional feedstocks can be
fed in a gaseous form to the lower portion of the
distillatioﬂ column intefmittently or continuously.
Also preferred is a method wherein the cyclic carbonate
is continuocusly fed in a liquid form or a gas-liquid
mixture form to a stage at a level higher than the'
stage where the catalyst is present, while the aliphat-
ic monohydric alcohol is continuously fed to the lower
portion of the distillation column in a gaseous form or
a gas—liquid mixture form, or in a gaseous form and in
a liquid form individually. .In this case, some of the
aliphatic monohydric alcohol may be contained in the
cyclic carbonate. The amount of the aliphatic monohy-
dric alcohol fed in a gaseous form to the lower portion
of the distillation column is generally from 1 to 100 %
by weight, preferably from 5 to 100 % by weighf, more
preferably from 20 to 100 % by weight, based on the
total weight of the aliphatic monohydric alcohol fed to
the lower portion_of the distillation column. As a
method for feeding the aliphatic monohydric alcohol in
a gaseous form to the lower portion of the distillation
column, a method may be used wherein a reaction system

solution is withdrawn from the lower portion of the
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distillation column and heated by a reboiler so as to
be partially or completely evaporated, to thereby
obtain a gas or gas-liquid mixture, and the obtained
gas or gas-liquid mixture is returned to the lo%er
portion of_fhe distillation column. In this case, the
position in the lower portion of the distillation
column, from which a reaction system solution is with-~
drawn, may be or may not be the same. as the position in
the lower portion of the distillation column, to which
the gas or gas-liquid mixture is returned.

In the present invention, a dialkyl carbonate and
a diol as desired products may be contained in the
feedstocks. For example, when the aliphatic monohydric
alcohol'contains a concomitant dialkyl carbonate, the
amount of the concomitant dialkyl carbonate in the
aliphatic monohydric alcohol is generally in the range
of from 0 to 40 % by weight, preferably from 0.1 to 30
% by weight, more preferably from 1 to 20 % by weight,
based on the total weight of the aliphatic monohydric
alcohol and the concomitant dialkyl carbonate.

- The ratio of the alipﬁatic monohydric alcohol to
the cyclic carbonate to be fed to the continuous multi-
stage distillation column may vary_depending on the
type and quantity of the catalyst and the reaction

conditions, but, in general, the molar ratio of the
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aliphatic monohydric alcohol to the cyclic carbonate
may be in the range of from 0.01 to 1,000. For in-
creasing the conversion of the cyclic carbonate, it is
preferred to feed the aliphatic monohydric alcohol in
an excess aﬁount which is 2 times or more by mole the
mole of the cyclic carbonate. However, too high a
concentration of the aliphatic monohydric alcohol is
undesirable because the size of the reaction equipment
has to be large. Therefore, it is especially preferred
to use the aliphatic monohydric alcohol in an amount
which is 2 to 20 times by mole the mole of the cyclic
carbonate.

The low boiling point mixture containing the

dialkyl carbonate produced in the method of the present

invention is continuously withdrawn from the upper

portion of the continuous multi-stage distillation
column in a gaseous form. The withdrawn gaseous mix-
ture may be composed of a dialkyl carbonate alone or a
mixture thereof with an aliphatic monohydric alcohol
and a cyc;ic carbonate. Further, the withdrawn gaseous
mixture may also contain a high boiling point product
in a small amount.

A withdrawal port of the continuous multi-stage

" distillation column for withdrawing the gaseous low

boiling point mixture containing the dialkyl carbonate
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at a lower portion of the multi~stage distillation
column, and when an unreacted qyclic carbonate is
recycled to the multi-stage distillation column, it is
preferred that this introduction port is positioned at

an upper portion of the multi-stage distillation col-

umn.

In the present invention, it is not necessary to
use a solvent. However, for the purposes of, e.g., (1)
facilitating the operation for performing the reaction
and (2) efficiently obtaining a dialkyl carbonate and a
diol by azeotropic distillation or extractive distilla-
tion, an appropriate inert solvent may be used as a
reaction solvent, an azeotropé—forming agent or an
extracting agent. Examples of inert solvents include
an ether, an aliphatic hydrocarbon, an aromatic hydro-
carbon, a halogenated aliphatic hydrocarbon and a
halogenated aromatic hydrocarbon. |

An inert gas, such as nitrogen, helium or .argon,
may be present in the reaction system. Further, for.
the purpose of promoting the distilling-off of a gener-
ated low boiling point reaction product, the above- .
mentioned inert gas or a gaseous form of an inert low
boiling point organic compound may be introduced to the
reaction system from a lower portion of the continuous

multi-stage distillation column.
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continuous mﬁlti-stage distillation column means a
portion between the top of the distillation column and
a position at approximately half the height of the
distillation column, and the upper poxtion inclﬁdes the
top of-the éolumn. The lower poftion of the continuous
multi-stage distillation column means a poftion between
the bottom of the distillation column and a position at
approximately half the height of the distillation
column, and the lower portion includes the bottom of
the column.

The withdrawal port for withdrawing the reaction
mixture containing the produced diol from the continu-
ous multi-stage distillation column is positioned at a
lower p&rtion of the distillation column, preferablf at
the bottom of the distillation column. A part of the
withdrawn reaction mixture may be recycled to the lower
portion of the continuocus multi-stage distillation
column in a gaseous form or a gas-liquid mixture form
by heating by means of a reboiler.

In the reaction conditions employed in the method
of the present invention, the multi-stage distillation
column has an F-factor in the range of from 0.2 to 5.0,
the F-factor being represented by the following formula
(1):

F-factor = ug (4 9)1/2 (1)
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is'preferably provided at a position between the posi-
tidn.from which the feedstocks are fed and the top of
the distillation column, or in the top of the distilla-
tion column. It is more preferred to prpvide the
withdrawal port for the low boiling point mixture in
the top of the distillation column. A part of'the low
boiling point mixture withdrawn from the withdrawal
port may be returned to the upper portion of the dis-
tillation column to thereby effect the so-called reflux
operation. When the reflux ratio is increased by
conducting this reflux operation, the distillation
efficiency of a low béiling point product into a wvapor
phase is increased, thereby advantageously increasing
the conéentration of a low boiling point product in the |
withdrawn gaseous component. However, too much of an
increase in the reflux ratio disadvantageously leads to
an increase in the thermal energy required. Thus, the
reflux ratio is generally chosen in the range of from O
to 10, preferably from 0 to 5, more preferably from O
to 3.

A diol produced in the method of the present
invention is continuously withdrawn from a lower por-
tion of the continuous multi-stage distillation column
in a liquid form.

In the present invention, the upper portion of the
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wherein ug.represents the gas velocity (m/s)

in the multi-stage distillation column and

0 g represents the gas density.(kg/m3) in the

multi-stage distillation column. :
The F-factor of the distillation column is preferably
in the range of from 0.4 to 4.0, more preferably from
0.6 to 4.0.

The rate at which a liquid flows down inside the

continuous multi-stage distillation column and the

above-mentioned gas velocity (ug)-in the multi-stage
distillation column may be varied depending on the type
of the distillation column, and on the type of the
packing in the case of a packed column. However, the
distillation column is generally operated so that no
flooding or weeping occurs.

The gas density (e g) in the multi-stage distilla-
tion column may'be varied depending on the reaction
temperature and pressure, and on the types of the

cyclic carbonate and aliphatic monohydric alcohol used,

but is generally in the range of from 0.01 to 2.0

kg/m3, preferably from 0.1 to 0.8 kg/ms.

In the method of the present invention, the reac-
tion takes piace within the continuous multi-stage
distillation column. The amount of dialkyl carbonate

produced depends on the amount of hold~up liquid in the
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0.05 fo 5 hours.

In the method of the present invention, the reac-
tion temperéture is in the range of from -20 °C to less
than 60 °C, as measured at the inner bottom of the
multi-stage distillation column. A preferred range of
the reaction temperature varies depending on the types
of the feedstocks and the reaction pressure, but is
generally from O °C to less that 60 °C.

" In the method of the present invention, the reac-
tion pressure, as measured at the inner bottom of the
multi-stage distillation column, is generally 5 x 104
Pa or less, preferably from 1 x 103 Pa to 5 x 10% Pa,
more prgferably from 1 x 104.Pa to 5 x 104 Pa.

It is also possible to recycle a part of a reac-
tion mixture withdrawn from the lower portion of the
multi-stage distillation column to the multi-stage
distillation column, so that a part of an unreacted
cyclic carbonate and/or unreacted aliphatic monohydric
alcohol can be recycled to the multi-stage distillation
column. In this case, the reaction mixture withdrawn
from the lower portion of the multi-stage distillation
column, as such, may be fed to the multi-stage distil-
lation columﬁ. Alternatively, a method may.be used in
which a part or all of the reaction mixture withdrawn

from the lower poftion of the multi-stage distillation
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distillation column. That is, when the height and
diameter of a distillation column are not changed, a
greater hold-up capacity is preferred because the
greater the hold-up capacity, the longer the residence
time of the ligquid phase, namely, the time during which
the reaction is effected. However, when the amount of
the hold-up liquid is too large, the residence time
becomes too  long, so.that side reactions'and-flooding
are likely to occur. Accordingly, in the method of the
present invention, the amount of the hold-up liquid of
the continuous multi-stage distillation column varies
depending on the distillation conditions and the type
of the distillation.column. Generally, however, the
amount 6f the hold-up liquid is in the rénge of from
0.005 to 0.75 in terms of the volume ratio of the hold-
up liquid to the empty continuous multi-stage distilla-
tion column.

In the method of the present invention, the aver-
age residence time of the liguid phase in the continu-
ous multi-stage distillation column depends on the
reaction conditions, and the type and inner structure
(for example, the types of the plate and packing) of
the continuous multi-stage distillatién column, but is
generally in the range of from 0.001 to 50 hours,

preferably from 0.01 to 10 hours, more preferably from
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column is subjected to separation using a distillation
separation column thereby obtaining a column top frac-
tion containing an unreacted cyclic carbonate and/or
unreacted aliphatic monohydric alcohol and a column
bottom liquid, and the column top fraction and/or the
column bottom liquid is then fed to the multi-stage
distillation column. For example, preferred is a
method in which a reaction mixture withdrawn from the
lower portion of the continuous multi-stage distilla-
tion column is intréduced to a low boiling point mix-
ture~-recovering column which is comprised of a distil-
lation column, to thereby obtain a mixture of an
aliphatic monohydric alcohol and a dialkyl carbonate
from the top of the recovering column, and then the
mixture withdrawn from the top of the recovering column
is continuously recycled to the multi-stage distilla-
tion column.

There is no particular limitation with respect to
the position of an introduction porf in the multi-stage
distillation column, through which a reaction mixture
withdrawn from the multi-stage distillation column is
recycled to the multi-stage distillation column.
However, when an unreacted aliphatic monohydric alcohol
is recycled to the multi-stage distillation column, it

is preferred that this introduction port is positioned
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BEST MODE FOR CARRYING OUT THE INVENTION

The present invention will be described in greater
detail with reference to the following Examples, Coh-
parative Examples, Reference Example and Reference
Comparative Example, which should not be construed as
limiting the scope of the present invention.

In the following, the analysis of a reaction
mixture was conducted by means of gas chromatograph GC-
9A (manufactured and sold by Shimadzu Corporation,
Japan) using column TC~1 (manufactured and sold by Gi
Science Inc., Japan). The yield of and selectivity for
a product and the F~factor of a coptinuous multi-~stage
distillation column were measﬁred in the following
manner..

Yield and selectivity

The yield (%) of ethylene glycol is determined,
based on the amount of the charged ethylene carbonate;
the selectivity (%) for ethylene glycol is determined,
based on the amount of the consumed ethylene carbonate;
the yield (%) of dimethyl carbonate is determined,
based on the amount of the charged ethylene carbonate;
and the respective selectivities (%) for dimethyl car-
bonate, diethylene glycol and 2-methoxyethanol are
determined, based on the amount of the consumed ethy-

lene carbonate.
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F~-factor

The F-factor of a continuous multi-stage distilla-

column is represented by the following formula

_ - 1/2
F-factor ug(p g) (1)
wherein ug represents the gas velqcity (m/s)

in the multi-stage distillation column and

. P g represents the gas density (kg/m3) in the

multi-stage distillation column.

In the above formula (1), ug and p g cen be deter-

mined by the following formulae (3) and (2), respec-

tively:

and

g = P.-M/[R-(273.16 + t)] (2)
wherein P represenfs the reaction pressure
(atm), as measured at the inner bottom of the
multi-stage distillation column, M repreéents
the average molecular weight (g/mol) of the
feedstock fed in a gaseous form to a lower
portion of the multi-stage distillation
column, R represénts.the gas constant
(liter.-atm/Kemol), and t represents the
reaction temperature (°C), as measured at the

inner bottom of the multi-stage distillation

colunmn; -
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ug = Q/(3,600a. 0 g) (3)

wherein Q represents the mass ﬁelocity (kg/h)

of the feedstock fed in a gaseous form to a

lower portion of the multi—stagé distillation

column, and A represents the cross-sectional '

area (mz) of the multi-stage distillation

column.
Thus, the F-factor of a distillation column can be
calculated by formulae (1), (2) and (3) from the above-
mentioned Q, A, P, M, R and t. (In the above calcula-
tions, when a reaction mixture is withdrawn from the
multi-stage distillation column and heated by an evapo-
rator or the like to obtain a gas or a gas-liquid
mixture and the obtained gas or gés-liquid mixture is
then retufned to a lower portion of the multi-stage
distillation coluﬁn, the returned gas or the gas com-
ponent of the returned gas-liquid mixture is excluded
from the “feedstock fed in a gaseous form to a lower
portion of the multi-stage distillation column" men-

tioned above.)

Example 1
Using a production system as shown in Fig. 1, di-
methyl carbonate (DMC) and ethylene glycol (EG) were

continuously produced from ethylene carbonate (EC) and
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methanol (MeOH).

Dixon packings (3 mm ¢) were packed in continuous
multi-stage distillation column 1, which was comprised
of a column equipped with a reboiler and a condenser;
the column having an inner diameter of 4 cm (cross-
sectional area: 0.00126 mz) and a packing height of 200

cm. EC was continuously fed in a liquid form to column

top 4 of distillation column 1 through conduit 2 and

preheater 3 at a flow rate of 776.2 g/h, and a 4.8 % by
weight solution of potassium hydroxide (as a catalyst)
in ethylene glycol was also continuously fed in a
liquid form through conduit 2' at a flow rate of 32.6
g/h, while continuously féeding a mixture of MeOH and
DMC (MedH/DMC weight ratio = 97/3) in a gaseous form
through conduit 5, evaporator 6' and conduit 5' at a
flow rate of 2,267.7 g/h, to thereby effect a trans-
esterification reaction. Continuous multi—stage distil-
lation column 1 was.operated under conditions wherein
the reaction pressure and reaction temperature, each as
measured at column bottom 8 thereof, were 45,600 Pa
(0.45 atm) and 56 °C, respectively. Average molecular
weight M of the feedstock fed in a gaseous form to a
lower portion of distillation column 1 (that is, the
mixture of MeOH and DMC, fed in a gaseous form through.

conduit 5') was calculated by using the MeOH/DMC molar
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ratio (0.989/0.011) as follows.

M = 0.989 x 32.04 + 0.011 x 90.08 = 32.7
Therefore, gas density o g (kg/ms) and gas velocity ug
(m/s) in distillation column 1 were calculated as fo;-
lows:

Pg

u, = 2.2677/(3,600 x 0.00126 x 0.545) = 0.917

g

wherein the value of mass velocity Q (2.2677)

used in obtaining gas velocity ug is the mass

velocity (2.2677 kg/h) of the gaseous mixture

of MeOH and DMC fed through conduit 5°'.
From the thus obtained gas density o g and gas velocity
Ug, F-factor of distillation column 1 was calculated as
follows. |

F-factor = 0.917 x (0.545)0-5 = 0.68

A gaseous mixture distilled from column top 4 of
distillation column 1 was condensed by condenser 7. A
part of the resultant condenséte was refluxed to column
top 4 of distillation column 1 (reflux ratio: 0.1),
while recovering the remainder of the condensate |
(containing MeOH and DMC in concentrations of 66.8 % hy'
weight and 33.2 % by weight, respectively) in a liquid
form from the production system. The flow rate of the

above condensate recovered from the system was main-

tained at 2,524 g/h by heating the column bottom liquid

= 0.45 x 32.7 / [0.08205 x (273.16 + 56)] = 0.545
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by means of reboiler 6. A liquid reaction mixture
(containing MeOH, DMC, EG and EC in concentrations of
48.7 % by weight, 9.2 % by weight, 48.2 % by weight and
2.0 % by weight, respectively) was withdrawn from
column bottom 8 of distillation column 1 at a flow rate
of 1,165 g/h and fed to low boiling point mixture-
recovering column 10 at a position 100 cm below the top
of column 10 through conduit 9, wherein column 10 was
comprised of a column having an inner diameter of 5 cm
and a packing height of 200 cm and having packed there-
in Dixoh packings (3 mm ¢@).

Low boiling point mixture-recovering column 10 was
operated under conditions whefein the pressure of
column top 11 thereof was 1.3 x 103 Pa (10 torr)'and
the temperature of column bottom 15 thereof was 101 °C.
A gaseous mixture withdrawn from column top 11 of
celumn 10 was condensed by condenser 13. A part of the
resultant condensate was refluxed to column top 11 of
column .10 through conduit 14 while returning, fhrough
conduit 15, the remainder of the condensate in a liquid’
form to column bottom 8 of continueus multi-stage
distillation column 1 at a flow rate of 578.5 g/h. On
the other hand, a part of a liquid withdrawn from
column bottom 16 of column 10 was recovered from the

production system through conduit 20 at a flow rate of
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586.6 g/h, while the remainder of the withdrawn liquid
was heated by reboiler 18 and réturned to column 10
through conduit 19. The withdrawn liquid (bottom
liquid of column ;0) contained EG (including catalyst-
derived EG), EC and byfproduced diethylene glycol (DEG)
in concéntrations of 95.8 % by weight, 4.0 % by weight
and 0.02 % by weight, respectively. In the withdrawn
liquid, 2-methoxyethanol (2ME) (as a possible by-pro-
duct) was not detected.

From the above data, it can be seen that the
conversion of EC was 97 %, the yield of DMC_was 97 %
(DMC was produced at a production rate of 770 g/h), the
seiectivity for DMC was not lower than 99.9 %, the
yield of EG was 97 % (EG was produced at a production
rate of 530.7 g/h), and the selectivity for EG was not
lower than 99.9 %. Also, the volume (V) of the reac-
tion zone in continuoqs multi-stage distillation column
1 was calculated as follows: V= n x 22 x 200 / 1,000 =
2.513 liter. Theréfore, the productivity of DMC in
terms of the space time yield was: 770/2.51 = 307
g/liter-h. The conditions and results of the trans-

esterification reaction are shown in Table 1.

Example 2
Dimethyl carbonate (DMC) and ethylene glycol (EG)
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were continuousiy produced from ethylene carbonate (EC)
and methanol (MeOH) by using substantially the same
production system as in Example 1, except that continu-
ous multi-stage distillation column 1 had an inner
diameter of 5 cm (cross-sectional area: 0.00196 mz) and
a packing height of 135 cm. The operation for the

production of DMC and EG was performed in substantially

" the same manner as in Example 1, except that the reac-

tion conditions were as follows: EC was fed at a flow

" rate of 727.0 g/h; a 4.8 % by weight solution of po-

tassium hydroxide (as a catalyst) in ethylene glycol
was fed at a flow rate of 30.2 g/h; a mixture of MeOH
and DMC was fed through conduit 5 at a flow rate of
2,157.9 g/h; the reaction temperature of column bottom
8 was 55.7 °C; and gas density »o g.and gas velocity ug
in distillation column 1 were 0.545 kg/m3 and 0.560
m/s, respectively, and hence.the F-factor.of distilla-
tion column 1 was 0.41. .

A liguid mixture obtained by condensation of a
gaseous mixture withdrawn from column top 4 of distil-
lation column 1 (hereinafter referred to simply as
"column top condensate frbm column 1") (containing MeOH
and DMC in concentrations of 67.2 % by weight and 32.8
% by weight, respectively) was obtained at a flow rate

of 2,363 g/h.
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A liquid reaction mixture (containiﬁg MeOH, DMC,
EG and EC in concentrations of 47.4 % by weight, 1.2 %
by weight, 48.7 % by weight and 2.6 % by weight, re-
spectively) was withdrawh from column bottom 8 of
distillation column 1 at a flow rate of 1,064.6 g/h
and, as in Example 1, fed to low boiling point mixtﬁre-
recovering coiumn 10 whiéh was operated under the same
conditions as in Example 1. A part of a liquid mixture
obtained by condensation of a gaseous mixture withdrawn
from column top 11 of column 10 (hereinafter referred
to simply as "column top-condensate from column 10")
was returned in a liquid form to coluﬁn bottom 8 of
distillation column 1 at a flow rate of 517.3 g/h. A
part of a liquid withdrawn from column bottom 16 of
column 10 was recovered from the pfoduction system
through conduit 20 at a flow rate of 547.3 g/h. The
withdrawn liquid (bottom liquid of column 10) contained
EG, EC and by-produced diethylene glycol (DEG) in
concentrations of 94.7 % by weight, 5.0 % by weight and
0.03 $ by weight, respectively. In the withdrawn
liquid, 2-methoxyethanol (2ME) (as a possible by-pro-
duct) was not detected.

From.the above data, it can be seen that the
conversion of EC was 96 %, the yield of DMC was 96 %

(DMC was produced at a production rate of 710 g/h), the
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selectivity for DMC was not lower than 99.9 %, the
yield of EG was 96 % (EG was produced at a production
rate of 489 g/h), and the selectivity for EG was not

lower than 99.9 %. Also, the volume (V) of the reac-

tion zone in continuous multi-stage distillation column

1 was calculated as follows: V = n x 2.52 x 135 / 1,000
= 2.65 liter. Therefore, the productivity of DMC in
terms of the'space time yield was: .710/2.65 = 268
g/liter-h. The cqnditions and results of the trans-

esterification reaction are shown in Table 1.

Comparative Example 1

Dimethyl carbonate (DMC) ana ethylene glycol (EG)
were coﬁtinuously produced from ethylene carbonate (EC)
and methanol (MeOH) in substantially the same mahner as
in Example 2, except that the reaction pressure of .
column bottom 8 of distillation column 1 was 101,000 Pa
(1 atm) and that, as a result, the reaction temperature
of column bottom 8 of distillation column 1 was
79.6 °C, and gas density ¢ g and gas velocity ug in
distillation column 1 wexre 1.130 kg/m3 and 0.270 m/s,
respectively, and hence the F-factor of distillation
column 1 was 0.29.

A column top condensate from column 1 (containing

MeOH and DMC in concentrations of 74.1 % by weight and
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25.9 % by weight, respectively) was obtained at a flow
rate of 2,313 g/h. |

A liquid reaction mixture [containing MeOH, DMC,
EG, EC, diethylene glycol (DEG) and 2-methoxyethanol
(2ME) in concentrations of 38.1 % by weight, 1.0 % by
weight, 40.3 % by weight, 20.3 % by weight, 0.19 % by
weight and 0.009 % by weight, respectively] was with-
drawn from column bottom 8 of distillation column 1 at
a flow rate of 987.4 g/h. A part of a column top
condensate from column 10-(low boiling point mixture-
recovering column) was returned in a liquid form to
column bottom 8 of distillation column 1 at a flow rate

of 385.7 g/h. A part of a liquid withdrawn from column

bottom 16 of column 10 was recovered from the produc-

tion system through conduit 20 at a flow rate of 601.7
g/h. The withdrawn liquid (bottom liquid of column 10)
contained EG, EC, by-produced diethylene glycol (DEG)
and by-produced 2~-methoxyethanol (2ME) in concentra-
tions of 66.1 % by weight, 33.4 % by weight, 0.31 £ by
weight and 0.015 % by weight, respectively.

From the above data, it can be seen that the
conversion of EC was 72.4 %, the yield of DMC was 72.0
% (DMC was produced at a production rate of 535 g/h),
the selectivity for DMC was 99.4 %, the yield of EG was

72.0 % (EG was pfoduced at a'production rate of 368.7
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g/h), and the selectivity for EG was 99.4 %. It can
also be seen that the selectivities for by-produced
diethylene glycol and by-produced 2-methoxyethanol were
0.60 % and 0.020 %, respectively. Further, the produc-
tivity of DMC in terms'of the space time yield was:
535/2.65 = 202 g/liter'h. The conditions and results
of the transesterification reaction are shown in Table
1. | |

As mentioned above, in Comparative Example 1,
the reaction was performed under conditions wherein
the reaction pressure and temperature of column
bottom 8 of column 1 were 1.013 = 10° Pa (i.e.,
atmospherid pressure) and 79.6 °C, respectively
(which ére higher than those in Example 2), and the
F-factor of column 1 was 0.29 (which is lower than
that in Example 2). A comparison between the
results of such Comparative Example 1 and the
results of Example 2 shows that the productivity of
DMC in Comparative Example 1 (202 goliter'loh'l) is
lower than that in Example 2 (268 g-liter~l.n™1)
[i.e., 202/268 = 0.75 (times)], and the occurrence
of the by-products in Comparative Example 1 is
larger than that in Example 2, despite the fact
that Comparative Example 1 employs the same produc-

tion sysfem as in Example 2.
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Comparative Example 2

Dimethyl carbonate (DMC) and ethylene glycol (EG)
were continuousiy produced from ethylene carbonate (EC)
and methanol (MeOH) in substantially the same manner_as'
in Example 2, except that a mixture of MeOH and DMC was
fed to column bottom 8 of distillation column 1 through
conduit 5 at a flow rate of 3,123 g/h and the reaction
pressure of colgmn bottom 8 of distillation column 1
was 101,000 Pa (1 atm) and that, as a result, the
reaction temperature of column bottom 8 of distillation
column 1 was 76.7 °C, and gas density p'g and gas
velocity ug in distillation column 1 were 1.14 kg/m3
and 0.388 m/s, respectively, and hence the.F—factor of
distillation column 1 was 0.41.

A column top condensate from eolumn 1 (containing
MeOH and DMC in concentrations of 78.4 % by weight and
21.6 % by weight, respectively) was obtained at a flow
rate of 3,302 g/h.

A liguid reaction mixture [containing MeOH, DMC,
EG, EC, diethyiene glycol (DEG) and 2-methoxyethanol
(2ME) in concentratiohs of 42.8 % by weight, 1.1 % by
weight, 44.4 % by weight, 11.4 % by weight, 0.21 % by
weight and 0.0097 % by weight, respectively] was with-
drawn from column bottom 8 of distillation column 1 at

a flow rate of 1,028 g/h. A part of a column top cond-
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ensate from column 10 (low boiling point mixture-recov-
ering column) was returned in a liquid form to column
bottom 8 of distillation column 1 at a flow rate of
451.2 g/h. - A part of a liquid withdrawn from column
bottom 16 of column 10 was recovered from'the produc-
tion system through conduit 20 at a flow rate of 577.1
g/h. The withdrawn liquid (bottom liquid of column 10)
contained EG, EC, by-produced diethylene glycol and by-
produced 2-methoxyethanol in concentrations of 79.0 % .
by weight, 20.31 $ by weight, 0.38 % by wéight and
0.b17 % by weight, respectively. |
From the above data, it can be seen that the
conversion of EC was 83.9 %, the yield of DMC was 83.4
% (DMC was produced at a production rate of 620 g/h),
the selectivity for DMC was 99.4 %; the yield of EG was
83.4 ¥ (EG was produced at a production rate of 427.3 |
g/h), and the selectivity for EG was 99.4 %. It can
also be seen that the selectivities for by-produced
diethylene glycol and by—produ¢ed 2-methoxyethanol were
0.60 % and 0.019 &, respectively. further, the produc-
tivity of DMC in terms of the space time yieid was:
620/2.65 = 234 g/liter-h. The cbnditidns and results
of the transesterification reaction are shown in Table

1.

As mentioned above, in Comparative Example 2, the
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reaction was performed under conditions wherein the
reaction pressure and temperature of column bottom 8 of
column ‘1 were atmospheric pressure and 76.7 °C, respec-
tively (which are higher than those in Example 2), and
the F-factor of column 1 was 0.41 (which is the same as
in Example 2), wherein the F-factor was achieved by
increasing the flow rate of a mixture of MeOH and DMC
fed to column 1 through conduit 5 to a level higher
than that in Example 2. A comparison between the
results of such Comparative Example 2 and the results
of Example 2 shows that the productivity of DMC in:
Comparative Example 2 (234 g-lifer'l-h'l) is lower than
that in Example 2 (268 g-liter~l.n"l)[i.e., 234/268 =
0.87 (times)], and the occurrence of the by-products in
Comparative.Example 2 is larger thén that in Example 2,
despite the fact that the amount of MeOH fed to distil-
lation column_l in Comparative Example 2 is larger than

that in Example 2.

Example 3

Dimethyl carbonate (DMC) and ethylene glycol (EG)
were continuously produced from ethylene carbonate (EC)
and methanol (MeOH) by using substantially the same

production system as in Example 1, except that continu-

ous multi-stage distillation column 1 had an inner
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diameter of 5.36 cm (cross-sectional érea: 0.00225 mz)
and a packing height of 100 cm. The operation for the
production of DMC and EG was performed in substantially
the same manner as in Example 1, except that the reac-

tion conditions were as follows: EC was fed at a flow

'rate of 612.2 g/h; a 4.8 % by weight solution of sodium-

hydroxide (as a catalyst)(instead of potassium hydrox-
ide) in ethylene glycol was fed at a flow rate of 25.4
g/h (instead of 32.6 g/h); a mixture of MeOH and DMC
was fed through cdnduit 5 at a flow rate of 1,737 g/h;
the reaction temperature of column bottom 8 was
56.2 °C; and gas density » g and gas wvelocity ug in
distillation column i were 0.545 kg/m3 and 0.393 m/s,
respectively, and hence the F-factor of distillation
column 1 was 0.29.

A column top condensate from column 1 (containing
MeOH and DMC in concentrations of 67.2 % by weight and

32.8 % by weight, respectively) was obtained at a flow

- rate of 1,902 g/h.

A liquid reaction mixture (contéining MeOH, DMé,
EG and EC in concentrations of 45.7 % by weight, 1.2 %
by weight, 47.1 % by weight and 6.0 % by weight, re-
spectively) was withdrawn from column bottom 8 of
distillation column 1 at a flow rate of 888.7 g/h and,

as in Example 1, fed to low boiling point mixture-
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recovering column 10 which was operated under the same
conditions as in Example 1. A part of a column top
condensate from column 10 (low boiling point mixture-
recovering column) was returned in a liquid form to
column bottom 8 of distillation column 1 at a flow réte
of 416 g/h. A part of a liquid withdrawn from column
bottom 16 of column 10 was recovered from the produc-
tion system through conduit 20 at-a flow rate of 472.7
g/h. The withdrawn liquid (bottom liquid of column 10)
contained EG, EC and by-produced diethylene glycol
(DEG) in concentrations of 88.5 % by Weight, 11.3 % by
weight and 0.02 % by wéight, respectively. In the
withdrawn liquid, 2-methoxyethanol (2ME) (as a possible
by-product) was not detected.

From the above data, it can bé seen that the
cdnversion of EC was 91.3 %, the yield of DMC was 91.3

% (DMC was produced at a production rate of 572 g/h),

. the selectivity for DMC was not lower than 99.9 %, the

yield of EG was 91.3 % (EG was produced at a production
rate of 394 g/h), and the selectivity for EG was not
lower than 99.9 %. Also, the volume (V) of the reac-
tion zone in continuous multi-stage distillation column
1 was calculated as follows: V = n x 2.682 x 100 /
1,000 = 2.26 liter. Therefore, the productivity of DMC

in terms of the space time yield was: 572/2.26 = 253
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g/liter-h. The conditions and results of the trans-

esterification reaction are shown in Table 1.

Comparative Example 3

Dimethyl carbonate (DMC) and ethylene glycol (EG)
were continuously produced from ethylene carbonate (EC)
and methanol (MeOH) in substantially the same manner as
in Example 3, except that a mixture of MeOH and DMC was
fed to column bottomIB of distillation column 1 through
condﬁit 5 at a flow rate of 719 g/h and that, as a
result, the reaction temperature of column bottom 8 of
distillation column 1 was 55.9 °C, and gas density o g
and gas velocity ug in distiliafion column 1 were 0.545
kg/m3 ana 0.163 m/s, respectively, and hence the F-
factor of disfillation column 1 was 0.12. |

A column top condensate from column 1 (containing
MeOH and DMC in concentrations of 66.3 % by weight and
33.7 % by weight, respectively) was obtained at a flow
rate of 789.3 g/h.

A ligquid reaction mixture [containing MeOH, DMC,
EG, EC and diethylene glycol (DEG) in concentrations of
42.3 % by weight, 0.96 % by weight, 19.3 % by weight,
37.4 % by weight and 0.02 % by weight, respectively]
was withdrawn from column bottom 8 of distillation

column 1 at a flow rate of 998.9 g/h.



10

15 -

20

25

75

A part of a column top condensate from column 10
(low boiling point mixture-recovering column) was
returned in a liquid form to column bottom 8 of distil-
lation column 1 at a flow rate of 431.8 g/h. A part of
a liquid withdrawn from column bottom 16 of column 10
was recovered from the production system through con-
duit 20 at a flow rate of 567.1 g/h. The withdrawn
liquid (bottom liquid of column 10) contained EG, EC
and by-produced diethylene glycol (DEG) in concentra-
tions of 33.9 % by weight, 65.86 % by weight and 0.02 %
by weight, respectively.

From the.above data, it can be seen that the
conversion of EC was 39 %, the yield of DMC was 38.9 %
(DMC was produced at a production rate of 244 g/h) and
the yield of EG was 38.9 % (EG was produced at a pro-
duction rate of 168.2 g/h). Further, the productivity
of DMC in terms of the space time yield was: 244/2.26 =
108 g/litef-h. The conditions and results of the
transesterification reaction are shown in Table 1.

As described above, in Comparative Example 3, the
flow rate of a mixture of MeOH and DMC fed to distilla-
tion column 1 through conduit § is decreased so as to
achieve an F-factor (0.12) which is lower than that in

Example 3. A comparison between the results of such

. Comparative Example 3 and the results of Example 3
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shows that the productivity of DMC in Comparative
Example 3 (108 g-liter'loh'l) is lower than that in
Example 3 (253 g-liter~l.nh"1) [i.e., 108/253 = 0.43

{times)].

Example 4

Using the same production system as in Example 1,
dimethyl carbonate (DMC) and ethylene glyeol (EG) were
continuousiy produced from ethylene carbonate (EC) and
methanol (MeOH) in substantially the same manner as in

Example 1, except that the reaction conditions were as

follows: EC was fed at a flow rate of 988.6 g/h; a 4.8

% by weight solution of potassium hydroxide (as a
catalyst) in ethylene glycol was fed at a flow rate of
61.5 g/h; a mixture of MeOH and DMé was fed through
conduit 5 at a flow rate of 2,580.9 g/h; the reaction
pressure and temperature of column bottom 8 were 30,400
Pa (0.3 atm) and 47.1 °C, respectively; and gas density
P g and gas velocity ug in distillation column 1 were
0.373 kg/m3 and 1.524 m/s, respectively, and hence the
F-facfor of distillation column 1 was 0.94.

A column top condensate from column 1 (containing
MeOH and DMC in concentrations of 65.1 $ by weight and
34.9 % by weight, respectively) was obtained at a flow
rate of 2,891 g/h.
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A ligquid reaction mixture (containing MeOH, DMC,
EG and EC in concentrations of 44.8 % by weight, 1.1 &
by weight, 48.5 % by weight and 5.4 % by weight, re-
spectively) was withdrawn from column bottom 8 of.
distillation cblumn 1 at a flow rate.of 1,446 g/h and,
as in Example 1, fed to low boiling point mixture-
recovering column 10 whiéh was operated under the same
conditions as in Example 1. A part of a column top
condensate from column 10 (low boiling point mixture-
recovering colﬁmn) was returned in a liquid form to
column bottom 8 of distillation column 1 at a flow rate
of 664.2’g/h. A part of a liquid withdrawn from column
bottom 16 of column 10 was recovered from the produc-
tion system through conduit 20 at a flow rate of 781.8
g/h. The withdrawn liquid (bottom liquid of column 1Q).
contained EG, EC and by-produced diethylene glycol
(DEG) in concentrations of 89.6 % by weight, 10.0 % by
weight and 0.01 % by weight, respectively. In the
withdrawn liguid, 2-methoxyethanol (2ME) (as a possible
by-product) was not detected.

From the above data, it can be seen that the
conversion of EC was 92 %, the yield of DMC was 92 %
(DMC was produced at a production rate of 932 g/h), the
selectivity for DMC was not lower than 99.9 %, the

vield of EG was 92 % (EG was produced at a production
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rate of 642 g/h), and the selectivity for EG was not
lower than 99.9 %. Further, the productivity of DMC in
terms of the space time yield was: 932/2.51 = 371
g/liter<h. The cpnditions and results of the trans-

esterification reaction are shown in Table 1.

Example 5
Dimethyl carbonate (DMC) and ethylene glycol (EG)

weré continuously produced from ethylene carbonate (EC)
and methanol (MeOH)_by using substantially the same
production system as in Example.l, except that continu-
ous multi-stage distillation column 1 had an inner
diameter of 5 cm (cross-sectional area: 0.001§6 mz) and
a packiﬂg height of 135 cm. The operation for the
production of DMC and EG was performed in substantially
the same manner as in Example 1, except that the reac-
tion conditions were as follows: EC was fed at.a flow
rate of 938.9 g/h; a 4.8 % by weight solution of po-
tassium hydfoxide (as a catalyst) in ethylene glycol
was fed at a flow rate of 58.7 g/h; a mixture of MeOH
and DMC was fed through conduit 5 at a flow rate of
2,581 g/h; the reaction pressure and temperature of
column bottom 8 were 30,400 Pa (0.3 atm) and 47 °C,
respectively; and gas density o g and gas velocity u

g
in distillation column 1 were 0.373 kg/m3 and 0.978
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m/s, respectiQely, and hence the F-faétor of distilla-
tion column 1 was 0.60.

A column top condensate from column 1 {(containing
MeOH and DMC in concentrations of 66.6 % by weight and
33.4 % by weight, respectively) was obtained at a flow
rate of 2,832 g/h.

A liquid reaction mixture (containing MeOH, DMC,
EG and EC in concentrations of 45.0 % by weight, 1.1 %
by weight, 47.3 % by weight and 6.4 % by weight, re-
spectively) was withdrawn from column bottom 8 of
distillation column 1 at a flow rate of 1,385.2 g/h
and, as in Example 1, fed to low boiling point mixture-
recovering column 10 which was operated under the same
conditions as in Example 1. A part of a column top
condensate from column 10 was returned in a liquid form
to column bottom 8 of distillation column 1 at a flow
rate of 638.5 g/h. A part of a liquid withdrawn from .
column bottom 16 of column 10 was recovered from the
production system through conduit 20 at a flow rate of
746.7 g/h. The withdrawn liquid (bottom liquid of
column 10) contained EG, EC and by-produced diethylene
glycol (DEG) in concentrations of 87.7 % by weight,
12.0 % by weight and 0.01 % by weight, respectively.
In the withdrawn liquid, 2-methoxyethanol (2ME) (as a

possible by-product) was not detected.
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From the abo?e data, it can be seen that the
conversion of EC was 90.5 %, the yield of DMC was 90.5
% (DMC was prodﬁced at a production rate of 869 g/h),
the seleétivity for DMC was not lower than 99.9 %, the
vield of EG was 90.5 % (EG was produced at a production
rate of 599 g/h), and the selectivity for EG was not

lower than 99.9 %. Also, the volume (V) of the reac-

~tion zone in continuous multi-stage distillation column

1 was calculated as follows: V = n X 2.52 x 135 /
1,000 = 2.65 1itér. Therefore, the productivity of DMC
in terms of the space time yield was: 869/2.65 = 328
g/liter-h. The conditions and results of the trans-

esterification reaction are shown in Table 1.

Example 6
Dimethyl carbonate (DMC) and ethylene glycol (EG)

were continuously produced from ethylene carbonate (EC)
and methanol (MeOH) by using substantially the same
production system as in Example 3, except that a feed
port for a mixture of MeOH and DMC which was fed
through conduit 5, evaporator 6' and conduit 5' to
continuous multi-stage distillation column 1 is posi-
tioned 50 cm above the bottom of distillation column 1.
The operation for the production of DMCland EG was

performed in substantially the same manner as in Exam-
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ple 3, except that the column bottom liquid of distil-
lation column 1 was heated by means of reboiler 6 so as
to maintain the weight ratio of DMC to MeOH in the
column bottom liquid of distillation column 1 at 1/350;
the reaction temperature of column bottom 8 was
56.0 °C; and gas density o g and gas velocity ug in
distillation column 1 were 0.545 kg/m3 and 0.393 m/s,
respectively, and hence the F-factor of distillation
column 1 was 0.29.

A column top condensate from colﬁmn 1 (containing
MeOH and DMC in concentrations of 65.3 % by weight and
34.7 % by weight, respectively) was obtained at a flow
rate of 1,913.4 g/h.

A liquid reaction mixturé (containing MeOH, DMC,
EG and EC in concentrations of 48.2 % by weigﬁt, 0.13 %
by weight, 49.9 % by weight and 1.65 % by weight,
respectively) was withdrawn from column bottom 8 of
distillation column 1 at a flow rate of 891.9 g/h ang,
as in Example 3, fed to low boiling point mixture-
recovering columh 10 which.was operated under the same
conditions as in Examplé 3. A part of a column top
condensate from column 10 was returned in a liquid form
to distillation column 1 at a position 50 cm above the
bottom of disfillation column 1 at a flow rate of 430.7

g/h. A part of a liquid withdrawn from column bottom



10

15

20

25

82

16 of column 10 was recovered from the production
system through conduit 20 at a flow rate of 461.2 g/h.
The withdrawn liquid (bottom liquid of column 10)

contained EG, EC and by-produced diethylene glycol

(DEG) in concentrations of 96.6 $ by weight, 3.2 % by

weight and 0.02 % by weight, respectively. 1In the
withdrawn liquid, 2-methoxyethanol (2ME) (as a possible
by-product) was not detected.

From the above data, it can be seen that the
conversion of EC was 97.6 %, the yield of DMC was 97.6
% (DMC was produced at a production rate of 611 g/h),
the selectivity for DMC was not lower than 99.9 %, the
yvield of EG was 97.6 % (EG waé produced at a production
rate of.421.1 g/h), and the selectivity for EG was not
lower than 99.9 %. Also, the productivity of DMC in
terms of the space time yield was: 572/2.26 = 253
g/liter-h. The conditions and results of the frans-

esterification reaction are  shown in Table 1.

Example 7
Dimethyl carbonate (DMC) and ethylene glycol (EG)

were continuously produced from ethylene carbonate (EC)
and methanol (MeOH) by using substantially the same
production system as in Example 1, except that continu-

ous multi-stage distillation column 1 had a packing
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height of 85 cm. The operation for the production of
DMC and EG was performed in substantially the same
manner as in Example 1, except that the reaction condi-
tions were as follows: a mixture of MeOH and DMC fed to
distillation column 1 through conduit 5, evaporator 6'
and conduit 5' had an [MeOH/ﬁMC] weight ratio of
99.9/0.1 and was fed at a flow rate of 1,255 g/h; EC
was fed at a flow rate of 528.1 g/h; a 9.6 % by weight
solution of sodium hydroxide (as a catalyst) in ethyl-
ene glycol was used (instead of a 4.8 % by weight
solution of potassium hydroxide); the reaction tempera-
ture of column bottom 8 of distiliation column 1 was
49.8 °C; and gas density o g and gas velocity ug in
distillﬁtion column 1 were 0.544 kg/m3 and 0.285 m/s}
respectively, and hence the F-faqtor of distillation
column 1 was 0.21.

A column top condensate from column 1 (containing
MeOH and DMC in concentrations of 63.3 % by weight and
36.7 % by weight, respectively) was obtained at a flow
rate of 1,403.8 g/h.

A liquid reaction mixture (containing MeOH, DMC,
EG and EC in concentrations of 70.0 % by weight, 0.14 %
by weight, 27.8 % by weight and 1.89 % by weight,
respectively) was withdrawn from column bottom 8 of

distillation column 1 at a flow rate of 1,354.6 g/h
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and, as in Example 1, fed to low boiling point mixture-
recovering column 10 which was operated under the same
conditioné as in Example 1. A part of a column top
condensate from column 10 was returned in a liquid fqrm
to column bottom 8'of'distillation column 1 at a flow

rate of 949.8 g/h. A part of a liquid withdrawn from

column bottom 16 of column 10 was recovered from the

production system through conduit 20 at a flow rate of
404.8 g/h. The withdrawn liquid (bottom liquid of
column 10) contained EG, EC and by-produced diethylene
glycol (DEG) in concentrations of 93.1 % by weight, 6.3
% by weight and 0.02 % by wéight, respectively. In the
withdrawn liquid, 2-methoxyethanol (2ME) (as a possible
by-product) was not detected.

From the above data, it can be seen that the
conversion of EC was 95.1 %, the yield of DMC was 95.1
% (DMC was pfoduced at a production rate of 513.9 g/h),
the selectivity for DMC was not lower than 99.9 %, the
yield of EG was 97.6 % (EG was produced at a production
rate of 354.1 g/h), and the selectivity for EG was not
lower than 99.9 %. Further, the productivity of DMC in
terms of the space time yield was: 513.9/(1000 x
0.00225 x 0.85) = 269 g/liter-h. The conditions and
results of the transesterification reaction are shown

in Table 1.
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Table 1

Reaction Conditions Results
Producti- Selectivity
vity of

Pres- Tempe- F-factor MeOH/EC|DMC in DMC DEG 2ME

sure rature terms of :

of of the space

r:olumn_,t1 column*z time

bottom * bottom yield

(Pa) (°C) (Molar| (g/liter-| (%) (%) (%)

ratio))l h)
Exalilple 45,600 - 56.0 0.68 7.8 307 >39.9 0.05 O
Example | 45,600 55.7 0.41 7.9 268 »99.9 0.05 O
-2

Compara-]101,000 79.6 0.29 7.9 202 99.3 0.60 0.02
tive Ex- .
ample 1
Compara-|101,000 76.7 0.41 11.5 234 99.4 0.60 0.02
tive Ex-
ample 2
Example | 45,600 56.2 0.29 7.6 253 »99.9 0.05 O
Compara~| 45,600 55.9 - 0.12 3.1 108 >39.9 0.05 O
tive Ex~
ample 3
Exaﬂple 30,400 47.1 0.94 7.0 371 >39.9 0.02 O
Exagple 30,400 47.0 0.60 7.3 328 »>99.9 0.02 O
Exazple 45,600 56.0 0.29 7.6 270 >99.9 0.02 O
Exagple 45,600 49.8 0.21 6.8 269 »99.9 0.02 O
Note: *1) the reaction pressure, as measured at the inner bottom of the

multi-stage distillation column

¥2) the reaction temperature, as measured at the inner bottom of

the multi-stage distillation column
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Reference Example

Using a production system as shown in Fig. 2, the
liguid (containing unreacted EC) withdrawn from column
bottom 16 of low boiling point mixture-recovering
column 10 in Example 2 was subjected to hydrolysis with
respect to the unreacted EC to thereby produce EG, and
then subjected to distillatipn-separation, to thereby
obtain a purified EG. Specifiéally, the operation was
conducted as follows.

The liquid withdrawn from column bottom 16 of
column 10 through conduit 20 at a flow rate of 547.3
g/h in Example 2 was introduced to continﬁous hydroly-
sis reactor 37 throﬁgh conduit 21, together with water
fed through conduit 35 at a flow rate of 5.7 g/h, to
thereby effect a continuous hydrolysis reaction of EC
in the liquid, wherein reactor 37 was comprised of a
column having an inner diameter of 5 cm and a length of
100 cm and having packed therein Dixon packings (3 mm
#). The internal temperature and pressure of reactor
37 were maintained at 180 °C and 2.5 x 109 Pa (25
kg/cmz—G), respectively. The weight ratio of water to
EC at the inlet of reactor 37 was 0.5. The hydrolysis
reaction mixture withdrawn from reactor 37 was intro-
duced to gas-liquid separator 39 (which was operated

under atmospheric pressure) through conduit 38. From
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separator 39, carbon dioxide was discharged through
conduit 40 and a liquid containing EG was withdrawn
through conduit 22. The withdrawn liquid containing EG
was fed to diol-separating column 23 at a position _
60 cm below the top of column 23, wherein column 23 was
comprised of a column having been packed with Dixon
packings (3 mm g¢) and having an inner diameter of 5 cm
and a packing height of 200 cm.

Diol-separating column 23 was operated under
conditions wherein the pressure of column top 24 there-~
of was 2.7 x 103 Pa (20 torr). A gaseous mixture was
withdrawn from column top 24 of column 23 and condensed
by condenser 26 to obtain a condensate (hereinafter
referred to simply as "column top condensate from
column 23"), a part of which was refluxed to cblumn 23
through conduit 27 (reflux ratio: 5), while returning
the remainder of the condensate to continuous hydroly-
sis reactor 37 through conduit 34 at a flow'rate of
16.4 g/h. A liquid withdrawn from the bottom of column
23 was heated by reboiler 30 and returned to column 23
through conduit 31. The temperature of column bottom
28 of column 23 was 116 °C. A gaseous mixture was
withdrawn from the withdrawal port provided in the side
wall of column 23 at a position 120 cm below the top of

column 23 at a flow rate of 528.8 g/h, and condensed by
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condenser 33, to thereby obtain EG és a side cut (side
sfream) [EG content was not lower than 99.99 % by
weight and none of EC, DEG andlZME was detected]. A
part of the liquid withdrawn from column bottom 28 of
column 23 was recovered from the production system
through conduit 32 at a flow rate of 10.5 g/h. .The
withdrawn liquid (bottom liquid of column 23) contained
EG and DEG in concentrations of 81.5 % by weight and

1.3 % by weight, respectively.

Reference Comparative Example

Production of a purified EG was conducted in
substantially the same manner as in Reference Example,
except fhat the liquid withdrawn from column bottom 16
of low boiling point mixture-recovering column 10 in
Comparative Example 1 was used instead of the liquid
withdrawn in Example 2 and thét the operation was
slightly modified as described below.

That is, the liquid withdrawn from column bottom
16 of column 10 through conduit 20 at a-flow rate of
547.3 g/h in Comparative Example 1 was introduced to
continuous hydrolysis reactor 37, together with water
fed through conduit 35 at a flow rate of 41.1 g/h. A
part of a column top condensate from diol-separating

column 23 was returned to continuous hydrolysis reactor
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37 through conduit 34 at a flow rate of 119.5 g/h.
The temperature of column bottom 28 of diol-sepa-

rating column 23 was 116 °C (which was the same as in

.Reference Example). When diol-separating column 23 was

operated under conditions wherein the reflux ratio of
the column top condensate from column 23 and the flow

rate of the liquid withdrawn from column bottom 28 of

column 23 through conduit 32 were the same as in Refer-

ence Example, 500 ppm of DEG was detected in a side cut
(side stream) from column 23. In order to lower the
amount of DEG in the side stream from column 23, the
reflux ratio of the column top condensate from column
23 was raised to 8 and the flow.rate of the liquid
withdrawn from column bottom 28 of column 23 through
conduit 32 (containing EG and DEG in concentrations of
94.6 % by Weight and 2;8 % by weight, respectively) was
increased to.67.2 g/h. As a result, the flow rate of
the side stream from column 23 became 475.6 g/h. In
addition to EG (contained in a concentration of 99.98 %
by weight), the side stream contained DEG and 2ME in
concentrations of 0.005 % by weight and 0.019 % by
weight, respectively.

As mentiéned above, in Reference Comparative
Example, use is made of the liquid withdrawn from

column bbttom 16 of low boiling point mixture-recover-
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ing column 10 of the produétion system used in Compara-
tive Example 1 (the liquid containing DEG and 2ME in
large amounts). 'As a result, purified EG obtained in
Reference Comparative Example as a side stream from
diol-separating.column 23 contains impurities, such as
DEG and 2ME. Whereas, in Reference Example [using a
liquid withdrawn from column bottom 16 of column 10 of
the production'system used in Example 2 (the liquid
containing only a small amount of DEG and no 2ME)],
neither DEG nor 2ME was detected in a side stream from
diol-separating column 23. Also, the flow rate

(67;2 g/h) of a liquid withdrawn (as a waste) from
column bottom 28 of diol-separating column 23 in Refer-
ence Comparative Exampie is much higher than that
(10.5 g/h) in Reference Example [ile., 67.2/10.5 = 6.4

(times)].
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INDUSTRIAL APPLICABILITY

By the method of the present invention, continuons
production of a dialkyl carbonate and a diol from a
cyclié carbonate and én aliphatic monohydric alcohol
can be easily performed with high productivity and high
selectivity (i.e., a lowering of the occurrence of by-
products), without using complicated equipment..

Therefore, the method of the present invention is

| extremely advantageous from the commercial viewpoint.
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CLAIMS

1. A method for continuously producing a dialkyl
carbonate and a diol from a cyclic carbonate and an
aliphatic monohydric alcohol, comprising continuously
feeding a cyclic carbonate represented by the following

formula (A):

Rl//0
~

wherein Rl is a divalent group represented by

C=0 (a)

the formula —(CHj),—, wherein m is an
infeger of from 2 to 6, which is unsubstitut-
ed or substituted with at leasf one substitu-
ent selected from the group consisting of a-
C; - Clb alkyl group and a Cg - Cyp aryl
group,

and an aliphatic monohydric alcohol represented by the

following formula (B): |

R20H (B)

wherein R? is a monovalent aliphatic C; - Cj,
hydrocarbon group which is unsubstituted or
substituted with at least one substituent

selected from the group consisting of a C; -

-_—

: AT O O
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Ci0 alkyl group and a Ce - C1p aryl group,
to a continuous multi;étage distillation column, and
continuously effecting a transesterification between
said cyclic carbonéte_and said aliphatic monohydric .
alcéhol in the presence of a transesterification cata-
lyst in said multi-stage distillation column, thereby
continuously producing a dialkyl carbonate and a diol,
while continuously withdrawing a low boiling point
mixture dontaining the produced dialkyl carbonate in a
gaseous form from an upper portion of said multi-stage
distillation column and continuously withdrawing a high
boiling point mixture containing the produced diol ih a
liquid form from a lower portion of said multi-stage
distillation column,

wherein said.transesterification is performed
under conditions wherein:

(a) the reaction pressure is 5 x 104 pPa or less,
as measured at the inner bottom of said multi-stage dis-
tillation column,

(b) the reaction temperature is in the range of
from -20 °C to less than 60 °C, as measured at the
inner bottom of said multi-stage distillation column,
and

(c) said multi-stage distillation column has an F-

factor in the range of from 0.2 to 5.0,

* c L ] S *
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said F-factor being represented by the following
formula (1):
F-factor = ug (¢ g)l/2 (1)
wherein ug represents the gas velocity (m/s)
in the multi-stage distillation column and p g
represents the gas density (kg/ms) in the

multi-stage distillation column.

2, The method according to claim 1, wherein said F-

factor is in the range of from 0.4 to 4.0.

3. The method according to claim 2, wherein said F-

factor is in the range of from 0.6 to 4.0.

4. The method according to any one of claims 1 to 3,
wherein said aliphatic monohydric alcohol contains a
concomitant dialkyl carbonate in an amount of from 0 to
40 % by weight, based on the total weight of said
aliphatic monohydric alcohol and saia concomitant

dialkyl carbonate.

5. The method according to any one of claims 1 to 4,
wherein said cyclic carbonate is at least one carbonate
selected from the group consisting of ethylene car-

bonate and propylene carbonate, and said aliphatic
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monchydric alcohol is methanol.

6. The method according to any one of claims 1 to 35,

wherein:

said cyclic carbonate is continuously fed, to aﬁ
upper portion of said continuous multi-stage distilla-
tion column, in a liquid form or a gas-liquid mixture
form, and

said aliphatic monohydric alcohol is continuously
fed, to a lower portion of said continuous multi-stage
distillation column, in a gaseous form or a gas-liquid

mixture form, or in a gaseous form and in a liquid form

individually.
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