TI TLE: | NTEGRATED PROCESS FOR ACETI C ACID AND METHANOL Background of the

I nvention [0001] The present invention is directed generally to an inproved
nmet hod for the production of, methanol, acetic acid, and other chenicals
such as vinyl acetate nononmer (VAM from natural gas. The inproved nethod
i nt egr at es 137§ PPN TIPRATIED FROCHSOFOR HEEWILAGIIEARGNOl  synt hesi s
unit to forman optiml syngas conposition for nmethanol production. [0002]
Met hanol i Nﬁ'ﬁﬁbﬁﬁ? chem cal raw material. Major uses of nethanol include
t he produc (!‘ét ic-acid, formal dehyde and nethyl-t- butyl ether.

Wor | dwi de dermand for pethanol js expected to grow in the next decade as
new appl i cBeckaromt shthechwemtiong) i zed such as the conversion of methanol
to gas (Mbil MIG Process), the conversion of nethanol to |ight ol efins
(MrO Process of[000 afbe Noessint Hpdersjon ihaligstedogenarelz ol an fimprovider
generation and the use of nethanol in fuel cells. The devel opnent of such
appl i cati offethed gbedd yroadutkied 40 hbthanel hardl quiddeand iotherc obémichle

present invention permts the construction of highly efficient single-train
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synthesis unit to form an optimal syngas composition for methanol
production.

[0002] Methano! is a major chemical raw material. Major uses of
methanol include the production of acetic acid, formaldehyde and methyl-t-
butylether. Worldwide demand for methanol is expected to grow in the next
decade as new applications become commercialized such as the conversion
of methanol to gas (Mobil MTG Process), the conversion of methanol to
light olefins (MTO Process of UOP and Norsk Hydro), the use of methanol
for power generation and the use of methanol in fuel cells. The development
of such applications is clearly linked to the methano! production cost. The
present invention permits the construction of highly efficient single-train
plants for converting natural gas to methanol at low cost in large quantities.

[0003] The manufacture of acetic acid from carbon monoxide and
methano! using a carbonylation catalyst is well known in the art.
Representative references disclosing this and similar processes include U.S.

Patent Nos. 1,961,736 to Carlin et al (Tennessee Products); 3,769,329 to




Patent Nos. 1,961,736 to Carlin et al (Tennessee Products); 3,769,329 to
Paul ik et al (Monsanto); 5,155,261 to Marston et al (Reilly Industries);
5,672,743 to Garland et al (BP Chem cals); 5,728,871 to Joensen at al

(Hal dor Topsoe); 5,773,642 to Denis at al (Acetex Chime); 5,817,869 to

Hi nnenkanmp gt ,.al _( um m r porad i . 5.8 47..347 .5.877, 348
to Ditzel é:t%uld? ?%8’@3(2%%@@?53?58%@ ggm?%nﬁtsalagﬂ%l (R@@gg}(é)thi me);
and 5,883,295 to Sunley et al (BP i cal s), which is hereby

i ncor por at e Hef 4t ricb aF@P%r@n@eﬁB?agg]ﬂljm"Pi@ p‘f??ﬁgﬁ@i riw HSER | gf for
acetic acid manufacture are, of course, carbon nonoxide and nethanol. In
t he typi cal(Habdewi Topsoictt pi7d81642nmst Renid et 9l (Aspiort €himie) 8 BFOontnoxi de, .
because of difficulties associated with the transport and storage thereof,

i s gener at ¢finhénlginipl, etisaial (Quaayurn efCiramiogl n@otpoadtior)as SB77¢04N hard
hydr ocarbon wi th steam and/ or carbon dioxide. For this reason, attention

has recent 'sxézfﬂ?ﬂ@ 28! IRl @ af QBB EHGhH{Ak) 05, 3e3t Ber & BEnR @MlISAREGdUCi ng

bot h net han dnd acetic acid.” A significant expense f new acetic acid
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cost could be largely elim natig’ or, at least significantly reduced. [0005]
The pri mar 2eFedy weemoraied begsn by igfersieq-at e nononer manufacture are
et hyl ene, acetic acid and oxygen. Carbon dioxide is produced as an
undesi rabl e byp0884Lt Tha primanyeaet inateriahel foruaetieacid manardtusarenef .
recycl ed ethyl ene.
course, carbon monoxide and methanol. In the typical acetic acid plant, methanol is
imported and carbon monoxide, because of difficulties associated with the
transport and storage thereof, is generated in situ, usually by reforming natural
gas or another hydrocarbon with steam and/or carbon dioxide. For this reason,
attention has recently focused om the construction of integrated plants
producing both methanol and acetic acid. A significant expense for new acetic
acid production capacity is the capital cost of the equipment necessary for
carbon monoxide generation. It would be exiremely desirable if this capital
cost could be largely eliminated or at least significantly reduced.
[0005] The primary raw materials for vinyl acetate monomer
manufacture are ethylene, acetic acid and oxygen. Carbon dioxide is produced

as an undesirable byproduct in the reaction and must be removed from the

recycled ethylene.



2 [0006] A significant expense of new production capacity for syngas,

met hanol , acetic acid and acetic acid derivatives such as VAM is the
capital cost of the necessary equi pnent. O her significant expenses
include the operating costs, including the cost of raw materials. It would

be extrenely irable jf.these capit and operating costs coul d be
reduced. [0007?[%&@5?@% caﬁfg P o, 0% predugdiop S thEdPEeRat for a
| arge capacity syngas plant autothermal reform ng could be the nore
econoni ¢ pletleanel, peeiigi ardd Lad gpelihaeidglegiyetived such asaVddiciaphe shpidst s are
saved by not constructing large primary refornmers or nultiple parti al

oxi dati on reftopfrehs . nddessary lghissent.t h@thatr sighiidant cxpehsebeinoidabite t o have
a full usage of all carbon nolecules, resulting in the venting of |arge

quantities oﬁéra@% codty, GRcludinghesdose Bl faw!thatefiald) fiawbulIEsE s2@Ekelyt O
condition the synthesis gas at the outlet of the autothermal reforner

e R L

usual |y between I'n an opti mum syngas
rati o, which I|i in _the ran of, 2.0 t.p.2.1 for eup taq. the nethanol
synthesi s | oop.[ﬁ%ﬁOBfoﬁ'_é‘?t@ngi’r@f‘%@n@é & Wlllf%‘i‘bqgg?‘gﬁiat " aglaggen 570 an
integrated process for making nethanol and ammonia in order to approach

st oi chi onetasity sprgss tlay euiatharmal referrane royld betthe mare egonomicpgess) | | et at
disclose in U S. Patent No. 4,927,857 a catalyst for autothermal reformng
and t he ne&nadingotoodynilienisagass yinga darge cagital cbsts auesaved i nplocdnsimmsingy
controlling the steamto carbon and oxygen to carbon ratios. Supp et at

di scl ose i kb PrimBAt RASNGs oPmBRPIORRHAINS I @iidntreAfmels. Nevertheless, the
drawback is not being able to have a full usage of all carbon molecules, resulting in
the venting of large quantities of CO,, which is undesirable. It is in fact necessary
to condition the synthesis gas at the outlet of the autotflermal reformer because
the stoichiometric number (SN) = [(H2-CO2)/(CO+CO2)] is below 2, usually
between 1.7 and 1.9. The goal is to obtain an optimum syngas ratio, which lies in
the range of 2.0 to 2.1 for makeup to the methanol synthesis loop.

[0008] Lee et al discloses in U.S. Patent No. 5,180,570 an integratéd
process for making methanol and ammonia in order to approach stoichiometric
conditions in the methanol reaction loop. McShea, III et al disclose in U.S. Patent
No. 4,927,857 a catalyst for autothermal reforming and the means to obtain a
syngas in stoichiometric proportions by controlling the steam to carbon and oxygen
to carbon ratios. Supp et al disclose in U.S. Patent No. 5,310,506 the addition of a

high-hydrogen gas in the ATR feed to obtain, a synthesis gas exiting the ART
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hi gh- hydrogen gas in the ATR feed to obtain, a synthesis gas exiting the

ART 3 suitable for nethanol synthesis having a stoichionetric nunber of

between 1.97 and 2.2. Banquy discloses in U S. Patent Nos. 4,888,130 and
4,999, 133, a process suitable for nethanol production on a very |arge

scal e wher g Lhe %a(wﬁleﬁggla s@’ﬁ&&ﬁ@%\gﬁg apaggc%?o;ne% PfimBE: HECANTA 1.970 the

e i .
st oi chi onetric conposition“required Fo anol “productrion, by using the

conbi nati on baoth a ptimary. r ef.Qr ner a ernal_.reactor.
[0000] 1 n_ R 4t eshuty RisebRrdin 05 BB Vet s Sacanor 8 per Lhges
Copenhagen Denmark Nov 8-10, 2000, Streb shows that very |arge capacity
met hanol pisuitable Fasquethanoh pegsetion opp yewdaragssnlgmherpthe syRBsYS 2322 pur e

aut ot hermal reform ng can be used when the feedstock is |ight natural gas,
but he underhadeeas tchast dshaecetsary & dhe kiobrhidmétoc renmposition] rgeiredh&or 2 and
suggests the need to suppress CO2 conversion. In EP Patent Application No.

1,348, 685 PlethdabPPiciubtion, ¥y inkCthe $6mBinatios ©F Hofhod piilk@rypsteshl eéfoanerof
nmet hanol wherein the syngaS number is adjusted by w thdrawi ng a carbon

nonoxi de Séﬁ‘? utohe R QIR Y, assigned WO 03/097523A2, the present
appl i cant dirscroses an i'ntegrated process that produces both nethanol and

acetic acid un ubst anti al st ol chi i diti.ons 0Q10] In US

6, 495, 6009, Sea?[(ﬁénﬁi st Fedty W@E@tfae%g?b@)gwt%aﬁabfemgr%qﬁé%% esis
reactor in the production of ethylene and ethylene oxide from nefhanol. In
US 6, 444, 7Copeitagan Taenedrls shiav 180, r 200Pe | Sreby stos  Hié wersp 1aige Hépadife
reformer or the nethanol synthesis |oops to control the SN between 1.6 and
2. 1. methanol plants require 2 special process design. He suggests that pure

autothermal reforming can be used when the feedstock is light natural gas, but he
underlines that then the stoichiometric ratio is less than 2 and suggests the need to
suppress CO2 conversion. In EP Patent Application No. 1,348,685 Al, Grobys et
al disclose a process for the production of methanol wherein the syngas number is
adjusted by withdrawing a carbon monoxide stream. In commonly assigned WO
03/097523A2, the present applicant discloses an integrated process that produces
both methanol and acetic acid under substantially stoichiometric conditions.

[0010] In US 6,495,609, Searle discloses the recycle of CO2 to a
methanol synthesis reactor in the production of ethylene and ethylene oxide from
methanol. In US 6,444,712, Janda discloses the recycle of CO2 back to either the
reformer or the methanol synthesis loops to control the SN between 1.6 and 2.1.
Both Searle and Janda demonstrate the manipulation of the SN through the use of

steam and partial oxidation reformers. Generally steam reformers generate
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Both Searle and Janda denonstrate the manipul ation of the SN through the
use of steamand partial oxidation refornmers. CGenerally steamreforners
generate 4 syngas with an SN greater than 2.8, while partial oxidation
reformers produce syngas having an SN between 1.4 and 2.1. [0011] The

rising need for hydro in . refinerd 4.5 dr.]V I ner i.pgly
stringent FYf&EPS é’Bﬁ]cf"? ?"Eﬁegﬁe%’ﬁn ?Egl’ %Zmigfp ag'ﬁél (g}%ﬁ gonI{ P%?r%#gﬁa@gg and

sul fur in gasoline and diesel. The inportation of large quantities of

hydr ogen i 8yngaebedagay SAsbHyasbhdmodenand peaks and bal ances in refineries
are jeopardized. Sunmmary of Invention [0012] It has now been_ di scovered
that a conbi ned0014f or Fhengisprep meed , for ityieagew siss refinsries ripi drienoRy ofhean

autot hermal reformer and a classical steam reformer can be better matched
for met hanglerdkpglycduiesenb Yudl nhedfiedtiong irmterms efitiee cantért oflasomhatiohiaclh consumes
carbon nonoxi de tfor carbonylating an ad hoc stream of nethanol. The

hydrogen W&E@%ﬁh%&ﬁp ol i dleCAn THE iAMNARIGROAOHRLL/ quiEHLbE RiRrogdais! TPOT Li ng

C02 streans rom VAM neafby plants in order to increase the

met hanol productio [ by, exporti r; -a,qnear by
refinery. T?f(?ﬁl{yﬁ‘sg@ ?%3&?@515&\98?#%8%%?[%?%89% es egggrr%teﬂgor% léefht hesi s
process with an acetic acid process. The invention takes advant age of
havi ng a ca3nBeRARddRyYQEIoNsepar ati on pl ant upstream the met hanol reactor,

to adjust the renmining syngas stoichionetric nunber (SN), to a val ue
bet ween 2.0 and0®2] akichasurosv peasf disedeyed that a combined reforming process,

which uses the combination of an autothermal reformer and a classical steam
reformer can be better matched for methanol production by integrating an acetic
acid plant which consumes carbon monoxide for carbonylating an ad hoc stream
of methanol. The hydrogen which is now freed can be advantageously used cither
by importing CO2 streams for example from VAM nearby plants- in order to
increase the methanol production, or by exporting the hydrogen surplus to a nearby
refinery.

[0013] The present invention integrates a methanol synthesis process with
an acetic acid process. The invention takes advantage of having a carbon monoxide
separation plant upstream the methanol reactor, to adjust the remaining syngas
stoichiometric number (SN) to a value between 2.0 and 2.1 and more preferably
close to 2.05. The carbon monoxide is separaied from a portion of the reformer
effluent with CO2 recovery recycled to the reformer and hydrogen refurned to the

methanol synthesis. The amount of reformer effluent from which the CO is




close to 2.05. The carbon nonoxide is separated froma portion of the
reformer effluent with CO2 recovery recycled to the refornmer and hydrogen
returned to the nmethanol synthesis. The anobunt of reformer effluent from
which the COis 5 recovered is balanced to result in the desired SN for

the Mekeup sy¥0Qas il fallbea HPIAARGh hOBRirch W 4br HecmaRUBILOR f Ml des 2
*5r'e B

nmet hod t ha uces nethanol, acetic acid and optionally vinyl acetate
nmononer, or the “ ke. It also involves the discovery that the |arge

capi tal co®eh¥ghiopBy ge scale production can be reduced through a specific
manner of int eg[rati ng the manufacturing processes of thes‘gl gonp unds into
one i ntegrat ed [PPtlesThe mentien provades amMSBWANEAL Prodhees; MEBART oA egil’;ovi des an
integrated nethod for manufacturing methanol and acetic acid. The process
conpri ses seidasmt bpiipmlly hyinylosatdie mawmeseor Heolike.r It adgw insodensdthe

hydr ocarbon streans, reformng the first hydrocarbon streamw th steamto

produce a Igefcaveanstthe dihee dPitALRISRE Mkt Ycale piaiuiiog canbextdudedof t he
reformed stream and the sécond hydrocarbon stream w th oxygen and carbon

di oxi de 0 a9 BoRUEMG roAralliS BE AEARSadkisfs plcbdes maparating 2

portion of "the“syn minto bon di oxide-rich stream a
A bon. i oPRETIEHR SRS e SRt her mal T of or mi ng, and compr essing a
hyarogenr | oh 801 Sant it SmBaREsRL droKRIG! PORM SRS A MRIRup st ream
ro @ har}grl manufacturing methanol and acetic acid. The process comprises separating a
hydrocarbon source into first and second hydrocarbon streams, reforming the first
hydrocarbon stream with steam to produce a reformed stream, and autothermally
reforming a mixture of the reformed stream and the second hydrocarbon stream
with oxygen and carbon dioxide to produce a syngas stream. The process also
includes separating a portion of the syngas stream into a carbon dioxide-rich
stream, a hydrogen-rich stream, and a carbon monoxide-rich stream, recycling the
carbon dioxide-rich stream to the autothermal reforming, and compressing a
remaining portion of the syngas stream, an adequate part of the hydrogen-rich
stream and a carbon dioxide stream to supply a makeup stream to a methanol
synthesis loop to obtain a methanol product. The flexibility is thus given fo
advantageously match the SN of the makeup syngas to an optimum value of 2.05

by directing any surplus of the hydrogen-rich stream from a cold box to a fuel gas

system. Additionally, the SN can be adjusted by importing a CO2 stream into the




synthesis loop to obtain a nmethanol product. The flexibility is thus given
to advantageously match the SN of the makeup syngas to an optimum val ue of
'2.05 by directing any surplus of the hydrogen-rich streamfroma cold box
to a fuel gas system Additionally, the SN can be adjusted by inporting a

O% str eam heindl" Gyl I°LA Bk BY IHGRT B HReABKENPCBLY R iy case the

CO2 content, recycfFing a am upstream the her

reformer to.increase roduced. The CO2-rich, stream can be obtagjned from
heCsart s reb e R Ol sl Ui 1 SOfLiest, HEERE S0 Ga0er Al ca yns
stream from the nethanol synthesis loop is (gr eferably supplied to the

separ at i ng Hedyped e $O7riEh s eanboptsaise B the seniamdionithe singas t he

portion of the syngas streamto a nethane wash cold box. Flash gas fromthe
col d box caer qoragfosiadds] probessr ecycl ed to the net hanol synthesis |loop. A tail
gas fromthe cold box can be recycled as process gas. A mnor portion of a

hydrogen rich RonepmA p@F: ohe sieinflfirb@Xhe aktik@ol SaesRdodpPistfrefef@inanol

synthesis l.oop, and a nmjor portion of the hydrogen rich stream can be
exported f DB vt I al-e | d

near by. Ca%lgﬁl éilll?xthge em @Eiso S rgg%egglﬁggﬂg%ﬁ p%%fgﬁgﬁ#@glé%sedpﬁggﬁg for the
I ntegrated conplex ar referably | ess than r.cent f the total carbon
put by rgeaprest ' Batat SR@Lie § Hetiane fyash oBER dlesh eqscfh fieThe
process can further include synthesizing acetic acid fromat |east a

y ] :
portion of oiEbiecamReblyderctecyeled todhecmedgrolhwmtiesigdopp-c Hh §ait &8n  Any

associ ated process preferably uses the acetic acid as a reactant, uses the
met hanol from the cold box can be recycled as process gas. A minor portion of a hydrogen

rich stream from the cold box can be recycled to the methanol synthesis loop, and a
major portion of the hydrogen rich stream can be exported for either an associated
process, or to a refinery located nearby. Carbon dioxide emissions (measured as
carbon dioxide mass) for the integrated complex are preferably less than 10 percent
of the total carbon input (by mass), and more preferably less than 5 percent..

[0017] The process can further include synthesizing acetic acid from at
least a portion of the methanol product and the carbon monoxide-rich stream. Any
associated process preferably uses the acetic acid as a reactant, uses the methanol
product as a reactant, shares oxygen from a common air separation unit, shares
common utilities, or a combination thereof. The use of a single air separation unit,
for example, significantly reduces the capital costs associated with the integrated
plant. The method can also include supplying an imported carbon dioxide stream

and/or a carbon dioxide stream from an associated process fo the methanol




product as a reactant, shares oxygen froma common air separation unit,
shares common utilities, or a conbination thereof. The use of a single air
separation unit, for exanple, significantly reduces the capital costs
associated with the integrated plant. The nmethod can al so include

suppl yi ng rted n oxi Leam c djoxide stream
from an as%%?egﬁgglao%r%tcﬁgsggtpo% ﬂ@[e get? 19%2%?%%?@59% %.hgi?gkeast a
portion of the acetic acid_produced ¢ nbe lied to a i nyl acetate
monomer  ( VAY! &ptatemenamerd fp iy synges SBP‘@F?@S@"‘F@@? é?ﬁtﬁoﬂn Wi th
et hyl ene and oxygen to produce VAM A CI)Z ri ch stream fromthe VAM

synt hesi s withpetiedencoand erygen éalpraduch ¥ At haKED2-gighsheam didmde VAA181 The
feed stream can al so be pretreated by hydrogenation to allow a |ower steam
to carbon swithsistioopeancraiipyred whiht enclvotsynthesisdbor. or mation in the

autot hermal refornmer, and the correspondi ng process facility. In this

rethod, a hydrogey)- riEhes SR bih AGTES pictedied BERy@BgrmlibR ASARRAL ! g

hi gher hydrocarb (2 or nore carbon a e resulting mxture is
contacted ro t pPgLat ure,
and the hymeégﬁeﬁ'ﬂ% r??b({%ar ggqg b%aeérﬁléé%d ‘%ﬂe ‘ﬂhg%{ﬁafr gﬁgtrlérlgr W th steam
and oxygen to _form syngas. hydr rlch stre efera a purge
gas or fra%‘ftp@ﬁﬂﬁgléf’ e‘ﬁraﬁijn eﬁBFﬁ?i%?B&mgﬁ?Wé%l%mﬁ opls g%syngas or
a portion or fraction thereof. The hydrogen-rich streamis preferably
added at abydiogenuckpsironinde added toasfeedigas sbicami containing highsuhxdregarbpdr ogen
for hydrogenation of the higher hydrocarbons to nethane. The hydrogenati on

t enper at ur @ oMoy @ilsonsdibnis)D ehef repultiBg Alixtuce EadMactEiavitr o bgdwgtmtioni ty in
this

catalyst at a hydrogenation temperature, and the hydrogenated mixture is fed to an
autothermal reformer with steam and oxygen to form syngas. The hydrogen-rich
stream is preferably a purge gas or fraction thereof from a methanol synthesis loop
receiving syngas or a portion or fraction thereof. The hydrogen-rich stream is
preferably added at a rate to provide at least a stoichiometric amount of hydrogen
for hydrogenation of the higher hydrocarbons to methane. The hydrogenation
temperature can preferably be from 300°C to 550°C. The process facility in this
embodiment includes a feed gas supply comprising higher hydrocarbons; a pre-
hydrogenation reactor comprising hydrogenation catalyst for converting the higher
hydrocarbons to form a higher-hydrocarbon-lean stream (base mefals such as
platinum, palladium, cobalt, molybdenum, nickel or tungsten, supported on
alumina or a zeolite a1;e commonly used as catalyst); an autothermal reformer for

reacting the higher-hydrocarbon-lean stream with steam and oxygen to form a




enbodi ment i ncludes a feed gas supply conprising higher hydrocarbons; a
pre- hydrogenation reactor conprising hydrogenation catalyst for converting
t he hi gher hydrocarbons to form a hi gher-hydrocarbon-|ean stream (base
metals such as platinum palladium cobalt, nolybdenum nickel or

tungsten, syapagt n 1 : i -CO n use
catal yst); an autsg?ﬁg’r ﬁqa?iewe%‘ggﬁgﬁth%ésf ?(%lﬁetg%t %\agnﬁ%g}yalééén 2! cBibon
. ) ) ; il
Cyngas ot relRoRaN RS eI Vg en do RuBh DedrapE 2deikse SRy RogbRoRC car bon
nonoxi de frg]'rgﬂltgg&%%@]gasist readran iilcl) fform rie; hanol ; a Eélr ge gas streamfrom
the nethan S |9 anceh HRQIqrSHEPYHE aquasidly phidie purgergasshreah t he
purge gas stream to the pre-hydrogenation reactor. [0019] Because the
reaction i stodhepreehydragenstio fegciongenat i on process can be done in one or
several reactors, with internmediate coolers if it is necessary. This

hydrogenation s{#9]s Rrahdct dakhond! dxoffeARicS thel 1IB/drdbeRatibl frotbis QR er mal
reformers having a |ow steamto carbon ratio in the Teed. T0020] The

met hod can gl el ifchéBEsREAY bR, HinlifiRhedta® Wbikr fis hiSssaBrCHE aci d

produced to a VAM synthesis [ oop rn the associ proce nmbi ni ng

the portio f the.acetic aci.d,wth an.ethylene squrce and oxygen from the
comon ai r%ep%eg?tll%h&%fstp G%%dﬁﬁ@awélﬁé'ﬁ%?”é %totge@gg_rgtg%ergt reamis
inmported to the nethanol synthesis |oop fromthe VAM synthesis |oop. Brief
Descri pt i onf&¥INE hieWrHeam Hykirbon ratio in the feed.

[0020] The method can also include providing at least a portion of the
acetic acid produced to a VAM synthesis loop in the associated process, and
combining the portibn of the acetic acid with an ethylene source and oxygen from
the common air separation unit to produce VAM. Preferably, a CO2-rich stream is
imported to the methanol synthesis loop from the VAM synthesis loop. |
Brief Description of the Drawings

[0021] Fig. 1 is a simplified block flow diagram of an embodiment
according to the present invention of a process for making methanol, acetic acid
and vinyl acetate monomer, employing steam and autothermal reformers for the
production of syngas.

{0022] Fig. 2 is a simplified block flow of an embodiment similar to Fig,

1, wherein CO2 emissions are decréased.




[0021] Fig. 1 is a sinplified block flow diagram of an enbodi nent

according to the present invention of a process for neking nethanol, acetic
acid and vinyl acetate nononer, enploying steam and autothermal reforners
for the production of syngas. [0022] Fig. 2 is a sinplified block flow of
an enbodi el simlar to Fig. 1, wherein CO2 em ssions are decreased. 9
Descri ption T:E)'Q’Z-'ﬁf The plant for the process can be a new plant, but it
could also be a_r %rofit of an existing nmethanol, acetic acid and/or VAM

pl ant. [0024] N[ﬂ[& b Tdalang for the prasessoead be meyy Blantidut KESuidalsa brea pl ant  as
well as feed gas for the synthesis. The natural gas is supplied to a
convent i onaktroibeldif existingt methanadj 2cetio 4cidrahdidn&PAMeglantat ed into first and
second streans 111 and 112, respectively, which each conprise from35 to

65 percent of t[0824pt alatinal pdsal02 ig Psovibed HebsthRAMNIUDL theddldntlakAvellhe first
stream 111 is fed to either an adiabatic or non-adiabatic catalytic steam

prer ef or meryg 164 %al‘s heop ttﬁ@@}ﬂtﬂ@smb efﬂfeenﬁ'%g rgiagl 9s S%—‘E@iegf{bv ggk%o&l\g%ﬁl%. I’ :ﬁ d

steamreformer 1 The steam ref or mer oper a

900C and b .0..7 an o) . The refornmed effluent fro e steam

r ef or mer 18%%@%%38“38‘%%@8%%6%@ elgi% 1L i 3??108‘%1 SHS%IB%"LH%@S 112,
oxygen 114 tained froman air separation_unit 116, and a recycled

AS
002-rich stliléafrsnadiively, which eaghspwpsss fom %%Ff’p@%g@‘@gi)ﬁlofﬁh%ﬁﬂialfll?&lrﬁb ASU

116, which is operated in a conventional manner to obtain the oxygen
gas in the streams 111, and 112. The first stream 111 is fed to either an adiabatic

or non-adiabatic catalytic steam prereformer 106 with steam 108 before entering
the conventional fired steam reformer 109. The steam reformer 109 operates at
between 700 and 900°C and between 0.7 and 3.5 MPa. The reformed effluent
from the steam reformer 109 is then combined with the second stream of natural
gas 112, oxygen 114 obtained from an air separation unit (ASU) 116, and a
recycled CO2-rich stream 110. Air is compressed in compressor 115 and fed to
ASU 116, which is operated in a conventional manner to obtain the oxygen
stream 114. The mixture of natural gas, steam reformer effluent, and carbon
dioxide, is introduced to autothermal reformer 118 with the oxygen for catalytic
reforming wsing conventional autothermal reforming equipment and catalyst
systems to produce syngas stream 120. The syngas stream 120 is conventionally
cooled and dried.

[0025] A portion of the syngas stream 120 is fed to CO2 removal unit

122 via line 119 to produce the CO2 recycle stream 110, previously mentioned.

10




stream 114. The m xture of natural gas, steamreforner effluent, and carbon
di oxide, is introduced to autothermal reformer 118 with the oxygen for
catalytic reform ng using conventional autothermal reform ng equi pnent and
catal yst systens to produce, syngas stream 120. The syngas stream 120 is
conventionally cooled and dried. 5 portion of the syng tream 120
T ed to Q0 vRtRT AL wARE Rstian 119 debordboimay o e TRGVE Bty el o
stream 110, previously nentioned. 10 The anpunt of syngas in stream 119
depends pr ingeddd {pr asetit acidriynihesisf biprefraehle ¢ omprisescast feastat perceinethesi s,

but preferably conprises at |least 5 percent of stream 120, nore preferably
at | east 2@trpandabl mowuppieferdlily pelceh20 percent, @pito SDheercahd o9& mupe e theet hanol
export is negligible and acetic acid production is at a maximum The

met hanol  ardsaGliehs nﬁ;@ﬁa%op%gﬁél’éti& RoBEEDU AndQcBRE GRRU pidAub@Ke is fadld
advant age of the H2, CO and CO2 produced, preferably from 1,000 to 20,000

o ARG TR AR5 B RN

acid. The nore acetic ac relative anol

produced, there will he e hydrogen . available for reagtion with the
i mport ed Bl taélvaﬁ‘?ﬁg?nogithgﬁge &H& aggrﬂﬁgvceﬂa@%’lai’gﬂ g‘é’gﬂ E@E‘IIOI acid is
produced, there will be insufficient hydrogen, e.g. the SNwll be too | ow

and t he ne2A498| mewmicctond/flay methanelard fiom BAE te 61000 PeisigUions/day 8ectifyngas i s
increased too nuch, the limts of the ASU can be exceeded, requiring the

excessi ve aejdl t Bhe owsd acticackethantt Boducedaneliive tohthe ahathial gioduved, cost s
i ncrease excessively. On the other hand, if the
there will be more hydrogen available for reaction with the imported CO2 to
maintain the SN and methanol make. If less acetic acid is produced, there will be
insufficient hydrogen, e.g. the SN will be too low and the methanol make will
decrease. If the total production of syngas is increased too much, the limits of the
ASU can be exceeded, requiring the excessive capital cost of a second ASU,
and/or the steam reformer costs increase excessively. On the other hand, if the
total production is reduced too much, there is a loss of the economy of scale and
the capital costs per unit of production will increase.

[0026] CO2 removal unit 122 can use conventional CO2 removal
processes and equipment to remove the CO2, e.g sol§ent absorption and
stripping. The methanol synthesis loop purge gas stream 124, all or a portion of
CO2 imported from the VAM synthesis process or another associated i)rocess, or

a combination thereof, can also, if desired, be fed to the removal unit via line 119.

[0027] The CO2 removal unit produces a CO2-rich stream 110 and a
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total production is reduced too nuch, there is a |loss of the econony of
scale and the capital costs per unit of production wll increase. [0026]
CQ2 renoval unit 122 can use conventional CO2 renpval processes and

equi pnment to renove the CO2, e.g. solvent absorption and stripping. The

met hanol Syrﬂfﬁaﬁ%'é/\lii&f\}fi&aﬂij%ﬁee&@&iﬁ@/ fiddbi b2, allhe 0BHBP Sl 190 is C2

i nported fromthe synthesis process or another associ ated process, or

a conbi nati.o her,eo can also, Jf. desire b ed to the val unit via
oo [BBouteS e SRR NS R {2 PSR e etk RelofiBel PR 0"
it mxed COH2 stream 128 essentially free of CO2. The C)2-rich stream 110
is introduced [9928he Sepwatien urf dabhy Whish ipprefeably @rony eEHIRL PAEIDO%ef or ner
118. [00281 Separation unit 130, which is preferably a conventional cold
box, separsgpagtesitee Steanal28lind atdcast atCOeimbistraarc®32 jant anieieh 3t82mund an
112 rich stream 131, but can also include m nor amounts of one or nore

resi dual or13gaibut ¢as alsst ineids Minol axeshinky 0f egevr MBkhascinandr €@l ysed as
fuel or exported via line 134. The separation unit 130 can be, for

exanpl e, a sﬁ%ﬁfn% %féﬁ%&'%ggﬁg&?,%%ne %‘h& G WL N WM Dr ckBErtéPvid fifle StTeam

132 can be supplied to t cétlc acl synthesis unit 136 via line 135, as
Ccp- 1 om stdam o 6 ilon RE T30 647 o e vy 5 el K0RERsddh 1S 10
133 to-t ho ik A SplKay: hok: COir STed 19 sEyieng PRI R AP itibs o | bop
and catal ytic nethanol synthesis ]
synthesis unit 136 via line 135, as discussed in more detail below.
[0029] The remaining syngas from line 120, CO2 from stream 126, and
hydrogen from stream 131, are compressed to methanol synthesis pressure in
compressor 138, and fed as makeup stream 123 to the methanol synthesis unit
140 employing a methanol synthesis loop and catalytic methanol synthesis
reactors well known in the art. Preferably the SN of the syngas is between 2.0
and 2.1; more preferably between 2.04 and 2.06. Purge gas stream 124 from the
synthesis unit 140 is preferably recycled to the CO2 removal unit 122, as
described above. As is well known, the purge gas stream 124 is necessary to
- prevent the buildup of inerts such as argon, nitrogen and methane in the methanol
synthesis loop. Processing the purge gas in the CO2 removal unit 122 and the
cold box 130 has the advantage of recycling the CO2, CO and hydrogen from the

purge gas, while rejecting the inerts to the residual stream 134. Methanol product

can be purified by distillation unit 142, or another conventional process. Purified
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reactors well known in the art. Preferably the SN of the syngas is between
2.0 and 2.1; nore preferably between 2.04 and 2.06. Purge gas stream 124

fromthe synthesis unit 140 is preferably recycled to the CO2 renoval unit
122, as described above. As is well known, the purge gas stream 124 is

necessary t ﬁletﬂa&lsyi%rktxpf)ﬁ@% %ﬂoﬂﬂ& ‘H{: (lji-(&)lg "ilii So gé};ti%g n?;{}gt?ég%ulpgiiécﬁ ppgR and

nmet hane i n the nethano hesi s roce e gas In the

CQ2 renoval j t_: - l.d,.bo 30 has the advantage of recycling
the Co2, Coaéejléﬁgaﬁy ogie‘%gls}lﬁrﬁ%r%st%%éahﬁﬁi@% gas, while rejecting the inerts to

the residual str 134. Methanol product can be purified by distillation
unit 142, or an&‘?@@ ?ﬁ%ﬁlé?ﬂtﬁco%ql spitbeds JnitHAG employs ronventieanloncetis

exported as product via line 144, or a portion may be supplied to the
acetic aci dag¢nthanifectuning egeipwicat | ané MShoddlogp] wiie koewnc aadicd
synthesis unit 136 enpl oys conventional acetic acid manufacturing

equi pnent  acunmetciudiyaivaiiyblieed those evilled ithRrart ©OBHEICER hoid Boai Cablig to
those skilled in the art to formacetic acid fromCO via stream 135 and

met hanol Vi @reabd B R ethah6ivid Stredi? 1 48XRER LS, fof £L r@,e%'g%l r%ﬁlggo? r%c% the

acetic acid manufacturing patents nentioned above.

conventi on apt. Q s .can be. enpl ayed r_an inprove

BP/ Monsant géfprﬁg:%@s?ﬁe%% o‘@%‘%“gg‘gﬂl%%tﬂa\ﬁé‘t% g’@%ﬁél%%f%w‘?‘i 0#? %n?@é‘?lﬂ?’ygt) ,

Cel anese | ow wat er eﬁ?ﬁﬁ'aﬁqu (rhodiumlithiumacetate catalyst), MIIenium
| ow wat er ‘Ef’é‘a’ﬁ‘i'%&ﬂﬂai;y 4B pPRSSEISorBis bsxi wepleyadal wat po ap@pivedual

process nethanol carbonylation-nethyl formate isonerization. The reaction
general | y BP/Monsanto process employing BP-Cativa technology (iridium catalyst),

Celanese low water technology (thodium-lithium acetate catalyst), Millenium low
water technology (rhodium-phosphorous oxide catalyst) and/or dual process
methanol carbonylation-methyl formate isomerization. The reaction generally
comprises reacting methanol, methyl formate, or a combination thereof in the
presence of a reaction mixture comprising carbon monoxide, water, a solvent and
a catalyst system comprising at least one halogenated promoter and at least one
compound of rhodium, iridium, or a combination thereof. The reaction mixture
preferably has a water content up to 20 weight percent. Where the reaction
comprises simple carbonylation, the water content in the reaction mixture is
preferébly from about 14 to about 15 weight percent. Where the reaction
comprises low-water carbonylation, the water content in the reactiosi mixtire is
preferably from about 2 to about 8 weight percent. Where the reaction comprises

methyl formate isomerization or a combination of isomerization and methanol
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conprises reacting nethanol, nethyl formate, or a conbination thereof in
the presence of a reaction m xture conprising carbon nonoxi de, water, a
solvent and a catal yst system conprising at | east one hal ogenated pronoter
and at | east one conmpound of rhodium iridium or a conbination thereof.

The react! SO SKII, 1 FLRAOR LIRS ARRUSY SROSRL MA-LR GRS Opt

percent. \Were |on conpri s e car wat er
content in the react m xture i preferabl m about 14.to out 15
wei ght  per CRAET uﬂﬁerjewf”r@t EERT o e SEAION do WAL ERLRUC bOMASERT on, ¢ he
water content in the reaction mxture is preferably fromabout 2 to about
8 wei ght pescé@ntoduytieobtained viekive 186 conprises nethyl formate

i sonerization or a conbination of isomerization and nmethanol 13

carbonyl ati on, {0081 ed€tesmedna portioa gitked suetiblayiddioorh dine d 46 carobe Bxdoviguant i ty
of water up to 2 weight percent. The reaction is typically continuous. An

acetic aci Iqineofl@ﬂlﬂ@tan' a?ss&ﬁﬁt@ﬂ rltﬁgcéé!s 3t ﬂ%d&é’e@ Cb@oé%lfl byvbrodast, seéh ag portion

of the acetic acid fromline 146 can be fed via line 147 to an associ ated

process th e I
acetate mﬁ%er?g%&%m%g%%%em s unlegw eﬂeggsz |Ig?£%i ghbggaice%dé?gd W th
ethylene via |line 15 rtion of the en 1 f t he
air separ atif &<t ‘Pm{i f%lyfjege IVt"‘h i?)‘f%‘g(ﬁ?:ttleisff Pé’aﬁt}%‘iﬁoﬁ% gﬁf&?@é@é effrno
conventional VAMdistillation unit 156 to produce essentially pure

(commer ci al the sgieciepargtion omjt Wi vida liquick Pl@ble chiepn 18} dxirracessehiBduct

fromthe VAM synthesis is separated fromthe reactor effluent gases via
convent i onadon@éiional VAM distillation unit 156 to produce essentially pure (commercial

specification) VAM via line 158. Carbon dioxide by-product from the VAM
synthesis is scparated from the reactor effluent gases via conventional CO2
removal system 154 and recycled to the methanol synthesis loop via line 126.
The oxygen in line 114 can be obtained, for example, using a conventional
(preferably cryogenic) air separation unit 116 producing the amount of oxygen
needed to supply both the VAM synthesis unit 148 and the autothermal reformer
118.

[0032] VAM production is mainly achieved by the acetoxylation of
ethylene according to the reaction:

C2H4 + AcOH + %2 02 --> VAM + H20
[0033] The main by-product is CO2 formed by the reaction:

C2H4 + 302 ~->2C02 +2H2 O
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renmoval system 154 and recycled to the nethanol synthesis loop via line
126. The oxygen in line 114 can be obtained, for exanple, using a
conventional (preferably cryogenic) air separation unit 116 producing the
anount of oxygen needed to supply both the VANIsynthesis unit 148 and the

aut ot hermal ref 18. .[0Q32] . VAM rod.u lon 1S C ed by t he
acet oxyl ati on ota%g@t h§%]§ﬁté‘” g%eﬁ'rlﬁwamtc 55% W& &e@@f‘f%ﬁa eﬁéﬂ {%L? abg +/z 02
--> VAM + H20 [ 0033] . The mai n by-product is CX2 for by the reaction:
C2H4 + 302 mass. 2ECFAM plpntoproduding spprosdmatety P9 909 c;nlemﬁutgnﬁa@é%é@@r yi el ds
approximately 7-8% C02 by mass. A VAM pl ant produci ng approxi mately

100, 000 metMEY)X maeirgeappresimatdly j35(000VY e qfiiethytena pd apriodetes | beti8&n000 MY
of ethylene and produces between 9,000 and 10,000 MrY of C02. [0035]

Utilities D630 asdilofooowaTyabt gopncl ude the steam system cooling water,
conpressed air and the IiKke, are supplied within the integrated system as

needed, wththp 53”@% 0168, ttygféxgg LihetFane §§m0fzoo°1

i nci dent al Ity supply or the 1 nt gra’t ed p ant
relative to each indivi.dual ni 1. ther eof st.ea ener ated by
waste heat FEEoUERpReATE At Hitdies. 3 Fenmiel B e HAGRMITIAE C) Y s
fromthe nethanol synt hesis unit 140, the acetic acid synt heS| s unit 136
and/ or VAMISSeadnBéthdhe firther sgnenmijgny ‘agvadage of economies of scale incidental

to larger utility supply systems for the integrated plant relative to each individual
unit thereof. Notably, steam generated by waste heat recovery from the steam
reformer 109 and ATR 118, as well as from the methanol synthesis unit 140, the
acetic acid synthesis unit 136 and/or VAM synthesis unit 148 or any other
associated integrated unit, can be used to drive or supply steam to the boiler feed
water pump, sweet cooling water pump, sea cooling water pump, natural gas
compressor, ASU compressor 115, prereformer 106, ATR 118, CO2 removal unit
122, makeup compressor 138, methanol syngas recycle compressor, and the like,
or any combination thereof. In contrast to the typical situation where excess
steam is pfoduced by steam reforming, there is preferably no steam exported by
the integrated system of the present invention. An auxiliary boiler can supply
additional steam as needed.

[0036] Example 1: In this example, flow rates, compositions and
other properties are approximated to two significant figures unless otherwise

noted; flow rates are in normal cubic meters per hour (Nm3/h) and compositions
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associ ated integrated unit, can be used to drive or supply steamto the
boiler feed water punp, sweet cooling water punp, sea cooling water punp,
natural gas conpressor, ASU conpressor 115, prereforner 106, ATR 118, C02
removal unit 122, nakeup conpressor 138, nethanol syngas recycle

conpr essor,

h k n I to the
typical si tlﬁg%oq%h Bﬁlﬁsc%tilg& %‘f g@‘m i %%)IJP g%ﬁtégg gm%t etg%glﬁg(%%@%htng t here
is preferably no stea e |nte t ed, syst f esent
Pvanti on LGP ot AvFe ATHOUAN BroCSE R TS i T 0b frsidef e
[0036] Exanple 1: In th| s exarrpl e, flowrates, conpositions and ot her
properties @plen‘fa;p‘pdmmgvﬁ@kﬁjmmqms ety FVEETTR) methanelsandnl %40 Nmddy wi se
noted; flow rates are in normal cubic neters per hour (NmB/h) and

corrposi ti ord0 fébadeticravidsyrlicent Naturdlggs 102 e providedatt H#,008 Nm3dess
according to the enbodi nent of the invention for a McOH AcOH VAM process

shown in Fi RENGs PoRBd foclBdak (082,000 per day
(MIPD) net k@r’%#e&l%gﬂ%ﬂ &egﬂaﬂngm O@ONI?BgErl) gﬁizetlc g%?d syne'ltaﬁéem(s Nat ural gas

102 is pro 9 I 12, 000

N8/ h) as :Z%P?ﬁj% T&%oc%@%?ﬁgg%aggg&ﬂggﬁ%l &te%r?%&ﬁ?a%%tgb% nfegi{l (Sas has a
iti f |y 89. 5% h 5. 0%,et h 1. 0%

5556 but s Bhc ey 1 4P 1R a A Dot i hsgi e o Ptgaonsngnd BOZ0A0r T e

to desul furization unit 104. A fi rst portion of the desulfurized natural

gas (127, 000troged; indiis spplied 4o dv:sdftmzaaonmweﬁ shefirst portion gbdhanns/ h)

for prereformng 106 and steamreform ng 109 to obtain
desulfurized natural gas (127,000 Nm3/h) is supplied via line 111 with steam

(246,000 Nm3/h) for prereforming 106 and steam reforming 109 to obtain
478,000 Nm3/h effluent comprising 5.9% CO2, 4.5% CO, 35% hydrogen, 35%
steam, 18% methane and less than 2.0% of nitrogen and argon.
[0037] The remaining desulfurized natural gas (55,000 Nm3/h) in line
112 is fed to the autothermal reformer 118 with the steam reformer effluent and
10,000 Nm3/h recycle CO2 via line 110 comprising 98% CO2 and less than 1%
each of CO, hydrogen, water vapor, and methane. The ATR 118 consumes a
115,000 kg/h oxygen stream via line 114 comprising 0.5% argon, and produces
620,000 Nm3/h of dried effluent comprising 8.0% CO2, 23% CO, 66% hydrogen,
1.8% methane, and less than 1.2% of water vapor, nitrogen and argon.
[0038] A 127,000 Nm3/h portion of the dried effluent from the ATR 118
is supplied to the CO2 removal unit 122. The CO2-rich stream 110 is described

| .above, and the CO2-lean siream comprises 116,000 Nm3/h _of gas with a
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478,000 N8B/ h effluent conmprising 5.9% C02, 4.5% CO, 35% hydrogen, 35%
steam 18% net hane and | ess than 2. 0% of nitrogen and argon. [0037] The
remai ni ng desul furized natural gas (55,000 NnB/h) inline 112 is fed to
the autothermal reformer 118 with the steamrefornmer effluent and 10, 000
N8/ h recyc s Vi {0 1 1.S.N0>&8%.] a I % each of
CO hydr oge%ﬁn%ﬁleo\rﬁ @f‘a%so@t%’n .%ﬁﬁ’%@eﬂﬁ% ‘ﬁ%ggﬁispgeé’n@ﬁ%n%ésm%m I}i{% 000
kg/ h oxygen,str via line 114 c ri,sin . 5% argon, and produces

620, 000 NrrBtFﬁnéf}“a@arf%%‘Le‘? E‘E]WPB@%E i@?ﬁ@‘d Bok3E02, 23% CO, 66% hydr ogen,
1. 8% et hane, and |ess than_ 1.2% of water vapor, nitrogen and argon. [0038]
A 127,000 Nn8/ hiW88ti orheofcotd ey 138 arordpegsnia 1940 MemXRstramn 132 suppl i ed
to the C02 renpval unit 122. The CQ02-rich stream 110 i s described above,
and the COZdmyaising $&4nC 0o ii% aisogkd.Gar@iDRsNiBhhl %feagh of WMydivgen, drgon

conposi tion of 25% CO, 71.6% hydrogen, 2% net hane, 1.3%nitrogen and | ess

than 1% of @iio@ethaié)i £ 6510D0SNRBIH 661 & sth@ineakd dprkdf: 119086 gk col d
box 130 produces a 19,400 NnB/h stream 132 conprising 98% CO, 1.7%

gy 1 orn | TRrOEAC2 39 Ridole 0 00 inelilé QaRes SHIAM o0 Mo Bhi3MG 06 O- 800
2.6% h | h 1% d , 0] s/ 131
conpr |m§;[ ngqglag’/o%ﬂ'fglff3n mes TC‘%I.T@%“@@%E‘W@%@’%Q%P Q&n@gg‘?ﬁséﬁaﬂsﬁ’%%ﬁm%gﬁ, ar gon

and net hane., [0040] The renmi nder of stream 120, along with stream 131, is
nitrogen, argon and methane.,

[0040] The remainder of siream 120, along with stream 131, is
compressed to stream 123 to supply 527,000 Nm3/h of makeup gas comprising
68% hydrogen, 22% CO, 7.5% CO2, 1.7% methane, and less than 1.3% each of
water vapor, nitrogen and argon (producing a syngas with an R value of 2.04), to
the methanol synthesis unit 140. The unit 140 produces the purge gas stream 124
as previously mentioned, 260,000 kg/h of crude methanol containing 24% water,
1.9% CO2, and less than 1% each of CO, hydrogen, argon and methane, and
209,000 kg/h of commercially pure methanol in streams‘ 144 and 145.

[0041] Stream 145 supplies 26,000 kg/h of methanol to the acetic acid
synthesis unit 136 which is reacted with the CO via stream 135 to obtain 47,600

kg/h of commercial glacial acetic acid after distillation, at a purity greater than
99.85 wt%.

[0042] A portion of the acetic acid from line 146 is fed at a rate of

22,000 kg/h to VAM synthesis unit 148 where it is reacted with 10,000 Nm3/h of
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conpressed to stream 123 to supply 527,000 N8/ h of makeup gas conpri sing
68% hydr ogen, 22% CO 7.5% C02, 1.7% nethane, and |ess than 1.3% each of
wat er vapor, nitrogen and argon (producing a syngas with an R val ue of
2.04), to the nmethanol synthesis unit 140. The unit 140 produces the purge

dont ai i ng BipsACpBg KGR AR bk W, MO0, By e S R G,

argon and th , .and . .209,.000 h qf ercial l re methanal _in

o Soame 2 4 b 0 4B pecire S, 2l SRR Syt AT SPRREPRano! o
the acetic acid synthesis unit 136 which is reacted with the CO via stream
135 to obt awit 16 Boeptaingy 0 (9rkeds ahermamercig \eaMaprodedsiteamdiSd, bavieg a
distillation, at a purity greater than 99.85 w% [0042] A portion of the
aceti c aci dpiritgrgrédterethad 9 i9swéight parcantsr AAMofrod@2iodde niegilly achievédbgynt hesi s
unit 148 where it is reacted with 10,000 Nn8/h of 17 polynerization grade

et hyl ene cofRrk&oRABA 6f EMFRNEIADE shaR %@mpﬁ@iﬁg'rﬁ&@ th&h9en CAis _
inmpurities, via line 150, ahd 6,000 NnB/h oxygen fromair separation unit

116,10 bt 53l 4 S BOUTIEL S Rond YRLBRNSE kPR 152, Davi ng 3

purity gre an "99.°9 'wei ght percent. ction 1s mainly achieved
by the acetoxy i.on of et hyl ene, stream conpri si re,than 98%
o2, is product@t‘féf f%ib’@ %ﬁ%’?ﬁ” @%%&FMT%WHM?MW%%‘? em 154.
[0043] In this exanple, the CO2 stream produced in the VAM synthesis is
not recycl éd 1% terEclediin dhe | mefhenal ewynthepisoloopiva |linse12@elt necepabessary or

desired, additional CO2 could alternatively or additionally be imported via line
127 to supply the total CO2 needed in line 126.

[0044] The steam balance for this exemplary process requires a high-
pressure steam auxiliary boiler producing 155 t/h steam at 101 bar and 500°C.
The carbon efficiency exclusive of acetic acid synthesis 136 and VAM synthesis
148 (including VAM distillation 156 and CO2 systém 154) is approximately
82%.

[0045] Example2: Io this example, flow 'rates, compositions and
other properties are approximated to two significant figures unless otherwise
noted; flow rates are in normal cubic meters per hour (Nm3/h) and compositions
in mole percent, uniess otherwise noted. A process according to the embodiment
of the invention for a MeOH/AcOH process shown in Fig. 2 is designed for a
plant producing 4,400 metric tons per day (MTPD) methanol, 49,000 Nm3/h CO

for acetic acid synthesis and 99,000 Nm3/h hydrogen for a nearby refinery.
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desired, additional CO2 could alternatively or additionally be inported via
line 127 to supply the total CO2 needed in line 126. [0044] The steam

bal ance for this exenplary process requires a high- pressure steam
auxiliary boiler produci ng 155 t/h steam at 101 bar and 500C. The.carbon

efficiency 148
(i ncl udi ng %ﬁ/ﬂleﬁa‘%ﬂ%s%} I on %@d% %ﬁ%g%pﬁﬁgﬁ&r@?ﬁy 82%
[ 0045] Exanple 2: In thjs, .exa fl ow, rates, i ot her
properties n’ﬁ? deAB 858 HJé’FBBﬁ)‘it g%%alsgﬁn}éf&%mmp&% %kérﬁﬂés@mg/thh%srw se
noted; flowrates are in normal cubic nmeters per hour ( NS/ hiﬁéand
conposi t i orprocdsa feed gapeldermaturah passhasor wenmp@éwmxfewprww@ 88.5% cor di ng
to the enbodi ment of the invention for a MeOHJAcOH process shown in Fig. 2

i s desi gnedméthane 5.@feagthamy, ddibéi prgpahed 00 %etuiare dmhbegier kfalyodadiidRb)
met hanol , 49,000 NnB/h CO for acetic acid synthesis and 99,000 N8/ h

hydr ogen f%d&f 0 RYedehhd & dupplidStob@urufigaion ast fernA fick §dr@sn of and 2
are identical, the nurbérs use to identify the feature are identical.

Natural 9oy d 0ol A ESYAR Al Sfﬁrz%@gg@@@@égagﬁgﬁﬁé 1§ &gy The

natural gas has a coO ane, 5.0% et hane,

1. 0% o 1 he ) 3
is suBLf’f)gn o&@ﬁﬁ”{ﬁ a?ooﬁr p}'glﬁé-oﬂ%d%ﬁ %?efﬁlnﬁﬁpmngg @9 h{rogen an

desul furi zed natural gas (127,000 NnB/h) is sug Vi a I|ne 111 with
steam 108 47348H005m3fneffhient eorpprasing §id%e CQHaH ﬁdC@& 8avh hedregsh. /37109 to

obt ai n
steam, 18% methane and less than 2.0% each of nitrogen and argon.

[0046] The remaining desulfurized natural gas (55,000 Nm3/h) from
desulfurization unit 104 exits via line 112 and is fed to the autothermal reformer
118, along with the steam reformer effluent and approximately 22,000 Nm3/h
recycle CO2 via line 110 comprising 98% CO2 and less than 1% each of CO,
hydrogen, water vapor, and methane. The ATR 118 consumes a 117,000 kg/h
oxygen stream via line 114 comprising 0.5% argon, and produces 630,000 Nm3/h
of dried effluent comprising 9.0% CO2, 24% CO, 64% hydrogen, 1.7% methane,.
and less than 1.3% of water vapor, nitrogen and argon.

[0047] A 220,000 Nm3/h portion of the effluent from the ATR 118,
together with the purge stream from methanol synthesis loop 124 is supplied to
the CO2 removal unit 122 via 119. The CO2-rich stream 110 is described above,

and the CO2-lean stream comprises 235,000 Nm3/h of gas with a composition of
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478,000 N8B/ h effluent conmprising 5.9% CO2, 4.5% CO, 35% hydrogen, 35%
steam 18% net hane and | ess than 2. 0% each of nitrogen and argon. [0046]
The remai ning desul furized natural gas (55,000 NnB/h) from desulfurization
unit 104 exits via line 112 and is fed to the autothermal reformer 118,

along with v. z‘?‘?. A% m@g&?rs%t&émﬁet 331 BPRL 2 FREEhodrs B808oNRB/ h

recycl e orpri sing 98% CO2 and | ess than 1% each of CO,
hydr ogen, . ; The ATR 118 consunes a 117,000 kg/h
oxygen str “%Ph%d OLtg‘ESBIF?‘B?OF‘;?’Hg 0.5% argon, and produces 630, 000
N8/ h of dri ed ef fl uent. conprising 9, 0% , 24% CO, .64% en, 1.7%
met hane, and | 948} nhan this syameple, ke cpld R¥os a?ﬁ‘t?‘b@@l‘?%’?ﬂ%‘yﬁg $0047] A

220,000 NnB/h portion of the effluent fromthe ATR 118, together with the
purge st r eanitli tiwee nedih anbimsyaidhe sl Bép catrmn & %ﬁbéﬁ‘ﬂeé nigoganhactoop
removal unit 122 via 119. The C02-rich stream 110 is descri bed above, and

the Q02-| eafyehin BN SQEIH iz;@s:oﬁlﬁﬁs&qauwgai Bnd Ty s approkinatelp thposiné on of
19 23% CO, 68% hydrogen, 5% net hane, 3% nitrogen and trace anmounts of

argon. | whigiodifiaiPPIhR%sh it N8 kS 0% 104 [PRARI Siddi soseapl e, ¢ he

cold box i on a net hane was process h three main colums and a

|1 d I t t : h 214
compr i Sea riEEHEN PRrTA0Ent, Pt t%?%f]@' i bgni%é@%%éé%rﬁt%ﬁa?m
streamis treated in a VSA (Vacuum Sw ng B‘P i sfejroar ation r%cess 206,
to recover whighés add eéa*ﬂ&ﬁrrﬁbﬁgﬁfilﬁéf@leép 80, forming stream £33.

VSA 206 also produces nitrogen stream 204. Cold box 130 produces a 44,000

Nm3/h stream 132 of 98% CO with 1.3% nitrogen and less than 1% hydrogen,
argon and methane; a tail gas stream 202 of 9,200 Nm3/h comprising more than
98% methane and less than 2% of impurities; an 8,300 Nm3/h flash gas stream
208 comprising 59% hydrogen, 36% carbon monoxide, 3% methane and 1%
pitrogen; and a 144,000 Nm3/h stream 131 comprising 98.5% hydrogen, 1%
methane and less than 0.5% each of nitrogen and argon. Tail gas stream 202 can
be supplied as feed with natural gas 102. A portion of hydrogen-rich stream 131
may be separated in stream 212 and used in an associated process, such as ina
refinery.

[0049] The remainder of stream 120 along with the flash gas stream 208
and a portion of siream 131, is compressed to stream 123 to supply 460,000
Nm3/h of makeup gas comprising 68% hydrogen, 22% CO, 7.5% CO2, 1.6%

methane, and less than 1.2% each of water vapor, nitrogen and argon (R = 2.03),
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which is added to COrich stream 132 exiting cold box 130, form ng stream
135. VSA 206 al so produces nitrogen stream 204. Col d box 130 produces a
44,000 NnmB/h stream 132 of 98% COwith 1.3%nitrogen and | ess than 1%
hydrogen, argon and nmethane; a tail gas stream 202 of 9,200 Nn8/h

compr 11 1 (048 of Aol SHIARLOAEIANh 3¢ 140 gfbd%{es%gg%%é L5124 8, 300

NnB/ h flash gas™s conpri si ng rogen carbon nonoxi de,
3% net hane and 1% _nitraogen 4, 000,.NnB/.h s m 13 SI ng
58, 556 hydr GOGREVioNsl meRRE 325»%@%?@%%6%%@8 SRR ar gon.
Tail gas stream 202 can be su%)l ied as_feed with natural gas 102. A
portion of h§¥r 6§anani desssthavdite sach ofbyO.blydsegrms araen and sicthang 999 and

used in an associ ated process, such as in a refinery. [0049] The remai nder
of stream 1R3,EHI0dqgh of témmbreidllygeie gathagol maatnc2M8 144aod 34Porti on of stream
131, is conpressed to stream 123 to supply 460,000 NnB/h of makeup gas

conpri sing 68% jod0PIHcati? 15 Quplia65080 Ro/A%f ARIIBABE to aadtibessd t han
1. 2% each of water vapor, nitrogen and argon (R = 2.03), 20 to the

met hanol sﬁg %&%&Ws@zg«ﬁg%?gﬁfg&ag wllfho @raqlg € A4598 offin $h6.8000 124 as

previ ously I one cru e net ano contal ni ng 24% wat er ,

133, 000 kgﬂw%‘?@i@a@r@e%a?%%f%c?m%ﬁ AR 2P I ner 1288 | Goso)

Stream 145 sup | ies 65,000 kg/h of nethanol to acetic acid synthesis unit
136, wher e $itil{adiopeacted with CO via stream 135 to obtain 120, 000 -

[0051] A portion of the acetic acid product 146 is fed via 147 to VAM
synthesis unit 148 where it is reacted with 10,000 Nm3/h of polymerization grade
ethylene comprising more than 99.9% ethylene, and less than 0.1% of impurities,
via line 150, and 6,000 Nm3/h oxygen from air separation unit 116 to obtain
31,000 kg/h of commercial VAM product stream 152, with a purity greater than
99.9 wi%. VAM production is mainly achieved by the acetoxylation of ethylene.
A CO2 stream comprising more than 98% CO2, is produced at 1,400 Nm3/h is
recovered from CO2 removal system 154.

[0052] In this example, CO2 from the VAM synthesis is not recycled to
the methanol synthesis loop via line 126. If necessary or desired, additional CO2
may be imported via line 127 to supply the total CO2 needed in line 126. In this
example, the integrated methanol acetic acid plant produces methanol and acetic

acid and supplies 99,000 Nm3/h of hydrogen for a nearby refinery.
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kg/ h of glacial acetic acid, at a purity greater than 99. 85 wei ght percent
after distillation. [0051] A portion of the acetic acid product 146 is fed
via 147 to VAM synthesis unit 148 where it is reacted with 10,000 NnB/ h of
pol ynmeri zati on grade ethyl ene conprising nore than 99. 9% et hyl ene, and

| ess than 0. 1% of .| ities via |i.ne ;150 and 0 0 from
air separation ﬂWF#fgﬁreﬂ8ﬂ8BﬂQFHH1§f, g%Iﬁg?%ﬂng§%ﬁh8$¥$éPmV§%?%?oduct
stream 152, with a purity greater than 99,9 w% VAM productjon is mainly
achi eved byﬁ¥ﬁ%1%b@@d%?%dﬂﬂ&h“@ﬁfb?ﬁ;iéﬁ@ﬁﬁYRféﬁi ﬁ??@éﬁﬁ@ﬁﬁbﬁwggﬁb nor e

t han 98% CO2, is produced at 1,400 NnB/h is recovered from CO2 renoval
syst em 154 requifadntd ot this firest prgheater GARl fafonmerhes wWaill sy fiothibsi sqpisedh ot
recycled to the methanol synthesis loop via line 126. If necessary or

desired, adgifksdvald EQ%dvd'fEégﬁb@sﬂ/ Folgilled thyvihe dxittachyli®ogeing résultplgyint ére t ot al
CX2 needed in line 126. In this exanple, the integrated nmethanol acetic

aci d plant pieORee BRI vty €212 it (RACHDDIGIPRn SR, BDRsITS) N of

hydr ogen for near efinery. 21 [00 e maj or portion of hig

nitrogen cqpte of..patural. gas . purged | V. ng with a snal
quantity o&ﬂfﬁb%%ﬁ’é t %%ﬁf{’?ﬂowg}lﬁ’f‘@wdﬁ%g“ Elbg gg%dnééé‘?@rrgt he fired
preheater and reforner, as well as for the required boiler, could be
advant ageously fulfilled by the extra hydrogen, resulting in an integrated

conplex with very low CO2 enissions (less than 2,500 NnB/h or less than
10% of the carbon input), if hydrogen cannot be used el sewhere.
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22 CLAIM5 1. A nethod for manufacturing nethanol and acetic acid,
characterized by the integrated steps of: separating a hydrocarbon source
into first and second hydrocarbon streans; steamreformng the first

hydr ocarbon streamw th steamto produce a reforned stream autothermal
reformng of a mxture of the refornmed stream and the second hydrocarbon
streamw th oxygen and carbon di oxi de to produce a syngas stream
separating a mnor portion of the syngas streaminto a carbon di oxide-rich
stream a hydragespmM$ch stream and a carbon nonoxi de-rich stream
recycling the carbon dioxide-rich streamto the autothermal reformng;
conpressing a renai ning portion of the syngas stream and at |east a

portion- of thg hydrpg@ps rf&ﬁlﬁa&&fé&@ﬂiﬂgt RcBHRR | Md SO ELP hfaCRAYLOn R
met hanol synthesis loop to obtain a methanol product; and synthesizing

aceti c acitbe mfegratesistdpegbt a portion of the methanol product and the carbon

nonoxi de-ri ch ! .of ai er.ei a oi chionetric
nunber ( SN) isﬁéﬁg‘% ﬁga%y%r-sg&([er?%éo )@?@%eﬁ%c}%&r’ﬁ V\?"lcéafr%é?ﬁ&%aﬁrés’ makeup
stream has an Shhhatforeing2h® fisn tydrodarbom3strekivewie kiead tofpradiye anefoahed he

preceding clainms, further conprising supplying a purge gas streamfromthe
net hanol SYf%esis | oop to the separation step. 4. The nethod of any one of

the precedi ng gh3iheEnal WeRIRIdY N8 ABLGLNAT B! reformed stream and the second
hydrocarbon stream with oxygen and carbon dioxide to produce a syngas stream;
separating a minor portion of the syngas stream into a carbon dioxide-rich stream,
a hydrogen-rich stream, and a carbon monoxide-rich stream;
recycling the carbon dioxide-rich stream to the autothermal reforming;
compressing a remaining portion of the syngas stream and at least a portion-of the
hydrogen-rich stream to supply a makeup stream to a methanol synthesis loop to obtain a
methanol product; and
synthesizing acetic acid from at least a portion of the methanol product and the

carbon monoxide-rich stream.

2. The method of claim I, wherein a stoichiometric number (SN) is defined

as [(H2-CO2)/(CO+CO,)] and wherein the makeup stream has an SN between 2.0 and 2.1.

3. The method of any one of the preceding claims, further comprising

supplying a purge gas stream from the methanol synthesis loop to the separation step.

4. The method of any one of the preceding claims, wherein the autothermal

reformer is a single train autothermal reformer.

5. The method of any one of the preceding claims, wherein the separation

step includes supplying the minor portion of the syngas to a methane wash cold box unit.
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reformer is a single train autothermal refornmer. 5. The method of any one
of the preceding clains, wherein the separation step includes supplying
the m nor portion of the syngas to a nethane wash cold box unit. 23 9 6.
The nethod of claimb5, wherein a flash gas fromthe separation step is
recycled to the nethanol synthesis loop. 7. The method of any one of clains
5 or 6, wherein a tail gas streamfromthe <cold box is recycled as feed
gas. 8. The nethod of any one of the preceding clains, wherein carbon

di oxi de eni ssitons dhe nhetlssl dthelninil 6Ywhércinhe bt gds fean hionsdpantién s@p idhe

met hod of an qne of cl ai %QY wherei n carbon di oxi de em ssions are |ess
than 5 per€efle 5?ﬂFﬁ@ﬂWﬁPQ%m #H6Pi nput . 10. The nethod of any one of the
preceding clains, wherein a first portion of the hydrogen-rich streamfrom
t he separation step is recycled to the nethanol synthesis |oop and a
second portion’ s sdhe mgthofiebany epcplckimnepyo, whercirpdaihgashbermsiromdye one of

the precedi, (&lgwa?hgég§gﬁg scomprising supplying a carbon dioxide stream
froma vinyl ace nononer- synthesis loop to supply the makeup stream

12. The met hod of any one of claims 10 or 11, wherein the refinery, the

i nyl t at I t th of ..uses the
heotic aord neSa OBk maiod Sraay eu8GF yg,eiéfe%d"""%&ﬁ% et GO FPGHS on

uni t, shareasssa8aRedstihdnl 0ESE th®fota carbon input.

9. The method of any one of claims 1-7, wherein carbon dioxide emissions

are less than 5 percent of the total carbon input.

10.  The method of any one of the preceding claims, wherein a first portion of
the hydrogen-rich stream from the separation step is recycled to the methanol synthesis

loop and a second portion is sent as feed to a refinery.

11.  The method of any one of the preceding claims, further comprising
supplying a carbon dioxide stream from a vinyl acetate monomer synthesis loop to supply

the makeup stream.

12.  The method of any one of claims 10 or 11, wherein the refinery, the vinyl
acetate monomer synthesis loop, or a combination thereof uses the acetic acid as a
reactant, shares oxygen from a common air separation unit, shares common utilities, or a

combination thereof.

13, The method of claim 11 or claim 12, further comprising:

providing at least a portion of the acetic acid produced to the vinyl acetate
monomer synthesis loop; and

combining the portion of the acetic acid with an ethylene source and oxygen to

produce vinyl acetate monomer.
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conmbi nation thereof. 13. The nethod of claim 11l or claim12, further
conprising: providing at |east a portion of the acetic acid produced to the
vinyl acetate nononer synthesis |oop; and conbining the portion of the
acetic acid with an ethyl ene source and oxygen to produce vinyl acetate
mononer. 24 14. The nmethod of claim 13, wherein a single air separation
unit supplies oxygen to the vinyl acetate nononmer synthesis | oop and the
autot hermal refornmer. 15.- The met hod of any one of the preceding clains,
wherein at | easi4. 10%ﬁf1nethditboﬁyh§]asl3smmea:ﬂ‘ﬂ la Ssirthle eirtsephrta@ari heit sedieat i on

step. 16. The net f ecedln ther co 5|ng inporting a
C2- rich (g(ty?g’at&t{‘]e % ﬂ@c‘%@n% HE’HSF‘GI'SW Oé’p %‘iﬂle aytpth e*ifﬂ ’E‘ﬁ%d of claim
13, further conprising inporting a CD2 rich stream fron1the vinyl acetate
nononer syntheS|s Ioop to the nmethanol synthesis |oop. 18. The nethod of
claim16 or 17, 5wher 8F mnathnd ofyaay eaarhés Hewding damprviwein ahisasir 1% ghs and a
ratio of tihe @gy g i el S D ' drocarbon source is at |east

0.05 kg CO»2 %E' N néturg gas.S%%? #ﬁe et hod of claim 18, wherein the
ratio of the |nported CIE streamto the natural gas is at least 0.2 kg CO2
per NnB8 natural, gas The thod 7 erein.the.ratig of the

i nported o2 t 4% heThﬁgfeH}O IOfﬁﬂ%pfege gfﬂé‘%t “'%h%"‘i?aﬂ%@lwlm tural

gas. rich stream to the methanol synthesis loop.

17. The method of claim 13, further comprising importing a CO,-rich stream

from the vinyl acetate monomer synthesis loop to the methanol synthesis loop.

18.  The method of claim 16 or 17, wherein the hydrocarbon source comprises
natural gas and a ratio of the imported CO, stream to the hydrocarbon source is at least

0.05 kg CO, per Nm® natural gas.

19. The method of claim 18, wherein the ratio of the imported CO, stream to
the natural gas is at least 0.2 kg CO, per Nm’® natural gas.

20. The method of claim 17, wherein the ratio of the imported CO, to the
natural gas is at least 0.23 kg CO, per Nm® natural gas.

21.  The method of any one of the preceding claims, comprising:
diverting between 35 and 65% of the feed gas stream to the first stream; and

diverting between 35 and 65% of the feed gas stream to the second stream.
22, The method of any one of the preceding claims, comprising:

diverting 45 to 55% of the feed gas stream to the first stream; and
diverting 45 to 55% of the feed gas stream to the second stream.

25




21. The nethod of any one of the preceding clains, conprising: diverting
bet ween 35 and 65% of the feed gas streamto the first stream and

di verting between 35 and 65% of the feed gas streamto the second stream
22. The nethod of any one of the preceding clains, conprising: diverting 45
to 55% of the feed gas streamto the first stream and diverting 45 to 55%
of the feed gas streamto the second stream 25 23. The nethod of any
precedi ng clai mwherein the separation step produces a tail gas stream
enri ched in inédts. Thamelied offetyhwdeedingallammwizreimthersepanatidnstedipraducedre makeup

Stream i s BELARRRum 2nfhefiindr 6 26

24.  The method of claim 2, wherein the SN of the makeup stream is between
2.04 and 2.06.
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