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T 6580 SIN 

PROCESS FOR UPGRADING A PARAFFINIC FEEDSTOCK 

The present invention relates to a process for 

upgrading a paraffinic feedstock. More specifically the 

invention relates to a process for alkylation of a 

paraff inic feedstock by the condensation of paraffins 

with olefins. 
The production of highly branched hydrocarbons such 

as trimethylpentane is important by virtue of their use 
as gasoline blending components of high octane number. 

Traditional production of highly branched hydrocarbons is 

by condensation of isobutane with light olefins, usually 

butenes but sometimes mixtures of propene, butenes and 

possibly pentenes using large quantities of conventional 
strong liquid acid catalysts, such as hydrofluoric or 
sulphuric acid. An emulsion of immiscible acid and 
hydrocarbon is agitated to emulsify the catalyst and 
reactant and refrigerated to control the highly 

exothermic reaction. By fine control of a complex 

interrelation of process variables high quality alkylate 

production may be maintained. The acid is recycled after 

use. It is desirable to use a process which is less 

hazardous and toxic and environmentally more acceptable. 
Processes have been proposed to overcome these 

problems by using solid acids as catalysts. However 
paraffin olefin condensation yields both desired alkylate 

and undesired oligomerisation product. When catalysing 

alkylation with solid acids it has been found that 

hydrocarbonaceous deposit formation causes progressive 

deactivation of the catalyst. Regeneration techniques are 

however known for removal of hydrocarbonaceous deposits 
from solid catalysts to restore catalyst activity 

typically by raising the catalyst to elevated 
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TH1S SHEET HAS BEEN 
REPLACED 

temperatures and oxidising the deposits. Nevertheless 
rapid deactivation of the solid.a7id catalysts compared 
with liquid acid catalysts is .·a. disadvantage. 

There is a need for an environmentally acceptable 
paraffin/- olefin alkylation process which selectively 
yields highly br.anched alkylate at an acceptable rate for 
prolonged periods on stream, and which allows flexibility 

in term of the olefin employed. 
Copending European patent application numbers 

92201015 and 92201016 disclose processes for upgrading a 
paraff inic feedstock comprising supplying feedstock and 
olefin at specified paraffin to olefin ratio to a reactor 
containing a solid acid catalyst, preferably a zeolite 
beta catalyst and subsequently removing the upgraded 
product wherein the processes are operated at high olefin 

conversion in respe6tively internal and external 
circulation reactors having respectively a high variance 
in r·esidence time distribution of liquid reactor contents 
and a high extent of external circulation of liquid 
reactor contents.· It has been found that under these 
conditions alkylation products are obtained for a 
catalyst lifetime considerably greater than that using 
known solid acid catalysed processes al~hough at a lower 
rate of production of alkylate ih comparison with 

techniques using liquid acids. 
Whilst the use of regenera't::~~()h techniques to restore 

.... ,·· 

catalyst activity in a cyclic ~ikylation process may 
increase the rate of alkylate fp_tnt:ation averaged over the 
reaction-regeneration cycle, s_~9-ridard techniques for 
regeneration of hydrocarbon coi:i~¢l:"sion catalysts such as 
burning of hydrocarbonaceous d~p(:)~its in air would cause 

irreversible dealumination of ¢~-f·t(iin zeoli tic catalysts 
: ' ::~ .· 

such as the preferred zeoli te b:ieta> catalyst, making an 
·;· .. ;. ·.· .. · ·· .. 

alkylation process using zeolit:~;<~~ta containing catalyst 
.,_ ....... . 

an economically unattractive of>'l:.i'bn. In J. Catalysis 124 
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{J990) 217-223 it is shown that.the thermal stability of 
zeolite beta during exposure of a sample thereof to air 

> Jt ~}evated temperature is poor: during a five hour 
p'¢ribd at 500 °C the silicon-to-a;luminium atomic ratio in ~ · .. : .. , . 

- the :eramework increases significantly accompanied by an 
inm:'.ease in the amount of octahedral-coordinated alumina, 

-- \V~ich effects result in an irretrievable loss of the 
,1kylation activity of the zeolite. This indicates that 

, ~levated temperature techniques for regeneration of 
-._--_ zeolite beta catalysts are of limited benefit. 

It has now surprisingly bee~ found that condensation 
_ of paraffins with olefins may be achieved using a solid 

-- -- acid catalysed alkylation process achieving an acceptable 
rate of production of product alkylate at high 

· -:· ____ -· selectivity by using a catalyst comprising zeoli te beta 

·-:·. :: 

·.:·. 

crystals wherein removal of hydrocarbonaceous deposits is 
achieved in a manner effective at non-extreme 
temperatures. Moreover it has surprisingly been found 
that by use of this regeneration technique, zeolite beta 

-. catalyst may be regenerated to substantially full 
:. activity even at extreme temperatures apparently without 
occurrence of framework dealumination effects. 

Accordingly the present invention provides a cyclic 
process for catalytically upgrading a paraffinic 
feedstock and for upgrading the activity of aged catalyst 
comprising the steps a) of supplying feedstock and olefin 
at a paraffin to olefin ratio greater than 5 v/v to a 

·reactor containing a solid acid;_¢atalyst and removing 
effluent comprising upgraded prSctuct and b) of exposing . ".{.:" 

the catalyst to a hydrogenating_medium and removing a 
hydrocarbonaceous effluent wher:~:i.n the catalyst comprises 
zeolite beta crystals. 

Reference herein to hydrocar-:p,onaceous deposits is to 
compounds or radicals formed du_r:i·ng the catalysed 

. ,:··. 

condensation of paraffin with of:~fin(s), which compounds 
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or radicals have a semi permanent deactivating effect on 

the catalyst. It is speculated that these deposits 

comprise oligomerisation products and fragments thereof 

formed and retained within the zeolite pores. In the 

absence of an understanding of the nature of the deposits 

and their manner of association it is not possible to 

systematically approach the problem of inhibiting their 

formation or their deactivating effect, or of effecting 

their removal in a manner non-disruptive to the 

condensation reaction. 

Reference herein to alkylate is to a mixed 

condensation product of paraffin with olefin(s), and by 

the term oligomerisation product is meant a condensation 

product of a plurality of olefin molecules. Alkylate is 

characterised by a higher motor octane number (MON) than 

oligomerisation product. Typically alkylate comprising 

highly branched paraffins with 5 to 12 carbon atoms has a 

MON of 86 or more, for example in the range 90 to 94 

whilst a corresponding oligomerisation product may 

comprise a mixture of paraff inic or olef inic hydrocarbons 

typically of MON of less than 85, for example in the 

range 80 to 82. Moreover, both high and low quality 

alkylate are characterized by a lower sensitivity, i.e. 

difference in MON and RON values, than that of 

oligomerisate. 
Reference herein to hydrogenation medium is to a 

medium which achieves transfer.of hydrogen to the 

catalytic environment such that-a hydrocarbonaceous 

effluent is obtained derived t:rom the hydrocarbonaceous 

deposit. Without wishing to b~:iimited to a particular 

theory it would appear that a _:medium which does not 

effectively achieve transfer qf hydrogen to the catalytic 

environment would result in irlsufficient or substantially 

no effluent being obtained de:iived from the hydro­

carbonaceous deposit. Ins.uffi¢fknt effluent may be 
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obtained as gaseous thermally decomposed deposits, of 
which more the carbon-rich counterpart is not 
hydrogenated, but retained on the catalyst. It would also 
appear that effective transfer takes place under 
conditions such that thermal decomposition of hydro­
carbonaceous deposits is accompanied by hydrogenation of 
decomposed deposits at a rate in excess of rate of 
polymerisation thereof. The rate of hydrogenati9n in 
step b) would therefore be appropriately controlled by 
means of prevailing conditions and concentration of 
hydrogen available in the hydrogenating medium to take 
part in hydrogenation, for a given rate of thermal 
degradation of deposits in step b). The efficiency_ of the 
hydrogenation step may be determined from the composition 
of the hydrocarbonaceous effluent of step b) which 
preferably comprises lower saturated hydrocarbons derived 
from hydrogenated fragments of hydrocarbonaceous 
deposits. The hydrogenating medium suitably comprises a 
hydrogenating fluid which may be gaseous or liquid and 
suitably operates together with a hydrogenating function 
such as a hydrogenating metal component for example a 
Group VIII metal function which may be chemically 
associated with the solid acid alkylation catalyst, for 
example by ion exchange, admixed with the catalyst as 
separate particles on a suitable carrier or which may be 
brought i.nto physical association with the catalyst for 
the duration of the deposits removal step. Preferably a 
hydrogenating metal function.· s;~lected from platinum, 
palladium and nickel is incorpqrated in the catalyst. 

Preferably the hydrogenating fluid comprises 
hydrogen, most preferably in gaseous form, optionally in 
admixture with an inert gaseous or. liquid diluent or 
reactive hydrocarbon, for example with a gaseous lower 
alkane such as butane or with a. reactive aromatic such as 
toluene, benzene or light re:forhtate, in a ratio of 99: 1 
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to 1:99 v/v. A suitable cheap· source of hydrogenation gas 
may be a refinery dry gas typically comprising hydrogen, 
methane, ethane, ethene·and a trace amount of propene, 
which may be essentially free o'f hydrogenating metal. 
poisons such as hydrogen sulphide .. It is in some 
instances desirable to moderate the activity of a 
hydrogenating metal function, whereby a trace amount of 
sulphur may be incorporated either on the catalyst or,· in 
the form of hydrogen sulphide for example, as part of the 
hydrogenating fluid. 

The process may be carried out in any suitable 
reactor or reactor configuration. Operation in fixed bed 
or slurry phase is preferred. The process may be operated 
in batchwise or continuous manner. Multiple reactors may 
be operated in series with respect to paraffinic feed and 
effluent lines, using split feed of olefin to each 
individual reactor, for improved alkylate quality. 
Preferably the process is operated in continuous manner 
advantageously enabling continuous production of 
alkylate. For example multiple fixed or slurry phase 
reactors may be operated with parallel feed and effluent 
lines and out of phase with respect to the cyclic process 
such as in a swing bed system whereby step a) of the 
process is in operation in at least one of the catalyst 
beds at any given time. Alternatively a slurry phase 
reactor may be operated continually in step a} of the 
process for example by use of a continuous regeneration 
system whereby a proportion of catalyst is continuously 
or periodically withdrawn from the slurry reactor to a 
separate vessel for operation of step b) and returned to 
the slurry reactor for operation of step a) . 

.. 

A portion of .. effluent comprising unreacted feedstock 
and alkylate from step a) may be retained in the system 
and recycled. Preferably effluents from steps a) and b) 
are combined and di.stilled whereby substantially only 
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unreacted feed recycled, and may be the concentration of 
alkylate in the recycle stream is controlled. Alter­
natively effluent from step b) may be removed from the 
system via a separate effluent line. Where the 
hydrogenated deposit and/or the hydrogen rich light gas 
fraction finds application as feed for chemical processes 
or as a chemical product the latter case is preferred. 

Introduction of hydrogenating fluid may be continuous 
or batchwise with continuous or batchwise withdrawal of 
effluent, the rate or volume of introduction being 
selected to attain a desired residence period during 
which hydrogenating fluid is in contact with the 
catalyst. A sample of continuously withdrawn effluent or 
of the hydrogenating vessel fluid contents is 
conveniently monitored for indication of progress of 
step b) • For example hydrogenating fluid in the sample 
may be monitored whereby a diminished consumption of 
hydrogenating fluid in a reactor vessel operated in 
regeneration motje, or in a regeneration vessel having 
batchwise introduction of catalyst to be regenerated, or 
a constant consumption of hydrogenating fluid in a 
regeneration vessel having continuous introduction of 
catalyst to be regenerated and of hydrogenating fluid, 
indicates that hydrogenation is diminished or complete to 
the extent possible under the prevailing conditions. 
Analagously hydrocarbonaceous effluent component may be 
monitored for a decrease in production. Suitable 
techniques for monitoring effluent composition are known 
in the art and include gas chrom~tographic separation 
techniques in combination with fl,ame ionisation detection 
techniques. 

A suitable flow rate or resiqence time of hydro­
genating fluid may be determined.to attain a desired rate 
of hydrogenation, taking lnto c()rtsideration i.a 
concentration or partial pressure of available hydrogen 
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in the hydrogenating fluid and nature and concentration 
of hydrogenating function, temper.ature to which the 
deactivated cat;:ilyst is subjected in step b), nature of 
catalyst composition, for example the concentration of 
zeolite crystals in the catalyst and the extent of 
zeolite deactivation on completion of each step a} • 

By the process of the invention it is possible to 
operate at an acceptable conversion, i.e. obtaining an 
acceptable alkylate yield for the duration of the time on 
stream. It would appear that the catalyst alkylation 
activity is upheld throughout partial deactivation and 
until full deactivation of all sites has occurred, at 
which point olefin breakthrough is observed. Hence for 
the duration of time on stream it would appear that 

hydrocarbonaceous deposits remain associated with the 
acid sites of the catalyst and are not detected in the 
product. In order to maintain a higher production rate 
averaged over a process cycle it may be advantageous to 
operate to a minimum production rate corresponding to 
partial deactivation of catalyst in combination with a 
high frequency of deposit removal step b). Rate of 
alkylate production per weight of catalyst averaged over 
one full reaction cycle may conveniently be calculated as 
the product of olefin space velocity, time on stream in 
step a) and yield of alkylate on olefin, as a function of 
combined time of one full cycle. ,Yield of alkylate at 
effective olefin conversion is taken for this purpose to 
be 200 %. 

A pref erred operation of the process of the invention 
is in the preparation of highly br.anched paraffins 
containing 5 to 12 carbon atoms,, P.~eferably containing 
5,6,7,8,9 or 12 carbon atoms, mos~'preferably trimethyl­
butane, -pentanes or -hexanes. Th'3·process may be applied 
in the upgrading of a paraffinic. ~eedstock comprising . : . : : .· ~ 

iso-paraffins having from 4 to a·qarbon atoms as desired, 
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suitably of a feedstock comprisipg isobutane, 2-methyl­
butane, 2,3-dimethylbutane, 3-methylhexane or 2,4-
dimethylhexane, most preferably ~ paraff inic feedstock 
comprising iso-paraffins having 4 or 5 carbon atoms. 
Suitable feedstocks for the process of the invention 
include iso-paraffin-containing fractions of oil 

conversion products such as naphtha fractions, and 

refined iso-paraffin feedstocks such as refined iso­

butane. 
The olefins containing stream suitably comprises a 

lower olefin containing hydrocarbon which may optionally 
contain additional non-olefinic hydrocarbons. Suitably 
the olef ins containing stream comprises ethene, propene, 

iso- or 1- or 2-(cis or trans) butene or pentene or 
mixtures thereof optionally diluted for example with 
propane, iso-butane, n-butane or pentanes. In a further 
advantage of the present invention, it is found that the 
process may be operated with such mixed olefin streams 
and with pentene streams, whereby refinery fractions may 

be employed directly as feedstocks, despite the more 
rapid catalyst deactivation with such feeds by virtue of 
the case of regeneration according to the present 
invention. The process of the invention may suitably be 
operated downstream of a fluid catalytic cracking unit, 
an MTBE etherification unit an olefin isomerisation unit 
or an olefin dimerisation unit. 

Preferably step a) is conducted in such a manner as 

to control initial contact of the catalyst with olefin 
feed. Suitably the reactor is first charged with 
paraffinic feedstock until full saturation. Internal or 
external circulation may advantageously be operated as 
described in copending European patent application 
numbers 92201015 and 92201016 for high dilution of olefin 
which is continuously and quantitatively charged at a 
paraffin to olefin ratio greater than 5 to the reactor at 
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an acceptable olefin space veloc.i:tY. Sui table olefin 
space velocity is such that conversion is maintained in 
excess of 90 mol%. The feed mixt;tire may advantageously be 
charged in known manner for impr_oved dispersion for 
example via a plurality of inlet ports. 

For t_ransition from step a) to step b) in a reactor 
or bed operated in batchwise process, the supply of 
olefin is te~minated or is switched to a feed line 
operated in parallel supplying a bed operated in 
antiphase with respect to the cyclic process. Remaining 
alkylate entrained in the reactor or bed is removed, for 
example by terminating supply of paraf f inic feedstock and 
drying the reactor or bed at elevated temperature and/or 
reduced pressure, or by continuing supply of hydro­
carbonaceous feedstock as purge for remaining alkylate in 
the reactor whereafter the supply of hydrocarbonaceous 
feedstock is also terminated. The catalyst is then 
contacted with hydrogenating medium, for example by 
feeding hydrogenating fluid continuously with optional 
recycle or for a period to attain a desired partial 
pressure in the reactor as above described. 

For transition from step a) to step b) of a process 
operated with use of a slurry reactor and continuous 
catalyst regeneration, catalyst is periodically or 
continuously withdrawn from the reactor vessel and passed 
to a separate vessel in which hydrogenating fluid is 
periodically or continuously introduced and effluent 
withdrawn accordingly. Removal o,~, entrained effluent from 
step a) may be effected within tP.k hydrogenation vessel 
by drying at elevated temperatut~: and/or reduced pressure 
or by subjecting catalyst prior:to hydrogenation with a 
non-olefinic hydrocarbonaceous pUrge for removal of 
entrained alkylation effluent. Ig'.a continuous withdrawal 
process, the purge may be carried: out in a separate . :· .. >\: 
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vessel prior to passing catalyst to the hydrogenation 
vessel. 

For· repeat of the batchwise cyclic process, the 
supply of paraffinic feedstock is recommenced for a 
period to saturation of the catalyst, whereafter the 
supply of mixed paraf f inic feedstock and olefin is 
recommenced as above described. For reuse in step a) of 
catalyst withdrawn from a slurry reactor for operation of 
step b), saturation with paraffinic feedstock may be 
carried out in a separate vessel prior to returning 
catalyst to the reactor. 

Where it is desired to operate with internal or 
external circulation for example as described in 
copending European patent application numbers 92201015 
and 92201016, the extent thereof may be selected 
according to the desired frequency and extent of removal 
of hydrocarbonaceous deposit. A high degree of 
circulation promotes a greater catalyst lifetime or a low 
frequency of removal of hydrocarbonaceous deposit. 

It may be desirable to convert alkylate further to 
other products. Accordingly the process of the invention 
may be operated with use of a feed line for introducing 
alkylate to a further process unit. 

Step a) of the process of the invention may 
conveniently be carried out at a temperature less than 
150 °C, for example at 60 to 100 °C, preferably at 70 to 
80 °C, for example at 75 °C. Reactor pressure may be 
between 1 and 40 bar, preferably between 10 and 30 bar. 
Suitably reactor pressure is just greater than the vapour 
pressure of the paraffin so as to maintain the reaction 
in the liquid phase. 

Paraffin to olefin ratio is suitably in excess of 
5 v/v, preferably in the range of 10 to 50 v/v, more 

.. :. 

preferably in the rari<;J$ .·of 12 to 30 v/v. A low paraffin 
to olefin ratio suitab1y within the range 5 to 10 v/v 



- 12 -

favours the formation of higher alkylates, such as 
isoparaffins containing 12 carbon atoms. Operation at 
high paraffin to olefin ratios favours the formation of 
lower alkylates but may incur increased effluent 
distillation and external circulation costs. 

Preferred olefin conversion is at least 95 mol%, more 
preferably at least 98 mol%, more preferably at least 99 
mol%, such as for example 99.5, 99.8 or 99.9 mol%. Most 
preferably olefin conversion is substantially complete, 
i.e substantially 100%. 

Preferred operating ranges of olefin space velocity 
include from 0.05 to 10.0 kg/kg.hr, preferably from 0.1 
to 5.0 kg/kg.hr most preferably from 0.2 to 1.0 kg/kg.hr. 

Step b) of the process of the invention may 
conveniently be carried out at a temperature and a 
pressure equal to or greater than that for step a) • 
Whilst use of same temperature and pressure conditions 
minimises the period for interchange between steps, it is 
found that the rate of deposit removal increases with 
increase in temperature and hydrogenating medium 
pressure, hence at relatively extreme temperature and 
pressure a relatively long period for interchange between 
steps may be partially or completely compensated by a 
re·latively short period for deposit removal. 

Suitably step bl is carried out at a temperature of 
greater than 80 °C, preferably greater than 150 °C, more 
preferably from 200 to 550 °C. Suitably hydrogenating gas 
is maintained at a partial pressure of 1 to 100 bar, more 
preferably of 3 to 50 bar, most preferably 5 to 20 bar. 

The process may advantageously be operated by 
monitoring of composition of effluents from steps a) and 
b) using known means for example as hereinbefore 
described whereby feed rates and feed lines are adapted 
in response to multivariable constraint control of a 
selected operating parameter. In a preferred operation of 

\ 
\ 
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the process of the invention the effluents are monitored 
during operation and composition readings fed to an 
advanced process controller operating on a process model 

to achieve optimum process efficiency. 

The process of the invention is operated with use of 

a solid acid catalyst comprising zeolite crystals 

conforming to the structural classification of a zeolite 
beta, suitably as in Newman, Treacy et al., Proc. R. Soc. 
London Ser. A 420, 375 or in US 3,308,069, first reported 

synthesis. Zeolite beta may be prepared using tetra­

ethylammonium hydroxide as a template and as described in 

Zeolites ~ (1988) 46-53. The zeolite is suitably calcined 
before use, for example at 550 °C for 2 hours. The 

silicon-to-aluminium ratio of the calcined material may 
be selected as appropriate. The zeolite may be ion 

exchanged for example 

with ammonium nitrate to give the hydrogen form and 

optionally calcined to promote acidity. 
In a preferred embod~ment of the invention the 

zeolite is further ion exchanged with a hydrogenating 
metal component as above defined, preferably platinum, 

palladium or nickel, in an amount of 0.005 - 10 %wt on 
zeolite, preferably 0.01-1 %wt, more preferably 

0.05-0.5 %wt, and subsequently calcined. Preferably the 

zeolite is subject to reducing conditions prior to use to 
render the.hydrogenating metal component in metal form. 
Ion exchange with metal components has been found to 

promote hydrogenation and is of particular advantage with 

use of relatively extreme temperature in step b). 

The zeolite may be employed directly or further 

combined with a support. For .example the zeolite may be 

present in combination with a refractory oxide that 
serves as binder material such as silica, alumina, 

silica-alumina, magnesia, titania, zirconia and mixtures 

thereof. The weight ratio of refractory oxide and zeolite 
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suitably ranges from 1:99 to 90:10, preferably from 50:50 
to 5:95. The binder is suitably combined with zeolite 
prior to final calcination thereof, the combination 
optionally extruded and finally calcined for use. 

Step b) of the process of the present invention is 

not limited to application with step a) as herein defined 
but may be employed in combination with other known 
processes for catalytic hydrocarbon conversion using a 

zeolite beta catalyst wherein zeolite deactivation by 
deposit of hydrocarbonaceous material takes place. 
Examples of such applications which may be envisaged 
include isomerisation, hydrocracking, fluid catalytic 
cracking, alkylation of aromatics, reforming, methanol to 

olefin conversion and toluene disproportionation. 
Accordingly there is provided according to a further 

embodiment of the present invention a process for 
upgrading the activity of deactivated hydrocarbon 
conversion catalyst comprising exposing the catalyst to a 
hydrogenating medium and removing a hydrocarbonaceous 
effluent wherein the catalyst comprises zeolite beta 
crystals. 

This process is of particular advantage in view of 
the broad temperature range of application which be 
employed. Suitably temperatures may be employed ranging 

up to 550 °C and greater. The advantage of operation at 
higher temperatures with corresponding higher rate of 
hydrogenation and rapid availability of reactivated 
catalyst, is found to be available since the zeolite beta 
in the catalyst appears not to be irreversibly 

deteriorated at high temperatures under the hydrogenating 
conditions of this process. Accordingly the process is of 
particular advantage when operated at temperatures of 
250 °C and greater. 

The process is now illustrated by way of non-limiting 
example. 
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EXAMPLE 1 
Catalyst A comprising palladium supported on zeolite 

beta was prepared using tetraethylammonium hydroxide as a 
template according to a recipe as described in Zeolites ~ 
(1988) 46-53. After synthesis, the solids were separated 
from the liquid, washed with deionized water, dried and 
calcined at 550 °C for 2 hours. The deionized water, 
dried and calcined at 550 °C for 2 hours. The silicon-to­
aluminium atomic ratio of the calcined material was 14.7. 
The zeolite was brought into its acidic form by ion­
exchange with ammonium nitrate. The catalyst was loaded 
with 0.1 %wt palladium by ion-exchange with an aqueous 
solution of palladium tetraamine chloride and finally 
calcined at 450 °C for 2 hours. 
EXAMPLE 2 

60-140 mesh size catalyst A was dried for 2 hours at 
200 °c in air then loaded into a stirred autoclave 
reactor. The reactor was pressure-tested with hydrogen at 
room temperature, raised to a temperature of 250 °C and 
maintained at 250 °C for 16 hours in a flow of hydrogen. 

The reactor was brought to a temperature for 
alkylation reaction maintained between 70 and 100 °C and 
the reactor filled with isobutane to reaction pressure of 
24 bar while stirring the reactor contents. On saturation 
of the reactor with isobutane, an effluent stream was 
withdrawn and.with continuation of stirring of reactor 
contents, the reactor was fed with a mixed 2-butene and 
isobutane feedstock (paraffin-to-olefin ratio of 30 v/v) 
at an olefin space velocity (osv) of 0.2 kg/kg.h. The 
effluent withdrawn from the reactor was analysed on-line 
by GLC and separated into an atmospheric liquid and a 
vapour product. Reaction w~s continued until butene 
breakthrough observed in the effluent, the reactor then 
depressurized and feed switched to pure hydrogen gas. The 
reactor was pressurized to 24 bar and temperature raised 
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for regeneration to 250 °C for 16 hours while a flow of 

hydrogen was fed to the reactor. Then the reactor was 
cooled to the alkylation reaction temperature and the 
above described operation for the alkylation reaction 
repeated. 

The operation was continued for 9 cycles with no 
observed loss in catalyst activity over consecutive 
cycles. During these cycles the olefin space velocity 

(osv) was varied between 0.1, 0.2 and 0.4 kg/kg.h, the 
regeneration temperature was varied between 250 and 
450 °C and the regeneration time was varied between 4 and 
24 hours. The life time of the catalyst during alkylation 
(defined as the time during which the olefin conversion 
is above 90%) is given in Table 1. 

TABLE 1 

Cycle Alkylation OSV Regeneration 
No. life-time time temperature 

(kg/kg.h) (hours) (hours) (deg. oc) 

1 0.2 25 16 250 

2 0.1 58 24 250 

3 0.4 10 8 450 

4 0.2 26 8 350 

5 0.4 9 60 250 

6 0.2 27 16 250 

7 0.2 25 4 450 

8 0.4 10 16 250 

9 0.1 57 

Typically alkylate of substantially uniform quality 

was produced for each cycle throughout the life time of 

the catalyst. The yield of essentially paraffinic CS+ 
product was greater than 190% by weight on olefins. 
Analysis of the product is given in Table 2. 
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Table 2 - Analysis of the alkylate produced in cycle 6 
(Table 1) 

Alkylate Yield (%wt) fraction 
CS/CS+ 6 
C6/C5+ s 
C7/CS+ 6 
C8/CS+ 79 
C9+/CS+ 4 

From Example 2 it is clear that the catalyst may be 
regenerated to full activity without apparent 
dealumination of the zeolite which would result in 
diminished activity. 
EXAMPLE 3 

Catalyst A was loaded into a fixed bed recycle 
reactor and subjected to a flow of hydrogen at 450 °C and 
atmospheric pressure for 2 hours. The reactor temperature 
was lowered for alkylation reaction to about 85 °C and 
the reactor filled with isobutane to reaction pressure of 
28 bar. On saturation of the reactor with isobutane, an 
effluent stream was withdrawn and recycled at a ratio of 
100 v/v versus feed recycle. A mixture of 2-butene and 
isobutane feedstock (paraffin-to-olefin ratio of 30 v/v) 
was fed into the reactor at an olefin space velocity of 
0.2 kg/kg.h with recycle of reactor effluent at a ratio 
of 100. Reaction was continued until butene breakthrough 
observed in the effluent, the reactor ~as depressurized 
and feed switched to pure hydrogen gas. The reactor was 
pressurized to 28 bar and temperature raised for 
regeneration to 4SO °C for 16 hours maintaining flow of 
hydrogen feed to the reactor. Then the reactor was cooled 
to the alkylation reaction temperature, feed switched to 
isobutane and recycle commenced as above described for 
repeat of the alkylation reaction. 
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Operation was continued for 5 cycles. Alkylate was 
produced for 23 ~ 27 hours in each cycle. Olefin 
conversion was greater than 99%, i.e substantially 
complete. 
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CLAIMS 

1. Cyclic process for catalytica).ly. upgrading a 

paraffinic feedstock and upgrading the ·activity of 

deactivated catalyst comprising ·t:he steps a) of supplying 

feedstock and olefin at a paraffin to olefin ratio 

greater than 5 v/v to a reactor containing a solid acid 

catalyst and removing effluent comprising upgraded 

product and b} of exposing the catalyst to .a hydro­

genating medium and removing hydrocarbonaceous effluent 

characterised in that the catalyst comprises zeolite beta 

crystals. 

2. Process according to claim 1, wherein olefin 

comprises propene iso- or 1- or 2-butenes or pentenes or 

mixtures thereof. 

3 Process according to claim 1 or 2, wher·ein the 

hydrogenating medium comprises a hydrogenating fluid. 

4. Process according to claim 3, wherein the hydro­

genating fluid is a gas maintained in step b) at a 

partial pressure of 1 to 100, preferably 3 to SO, more 

preferably 5 to 20 bar. 

5. Process according to claim 3, wherein the 

hydrogenating fluid is in admixture with an inert gaseous 

or liquid diluent or reactive hydrocarbon, for example 

with a gaseous lower alkane such as butane or with a 

reactive aromatic such as toluene; benzene or light 

reformate, in a ratio of 99:1 to ·i:99 v/v. 

6. Process according to any of ciaims 3 to 5, wherein 

the hydrogenating fluid comprises:hydrogen. 

7. Process according to claim 1, .wherein the 

hydrogenating medium additionally(comprises a 

hydrogenating function which is p~eferably a 

hydrogenating metal component. 
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8. Process according to claim 1:, · w}1~rein the 
hydrogenating function comprises. a metal component 
sel,ected from nickel, palladium and platinum. 
9. Process according to claim 7 or 8, wherein the 
hydrogenating function is presen_t in a;n a:qi.ount of 
O. 0'05 - 10 %wt, preferably O. 01 - 1 %wt, ~ore preferably 
0.05 - 0.5 %wt on zeolite beta. 
10.; Process according to any of. ·claims 1 to 9, wherein 
step b) is carried out at a temp~rature greater than 
80 °C, preferably greater than 150 °C, for example from 
200 to 550 °C. 
11. Process according to any of claims 1 to 10, wherein 
the reactor comprises a fixed bed or slurry phase reactor 
optionally employing external or internal circulation of 
liquid reactor contents in step a}. 
12. Process according to any of claims 1 to 11 carried 
out in a plurality of reactors or reactor beds operated 
with feed and effluent lines in_ parallel whereby step a) 
and step b) are operated in antiphase in at least two 
beds. 
13. Process according to any of claims 1 to 11 carried 
out in a slurry reactor wherein catalyst is withdrawn 
continuously or periodically from the reactor to a 
separate vessel for operation of step b) and ret~rned to 
the reactor for operation of step a). 
14. Hydrocarbonaceous product prepared by a process as 
described in any one of claims 1 to 13. 
15. Process for upgrading the act;ivity of deactivated 
hydrocarbon conversion catalyst coinprising exposing the 
catalyst to a hydrogenating mediµm and removing a 
hydrocarbonaceous effluent charac"terised in that the 
catalyst comprises zeolite beta crystals. 
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