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We, UNIversAL O1L Probucts COMPANY,
a Corporation organized under the Laws of
the State of Delaware, United States of
America, of No. 30 Algonquin Road, Des
Plaines, Illinois, United States of America, do
hereby declare the invention, for which we
pray that a Patent may be granted to us, and
the method by which it is to be performed, to
be particularly described in and by the follow-
ing statement : — - , :

_The present invention relates to the hydro-
genation of aromatic hydrocarbons in the pre~
sence of a noble metal catalyst at elevated tem-
peratures not exceeding 427° C. and at super-
armospheric pressure to formy the correspond-
ing cyclic paraffins. The present invention is
particularly advantageous when utilized for
processing aromatic hydrocarbons which are
contaminated by difficultly removable sulfur-
ous compounds, especially thiophenic com-

pounds, and .affords virtually 1009 oonver~

sion without the necessity for the absolutely

" " complete removal of these sulfur compounds
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and decahydronaphthalene.
_ paraffinic compounds are extensively employed
" mn-commercial industries for a wide variety of

from such aromatic hydrocarbons, More speci-
fically, the present invention is directed to a
process for the hydrogenation of sulfur-con-
taminated benzene to form substantially pure
cyclohexane. :

The process of the present invention effects
the hydrogenation, or saturation, of various
aromatic hydrocarbons, such as benzene and
naphthalene, and substituted aromatic hydro-
carbons such as toluene, the various xylenes,
ethylbenzene, diethylbenzene, and other mono-,
di-, and tri-substituted aromatic hydrocarbons.

The corresponding cyclic paraffins, resulting-
from the hydrogenation of the aromatic

nucleus, include compounds such as cyclohex-
ane, mono-, di-, tri-substituted cyclohexanes
These cyclo-

purposes: for example, cyclobexane is utilized
in the manufacture of nylon, and as a solvent
for various fats; oils, and waxes. Cyclohezane

is often employed in the manufacture of crude

rubber and various resins, and is utilized in
[Price 4s. 64.]

paint and varnish remover, Mono-, di-, and
tri-substituted cyclohexanes are highly desir-
able for utilization as jet fuel components, as
well as for starting materfals in various
organic syntheses. Decalin is employed as an
organic solvent -for heavier fats and oils, as a
stain remover, and as ‘a substitute for turpen-
tine. For the greater majority of uses, it is
extremely desirable that the cycloparaftin, for
example cyclohexane, exist in a substantially
pure state, and particularly uncontaminated by
the corresponding aromatic hydrocarbon.

In the interest of simplicity, the invention
will be discussed below with particular refer-

ence to the hydrogenation of benzene to form:

substantially pure cyclohexane, It is under-

stood, however, that the process of the present

invention may be utilized to advantage for the
hydrogenation of any aromatic hydrocarbon

which is to be converted to the corresponding.

cyclic paraffin. = - o :
Although cyclic paraffins exist in various
petroleur hydrocarbon fractions and distillates
in substantia] quantities, it is very difficult to
effect recovery thereof by fractional distillation
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due to the tendency of the cyclic paraffins to

form azeotroptic mixtures. On the other hand,
a series of distillation and extraction procedures

may be utilized to obtain substantially pure =~ o

7.

aromatic hydrocarbons. For example, a ben~ . .

zene~containing material, such as a hydrocar-
bon naphtha boiling within the range of about
65° C. to about 204° C., may be subjected to
a fractiona] distillation: for the separation of a
heart cut which containg the benzene and other
hydrocarbons boiling -within the benzene boil-

ing range. The benzene-containing heart cut is

then subjected to an extraction process which
separates the benzene from the normsal or iso-
paraffins and naphthenes contained. therein.
The benzene is then readily separated by dis-
tillation from the particular solvent employed
in the extraction. In this manner, benzene, and

80

85

also other aromatic hydrocarbons, may be ob-

tained having a purity as high as 99.0%.
The substantially pure aromatic hydrocar-

bon, for example benzene, may be hydrogen-
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ated to form the cotresponding cyclic paraffin, '

such as cyclohexane. Heretofore, the benzene

. hydrogenation has been effected to an appre-

ciable extent with a nickel-containing catalytic

. The utilisation of nickel catalyst,
however, is .disadvanrageous in’ many respects,
and especially from the standpoint that nickel
is extremely sensitive to sulfurous compounds
contained in the benzene being contacted there-
with, Regardless of the source of-benzene, the
greater portion of the contaminants therein
comprise sulfurous compounds, and particu-

larly thiophene. As a result of the presence of .

these sulfurous compounds, hydrogen sulfide is
formed via a side reaction with hydrogen, and
the nickel catalyst becomes deactivated through
an interreaction withs the hydrogen sulfide,
whereby the nickel component of the catalyst is

converted to nickel sulfide. The thiophene re-

acts to form hydrogen sulfide and nickel sulfide
at those catalyst locations accessible to the thio-
phene molecule, and also to the benzene mole-
cule, ‘The resuktmg nickel sulfide is fized in that
location, and thus' effectively blocks that parti-

cular action site fromy use in benzene hydro- .

genation, ‘Sulfur which enters as hydrogen sul-
fide can have access to that part of the mickel
not accessible to thiophene, in addition to those
sites restricted to the benzene molecule. Thus,
the capacity for sulfur depends upon the type
(size) of the sulfur molecule entering the re-
action zone. Some mercaptan-type sulfur com-
pounds ¢an break down in the preheater sec-
tions to yield lydrogen sulfide upon entering
the reaction Zzone, functxomng therein as set
forth, :

' The .inter-reaction of the mckel-contammng
catalyst with hydrogen sulfide may be illus-
trated by the follovnng chemical equation:

N1+st€——3‘le +H2 (1)

‘As -mdrcated the reaction is at least partially
reversible; however, even under the most favor-
able conditions, it is not yersible to the extent
that a sufficient quantity of the nickel com~
potent. of the catalyst becomes catalytically
active for effecting  additional hydmgenauon

" Nickel catinot, therefore, be considered 4 true
catalyst that is,"a substance which promotes a-

feaction without being substantially affected
thereby, ‘and cannot, therefore, exhibit the ex-

tended capability of performing its intended’

function,- In other words, the nickel catalyst,
although fairly active 1mt1ally, doés not possess
sufficient_stability. ~The . deactivation of the
nickel catalyst is such that the process must be
interrupted for the purpose of either regenerat-

" ing the catalyst, or replacing the same; obvi-
~ously, ‘as a result of the rapid deactivation,

-this procedure is wasteful. An object of the
present invention is to provide a catalyst which

- “does not rapidly deactivate ‘as a result of the

sulfurous compotnds in the benzene or other
aromatic hydrocarbon charge, and which,

‘expression ;-

though reactable with' such sulfurous com-.
pounds, reacts in a mamner which is rather

easily reversed.

The catalyst. utﬂlzed in the process of thc'.'-
present invention is a’ catalytic composite con-

taining a platinum. group metal, and, for ex-
ample, when such platinum group metal is
platinum, the platinum reacts with the hydro-
gen. sulfide resulting from the sulfurous com-
pounds according to the fol]ow'mg chemical
equation:

Pt+H,S¢<=PtS:+H, - (2

As indicated in equation (2), the formation of

platinum sulfide from platinum: and hydrogen

sulfide is readily reversible. The indicated re-
action tends to réverse as the temperature of
_rhc reacton, whereby hydrogenation is effected,
is increased. On the other hand, an increase in
reaction temperature generally results in re-
actions other. thin the hydrogenation of the
aromatic nuclei to the corresponding cyclic

.paraffin. For example, at elevated temperatures,

benzene will be converted not only to. cyclo-
hexane, but also to methylcyclopentane and
various stralghft-cham paraffinic “hydrocarbons.
‘Also, the .conversion efficiency -of -benzene to
cyclbhexane tends to decrease with an increase
in temperature, and the. purity of the cyclo-

hexane product is lowered by the inclusion .

therein of unreacted benzene: Therefore, 2 fur-
ther object of the present invention ‘is to pro-
vide a process, at particular conditions of oper-

‘ation, which permits the «utilization of elevated

temperatures while processing a sulfur~contam-

:masted aromatic hydromnbon

The rate of reaction, or degree' of reversi-

bility, as illustrated by equation (2), may be

represented by . the following miatlmmancal

H.S
PS K

: —_—-l—.-—————-

Pt H,.

'where K is the reaction rate oonstant Thus, it
is- seen that the removal of hydrogen. sulfide

e

from the system’ ‘results ‘in a decrease in the,

ratio of inactive platinum sulfide to platinum
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available for effecting the desired hydrogena- .

‘tion reaction. Through the utilization' of “the

catalyst and: _Process’ of ‘the present invention,
there is permitted the use of sulfur-contamin-
ated benzene without the attendant catalytic

deactivation. The utilization of the platinum- .

‘containing - catalyst does not indicate a differ-
‘ence in the overall ‘effect of the various sulfur 1
compounds (thiophene as compared to hydro- -~

gen sulfide) as was noted -with the nickel-con-

uo:
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taining catalyst. The overall result is an ex- .

tended period of operation, without the neces-

.sity for frequent shutdown to fegenerate’ or
change the catalyst, while maintaining constant’

120

producuon of substantially - completely pure
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. ium under an imposed pressure within the range

cyclohexane. ' : .
Thus, the process of the present invention
comprises effecting the substantially complete
saturation of the aromatic hydrocarbon with
hydrogen in the presence of a.catalytic compo-
site which consists of an alumina-containing
refractory oxide carrier and minor amounts of
a platinum group metal and of at least one
- metal of the group of the alkali and alkaline-
earth metals, :

The catalyst employed in the present pro-
cess preferably contains platinum and/or pal-
ladium as the platinum group metal in an
amount of from 0.1% to 2.0% by weight of
the total composite, calculated as the element
thereof. As hereinafter set forth in greater de-
tail, the catalyst is effectively made selective
for the hydrogenation through the addition of
the alkali, or alkaline-earth metal component
in an amount which, calculated as the element
thereof, is generally not more than 5% by
weight of the catalyst and preferably less than
the amount of the platinum group metal. A
particularly preferred catalyst contains plati-
num and an alkali metal in an amount within
the range of from 0.01% to 0.7% by weight
of the catalyst. The remainder of the compo-
site is an alumina-containing refractory cxide

carrier which preferably consists at least pre-
ominantly of alumina. Alumina containing
ot substantially in excess of of about 3.0%
iica appears to be beneficial in regard to
bility, without experiencing the usual hydro-
cracking tendencies generally considered -com=

_01_ 35 _sidesed inherent in an alumina - silica base
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material, The carrier material is hereinafter
described in more detail. e

In a specific embodiment of the present in-
vention an aromatic hydrocarbon containing
sulfurous contaminants is contacted in the pre-

- sence of hydrogen in a plurality of reaction

zones with an aluming-platinum: catalytic com.-
posite containing from about 0.01% to about
0.7% by weight of at least one metal from the
goup of the alkali and -alkaline-earth metals
under an imposed pressure within the range of
from 6.8 to 136 atmospheres, the inlet temr-
‘perature. to each of the reaction; zones being
-within the range of frem 93° C. to 427° C,

_the hydrogenated, ‘aromatic  hydrocarbon is re-

moved from the last reaction zone in said plur-
ality and 2 portion of this hydrogenated hydro-

*“carbonris recirculated to the first reaction zone

in said plurality. :
In another specific embodiment of the pre-
sent invention cyclohexane is produced from
" benzene containing sulfurous compounds in an

. amount of about 0.1 ppm. to about 3.0 ppm.
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(“ppm.” signifying parts per million parts),
calculated as elemental sulfur, by contacting
cyclohexane and the sulfur-containing benzene,
in the presence of water-saturated hydrogen, in
a plurality of reaction zones with an alumina-
platinum catalytic composite containing frony
about 0.01:% to about 0.7% by weight of lith-

of from 20.4 to dbout 68 atmospheres; the in-
let temperature 1o each of the reaction: zones
being between 93° C. and 316° C.,, cyclobex-
ane which is substantially free from benzene.is

temoved from the last reaction zone in said

plurality and at least a portion of this cyclo-

‘hexane is recirculated to the first reaction zone

in said plurality. _ SR

The utilization of a plurality of reaction
zones in the present process involves a flow
which is partially in series . and " partiaily
parallel. Although any suitable number of re-
action zones may be employed, the use of
three reaction zones is preferred as it permits
substantiaily complete conversion of the. ben-
zene to cyclohexane at temperatures which
avoid undesirable side reactions. To facilitate
the operation, the total volume of catalyst em-
ployed in the process is divided into approxi-
mately equal portions, each of which s dis-
posed within one of the three reaction zones.

Similarly, the total benzene should be added in.

three approximately equal portions, one each
of said portions being supplied to the inlet of

one of the three reaction zones. Thus, the ben-’
zene passes in parallel flow through the re-

action zones, while the hydrogen and cyclo-
bexane recycle pass in series through the re-
action zones, The temperature rise in ‘each re~
action zone is limited thereby to an allowable
value, at the pressure imposed thereon, by
restricting the quantity of benzene in the re-

-actant mixture introduced to a particular zone.

Recycled cyclohexane is employed to increase
the ratio of hydrogen to benzene in the re-

actant mixture, and hence to increase the

hydrogen allowable in a single reaction zome.
The use of a plurality of reaction zones in
scries reduces the quantiy of recycle cyclohex-
ane required, and also reduces the total quan-
tity of ‘excess hydrogen needed. In a typical

operation, approximately one-third of the total -
benzene charge is commingled with the re- -

cycled . cyclohexane and hydrogen, -and is
charged to. the first reaction zone.- Prior to
enteriig this reaction zome, the mixture is

heated to a temperature of about 204° C, The -

quantity of cyclohexane is approximately equal
to three times the quantity of benzene charged

to the firsi reaction zone; the hydrogen is em-

ployed in such an amount that a mol ratio’ of

hydrogen, to cyclohexane in- the effluent from

last reaction zone in the series is not sub-
stantially less than about 4: 1. The total efflu-
uent leaves the first reaction zone at a tempera-~
ture of about 260° C., and although a tem-

70
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perature profile bas indicated pesk tempera-

tures as high as 316° to 371° C,, the catalyst
utilized in accordance with the present inven-
tion has been found to result in little or no
hydro-cracking or formation of undesirable
straight-chain paraffinic hydrocarbons.  The
effluent from the first reaction zone is com-
mingled with a portion of benzene equal to
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Swrt separator, maintained at a
~ of about 38° C. or less, wherein it is divided
-into two phases. A hydrogen—nch gas phase is

approximately one-third of the total benzene
charge to the process. The resulting mixture is
then cooled to a temperature of about 204°
C.,. prior to entering the second reaction zone.
Similarly, the effluent from the second re-
action zome is commingled with .approxi-
mately one-third of the total benzene charge
and is subsequently cooled to a temperature

- of about 204° C. prior to entering the third

reaction zone. The total effluent from the
last reaction zone is passed into a high pres-
ture

recovered, and is subsequently recirculated to
the first reaction zone as a portion of the
hydrogen necessary for the reaction; 2 portion
of the lhiquid phase, being substantially pure
cyclohexane, is recycled to the inlet of the
first reaction zone. The remaining portion of
the cyclohexane stream is passed to a stabi-
lizer for the purpose of removing hydrogen
therefrom, which hydrogen may Pave been
adsorbed by the cyclohexane in the high-pres-
sure separator, The process of ‘the present in-
vention, when effected in accordance with the
conditions stated herein, is capable of produc-
ing a cyclohexane stream of greater than
99.5.% purity for an extended period of time,
and without the need for frequent, expensive
shutdowns necessitated by a deactivated cata-
lyst. It is not unusual for the process of the
present finvention to result in a cyclbhr;xane
product of as high as 99.85%' purity, or
higher,

The process of the present mvenuon for.

hydrogenpating aromatic ‘hydrocarbons to the
corresponding cyclic paraffins and particularly
the process for hydrogenating benzene to-yield
substantially pure cyclohexane is more iully
described with reference to the accompanying
drawing. The invention is not limited to the
particular embodiment illustrated. Miscellane-
ous valves, coolers, heaters, and instrumenta-
tion- piping have been omitted fromy the illus-
tration as not being essential to the understand-
ing of the process flow described therein.
Moreover, various simplified modifications of
the illustrated flow may be made without
departing from the scope of the invention as
defined by the appended claims. The illustra-
tion is given for the purpose of indicating a
preferred mode of operation, and one which
yields the desired end mult ina most advan-
tageous manner.

A stream of the aromamc hydmc}arbon,
which, in the present illustration is benzene, is
passed from a suitable storage tank 1 through
line. 2 and is admixed with recycled hydrogen
and cyclohexane in line 3 prior to befing intro-
duced into heater 4. The cyclohexane is pre-
sent in an amount to provide a mol ratio, with
respect t¢ the total quantity of benzene pass-
ing in parallel flow to reactors 6, 12 and 18,
within the range of about 0.5:1 to about 5:

1. The source of the hydrogen and cyclohex-
ane in line 3 is hereinafter described. The re-
action of benzene to cyclohexane is exother-
mic and, once initiated at elevated tempera-
ture, is self-sustauung, heater 4 is, therefore,
employed to increase the temperature of the
benzene - cyclohexane - hydrogen mixture to
the level desired at the inlet to the first of the
series of reaction zones, namely reactor 6.
Thus, the heated charge passes from. heater 4
through line 5 into reactor 6. Reactor 6 is
maintained under an imposed pressure within
the range of from 6.8 to 136 atmo-
spheres and preferably in the range
of from 204 1to 68 atmospheres. A
higher pressure not only favors hydrogenation,
but also tends to increase the degree of hydro-
cracking with attendant coke fommation. The
effluent from reactor 6 passes through line 7,
is combined in line 8 wmh a fresh benzene
charge portion, which is approximately equal
to the amount, initially introduced to reactor
6, and the mixture passes through line 9 into
oooler 1G. As hereinbefore stated, the hydro-
genation reaction is exothermic, and therefore,
the charge to the second reactor in the series,
reactor 12, must necessarily be cooled to the
desired inlet temperature prior to being con-
tacted with the catalyst disposed in the next
succeeding zone, reactor 12. The cooled mix~
ture is passed through line 11 into reactor 12.
The 1ictal effluent from the latter passes
through line 12 and is mixed with a quantity

-of - fresh benzene approximately equal to that

initially introduced to reactor 6; the resultant
mixture is passed through line 15, cooler 16,
and line 17 into the third reactor in the series,
reactor 18.

As indicated in the drawing, coolers 10 and
16 are integral segments of a main intercooler
25. The illustrated flow of the intercooler sys-
tem is employed to facilitate the 1y con-
trol of the inlet temperatures to reactors 12 and
18. The miscellaneous flow control valves are
not indicated in the drawing since these, as
well as other intercooler systems would be
obvious. to one possessing sufficient knowledge

of the utilization of these temperature control-

ling methods, Suffice is to say that a suitable
heat exchange medium, such as water, passes

- from intercooler 25 through a common line

26 and is distributed, in accordance with tem-
perature controlling restrictions, through line

29 into cooler 10, and through line 27 into

cooler 16. The cooling medium is then re-
directed to intercooler 25 through lines 28 and
30 respectively.

The product effluent from reactor 18 is re-
moved through line 19 and introduced into &
high-pressure separator 20, Separator 20 is
operated at a pressure level slightly below that
of reacter 18, which in turn is at 4 pressure
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slightly below that of reactor 12. The slight

pressure drop through the reactor system, in- .
cluding separauor 20, is an inherent result of
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the flow therethrough. In all cases, however,
the reacter system will operate at the preferred
pressure in the range of from 204 to 68 atmo-
spheres and still more preferably at the lower
limits thereof, Separator 20 is operated at
approximately room temperature, or below, in
order to provide an equilibrium, low-tempera-
ture flash chamber whereby normally gaseous
components may be removed through line 22,
while the liquid product effluent is removed
through line 21. A portion of the liquid pro-
duct in line 21 is recycled through line 3 to
commingle with fresh benzene charge from
line 2. Prior to being commingled with ben-
zene, the cyclohexane liquid product is ad-
mixed with compressed recycle hydrogen in
line 52; the source of the latter is hereinafter
described in greater detail. The hydrogen is
introduced into the system via line 52, fin such
an amount that a mo} ratio of hydrogen to
C,-hydrocarbons in excess of about 4:1 is
maintained in the effluent from reactor 18.
The remainder of the cyclohexane liquid
product is intreduced via line 53 into stabilizer
54. Stabilizer 54 is operated at conditions
which enable the withdrawal of substantially
pure cyclohexane from the bottom portion
thereof, through line 55, When present, light
paraffinic hydrocarbons, including pentanes,
butanes and propane, and adsorbed hydrogen
are removed from the upper portion of stabi-
lizer 54 through line 56 and are introduced
into receiver 57 for the purpose of providing
a light hydrocarbon reflux through line 58
into stabilizer 54. The excess light hydrocar-

bons are removed from receiver 57 through .

line 59 for use as fuel or other purposes. The
uncondensed hydrogen and lighter paraffins,
consisting of methane and ethane are removed
fromr receiver 57 through line 60, and may
either be vented to the atmosphere, or subse~
quently employed as fuel,

The normally gaseous material separated in

. high pressure separator 20 is removed through

line 22 and line 32 into caustic wash column
45. In order to control the quantity of methane
and ethane being maintained within the system
and’ coniinuously recycled, line 22 is provided
with vent line 23 containing a pressure control
valve 24. The overall operation of the hydro-
genation process of the present invention is
facilitated by venting a sufficient quantity of
gas through line 23 to maiintain the concentra-
tion of methane and ethane within the recycle
gas at the level at which these substances are
introduced to the process, thereby preventing
an abnormal build-up of these gaseous consti-
tuents. Control valve 24 also serves to control
the pressure on the reaction zones at the de-
sired level, -

Since the hydrogenation of aromatic hydro-
carbons to the corresponding cyclic paraffins
involves the consumption of three mols of
hydrogen per mol of aromatic hydrocarbon,
make-up hydrogen is introduced to the system:

from any suitable source thegeof, Catalytic re-
forming processes produce Jrge quantities of
a highly concentrated, hydrogen-richg stream,
and thus are one of the more suitable sources
of make-up hydrogen for use in the instant
process, the hydrogen concentration thereof
being in excess of about 80% by volume:
Such hydrogen-rich stream is introduced to the
present process by way of line 33 into amine
scrabber 34. The amine scrubber is employed
for the purpose of removing hydrogen sulfide
and at least a portion of the light paraffinic
hydrocarbons, contaminating the make-up
hydrogen supplied through line 33. Any suit-
able liquid adsorbent may be employed in
amine scrubber 34. Diethanolamine is a pre-
ferred liquid adsorbent from the standpoint
of its ability to remove the hydrogen sulfide,
and the relative ease with which the adsorbed
gases may be subsequently removed therefrom
to permit the regeneration thereof. The hydro-
gen sulfide-containing diethanolamine is re-
moved through line 36 to a suitable amine re-
covery system. The “clean ™ amine is subse-

quently returned to the upper portion of amine -

scrubber 34 through line 35. _

The scrubbed hydrogen stream, substan-~
tially reduced in hydrogen sulfide concentra-
tion, enters the bottom portion of a lean oil
absorber 38, via line 37. At approximately
midway in lean oil absorber 38 there is a
centerwell 61 below which lean oil, being a
suitable hydrocarbon fraction boiling within
the range of about 149° C. to about 260° C,
eénters the absorber via line 39. In the bottom:
portion of absorber 38, that is, the section be-
low cemterwell 61, the hydrogen stream is
countercurrently contacted by the lean oil enter-
ing through line 39, and the latter absorbs
light paraffinic hydrocarbons from the hydro-

gen stream, leaving the absorber via line 40

and entering the upper portion of lean oil
stripper-43. The lean oil stripper is operated
such that the hydrocarbon oil, containing light
paraffinic hydrocarbons, is effectively distilled
as it passes downward through the column.
The bottoms product leaving through: line 39,
being substantially free from the light paraf-

finic hydrocarbons (methane, ethane and pro- -

pane) which are removed from the top of the
column through line 44, is passed to absorber
38, being introduced just below centerwell 61.
Above centerwell 61, a stream of benzene is
employed to strip any of the heavy hydrocar-
bon fraction, employed as the lean-oil absor-
bent, which might be entrained by the hydro-
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gen passing upward through absorber 38. The

benzene is introduced via line 41, and the ben-
zene plus absorbed lean oil is removed via line
42. The lean oil-containing benzene may be
sent to a lean ofil recovery unit from: which: the
benzene and the lean oil are separ-
ately recovered with return of the Iean oil to

the absorber 38 via line 39. The hydrogen

stream. leaving absorber 38 via line 21 being
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substantially free from hydrogen sulfide and
the light paraffinic hydrocarbons, is combined
in line 22 with the gas from: the high pressure
separator 20 and the resulting mixture enters
the bottomy of caustic wash column 45 vig line
line 32. The caustic wash column contains a

‘Genterwell 62, below whiich sodium kydroxide,

or other suitable alkaline material, enters
through_ line 46 for the purpose of further
removing any residual hydrogen sulfide, light
paraffinic hydrocarbons, and diethanolamine:
It should be noted that the hydrogen - rich

'gas stream- from high pressure separator 20,

i line 22, is a portion of the total gas stream
being introduced to caustic wash: column 45. As
hereinbefore stated, the utilization. of the plati-
num-containing catalyst permits the use of
elevated temperatures in reaction zones 6, 12
and 18, whereby hydrogen sulfide is produced
by the reversibility of the chemical reaction:

Pr+H,S¢=>PtS.+H, 2

This hydrogen sulfide, in addition to hydrogen,
forms thie greater portion of the gaseous phase
leaving separator 20, The removal of the hydro-
gen sulfide from this gas phase, in caustic wash
column 45, constitutes an important feature of
the present invention, whereby the hydrogena-
tion reaction may be effected in the presence
of only that hydrogen sulfide which results
from the sulfurous compounds entering the
process from benzene storage 1 via lines 2, 8
and 14. As the caustic becomes “spent” or
incapable of effectively washing the hydrogen-

rich gas stream, it may be removed from the

system via line 47, Above centerwell 62, caus- -
tic wash column 45 is provided with water in-
let 48 and water outlet 49; the water setves to
remove entrained sodium hydroxide or cther
caustic material from the hydrogen passing up-
wardly through centerwell 62. The resulting
water-saturated, hydrogen stream is removed
from column 45 via line 50 to the suction side
of compressor -51. Compressor 51 discharges

* the hydrogen stream at a pressure of from 6.8

to 136 atmospheres and a- témperature of
about 38° C, or less via line 52, into the cyclo-
hexane-recycle line 3 and is ultimately com-
mirigled with fresh benzene in line 2 prior to
teing heated to the desired inlet temperature
of reaction zone 6. The hydrogen to hydrocar-
bon-mol ratio is calculated on the basis of the
quantity . of C; hydrocarbons in the product
effluent from reactor 18; that is, the hydrogen
is recycled via compressor 51 at a rate to pro-
vide a mol ratio not substantially less than

- four mols of hydrogen to one mol of C,-hydro-

carbons in the product effluent from reactor
-18. The excessive quantity of hydrogen assures
an adequate supply of hydrogen to effect the
hydrogenation of the benzene, facilitates. the
control of the inlet temperature to reactor 6,
and inhibits, or significantly reduces, the ten-
dency for coke and other carbonaceous material

‘to be formed in the reaction zones,

Since all of the hydrogen-rich gas stream,
passing through the plurality of reaction zohes

in series flow, being a mixture of makeup

hydrogen from a suitable outside source and

tor, is subjected to a caustic-washing treatment
(to remove substantially all of the hydrogen
sulfide therefrom) followed by a water-washing
treatment (to remove. entrained caustic), the
hydrogen is necessarily saturated with water
as it leaves the caustic-wash column. Through
the utilization of the catalyst and process flow
of the present invention, at the operating con-
ditions stated herein, there is no need to re-
move the water from the hydrogen-rich gas
stream. Thus, with reference again to the
accompanying drawing, the water - saturated,
hydrogen-rich gas stream leaving caustic wash
column 45 via line 50, passes directly through

-compressor 51 into line 52. Without interrup-
_tion, this water-saturated gas stream mixes with

recycle cyclohexane in line 3 and is transmitted
directly through heater 4 after being mixed
with fresh benzene charge in line 2. Compres-
sor 51 normally operates at a temperature
within the range of about 15.6° C, to a level

65

".excess hydrogen from the high-pressure separa- . |

70

]

85

90

not substantially in excess of 38° C, Compres- -

sur 51 is further operated to discharge at a
pressure slightly above the operating pressure
maintained on reaction zones 6, 12 and 18.
‘This slightly increased pressure takes into
account the inherent pressure drop through the
plurality of reaction zones, the high pressure
separator, and the caustic wash column, At
these conditions, the hydrogen-tich gas stream
catering the reaction zones in series flow, may

be water-saturated to a leve] of as greatr as’
about 0.2 mol per cent. In addition to the:

water entering the plurality of reaction zones as
a result of the subjection of the hydrogen to a
caustic washing treatment (followed by water
washing t0 remove entrained caustic), a sig-
nificant quantity of water is often encountered
in the aromatic hydrocarbon stream being
charged. Therefore, the total quantity of water
present during the hydrogenation to.produce
the cyclic paraffin, may range as high as 1.0
mol per cent, based upon the total quantity of

aromatic hydrocarbon. As hereinafter indicated,

the process, and catalyst, of this' invention
appears to be unaffected by ‘unusually large

concentrations of sulfur when effected in the.
presence of water up to a level of about 1.0
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100

105

110

115

mol per cent. This rather unexpected result - -

indicates the distinct advantage of providing a
successful. hydrogenation process without. the
necessity of removing those components (sul-
fur and water), which are generally considered

120

to be cffective deactivating agents of noble -

metal-containing catalysts, - -
. As above set forth, hydrogen sulfide is sub-
stantially completely removed from the hydro-

disposed in the various reaction zones is con-

125 -
gen recycle stream in order that the catalyst -
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‘oxide, or with the alkali metal, for

tacted only with that hydrogen sulfide resulting
from the reaction of the compound
contaminating the fresh' benzene charge, The
hydrogenation of benzene to cyclohexane is,
therefore, effected in the presence of not more
than abcut 3.0 ppm. of sulfur, calculated as the
element thereof, As the stated operating con-
ditions, and in the presence of the Wwater-satur-
ated hydrogen gas stream, the noble metal-
containing catalyst of the present invention is
sulfur tolerant; the catalyst of the present in-
vention will not, therefore, rapidly deactivate
as a direct result of sulfur within the range of
about 0.1 ppm. to about 3.0 ppm, '

The process of the present invention makes
use of an alumina-containing refractory in-

organic oxide carrier materia] with which is

composited a platinum group metal component
anf:lnpan alka-lipmetal and/or alkaline - earth
metal component, It
platinum group metal and/or other metal com~
ponent may be present either as the element,
or as a chemical compound, or in physical asso-
ciation with the other catalytic components.
The platinum group metal may be present as
such, or as a chemical compound or in physi-
cal association with the refractory inorganic
example,
or in combination with both, Similarly, the
alkali metal may be present as such, or as a
chemical compound, or in physical association
with the refractory inorganic oxide, the noble
metal or in combination with both, Under
certain processing conditions peculiar to the
hydrogenation of a particular aromatic com-
pound, or of a particular mixture of aromatic
compounds, the catalyst of the present inven-
tion may contain_halogen. When; employed, the
halogen, selected from the group of fluorine
and chlorine, is thought to be present in 2 par-
ticular chemical combination with the refrac-
tory inorganic oxide, the platinum, and/or the
alkali metal, The platinum group meta] may
be, for cxample, platinum, palladium, ruthen-
ium or rhodium, It appears that the utilization
of either platinum and/or palladium yields

_‘more’ advantageous results, and these platinum

.50

60

65

- group metals are, therefore,
.general, the

~about 0.1%
“final catalyst,

the occurrence of side
‘ing the desired degree of stability to the noble
- metal-containing catal i

: preferred. In
Platinum group metal component
will be utilized in a concentration of from
to about:2% by weight of the

calculated as the element there-
of, and -preferably is not more than 1% by
weight. The alkali meta] ‘and/or alkaline-
earth metal component, such as for example
cesium, lithium, rubidium, sodium, calcium,
barium acd/or strontium, will be employed in
& concentration of generally not more than
5.0% by weight of the catalyst; in order to
achieve the proper balance between inhibiting
reactions, and impart-

, it is preferred to
employ the alkali and alkaline-earth metals in
significantly lower concentrations. Therefore,

is understood that the

-are, for example, )
chioride, and “platinous chloride, The aikali

"will not be lost due to

they preferably will be pféSmt in aj.:conue’nu*a.;'.

tion within the range of from about 0.01%
to about 0.7% by . weight, calculated as

element thereof,
oxide, for use as the carrier materia]. for the
catalytically active ‘metallic

the
The - refractory inorganic

components, com-
prises an alumina-containing material.. The

70

utilization of other refractory inorganic oxides, .-

in conjunction. with the alumina, ‘is' generally
dependent upon. the desire to impart thereto
desired physical and/or. chemical characteris-
tics, Thus, minor quantities of silica, titania,
zirconia or boria may be utilized in combina-

ton with the alumina without remov; g the.
resulting catalytic composite fromy the scope

the present invention, . S
The catalyst for use in the present process

general, alumina will be prepared by reacting
a suitable alkaline reagent such as, for example,
ammonium hydroxide or ammonium carbonate
with a salt of aluminwm sucl as, for example,
aluminum - chloride, aluminum sulfate, alum-
inum pitrate. The substances
admixed under conditions which: form alum-
inum hydroxide which, upon subsequent heat-~
ing and drying, will form
instances where it is desired, 1o incorporate
one or more other refractory inorganic oxides
with the alumina, the same may be accom-

plished through any suitable means including

separate,  successive
methods. Similarly, a halogen compound may
be introduced into the catalyst, and this may
be done either before ior after the formation .of

-alumina; the halogen preferably is added
in the form of an aqueous solution: of the
hydrogen halide, or as a volatile salt thereof,

O  Co-precipitation

such as ammmoniym chlonde.and/or- ammonium

fluoride, The manufacturing . procedure is
facilitatsd when

is employed.  Suitable platinum: -comp('mnds

chloroplatinic. acid, piatinic

metal, or alkaline-earth. metal, component is

added as an aqueous solution of a suitable sali

thereof, and thus may comprise 5 chioride,
sult_at_e, Or mitrate, of lithium, sodium, calcium,
rubidium, magnesium, -strontium,  and/or

cesium. It is understood that the halogen, plati..

num, alkali meta] and/or alkaline-earth metal

; the ' aluminum
in any manner, and at
any step of the catalyst preparation as desired,
It is generally advisable to ntroduce the plati-
num or other platinum group metal at g iater
step of the catalyst preparation in order that
this relatively .expensive

subsequent - processing

are “intimately”

alumina. In those -

metallic ‘component
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in the washing and purification treatments,

" After all of the catalytic components have
been composited, the catalyst: will generally
be dried at a temperature within the range of
about 389 to about 149° C., for a period of
from abeut 2 to about 24 hours. Rapid drying
is to be avoided since the sudden evolution of
gas will cause the catalyst particles to rupture
and otherwise become strained, Following the
drying of the catalyst, it is subjected to a cal-
cination treatment at a temperature of from
about 427° C, to about 593° C., for a period
of from about 2 to about 12 hours, and in an
atmosphere of air. :

During the hydrogenation in a plurality of
reaction zones the inlet ture to each
reaction zone will generally be at least 93° C.
and such that the outlet ture is within
the range of from 204° C. to 427° C, and
preferably does not exceed 371° C. The pre-
sent precess may be effected in reaction zones
so designed that little or no temperature in-
crease takes place and the outlet temperature
will be effectively the same as the inlet tem-
perature. To further. fadilitate the control of
the hydrogenation. reaction, we have found it
beneficial  to maintain the inlet temperatures
of the reaction zones at a relatively high, but
intermediate level as at least about 149° C.

“The utilization of these relatively high tem~

peratures, as hereinbefore set forth, favors re-
versal of the reaction which ties up platinum
through the formation of platinum sulfide, and
the resulting hydrogen sulfide is readily re-
moved from the system. The utilization of
cyclohexane recycle simplifies the control of
the outlet temperature, as well as the * peak ”
temperature within the catalyst disposed with-
in the reaction zone. -

Although: the pressure imposed on the re-
action zones is generally within. the range of
about 6.8 to 136 atmiospheres, it is advantage-
ous to utilize pressures in the intermediate
range of from about 20.4 to about 68 atmo-
spheres. Higher pressures promote the hydro-
genation of the aromatic nuclei; but likewise
increase the degree of hydrocracking and ring-
opening whereby low -molecular weight,
straight-chain - paraffinic hydrocarbons are
formed. The formation of such light hydro-
carbons necessarily results in 2 decrease of the
liquid volumetric yield of cyclohexane, The
utilization of the intermediate pressure, from
about 204 to-about 68 atmiospheres, when con-
sidered in conjunction with the various other
preferred conditions hereinbefore and herein-
after set forth, tends to increase the overall
cefficiency of the hydrogenation process in pro-
ducing large volumetric yields of substantially
pure cycloparaffinic hydrocatbons. - o

The liquid hourly space velocity, in regard
to the fresh benzene charge, at which this

" process is operated, is within the range of

from about 1.0 to about 5.0, Liquid howrly

space velocity: is herein defined as the volumes

of total benzene charged per hour per volume
of total catalyst; this quantity of catalyst is
considered as if it were disposed in a single
reaction zone and as if the total benzene charge
were passed therethrough. Substantially pure
cyclohexane is recycled in an amount which
provides a mol ratio of cyclohexane, passing to
the inlet of the first reaction zone in the plur-
ality of reaction zones, to the total fresh ben-
zene charge which passes in parallel flow to

aid reaction zones, within the range of about -

0.5:1 to about 5:1. As bereinbefore stated,
through the utilization of the catalyst and
operating conditions of the present invention,
this process will produce large volumetric
yields of cyclohexane of at least 99.5% purity,
and will continue to do so over an extended
period of time, thereby eliminating the need
for ‘a frequent shutdown due to a required
change and/or regeneration of the catalyst. It
is not unusual for the process of the: present
invention to constantly produce a cyclohexane
stream of 99.85% purity. :

The following example is given to illus-
trate further the novelty and utility of the
present invention, and also to indicate the bene-
fits to be afforded through the wutilization
thereof. It is not intended that the illustrative
exemple be considered as limiting the present
invention to the concentrations, reagents, and/
or conditions employed therein. The catalyst
employed within the example made use of a
halogen-free alumina carrier material. Plati-
num was incorporated as the platinum group
metal in an amount of 0.75% by weight, and
lithium was added thereto in an amount of
0.274% by weight. The carrier material was
prepared by the reaction of ammonium, hydrox-
ide with aluminum chioride to form aluminum
hydroxide. Following formation into spherical
particles, the alumina was dried, and calcined
at an elevated temperature of abour 482° C.
The incorporation of the platinum and lithium
involved the simultaneous impregnation of the
resulting .spheres of -activated alumina with a
single aqueous impregnating solution, of Kthium
hydroxide and chloro-platinic acid in_amounts
sufficient to yield the indicated quantities: of
the metals, namely 0.274% lithium and 0.759%
platinumr by weight of the final catalyst. The
impregnated spherical particles were then dried
over a water bath at about 99° C,, and subse~
quently calcined for a period of 5 hours at a
temperature of about 500° C,
atmosphere of air.

: . EXAMPLE :
The operation herein described covers a
total period of about 840 hours, and was con-
ducted, in its entirety, utilizing a single re-
action zone fabricated from Type 316 stain-
less steel. The reaction zone interior was de-
signed to permit a loading of the alumina-
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platinum-lithium catalyst which might -vary,

frony operation to operation, in an amount from

~=y



.

.

55
~ of 7.0

10

15

30

35

45

50

65

of 1,75,
“only. Cyclohegane was admixed with the

904,732

about 25 cc, to abour 100 cc, The reactor was
equipped with a centrally locateq thermocouple
i temperature recording at
the inlet, cutlet anq various intermediate points
within the Catalyst bed. Spiral inner-heaters
were employed above the catalyst in order to
obtain the even distribution of heat which was
supplied -over the entire length of the reactor
by means of bronge block heaters insulated
against the atmosphere. _

The total effluent, from the reaction zone,
was passed into a high - pressure separator
maintained a¢ essentially 13° C., from which
the cyclchexane liquid product wag withdrawn
to a debutanizing column, The debutanizer re-

~ moved any light paraffinic hydrocarbong which

may have been introduced into
with make-up hydrogen
Source, and produced a

cyclohexane streamy upon which analyses could

gen make

by volume benzene and 75%
by volume Cyclohexane, The liquid charge
was passed through a suitable drier, contain-
i ili combined with the

Zone. For the purposes
of observing the effect of hydrogen sulfide
and/or water upon the platinum: - lithium
catalyst, and upon the reaction, promoted
thereby, provisions were made whereby the
scrubbers and driers could be by-passed. In
this manner, thiophenic cony ds, mercap-
tans, and compounds which formed water
under the reaction Zone conditions, .could be
added to the cyclohexane - benzene liquid
charge in any desired, controlleq quantitiss,

hour, per volume
reaction zone)
benzene charge

of catalyst
based upon fresp

benzene in g molar amount of 3: 1, thereby
vielding an overa]] liquid hourly space velocity
: . The catalyst was loaded jn a bed of
35 cc, and maintained under aq imposed

| L hydroggn pressure of 27,2 atmospheres; hydro--
60

gen, being 2 mixture of make-up k and
hy'drogen-:ich gas from the high-pressure pro-
duct separator, was circulated by a compressor
In an amount of aboyt 269 normal liters per
hour, or at 4 hydrogen to hydrocarbon mol
1atio of 5: 1, based upon the total liquid feed
t the reactor, The ene - cyclohexane

charge was maintained at about 245 Cc./hour,

and a vent gas stream was constantly removed,

Via a pressure contro]: valve, to control and
inhibit the build Up of nitrogen, .carbon di.
oxide and light paraffinic¢ hydrocarbonsg which
may have

throughout the period of operation,
During virtually ali of the operation, the
recycle gas, inclusive of fresh make-up hydro-
€D, Was passed through a high-surface sodium
d under pressure, in order to remove hydro-
gen sulfide, and to maintain a -Comparatively
dry recycle 8as systemr, In those portions of
the operation where it was desirable tqo either

. Simulate a “ weg » or water-saturated condi-

benzene - cyclohexane feed ratio, a water.
saturator wag employed downstream of the
high-surface sodium bed. The temperature of
t , Water-saturator i

action zone; the saturator operated at full re-
action zone' pressure on the total recycle
systemn, '

9

been present within the make . up.
; The vent gas averaged
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Perhaps the most pertinent Period of oper-

ation, from the .standpoint of
benefits affordegd through: the
the brocess of the 1

illustrating the

was maintained gar

by controlling the bronze block hester

at a temperature sufficient to yield this cata-

Iyst inlet temperature, The outlet temperatyre

was virtually constant at 2580 C, and the

;Zp)eglé ” catalyst temperature was found to be
( . '
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is shghtly in ‘ekcess of thc 0.20 mol per cent
which is expected as a result of the utilization

of the caustic-wash column described further
above, This increased water content is not

5  thought to affect -the reliability of the data
obtained: on the contrary, it illustrates the
unexpectedness of the extremely. beneficial re-
sults obtained through the use of the present

__~ process. Generally, water in amounts even as
10 high as 0.05 mol per cent is considered as a
- bydrocrackmg promoter, As such, its inclusion
. in the reaction Zone atmosphere of the present
process- would have been expected to effect the
highly undesirable hydrocracking and ring-

15 opening reactions which would effectively de-
feat the wbject of this invention to produce
large volumetric yields - of substantially pure

cyclohcxane

The results obtained during the foregoing
period . .of -operation, 508 to 557 hours, are
indicated fin the following Table I. The results

are given for both the total product effluent,

minus, of course, the hydrogen-rich gas, and
for the debutanized product effluent. Debuta-
nization was -effected for the purpose of re-
jecting “approximately 0.3 volume per cent
butane which was present :as :a result of charge
stock contamination in pressure tanks; the
butanes were not produced, as such, within the

process. The indicated trace quantity of pen~ 30

tane was probably from the same source, as
other product -analyses failed to show pentanes
in the liguid product effluent,

TaBLe 1

Product Composition *

Debutsnized

. . As-produced
: 'Bmche.comeﬁt', “Weight—9** 0.022 0.021
. Hydrocarbon Composition, vol. %*** .

. Isobutane .'.0.003 —
Normal Butane - 0.307 0.007
TIsopentane _ 0002 —
‘Normal Pentane 0.007 —
Normal Hesane 0.045 0.046
Methylcyclopentane " 0.016 0.016

" Cyclohexdne + Benzene 99.962 99.931

| ol 100.0 ' 100.0

Freeze Point, “C. 557 " 6.15

Cyclohexane Punty, vol % .

By Analysis 99.60 9.9 -
99.59 - 99.83

‘By Freeze Point Determination

. * Sample taken durmg the penod of operat:on ‘between 518 to 557

“hours on stream. -

%% As detemned by Ultra-Violet analys:s. .

*xk As detemnned by Gas-Liquid Chromatography

(At the outset of the -operation (0 to0 32
hours), the .unit was operated with 1.9 ppm.
total suifur-in the ‘benzene charge at an inlet
. temperature of :about 150°. C. A rapid -deacti~

- Vation -rate ‘was observed over this ‘period, as
A 1nd1cated by .a -constantly decreasmg “.pedk ¥

35

catalyst temperature -and -a steadily mcreasmg
concentration of benzene ‘in the liquid product
effluent. Taken ‘together, these items -indicate
a loss ‘in catalytic -activity and selectivity for
effecting the hydrogenation of -benzene!torcyclo-
hexane. DPuring -the iperiod of 32 to 80 hours,
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with the continued use of 1.9 ppm. of total
sulfur, the inlet catalyst temperature was in-
creased to about 178° C., The benzene con~
centration in the liquid product effluent ap-
tevel of 0.02 mol per

5 peared to line out at &
cent, and the © peak ™ catalyst

activity d

an amount of 002 mol per cent
catalyst temperature was
level of about 00° C.,
period. Unexpectedly,
- catalyst ‘temperature

-
L%

“during

from the previous level.

content -of the liquid

S

to line -out at the comparatively low il

period of 175 to 208 hours, the

.

- G The ov_et:all-effect of this chan

temperature remained

L

 tinually within the 1ange

point in the operation, the

35 was constantly being removed froms the hydro-

gen-rich recycle gas stream.

A demonstration of the effect of removing
er was obtained -during

the recycle gas scrubb:

the period of operation from about 209 to 302
i , the sulfur concen-

level of 1.9
ppm: This was accomplished through the addi-
ic st and tertiary

. butyl mercaptan to the penzene-cyclohexane
45, charge.. A slow, but contibued deactivation
7 -appeared to be the net resuit, as indicated by
the following: at 205 hours, the benzene con-

40 hours, During this_period
tration was again increased to &

tion of both thiophenic sulfur

. tent of the product effluent had

.. -mpol per .cent; at 220 hours, ‘the benzene con-
" g centration had increased to a level of 0.0006
‘mol per cent; at 225 hours, the benzene con-

centration was 0.0009 mol per cent; a benzene

concentration of 0.0019 mol per cent was ob~

- gerved at 252 hours; at about 277 hours of
55 operation, the benzene concentration ‘had in-
- creased to @ level of 0.0039 mq[ per cent; at

292 hours and 296 hours respectively, the’

. zene concentration had increased to a level of
A special two
_ taken between 300 and 302 hours
- of ‘operation, indicated a benzene concentration
" in the liquid product effluent of 0.031 mo} per
cent. A reintroduction-of the recycle gas scrub-

- resulted in 2
65 teversal of this deactivation trend. It should

" 5,016 and 0.025 mol per cent.
60 ~ hour sample

ber, .at 302 hours .on stream,

remained effectively constant at about 327°
This indicates a -cessation of the rapid catalyst
' ine which was observed during the

level of 1.2 ppm., and water was present in
increased to 2

however, the “pe2 4
) remained constant at
. about 323° C, mnot substantially changing
The benzene
product effluent, 88
_ determined by Ultra-Violet analysis, appeared

0.0002 mol per cent (2.0 ppm.). During the
sulfur con-
- centration was increased to 1.6 ppm:, the watet
1o 8 level of 0.04 mol per cent, and the inlet

" catalyst temperature was raised to about 210°
i in condi~

benzene content of the Tiquid product was con-~
of 0.0002 (2.0 ppo)
~ to 0.0004 mol per cent (4.0 ppm.). Up to this

i n sulfide and the water concentration at the eleva

be noted that the’ total ‘sulfur content -of the
benzene - cyclohexane charge was -maiztaine

ot the High level of :9 ppm: At 317 ‘hiouts,”
the benzene concentration. of the liquid preduct
effluent had -dlready decreased 1o & level of
0.0012 mol :per ‘cent. At 366 hours and 386

hours, the benzene CO! centration’ "in the pro-
duct effluent ‘had retu
able level of 0.0010 (ppm.) and 10,0007 mol
per cent (7 ppm.) respectively. -~ - i
During the period of 391 1o 458 hours, the
inlet catzlyst temperature Was gsed to 2
level of 160° C. At the same time, the watet
concentration was increased -t @ Jevel of -
about 0:95 mol per icent, while the sulfur- con-~
centration was maintained at 1.9 ppm. ;L

returned to the more desir- - :

£

dlmost immediate result was a decrease in the

“ peak ” catalyst ‘bed temperature to 2 1evel of
about 300° C. Of greater significance was the

fact that the ‘benzene ‘concentration in ‘the
cyclohexane -product increased to a level of

0.13 mo} per -cent (1300_--ppm.');'T.his value is -
"

significantly- in :€xCes6 of tha _
tolerated by t.day processes utilizing sub-
stantially pure cycloparaffinic ydrocarbons,
end -especially substantiglly pure cyclohexane.
From 458 hours to 508 hours -of -on-stream
9pe1_-ation, the catalyst inlet ‘temperature Was

. increased to a level.of 225° 4C,_,‘-‘and Was accome

panied by an increase in k ” catalyst
temperature to 2 level of about 322° C. It'is
ing this period of operation,

significant that &
the sulfur level was maintained at 1.9 ppm

level of 0.95 mol per cent.
Jarge quantities of contaminants did not appeat

for the benzene concentration in the cyclohex-

ane product virtually i iately decredsed 0

2 level of about 0.038 mol per cent &t -ATT

hours, and further decr to a level of

about 0.030 at 508 hours. The operating con-

ditions, and the results of -the analyses ‘per-
formed upon the liquid prod effluent, dur-
jng the ‘period of operation from 508 hours to.
557 hours have been set forth above and indi-
cated in TableL. o A
" During the period of operation encompassed

557 hours to. 622 hours, the process was
operated utilizing a substantially dry liquid

charge as well as 2 substantially dry recycle

hydrogen stream, the sul cdontamination in~
creasing to 3.0 ppm. A slow but, steady in-
crease in the benzene concentration in - the
cyclohexane product Was observed; from. the
previous level of about 0.02 mol per cent., the
‘benzene ._goncentration-st_eadﬂy' increased to &
Jevel of about .16 miol per cent at 622 bours.
‘At this stage of the.operation, the liquid charge
was removed from the process, and the catalyst
treated with a relatively dry Tydrogen - stream
at a temperature of 500° C. _Following this
hydrogen treatment, the process was ‘placed
‘back on stream, and five “hours - a

sample of the. cyclohexane product was Itak.en
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for benzene determination., The benzene con-
centration was found to be 0.005 mol per cent.
However, ten hours later o second sample of
the cyclohexane product indicated a substantial
increase in the benzene concentration to a level
of 0.027 mol per cent. This relatively high
level, or increase in benzene concentration in
the cyclehmne product was observed during
the entire period to 675 hours of operation. At
‘675 hours,.the suifur concentration was de-
créased fromSOppm to 1.5 ppm. There was
noticed. an almost immediate decrease in the
benzene concentration of the cyclohexane pro-
duct to a level of about 0.008 mol per cent.
At 725 bours of operation, and at the same
operation conditions, the benzene oomcentra-
tion was found to be 0.0079 mol per cent.
This apparently steady operation continued, at
the elevated catalyst inlet temperature up t¢ a
period of 770 hours. At this stage of the
operation, a decrease in the inlet catalyst tem~
perature, effected a corresponding decrease in
the “peak ” catalyst bed temperature accom-
panied by a substantial increase in the ben-

zene concentration within the cyclohexane pro-'

duct. At 795 bhours, the inlet ‘catalyst tempera-
ture was .increased to a level of about 311° C,
with the result that the “ peak ” catalyst tem-
perature increased to a level of 345° C. Thls
was accompanied by a substantia] decrease in
the benzene concentration within the cyclo-
hexane w2 level of about 0014 mol per cent.

TasLe II
_ Temperatures, °C,

It should be noted that the latter period of
eperation, fromy 557 howrs to 820 hours, was
effected with a substantially dry system. The

obvious effect, that of a substantial increase in -

the benzene concentration of the cyclohexane
product, is immediately ascertained as the sul-
fur concentration is increased from 1.5 ppm.
to a8 level of 3.0 ppm, and subsequently de-
creased to a level of 1.5 ppm. Operating with
a relatively high sulphur concentration, and in
the absence of the water - saturated recycle
hydrogen, bas indicated the necessity of cata-
elyst regeneration, as illustrated by the hydro-
gen treatment. Of greater significance, is the
fact that such catalyst regeneration appears to
be a temporary expediency, and does not affect
significantly the stability of the catalyst. It is
apparent that the catalyst for utilization in the
process of the present invention, may be sulfur
tolerant as long as the operating conditions
hereinbefore set forth are adhered to, and as
long as the proper balance is struck between
the sulfur concentration and the water content.
This is substantiated by the observation that no
noticeable increase in the benzene concentra-
tion occurred during the next 20 hours of
operation, or up to a period of 840 hours, dur-
ing which time the water saturator was re-
introduced into the system to yield a water-
saturated hydrogen recycle gas stream:.
The foregoing discussion is conveniently
illustrated in the following Table II.

Cyclohexane product

' "Sulfut,'

Catalyst ' Freeze
Benzene  Point,

wt..
ppm.

. H,0 :
" "Hours Mol % Block

TInlet .

Peak Outlet Mol % °C.

55

.,

324
327

327
300
321
320
324

207
210

208
157

222
25
228

165
165

165 -
165

216  0.0002  6.08
220 0.0004 6.0

223 0.0007  5.71 T
230 0.11
259  0.034
256  0.022
%4 0.16

. 0.02
0.04

0.06
0.95
0.95
0.27

L2
1.6

1.9

1.9

1.9
19
3.0

15
195,

385
5

o0

o5
6-20'

574 "
5.5

200
- 200
None 200
'Hs treatment at 500° C.
'-1;5
-1.5
1.5
1.5

219 260
21
194
255

255

321
321
292

- 345

- 670 None
765

785 :
L

+ * greadily increasing benzene concentration.

10.031*
~ 0.0080
0.055
0.014
0.013

200
None 200 o 5.94
. 180 238 |
2719

275

~ None
220

None

0.15
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In the interest of simplicity and clarity, the
table has necessarily been abbreviated to illus-
trate only the more pertinent periods of opera-
tion, and the changes in operating conditions
effected therein, It is significant that the entire
840 hours was conducted utilizing a single
batch of catalyst in g continuous operation.
The foregoing example, and specification,
clearly indicate the process of the present in-
vention and the advantages to be afforded
through the utilization thereof,
employad in the process of the

WHAT WE CLAIM IS : —

1. Process for hydrogenating aromatic
hydrocarbons with hydrogen in the presence
of a noble metal catalyst at elevatedq tempera~
tures not exceeding 427° C, and at super-
atmospheric pressure, characterized thereby
that the substantially complete saturation of
the aromatic hydrocarbon with hydrogen is
effected in the presence of a catalyst which
consists of an alumina-containing refractory
oxide carsiedt and minor amounts of a plati-
Qum group metal and of at least one meta] of
the group of the alkali and alkaline - earth
metals,

2. Process according to claim 1, character-
ized thereby that the saturation of an aromatic
hydrocarbon contaminated by sulfur com-
pounds is effected in the presence of water in
an amount not exceeding 1 mol per 100 mols
of aromatic hydrocarbon and in the presence
of a catalyst which contains from 0.1 to 2%
by weight of platinum group metal, not more
than 5% by weight of metal of the group of
the alkali and alkaline-earth metals, and a
carrier consisting at Jeast predominantly of
alumina, '

3. Process according to claim 1 or 2, char-
acterized thereby that the saturation of an
aromatic hydrocarbon containing sulfur com-
pounds in an amount of substantially from 0.1
to 3 parts by weight (calculated as elemental
sulphur) per million parts by weight of the
hydrocarbon is effected in the presence of the
catalyst and of hydrogen which contains water
in an amount corresponding to saturaton of
the hydrogen with water ar a temperature of
Dot more than 38° C. and which s supplied
to the reaction in such an amount that the
reaction product mixrure contains less than 4

mols of hydrogen per mol of normally lquid
hydrocarbon.

4. Process according to any of the claims 1
o 3, characterized thereby that the saturation
of the aromatic hydrocarbon is effected in the
presence of a catalyst which consists largely
of alumina and contains from 0.1 to 1i% by
weight of platinum and from 0.01 to 0.7%
by weight of alkali metal.

5. Process according to claim 4, characteg—
ized thereby that the saturation of the aromatic
hydrocarbon is effected in the presence of a
catalyst in which the alkali meta] is lithium
and is present in a smaller amount than the

platinum. .
6. Process according to any of the claims 1

65

70

to 5, characterized thereby that a benzene )

hydrocarbon containing sulphur compounds in
an amount of substantially from 0.1 to 3 parts
by weight (calculated as elementa} sulfur) per
million parts by weight of the benzene hydro-
carbon is supplied to the reaction during the
supply thereto of the corresponding  cyclo-
paraffin in an amount of from 0.5 to 5 mols
per mol of benzene hydrocarbon and is con-
tacted with the catalyst at a temperature of at
least 149° C. and not exceeding 371° C, and
at a pressure between 6.8 and 68 atmospheres
in the presence of hydrogen which is supplied
to the reaction in substantially sulfur - free
state and with a water 4 concentration which
corresponds to saturation of hydrogen with
water at a pressure of from 6.8 to 136 atmo-
spheres and a temperature of not more than
38° C.

7. Process according to any of the claims 1
0 6, characterized thereby that the aromatic
hydrocarbon is saturated with hydrogen during
contact with the catalyst at a pressure in the
range of from 204 to 68 atmospheres, at a
Space velocity in the range of from 1 to §
liquid volumes of aromatic hydrocarbon, per
hour per volume of catalyst substantally in
the absence of normally liquid hydrocarbons
other than the cycloparaffin corresponding to
said aromatic hydrocarbon and at a tempera-
ture at which the resultant cycloparaffin pro-
Guct contains less than 0.1 mol % aromatic
hydrocarbon.

8. The process for hydrogenating aromatic
hydrocarbons substantially as described with

- reference to the accompanying drawing,
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In the interest of simplicity and clarity, the
table has necessarily been abbreviated to iltus-

trate only the more pertinent periods of opera-

tion, and the changes in operating conditions
effected therein, It is significant that the entire
840 hours was conducted utilizing a single
batch of catalyst in a continuous operation,
The foregoing example, and specification,
clearly indicate the process of the present in-
venticn and the advantages to be afforded
through the utilization thereof, The catalyst
employzd in the process of the present inven-

tion has been shown to be extremely active for -

_an extended period of time ar the operating
conditions employed herein.

WHAT WE CLAIM IS: —

1. Process for hydrogenating aromatic
hydrocarbons with hydrogen in the presence
of a noble metal catalyst at elevated tempera-
tures not exceeding 427° C, and at super-
atmospheric pressure, characterized thereby
that the substantially complete saturation of
the aromatic hydrocarbon with hydrogen is
effected in the presence of a catalyst which
consists of an alumina-containing refractory
oxide camieé and minor amounts of a plati-
num group metal and of at least one metal of
the group of the alkali and alkaline - earth
metals, :

2. Process according to claim 1, character-
ized thereby that the saturation of an aromatic
hydrocarbon contaminated by sulfur com-
pounds is effected in the presence of water in
an amount not exceeding 1 mol per 100 mols

of aromatic hydrocarbon and in the presence

of a catalyst which contains from 01 to 2%
by weight of platinumy group metal, not more
than 5% by weight of metal of the group of
the alkali and alkaline-earth ‘metals, and a
carrier consisting at least predominantly of
alumina. :

3. Process according to claim 1 or 2, char-
acterized thereby that the saturation of an
aromatic hydrocarbon containing sulfur com-
pounds in an amount of substantially from 0.1
to 3 parts by weight (calculated as elemental
sulphur) per million parts by weight of the

~hydrocarbon is effected in the presence of the

catalyst and of hydrogen which contains water

the hiydrogen with water at a temperature of
not more than 38° C. and which s supplied
to the reaction in such an amount that the

" reaction product mixture contains less than 4

mols of hydrogen per mol of normally Fquid
‘hydrocarbon.

4. Process according to any of the claims 1
to 3, characterized thereby that the saturation
of the aromatic hydrocarbon is effected in the
presence of a catalyst which consists largely
.of alumina and contains from 0.1 to Y% by

weight of glatinum and from 0.01 to 0.7%
o

by weight of alkali metal. : _
5. Process according to cleim 4, character-
ized thereby that the saturation of the aromatic

hydrocarbon. is effected in the presence of a -

catalyst in which the alkali metal ds lithium
and is present in a smaller amount than the
platinum. :

6. Process according to any of the claims 1
10 5, characterized thereby that a benzene
hydrocarbon containing sulphur compounds in
an amount of substantislly from 0.1 to 3 parts
by weight (calculated as elemental sulfur) per
million parts by weight of the benzene hydro-
carbon is supplied to the reaction during the
supply thereto of the . corresponding cyclo-
paraffin in an amount of from 0.5 to 5 mols
per mol of benzene hydrocarbon and is con-

tacted with the catalyst at a temperature of at

least 149° C, and not exceeding 371° C, and
at a pressure between 6.8 and 68 atmospheres

in the presence of hydrogen whicly is supplied-

to the reaction in substantially sulfur - free
state and with a water 4 concentration- which

corresponds to saturation of hydrogen with
water at 4 pressure of fromx 6.8 to 136 atmo-~ .

spheres and a temperature of not more than
38°C. .

7. Process according to any of the claims 1
to 6, characterized thereby that the aromatic
hydrocarbon is saturated with hydrogen during
contact with the catalyst at a pressure in the
range of from 204 to 68 atmospheres, at 2
space velocity in the range of from 1 to 5
liquid volumes of aromatic hydrocarbon per
hour per volume of catalyst substantially in
the absence of normally liquid hydrocarbons
other than the cycloparaffin corresponding to

said aromatic hydrocarbon and at a tempera- .

ture at which the resultant cycloparaffin pro-

60
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70
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duct contains less than 0.1 mol % aromatic =

hydrocarbon.

8. The process for hydrogenating aromatic
hydrocarbons substantially as described with
reference. to the accompanying drawing.
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