
9 JUL 2004  WO 01/34731 PCT/US00/30375 NAPHTHA CRACKING AND HYDROPROCESSING
PRCICESS FOR LOW EMISSIONS, HIGH OCTANE FUELS FIELD OF THE INVENTION The
present invention relates to a process for hydroprocessing a  catalytically
cracked or thermally cracked naphtha stream. More particularly, the
invention relates to a process for cracking an olefinic naphtha using a
zeolite  catalyst to form a cracked product having a diminished total
olefin concentration,  and then hydroprocessing at least a portion of the
cracked product in a manner  that reduces the sulfur concentration while
substantially retaining the olefin  content in order to maintain octane.
BACKGROUND OF THE INVENTION The need for low emissions, high octane fuels
has created an  increased demand for light olefins for use in alkylation,
oligomerization, MTBE  and ETBE synthesis processes. In addition, a low
cost supply of C2 to C4 olefins,  particularly propylene, continues to be
in demand to serve as feedstock for  polyolefin, particularly polypropylene
production. In parallel with this need,  increasingly stringent regulations
require motor fuels having a diminished  concentration of sulfur and, to a
lesser extent, olefins boiling in the gasoline  boiling range (C4 and
above). It is well known that conventional fluid catalytic cracking ("FCC")
processes can be adapted to increase product C2 to C4 olefin concentration.
Some  of the adaptations include dual risers, combinations of cracking and
metathesis,  and the use of zeolite catalysts. Hydroprocessing cracked
naphtha formed in such  processes typically results in a product having a
diminished concentration of  olefinic species and non-hydrocarbyl species
such as sulfur-containing species,  and an augmented concentration of
saturated species. Relatively severe 



WO 01/34731 PCT/US00/30378 9 JUL 2004 -2 hydroprocessing conditions are
generally required to substantially remove sulfur- containing species,
particularly in the presence of olefinic species having more  than four
carbon atoms, and such severe hydroprocessing conditions are known to
result in a substantial octane reduction in the hydroprocessed product.
There remains a need, therefore, for new processes for forming C2 to  C4
olefins together with naphtha having a diminished concentration of sulfur-
containing species, while maintaining a sufficient amount of C4 and larger
olefins  in the naphtha, preferably C5 and C6 olefins, to provide a
relatively high octane. SUMMARY OF THE INVEMON In one embodiment, the
invention is a process for forming a  hydroprocessed product comprising:
(a) reacting an olefinic naphtha in the presence of a molecular sieve
catalyst under catalytic cracking conditions in order to form a product,
and then (b reacting at least a portion of the product under
hydroprocessing  conditions in the presence of a hydroprocessing catalyst
in order to form the  hydroprocessed product. In another embodiment, the
invention is a hydroprocessed product  formed according to such a process.
In a preferred embodiment, the olefinic naphtha is reacted in a  process
unit comprised of a reaction zone, a stripping zone, and a catalyst
regeneration zone. In the reaction zone, the naphtha stream is contacted
under  catalytic conversion conditions a catalytically effective amount of
molecular sieve  catalyst having an average pore diameter of less than
about 0.7 nm, preferably  zeolite, and more preferably ZSM-5 catalyst, that
is preferably in the form of a  



WO 01/34731 PCT/USOO/30375 9 JUL 2004 fluidized bed. The reaction zone is
operated at a temperature from about 500 to  650C, a hydrocarbon partial
pressure of 68.95 to 275.80 Kpa (10 to 40 Asia), a  hydrocarbon residence
time of I to 10 seconds, and a catalyst to feed weight ratio of about 2 to
10.  Preferably, less than about 20 wt.% of paraffins are converted to
olefins. Preferably, at least a portion of the product from the catalytic
cracking unit is conducted to a hydroprocessing unit. Preferably, the
hydroprocessing reactor is operated at a temperature from about 250C to
about 375C, a hydrogen partial pressure of 446.10 Kpa to 3548.86 Kpa (50 to
500 psig), and a  liquid hourly space velocity of 2-10. The hydrogen treat
rate is about 14.16m to 8495 m3  bbt bbI (500 to 3000 scf/bbl) and the
preferred hydroprocessing catalyst is comprised of an alumina support with
Co  and Mo added to it. Preferably, the olefmic naphtha feedstock contains
about 10 to 30  wt.% paraffins, and from about 20 to 70 wt.% olefins.
DETAILED DESCRIPTION OF THE INVENTION The invention is based on the
discovery that catalytically cracking  an olefinic naphtha under
appropriate conditions results in the formation of light  (i.e., C2 - C4)
olefins and a cracked naphtha. The invention is also based on the
discovery that a portion of such a cracked naphtha may be separated and
then  hydrotreated under appropriate conditions to yield a product having a
diminished  sulfur concentration while maintaining or at least not
substantially reducing its  octane rating. Moreover, it has been discovered
that cracking an olefinic naphtha  under appropriate conditions results in
an overall reduction in olefinic species'  concentration and an increased
concentration of desirable light (i.e., C2 to C4)  



olefins in the cracked product. While not wishing to be bound by any
theory, it is  believed that diminishing the overall olefin concentration
permits hydroprocessing  of the cracked naphtha fraction under more
selective conditions. WO 01/34731 -4 PCT/US01/30378  9 JUL 2004
Accordingly, the invention is related to a two step process wherein  the
first step comprises cracking an olefinic naphtha resulting in a cracked
product  having a diminished total concentration of olefinic species. When
the olefinic  naphtha feed is obtained from processes such as catalytic
cracking, steam  cracking, or coking, then the first step may be referred
to as re-cracking. The  second step comprises hydroprocessing at least a
portion of the cracked product to  provide a hydroprocessed cracked product
having a reduced concentration of  contaminants such as non-hydrocarbyl
species but without a substantial octane  reduction. Naphtha feeds include
olefinic naphthas having hydrocarbyl species  boiling in the naphtha range.
More specifically, the olefinic naphthas contain  from about 5 wt.% to
about 35 wt.%, preferably from about 10 wt.% to about 30  wt.%, and more
preferably from about 10 to 25 wt.% paraffins, and from about 15  wt.%,
preferably from about 20 wt.% to about 70 wt.% olefins. The feed may  also
contain naphthenes and aromatics. Naphtha boiling range streams are
typically those having a boiling range from about 18C to 221 C (65F to
about 430F),  preferably from about 18C to 149C (65F to about 300F) and
more preferably from  18C to 65C (65F to about 150F). The naphtha may be a
thermally cracked or a catalytically cracked naphtha. Such  naphthas may be
derived from any appropriate source, for example, they can be  derived from
the fluid catalytic cracking (FCC) of gas oils and resids or from  delayed
or fluid coking of resids. Preferably, the naphtha streams are derived
from the fluid catalytic cracking of gas oils and resids. Such naphthas are



typically rich in olefins, diolefins, and mixtures thereof, and relatively
lean in  paraffins. In one embodiment, the cracking process of the present
invention  may be performed in one or more process units comprised of a
reaction zone, a  stripping zone, a catalyst regeneration zone, and a
fractionation zone. The    WO 01/34731 PCT/US00/0378 9 J U L 20041 naphtha
feedstream is conducted into the reaction zone where it contacts a source
of hot, regenerated catalyst. The hot catalyst vaporizes and cracks the
feed at a temperature from about 500C to 650C preferably from about 500C to
600C The cracking reaction deposits carbonaceous hydrocarbons, or coke, on
the  catalyst, thereby deactivating the catalyst. The cracked products may
be separated  from the coked catalyst and a portion of the cracked products
may be conducted to  a fractionator. The coked catalyst is passed through
the stripping zone where volatiles are stripped from the catalyst particles
with steam. The stripping can be  preformed under low severity conditions
in order to retain adsorbed hydrocarbons  for heat balance. The stripped
catalyst is then passed to the regeneration zone  where it is regenerated
by burning coke on the catalyst in the presence of an  oxygen containing
gas, preferably air. Decoking restores catalyst activity and
simultaneously heats the catalyst to, e.g., 650C to 750C. The hot catalyst
is then  recycled to the reaction zone to react with fresh naphtha feed.
Flue gas formed by  burning coke in the regenerator may )r- treated for
removal of particulates and for  conversion of carbon monoxide, after which
the flue gas is normally discharged  into the atmosphere. At least a
portion, preferably a naphtha portion, and more  preferably a naphtha
portion rich in C5 and C6 olefin, of the cracked products from  the
reaction zone is separated for subsequent hydroprocessing in step (b) in
the  



Summary of the Invention. Other portions, when present, may be separated
for  storage, further processing, recycling, or some combination thereof.
The  separation may occur in one/'or more fractionation zones. In one
embodiment, at least a naphtha fraction boiling in the range  of 18C to 65
C (65F to 150F) (i.e., light cat naphtha) is separated from the cracked
product of step (a), and at least a portion of the light cat naphtha is
hydroprocessed in step  (b). Intermediate and heavy cat naphtha fractions
may also be separated from the  cracked product, and portions thereof may
be subsequently hydroprocessed. 1 11 WO ?113473 -6  9 JUL 2004 Moreover,
mixtures of light cat naphtha, intermediate cat naphtha, and heavy cat
naphtha separated from the cracked product may also be subsequently
hydroprocessed. Lighter fractions such as C2, C3, and C4 fractions may be
separated from the cracked product for storage, further processing, or some
combination thereof. -'The cracking step may be practiced in a'
conventional FCC process  unit under FCC conversion conditions in order to
increase light olefin yields in the  FCC process unit itself. In another
embodiment, the invention uses its own  distinct process unit, as
previously described, which receives olefinic naphtha  from a suitable
source in the refinery. In a preferred embodiment, the invention is
practiced in its own distinct process unit, and the reaction zone is
operated at  process conditions that will maximize light olefin,
particularly propylene,  selectivity with relatively high conversion of Cs+
olefins. Preferably, the cracking  occurs under conditions resulting in at
least 50% conversion of olefinic species to  light olefinic species and
other gases having a molecular weight of C4 and below,  



more preferably conversion ranges from about 70-80%. Preferred process
conditions for the cracking step include  temperatures from about 500C to
about 650C, preferably from about 525C to  600T, hydrocarbon partial
pressures from about 68.95 to 275.80 Kpa (10 to 40 psia),  preferably from
about 137.90 to 241.33 Kpa (20 to 35 psia); and a catalyst to  naphtha
(wt/wt) ratio from about 3 to 1 2j preferably from about 4 to 10, where
catalyst weight is total weight of the catalyst  composite. Though not
required, it is also preferred that steam be concurrently  p with the steam
introduced with the naphtha stream into the reaction zone, comprising up to
about 50 wt.% of the hydrocarbon feed. Also, it is preferred  rrethat  the
naphtha r esidence time in the reaction zone be less than :about 10
seconds, for  example from about 1 to about 10 seconds. WO 01/34733 -7
PCT/1JS00/30378 Such conditions result in converting at least about 50 wt.%
of the  naphtha str&m's C5+ olefins to C4- products. The conditions result
in less than  about 25 wt.%, preferably less than about 20 wt.% conversion
of the paraffins to  C4- products. Propylene comprises at least about 90
mol %, preferably greater  than about 95 mol % of the total C3 products
with the weight ratio of propylene/total C2- products greater than about
3.0. It is preferred that ethylene  comprises at least about 90 mol % of
the C2 products, with the weight ratio of  propylene:ethylene being greater
than about 3.5 and that the 18C to 221C (65F to  430F), (i.e., "full
range") C5+ naphtha product is either enhanced or relatively unchanged in
both motor and research octanes relative to the naphtha feed. It is within
the  scope of this invention that the cracking catalysts be pre-coked prior
to  introduction of feed in order to further improve the selectivity to
propylene. It is  



also within the scope of this invention that an effective amount of single
ring  aromatics be fed to the reaction zone to also improve the selectivity
of propylene  vs. ethylene. The aromatics may be from an external source
such as a reforming  process unit or they may consist of heavy naphtha
recycle product from the instant  process. Among the preferred catalysts
for use in the cracking step of the  present invention are molecular sieve
catalysts such as zeolitic fluidized catalytic  cracking catalysts. More
preferred catalysts include those which are comprised of  a molecular sieve
having an average pore diameter less than about 0.7 nanometers  (nm), the
molecular sieve comprising from about 10 wt.% to about 80 wt.%,  preferably
about 20 wt.% to about 60 wt.%, of the total fluidized catalyst
composition. Preferably, the catalyst contains phosphorus. The phosphorus
may  be added to the formed catalyst by impregnating the catalyst or
molecular sieve  with a phosphorus compound in accordance with conventional
procedures. wo O1134733 -8 9 JUL 2004  PC T !USOa130378 Alternatively, the
phosphorus compound may be added to the multicomponent  mixture from which
the catalyst is formed. Preferably, the molecular sieve is selected from
the family of  medium pore size (< 0.7 nm) crystalline aluminosilicates,
otherwise referred to as  zeolites. The pore diameter, also sometimes
referred to as effective pore  diameter, can be measured using standard
adsorption techniques and  hydrocarbonaceous compounds of known minimum
kinetic diameters. See Breck,  Zeolite Molecular Sieves, 1974 and Anderson
et al., J. Catalysis 58, 114 (1979), Molecular sieves that can be used in
the cracking step of the present  invention include medium pore zeolites
described in "Atlas of Zeolite Structure  Types," eds. W.H. Meier and D.H.
Olson, Butterworth-Heineman, Third Edition,  



19929 . The medium pore size zeolites  generally have a pore size from
about 0.5 nm, to about 0.7 nm and include for  example, MFI, MFS, MEL, MTW,
EUO, MTT, NEU, FER, and TON structure  type zeolites (IUPAC Commission of
Zeolite Nomenclature). Non-limiting  examples of such medium pore size
zeolites, include ZSM-5, ZSM-12, ZSM-22,  ZSM-23, ZSM-34, ZSM-35, ZSM-38,
ZSM-48, ZSM-50, silicalite, and silicalite  2. The most preferred is ZSM-5,
which is described in U.S. Patent Nos.  3,702,886 and 3,770,614. ZSM-1 I is
described in U.S. Patent No. 3,709,979;  ZSM-12 in U.S. Patent No.
3,832,449; ZSM-21 and ZSM-38 in U.S. Patent No.  3,948,758; ZSM-23 in U.S.
Patent No. 4,076,842; and ZSM-35 in U.S. Patent No.  4,036,245. Other
suitable medium pore size molecular sieves include the
silicoa]uminophosphates  (SAPO), such as SAPO-4 and SAPO-1 I which is
described in U.S. Patent No.  4,440,87]; chromosilicates; gallium
silicates; iron silicates; aluminum phosphates  (ALPO), such as ALPO-] I
described in U.S. Patent No. 4,310,440; titanium J WO 01/34731
PCTIUSO013037a aluminosilicates (TASO), such as TASO-45 described in EP-A
No. 229,295;  boron silicates, described in U.S. Patent No. 4,254,297;
titanium  a]uminophosphates (TAPO), such as TAPO-1 I described in U.S.
Patent No.  4,500,653; and iron aluminosilicates. The medium pore size
zeolites can include "crystalline admixtures"  which are thought to be the
result of faults occurring within the crystal or  crystalline area during
the synthesis of the zeolites. Examples of crystalline  admixtures of ZSM-5
and ZSM-11 are disclosed in U.S. Patent No. 4,229,424. The crytalline
admixtures are  themselves medium pore size zeolites and are not to be
confused with physical  admixtures of zeolites in which distinct crystals
of crystallites of different zeolites  are physically present in the same
catalyst composite or hydrothermal reaction  



mixtures. The cracking catalysts of the present invention may be held
together  with an inorganic oxide matrix component. The inorganic oxide
matrix component  binds the catalyst components together so that the
catalyst product is hard enough to  survive interparticle and reactor wall
collisions. The inorganic oxide matrix may be  made according to
conventional methods from an inorganic oxide sol or gel which is  dried to
"glue" the catalyst components together. Preferably, the inorganic oxide
matrix is not catalytically active and will be comprised of oxides of
silicon and  aluminum. It is also preferred that separate alumina phases be
incorporated into the  inorganic oxide matrix. Species of aluminum
oxyhydroxides-y'alumina, boehmite,  diaspore, and transitional aluminas
such as a-alumina, P-alumina, -y-alumina, 8- alumina, E-alumina,
'K-alumina, and p-alumina can be employed. Preferably, the  alumina species
is an aluminum trihydroxide such as gibbsite, bayerite,  nordstrandite, or
doyelite. The matrix material may also contain phosphorous or  aluminum
phosphate. WO 01/34731 -1 0 9 JUL  PCTNS00130378 The preferred cracking
catalysts do not require steam contacting,  treatment, activation, and the
like to develop light olefin conversion selectivity,  activity, or
combinations thereof. Preferred catalysts include OLEFINS MAX r"''
catalyst available from W.R. Grace and Co., Columbia, NO. As discussed, the
preferred molecular sieve catalyst does not require  steam activation for
use under olefin conversion conditions to selectively fonn  light olefins
from a catalytically or thermally cracked naphtha containing paraffins  and
olefins. In other words, the preferred process propylene yield is
substantially  insensitive to whether the preferred molecular sieve
catalysts contact steam prior  to catalytic conversion, during catalytic
conversion, or some combination thereof.  However, steam does not
detrimentally affect such a catalyst, and steam may be  



present in the preferred olefin conversion process. Steam may be and
frequently is present in fluidized bed reactor  processes in the feed and
in regions such as the reactor zone and the regenerator  zone. The steam
may be added to the process for purposes such as stripping and it  may
naturally evolve from the process during, for example, catalyst
regeneration.  In a preferred embodiment, steam is present in the reaction
zone. Importantly, the  presence of steam in the preferred process does not
affect catalyst activity or  selectivity for converting feeds to light
olefins to the extent observed for naphtha  cracking catalysts known in the
art. For the preferred catalysts, propylene yield  by weight based on the
weight of the naphtha feed under the preferred process  conditions
("propylene yield") does not strongly depend on catalyst steam
pretreatment or the presence of steam in the process. Accordingly, at least
about  60 wt.% of the C5+ olefins in the naphtha stream are converted to
C4- products  and the reactor effluent's total C3 product comprises at
least about 90 mol. %  propylene, preferably greater than about 95 mol. %
propylene, whether or not WO 01/34731 -11 PC IUSOO/303789 JUL 2006 (i)
catalyst steam pretreatment is employed, (ii) steam is added to or evolves
in the catalytic conversion process, or  (iii) some combination of (i) and
(ii) is employed. Conventional molecular sieve catalyst steam activation
procedures  involving steam pretreatment and adding steam to a feed are set
forth, for  example, in U.S. Patent No. 5, 171, 921. Conventionally, a
steam pretreatment  may employ 1 to 5 atmospheres of steam for I to 48
hours. When steam is added  in conventional processes, it may be present in
amounts ranging from about 1  mol. % to about 50 mol. % of the amount of
hydrocarbon feed. Pretreatment is  optional in the preferred process
because the preferred catalyst's activity and  selectivity for propylene
yield is substantially insensitive to the presence of steam. When a
pretreatment is employed in the preferred process, it may be  



conducted with 0 to about 5 atmospheres of steam. By 0 atmospheres of steam
it  is meant that no steam is added in the pretreatment step. Steam
resulting from, for  example, water desorbed from the catalyst, associated
pretreatment equipment,  and combinations thereof may be present, usually
in very small amounts, during  pretreatment even when no steam is added.
However, like added steam, this  steam does not substantially affect the
catalyst's activity for propylene yield.  Adding steam to the preferred
process as in, for example, stripping steam, a  naphtha-steam feed mixture,
or some combination thereof is also optional. When  steam is added to the
preferred process, it may be added in an amount ranging  from about 0 mol.
% to about 50 mol. % of the amount of hydrocarbon feed. As  in the case of
pretreatment, 0 mol. % steam means that no steam is added to the  preferred
process. Steam resulting from the preferred process itself may be  present.
For example, steam resulting from catalyst regeneration may be present,
usually in very small amounts, during the preferred process even when no
steam is 9 JUL 2006 WO (c)1/34731 PCT/lJS00130378 added. However, such
steam does not substantially affect the catalyst's activity  for propylene
yield. When the preferred catalysts of this invention are steam pretreated
and then employed in the preferred process, propylene yield changes by less
than  40%, preferably less than 20%, and more preferably by less than 10%
based on  the propylene yield of the preferred process using an identical
catalyst that was  not pretreated. Similarly, when the preferred catalyst
is used in the preferred  process and steam is injected with the naphtha,
propylene yield changes by less  than 40%, preferably less than 20%, and
more preferably by less than 10% based  on the propylene yield of the
preferred process using an identical catalyst where  steam injection was
not employed. Preferably, propylene yield ranges from about  8 wt.% to
about 30 wt.%, based on the weight of the naphtha feed. The Steam
Activation Index test is one way to evaluate catalysts to  



determine whether they would require steam activation for use in napththa
cracking. In accordance with the test: (i) a candidate catalyst-is calcined
at a temperature of 1000F for  four hours and then divided into two
portions; (ii) 9 grams of the first catalyst portion are contacted with
hydrocarbon consisting of a catalytically cracked naphtha boiling in the
range of C5 to 12.1 C(250 F) and containing 35 wt.% to 50 wt.% olefins
based on the weight  of the naphtha in order to form a product containing
propylene (The contacting is  conducted in a model "R" ACE TM unit
available from Xytel Corp Elk Grove  Village, Illinois. The contacting in
the ACE unit is conducted under catalytic  conversion conditions that
include a reactor temperature of 575C, a reactor pressure differential of
3.45 to 10.34 Kpa (0.5 psi to 1.5 psi), a feed injection time of  50
seconds and a WO 01/34731 PCTIU S00/303 78 9 JUL 2004 feed injection rate
of 1.2 grams per minute.) and the amount of propylene in the  product is
determined; (iii) the second catalyst portion is exposed to l atmosphere of
steam  at a temperature of 815 C (1500 F) for 16 hours; and then (iv) 9
grams of the catalyst from (iii) is contacted with the same  naphtha as in
(ii) in the ACE unit under the same conditions as in (ii) and the  amount
of propylene in the product is determined; and (v) the ratio of the wt.%
yield of the propylene in (ii) to the wt.%  yield of the propylene in (iv)
is the Steam Activation Index. For the preferred catalysts, the Steam
Activation Index is above  0.75. More preferably, such catalysts have a
Steam Activation index ranging  from 0.75 to about 1, and still more
preferably ranging from about 0.8 to about 1,  and even more preferably
from 0.9 to about 1. 



As set forth above, the first step in the process of the invention
comprises cracking an olefinic naphtha resulting in a cracked product
having a  diminished total concentration of olefinic species. The second
step comprises  hydroprocessing at least a portion of the cracked product
in one or more  hydroprocessing reactions to provide a hydroprocessed
cracked product having a  reduced concentration of non-hydrocarbyl species
but without a substantial octane  reduction. The portion of the cracked
product separated for subsequent  hydroprocessing may be combined with
naphthas derived from other sources prior  to such hydroprocessing.
Preferred hydroprocessing conditions are set forth in  detail below. While
it is preferred that the hydroprocessing step be practiced in  connection
with the preferred cracking step, feeds for the hydroprocessing step  may
include a cracked naphtha formed in a conventional naphtha cracking WO
0!/3473? - 14 PCr!USOO/30378 9 J U L 2004 reaction. Conventional naphtha
cracking is set forth, for example, in U.S. Patent  No. 5,171,921. The term
"hydroprocessing" is used broadly herein and includes  processes such as
hydrofning, hydrotreating, and hydrocracking. As is known  by those of
skill in the art, the degree of hydroprocessing can be controlled  through
proper selection of catalyst as well as by optimizing operation
conditions. Preferably, the hydroprocessing occur under conditions, set
forth in  detail below, that do not result in converting a substantial
portion of olefins into  paraffins, but that do result in the removal of
objectionable species including  non-hydrocarbyl species that may contain
sulfur, nitrogen, oxygen, halides, and certain metals. Such conditions are
referred to herein as "selective  hydroprocessing" conditions. While the
hydroprocessing step of the invention may be  performed under conventional
hydroprocessing conditions, selective  



hydroprocessing conditions are preferred because, it is believed, they
result in a hydroprocessed product that is not substantially lower in
octane than the  cracked product of step (a). Accordingly, the preferred
hydroprocessing reaction is performed  at a temperature ranging from about
200C to about 400C., more preferably  from about 250C to about 375C. The
reaction pressure preferably ranges from about 446.10 to 6996.35 Kpa (50 to
about 1000 psig), more preferably from  about 446.10 to 2068.50 Kpa (50 to
about 300 psig). The hourly space velocity  preferably ranges from about
0.1 to about 10 VNIHr, more preferably from about 2 to about 7 VN/Ht-,
where VN/Hr is  defined as the volume of oil per hour per volume of
catalyst. The hydrogen  containing gas is preferably added to establish a
hydrogen charge rate ranging from about 14.16m3 to about 84.95m3.(500 to
about 5,000 standard cubic feet per  bbl bbl barrel (SCF/B)), more
preferably from about 28.46m3 to about 84.95m3(1000 to about  3000 SCF/B).
WO 01/34731 -15 PCTIUSOO/30378 V9 J JL 2006 Hydroprocessing conditions can
be maintained by use of any of  several types of hydroprocessing reactors.
Trickle bed reactors are most  commonly employed in petroleum refining
applications with co-current  downflow of liquid and gas phases over a
fixed bed of catalyst particles. It can  be advantageous to utilize
alternative reactor technologies. Countercurrent- flow reactors, in which
the liquid phase passes down through a fixed bed of  catalyst against
upward-moving treat gas, can be employed to obtain higher  reaction rates
and to alleviate aromatics hydrogenation equilibrium limitations  inherent
in co-current flow trickle bed reactors. Moving bed reactors can be
employed to increase tolerance for metals and particulates in the  



hydroprocessor feed stream. Moving bed reactor types generally include
reactors wherein a captive bed of catalyst particles is contacted by
upward- flowing liquid and treat gas. The catalyst bed can be slightly
expanded by the  upward flow or substantially expanded or fluidized by
increasing flow rate, for  example, via liquid recirculation (expanded bed
or ebullating bed), use of  smaller size catalyst particles which are more
easily fluidized (slurry bed), or  both. In any case, catalyst can be
removed from a moving bed reactor during  onstream operation, enabling
economic application when high levels of metals  in feed would otherwise
lead to short run lengths in the alternative fixed bed  designs.
Furthermore, expanded or slurry bed reactors with upward-flowing  liquid
and gas phases would enable economic operation with feedstocks  containing
significant levels of particulate solids, by permitting long run lengths
without risk of shutdown due to fouling. Use of such a reactor would be
especially beneficial in cases where the feedstocks include solids in
excess of  about 25 micron size, or contain contaminants which increase the
propensity for  foulant accumulation, such as olefinic or diolefinic
species or oxygenated WO 01134731 PCTIUSOO/30378 9 JUL 2004  46 species.
Moving bed reactors utilizing downward-flowing liquid and gas can  also be
applied, as they would enable on-stream catalyst replacement. The catalyst
used in the hydroprocessing stages may be any  bydroprocessing catalyst
suitable for aromatic saturation, desulfurization,  denitrogenation or any
combination thereof Preferably, the hydroprocessing  catalyst contains at
least one Group VIII metal and a Group VI metal on an  inorganic refractory
support, which is preferably alumina or alumina-silica.  The Group VIII and
Group VI compounds are well known to those of ordinary  skill in the art
and are well defined in the Periodic Table of the Elements. For  example,
these compounds are listed in the Periodic Table found at the last page  



of Advanced Inorganic Chemistry, 2nd Edition 1966, Interscience Publishers,
by Cotton and Wilkinson. The Group VIII metal is preferably present in an
amount ranging from 0.5-20 wt.%, preferably 1-12 wt.%. Preferred Group VIII
metals include Co, Ni, and Fe, with Co and Ni being most preferred. The
preferred Group VI metal is Mo which is present in an amount ranging from
I- 50 w t.%, preferably 1.5-40 wt.%, and more preferably from 2-30 wt.%.
Where selective hydroprocessing is employed, and especially where
selective hydrodesulfurization is employed, a preferred hydroprocessing
catalyst  may contain 1-10 wt.% Mo03 and 0.1-5 wt.% CoO supported on
alumina, silica- alumina, or other conventional support materials.
Generally, the support surface  area may range from about 100 to about 400
m2/g. The catalyst may contain  small amounts of iron and SO4. The total
surface area of the catalyst may range  from 150 to 350 m2/g while the pore
volume may range from about 0.5 to about  1.0 cm3/g, as measured by mercury
intrusion. When metals are impregnated into  or on to the support, the
impregnation should be conducted to provide a final WO 01/34731
PCT/USOO/30378 -17 g JIJ 7004  catalyst composition having oxygen
chemisorption values set forth in the range of  Table 1. The catalyst may
also contain 0-10 wt.% phosphorus which may be added at any time during
catalyst preparation. In the selective hydrotreating process, the catalyst
may be loaded  into the hydrotreating reactor in the oxidized form and
sulfided by standard  methods prior to treating the cracked naphtha. Table
1 Metals Dispersion by the Oxygen Chemisorption Test mol oxygen / gram M003
Minimum Broad Range 



Preferred Most Preferred 800 1000 1200 Maximum 2800 2200 2000 * Oxygen
chemisorption measured on sulfided catalysts. 1 J In a preferred
embodiment, the selective hydroprocessing catalyst  may contain 0-5 wt.%
Group IA elements, especially potassium for activity,  selectivity, or a
combination of activity and selectivity enhancements. The  elements may be
added at any time during the preparation of the catalyst. The selective
hydroprocessing catalyst when used in accordance  with the selective
hydroprocessing conditions set forth in this invention  provides both high
activity and selectivity for selective naphtha  hydroprocessing. The high
activity may provide process improvements such as  one or more of
additional naphtha throughput at the same level of sulfur  removal, longer
cycle lengths, and reduced catalyst costs. The high selectivity  of the
catalyst provides abated olefin hydrogenation at a given sulfur removal
level as compared to conventional hydroprocessing catalysts. The olefin A
V'0 01134731 PCT/USOO/30378 -18 9 JUL 2004 hydrogenation abatement leads to
reduced hydrogen consumption and  eliminates or substantially diminishes
octane losses in the hydrotreated naphtha. All metals and metal oxide
weight percents given are on support.  



The term "on support" means that the percents are based on the weight of
the  support. For example, if a support weighs 100 g, then 20 wt.% Group
VIII  metal means that 20 g of the Group VIII metal is on the support. Any
suitable inorganic oxide support material may be used for the
hydroprocessing catalyst of the present invention, including the selective
hydroprocessing catalyst. Preferred are alumina and silica-alumina,
including  crystalline alumino-silicate such as zeolite. More preferred is
alumina. The  silica content of the silica-alumina support can be from 2-30
wt.%, preferably  3-20 wt.%, more preferably 5-19 wt.%. Other refractory
inorganic compounds  may also be used, non-limiting examples of which
include zirconia, titania,  magnesia, and the like. The alumina can be any
of the aluminas conventionally  used for hydroprocessing catalysts. Such
aluminas are generally porous  amorphous alumina having an average pore
size from 50-200 A, preferably, 70- 150 A, and a surface area from 50-450
m2/g. The naphtha product resulting from the hydroprocessing step may
contain olefins, saturates, aromatics, non-hydrocarbyl species, and
mixtures  thereof. Species present boil primarily in the naphtha boiling
range, and more  preferably in the range of 18C to 65C (65F to 150F). The
amount of olein in the naphtha  product may range from trace amounts, in
the case of conventional  hydroprocessing under relatively severe
conditions, to more than 90 wt.% of the of the naphtha product, in the case
of selective hydroprocessing under  relatively mild conditions. Preferably,
the total amount of olefin in the naphtha k WO 01/34731 PCTIUSOO/30378 -19
product ranges from about I wt.% to about 90 wt.%, more preferably from
about 5 wt.% to about 50 wt.%, and still more preferably from about 10 wt.%
to about 30 wt.%, the wt.% being based on the weight of the naphtha
product. EXAMPLES 9 JUL 2004 



Table 2 illustrates the advantages of hydroprocessing the cracked  product
obtained from olefinic naphtha re-cracking by comparing with  conventional
and selective naphtha hydroprocessing of the olefinic naphtha. A  sample
(Example #1) of Light Cat Naphtha (LCN) containing 490 ppm S and  42.8%
vol.% olefins (84.5 MON, 90.5 RON) was hydroprocessed (Example #2)  under
conventional hydroprocessing conditions using a conventional Ni/Mo on
alumina catalyst in order to substantially remove sulfur-containing
species.  Hydroprocessing led to a loss of 12.0 octane numbers (R+M/2)
resulting, it is  believed, from the high level of olefin saturation (99.9
Vol.%). A sample (Example #3) of light cat naphtha ("LCN") and
intermediate cat naphtha ("ICN") containing 185 ppm S and 47.6 wt.% olefins
was hydroprocessed under selective hydroprocessing conditions with a highly
selective catalyst containing 5.2 wt.% MoO3 and 1.5 wt.% CoO on an alumina
support with a 87 A median pore diameter and a surface concentration of 1.9
x 10'  4 gm MoO3 /M2. to produce a hydrotreated product (Example #4) with
81.6% S  removal. At these conditions, olefin saturation (10.3%) and octane
loss (1.05  R+M/2) are low. For comparison, Example #3 was first converted
in accordance with  the cracking step of this invention, providing 40%
conversion to products boiling  below the naphtha boiling range (i.e.,
lighter products) and an increase of 0.2 WO OU34731 PCT/USOO/30378 -20 9
JULI 2004 octane (Example #5). The unconverted cracked product was
separated and then  selectively hydroprocessed (Example #6) with the highly
selective catalyst of  Example #4 to achieve the same S level as in Example
#4. This was  accomplished at a lower hydroprocessing severity (3.71 vs.
3.27 LHSV) and with  minimal octane loss (-1.9 R+M/2). The reduced
hydroprocessing severity  combined with the reduced naphtha volume resulted
in a beneficial reduction in  hydroprocessor reactor volume requirements by
50% in Example #6 compared  



with Example #4. J k. 0 43 p  CA ,.o W N ~ oz 0Z  N N ~D O  v O W O  o '0 N
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OA 1 trl 'D tr1 .,~ N lI- 00  00 r \D N 00 O t^ O N  'r zr n Q1 00 00 0\ to
N .+ to M N~ M N N  ,~o C7% c3N C) ~00aw  r-O,00 9 JUL 1004 22 CLAIMS: A
process forming a bydroprocessed product comprising: (a) cracking a naphtha
feedstock containing paraffins and olefinis  by contacting the naphtha
feedstock with a catalyst containing 10 to 50 wt.% of a molecular sieve,
based on the  5 weight of the catalyst, having an average pore diameter
less than . 0.7  nm under catalytic conversions conditions in order to form
a naphtha product, wherein the naphtha feedstock is a thermally or
catalytically  cracked naphtha having a boiling range of 65F to 430F (18C
to 221C) and wherein the catalytic conversion conditions include a io
temperature ranging from 500C to 650C, a hydrocarbon  partial pressure
ranging from 10 to 40 psia (69-276 kPa), a  hydrocarbon residence time
ranging from 1 to 10 seconds, and  a catalyst to feed ratio, by weight, of
3 to 12, wherein the naphtha  feedstock contains 5 wt.% to 30 wt% paraffins
and from about 15 15 wt.% to 70 wt.% olefins, wherein no more than 20 wt.%
of  paraffins are converted to light olefins, and then 



(b) contacting at least a pprtion of the naphtha product with a
catalytically effective amount of a hydroprocessing catalyst under
hydroprocessing conditions in order to form the hydroprocessed product. 20
2. The process of claim I wherein the naphtha feedstock is a  thermally or
catalytically cracked naphtha having a boiling range of 65F to 250F (1SC to
121C) and is derived from at least one  of fluid catalytically cracked gas
oil and residual oil. 3. The process of claim I wherein the hydroprocessing
25 conditions include a hydroprocessing temperature ranging from about
200C to about 400C, a hydroprocessing pressure ranging from 50  psig to
1000 psig (448 kPato 6998lcPa), a hydroprocessing 9 J'J L 2004 23 hourly
space velocity ranging from 0.1 V/V/Hr to 10 V/V/Hr,  wherein VN/Hr is the
volume of the naphtha product per hour per volume  of the hydroprocessing
catalyst. 4. The process of claim 3 further comprising adding a hydrogen- 5
containing gas in step (b) at a hydrogen charge rate ranging from 500  SCFB
to 5,000 SCF/B. 5. The process of claim 4 wherein the hydroprocessing
catalyst  contains at least one Group VIII metal and at least one. Group VI
metal on  an inorganic refractory support. 10 6. The process of claim 5
wherein the hydroprocessing catalyst  is a sulfided hydrodesulf it zation
catalyst containing 1 wt.% to 10 wt.% MoO3 and 0.1 wt.% to 5 wt.% CoO, the
wt.% being  based on the weight of the support; wherein the refractory
support is at least'  one of silica, alumina, and silica-alumina having a
surface area ranging is from 100 m2/g to 400 m~/g; wherein the total
surface area of the  hydrodesulfurization catalyst ranges from 150 m2/g to
350  m2/g; and wherein the hydrodesulfurization catalyst has a pore volume



ranging from 0.5 rm'/g to 1.0 em3/g, as measured by mercury intrusion. 1 20
7. The process of claim 6 wherein the hydrodesulfurization  catalyst
further contains . 0 wt.% to 5 wt.% of a group IA element, based on the
weight of the support. 8. The process of claim 7 wherein the
bydrodesulfurization  catalyst has oxygen chemisorption values ranging from
800 M01  25 oxygen / gram MoO3 to : 2800 pznol oxygen / gram MoO3. 9. A
process forming a hydroprocessed product comprising: 9 JUL 2006 24 (a)
cracking a naphtha feedstock containing 5 wt. Yo to  30 wt.% paraffins and
from , 15 wt.% to 70 wt.% olefins  by cracking the naphtha feedstock with a
molecular sieve catalyst having an average pore diameter less than  0.7 nm
at a cracking temperature ranging from 500C to 5 1,00012C in order to form
a naphtha product, wherein no more than 20  wt.% of paraffins are converted
to light olefins, and then (b) contacting at least a portion of the naphtha
product with a catalyti cal ly effective amount of a hydroprocessing
catalyst under  hydroprocessing conditions in order to form the
hydroprocessed product. so 10. The process of claim 9 wherein the
hydroprocessing occurs in  the presence of a hydrogen-containing gas at a
hydrogen charge rate ranging  from 500 SCF/B to 5,000 SCF/B, at a
temperature ranging from 200C to 400C, at a pressure ranging from 50 psig
to  1000 psig (448 kPa to 6998 kPa), and at an hourly space 15 velocity
ranging from 0.1 VN/Hr to 10 VA 7/1-1r, wherein Vf V/Hr is the volume of
the naphtha product per hour per volume of the  



hydroprocessing catalyst, and wherein the hydroprocessing catalyst is a
sulfided  bydrodesulfurization catalyst containing about I wt.% to 10 wt./a
20 MoO3 and 0.1 wt.% to 5 wt.% CoO, the wt % being based on  the weight of
the support; wherein the refractory support is at least one of  silica,
alumina, and silica-alumina having a surface area ranging from  I00 mz/g to
400 m2lg; wherein the total surface area of the  hydrodesulfurization
catalyst ranges from 150 m2/g to 350 25 m2/g; and wherein the
hydrodesulfurization catalyst has a pore volume  ranging from 0.5 cm, /g.
to 1.0 cm3/g, as measured by mercury  intrusion. 9 J UL 200 25  11. A
process forming a bydroprocessed product comprising: (a) cracking a naphtha
feedstock containing 5 wt.% to  30 wt.% paraffins and from . 15 wt.% to 70
wt.% olefins  by cracking the naphtha feedstock with a catalyst containing
10 to 50 wt.% of a molecular sieve, based on the weight  5 of the catalyst,
having an average pore diameter less than 0.7 nm at  conditions including a
temperature ranging from . 500C to 650C, a hydrocarbon partial pressure
ranging from .10,to .40 psia (69-276 kPa), a hydrocarbon residence time
ranging from . 1 to  10 seconds, and a catalyst to feed ratio, by weight,
of 3 to 12, 10 wherein no more than .20 wt.% of paraffins are converted to
light  olefins, and then (b) contacting at least a portion of the naphtha
product with a  catalytically effective amount of a hydroprocessing
catalyst in the presence  of a hydrogen-containing gas at a hydrogen charge
rate ranging from 15 500 SCF/B to 5,000 SCF/B, at a temperature ranging
from ;  200C to 400C, at a pressure ranging from 50 psig to 



1000 psig (448 kPa to 6998 kPa), and at an hourly space velocity  ranging
from 0.1 VI1l/Hs to 10 VNIHr, wherein V/V/Hr is the  volume of the naphtha
product per hour per volume of the hydroprocessing  20 catalyst, and
wherein the hydroprocessing catalyst is a sulfided  hydrodesulfurization
catalyst containing 1 wt% to 10 wt.%  MoO3 and 0.1 wt.% to 5 wt.% CoO, the
wt.% being based on  the weight of the support; wherein the refractory
support is at least one of 25 silica, alumina, and silica-alumina having a
surface area ranging from  100 mz/g to 400 m2/g; wherein the total surface
area of the  hydrodesulfurization catalyst ranges from 150 m2/g to 350
rnz/g; and wherein the hydrodesulfurization catalyst has a pore volume 9
JUJL2(1 26 ranging from ; 0.5 cm31g to 1.0 cm3/g, as measured by mercury
intrusion. 


