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· .. PRODUCTION OF HIGH VISCOSITY INDEX LUBRICANTS 

. . 

This invention relates to t~e production of high viscosity index 
lubricants from mineral oil.feedstocks~ e.g., petroleum waxes, by 
hydrocr~ck1~g, followed by a camb;ned hydroisomerizatton-hydrotreattng 
process requiring operatian in a narrow temperature range • 

. Mineral oil based lubricants are conventionally produced by a 
separative sequence carried out in the petroleum refinery which 
comprises fractionation of a paraffinic crude oil under atmospheric 
pressure followed by fractionation under vacuum to produce distillate 
fractions (neutral oils) and a residual fraction which, after 
deasphalt1ng and severe solvent treatment may also be used a~ a 
lubricant basestock usually referred to as bright stock. Neutral oils, 
after solvent extraction to remove low viscosity index (V.I.) 
components, are conventionally subjected to dewaxing, either by solvent 
or catalytic dewaxing processes, to the desired pour potnt, after which 
the dewaxed lubestock may be hydrof1nished to.improve stability and 
remove color bodies. Th1s conventional technique relies upon the 
selection and use of crude stocks, usually of a paraffinic character. 
which produce the desired lube fractions of the desired qualities in 
adequate amounts. The range of pennissible crude sources may, however, 
be extended by the lube hydrocracking process wh1ch is capable of 
utilizing crude stocks of marginal or poor quality, usually with a 
higher aromatic content than the best paraffinic crudes. The lube 
hydrocracking process, which is well established in the petroleum 
refining industry, generally comprises an in;t1al hydrocracking step 
carried out under h;gh pressure 1n the presence of a b1funct1onal 
catalyst which effects partial saturation and ring opening of the 
aromatic components which are present .in the feed. The hydrocracked 
product is ~hen. subjected to dewaxing ;n order to reach the target pour 
point s;nce the products fro~ the initial hydrocracking step which are 
paraffinic in character include components with. a relatively high pour 
po;nt which need to be removed tn the dewaxing step. 

Current trends in the des1gn of automotive engines are associated 
w1th higher operating temperatures as the efficiency of the engines 
increases ana these higher operating temperatures require 
successively higher quality lubricants. One of the requ;rements is for 
higher viscosity indices (V.I.) in order to reduce the effects of the 
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h1gher·operat1ng temperatures on the viscosity of the engine 
lubricants. ·High V. I. values have conventionally been atta1ned by the 
use of V.I. improvers e.g. polyacrylates. but there is a limit to the 
degree of improvement which may be effected in this way; in additton, 
V.I. improvers tend to undergo degradation under the effects of high 
temperatures and high shear rates encountered in the engine, the more 
stressing conditions encountered in high efficiency engines result in 
even faster d~gradation of oils which employ significant amounts of 
V.I. 1mprovers •. Thus, there ts a continuing need for automotive 
lubricants which are based on fluids of high viscos;ty index and which 
are stable to the high temperature. high shear rate conditions 
encountered in modern engines. 

Synthetic lubricants produced by the palymer1zat1on of olefins in 
the presence of certain catalysts have been shown to possess excellent 
V. I. values, but they are expensive to produce by the conventi_onal 
synthetic procedures and usually require expensive starting ma~er1als. 
There is therefore a need for the production of high v~r. lubricants 

·from mineral oil stocks wh;ch may be produced by techniques comparable 
to those presently employed in petroleum refineries. 

· In theory. as well as in practice, lubricants should be highly 
paraffinic in nature since paraffins poss~ss the desirable combination 
of oxidation stability and high viscosity index. Normal paraffins and_ 
slightly branched paraffins e.g. n-methyl paraffins, are often waxy 
materials which confer an unacceptably high pour point on the lube 
stock and ar' therefore removed during the dewaxing operations in the 
conventional refining process described above. It 1s. however, 
possible to process waxy feeds in order to retain many of the benefits 
of their pa~affinic character while overcoming the undesirable pour 
po;nt characteristic. A severe hydrotreating process for manufacturing 
lube oils of high v1scos;ty index is disclosed in Developments 1n 
bubr-ication PD 19(2). 221-228, s. Bull et al., and in this process, 
waxy feeds such as waxy distillates, deasphalted oils and slack waxes 
ar~ subjected to a two-stage hydropracessing operation fn which an 
1n;tial hydrotreating unit processes the fe"eds in blocked operation 
with the first stage operating under higher temperature conditions to 
effect selective removal of the undesirable aromatic compounds by 
hydrocracking and hydrogenation. The second stage operates under 



-3-

relatively milder conditions of reduced temperature at which 
hydrogenation predom~nates, to adjust the total aromat;c content and 
influence the distribution of aromattc types in the final product. The 
v1scos1ty and flash point of the base oil are then controlled by 

topping 1n a subsequent redisti11ation step after which the pour po;nt 
of the final base oil is controlled by dewaxing 1n a solvent dewaxing 
(MEK·toluene) unit. The slack waxes removed from the dewaxer may be 
reprocessed to produce a base oil of high viscosity index. 

Processes of th1s type, employing a waxy feed which is subjected 
to hydrocrack1ng over an amorphous bifunctional catalyst such as 
nickel-tungsten on alumina or silica-alumina are disclosed, for 
example, in British Patents Nos. 1,429,494, 1,429,291 and l,493t620 and 
U.S. Patents Nos. 3,830,273, 3,776,839, 3,794,580, and 3,682,813. In 
the process described 1n GB 1,429,494, a slack wax produced by the 
dewaxing of If waxy feed is subjected to hydrocracking over a 
bifunctional hydrocracking catalyst at hydrogen pressures of 2,000 ps1g 
of higher, followed by dewaxing of the hydrocracked product to.obtain 
the desired pour point. Dewax1ng is stated to be preferably carried 
out by the solvent process with recycle of the separated wax to the 
hydrocrack1ng step~ 

In processes of this kind, the hydrocracking catalyst is 
typically a bifunctional catalyst containing a metal hydrogenation 
component on an amorphous acidic ~upport. The metal component is 
usually a combination of base metals, with one metal selected from the 
iron group (Group VIII) and one metal from Group VIB of the Periodic 
Table, for examplet nickel in combination with molybdenum or tungsten. 
Mod;fiers such as phosphorus or boron may be present, as described in 
GB 1,350,257, GB 1,342,499, GB 1,440,230, FR 2,123,235, FR 2.124,138 
and EP 199,394. Boron may also be used as a modifier as described in 
GB 1,440.230. The activity of the catalyst may be increased by the use 

~ . 

of fluor;ne, either by incorporation tnto the catalyst during its 
preparation in the form of a suitable fluorine compound or by in situ 
fluortding during the operation of the process, as disclosed fn GB 
1,390,359. 

Although the process using an amorphous catalyst for the 
treatment of the waxy feeds has shown itself to be capable of producing 
high V.I. lubricants, it is not wit.bout its 1im1tat1ons. At best, the 
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technique requires a significant dewax1ng capability, both in order to 
produce the feed as well as to dewax the hydrocracked product to the 
desired pour point. The reason for th1s is that although the amorphous 
catalysts are effective for the saturation of the aromatics under the 
high pressure conditions which are typically used 13900 kPa (Z,000 
ps1g) their lct1vity and selectivity for isomerizat1on of the 
paraffin;e components is not as high as might be desired; the 
~elat1vely straight chain paraffins are not, therefore, isomerized to 
the less waxy 1soparaffins of relatively high viscosity index but with 

low pour point properties, to the extent required to fully meet product 
pour point specifications. The waxY paraffins which pass through the 
unU therefore need to be removed during the subsequent dewaxing step 
and recycled. thus reducing the capacity of the unit. The restricted 
isomeritation activity of the amorphous catalysts also limits the 
single-pass yields to a value below abou~ 50 percent, with the 
corresponding wax conversion being about 30 to 60 %, even though higher 
yields would obviously enhance the efficiency of th~ process. The 
product VI is also limited by the isamerization activity, typically to 
about 145 at -18°C (0°F). pour point in single pass operation. The 
temperature requirement of the amorphous catalysts is also relatively 
h;gh, at lea\t in comparison to zeolite catalysts, typically being 371° 
~ 427° C (700° - 800° F). 

Another approach to the upgrading of waxy feeds to high V.I. 
lubricant basestocks is disclosed in U.S. Patent Nos. 4,919,788 and 
4.975,177. In this process. a waxy feed, typ1cally a w~y gas oil, a 
slack wax, or a deo;led waK, is hydroprocessed over a highly siliceous 
zeoHte beta catalyst. Zeolite beta is known to be highly effective 
for the isomerization of paraffins in the presence of aromatics, as 
reported tn U.S. 4,419,220, and its capabil;ties are effectively 
exploited in the process of U.S. Pat. Nos. 4,919,788 and 4,975,177 in a 
manner which opt1m1zes the yield and viscometric properties of the 
products. The zeolite beta catalyst i somerizes the 
high molecular weight paraffins contained in the back end of the feed 
ta less waxy materials while minimizing cracking of these camponenis to 
materials boiling outside the lube range. The waxy paraffins in the 
front end of the feed are removed in a subsequent dewaxtng step, either 
solvent or catalytic, in order to achieve the target pour point. The 
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combination of paraffin hydroisomerizat1on with the subsequent 
selective dewaxing process on the front end of the feed is capable of 
achieving h1gher product V.l. values than either process on its own 
and, in addition, the process may be opt1m1zed either for yie1d 
efficiency or for V.I. efficiency, depending upon requirements. 

While this zeo11te~catalyzed process has shown itself to be 
htghly effective for ~ealfog with highly paraffinic feeds, the high 
1somerization selectivity of the zeolite beta catalysts~ coupled with 
its lesser capability to remove low quality aromatic components, has 
tended to limit the application of the process to feeds which contain 
relat1vely low quantities of aromatics: the aromatics as we11 as other 
polycyclic materials are less readily attacked by the zeolite with the-

" result that they pass through the process and remain in the product 
with a consequent reduction in V.I. The lube yield also tends to be 
constrained by wax cracking out of the lube boiling range at high 

conversions: maximum lube yields are typically obtained in the 20 to 30 
weight percent conversion range (343°C+ (650~F+) conversion). It 
would therefore be desirable to·increase isomerization selectivity and 
stmultaneously to reduce hydrocracking selectivity in order to improve 
lube yield while retaining the high VI numbers in the product. 

In sunnary, therefore, the processes using amorphous catalysts 
can be regarded as inferior in terms of single pass conversion and 
overall yield because the amorphous catalysts are relatively non­
selective for paraffin isomerization 1n the presence of polycyclic 
components but have a high activity for cracking so that overall yield 
remains low and dewaxing demands are high. The zeolite-catalyzed 
process, by contrast,. 1s capable- of achieving higher yields since the 
zeolite has a"much higher selectivity for paraffin isomerization but 
under the moderate hydrogen pressures used in the processt the 
aromatics are not effectively dealt with in lower quality feeds and 
operation is constrained by the differing selectivity factors of the 
zeolite at different conversion levels. 

One method utilized by the prior art to avoid excessive aromatic 
content in a lube hydrocracking product employs a dedicated 
hydrotreat1ng reactor. This reactor can either be placed before or 
after the hydrocracker in order·to pretreat the feed to the lube 
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hydrocracker or finish the lube hydrocrackate. However, in those lube 

hydrocracking processes wherein hydrocrack1ng is followed with 

isomer1zat1on, the use of a separate hydrotreater would carry with it 

significant'Qconomic penalties. 
We have now devised a process for producing high quality, high 

viscosity index (V.I.) lubricants by a two-stage wax hydrocracking­

hydro1somerizat1on/hydrotreating process. The process is capable of 

producing pro~ucts with very high viscosity indices. typically above 

140. usually in the range of 140 to 155 ~ith values of 143 to 147 being 

typ;cal. The resulting product contains very low levels of aromatics 

(typically less than l wtl)t and olefins (typically less than I wtS), 

resulting i~ enhanced stability, particularly ultraviolet light 

stability. e.g., UV absorptivity at 226 nanometers< 0.1 liters per 

gram-centimeter. 
The present invention can be described as a process for producing 

a high visco~ity index lubr;cant having a viscosity index of at least 

140 from a hydrocarbon feed of mineral oil origin having a wax content 

of at least so weight percent and containing nitrogen compounds, which 

comprises: 4) 

(t) in a first stage, hydrocracking the feed at a hydrogen 

partial pressure of at least 5620 kPa (800 psig) over a bifunctional 

lube hydrocracktng catalyst comprising a metal hydrogenation component 

on an acidic, amorphous, porous support material to hydrocrack aromatic 

components present in the feed at .a severity which results in a 

conversion of not more than SO weight percent of the feed to products 

boiling outside the lube boiling range and which results in an effluent 

containing nitrogen compounds; 
(11) in a second stage, simultaneously isomerizing waxy paraffins 

and hydrotreat1ng aromat1cs in the effluent from the first stage in the 

presence of a low acidity isomerization catalyst having an alpha.value 

of not more than 20 and comprising a noble metal hydrogenation 

cmnponent on a porous support material compr1sing zeolite beta to 

1somer1ze waxy paraffins to less waxy isoparaffins and to reduce 

aromatics content to less than 1 wtS; 
(iii) ~tr1pp1ng nitrogen compound-containing gas and/or liquid. 

from the first stage effluent to an.extent sufficient to control the 

temperature in the second stage to a range permitting the.simultaneous 
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isomeriz;ng of waxy paraffins and hydrotreating of aromatics by 

controlling the concentration of nitrogen conapounds in the second 
stage; and, optionally 

{iv) directing at least some of the stripped nitrogen compound­
containing gas and/or liquid to the second stage ta an extent 
suff1cient to further control the temperature. 

Preferably, the stripping is carried out in gas stripping means 
and/or liquid str1pping means disposed between the first and second 
stages. The extent of the stripping of the first stage effluent can be 
controlled ~y by-passing the stripping means to an extent sufficient to 
control the temperature in the second stage within a range suitable to 
simultaneous isomerization and hydrotreating, e.g., 288° to 343°C 
(650°F to 650°F). Preferably, the temperature in the second stage is 
controlled within the range of 304° to 343°C (580 to 650°F), more 
preferably within the range of 321° to 332°C (610 to 630°F). 

In a preferred embodiment,_ step (Hi) results 1n an incremental 
temperature rise w;th1n the second stage of no greater than 11°C 
(20° F) t mo'l'e preferably, no greater than 8° C (15° F), or even more 
preferably, no greater than 5.6° C (10° F). 

The nitrogen compounds present in the effluent from the 
hydrocracker can be those resulting from hydrocrack;ng of nitrogen­
containing organic compounds. Such nitrogen compounds can include 
anmonia, ammonium sulfide, ammonium bisulfide, and ammonium chloride. 
Of these. annonia is typ1cally present in the greatest amounts. These 
compounds when introduced to the second stage provide a deactivating 
effect upon the isomer1zat1on ~atalyst necessitating an increase in 
reaction temperature in order to ma;ntain the rate of conversion. 

The process is ~apable of being operated with feeds of varying 
composition to produce high quality lube basestocks ;n good yield. 

·Compared to the process us1ng amorphous catalysts, (1) yields are 
h1gher and (2) the dewaxing requirement for the product 1s markedly 
lower due to the effectiveness of the process in converting the waxy 
paraffins, mainly linear and near linear paraffins, to less waxy 
isoparaff;ns of high viscosity index. Compared to single-step zeolite· 
catalyzed processes. the present invention has the advantage of being 
able to acconanodate a wider range of feeds at constant product quality 
since it 1s more effective for the removal of the low quality aromatic 
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• components from the feed; it also provides a yield advantage in the 
range where maximum lube yield is obta1ned (about 20-30S conversion} as 
well as providing a higher product VI across a wide conversion range 
from 5 to 40 percent conversion. Moreoyer. the process provides a 
product of enhanced UV stability and minimal aromatic and olefin 
content without utilizing a separate hydrotreater. Using the present 
invention. the aromatic conten.t of the product can be reduced to less 
than l wtl, preferably less than 0.5 wts. 

According to the present invention, the waxy feed· ts subjected to 
a two·stage hydrocracktng-hydroisomer1zation/hydrotreattng. In the 
first stage, the feed is· subjected to hydroprocess1ng over a 
bifunct1ona1 catalyst comprising a metal hydrogenation component on an 
amorphous acidic support under relatively mild conditions of l1mited 
conversion. The· second stage comprises a 
hydro1somer1zat1on/hydrotreat1ng step which 1s carried out over a noble 
metal-contafning zeolitic catalyst of low acidity. In the first stave. 
the low quality aromatic components of the feed are subjected to , 
hydrocrack1ng reactions which result in complete or partial saturation 
of aromatic rings accompanied by ring opening reactions to fonn 
products which are relatively more paraffin1c; the 11m;ted conversion 
1n the first stage, however, enables these products to be ~etained 
without undergoing further cracking to products boiling below the lube 
boilfng ranqe, .typically below 343° C (650° F). Typicallyt the 
conversion 1n the first stage. is limited to no more than 30 weight 
percent of the original feed. 

In the second stage, the conditions are optimized for 
hydroisomerization of the paraffins originally present in the feed 
together with the paraffins produced by hydrocracking fn the first 
stage. For this purpose a low acidity catalyst with high 
isomerization selectivity ;s employed, and for.this purpose, a low 
acidity zeoljte beta catalyst has been found to give excellent results. 
A noble metal, preferably platinum. is us-d to provide nydrogenation­
dehydrogenat1on functionality in this catalyst in order to promote the 
desired hydroisomerizatian reactions. I~ addition, the second stage is 
maintained at conditions which effect hydrotreating Gf aromat1cs and 
olefins present in the effluent from the f1r$t stage, resulting ;n a 
product of extremely reduced aromatic content, typically less than 11. 
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In those appl;cations (outside the scope of the present 
invention) wherein the second stage is util;zed only for 
hydroisotnerizatton, the process may be operated in two different modes, 
bath of which require relatively high pressures tn the first stage in 
order to maximize removal of aromatic components in the feed and for 
this purpose pressures of at least 5620 kPa· (800 pstg), usually fr.om 
sszo to 20786 kPa abs. (800 to 3,ooo psig) are suitable. The second 
stage may be operated either by cascading the first stage effluent 
directly into the second stage without a pressure reduction or, 
alternatively, since the .second stage may be operated at relatively 
lower pressures, typically up to 7,000 kPa abs. (1,000 psig) by passing 
the first stage products through an interstage separator to remove 
light ends and inorganic heteroatoms. The cascade process without 
interstage separation represents a preferred mode of operation where 
the second stage 1s used for hydroisomerization alone because of its 
simplicity although the two-stage operation w;th the same or a reduced 
pressure in the second stage may be desirable if no high press~re 
vessel 1s available for this pa~t of the operation. In both cases, 
however, the process is well suited for upgrading waxy feeds such as 
slack wax with aromatic contents greater than about 5 weight percent to 
high viscosity index 1ubr1~at1ng oils w1th high singl& pass yields and 
a limited requirement for product dewaxing. 

In the present invention, wherein the second stage is utilized 
for hydroisomer1zation and hydrotreating, the first stage products can 
be passed through one or more interstage separators to remove mater;a1 
bo;ling below lube range and inorganic heteroatoms, e.g., n;trogen­
contain1ng compounds, before passing to the second stage. The removal 
of material boiling below lube range improves the eff1ciency of the 
process 1~ tenns of the volume requirements of the second stage by 

reducing the amount of feed throughput in the second stage. This is 
achieved by diverting those components which do not require. the 
hydroisomerizat1on/hydrotreating treatment from the second stage. The 
removal of at least some of the nitrogen-containing compounds, e.g., 
aanonia, from the effluent of the first stage permits control of the 
temperature in the second stage to a hydroisomerization temperature 
range which coincides with optimum hydrotreating activity of the same 
catalyst. 
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. T~e activity of the zeolite beta catalyst of th~ second stage.is 
sens1t1ve to nitrogen compounds, e.g., nitrogen compounds evolved 1n 
the mild. hydrocrack;ng ;n the first stage. The effect of such 
compounds can be observed by comparing operation in cascade mode 
(wherein the heteroatom-containing compounds, e.g., a11111onia and 
hydrogen sulfide, are passed directly from the first stage to the 
·second stage) with operation in the staged mode (wherein the 
heteroatom-containing compounds are removed from the first stage 
effluent). 

In principle, one could design a larger reactor to lower the 
temperature requirements even in cascade mode. However, the trade-off 
.of volume for temperature.would require much larger reactors. To lower 
the tempet"ature requirements by 11° C (20° F) would approximately double 
the reactor~iie. Even then, variations in feeds with varying nitrogen 
contents might not meet both conversion and hydrotreattng requirements. 

The difference between operation where liqu;d and gas are run 
directly from the first stage to the second stage (cascade mode) and 
operation wherein ammonia and hydrogen sulfide are removed after the 
first stage (staged mode} ;s typically 17° to 55ec (30 to l00°F) and 
is over 28°C (S0°F) at 151 incremental conversion as shown 1n Figure 
10. 

In order to operate the second stage catalyst both as an 
isomerization catalyst and a hydrotreating catalyst, the operating 
temperature is restricted to a narrow range, generally 288° to 343°C 
(550 to 650° f), preferably 302° to 343° C {575 to 650° F), say, 316° to 
329° C (600 to 625° F). 

Wax isomerization ;s potentially a very temperature sens1t1ve 
reaction. This is illustrated by the reaction activation energy which 
1s typicall)t60 to 100 kcal/mol. Most colllllercial hydrocracking 
reactions are in the 40 to 60 lccal/mol range. The high activation 
energy practically means that at a given LHSV, the temperature needs to 
be controlled to within 5.6°C (10°F) to achieve the desired 
conversion. This narrow window does not necessarily co;ncide with the 
opt11llU11 hydrotreating temperature range which is 11 D to 22° C (about 20 
to 40° F) wide. 

Appropr;ate choice of reactor volume and feed rate can solve the 
problem of controlling temperature to conditions favorable to both 
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hydroisomer1zat1on and hydrotreat1ng, for a given feed at start of 
cycle. However, changes in feed type or rate or catalyst aging could 
easily move the operating point outside the optimum hydrotreat1ng 
temperature range. 

By the present invention, the activity of the catalyst in the 
second stage can be adjusted to pennit operation at optimum conversion 
and hydrotreat1ng conditions, allowing greater latitude in choice of 
unit space velocity (LHSV), potentially longer cycle lengths and 
reliable control of high activation energy reactions (high temperature 
sensitivity) that occur over the zeolite beta catalyst of the second 
stage. 

The desired temperature can be maintained at a relatively 
constant conversion level by adjusting the slip of nitrogen-containing 
compound, e.g.~~ Nffe, back to the secor:'d stage. This can be 
accomplished through any suitable means, e.g., incomplete stripping of 
the first stage liquid product, or partial bypassing of the ammonia 
removal tower. 

The method of the present invention also provides greater control 
of the high activation energy reactions associated with wax 

" isomerization. Should the temperature rise within a bed reach ll°C to 
l7°C (20 or 30°F) higher than the average, a potentially very large 
exotherm could occur locally and spread to the rest of the bed, 
resulting in reactor instability. Although a typical response to such 
a situation would be to depressure the unit and quench the reactions, 
the rapid by-passing of ammonia-rich material into the second reactor 
would quickly lower the catalyst activity and is less 
d;srupt1ve than depressurin9. The treatment with anmonia-r1ch material 
would raise the reaction requirements by up to 28°C (50°F}. thus 
effectively lowering the activity of the catalyst. 

In the accompanying drawtngs, Figures I to 7 are graphs 
illustrating the results of wax hydroprocessing experiments reported in 
the Examples. Figures 8 to 10 provide comparisons in reactor 
temperature between cascade processes wherein the effluent of the first 
stage is passed directly to the second stage, and staged processes 
wherein heteroatom compounds and 11ght ends are removed from the first 
stage effluent before its passage to the second stage. Figure 11 
depicts the two·stage hydrocracking-hydroisomerization/ hydrotreating 
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process of the present invention, showing the modified staged operat1on 
employed. 

In the present process waxy feeds are converted to htgh V.I. 
lubricants in a two-stage hydrocrack;ng- hydroisomerization process. 
The products are character;zed by good viscometric properties including 
high viscosity index, typically at least 140 and usually in the range 
143 to 147. The two stages of the process are carried out 1n the 
presence of hydrogen using catalysts which are optimized for selective 
removal of the low qua11ty aromatic components 1n the first stage by 
hydrocrackint reactions and selective paraffin isomerization and 
hydrotreating in the second stage to form low pour point, h1gh V.I. 
products of improved UV stability. 

The feed tQ the process comprises a petroleum wax which contains 
at least SO weight percent wax. as determined by ASTM test D-3235. In 
these feeds of mineral oil origin, the waxes are mostly paraffins of 
high pour point, comprising straight chain and slightly branched chain 
paraffins such as methylparaffins. 

Petroleum waxes, that is, waxes of parafffnic character, are 
derived from the refining of petroleum and o_ther 1 iquids by physical 
separation from a wax-containing refinery strellll, ·usually by ch1111ng 
the stream to a temperature at which the wax separates, usually by 
solvent dewax;ng, e.g., MEK/toluene dewax;ng or by means of an. 
autorefrigerant process such as propane dewaxing. These waxes have 
high initial boiling points above 343°C (650°F) which render 
them extreme\Y useful for processing into lubricants which ~lso require 
an in1t1a1 boiling po;nt of at least 343°C (650°F). The presence of 
lower bot ling components is not .ta be excluded .since they will. be 
removed together with products of similar boiling range produced during 
the processing during the separation steps which follow the 
characteristic processing steps. Since these components will, however, 
load up the process units they are preferably excluded by suitable . 
choice of feed cut point. The end point of wax feeds derived from the 
solvent dewaxing of neutral oils i.e. distillate fractions produced by 
the vacuum distillation of lonq or atmospheric resids will usually be 
not more than 595° C (1100° F) so that they may normally be .classH~;ed 
as d1st111ate rather than residual streams but high botltng wax feeds 
such as petrolatum waxes i.e. the waxes 
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separated from bright stock dewaxing, which may typically have an end 
po;nt of up to 705°C (1300°F), may also be employed. 

The wax content of the feed is high, generally at least 50, more 
usually at least 60 to 80, weight percent with the balance from 
occluded oil comprising 1so-paraff1ns, aromatics and naphthenics. The 
non-wax content of aromattcst polynaphthenes and h1ghly branched 
naphthenes will nonnally not exceed about 40 weight percent of the wax 
and preferably will not exceed 25 to 30 weight percent. These waxy, 
highly paraff1nic wax stacks usually have low v;scosit1es because of 
·their relatively low content of aromatics and naphthenes although the 
high content of waxy paraffins gives them me1t1ng points and pour 
points Which render them unacceptable as lubricants wtthout further 
processing. 

·Feeds of this type will normally be slack waxes, that is, the 
waxy product obtained d1rectly from a solvent dewaxtng process, e.g. an 
'MEK o~ propa~e dewax;ng process. The slack wax, which 1s a solid to 
semi-solid product~ comprising mostly highly waxy paraffins (mostly n· 
and mono-methyl paraffins) together with occluded oil, may be fed 
directly to the first step of the present processing sequence as 
described below without the requirement for any initial preparation, 
for example, by hydrotreating. 

Tbe compositions of some typical waxes are given in Table 1 
below. 

I1bl1 l 
Wix Comnostt1gn • 6r1b Lisbt Crude 

~ ! a & D 
Paraffinst wt. pct. 94.2 81.8 70.5 51.4 
Mono-naphthenes, wt. pct. 2.6 11.0 6.3 16.5 
Poly-naphthenes, wt. pct. 2.2 3.2 7.9 9.9 
Aromatics. wt. pct. 1.0 4.0 15.3 22.2 

~ 

A typical slack wax feed has the composition shown 1n Table 2 
below. Tb1s slack wax is obtained from the solvent (MEK) dewaxing of a 
300 SUS (65 cStJ neutral 011 obtained from an Arab light crude. 
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Table 2 
Slack Wax Prqpert1ti 

API 
Hydrogen, wt. pct. 
Su1 fur-, wt. pct. 

'1trogen, ppmw 
Melting po;nt, ° C (° F) 
KV at 100° t, est 
PNA, wt pct: 

Paraffins 
Naphthenes 

. Aromatics 
Simulated Distillation: 

I 
5 
10 

30 
50 
70 

90 

95 

39 

15.14 
0.18 
11 
57 (135) 
5.168 

70.3 
13.6 
16.3 

ac(aF) 

375(710) 

413(775) 

440(825) 
460(860) 

482(900) 

500(932) 

507(945) 

Another slack wax suitable for use in the present process has the 
properties set out in Table 3 below.· This wax 1s prepared by the 
solvent dewaxing of a 450 SUS (100 cS) neutral raffinate: 



Table 3 
Slack Wax Prgpertie& 

Boiling ranqe, ° F(°C) 

API 
Nitrogen, basic. ppnaw 
Nitrogen, total, ppmw 
Sul fur, wt. pct. 
Hydrogent wt. pct. 
Pour point, ° F {° t) 

KV (100° C} 

KV (300° F, 150° C) 

on co 3235) 

Molecular wt. 
P/N/A: 
Paraffins 
Naphthenes 
Aromatics 

first Stage Hydtoorocessing - Hydtocracking 

708·1053 {375-567) 
35.2 
23 

28 
o.us 
14.04 
120 (50) 

7.025 
3.227 
35 

539 

10 

The waxy feed is subJected to a two·step hydrocrack1ng~ 
hydroisomerizat1on/hydrotreating process in which both steps are 
normally carried out 1n the presence of hydrogen. In the first step, 
an amorphous bifunctional catalyst is used to promote the saturation 
and ring opening -of the low quality aromatic components in the feed to 
produce hydrocracked products which are relatively more paraff;nic. 
This stage is carried out under high pressure to favor aromatics 
saturation but the conversion is maintained at a relatively low level 
1n order to 

41
m1nimize cracking of the paraffin1c components of the feed 

and of the products obtained from the saturation and ring opening of 
the aromatic materials. Consistent with these process objectivest the 
hydrogen pressure 1n the first stage is at least 5620 kPa abs. (800 
psig) and usually is in the range of 7000 to 20785 kPa abs. (l.000 to 
3,000 psig_). Normally, hydrogen partial pressures of at least 1435 kPa 
abs. (1500 psig) are best in order to obtain a htgh level of aromatic 
saturation with pressures in the range of 1435 to 17340 abs. (1500 to 
2500 psig) being su1table for most high pressure equipment. Hydrogen 
circulation rates of at least 180 n.1.1· 1

• (about 1000 SCF/Bbl), 
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preferably in the range of 900 to 1800 n.l.1~ 1 -1 (5,000 to 10,000 
SCF/Bbl) are suitable. 

In this stage of the process, the conversion of the feed to 
products bo1fing below the lube boiling range, typically to 343°C­
(6500F-) product~ is limited to no more than SO weight percent of the 
feed and will usually be not more than 30 weight percent of the feed in 
order to maintain the desired high single pass yields which are 
characteristic of the process while preparing the feed for the second 
stage of the processing; an in1t1al VI for the first stage product of 
a~ least about 130 1s normally desirable for the final product to have 
the desired VI of 140 or higher. The actual conversion ts, for this 
reason, dependent on the quality of the feed with slack wax feeds 
requiring a lower conversion than petrolatums where it is necessary to 
remove more low quality polycyclic components. With slack wax feeds 
derived from the dewaxing of neutral stocks, the conversion 343°C 
(650°F+) will, for all practical purposes not be greater than 10 to 20 
weight percent, with about 15 weight percent being typical for heavy 
neutral slack waxes. Higher conversions may be encountered with 
petrolatum feeds in order to prepare the feed for the second stage 
processing. With petrolatum feeds, the f1rst stage conversion will 
typically be in the range of 20 to 25 weight percent for high VI 
products. The conversion may be mainta;ned at the desired value by 

control of the temperature in this stage which will normally be in the 
range 315° to 430° c (600° to 800° f) and more usually in the range of 
343°C to 400°C (650° to 750°F). Space velocity variations may also be 
used to control severity although th;s will be less connon in practice 
in view of mechan;cal constraints on the system. 

The exact temperature selected to achieve th& desired conversion 
w111 depend on the characteristics of the feed and of the catalyst as 
well as upon the extent to which it is necessary to remove the low 
quality aromatic components from the feed. In general terms, Mgher 
severity conditions are required for processing the more aromatic feeds 
up to the usual maximum of about 30 percent aromatics, than with ~he 
more paraff;nic feeds. Thus. the properties of the feed should be · 
correlated with the activity of the selected catalyst in order to 
arrive at the required operating temperature for the fi.rst staqe in 
order to achieve the desired product properties, w;th the objective at 
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this stage be1ng to remove a significant portion of the undesirable, 
low quality aromatic components by hydrocracking whi1e m1n1m1zing 
conversion of the more desfrable paraffin1c CDRlponents to products 
botling below the lube boiling range •. In order to achieve the desired 
severity in this stage, temperature may also be correlated w1th the 
space velocity although for practical reasons, the space velocity will 
normally be held at a fixed value in accordance with mechanical 
constraints. Generally, the space velocity w111 be in the range of 
0.25 to 2 LHSV, hr.·1 and usually in the range of 0.5 to 1.5 LHSV. 

~ 
A character1st1c feature of the first stage operation is the use 

of a bifunct1ona1 lube hydrocracking catalyst. Catalysts of this type 
have a high selectivity for aromat;cs hydrocrack1ng r~actions ;n order 
to remove the low quality aromatic components from the feed. In 
general terms. these catalysts include a metal component for promoting 
the desired aromatics saturation reactions and usually a combination of 
base metils ts used, with one metal from the iron group (Group VIII) 1n 
ccnnb1nat1an with a metal .of Group VIB. Thus~ the base metal such as 
nickel or cobalt is used in combination with molybdenum or tungsten. 
The preferred combination is nickel/tungsten since ;t has been found to 
be highly effective for promoting the desired aromatics hydrocracking 
reaction. Noble metals such as platinum or palladium may be used since 
they have good hydrogenation activity in the absence of sulfur but they 
will normally not be preferred. The amounts of the metals present on 
the catalyst are conventional for lu~e hydrocracking catalysts of this 
type ~nd geperally will range from l to 10 weight percent of the Group 
VIII metal and 10 to 30 weight percent of the Group VI metal, based on 
the total weight of the catalyst. If a noble metal component such as 
platinum or palladium is used instead of a base metal such as nickel or 
cobalt, relatively lower amounts are in order in view of the higher 
hydrogenation activities of these noble metals, typically from about 
0.5 to 5 we;ght percent being sufficient. The metals may be 
incorporated by any suitable method including impregnation onto the 
porous support after it is formed 1nto particles of the desired size or 
by addition to a gel of the support materials prior to calcinat1on. 
Add1tion to the gel is a preferred technique when relatiyely high 
a1ROunts of the metal colllPonents are to be ·added e.g. above 10 weight 
percent of the Group VIII metal and above 20 weight percent of the 
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Group VI metal. These techniques are conventio~al 1n character and an1 
employed for the production of lube hydrocrack1ng catalysts. 

The metal component of the catalyst is supported on a porous, 
amorphous metal oxide support and alum;na is preferred for th1s purpose 
although silica-alumina may also be employed. Other metal oxide 
components may also be. present 1n the support although their presence 
1s less desirable. Consistent with the requirements of a lube 
hydrocrack1n' catalystt the support should have a pore size and 
distribution which is adequate to permit the relatively bulky 
components of the h1gh bo11~ng feeds ta enter the interior pore 
structure of the catalyst where the des1red hydrocracking reactions 
occur. To this extent. the catalyst will normally have a min;mum pore 
size of about sox10·1 mm (50 A) 1.e with no less than about 5 percent 
of the pores having a pore size less than sox10·7 mm (50 A) pore size, 
with the majority of the pores having a pore s1ze in the range of (S0-
400)xl0·7 1t1.' (50 .. 400 A) (no more than 5 percent having a pore size 
above 400xlo-7 11111 (400 A), preferably with no more than about 30 
percent having pore sizes ;n the range of (200-400)xlo·7 11111 (200 .. 400 
A). Preferred catalysts for the first ~tage have at least 60 percent 
of the pores 1n the (so .. zoo)xlo·7 11111 (S0-200 A) range. The pore size 
distribution and other properties of some typ1ca1 lube hydrocracking 
catalysts suitable for use 1n the first stage are shown in Table 4 
below: 

Table 4 
LHDC ~11•l~si PrRa!rtjes 

Form 1.5 mm.cyl. 1.5 m.tri. 1.5 mm.cyl. 

Pore Volume,_ml/gm 0.331 ·0.453 0.426 
Surface Area. m2/gm 131 170 116 
Ntckel. wt. pct. 4.8 4.6 5.6 
Tungsten, wt. pct. 22.3 23.8 17.25 
Fluorine, wt. pct. 3.35 

4) 

S111ca, wt. pct. 2 
Alumina, wt. pct. 60.3 
Real Density, gm/ml 4.229 4.238 4.023 
Particle Density, gm/ml 1.744 1.451 1.483 
Packing Density, gm/ml 1.2 a.as 0.94 
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If necessiry in order to obtain the desired conversion, the 
catalyst may be promoted with fluorine. either by incorporating 
fluorine into the catalyst during its preparation or by operating the 
hydrocracking ;n the presence of a f1uorine compound which is added to 
the feed. Petrolatum feeds requiring higher levels of conversion, as 
discussed aboye, may necessitate the use of a halogenated catalyst as 
well as the use of h;gher temperatures during the hydrocracking. 
Fluorine compounds may be incorporated into the catalyst by 

t1111regnation during its preparation with a suitable fluorine compound 
such as ammonium fluoride (NH4F) or a11111onium bifluoride (NH4F.HF) of 
which the latter is preferred. The amount of fluorine used in 
catalysts which contain this element is preferably from about 1 to 10 
weight percent, based on the total weight of the catalyst. usually from 
about 2 to 6 wetght percent. The fluorine may be incorporated by 

adding the fluorine compound to a gel of the metal oxtde support during 
the preparation of the catalyst or by impregnation after the particles 
of the catalyst have been ~armed by drying or calcining the gel. If 
the catalyst contains a relatively high amount of f1uor1ne as well as 
high amounts of the metals, as noted above, it is preferred to 
1ncorporate the.metals and the fluorine compound into the metal oxide 
gel prior to drying ~nd calci.nin9 the gel to form the finished catalyst 
particles. 11 

The catalyst activity may also be maintained at the desired 
1eve1 by 1n. .lit.Y. fluoriding in which a fluorine compound ;s added to 
the stream which passes over the catalyst tn this stage of the 
operation. The f1uorine compound may be added continuously or 
intennittently to the feed or, alternatively, an init1al activation · 
step may be carried out in which the fluorine compound is passed over 
the catalyst in the absence of the feed e.g. 1n a stream of hydrogen in 
order ta increase the fluorine content of the catalyst prtor to 
1n1t1at1on of the actual hydrocraeking. 1n. situ fluoriding of the 
catalyst in th;s way is preferably carried out to induce a fluorine 
content of 1 to 10 percent fluor;ne pr1or to operation, after which the 
fluorine can be reduced to maintenance levels sufficient to maintain 
the desired activity. Su;table compounds for .ill .tl.tY. fluoriding are 
orthof1uoroto1uene and difluoroethane. 
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The metals present on the catalyst are preferably used 1n their 

sulfide fonn and to this purpose pre-sulf1dtng of the catalyst should 
be carT1ed out prior to initiation of the hydrocracktng. Sulfidtng ts 

an· established technique and 1t is typically carried out by contacting 
the catalyst with a sulfur-containing gas~ usually in the presence of 

. hydrogen. The mixture of hydrogen and hydrogen sulfide, carbon 

disulfide or a mercaptan sucb as butyl 1111rcaptan is conventional for 
th1s purpose. Presulf1ding may also be carried out by contacting the 

catalyst with hydrogen and a sulfur-containing hydrocarbon oil such as 

a sour kerosene or gas oil. 
Because the feeds are highly paraff1n1c. the heteroatom content 

is low and accordingly the feed may be passed directly 1nto the first 
process step~ without the necessity of a preliminary hydrotreatment. 

The effluent from the first stage can be routed to a liquid 

stripper which removes lighter l;qu1ds and/or a gas stripper which 
removes gases such as ammonia ·from the ~ydrocracker effluent before 

passage to the second stage. The present invention can provide a means 
for by-passing the liquid stripper and a means for by-passing the gas 
stripper. These by-passing means can be regulated to control the 

amount of hydrocracker effluent which by-passes the strippers. Varying 

the extent of stripper by-passing permits control of the process to 
achieve optimwn isomeriiation and hydrotreating. In one aspect, the 

adjustment.of the gas stripper by~pass controls the flow of aanon1a to 

the second stage catalyst, thereby affecting the activity of the 
catalyst which, in turn, affects operating temperature requirements. In 
another aspect, the by-passing of the liquid stripper results in higher 
levels of dissolved nitrogen compounds being sent over the 
hydroisomeriz:ation catalyst. Even a modest change in stripping, which 

iJ 

will _leave 1-10 ppm N in the liquid can make a 20° F+ change ;n required 
temperature. 

Second Stige Hydroprocessing -
Hyd~jsomeriZ@1:1on/HVfrotreating 

During the first stage of the process, the low quality, 
relatively aromatic components of the feed are converted by 

hydrocracking to products which are relatively more paraffinic in 

character by saturation and ring opening. The paraff1nic materials 
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present in the stream at this stage of the process possess good VI 
characteristics but have relatively·high pour points as a result of 
their paraffinic nature. Moreover, the presence of even small amounts 

' of aromatics, e.g., 1 to 5 wtf,, which were not removed during the first 
stage hydrocracking reduces UV stability. The objective in the second 
stage of the process is to effect a select1ve hydroisomer1zation of 
these paraff1n1c components to iso-paraffins which, while possessing 
good viscometric properties, also have lower pour points. Th1s enables 
the pour point of the final product to be obta1ned without an excessive 
degree of dewax1ng following the hydroisomerization. 

The second stage is operated at high .hydrogen pressures, 
typically over 7000 kPa (1000 psig). This mode o~ operat1on 1s 
preferred to achieve deep aromatic saturation. and product UV (daylight) 
stability. 

In the preferred modes of operation, therefore, the second stage 
will operate at hydrogen partial pressures of 7000-20800 kPa (1000 to 
3000 ps1g), usually 10445-17340 kPa (1500-2500 psig). Hydrogen 
circulation rates are comparable to those used in the first stage. 

The ca}:alyst used in the ·second stage is one which has a high 
selectivity for the isomerization of waxy. 11~ear or near linear 
paraffins to less waxy, 1soparaffinic products. Catalysts of this type 
are b1functiona1 in character, comprising a metal component on a large 
pore size, porous support of relatively low acidity. The acidity is 
maintained at a low level in order to reduce convers1on to products 
boiling outside the lube boiling range during th1s stage of the 
operation. In general terms, an alpha value below 20 should be 
employed, with preferred values below 10, good results being obtained 
w1th alpha values below 5 and better results being achieved at alpha 
values of 1 to 2. 

The alpha value is an approximate indicat1on of the catalytic 
cracking activity of the catalyst compared to a standard catalyst. The 
alpha test g1ves the relative rate constant {rate of normal hexane 
conversion per volume of catalyst per unit time) of the test catalyst 
relative ta the standard catalyst wh;ch is taken as an alpha of l (Rate 
Constant• D.016 sec 1

). The alpha test ;s described in U.S. Patent 
3,354,078 and in J 1 Catalysis.!, 527 (1965); §, 278 (1966); and §1. 
395 (1980), to which reference is made for a description of the test. 
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The exper;mental- conditions of the test used to detennine the a1pha 
values referred to tn this specification include a constant temperature 
of S38°t and a variable flow rate as described in detail in d.:. 
Catalxsis, §1, 395 (1980). For the bifunctional catalysts used in this 
stage of the present processt the alpha value is detennined in the 
absence of the metal component. 

The support material for the paraffin 
hydraisomeriz~tion/hydrotreating catalyst ;s zeolite beta, a highly 

siliceous, zeolite in a fonn wh;ch has the required low level of acid 
~ 

activity to minimize paraffin cracking and to maximize paraffin 
iscnnerization. Low acjd1ty values 1n the zeo11te may be obtained by 

use of a suff1ciently high si11ca:alumina ratio 1n the zeolite, 
achievable either by d;rect synthesis of the zeol;te with the 
appropriate composition or by steaming or dealuminization procedures 
such as acid extraction. Isomorphous substitution of metals ·other than 
aluminum ~y also be ut11ized to produce a zeolite with a low ;nherent 
acidity. Alternatively, the zeol1te may be subjected to alkali metal 
cation exchange to the desired low acidity level, although th1s is less 
preferred than the use of a zeolite wh1ch contains framework elements 
other than aluminum• 

Zeolite beta is the preferre<f support since this zeolite has been 
shown to possess outstanding activity for paraffin 1somerilat1on 1n the 
pre~ence of aromatics, as disclosed in U.S. 4,419,220. The low acidity 
forms of zeol1te beta may be obtained by synthesis of a h1ghly 

siliceous fqrm of the zeolite e.g with a silica-alumina ratio above 
about 50:1 or, more readily, by steaming zeolites of lower si11ca­
alum1na ratio to the requisite acidity level. ·Another method 1s by 

replacement of a portion of the framework aluminum of the zeo11te with 
another trivalent element such as boron which results in a lower 
intrinsic level of acid activity in the zeolite. The preferred 
zeolites of this type are those which contain framework boron and 
norma11y, at least O.l weight percent, preferably at least O.S weight 
percent, of framework boron is preferred in the zeolite. In zeo11tes 
of this typet the framework consists principally of s111con 
tetrahedrally coordinated and ;nterconnected with OxYgen bridges. The 
minor amount of an element (alumina in the case of alumino-siltcate 
zeo11te beta) is also coordinated and fonns part of the framework. The 



zeo11te also contains material tn the pores of the structure although 
these do not form part of the framework const;tuting the characteristic 
structure of the zeo11te. The term "framework• boron is used here to 
dtst1ngu1sh between material in the framework of the zeolite whtch is 
evidenced by contributing ion exchange capacity to the zeolite, from 
material which is present in the pores and which has no effect on the 
total ion exchange capacity of the zeol1te. 

Methods for preparing high s11ica content zeolites containing 
framework bo~on are known and are described, for example, 1n U.S. 
Patents Nos. 4,269,813; a method for preparing zeolite beta containing 
framework boron is disclosed in U.S. Patent No. 4,672,049. As noted 
there. the amount of boron contained in the zeolite may be varted by 

incorporating different amounts of borate 1on in the zeolite forming 
solution e.g. by the use of varying amounts of boric acid relative to 
the forces of silica and alumina. Reference is made to these 
disclosures tar a description of the methods by which these zeo11tes 
may be made. 

In the present low acidity zeolite beta catalyst, the zeol1ta 
should contain at least 0.1 weight percent framework boron, preferably 
at lea~t 0.5 weight percent boron. Normally, the maximum amount of 
boron will be about 5 weight percent of the zeolite and in most cases 
not more than Z weight percent of the zeolite. The framework will 
normally include some alumina and the silica:a1um1na ratio will usually 
be at least 30:1, 1n the as-synthesized conditions of the zeolite. A 
preferred zeolite beta catalyst is made by steaming an initial boron­
containing zeolite conta;ning at least 1 weight percent boron (as s2o3 ) 

to result 1n an ultimate alpha value no greater than 10 and' preferably 
no greater than 5. 

The steaming condttions should be adjusted in order to attain the 
desired alpha value tn the final. catalyst and typically utilize 
atmospheres.of 100 percent steam, at temperatures of fram 427° to 
. ~ 

595•c (800° to 1100°F). Normally, the steaming will be carried out 
for about lZ to 48 hours, typically about 24 hours, in order to obta1n 
the desired reduction in acidity. The use of steaming to reduce the 
acid activity of the zeolite has been found to be especially 
advant~geous, giving results which are not achieved by the use of a 
zeo11te which has the same acidity in ;ts as-synthesized 
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cond1t1on. It is believed that these results may be attributable to 
the presence of trivalent metals removed from the frarnework dur;ng the 
steaming operation which enhance the functioning of the zeolite in a 
manner which is not fully understood. 

The zeolite will be composited with a matrix material to form the 
finished catalyst and for this purpose conventional non-acidic matrix 

-~ 
materials such as alumina, silica-alumina and silica are suitable with 
preference given to silica as a non-acidic binder. although non-acidic 
aluminas such as alpha boehtn1te (alpha alumina monohydrate) may also be 

used, provided that they ~o not confer any substantial degree of acidic 
activity on the matrixed catalyst. The use.of silica as a binder is 
preferred since alumina, even if non-acidic in character, may tend to 
react with the zeolite under hydrothermal reaction conditions to 
enhance its acidity. The zeolite 1s usually composited with the matrix 
1n amounts from 80:20 to 20:80 by weight, typically from 80:20 to 50:50 
zeolite:matr1x. Compositing may be done by conventional means 
including mulling the material's together followed by extrusion of 
pelletizing into the desired finished catalyst particles. A preferred 
method for extruding the zeoltte with s111ca as a binder is disclosed 
1n U.S. 4,582,815. If the catalyst 1s to be treated by steaming in 
order to achieve the desired low acidity, it is performed after the 
catalyst has,been formulated with the binder, as is conventional. 

The second stage catalyst also includes a metal component in 
order to promote the desired hydro1somerizat1on reactions which, 
proceeding through unsaturated transitional species, require mediation 
by a hydrogenation-dehydrogenation component. In order to maximize the 
isomerizat1on activity of the catalyst, metals having a strong 
hydrogenation function are preferred and for th1s reason. platinum and 
the other noble metals such as palladium are given a preference. In 
addition, these metals serve ta effect simultaneous hydrotreating of 
UV-unstable oleftns and aromatics which remain in the feed after the 
first stage. 

The amount of the noble metal hydrogenation component is 
typically in the range 0.5 to 5 weight percent of the total catalyst, 
usually from 0.5 to 2 weight percent. The platinum may be incorporated 
into the catalyst by conventional techniques including ion exchange 
with complex platinum cati~ns such as platinum tetraamine or by 
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impregnation with solutions of soluble platinum compounds. for example, 
with platinum tetraamine salts such as platinum tetraaminechloride. 
The catalyst may be subjected to a final calcination under conventional 
conditions in order to convert the noble metal to the oxide form and to 
confer the required mechanical strength on the catalyst. Prior to use 
the catalyst may be subjected to presulfid1ng as described above for 
the first stage catalyst. 

The objective in the second stage is to isomer1ze the waxy, 
linear and near-linear paraff1nic components in the first stage 
effluent to less waxy but h1gh Vt isoparaffinic materials of relatively 
lower pour point. The conditions in the second stage are therefore 
adjusted to achieve this end wh11e minimizing conversion to non-lube 
bo1Hng ran§e products (usually 343°C- (650° F·) materials).· Moreoverf 
cond1t1ons are mainta;ned to provide for hydrotreating olefins and 
aromatics remaining 1n the feed after the first stage hydroc~acking. 
Since the catalyst used ;n this stage has a low ac1d1ty, conversion to 
lower boiling products is usually at a relatively low level and by 

appropriate selection of severity, second stage operation may be 
opt1m1zed for 1somerization over cracking. At conventional space 
velocities of about 1, using a Pt/zeol1te beta catalyst with an alpha 
value below 5, temperatures in the second stage will typically be in 
the ra~ge of 288° to 343° c (550 ta 650° F), preferably 302° to 329° c 
{57&6 to 625° F), and more preferably 316° to 329° C (600° to 625° F) 
w;th 343°C+ (650°F+) conversion typ;ca11y being from about 10 to 30 
weight percent, more usually 12 to 20 weight percent, of the second 
stage feed. Kigher temperatures wf 11 usually not be preferred since 
they will be associated wtth the production of less stable lube 
products as a result of the hydrogenation reactions being 
tharmodynanftcally less favored at progressively higher operating 
temperatures. High hydrogen pressures are prefeM"ed, even though 
temperatures in the second stage may be somewhat higher than those 
appropriate to lower pressure operation, because of the advantage in 
hydr~treat1ng. In the.low pressure mode, temperatures of 290° to 
370°C (550° to 600°F) will be preferred. as compared to the preferred 
range of 315° to 370°C (575° to 625°F) for this stage of the operation 
in the high pressure mode. Space velocities will typically be ;n the 
range of 0.5 to z LHSV (hr.- 1) although in most cases a space velocity 
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of about 1 LHSV will be most favorable. Hydrogen c;rculat1on rates are 
comparable to those used ;n the first step. as descr;bed above, but 
since there is only a modest hydrogen consWOt>t;on relative ta the 
circulation ~ate in this second step of the process, lower circulation 
rates may be employed ;f feasible. 

A part1cular advantage of the present process is that it enables 
a functional separation to be effected in the entire operating scheme. 
-In the first stage, the undesirable low VI components are removed by a 
process of saturation and ring opening under conditions of high 
pressure and relatively high temperature. By contrast, the second 
stage 1s 1ntended to both maximize the content of 1so-paraffins 1n the 
product and hydrotreat remaining aromatics and because the bulk of 1ow 
VI materials have been dealt with tn the first stage9 operating 
conditions can be optimized to effect a selective isomerization of the 
paraffin1c materials. The low temperature conditions which are 
appropriate for the paraffin isomerization limit the cracking reactions 
as noted above but are thermodynamically favorable for the saturation 
of any lube range olefins whtch may be fonned by cracking reactions, 
and aromatics, particularly in the presence of the highly active 

Ii 
hydrogenation components on the catalyst. ln this way1 the second 
stage is also effective for bydrofinishing or hydrotreating the product 
so that product stability is improved, especially stability to 
ultraviolet radiation, a property which is frequently lacking in 
conventional hydrocracked lube products. 

Mainta;n1n9 conditions favorable to both tsomerization and 
hydrotreating requires careful control of reactor temperature. Wax 
isomerization, having a higher activation energy (60 to 100 kcal/mol) 
than most connercial reactions (40 to 60 kcal/mol) is highly sensitive 
to temperature changes in the second stage reactor. Such high 
activation energy requ;res, at a given space velocity,. control of the 
operating temperature within 5.6° C (10° F) to maintain the conversion 
desir-ed. This narrow operating range does not necessarily coincide 
wtth the optimum hydrotreating temperature range whtch 1s usually 11° 
to 22° C (20° to 40° F) wide and 5.5° to 14° C (10° to 25° F) 1ower than 
isomerizat1qJ1 temperatures. In order to control cond;tions 1n the 
second stage to perm;t both hydroisomerizat1on and hydrotreat1ng, the 
operating temperature is restricted to a narrow range, generally 288° 
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to 343°C (550° to 650°FJ, by controlling the amount of nitrogen 
present in the feed to the second stage reactor. Such control can be 
carried out by varying the extent of removal of nitrogen compounds, 
e.g., anmonia, between the first and second stage reactors. Inasmuch 
as such removal is effected by gas and/or liq~id strippers operating 
downstream from the .first stage reactor, variance of the nitrogen 
compound content 1s achieved by prov1d1ng a flow-controlled by-pass 
means for the strippers. Unstripped feed from the stripper by-pass 
means can then be passed 1n increased or decreased amounts to the 
second stag' as necessary to control the overall nitrogen content of 
the second stage feed. 

Benefits of this control scheme include optimization of 
conversion and hydrotreating conditions, greater latitude in choice of 
unit space velocity, potentially longer cycle lengths and reliable 
control of high activation energy reactions which occur over the 
catalyst in the second stage. 

The second stage ;s part1cularly effective where carried out 
under high hydrogen part;al pressures, e.g., over 7000 kPa (about 1000 
psig). The isomerized/hydrotreated product may therefore be subjected 
to a f;nal fractionation to remove lower boiling materials, if 

necessary. and then to a f;nal dewaxing step in order to achieve the 
desired target pour point. Usually there will be no need for further 
finishing steps since a low unsaturates content, both of aromatics and 
of lube range olefins, results from the optimized processing in the two 

.funct1ona11l separated steps of the process. 

Qgwaxing 
Although a final dewax1ng step will normally be necessary in 

order to achieve the des1red product pour point, it is a notable 
feature of the present process that the extent of dewaxing required is 
relatively small. Typically, the loss during the f1nal dewaxing step 
w111 be no more 'than 15 to 20 weight percent of the dewaxer feed and 
may be lower, e.g •• 10 wt.I. Either catalyt1c dawaxing or solvent 
dewax1ng may be used at this point and 1f a solvent dewaxer is used, 
the removed wax may be recycled to the first or second stages of the 
p~ocess for further treatment. Since the wax removed in a solvent 
dewaxer is highly paraff;nic, it may be recycled directly to the second 
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stage if this is feasible. 
The preferred catalytic dewaxing processes utilize an 

intermediate pore size zeolite such as ZSM-5, but the most preferred 
dewaxtng catalysts are based on the highly constrained intermediate 
pore size zeo11tes such as ZSM-22, ZSM-23 or ZSM-35, since these 
zeolites have been found to provide high1y selective dewaxing, giving 
dewaxed products of low pour point and high VI. Dewax1ng processes 
using these zeolites are deJcr;bed in U.S. Patent Hos. 4t222,855. The 
zeolites whose use is preferred here may be characterized ;n the same 
way as described in U.S. 4,222,855, i.e. as zeolites having pore 
openings whtch result in the possession of defined sorptton properties 
set out in the patent, namel~, {l) a ratio of sorption of n-hexane to 
o-xylene, on a volume percent basis, of greater than about 3, which 
sorption 1s determined at a P/P0 of O.l and at a temperature of 50°C 
for n-hexan\ and 80°C for o-xylene and (2) by the ability of 
selectively cracking 3-methylpentane (3MP) 1n preference to the doubly 
branched 2,3-d1methylbutane (DMB) at 1000°F and l atmosphere pressure 

, from a 1/1/l weight ratio mixture of n-hexane/3~methyl-pentane/2,3-
d1methylbutane, with the ratio of rate constants k3yp/k0ua detennined 
at a temperature of 1000°F being in excess of about 2. The expression 7 

•p/p0•, is accorded its usual significance as described in the 
literature. for example, in •fbe Dynamical Character of Adsorption" by 

J.H. deBoer, 2nd Edition, Oxford University Press {1968) and 1s the 
relative pressure defined as the ratio of the partial pressure of 
sorbate to the vapor pressure of sorbate at the temperature of 
sorption. The ratio of the rate constants. k3yp/koua' is determined 
from 1st order kinetics. in the usual manner, by the following 
equation: 

k • (l/Tc} 1n (1/1-f ) 
where k is the rate constant for each component, Tc is the contact time 
and e 1s t~e fractional conve~s1on of each component. 

Zeolites conforming to these sorpt1on requirements include the 
naturally occu?'Y'ing zeo11te ferrier1te as well as the known synthetic 
zeo11tes ZSM·22, ZSM-23 and ZSM-35. These zeolites are at least partly 
in the acid or hydrogen form when they are used 1n the dewaxing process 
and ~ metal hydrogenation component, preferably a noble metal such as 
plat1num is used. Excellent results have been obtained with a pt/ISM· 
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23 dewaxing catalyst. 
The preparation and properties of zeo11tes ZSM-22, ZSM-23 and 

ZSM-35 are described respectively in U.S. Patents Nos. 4,810,357 (ZSM-
22); 4,076,842 and 4,104,151 (ZSM-23) and 4,016,245 (ZSM-35), to which 
reference 1s made for a description of this zeolite and its 
preparation.• Ferrierite is a naturally-occurring mineral, described·in 
the literature, see, e.g., D.W. Breck, ZEOLITE MOLECULAR SIEVES. John 
Wiley and Sons (1974), pages 125-127, 146, 219 and 625, to which 
reference is made for a description of this zeolite. 

In any event, however, the demands on the dewaxing unit for the 
product are relatively low and 1n this respect the present process 
provides a significant improvement over the process employing solely 
a111Drphous catalysts where a si9n;f;cant degree of dewaxin9 is required. 
The functional separation inherent in the process enable h;gher single 
pass·wax conversions to be achieved, typically about 70 to sos as 
compared to SOI for the amorphous catalyst process so that unit 
throughput is significantly enhanced w1th respect to the conventional 
pY'Ocess. Although wax conversion levels above 80 percent may be 
employed so that the load on the dewaxer is reduced, the product VI and 
yield decrease at the same time and generally. the final dewax;ng stage 
cannot be completely eliminated unless products with a VI below about 
135 are accEpted. 

Proclucts 
The pf'Oducts from the process are high VI, 1ow pour point 

materials which are obtained in excellent yield. Besides having 
excellent v1scometr1c properties they are also highly stable, both 
oxidatively and thermally and, in particular to ultraviolet 11ght by 
virtue of the hydrotreating conditions maintained in the second stage 
which minimtze aromatic content. 

VI values in the range of 140 to 155 are typically obtained, with 
values of 143 to 147 being readily achievable with product yields of at 
least 50 weight percent, usually at least 60 weight percent, based on 
the original wax feed, corresponding to wax conversion values of almost 
80 and 90 percent, respectively. Another notable feature of the 
process is that the products retain desirable viscosity values as a 
result of .the limited bailing range conversions which are inherent in 

~ 
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the process: converselyt higher yields are obtained at constant product 
viscosity. 

Descr1pt1gn of Process 
A description of a preferred embodiment of the present invention 

. as depicted in Figure 11 is set out below. Dewatered feed from vacuum 
column 10 is conveyed by pump 20, mixed with hydrogen from a hyd~ogen 
source 30 wh1ch can be pressurized by compressor 40 and passed through 
heat exchangers SO and 60 and furnace 70 to the first stage 
hydrocrack1ng reactor 80. 

Tha hydrocrackate is passed through heat exchanger 60 and thence 
to high press9re separator 90 where high pressure 9ases can be passed 
to a cooler 100 and thence to a gas-liquid separator or gas stripper 
110 whence sour water is passed to a. sour water stripper via line 120. 

·while gas is passed via line 112 to the gas stripper 130 for removal of 
acidic componentst e.9.t hydrogen sulfide, by contact wtth basic 
11quids, such as lean d1ethanolamine (DEA) supplied through 1ina 132,. 
and then passed to a water contacting zone 131 supplied with water via 
line 136 to complete removal of entrained DEA from the gas. Rich DEA 
is ~emoved via line 134 and sour water is removed from the water 
contacting zone via line 137. The scrubbed gas is directed to drier 140 
and the dried gas containing some ammonia is vented or collected as 
high pressure off gas or directed through compressor 150 and furnace 
160 to the second stage reactor 170 in order to reduce the catalyst 
activity therein as desired to affect reactor temperature. The liquid 
from gas·lfqu1d separator 110 1s d1rected through line 180 for further 
separation which is later described. 

The gases from high pressure separator 90 may also be directed so 
as to by-pass cooler 100, gas-liquid separator 110, gas stripper 130 
and dr1er 140 via line 190 through flow controller 200 to join the 
effluent of drier 140. The flow through line 190 can also be directed 
via line 210 and flow controller 220 to by-pass cooler 100 and gas­
liquid. separator 110 while passing through gas stripper l30 and drier 
140. 

The heavy liquid from high pressure separator 90 can be passed 
through flow controller 230 to liquid stripper 240 or through liquid 
stripper by·pass line Z50 controlled by flow controller 260 to pump 270 



-31~ 

which also receives the liqu;d from liquid stripper Z40 through line 
280. ·The charge to pump 270 is passed through line 290 to furnace 160 
and thence t& the second stage reactor 170. 

. The effluent from the second stage reactor 170 is passed through 
heat exchanger 50 to separator 300 and the light ends including 
hydrogen recycled to the feed to the first stage through line 310. The 
liquid product from separator 300 is passed through line 320 and flow 
controller 330 to line 340 through furnace 350 and thence to 
atmospheric dist1llat1on column 360 for additional product recovery 
wherein kerosine is taken off through line 370. The gases from the top 
of column 360 are passed to cooler 380 and thence to liquid-gas 
separator 390 wherein the gas is passed through compressor 400 and 
collected or vented from line 410 as low pressure off gas. The liquid 
fl"Olll separator 390 is passed to line 420 where it 1s collected or 
further processed as wild naphtha along with the liquid drawn off near 
the top of the d1st11lation column 360 through line 430. The column 
bottoms a~e passed through line 440 to furnace 450 to vacuuus column 
460. Vapors from the top of the column are passed through cooler 470 

" to liquid-gas separator 480 wherein distillate is recovered and passed 
to line 490 for collection or further processing. Distillate from the 
column can be directly drawn from the column through line 490. Vacuum 
gas oil is drawn off the column through 11ne 500. The column bottoms 
comprising the waxy 1somerate high viscosity index lubricant product of 
tbe present invent;on are drawn off through line 510. 

Gases from liquid stripper 240 are passed to cooler 520 and 
thence to liquid-gas separator 530 where sour water is drawn off and 
liquid is ·passed through line 540 to line 340· for further processing. 
The gaseous effluent from separator 530 is passed to a scrubber 550 for 
removing acid gases using, for example, diethanolamine {DEA). Lean DEA 
is passed into the scrubber through line 560 and removed as rich DEA 
through line 570 after contact with the gaseous effluent from separator 
530. Moderate pressure off gas 1s taken from the ~verhead of the 
scrubber through 11ne 580. 

Examples 
The following examples are given in order to illustrate various 

aspects of the present _pr-ocess. Examples 1 and 2, directly following, 
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illustrate the p~eparation of low acidity pt/zeo11te beta catalysts 
corita1ning fraatework boron. 

Exumle 1 
A boron-containing zeo11te beta catalyst was prepared by 

crystallizing the following mixture at 140°C (28S°F) for 13 days, with 
stirring: 

HA!U: 

Boric ac1d, g. 57.6 

NaOH, SOI, ml • 66.0 
'rEABr, ml. 384 
Seeds, g. 37.0 

S111ca. g. 33! 

Water, g. 1020 

l. TEABR • Tetraethylanunonium bromide, as SOI aqueous. solution. 
2. Silica• Ultrasil (trademark). 
The calcined product had the following analysis and was confirmed 

·ta have the structure of zeolite beta by X-ray diffraction: 

E,11mole 2 

S102 76.Z 
A1 2o3 0.3 
B 1.08 

Na, PPll 
N 

Ash 

1070 

1.65 
81.6 

The as-synthesized boron-containing zeolite beta of Example 1 was 
mulled and extruded with sn ica in a zeoHte:sil ica weight ratio of 
65:35. dr1ed and calcined at 480°C (900°F} for 3 hours in nitrogen, 
followed by 540°C (1000°f) in a1r for three hours. The resu1t;ng 
extrudate was exchanqed with lN ammonium nitrate solut1on at room 
temperatu~e for 1 hour after which the exchanged catalyst was calcined 
1n air at 540°C (1000°F) for 3 hours, followed by 24 hours in 100 
percent steam at sso~c (1025°F). The steamed extrudate was found to 
contain 0.48 weight percent boron (as B2o3), 365 ppm sodium and 1920 
ppm A1 2~. The steamed catalyst was then exchanged for 4 hours at room 
temperature with lN platinum tetraann1ne chloride solution with a final 
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" 
calcination at 350°C (660°F} for three hours. The finished catalyst 
contained 0.87 weight percent platinum and had an alpha value of 4. 

Example 3 
A.slack wax with the properties shown in Table·3 above and 

containing 30 wtS oil based on bulk solvent dewaxing (35 wtS 0;1 by 
ASTM D323S) was processed by hydrocracking over a l.S mm tr1lobe 
NfW/fluortded alumina cata.lyst of the type described in Table 4 above 
(4.8 wt. pct. Ni, 22.3 wt. pct. V). The catalyst was sulfided and 
fluorided 1n-situ using o-fluorotoluene at a level of 600 ppm fluorine 
for one week at a temperature of 385°C (725°F) before introducing the 
slack wax. The hydrocrack1ng was carried out with fluorine maintenance 
at 25 ppm F using o-fluorotoluene under the following conditions: 

h -1 LHSV, r • 
Pressure, ps1g (kPa abs) 
H2 c1rcu1at1on, SCF/BBL (n.l.L-1) 

1 
2000 (13890) 

. 7500 (1335) 

The reaction severity was adjusted by varying the reaction 
tempel"ature from 373° to 410° c (704° to 770° F) which resulted in wax 
conversions of 40 to 95 weight percent. Wax conversion is defined as 
follows: 

Wax Conversion•(Wax in Oil Feeg - Wax obtained by Solyent Dewaxing} 
Wax in on Feed 

A mildly hydrocracked sample obtained at a reactor temperature of . 
373° t (704° F), was distilled to remove the 343° C- (650° F-) material 
(14 wetght percent) in the sample to produce a product whose properties 
are g1ven 1n Table 5 below. This hydrocracked product ~as used for 
subsequent

11
processing as described in Example 5 below. 
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J.l&>le 5 
Hydrgcrack@d C373~C. 704°F) Slack Wax Properties 

Boiling range, ° F (° C) 656-1022 (347-550) 

Density, OAPI 38.5 
N1trogen, ppmw 6 

Sulfur, wt. pct. .001 

Pour Point, ° F ( ° C) 120 (49) 

KV, 100°c.,11m12/s 5.68 
KV, 300°F (150°C), mm2/s 2.748 
Molecular wt. 478 

Aromatics, wt. pct. z 

Comparison of the properties of the hydrocracked slack wax as shown in 
Table 5 with the properties of the original slack wax. a~ shown 1n 
Table 3, shows that there has been a significant decrease in the 

aromatic content. 
Figure 1 shows the lube yield relativ~ to wax conversion, with 

the results from the two-stage LHDC/HDI experiments of Example 5 
included for compa~ison. The figure shows that the lube yield for t~e 
single.stage LHDC process of Example 3 reaches a maximum value of about 
46 percent~t about 40-60 percent wax conversion. 

Example 4 
This Example illustrates a single step wax hydroisomerization 

process (no initial hydrocrackin9) us;ng a low acidity 
hydro1somer1zation catalyst. 

A low ~ctdity silica-bound zeo11te beta catalyst prepared by the 
method described in Example 2 above was charged to a reactor in the 
form of 30/60 mesh (Tyler) particles and then sulfided using 2S H2S/98S 
H2 by incrementally increasing the reactor temperature up to 400°C 
(750°F) at 445 kPa abs. (50 psig). The same slack wax that was mildly 
hydrocracked 1n Example 3 was charged directly to the catalyst without 
first stage hydrocracking. The reaction conditions were 2860 kPa abs. 
(400 psig), 445 H2 n.1.1· 1 (2500 SCF H2/8b1), and 0.5 LHSV. The 
results are given in Table 7 below. 
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Ex .. le 5 
.A two-step cascade lube hydrocrack1ng/ hydro1somer1zat1on 

(LHDC/HDI) process was carried out by the following procedure. 
The low acidity Pt/zeolite beta catalyst of Example 2 was charged 

to the reactor and pre-sulfided as described in Example 4. The 
hydrocracked distillate 343°C+ (650°F+) fraction from ~xample 3 was 

then processed over thf s catalyst at temperatures from 328° to 353°C 
(622° to 667°F) , 0.5 LHSV, Z860 kPa abs. (400 psig) and 445 H2 n.1.1·1 

(2500 SCF K2/Bb1 (445 n.1.1-1). The bottoms fract1on was distilled to 
produce 343°C+ (650°F+) material which was subsequently dewaxed using 
MEK/toluene. · 

The properties of the dewaxed product are given in Table 6 below. 
41 

I1bl1 6 
l1mae~jz1i1on gf Lgw ~onv1r1igg Hxdreccgck1d Sli~t W11 

Feed 
Run No. 5-1 5-2 5-3 5-4 5 .. 5 

Temp; ° F 667 648 635 637 622 

343° C (650° F+) 
Conv, wtS 28.7 18.8 12.4 14:5 10.3 

343° C (650° F+) 
Pour, ° C (° F) 42 64 80 75 91 

SDWO Properties 

KV I 40° C, • 2/s 

KV • 100°c, mrn2/s 
28.84 22.289 23.11 23.804 2.2.585 24.486 

5.711 4.794 4.974 5.075 4.890 5 .. 164 . 
VI • 143 141 . 147 . 147 146 147 

Pour Point, 0 c -9.4 -6.7 -12.2 -9.4 -lZ.2 -12.2 
(° F) (lS) {20) (10) (15) (10) (10) 

YI I ·18° C (0° F) 
Pour 140 137 145 244 144 145 

Lube Vield, wt~ 
55.6 61.5 61.2 60.2 57.4 

W~ Conversion 
92 88 79 81 71 
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The lube yield of the two-step LHDC/HDI sequence relative to wax · 
conversion is shown in Figure 1 with the yield of the single step LHDC 
process given for comparison. The figure shows that the two-step 
processing ad'lieves a higher lube yield of about 61 percent at about 88 
percent wax conversion, both these values being significantly higher 
than achieved by the single· step LHDC process. Process optimization is 
therefore achieved by the functional separat1on of the processing 
steps. 

The yield data in Figure l also show that the high wax conversion 
selectivity (ratio of 1samerate formed/wax converted) can be maintained 
at very high wax conversions (up to 90 weight percent) whe~eas the mild 
hydrocracking scheme (Example 3) cannot maintain high wax conversion 
selectivities above 40-50 weight percent wax conversion due to 
excessive overcrack1ng at the higher conversion levels. 

Figure 2 shows that, along with the lube yield, there 1s an 
improvement in the viscosity index (VI) Gf the product obtained from 
the combined LHDC/HDI scheme .of Example 5 of about three numbers over 
the product of the mild hydrocrack1ng of Example 3. The improved wax 
isomerization selectivity of the combined scheme therefore allows both 
higher lube j1eld and higher VI products at high wax conversion levels. 

Example 6 
A two-step lube hydrocracking/hydroisomerization process was 

carried out using the slack wax feed of Table 3 above and the catalysts 
of Example 3 (hydrocrack1ng) and Example 2 (Pt/zeolite beta). The 
process was operated in direct cascade at a pressure of 13890 kPa abs. 
(2000 psig) in each stage, at a ·temperature of 380°C (715°F) for the 
hydrocracking and 340°C (645°F) for the hydroisomerizat1on. The space 
velocity was 1.0 hr·l in each stage. The Pt/beta hydroisomerization 
catalyst used in the second stage was presulfided in the same way as 
described in Example 4. The results are given in Table 7 below. 

Table 7 compares the maximum lube yields~ product Vis, and 
reactor temperature requirements for all four slack wax processing 
schemes: (1) mild hydrocracking (Example 3), (11) wax isD111er1zat1on 
using a low acidity HDI catalyst (Pt/8-beta) (Example 4), (iii) the 
collb1ned LHO't/HDI scheme of mild hydrocracking over an amorphous HOC 
catalyst followed by low pressure wax hydroisomer1zat1on over a low 
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acidity Pt/B-beta catalyst (Example 5) and (;v) cascade LHDC/HDI over 
an amorphous HOC catalyst followed by htgh pressure wax 
hydro1somerizat1on over a low acidity Pt/B-beta catalyst (Example 6). 

Table 1 

Comparison of Catalyst Activities and Product 
Properties from Slack Wax Processing Schemes. 

Example No. 

Process Schep 

Reactor Temp., 0 c 
(o F) 

LHSV, hr·l 

Pressure, kPa 
(psig) 

Lube Yield, wt" 

Solvent Dewaxed 

Oil Properties: 

Vt @ -18° C (0° F) 
pour pt. 

KV @ 100° C, imn2s 

! 
HOC 

385 
(725) 

1.0 

13900 
(2000) 

46 

141 

4.8 

! i 

HDI HDC/HDI 
(H1/lo) 

418 373/342 
(785) (704/648) 

0.5 1.0/0.5 

2860 13900/2860 
(400) (2000/400) 

53-55 61 

135-137 145 

5.8-5.9 5.0 

l9:tl, Lube yield detenn1ned at constant cut point 
4) 

§. 

HDC/HDI 
(H1/Hi) 

379/340 
(715/645) 

1.0/1.0 

13900/13900 
(2000/2000) 

61 

143 

4.9 

Table 7 shows that the combined m;ld hydrocracking, 
hydroisomer1zat1on processes of Examples 5 and 6 have a significant 
activity advantage (54°C, l30°F) over the s1ngle stage paraffin 
hydroisomerizat1on process of Example 4 using the same 
hydroisomerizatfan catalyst (Pt/B·beta}, at comparable product 
viscosity. Moreover, the combined processes also produce a higher VI 
product 1n higher yield than either the single stage high pressure 
hydrocracking process or the low pressure isomerization process. Thus, 
the integrated process scheme using either low or high pressure 
hydroisomer1zat1on 1s superior to either of the 1ndiv;dual processes. 
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This Example compares the use of a low and· high pressure wax 
hydroisomerizat1ons. Th1s Example, 1n conjunction with Example 8 also 
shows that a low acidity second stage catalyst (« < IS) is preferred 
over a.htgher actd1ty catalyst. 

The catalyst of Example 2 was charged to a downflow reactor and 
sulfided as described 1n Example 4. The slack wax of Example 3 was 
then fed with hydrogen to the reactor 1n cocurrent downflow under the 
following condtttons: 

LHSVt hr-l 
H2 Flow Rate, n.1.1- 1 (SCF/Bbl) 
Total Pressure, kPa abs. (psig) 

EumDle e • 

0.5 
445 (2580) 
2860 and 12170 
(400 and 1750) 

A zeo11te beta sample with a bulk S102/A1 2o3 ratio of 40:1 was 
extruded with alumina to fol"m a 65/35 we1gh.t percent cylindrical 
extrudate. This material was then dried, calcined and steamed to reauee 
the alpha to 55. Platinum was incorporated by means of 1on exchange 
us~ng ·Pt(NH3)4Cl 2• The final Pt loading was 0.6 weight percent. This 
catalyst was then charged to the reactor and sulfided as described 
above. Hydrogen was fed to the reactor together with the same slack 
wax described in Example 3 in cocurrent downflow under the following 
conditions: 

LHSV, hr·l 
Hz Flow Rate, n.1.1.· 1 (SCF/Bbl) 
Total Pressure, kPa abs (ps1g) 

1.0 
356 (2000) 
2860 and 13890 
(400 and 2000) 

Table,8 below compares the maximum lube yields and VI of tke 
products at maximum yield from the runs described in Ex~ples 3, 7 and 
8. 
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TJlfle 8 

Lube Yields Ind Properties 
Examola Ng. ! I 

. Catalyst NUU1lumio1 4a Ptlb1t1 
Pressure, kPa (pstg) 

lube y1eld,~wt. pct. 
KV, 38° c (100° F) ,rrm2/s 

Lube VI 

13900 

2000 
46 
5.0 

142 

2860 12170 
400 1750 
55-58 61 
5.8 6.0 

135-137 133-134 

A 
5511 Ptlh1t1 

2860 13900 

400 2000 
51 41 

5.8 7.0 

127 121 

.The results summarized in Table 8 show that raw slack wax can 'be 
processed over a low acidity catalyst such as Pt/zeolite beta at high 

I 

pressure without the y1eld or VI penalties incurred with a comparable 
but more ac1d1c catalyst. 

Figures 3 to 6 compare the yield and VI data as a function of 
conversion of the slack wax for the processes of Examples 3. 4. 7 and 
8. Conversion here is defined as the net amount of feed converted to 
343°C- (650°F·). These results show that the low acidity Pi/zeolite 
beta catalyst of Example 2 (4«) produces the highest yield for 
processing the raw slack wax, as shown by Example 4: the 4tl Pt/zeolite 
beta catalyst produces as much as 15 percent more lube than the 
amorphous NJW/Al 2o3 catalyst used in Example 3 and 10 to 20S more lube 
than the higher acidity 55« Pt/zeolite beta catalyst of Example 8. 
Increasing the operating p~essure of the hydroisomerization results in 
a· significant yield loss in the case of the higher ac1dity Pt/zeolite 
beta catalyst of Example 8, but results in a yield increase for the 1ow 
acidity Pt/zeolite beta catalyst used in Example 7. 

Product VI is not as strongly affected by pressure with the low 
acidity Pt/zeolite beta as it is with the higher acidity Pt/zeolite 
beta catalyst. 

Figure 7 shows the relationship between the kinematic viscosity 
(at J00°C) of the product at varying w~x conversions for the 
LHDC/HDI/SDW sequence of the present in~ention as well as for a 
conventional LHDC/SDW sequence using the same slack wax feed taken to a 
constant product cut point of 343°C (650°F). The figure shows 
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that the present erocess enables viscosity to be retained to a greater 
degree than with the conventional processing technique as a result of 
the selective conversion of wax to h1gh VI oil without excessive 
conversion of oil out of the lube boiling range. This valuable feature 
enables products of varying viscosities to be manufactured by suitable 
selection of conditions. 

Example Jl 

A petrolatum wax having t~e properttes set out in Table 9 below 
was subjected to cascade hydrocracktng/ hydroisomerizat1on under the 
conditions set out in Table 10, to produce an 8 est. (nominal) lube 
011. The lube yields and properties are reported for a constant 
visc,s1ty c~t of 7.8 rmn2/s.t at approximately 343°C (650°F) cut point. 

Table 9 

Petrolatum Wax Properti@s 
Bo111ng ranget nominal (SIMDIS), ° C (° F) 
N. ppilw 
S, wt. pct. 
Oil content. ASTM D-3235, wt. pct. 
API0 

T1ble 10 
Petrolatum HDC/HDI Co!Ulitions 

Pressure, H2, kPa (psig) 13890/13890 
L -1 HSY, hr. i~o11.o 

Temp, ° C (° F) 

Lube yield.~wt. pct. 
KV, rrrrPts at 100°C 
VI 

396/357 
45 

7.8 
144 

4i&0 •704° (780° • 1300°) 

120 
0.3 
25 
31 

(2000/2000) 

(745/674) 

The product is produced 1n goad yield and has excellent viscometric 
prope~1es, as shown by Table 10. 

Example 9 
A comparison of cascade versus staged operation of a two-step lube 
hydrocracking/hydroisomerization process was carried out using a heavy 
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neutral slack wax feed containing 40 wtS oil whose composition is 
further described 1n Table 11 below. 

TABLE 11 
SLACK WAX fROPEBTlES 

Condition 

011 C~ntent, wts 
Nitrogen, wppm 
Sulfur, wtl 
Viscosity@ 100°c, est 

· Wax Conversion, S by ASTM 03235 

Raw 

40 
68 
0.19 
7.6 
0 

Mildly Hydrocracked 
After first Stage 

5 
<.02 
.• 

29 

The processes were run under the conditions set out in Table 12 below 
using amorphous supported fluortded NiW catalyst in· the mild 
hydrocraek1ng stage and Pt/zeolite beta on s11ica catalyst where the 
zeo11te had low acidtty (alpha value of 6). 

DBLE 12 
RUN. CQNDITIQNS FOR HYDROISQMERIZAJION STAGE 

l:tmll 

LHSV l.O 1.0 

H2 Pressure kPa {psi) 
Average Temperature 
Conversion at Inlet of 

Hydrotsom Stage 
Overa 11 ·Convers f on at 

Outlet of Hydrn1som Stage 

Casca(fe 

13900 (2000) 
662 

14, 

221 

13900 (2000) 

620 

131 

In the staged run in which annonia and hydrogen sulfide were removed 
from the first stage effluent, the second stage operated at lower 
temperatures owing to greater activity in the absence of ammonia and 
hydrogen sulfide in the feed. Figure 8 shows the difference between 
staged and cascade operation in incremental temperature rise within the 
second stage reactor. It is noted that a sharp rise in incremental 

• temperature, 1.e., reactor instability, is experienced in staged 
operation at relatively low temperatures (above 332°C'(630°F) as 
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ca111p1red ta cascade operation. In the event of unit upset 1n staged 
mode. such a rise can be reduced by reducing catalyst activity in the 
second stage by modifying the annonia content of the feed. However, in 
cascade mode, such a reduction is not available. Figure 9 shows 
incremental hydrogen consumption within the s~cond stage reactor for 
both staged and cascade operation which is a function of the extent of 
undesired cracking reactions. Incremental conversion of 343°C+ 
(650°F+) material 1s compared far c~scade and staged operat1on in 
Figure 10. At constant conversion the temperature difference between 
staged and Qlscade operation ranges from 17° to 56°C (30 to 100°F), 
28° (50°F) at lSS incremental conversion. 

Example 10 
The staged process of Example 9 1s carried out us1ng the 

appardtus of Figure 11. However, the operation of liquid stripper 240 
and gas stripper 130 is bypassed to the extent necessary to maintain an 

·operat1ng temperature in the second stage of 329°C (625°F). 
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CJ AIMS 

· 1. A process for producing a high viscosity index lubricant having a viscosity index 

of at least 140 from a hydrocarbon feed of mineral oil origin containing nitrogen 

compounds and having a wax content of at least 50 weight percent, which comprises: 

(i) in a first step, hydrocracking the feed at a hydrogen partial pressure of at 

least 5620 kPa over a bifunctional lube hydrocracking catalyst comprising a metal 

hydmgenation component on an acidic. amorphous, porous support material. to 

hydrocrack aromatic components present in the feed at a severify which results in a 

. con\rersion of not more than 50 weight percent of the feed to products. boiling outside 

the lube boiling range and which results in an effluent containing nitrogen compounds; 

(ii) in a second stage, simultaneously isomerizing waxy paraffins and 

hydrotreating aromatics in the emuent from the first stage in the presence of a low 

acidity isomerization catalyst having an alpha value of not more than 20 and comprising 

a noble metal hydrogenation component on a porous support material comprising zeolite 

beta to isc:amerize waxy par~ffins to less waxy isoparaffins and to reduce aromatics 

content to less than 1 wt%; 

(iii) stripping nitrogen compound-containing gas and/or liquid from the first 

stage emueni to an extent sufficient to control the temperature in the second stage to 

a range permitting the simultaneous isomerizing of waxy paraffins and hydrotreating of 

aromatics by controlling the concentration of nitrogen compounds in the second stage; 

and, optionally 

(iv) directing at least some of the stripped nitrogen compound containing gas 

and/or liquid to the second stage to aii extent sufficient to further control the 

temperature. 

2. The method of claim 1 wherein the strJpping is carried out in gas stripping means 

and/or liquid stripp~ng means disposed between the first and second stages. the extent 

of the. stripping of the first stage effluent being controlled by by-passing the stripping 

means to an extent sufficient to control the temperature in the second stage within the 

range of 288°C to 343ac. 
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3.. Tho method of claim 1 wherein the temperature in the second stage is controlled 

within the range of 327° to 332°C. 

' 

4. The method of claim 1 wherein step (iii) results in an incremental temperature 

rise within the second stage of no greater than 11°C, preferably no greater than 8°C, 

more preferably :ndgreater than 5.6°C. 

S. The method of any one preceding claim wherein the nitrogen compound-

containing gas comprises ammonia and/or ammonium bisulfide. 

6. The method of any one preceding claim wherein the aromatics content is reduced 

to less than 1 wt%t preferably less than O.S wt%. 

7. The method of any one preceding claim wherein the feed comprises a petroleum 

wax having a wax content of at least 60 weight percent and an aromatic content of from 

S to 20 weight percent, and preferably the wax comprises a slack wax having an aromatic 

content of from 8 to 12. weight percent. 

8. A process according to any one preceding claim in which the catalyst in the . . . 

hydrocraclcing step comprises. as the metal component, at least one metal of Group vm 
and at least one me~al of Group VI of the Periodic Table: and/or the hydrocraclcing 

catalyst comprises alumina as an acidic support material; and/or the lube hydrocracking 

catalyst is a _nuorided lube hydrocracking catalyst. 

9. A process according to any one preceding claim in which the conversion during 

the bydrocracking step to 343llC- material is from 10 to 30 weight percent of the feed. 

10. A process according to any one preceding claim in which· the isomerizadon 

catalyst comprises a zeolitc beta isomerization catalyst having an alpha value not greater 

than 10; md/or the isomerization and hydrotreating is carried out in the presence of 

hydrogen at a pressure of at least 1480 kPa. 


