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Method for removing acrolein from the process gas of a heterogeneously
catalysed oxidation of propene

The heterogeneously catalyzed oxidation of propene by means of atmospheric oxygen
according to the present prior art is comprehensively described in the latest editions of
Ulimann's Encyclopedia of Indusirial Chemisiry, D. Arntz et al., online edition
15.04.2007, Volume 1, Wiley-VCH-Verlag und Kirk-Othmer Encyciopedia of Chemical
Technology, W. G. Etzhorn, online edition 18.12.2008, Volume 1, John Wiley and Sons
Inc.

The oxidation of propene is carried out at slevated temperatures (300 — 400°C) and
stightly superatmaspheric prassure over catfalysts installed in shell-and-tube reactors,
in addition to propene and air, steam and other inert gases are often also mixed info
the feed gas in order o keep the feed gas composition outside the ignition limits. The
heat of reaction is usually removed by means of liquid salt melt which circulates
through the shell space of the sheli-and-tube reactor. A large number of different mixed
oxides systems containing molybdenum, bismuth, iron, cobalt, nickel as basis and
further promoters, for example as indicated in PCT application WO 2008/046843 or
WO 2008/104432, are reporied as suitable catalysts. A variety of other mixed oxide
systems of this type which increase the achievable acroiein yield are known from many
patent documents. Both all-active catalysts (e.g. as pellets or hollow cylinders) and
supported catalysts (e.g. as coated catalysts) are used here. It is common fo all
reaction systems that various further by-products {including acrylic acid, acelic acid,
formaldehyde, acetaldehyde, allyl alcohol, CG, COy) are formed in addition 1o the
target product acrolein in the oxidation reaction.

To be able to use the acrolein as starting material for further synthetic reactions, it has
to be separated from this reaction mixture and purified. The basic procedure is likewise
reporiad in the above literature references. Firstly, the reaction gas has it be cooled
and the high-boiling components and waler then have 1o be separated off from the

reaction gas. The high boiler-containing wastewater obtained is usually disposed of

thermally. Mowever, other disposal routes can also be empioyed. The acrolein is then
scrubbed {(absorbed) from the process gas stream which has been prepurified in this
way since condensation would be completely uneconomical because of the dilution and
the low boiling point. The acrolein und the jow boilers still present are distilled off from
the sorbate sciution obtained. The sorplion liquid which has been freed of acrolein can
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then be reused fot the absorption of acrolaein. Water or a mixture of water and an
organic solvent is usuzally used as sorption liquid.

If necessary, the acrolein can subsequently be distilied further to separate off the low
boilers. From the abovementioned literature references and many other literature
references, it is known that acrolein, or acrylic acid, formaldehyde or allyl alcohal,
polymerize easily. Stabilizer is therefore added in the work-up section or fo the acrolein
itself in order o reduce the polymerization tendency. Hydroquinone, for example, has
been found fo be suitable for this purpose, but many other stabilizer systems have also
been described. Even with addition of stabilizer, polymerization cannot be 100%
prevented in the work-up section. In particular due to thermal stress in the separation of
the acrolein from the sorption liquid, small amounts of cligomers are always formed
and these accumulate in the sorption liguid over time and lead fo the formation of
polymers which then in tum cause fouling of the production faciiities, necessitating
cieaning.

DE 2263406 describes a process for preparing acrylic acid and acrolein, in which the
acrolein- and acrylic acid-containing gas mixture coming from a catalytic gas-phase
oxidation of propene is passed through a scrubbing liquid which is a mixture of water
and organic fiquid in order to separate off acrylic acid by exiraction. The high-boiling,
acrylic acid-containing aguecus/organic solution formed here is separated off as
bottom phase. 2-Ethylthexanol, in particular, is used as high-boiling organic extractant.
The acrylic acid is separated by distiliation from the agueous/organic solufion in a '
plurality of work-up steps. For this purpose, water is firstly distilled off and the acrylic
acid is distilled off from the remaining organic liquid and the organic fiquid is then
reused as scrubbing liquid. A disadvantage of the process is that relatively large
amounts of solvent have fo be used and circulated and have to be recovered in a
complicated process, meaning a not inconsiderable energy consumption and also
representing a further source of additional impurities which are formed, in particular, by
reaction of the solvent with acryiic acid.

Apart from the very efficient removal of by-products from the acroiein process, it is also
necessary o prevent deposition of polymeric by-products which form in the
apparatuses {for example columns, column internals, heat exchangers) and pipes
since these would quickly lead io a deterioration in heat fransmissions or the plant
throughput. This can in principle also be effected by use of water/solvent mixtures as
scrubbing solution, in particular in the quenching stage, as takes place in a process
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according to DE 2263496. However, the disadvantage here is, in particular, the
separate ouflay for purification and recycling of the sorubbing solution.

On the other hand, WO 20100443890 A1 describes a process for the removal of acrylic
acid from the wastewater from an acrolein process by exiraction with liquefied C3
gases propylene and/or propane as exiractant with the aim of recovering acrylic acid.
This process allows easy separation of the soivent from the acrylic acid-containing
extraction solution by distillation, which represents an advantage over higher-boiling
extractants.

Finally, WO 2001006271 discleoses the preparation of acrolein starting with an
absorpiion of propylene/propane in an organic solvent (Cg-x~alkane or alkene), in
which propylene/propane is subsequently removed from the absorbent (claims 1 and
3), for example by distillation (claim 4). Entrained absorbent is subsequently scrubbed
from the propylene/propane stream with water. The resulting mixture of water/organic
solvent is worked up by phase separation so that the two phases are recycied into the
process separately (page 59, line 1 ~ page 80, line 8).

in terms of the economics of a production process, it is generally particularly important
for the operafing time between necessary stoppages for cleaning io be as long as
possible and for the energy consumption during ongoing operation fo be as low as
possible.

Success has now been attained in reducing the proporiion of acrvilic acid in the acrolein
process further by the use of improved catalysis as described, for example, in

WO 2008/104432 or WO 2008/046843, so that a process involving use of large
amounts of solvenis for separating off the acrvlic acid as described in DE 2263496 has
become even less economically attractive.

t is therefors an object of the present invention fo provide a process for separating
acrolein from the process gas of a heterogeneocusly catalyzed oxidation of propene,
which makes it possible 1o increase the operating fime of the plant by addition of an
arganic solvent in the work-up section while avoiding the disadvantages of the known
processes and, in particular, allows suppression of foaming in the columns and an
increase in throughput in existing plants and at the same time makes possible a simple

and inexpensive work-up and recycling of the solvent used.
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Summary

There is provided a continuous process for preparing acrolein, wherein the following

steps are carried out

A) gas-phase oxidation of propene by means of air over a heterogeneous
catalyst in the presence of a diluent gas in one reaction stage providing an
acrolein-containing gas stream

B) capture of the acrolein-containing gas stream from A) in a quenching stage
consisting of bottom, middle and top sections for separating off by-products
in the presence of water and an organic phase containing sparingly water-
soluble organic solvent

C) capture of the acrolein-containing gas stream from the quenching stage B)
in an absorption stage consisting of bottom, middle and top sections in the
presence of water and an organic phase confaining sparingly water-soluble
organic solvent to obtain an agqueous acrolein solution which contains
organic phase, and an incondensable gas stream

C1) atleast partial recirculation of the incondensable gas stream from C) as
diluent gas to the reaction stage A)

D) separation of the acrolein by distillation from the aqueous acrolein solution
which contains organic phase from C) in a distillation stage

where the remaining aqueous solution which contains organic phase and has been freed of
acrolein is discharged from the distillation stage D) so as to form an organic phase Il which is
separated from the associated aqueous fraction ll {phase separation 11}, the organic phase i
is intfroduced into the bottom section of the quenching stage B) from which the organic phase
Il is separated off together with an aqueous fraction via the top section by distillation and/or
stripping so as to form an organic phase [ which is separated from the associated aqueous
fraction | (phase separation 1) and introduced into the bottom section of the absorption stage
C).
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Description of the invention

According to the invention, the disadvantages of the prior art are successfully
overcome by provision of a continuous process for preparing acrolein, wherein the

foliowing steps are carried out

A) . gas-phase oxidation of propene by means of air over a heterogeneous
catalyst in the presence of a diluent gas in one reaction stage fo
produce an acrolein-containing gas stream (process gas),

B) capture of the acrolein-containing gas stream A) in a quenching stage
consisting of bottom, middie and top sections for separaiing off by-
products in the presence of waier and an organic phase containing a
sparingly water-soluble organic solvent,

C) capture of the acrolein-containing gas stream from the quenching stage
B} in an absorption stage consisting of bottom, middle and top sections
in the presence of water and an organic phase containing a sparingly
water-soluble organic solvent to obtain an agueous acrolein solution
which contains organic phase, and an incondensable gas stream,

CtH at least partial recirculation of the incondensable ges stream from C) as
diluent gas to the reaction stage A),

o separation of the acrolein by distiliation from the agueous acrolein
solution which contains organic phase from C) in a distillation stage,

where the remaining aqueous solution which contains organic phase and has been
freed of acrolein is discharged from the distillation stage D) sc as to form an organic
phase | which is separated from the associated agueous fraction I (phase separation
1}, the organic phase Il is infroduced into the bottom section of the quenching stage B)
from which the organic phase 1l is separated off fogether with an aqueous fraction via
the top section by distillation and/or stripping so as to form an organic phase | which is
separated from the associated agueous fraction | (phase separation 1) and introduced
into the bottom section of the absorption stage C).

For the purposes of the present invention, a sparingly water-soluble organic solvent is,
in particular, an organic solvent which has a sclubility in water of £20g/l, preferably
<6.0g/l, particularly preferably <2.0g/l, in each case at 20°C.
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When the quenching stage B) is configured as a column, a collection tray above which
the outlet for the organic/aqueous phase to the phase separator | is located is
preferably instalied at the lower end of the top section (cf. figure 1), so that liquid can
be discharged particularly well from the resulting intermediate liguid phase zone.

in step C1, further inert gases, for example nitrogen or steam or low-oxygen offgas
from an incineration plant can aiso be used as diluent gas in addition to or instead of

the incondensable gas stream (incondensable process gas).

The process of the invention allows, in parficutar as a result of the addition of an
organic solvent and the organic phases formed therefrom in the work-up section, the
removal of potentially polymer-forming impurities and thus an increase in the operation
time of the plant and at the same time allows the solvent used to be recirculated and
purified by distillation internally without an additional outlay Tor apparatus being
required. The tendency for foaming o occur in the system, especially in the distillation
stage, is also reduced. The process thus makes possible an increase in the operating
fime of the plant and the throughput of feed and product streams.

Praference is given o a process in which organic solvent which is sparingly water-
soluble ig introduced continuously or intermitiantly to suppiement the organic phase at
a suitab‘ie point in the process. This makes it possible, in particular, to keep the content
of organic phase constant and thereby achieve stabilize operation.

Particular preference is also given to the organic solvent being introduced inio the
botiom section of the absorption stage and/or of the distillation stage. introduction into
the bottom of the absomption stage causes, in particular, the least adverse effect on the
main function of the absorption stage, viz. the separation of the acrolein from the
guenching gas from stage B). The organic solvent is for this purpose preferably mixed
into the feed stream of organic phase io the absorption stage or infroduced separately
beneath {his position. in the case of intfroduction of solvent info the bottom of the
distillation stage, this measure also prevenis breakthrough of the solvent or of the
organic phase into the top section of the distillation stage and thus info the product
acrolein.

Preference is given to using an organic solvent which has a boiling point at
atmospheric pressure of from 150 to 230°C, particularly preferably from 170 to 190°C.
This ensures, in particular, the discharge of the solvent from the bottom section into the
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~ fop section by stripping and distillation in the guenching stage. In particular, the

process gas serves as stripping gas here.

Particular preference is given to using a branched or unbranched open-chain C8-C10-
alcohol, in particular 2-ethylthexanol, which is also available industrially in sufficient
amounts, as organic solvent. Since the alcohols react with substances occurring in the
process, e.g. with acryiic acid fo form acrylic esters, L.e. in the case of 2-ethylhexanol to
form 2-asthythexy! acrylate, or with acefic acid to form 2-ethylhexyl acetate and with
formaldehyde to form 2-ethylhexyl formal and 2-sthylhexyl diformal, these process
products are, fogether with the solvent, constituents of the organic phases used
according fo the invention, which in this context are also referred fo as solvent mafrix
(SM). This is even advantageous in the pressnt process, since the solvent matrix
should preferably also have a good uptake capability for oligomers and further organic
by-products formed, which is particularly the case when using the organic phases
formed by the alcohols mentioned.

In the process of the invention, further preference is given fo a further amount of from
0.05 to 1% by weight, preferably from 0.1 {0 0.5% by weight, of organic solvent, based
on the amount of propene introduced into the reaction step A}, being added, with
preference being given to addition of such an amount of organic solvent that a constant
content of organic phase is maintained. This can be checked by determining the
content of organic phases, in particular the organic phase in the output stream from the
phase separations, in particular the phase separation i, by known analytical methods
and making adjustments accordingly. This allows a pariicularly advantageous and
uniform mode of operation of the process of the invention and minimization of the
solvent consumption.

In the process of the invention, further preference is also given to the acroiein-
containing gas stream from A) going at & temperature of 200-280°C, in particular 220-
250°C, into the bottom section of the corresponding step B). The process gas is for this
purpose cooled appropriately in the afier-cooler of the reaction step A) in order to
reduce the cocling water requirement in the quenching stage. In addition, higher
temperatures would increase the formation of by-products. This makes possible a
mode of operation of the combination of the reaction stage A) and the subsequent
quenching stage B) which is optimized in terms of energy and in respect of maximum
acrolein selectivily.
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In the process of the invention, further preference is given fo the temperature at the
botiom of the quenching stage B being set fo a value in the range from 60 fc 80°C at a
pressure in the fop section of from 1.2 to 1.8 bar (absolute pressure) so that no
separate organic phase is present in the bottom section of the quenching stage B, The
discharge of the organic phase at the bottom reguired in the process is thus prevented
and it is also ensured that the volatile components of the organic phase are transporied
according to the invention to the fop section of the quenching stage B.

The temperature at the botiom of the quenching stage B is particularly preferably set by
discharging a substream of the liquid condensed there and, after appropriate cooling,
feeding it back into the lower third of the quenching stage B (lower pump circulation).
Liniform introduction and femperature setlfing, in particular via external heat

gxchangers, is made possible in this way.

Very particular preference is given {0 a substream of the discharged substream of the
condensed liquid being removed from the process. In this way, acrylic acid and further
by-products, in particutar the high-bolling by-products present in the organic phass {I
which are not stripped out with the organic phase It and the water of reaction formed,
are discharged from the bottom section of the quenching stage and from the process. A
constant liquid level in the bottom of the column and a largely constant proporiion of

by-products are achigved in this way.

Preference is likewise given, in the process of the invention, to a substream of the
condensate present in the {op section of the guenching stage B being discharged,
preferably cooled to < 20°C and fed back into the top section of the quenching stage B,
as a result of which the acrolein-containing gas strearn coming in from the middle
section of the quenching stage B is cooled and further condensate is continually
produced and this s recirculated as runback to the middle section of the guenching
stage (upper pump circulation). This allows, in particular, uniform Introduction and
temperature setling, in particular via external heat exchangers for condensation of

aqgueous and organic phase or solvent.

Preference is likewise given, in the process of the invention, fo a substream of the
condensate from the fop section of the quenching stage B being fed to the phase
separation [. As a result, the organic phase | can be separated off in-situ in a very
simple and efficient way for immediate reuse in the process.
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In the process of the invention, preference is also given to the phase separation | being
carried out at a temperature of from 8 to 60°C, preferably from 10 to 50°C, particularly
preferably from 12 to 40°C. This allows, in particular, optimal separation of the organic
phase together with the solvent present with minimal losses.

According fo the invention, preference is also given to a process in which the phase
separation lis carried out with a residence time of from 0.5 to 20 minutes, preferably
from 1 to 10 minutes, These conditions, {oo, confribute to optimal isolation of the

organic phase fogether with the solvent present with minimal losses.

According to the invention, preference s also given o a process in which the agqueous
fraction | from the phase separation | is at least partly added to the runback of the
condensaie produced from the quenching stage B. This largely prevents breakithrough
of acrylic acid into the absorption stage and reduces the accumuiation of solvent in the
middie section of the guenching colurmn.

According to the invention, preference is also givan to a process in which the agueous
solution (sorption solution) which has been discharged from the distillation stage D and
nas been freed of acroiein and contains organic phase is partly recirculated directly fo
the top section of the absorption stage C and the remaining part is fed to the phase
separation .

The sorption solution from the distillation is in this way immediately ulilized in-situ and
virtually without iosses and the fotal amount of waste streams is minimized. This mode
of operation enables the residence time in the phase separation Il {o be set so that

optimal isolation of the organic ph»ase is made possible.

in addition o a sufficiently iong residence time, selection of a suitable temperature is
critical for the optimal function of the phase separator | operated according o the
invention. Preference is therefore given o a process in which the phase separation il is
carried out at a temperature of from 10 to 90°C, preferably from 15 fo 80°C, particularly
preferably from 20 to 40°C. This ensures opiimal isolation of the organic phase

together with the solvent present at the given viscosities with minimal losses.

Preference is also given, according to the invention, o a process in which the phase
separation Il is carried out with a residence time of from 0.5 to 20 minutes, preferably

from 1 to 10 minutes. This likewise contributes to optimal isolation of the organic phase
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together with the solvent present with minimal losses and without the economics of the
process suffering,

According to the invention, preference is additionally given to a process in which the
arnount of organic phase i infroduced info the quenching stage B) is from 0.1 io 3% by
weight, preferably from 0.2 to 1% by weight, based on the total amount of propene
introduced info the reaction stage A). This ensures an optimal effect of the organic

phase with minimal contamination by the additional streams introduced.

According to the invention, preference is also given to a process in which the aqueous
fraction Il from the phase separation il is partly recirculated fo the absorption stage C),
preferably {o the top section of the absorption stage, and a further substream of the

aqueous fraction Il is preferably discharged from the process. in this way, the process
water is utiized immaediately and virtually without [osses and the {otal amount of waste
streams is minimized. The removal from the process controls the total amount of liquid

in the process (hold-up) and avoids accurnulation of by-products in the agusous phase.

Preference is also given, according {o the invention, ic a process in which the content
of organic phase in the sorption solution is from 0.1 fo 5% by weight, preferably from
0.2 to 3% by weight. The content of solvent-containing organic phase is thus so high
that an organic phase Il which can be separated off is formed.

According 1o the invention, praference is also given o a process in which the sorpiion
solution is infroduced info the absorption stage C) at a temperature of 5 - 18°C,
preferably 6 - 12°C, and at a pressure in the top section of the absorplion stage C)in
the range from 1.1 to 1.7 bar. This ensures substantial absorption of acrolein from the
gas stream from the quench.

in the process of the invention, the quenching, absorption and/or disiillation stages are
preferably each configured in the form of a column. The advantage here is, inter alia,
simple process operation, variable instaliation of packing or frays and thus matching to
various boundary conditions of the process, e.g. throughputs, separation stages, efc.
Preference is given o conventional columns containing ordered packing, columns
containing random packing elements or tray columns such as bubble cap tray columns
or steve tray columns.

The process of the invention allows use of very small amounts of solvent compared o

known processes, which amounts, when integrated into an existing acrolein plant, are
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recovered and reused without a large amount of additional apparatus or energy
consumption, with the further previously mentioned positive effects on throughput and
ptant availability. This is of great economic and ecological advantage in an industrial-
scale process,

Description of the example

To illustrate the invention with the aid of the example, reference is made 1o Fig. 1 which

shows an embodiment of the process of the invention.

Corresponding to the prior ait, propene is firstly vaporized and the gaseous propene {3)
is mixed with air (1), steam (2) and recycle gas (18, incondensable process gas =
recirculated process offgas) and the mixture is fed into the shell-and-tube reactor
{corresponding to step A). The conversion of the propene into acrolein and further by-
products (reaction) then occurs there over suitable catatysts.

The process gas (4, reaction gas) leaving the botiom of the reactor is firstly freed of
high boilers in a first column (with trays and ordered packing, hereinafter referred to as
quenching column, corresponding fo stage B). For this purpose, the incoming process
gas at 220~250°C is firstly cooled by means of a cooling circuit in the lower part of the
column. In the middle part of the column, the high boilers, in particutar acrylic acid, are
then targely removed. Further cooling of the process gas traveliing upward from the
middle part of the column occurs in a cooling circuit in the upper part of the quenching
column, with liquid being condensed out from the saturated gas stream and being

recirculated as runback o the middle part of the column.

Corresponding to the prior art, the acrolein is then absorbed from the process gas
exiting from the top of the quenching column in a subsequent column (with structured
packing, hereinafter referred o as absorption column, corresponding io stage C). For
this purpose, this process gas is fed info the bottom region of the absorption column
and scrubbed with sorption solution coming from the top of the column, with the
sorplion solution becoming loaded with acrolein. The process gas which has been
largely freed of acrolein leaves the plant as offgas (12) and is partly recirculated as
recycle gas (19, diluent gas, recirculated process ofigas) to make the feed mixture fo
the reactor inert,
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Furthermore,. corresponding {0 the prior art, the sorption liguid loaded with acrolein is
drawn off from the bottom of the absorption column (corresponding to step C) and fed
into approximately the middle of a distillation column (tray column, also referred to as
desorption column, corresponding to step D). The acrolein is separated off there by
distillation from the sorption solution. in the stripping section of the column, the sorption
soluiion is largely freed of acrolein and can then be recirculated to the absorption
column (110), with a small amount of deionized water (11) also being added to the
sorption solution. In the enrichment section of the column, the acrolein is concentrated
fo close to the azeotropic point and the exiting acrolein vapour stream is condensed in
an injection condenser (23) by means of supercooled acrolein to which stabilizer (13) is
added and which circulates in a circuit. Hydroquinone or else other suitable stabilizers
is/are generally used as stabilizer. The runback required for the separation is

racirculated o the column and the acrolein obtained is fed to the acrolein tank farm
(14

S

This work-up process which corresponds in significant aspects to the prior art is now
supplemented according to the invention by the two phase separators | and 1l in the top
circuit of the guenching column and in the recirculation of the sorption solution (10) to
the absorption column, and the mode of opsration of the work-up process is altered
according to the invention as per the further description.

An organic solvent which is sparingly soluble in water and forms an organic phase on
mixing with water and preferably has a boiling point of 150-230°C, preferably
170-190°C is added 1o the water which is usually used as sorption liquid, Furthermore,
the solvent should preferably also have a good uptake capacity for oligomers formed
and further organic by-products. 2-Ethylhexanol and the organic phases formed
therewith have been found to be particularly weil-suifed for this purpose. To additionally
introduce organic solvent, this is, for example, infroduced in the lower region of the

absorption stage C (5).

For the further purpose of the solvent, namely to separate off potentially polymer-
forming impurities, the solvent malrix has to be purified. For this purposs, an organic
phase It (SO 1l) is separated off by means of the phase separator il from the substream
6 of the sorption solution 6 recirculated to the absorption column (step C). Operation in
a range of 10°C - 80°C is maintained here, particularly advantageously in a
temperature range of 15°C - 60°C. Accordingly, the phase separator |l is instalied in
the process downstream of the heat exchanger designated as WT1. In WT1, the warm
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sorption liguid from the bottom of the desorption column is cooled by means of cold
loaded sorption liquid from the bottom of the absorption column and the ioaded

sorption liquid is preheated before entry into the desorption column, in order to optimize
energy integration.

The solvent-containing organic phase can be separated off from a substream of the
sorption fiquid, but it is also possible for all the recirculated sorption liquid to be passed
through the phase separator ll. The residence time (RST) in the phase separator Il is
determined by the volume of the completely flooded phase separator i and the volume
flow of fiquid passed through. Sufficiently good separation is achieved at residence
times of 0.5 - 20 minutes, particularly preferably at an RST of 1 -10 minutes, and this is
accordingly set.

The organic phase 1| (SQ It} separated off is then fed o the upper fray of the botfom
circuit in the quenching column (step B) (7). The amount drawn off from the phase
separator il is such that somewhat more liguid than the amount of SO 1l obtained in the
phase separator Il is drawn off and the formation of an interface in the phass separator
It is thereby avoided. This has been found to be advantageous since increased
formation of polymers occurs at the interface.

The volatile solvent matrix components are then siripped by means of the hot process
gas from the organic phase H {7, SO It} fed {o the bottom circuit of the gquencher, in
contrast to, the remaining high boilers, since SO Il forms a sacond phase {(principle of
steam distiliation). In the upper cooling circuit (including the top section), SO Il fargaly
condenses out with the remaining condensate af the lower temperatures and is then
separated off from the cooling circuit via a phase separator | located in the upper
cooling circuit (8). The organic phase | (SO |) which has been separated off is
recircuiated (9) 1o the bottom of the absorplion column (step C). The operating
parameters for the phase separator | equate in respect of the RST to those for phase
separator 11, but the operating temperature can be set lower since the SO | distilled off
has a lower viscosity than the 80 Hf loaded with high boilers from phase separator il.

This mode of operation allows a solvent flow which can be freely adjusted within a wide
range in the depicted closed circuit through the hot part of the desorption column

{step D) without any great solvent losses ocourring. The amount which can be setis
limited mainly by the distillation capacity in the quenching column. The content of SO is
established in accordance with the amount of fresh solvent supplied and the losses of
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SO with the wastewater (15, 16) and the offgas (18). The SO content should be at least
s0 high that an organic phase (comprising SO} is formed; excessively high SO
concentrations in the sorption solution may cause a deferioration in the effectiveness of
separation in the absorption column. For example, the SO content in the sorption
solution is advantageously from 0.1 to 5% by weight, preferably 0.2-3% by weight.

The impurities faken up by the solvent remain in the botiom of the quenching column
and are incinerated together with the wastewater, An advantage here is that the
impurities are sufficiently readily soluble in the acrylic acid-containing wastewater (16)
and no separate organic phase which couid interfere in the subseguent incineration
process as a result of fluctuating calorific value is formed. A further significant
advantage of this process is that the apparatuses required for the process are utilized
and no additional apparatuses are necessary for an external solvent work-up. The
solvent consumption is reduced o such an extent that only comparatively small solvent

josses in the offgas and in the wastewater have to be replaced.

A further advantage of this way of carrying out the process is that the solvent content
before infroduction of the sorption liquid into the absorplion column and before
introduction of the upper cooling circulation flow into the quenching column or the
runback into the guenching column is reduced in terms of solvent content to such an
extent that packings (as in the example) can be used at these piaces in the columns. At
a given apparaius size, this is known to allow a higher throughput than when trays are
used as column internals.

Experimental description of the Comparative Examples 1 t0 3

The comparative examples were carried out in 2 manner analogous to the above-
described example but with the following differences:

Figure 2: In conirast to processes as per Example 1 (Figure 1), the phase
separator | and phase separator |l are not installed in Comparative
Example 1 and no solvent is infroducad into the process,

Figure 3: in contrast to processes as per Example 1 (Figure 1), the phase
separator | and phase separator |l are not installed in Comparative
Example 2 and solvent is fed into the bottom of the absorption in the

process. This accumulates {o a certain extent in the sorption liquid and is
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Figure 4:
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removed as contaminated organic phase from the process together with
the process wastewater from the sorption circuit (sfream 15) and
disposed of thermalty.

In conirast {0 processes as per Example 1 (Figure 1), the phase
separator i is instalied in Comparative Example 3 and solvent is fed into
the bottom of the absorption in the process. The organic phase 1l (SO 11)
drawn off from the phase separator lf, which is operated as in

Example 1, is fed {0 a 2-stage vacuum distillation. In a first stags, low
bollers are separated off, and the distillable fraction of the SO i distiled
off from high bollers in a second stage. This fraction is recirculated
together with the fresh solvent (stream 5) back to the bottom of the
absorption stage.

The process setlings used in the examples (comparative examples) are summarized in
Table 1.



Table 1: Process settings for the examples/comparative examples

15

No. Comp. Comp. Comp.
) Example - ’
in Description Unit as per Example 1 | Example 2 | Example3
the Fiaure 1 as per as per as per
Fig. g Figure 2 Figure3 | Figured
’ Standard
Alr {dry) m*n 28500 24000 28500 28500
2 Steam kg/h 1500 1263 1500 1500
n St;'zndard
° Propene (Pe) mh 3800 3200 3800 3800
4 Process gas °C 240 240 240 240
2-Ethythexanol kafh 14 30 30
5 kg/100kgPe 0.2 0.4 0.4
Distiffate from ext. kg/h n.a na. 70
work-up
Sorption solution mn 67.5 n.a. n.a, 87.5
Temperaiurs °C 25 na. i n.a. 25
6 | R8T min 6 n.a. n.a. 8
Content of organic % by 0.3 n.a. n.a. 0.5
phase weight
7 Organic phase from kg/n 80 na n.a. na,
phase separator !
kg/100kgPe 0.8
8 Cooling circutation flow | m°/h 60 | n.a. n.a na
Temp. °C 20 n.a. n.a. na.
RST min, 86 n.a. na. | na |
g Organic phase from kgih 45 n.4, n.a. ‘ n.a.
phase separator |
kg/100kgPe 0.6
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No. Example Comp. | Comp. Comyp.
in Description Unit as per Example 1 | Exampie 2 | Example 3
fhe Ficure 1 as per as per ; as per
Fig,. g Figure 2 Figure3 | Figured
10 Sorption solution | m°/h 135 120 135 135
°C 8 8 8 8
11 Deionized water m°/h 1.2 1.2 1.2 1.2
12 Pressure at the bara 1.3 1.3 1.3 1.3
ocutiet from the
absorption siage
13 Stabitizer (10% kghh 30 42 50 50
hydroguinone in
acrolein)
14 Acrolein kglh 8000 8737 8000 8600
15 Wastewater from th 1.2 1.2 1.2 1.2
the sorbate circuit |
16 Wastewater from | ¥h 54 4.6 5.4 541
3 the quenching E
stage ; :
17 Organic phase from | kg/h ; na : na, | n.a. 100
¢ phase separator |l §
' to external work-up
18 i Process offgas 10 Standard 25600 1 21600 25600 25600
| incineration mh :
19| Recirculated Standard | 22000 | 18560 22000 22000
| process offgas mh ‘ "
20 Temperaiure atthe | °C 70 70 70 ¢ 70
botiom of the
guencher
21 Pressure at the top | bara 1.5 1.5 1.5 1.5
of the quencher
22 | Temperature in the | °C 14 14 14 | 14
top circutt of the
guencher
n. a.: not applicable
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Results of the examples/comparative examples:

The examples/comparative examples described were each carried out in a plant

corresponding to the plants shown in Figures 1 to 4. The results reported are

determined essentially by the parameters described.

Fig. 1

Process according fo the invention
Plant operation for > 1 year until cleaning becomes necessary
Specific solvent consumption about 0.2% by weight of fresh soivent

based on the amount of propene used

Comparative Examples 1-3:

Fig. 2

Fig. 3

Fig. 4

it is found here that the maximum plant load (i.e. Pe fed in) which can be
set is limited {o about 80% of the plant ioad in Example 1. At a higher
load, the operating behaviour of the plant becomes unstable due to foam
formation in the distillation. Furthermore, it is observed that, even at this
lower icad, cleaning of the botiom region of the distillation becomes
necassary after not more than 3 months (formation of polymer deposits).
No solvent consumption.

it is found that in this case a reduction in production due to foam
formation in the distillation is no longer necessary and that the cleaning
interval for the production plant is extended fo up to 8 months. The fresh
sol\{ent consumption is 2 0.4% by weight of solvent based on the amount

of propene used.

t is found here that plant operation ag in Example 1 is made possible,
but the fresh solvent consurnption is = 0.4% by weight of solvent based
on the amount of propene used. The capital costs for the vacuum
distittation plant are substantially higher than for the phase separator |
and operation is susceptible to malfunction because of the tar-like

consistency of the disfiliation residue.
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Table of reference numerals

No. in the figures Description
1 Air {dry}
2 Steam
3 Propene
4 Process gas
2»Ethyfﬁexano§
) Distillate from ext. work-up
8 Sorption sclution
7 Organic phase from phase separator |
8 Coaling circutation flow
| g Organic phase from phase separator |
10 Sorption solution
11 Deiohized water
12 Pressure at the outlet from the absorption stage
13 Stabilizer (10% hydroguinone in acrolein)
14 Acrolein
15 f Wastewater from the sorbate circuit
| 10 Wastewater from the quenching stage
17 Organic phase from phase separator I} to external work-up
18 Process offgas to incineration
19 i Recirculgted process offgas
20 - Temperature st the bottom of the guencher
: 21 Pressure at the top of the quencher
22 Temperature in the top circuit of the quencher
23 Injection condenser
WT1 Heat exchanger 1
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Claims

1.

19

Continuous process for preparing acrolein, wherein the following steps are

carried out

A)

B)

C)

c1)

D)

gas-phase oxidation of propene by means of air over a heterogeneous
catalyst in the presence of a diluent gas in one reaction stage
providing an acrolein-containing gas stream

capture of the acrolein-containing gas stream from A} in a quenching
stage consisting of bottom, middle and top sections for separating off
by~products in the preéence of water and an organic phase containing
sparingly water-soluble organic solvent

capture of the acrolein-containing gas stream from the quenching
stage B) in an absorption stage consisting of bottom, middle and top
sections in the presence of water and an organic phase containing
sparingly water-soluble organic solvent to obtain an aqueous acrolein
solution which contains organic phase, and an incondensable gas
stream

at least partial recirculation of the incondensable gas stream from C)
as diluent gas to the reaction stage A)

separation of the acrolein by distillation from the agueous acrolein

solution which contains organic phase from C) in a distillation stage

where the remaining aqueous solution which contains organic phase and has

been freed of acrolein is discharged from the distiliation stage D) so as to form

an organic phase |l which is separated from the associated agueous fraction 1l

(phase separation I}, the organic phase 1l is introduced into the bottom section

of the quenching stage B) from which the organic phase Il is separated off

together with an aqueous fraction via the top section by distillation and/or

stripping so as to form an organic phase | which is separated from the

associated aqueous fraction | (phase separation 1) and introduced into the

bottom section of the absorption stage C).

Process according to Claim 1, characterized in that organic solvent which is

sparingly water-soluble is introduced continuously or intermittently to

supplement the organic phase at a suitable point in the process.
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Process according to Claim 2, characterized in that the organic solvent is
infroduced into the bottom section of the absorption stage and/or of the
distillation stage.

Process according to Claim 2 or 3, characterized in that an organic solvent
which has a boiling point at atmospheric pressure of from 150 to 230°C,
preferably from 170 {o 190°C, is used.

Process according to Claim 4, characterized in that a branched or unbranched
open-chain C6- to C10-alcohol, preferably 2-ethylhexanol, is used as organic
solvent.

Process according to Claim 2 or 3, characterized in that in a further amount of
from 0.05 to 1% by weight, preferably from 0.1 to 0.5% by weight, of organic
solvent, based on the amount of propene introduced into the reaction step A}, is
added, preference being given o addition of such an amount of organic solvent
that a constant content of organic phase is maintained.

Process according to any of Claims 1 {0 8, characterized in that the acrolein-
containing gas stream from A) goes at a temperature of 200-280°C, preferably
220-250°C, intc the botiom section of the corresponding step B).

Process according to any of Claims 1 to 7, characterized in that the temperature
at the bottom of the quenching stage B is set in the range from 80 1o 80°C at a
pressure in the top section of from 1.2 to 1.8 bar so that no separate organic

phase is present in the boltom section of the quenching stage B.

Process according to Claim 8, characterized in that the temperature at the
bottom of the guenching stage B is set by discharging a substream of the liquid
condensed there and, after appropriate cooling, feeding it back into the lower
third of the quenching stage B (lower pump circulation).

Process according to Claim 8, characterized in that a subsiream of the

discharged substream of the condensed liquid is removed from the process.

Process according to any of Claimis 1 fo 10, characterized in that a substream
of the condensate present in the top section of the quenching stage B is
discharged, preferably cooled to < 20°C and fed back into the top section of the

guenching stage B, as a result of which the acrolein-containing gas stream
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14,

18.

17.

18.

19.

21

coming in from the middle section of the quenching stage B is cooled and
further condensate is continually produced and this is recirculated as runback to

the middle section of the quenching stage (upper pump circulation).

Process according to Claim 11, characterized in that 2 substream of the
condensate is fed to the phase separation L.

Process according to any of Claims 1 to 12, characierized in that the phase
separation | is carried out at a temperature of from 8 to 60°C, praferably from 10
to 50°C, particularly preferably from 12 to 40°C.

Process according to any of Claims 1 {0 13, characterized in thal the phase
separation | is carried out with a residence time of from 0.5 fo 20 minutes,

preferably from 1 to 10 minutes.

Process according to any of Claims 11 io 14, characterized in that the aqueous
fraction | from the phase separation | is at least partly introduced into the

rurtback of the condensate produced.

. Process according to at least one of Claims 1 to 15, characterized in that the

aqueous solution (sorption solution) which has been discharged from the
distillation stage D and has bsen freed of acrolein and contains organic phase
is parily recirculated directly to the top section of the absorption stage C and the
remaining part is fed to the phase separation 1.

Process according o any of Claims 1 fo 16, characterized in that the phase
separation il is carried out at a temperature of from 10 to 80°C, preferably from
16 to 60°C, particularly preferably from 20 1o 40°C.

Process according to any of Claims 1 o 17, characterized in that the phase
separation Il is carried out with a residence fime of from 0.5 to 20 minutes,
preferably from 1 to 10 minutes.

Process according to any of Claims 1 fo 18, characterized in that the amount of
organic phase H infroduced info the quenching stage B) is from 0.1 to 3% by
weight, preferably from 0.2 to 1% by weight, based on the {otal amount of
propene introduced into the reaction stage A).
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22.
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Process according to any of Claims 1 to 18, characterized in that the agueous
fraction Hl from the phase separation il is partly reciroulated to the absorption
stage C), preferably to the top section-of the absorption stage, and a further
substream of the aqueous fraction Il is preferably discharged from the process.

. Process according 1o any of Claims 1 to 20, characterized in that the content of

organic phase in the sorption solution is from 0.1 fo 5% by weight, preferably
from 0.2 t0 3% by weight.

Process according to either Claim 16 or 21, characterized in that the sorplion
solution is introduced into the absorption stage C) at a temperature of 5 - 18°C,
preferably 6 - 12°C, and at a pressure In the top section of the absorption stage

‘C)inthe range from 1.1 10 1.7 bar.

Process according fo at least one of Claims 1 to 22, characterized in that the
guenching, absorption and/or distillation stages are each configured in the form
of a column.



