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one-third of the total benzene  1. The source of the hydrogen and cyclohex-
charge to the process. The resulting mixture is  are in line 3 is
hereinafter described. The re-            then cooled to a temperature of
about 204[err]  action of benzene to cyclohexane is exother-            C.,
prior to entering the second reaction zone.  mic and, once initiated at
elevated tempera-       5  Similarly, the effluent from  the second re-
ture, is self-sustaining; heater 4 is, therefore, 70           action  zone
is commingled  with approxi-  employed to increase the temperature of the
mately one-third of the total benzene charge  benzene - cyclohexane -
hydrogen mixture to           and is subsequently cooled to a temperature
the level desired at the inlet to the first of the    of about 204[err] C.
prior to entering the third  series of reaction zones, namely reactor 6.
10  reaction zone. The total effluent from  the  Thus, the heated charge
passes from heater 4  75           last reaction zone is passed into a high
pres-  through line 5 into reactor 6. Reactor 6 is           sure
separator, maintained at a temperature  maintained under an imposed
pressure within of about 38 C or less, wherein it is divided  the range  of
from  6.8  to  136  atmo-           into two phases. A hydrogen-rich gas
phase is  spheres  and  preferably  in  the  range       15  recovered, and
is subsequently recirculated to  of  from  20.4  to  68  atmospheres.  A
80           the first reaction zone as a portion of the  higher pressure
not only favors hydrogenation,           hydrogen necessary for the
reaction; a portion  but also tends to increase the degree of hydro-
of the liquid phase, being substantially pure  cracking with attendant coke
formation. The           cyclohexane, is recycled to the inlet of the
effluent from reactor 6 passes through line 7,       20  first reaction
zone. The remaining portion of  is combined in line 8 with a fresh benzene
85           the cyclohexane stream is passed to a stabi-  charge portion,
which is approximately equal           lizer for the purpose of removing
hydrogen  to the amount initially introduced to reactor
therefrom, which hydrogen may have been  6, and the mixture passes through
line 9 into           adsorbed by the cyclohexane in the high-pres-  cooler
10. As hereinbefore stated, the hydro-       25  sure separator. The
process of the present in-  genation reaction is exothermic, and therefore,
90           vention, when effected in accordance with the  the charge to
the second reactor in the series,           conditions stated herein, is
capable of produc-  reactor 12, must necessarily be cooled to the
ing a cyclohexane stream of greater than  desired inlet temperature prior
to being con-           99.5% purity for an extended period of time, tacted
with the catalyst disposed in the next       30  and without the need for
frequent, expensive  succeeding zone, reactor 12 The cooled mix- 95
shutdowns necessitated by a deactivated cata-  ture is passed through line
11 into reactor 12.           lyst. It is not unusual for the process of
the  The total effluent from  the latter passes           present invention
to result in a cyclohexane  through line 12 and is mixed with a quantity
product of as high as 99.85% purity, or of fresh benzene approximately
equal to that       35  higher.
initially introduced to reactor 6; the resultant 100              The
process of the present invention, for  mixture is passed through line 15,
cooler 16,           hydrogenating aromatic hydrocarbons to the  and line
17 into the third reactor in the series,           corresponding cyclic
paraffins and particularly  reactor 18.           the process for
hydrogenating benzene to yield   As indicated in the drawing, coolers 10
and       40  substantially pure cyclohexane is more fully  16 are integral
segments of a main intercooler 105           described with reference to
the accompanying  25. The illustrated flow of the intercooler sys-
drawing. The invention is not limited to the  tem is employed to facilitate
the necessary con-           particular embodiment illustrated. Miscellane-
trol of the inlet temperatures to reactors 12 and           ous valves,
coolers, heaters, and instrumenta-  18. The miscellaneous flow control
valves are       45  tion piping have been omitted from the illus-  not
indicated in the drawing since these, as 110           tration as not being
essential to the understand-  well as other intercooler systems would be
ing of the process flow described therein. obvious to one possessing
sufficient knowledge           Moreover, various simplified modifications
of  of the utilization of these temperature control-           the
illustrated flow  may be made without  ling methods. Suffice is to say that
a suitable       50  departing from the scope of the invention as  heat
exchange medium, such as water, passes 115           defined by the
appended claims. The illustra-  from intercooler 25 through a common line
tion is given for the purpose of indicating a  26 and is distributed, in
accordance with tem-           preferred mode of operation, and one which
perature controlling restrictions, through line           yields the
desired end result in a most advan-  29 into cooler 10, and through line 27
into       55  tageous manner.                                cooler 16.
The cooling medium is then re- 120              A stream  of the aromatic
hydrocarbon,  directed to intercooler 25 through lines 28 and
which in the present illustration is benzene, is  30 respectively.
passed from a suitable storage tank 1 through    The product effluent from
reator 18 is re-           line 2 and is admixed with recycled hydrogen
moved through line 19 and introduced into a       60  and cyclohexane in
line 3 prior to being intro-  high-pressure separator 20.  Separator 20 is
125           duced into heater 4. The cyclohexane is pre-  operated at a
pressure level slightly below that           sent in an amount to provide a
mol ratio, with  of reactor 18, which in turn is at a pressure
respect to the total quantity of benzene pass-  slightly below that of
reactor 12. The slight           ing in parallel flow to reactors 6, 12 and
16, pressure drop through the reactor system, in-       65  within the
range of about 0.5: 1 to about 5:  cluding separator 20, is an inherent
result of 130
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therethrough. In all cases, however,  from any suitable source thereof
catalytic re-          the reactor system will operate at the preferred
forming processes produce large quantities of          pressure in the
range of from 20A to 68 atmo-  a highly concentrated, hydrogen-rich gas
stream,          spheres and still more preferably at the lower  and thus
are one of the more suitable sources      5  limits thereof. Separator 20
is operated at  of make-up hydrogen for use in the instant 70
approximately room temperature, or below, in process, the hydrogen
concentration thereof          order to provide an equilibrium,
low-tempera-  being in excess of about 80%  by volume.          ture flash
chamber whereby normally gaseous  Such hydrogen-rich stream is introduced
to the          components may be removed through line 22, present process
by way of line 33 into amine      10  while the liquid product effluent is
removed  scrubber 34. The amine scrubber is employed  75          through
line 21. A portion of the liquid pro-  for the purpose of removing hydrogen
sulfide          duct in line 21 is recycled through line 3 to  and at
least a portion of the light paraffinic          commingle with fresh
benzene charge from   hydrocarbons, contaminating  the  make-up
line 2. Prior to being commingled with ben-  hydrogen supplied through line
33. Any suit-      15  zene, the cyclohexane liquid product is ad-  able
liquid adsorbent may be employed in  80           mixed with compressed
recycle hydrogen in  amine scrubber 34. Diethanolamine is a pre-
line 52; the source of the latter is hereinafter  ferred liquid adsorbent
from  the standpoint           described in greater detail. The hydrogen is
of its ability to remove the hydrogen sulfide,           introduced into
the system via line 52, in such  and the relative ease with which the
adsorbed      20  an amount that a mol ratio of hydrogen to  gases may be
subsequently removed therefrom   85           C[err]-hydrocarbons in excess
of about 4:1 is  to permit the regeneration thereof. The hydro-
maintained in the effluent from reactor 18.   gen sulfide-containing
diethanolamine is re-             The remainder of the cyclohexane liquid
moved through line 36 to a suitable amine re-           product is
introduced via line 53 into stabilizer  covery system. The " clean " amine
is subse-      25  54. Stabilizer 54 is operated at conditions  quently
returned to the upper portion of amine  90           which enable the
withdrawal of substantially  scrubber 34 through line 35.           pure
cyclohexane from  the bottom  portion    The scrubbed hydrogen stream,
substan-           thereof, through line 55. When present, light  tially
reduced in hydrogen sulfide concentra-           paraffinic hydrocarbons,
including pentanes,  tion, enters the bottom portion of a lean oil      30
butanes and propane, and adsorbed hydrogen  absorber 38, via line 37. At
approximately  95           are removed from the upper portion of stabi-
midway in lean oil absorber 38 there is a           lizer 54 through line
56 and are introduced  centerwell 61 below which lean oil, being a
into receiver 57 for the purpose of providing  suitable hydrocarbon
fraction boiling within           a light hydrocarbon reflux through line
58  the range of about 149[err] C. to about 260[err] C,      35  into
stabilizer 54. The excess light hydrocar-  enters the absorber via line 39.
In the bottom  100           bons are removed from receiver 57 through
portion of absorber 38, that is, the section be-           line 59 for use
as fuel or other purposes. The  low  centerwell 61, the hydrogen stream  is
uncondensed hydrogen and lighter paraffins,  countercurrently contacted by
the lean oil enter-           consisting of methane and ethane are removed
ing through line 39, and the latter absorbs      40  from receiver 57
through line 60, and may  light paraffinic hydrocarbons from the hydro- 105
either be vented to the atmosphere, or subse-  gen stream, leaving the
absorber via line 40           quently employed as fuel.
and entering the upper portion of lean oil             The normally gaseous
material separated in  stripper 43. The lean oil stripper is operated
high pressure separator 20 is removed through  such that the hydrocarbon
oil, containing light      45  line 22 and line 32 into caustic wash column
paraffinic hydrocarbons, is effectively distilled 110           45. In
order to control the quantity of methane  as it passes downward through the
column.           and ethene being maintained within the system   The
bottoms product leaving through line 39,           and continuously
recycled, line 22 is provided  being substantially free from the light
paraf-           with vent line 23 containing a pressure control finic
hydrocarbons (methane, ethane and pro-       50  valve 24. The overall
operation of the hydro-  pane) which are removed from the top, of the 115
genation process of the present invention is  column through line 44, is
passed to absorber facilitated by venting a sufficient quantity of  38,
being introduced just below centerwell 61. gas through line 23 to maintain
the concentra-  Above centerwell 61, a stream of benzene is           tion
of methane and ethane within the recycle  employed to strip any of the
heavy hydrocar-      55  gas at the level at which these substances are
bon fraction, employed as the lean-oil absor- 120           introduced to
the process, thereby preventing  bent, which might be entrained by the
hydro-           an abnormal build-up of these gaseous consti-  gen passing
upward through absorber 38. The           tuents. Control valve 24 also
serves to control  benzene is introduced via line 41, and the ben-
the pressure on the reaction zones at the de-  zene plus absorbed lean oil
is removed via line       60  sired level.
42. The lean oil-containing benzene may be 125              Since the
hydrogenation of aromatic hydro-  sent to a lean oil recovery unit from
which the           carbons to the corresponding cyclic poraffins  benzene
and  the  lean  oil are  separ-           involves the consumption of three
mols of  ately recovered with return of the lean oil to           hydrogen
per mol of aromatic hydrocarbon, the absorber 38 via line 39. The hydrogen
65  make-up hydrogen is introduced to the system  stream leaving absorber
38 via line 21, being 130             6
904,732     substantially free from hydrogen sulfide and  to be formed in
the reaction zones.     the light paraffinic hydrocarbons, is combined
Since all of the hydrogen-rich gas stream, 65     in line 22 with the gas
from the high pressure  passing through the plurality of reaction zones
separator 20 and the resulting mixture enters  in series flow, being a
mixture of makeup 5  the bottom of caustic wash column 45 via line
hydrogen from a suitable outside source and     line 32. The caustic wash
column contains a  excess hydrogen from the high-pressure separa-
centerwell 62, below which sodium hydroxide,  tor, is subjected to a
caustic-washing treatment 70     or other suitable alkaline material,
enters  (to remove substantially all of the hydrogen     through line 46
for the purpose of further  sulfide therefrom) followed by a water-washing
10  removing any residual hydrogen sulfide, light  treatment (to remove
entrained caustic), the     paraffinic hydrocarbons and diethanolamine
hydrogen is necessarily saturated with water     It should be noted that
the hydrogen - rich  as it leaves the caustic-wash column. Through  75
gas stream from high pressure separator 20,  the utilization of the
catalyst and process flow     in line 22, is a portion of the total gas
stream   of the present invention, at the operating con- 15  being
introduced to caustic wash column 45. As  ditions stated herein, there is
no need to re-     hereinbefore stated, the utilization of the plati-  move
the water from the hydrogen-rich gas     num-containing catalyst permits
the use of  stream. Thus, with reference again to the  80     elevated
temperatures in reaction zones 6, 12  accompanying drawing, the water -
saturated,     and 18, whereby hydrogen sulfide is produced  hydrogen-rich
gas stream leaving caustic wash 20  by the reversibility of the chemical
reaction:  column 45 via line 50, passes directly through
compressor 51 into line 52. Without interrup-
Pt+H[err]S[err]<=>PtS[err]+H[err]          (2)    tion, this
water-saturated gas stream mixes with  85
recycle cyclohexane in line 3 and is transmitted     This hydrogen sulfide,
in addition to hydrogen,  directly through heater 4 after being mixed
forms the greater portion of the gaseous phase  with fresh benzene charge
in line 2 Compres-     leaving separator 20. The removal of the hydro-  sor
51 normally operates at a temperature 25  gen sulfide from this gas phase,
in caustic wash  within the range of about 15.6[err] C. to a level 90
column 45, constitutes an important feature of  not substantially in excess
of 38 C. Compres-     the present invention, whereby the hydrogena-  sor 51
is further operated to discharge at a     tion reaction may be effected in
the presence  pressure slightly above the operating pressure     of only
that hydrogen sulfide which results  maintained on reaction zones 6, 12 and
18. 30  from  the sulfurous compounds entering the  This slightly increased
pressure takes into  95     process from benzene storage 1 via lines 2, 8
account the inherent pressure drop through the     and 14. As the caustic
becomes "spent" or  plurality of reaction zones, the high pressure
incapable of effectively washing the hydrogen-  separator, and the caustic
wash column. At     rich gas stream, it may be removed from the  these
conditions, the hydrogen-rich gas stream 35  system via line 47. Above
centerwell 62, caus-  entering the reaction zones in series flow, may 100
tic wash column 45 is provided with water in-  be water-saturated to a
level of as great as     let 48 and water outlet 49; the water serves to
about 0.2 mol per cent. In addition to the     remove entrained sodium
hydroxide or other  water entering the plurality of reaction zones as
caustic material from the hydrogen passing up-  a result of the subjection
of the hydrogen to a 40  wardly through centerwell 62. The resulting
caustic washing treatment (followed by water 105     water-saturated,
hydrogen stream  is removed  washing to remove entrained caustic), a sig-
from column 45 via line 50 to the suction side  nificant quantity of water
is often encountered     of compressor 51. Compressor 51 discharges  in the
aromatic hydrocarbon stream  being     the hydrogen stream at a pressure of
from 6.8  charged. Therefore, the total quantity of water 45  to 136
atmospheres and a temperature of  present during the hydrogenation to
produce 110     about 38[err] C. or less via line 52, into the cyclo-  the
cyclic paraffin, may range as high as 1.0     hexane-recyde line 3 and is
ultimately com-  mol per cent, based upon the total quantity of     mingled
with fresh benzene in line 2 prior to  aromatic hydrocarbon. As hereinafter
indicated,     being heated to the desired inlet temperature  the process,
and catalyst, of this invention 50  of reaction zone 6. The hydrogen to
hydrocar-  appears to be unaffected by unusually large 115     bon mol
ratio is calculated on the basis of the  concentrations of sulfur when
effected in the     quantity of C[err] hydrocarbons in the product
presence of water up to a level of about 1.0     effluent from reactor 18;
that is, the hydrogen  mol per cent. This rather unexpected result     is
recycled via compressor 51 at a rate to pro-  indicates the distinct
advantage of providing a 55  vide a mol ratio not substantially less than
successful hydrogenation process without the 120      four mols of hydrogen
to one mol of C[err]-hydro-  necessity of removing those components (sul-
carbons in the product effluent from reactor  fur and water), which are
generally considered      18. The excessive quantity of hydrogen assures
to be effective deactivating agents of noble      an adequate supply of
hydrogen to effect the  metal-containing catalysts. 60  hydrogenation of
the benzene, facilitates the    As above set forth, hydrogen sulfide is
sub- 125      control of the inlet temperature to reactor 6,  stantially
completely removed from the hydro-      and inhibits, or significantly
reduces, the ten-  gen recycle stream in order that the catalyst      dency
for coke and other carbonaceous material  disposed in the various reaction
zones is con-
904,732             tacted only with that hydrogen sulfide resulting  they
preferably will be present in a concentra-             from the reaction of
the sulfurous compound  tion within the range of from about 0.01%
contaminating the fresh benzene charge. The  to about 0.7%  by weight,
calculated as the             hydrogenation of benzene to cyclohexane is,
element thereof.  The  refractory  inorganic        5  therefore, effected
in the presence of not more  oxide, for use as the carrier material for the
70            than about 3.0 ppm. of sulfur, calculated as the
catalytically active metallic components, com-            element thereof.
As the stated operating con-  prises an alumina-containing material. The
ditions, and in the presence of the water-satur-  utilization of other
refractory inorganic oxides,            ated hydrogen gas stream, the noble
metal-  in conjunction with the alumina, is generally        10  containing
catalyst of the present invention is  dependent upon the desire to impart
thereto  75            sulfur tolerant; the catalyst of the present in-
desired physical and/or chemical to characteris- vention will not,
therefore, rapidly deactivate  tics. Thus, minor quantities of silica,
titania,            as a direct result of sulfur within the range of
zirconia or boria may be utilized in combina-            about 0.1 ppm. to
about 3.0 ppm.              tion with the alumina without removing the
15    The process of the present invention makes  resulting catalytic
composite from scope  80 use of an alumina-containing refractory in-  of
the present invention.           organic oxide carrier material with which
is    The catalyst for use in the present process           composited a
platinum group metal component  may be prepared in any suitable manner. In
and an alkali metal and/or alkaline - earth  general, alumina will be
prepared by reacting       20  metal component. It is understood that the
a suitable alkaline reagent such as for example, 85           platinum
group metal and/or other metal com-  ammonium hydroxide or ammonium
carbonate           ponent may be present either as the element,  with a
salt of aluminum such as, for example,           or as a chemical compound,
or in physical asso-  aluminum chloride, aluminum  sulfate, alum-
ciation with the other catalytic components.  inum  nitrate. The substances
are intimately      25  The platinum group metal may be present as  admixed
under conditions which form alum-  90           such, or as a chemical
compound or in physi-  inum hydroxide which, upon subsequent heat-
cal association with the refractory inorganic  ing and drying, will form
alumina. In those           oxide, or with the alkali metal, for example,
instances where it is desired to incorporate           or in combination
with both.  Similarly, the  one or more other refractory inorganic oxides
30  alkali metal may be present as such, or as a  with the alumina, the
same may be accom-  95          chemical compound, or in physical
association  plished through any suitable means including          with the
refractory inorganic oxide, the noble  separate,  successive   or
co-precipitation          metal or in combination with both. Under
methods. Similarly, a halogen compound may          certain processing
conditions peculiar to the  be introduced into the catalyst, and this may
35  hydrogenation of a particular aromatic com-  be done either before or
after the formation of 100          pound, or of a particular mixture of
aromatic  the alumina; the halogen preferably is added          compounds,
the catalyst of the present inven-  in the form  of an aqueous solution of
the          tion may contain halogen. When employed, the  hydrogen halide,
or as a volatile salt thereof,          halogen, selected from the group of
fluorine  such as ammonium chloride and/or ammonium     40  and chlorine,
is thought to be present in a par-  fluoride. The manufacturing  procedure
is 105          ticular chemical combination with the refrac-  facilitated
when the halogen and other com-          tory inorganic oxide, the
platinum, and/or the  ponents are combined prior to the addition
alkali metal. The platinum group metal may  thereto of the platinum group
metal compon-          be, for example, platinum, palladium, ruthen-  ent,
such as platinum, The platinum compon-     45  ium or rhodium. It appears
that the utilization  ent is composited in any suitable manner, and  110
of either platinum   and/or palladium   yields  generally by way of an
impregnating procedure         more advantageou results, and these platinum
wherein a water-soluble platinum  compound         group metals are,
therefore, preferred.  In  is employed.  Suitable platinum   compounds
general, the platinum group metal component are, for example,
chloroplatinic acid, platinic   50  will be utilized in a concentration of
from, chloride, and platinous chloride.  The alkali 115         about 0.1%
to about 2%   by weight of the  metal, or alkaline-earth metal, component
is         final catalyst, calculated as the element there-  added as an
aqueous solution of a suitable salt         of, and preferably is not more
than 1% by  thereof, and thus may comprise a chloride,         weight.  The
alkali metal and/or alkaline-  sulfate, or nitrate, of lithinum, sodium,
calcium,    55  earth metal component, such as for example  rubidium,
magnesium,  strontium,  and/or 120        cesium, lithium, rubidium  sodium
calcium,  cesium. It is understood that the halogen, plati-        barium
and/or strontium, will be employed in  num, alkali metal and/or
alkaline-earth metal        a concentration of generally not more than
component may be added to the aluminum        5.0%  by weight of the
catalyst; in order to  hydroxide or alumina in any manner, and at   60
achieve the proper balance between inhibiting  any step of the catalyst
preparation as desired  125        the occurrence of side reactions, and
impart-  It is generally advisable to introduce the plati-        ing the
desired degree of stability to the noble  num  or other platinum  group
metal at a later        metal-containing  catalyst, it is preferred  to
step of the catalyst preparation in order that        employ the alkali and
alkaline-earth metals in  this relatively expensive metallic component   65
significantly lower concentrations. Therefore,  will not be lost due to
subsequent processing  130
904,732     in the washing and purification treatments.    of total benzene
charged per hour per volume        After all of the catalytic components
have  of total catalyst; this quantity of catalyst is     been composited,
the catalyst will generally  considered as if it were disposed in a single
be dried at a temperature within the range of  reaction zone and as if the
total benzene charge 5  about 38[err] to about 149[err] C., for a period of
were passed therethrough, Substantially pure  70     from about 2 to about
24 hours Rapid drying  cyclohexane is recycled in an amount which     is to
be avoided since the sudden evolution of  provides a mol ratio of
cyclohexane, passing to     gas will cause the catalyst particles to
rupture  the inlet of the first reaction zone in the plur-     and
otherwise become strained. Following the  ality of reaction zones, to the
total fresh ben- 10  drying of the catalyst, it is subjected to a cal-
zene charge which passes in parallel flow to  75     cination treatment at
a temperature of from  said reaction zones, within the range of about
about 427[err] C. to about 593[err] C., for a period  0.5: 1 to about 5: 1
As hereinbefore stated,     of from about 2 to about 12 hours, and in an
through the utilization of the catalyst and     atmosphere of air.
operating conditions of the present invention, 15    During the
hydrogenation in a plurality of  this process will produce large volumetric
80     reaction zones the inlet temperature to each  yields of cyclohexane
of at least 99.5% purity,     reaction zone will generally be at least
93[err] C   and will continue to do so over an extended     and such that
the outlet temperature is within  period of time, thereby eliminating the
need     the range of from 204[err] C. to 427[err] C. and  for a frequent
shutdown due to a required 20  preferably does not exceed 371[err] C. The
pre-  change and/or regeneration of the catalyst. It 85     sent process
may be effected in reaction zones  is not unusual for the process of the
present     so designed that little or no temperature in-  invention to
constantly produce a cyclohexane     crease takes place and the outlet
temperature  stream of 99.85% purity.     will be effectively the same as
the inlet tem-   The following example is given to illus- 25  perature. To
further fadilitate the control of  trate further the novelty and utility of
the  90     the hydrogenation reaction, we have found it  present
invention, and also to indicate the bene-     beneficial to maintain the
inlet temperatures  fits to  be afforded through the utilization     of the
reaction zones at a relatively high, but  thereof. It is not intended that
the illustrative     intermediate level as at least about 149[err] C.
example be considered as limiting the present 30  The utilization of these
relatively high tem-  invention to the concentrations, reagents, and/  95
peratures, as hereinbefore set forth, favors re-  or conditions employed
therein, The catalyst     versal of the reaction which ties up platinum
employed within the example made use of a     through the formation of
platinum sulfide, and  halogen-free alumina carrier material. Plati-
the resulting hydrogen sulfide is readily re-  num was incorporated as the
platinum group 35  moved from the system.  The utilization of  metal in an
amount of 0.75% by weight, and 100     cyclohexane recycle simplifies the
control of  lithium was added thereto in an amount of     the outlet
temperature, as well as the " peak "  0.274%  by weight. The carrier
material was     temperature within the catalyst disposed with-  prepared
by the reaction of ammonium hydrox-     in the reaction zone.
ide with aluminum chloride to form aluminum 40    Although the pressure
imposed on the re-  hydroxide. Following formation into spherical 105
action zones is generally within the range of  particles, the alumina, was
dried, and calcined     about 6.8 to 136 atmospheres, it is advantage-  at
an elevated temperature of about 482[err] C.     ous to utilize pressures
in the intermediate  The incorporation of the platinum and lithium
range of from about 20.4 to about 68 atmo-  involved the simultaneous
impregnation of the 45  spheres. Higher pressures promote the hydro-
resulting spheres of activated alumina with a 110     genation of the
aromatic nuclei, but likewise  single aqueous impregnating solution of
lithium     increase the degree of hydrocracking and ring-  hydroxide and
chloro-platinic acid in amounts     opening  whereby  low  molecular
weight,  sufficient to yield the indicated quantities of     straight-chain
paraffinic  hydrocarbons  are  the metals, namely 0.274% lithium and 0.75%
50  formed, The formation of such light hydro-  platinum by weight of the
final catalyst. The 115     carbons necessarily results in a decrease of
the  impregnated spherical particles were then dried     liquid volumetric
yield of cyclohexane. The  over a water bath at about 99[err] C[err], and
subse-     utilization of the intermediate pressure, from   quently
calcined for a period of 5 hours at a     about 20.4 to about 68
atmospheres, when con-  temperature of about 500err] C., and in an 55
sidered in conjunction with the various other  atmosphere of air.
120     preferred conditions hereinbefore and herein-     after set forth,
tends to increase the overall             EXAMPLE     efficiency of the
hydrogenation process in pro  The operation herein described covers a
ducing large volumetric yields of substantially  total period of about 840
hours, and was con- 60  pure cycloparaffinic hydrocarbons.         ducted,
in its entirety, utilizing a single re       The liquid hourly space
velocity, in regard  action zone fabricated from Type 316 stain- 125     to
the fresh benzene charge, at which this  less steel. The reaction zone
interior was de-     process is operated, is within the range of  signed to
permit a loading of the alumina-     from about 1.0 to about 5.0. Liquid
hourly  platinum-lithium  catalyst which might vary, 65  space velocity is
herein defined as the volumes  from operation to operation, in an amount
from                                                               904,732
9                about 25 cc. to about 100 cc. The reactor was  charge was
maintained at about 245 cc/hour,                equipped with a centrally
located thermocouple  and a vent gas stream was constantly removed,
well, to facilitate a temperature recording at  via a  pressure control
valve, to control and                the inlet, cutlet and various
intermediate points  inhibit the build up of nitrogen, carbon di-
5  within the catalyst bed.  Spiral inner-beaten  oxide and light
paraffinid hydrocarbons which  70               were employed above the
catalyst in order to  may have been present within the make - up
obtain the even distribution of heat which was  hydrogen stream.  The vent
gas averaged               supplied over the entire length of the reactor
slightly more than 14.16 normal liters per hour          by means of bronze
block heaters insulated  over the entire period of the operation. Unless
10  against the atmnosphere.                      otherwise hereinafter
stated, the foregoing con-  75                The total effluent, from the
reaction zone,  ditions were maintained at the indicated levels
was passed into a high - pressure separator throughout the entire period of
operation.              maintained at essentially 13 C, from which
During virtually all of the operation        the cyclohexane liquid product
was withdrawn        15  to a debutanizing column. The debutanizer re-
recycle gas inclusive of fresh make-up hydro-                          gen,
was passed  through  a  high-surface sodium  80             moved any light
paraffinic hydrocarbons which       bed under pressure, in order to remove
hydro-             may have been introduced into the system along gen
sulfide and to maintain a comparatively  with make-up hydrogn from the
outside  dry recycle gas system. In those portions of             source,
and produced a substantially pure the operation where it was desirable to
either        20  cyclohexane stream upon which analyses could  simulate a
"wet" or water saturated condi- 85             be made and which would
approximate very   tion, characteristic of the caustic-wash column
closely the product which might be expected  employed commercially, or to
approximate the             from a commercial size operatioan. The hydro-
effect of a water - saturated fresh benzene             gen make-up was
obtained from, standard high-  charge, characteristic of the indicated
commer-        25  pressure cylinders, and was mixed with the  cial benzene
- cyclohexane feed ratio, a water-            hydrogen-rich gas removed
from  the high-  saturator was employed  downstream  of the
pressure product separator. The unit was pro- high-surface sodium bed. The
temperature of            vided with scrubbers for removing hydrogen  the
water-suturator was varied in order to            sulfide and water from
the hydrogen-rich gas  achieve a designated water input to the re-       30
stream. The liquid charge to the reactor was a  action zone; the saturator
operated at full re-           mixture of 25%  by volume benzene and 75%
action zone pressure  on the total recycle by volume cyclohexane. The
liquid charge  system.           was passed through a suitable drier,
contain-    Perhaps the most pertinent period of oper-       ing silica
gel, and was combined with the  ation, from the standpoint of illustrating
the       35  hydrogen - sulfide free gas stream prior to  benefits
afforded through the utilization of 100           entering  the  reaction
zone. For the purposes  the process of the present invention  is that
of observing the effect of hydrogen sulfide  portion effected from 508 to
557 hours of on-           and/or water upon the platinum  - lithium
stream time. This portion of the operation was           catalyst, and
upon the reaction  promoted  effected with 1.9 ppm. (by weight) of total
40  thereby, provisions were made whereby the  sulfur in the benzene
portion of the feed. Other 105          scrubbers and driers could be
by-passed. In  conditions of operation were maintained at the          this
manner, thiophenic compounds, mercap-  levels already indicated above; the
inlet tem-          tans, and compounds which formed water  perature to the
catalyst was maintained at     under the  reaction zone condition, could be
225[err] C. by controlling the bronze block heater     45  added to the
cyclohexane - benzene liquid  at a temperatur sufficient to yield this
cata- 110          charge in any desired, controlled quantities.   lyst
inlet temperature. The outlet temperature            The conditions
relevant to the hydrogena- was virtually constant at 258[err] C., and the
tion being effected within the reaction zone  " peak" catalyst tmeperature
was found to be   were, a liquid hourly space velocity (defined as  32[err]
C.     50  volumes of liquid charge per hour, per volume   The benzene
charge was an extraction-grade  115         of catalyst disposed within the
reaction zone)  benzene having a freeze point of 5.46[err] C         of
1.75, based upon fresh benzene charge  indicating a benzene purity of 99.89
mol per         only. Cyclohexane was admixed  with the  cent. The sulfur
content of the benzene charge,         benzene in a molar amount of 3: 1,
thereby  as determined by the nickel reduction method,    55  yielding an
overall liquid hourly space velocity  was 0.9 ppm. The thiophene content
was de- 120    of 7.0. The catalyst was loaded in a bed of  termined at 0.3
ppm.; sulfur was added, as        35 cc., and maintained under an imposed
tertiary butyl mercaptn and thiophene sulfur,        hydrogen pressure of
27.2 atmospheres; hydro-  to raise the total sulfur level to 1.9 ppm.  The
gen, being a mixture of make-up hydrogen and water conent of the benzene
was 0.2 mol per        hydrogen-rich gas from the high-pressure pro- cent,
a value characteristic of saturation at 21[err]     duct separator, was
circulated by a compressor C. By operating the water-saturator for the
in an amount of about 269 normal liters per  hydrogen at 10[err]  C., the
total water content of       hour, or at a hydrogen to hydrocarbon mol  the
reactor feed was increased to a level of       ratio of 5: 1, based upon
the total liquid feed  0.27 mol per cent based on the to benzene-   65  to
the reactor.  The benzene - cyclohexan   cyclohexance charge to the
reactor. This value 130            10
904,732      is slightly in excess of the 020 mol per cent  cyclohexane.
which is expected as a result of the utilization    The results obtained
during the foregoing      of the caustic-wash column described further
period of operation, 508 to 557 hours, are  20      above. This increased
water content is not  indicated in the following Table l. The results 5
thought to affect the reliability of the data  are given for both the total
product effluent,     obtained: on the contrary, it illustrates the  minus,
of course, the hydrogen-rich gas, and     unexpectedness of the extremely
beneficial re-  for the debutanized product effluent. Debuta-     sults
obtained through the use of the present  nization was effected for the
purpose of re- 25     process. Generally, water in amounts even as  jecting
approximately 0.3 volume per cent 10  high as 0.05 mol per cent is
considered as a  butane which was present as a result of charge
hydrocracking promoter. As such, its inclusion  stock contamination in
pressure tanks; the     in the reaction zone atmosphere of the present
butanes were not produced, as such, within the     process would have been
expected to effect the  process. The indicated trace quantity of pen- 30
highly undesirable hydrocracking and ring-  tane was probably from the same
source, as 15  opening reactions which would effectively de-  other product
analyses failed to show pentanes     feat the object of this invention to
produce  in the liquid product effluent.     large volumetric yields of
substantially pure                                            TABLE I
Product Composition *
As-produced     Debutanized                  Benzene Content, Weight-%**
0.022           0.021                  Hydrocarbon Composition, vol. %[err]
Isobutane                          0.003                    Normal Butane
0.307           0.007                    Isopentane
0.002                    Normal Pentane                     0.007
Normal Hexane                      0.045           0.046
Methylcyclopentane                0.016            0.016
Cyclohexane + Benzene            99.962           99.931
Total               100.0            100.0                  Freeze Point,
[err]C.               5.57             6.15                  Cyclohexane
Purity, vol. %                    By Analysis                      99.60
99.91                   By Freeze Point Determination    99.59
99.83                   * Sample taken during the period of operation
between 518 to 557                   hours on stream.                 ** As
determined by Ultra-Violet analysis.                 As determined by
Gas-Liquid Chromatography. 35    At the outset of the operation (0 to 32
catalyst temperature -and a steadily increasing     hours), the unit was
operated with 1.9 ppm  concentration of benzene in the liquid product
total sulfur in the benzene charge at an inlet  effluent. Taken together,
these items indicate     temperature of about 150. C. A rapid deacti-  a
loss in catalytic activity and selectivity for     vation rate was observed
over this period, as  effecting the hydrogenation of benzene to cyclo- 40
indicated by a constantly decreasing "peak"  hexane. During the period of
32-to 80 hours,                        with the continued use of 1.9 ppm.
of total be noted that the total sulfur content of the    sulfur, the inlet
catalyst temperature was in-  benzene - cyclohexane charge was maintained
creased to about 178[err] C. The benzene con-  at the high level of 1.9 ppm
At 317 hours,              centration in the liquid product effluent ap-
the benzene concentration of the liquid product           5  peared to line
out at a level of 0.02 mol per  effluent had already decreased to a level
of 70               cent, and the "peak" catalyst temperature  0.0012 mol
per cent. At 366 hours and 386               remained effectively constant
at about 327[err] C   hours, the benzene concentration in the pro-    This
indicates a cessation of the rapid catalyst  duct effluent had returned to
the more desir-           activity decline which was observed during the
able level of 0.0010 (ppm.) and 0.0007 mol           10  initial 32 hours
of operation. From 80 to 175  per cent (7 ppm.) respectively.      75
hours, the sulfur content was decreased to a   During the period of 391 to
458 hours, the        level of  1.2 ppm., and water was present in  inlet
catalyst temperature was decreased to a     an  amount of 0.02 mol per
cent. The inlet  level of 160[err] C. At the same time, the water
catalyst temperature was increased to  a  concentration was increased to a
level of           15  level  of  about  200[err] C.,  during  this  about
0.95 mol per cent, while the sulfur con- 80         period. Unexpectedly,
however, the "peak"  centration was maintained at 1.9 ppm. The
catalyst temperature remained constant at  almost immediate result was a
decrease in the                about 323[err] C., not substantially
changing  "peak" catalyst bed temperature to a level of                from
the  previous  level. The  benzene  about 300[err] C. Of greater
significance was the    20  content of the liquid product effluent, as
fact that the benzene concentration in the  85                 determined
by Ultra-Violet analysis, appeared  cyclohexance product increased to a
level of                 to line out at the comparatively low level of
0.13 mol per cent (1300 ppm.) This value is                 0.0002 mol per
cent (2.0 ppm.). During the  significantly in excess of that which can be
period of 175 to 208 hours, the sulfur con-  tolerated by present day
processes utlizing sub-             25  centration was increased to 1.6
ppm., the water  stantially pure cycloparaffinic hydrocarbons, 90
to a level of 0.04 mol per cent, and the inlet  and especially
substantially pure cyclohexance                 catalyst temperature was
raised to about 210[err]  From 458 hours to 508 hours of on-stream
C. The overall effect of this change in condi-  operation, the catalyst
inlet temperature was                 tions was virtually nil; the " peak "
catalyst increased to a level of 225[err] C. and was accom-             30
temperature remained at 323[err] C. and the  panied by an increase in the
"peak" catalyst 95                  benzene content of the liquid product
was con-  temperature to a level of about 322[err] C. It is
tinually within the range of 0.0002 (2.0 ppm.  significant that during this
period operation,                  to 0.0004 mol per cent (4.0 ppm.). Up to
this  the sulfur level was maintained at 1.9 ppm                  point in
the operation, the hydrogen sulfide and the water concentration at the
elevated              35  was constantly being removed from the hydro-
level of 0.95.mol per cent. These relatively  100                  gen-rich
recycle gas stream.                 large quantities of contaminants did
not appear                     A demonstration of the effect of removing
to effect the overall operation of the process,                  the
recycle gas scrubber was obtained during  for the benzene concentration in
the cyclohex-                  the period of operation from about 209 to
302  ane product virtually immediately decreased to              40  hours,
During this period, the sulfur concen-  a level of about 0.038 mol per cent
at 477 105                   tration was again increased to a level of 1.9
hours, and further decreased to a level of                   ppm. This was
accomplished through the addi-  about 0.030 at 508 hours. The operating
con-                   tion of both thiopheoic sulfur and tertiary
ditions, and the results of the analyses per-                   butyl
mercaptan to the benzene-cyclohexane  formed upon the liquid product
effluent, dur-               45  charge. A slow, but continued deactivation
ing the period of opertion from 508 hours to 110                   appeared
to be the net result, as indicated by  557 hours have been set forth above
and indi-                   the following at 205 hours, the benzene con-
cated in Table I.                   tent of the product effluent had been
0.004    During the period of operation encompassed                   mol
per cent; at 220 hours, the benzene con- by 557 hours to 622 hours, the
process was               50  centration had increased to a level of 0.0006
operated utilizing a substantially dry liquid 115                    mol
per cent; at 225 hours, the benzene con-  charge as well as a substantially
dry recycle-                    centration was 0.0009 mol per cent; a
benzene  hydrogen stream, the sulfur contamination in-
concentration of 0.0019 mol per cent was ob-  creasing to 3.0 ppm. A slow
but steady in-                    served at 252 hours; at about 277 hours
of  crease in the benzene concentratiot in the                55
operation, the benzene concentration had in-  cyclohexane product was
observed; from the 120                   creased to a level of 0.0039 mol
per cent; at  previous level of about 0.02 mol per cent, the
292 hours and 296 hours respectively, the ben-  benzene concentration
steadily increased to a                     zene concentration had
increased to a level of  level of about 0.16 mol per cent at 622 hours.
0.016 and 0.025 mol per cent. A special two  At this stage of the operation
the liquid charge                60  hour sample taken between 300 and 302
hours  was removed from the process, and the catalyst 125
of operation, indicated a benzene concentration  treated with a relatively
dry hdrogen steam                     in the liquid product effluent of
0.031 mol per  at a temperature of 500[err] C.  Following this
cent. A reintroduction of the recycle gas scrub-  hydrogen treatment, the
process was placed                     ber, at 302 hours on stream,
resulted in a   back on stream, and five hours thereafter a
65  reversal of this deactivation trend. It should  sample of the
cyclohexane product was taken 130            12
904,732      for benzene determination. The benzene con-    It should be
noted that the latter period of      centration was found to be 0.005 mol
per cent  operation, from 557 hours to 820 hours, was  is      However, ten
hours late a second sample of  effected with a substantially dry system.
The  35      the cyclohexane product indicated a substantial  obvious
effect, that of a substantial increase in 5  increase in the benzene
concentration to a level the benzene concentration of the cyclohexane
of 0.027 mol per cent. This relatively high  product, is immediately
ascertained as the sul-     level, or increase in benzene concentration in
fur concentration is increased from L5 ppm.     the cyclohexane product was
observed during  to a level of 3.0 ppm, and subsequently de- 40     the
entire period to 675 hours of operation. At  creased to a level of 1.5 ppm.
Operating with 10  675 hours, the sulfur concentration was de-  a
relatively high sulphur concentration, and in     creased from 3.0 ppm. to
1.5 ppm. The was  the absence of the water - saturated recycle     noticed
an almost immediate decrease in the  hydrogen, has indicated the necessity
of cata-     benzene concentration of the cyclohexane pro- lyst
regeneration, as illustrated by the hydro- 45     duct to a level of about
0.008 mol per cent. gen treatment. Of greater significance, is the 15  At
725 hours of operation, and at the same  fact that such catalyst
regeneration appears to     operation conditions, the benzene concentra-
be a temporary expediency, and does not affect     tion was found to be
0.0079 mol per cent.  significantly the stability of the catalyst. It is
This apparently steady operation continued, at  apparent that the catalyst
for utilization in the  50     the elevated catalyst inlet temperature up
to a  process of the present invention, may be sulfur 20  period of 770
hours.  At this stage of the  tolerant as long as the operating conditions
operation, a decrease in the inlet catalyst tem-  hereinbefore set forth
are adhered to, and as     perature, effected a corresponding decrease in
long as the proper balance is struck between     the " peak " catalyst bed
temperature accom-  the sulfur concentration and the water content. 55
panied by a substantial increase in the ben-  This is substantiated by the
observation that no 25  zene concentration within the cyclobexane pro-
noticeable increase in the benzene concentra-     duct. At 795 hours, the
inlet catalyst tempera-  tion occurred during the next 20 hours of     ture
was increased to a level of about 311[err] C. operation, or up to a period
of 840 hours, dur-     with the result that the " peak " catalyst tem-  ing
which time the water saturator was re- 60     perature increased to a level
of 345[err] C This  introduced into the system to yield a water- 30  was
accompanied by a substantial decrease in  saturated hydrogen recycle gas
stream.     the benzene concentration within the cyclo-    The foregoing
discussion is conveniently     hexane to a level of about 0.014 mol per
cent.  illustrated in the following Table II.
TABLE II                                              Temperatures, [err]C.
Cyclohexane product                   Sulfur,
Catalyst                       Freeze                    wt.      H[err]0
Benzene   Point,        Hours      ppm.   Mol %    Block   Inlet   Peak
Outlet  Mol %          [err]C.         135       1.2       0.02      165
207    324    216    0.0002           6.08        195       1.6       0.04
165    210     327     220    0.0004       6.01                       k
385       1.9        0.06     165    208       327     223     0.0007
5.71         450       1.9        0.95     165     157    300    239
0.11       -         500       1.9       0.95     200    222    321
259    0.034        5.74        545       1.9       0.27     200    225
320    256    0.022        5.57         620       3.0      None    200
228    324    264    0.16         H[err] treatment at 500[err] C.
670       3.0      None    200    219    321           260    0.031*
5.85         765       1.5      None    200    221        321    260
0.0080       5.94         785       1.5      None    180       194    292
238      0.055       -         820       1.5      None    220    255
345     279    0.014       -         840       1.5        0.15     220
255    340    275    0.013            -              * steadily increasing
benzene concentration.    [err]
904,732                                       13             In the
interest of simplicity and clarity, the  mols of hydrogen per mol of
normally liquid             table has necessarily been abbreviated to
illus-  hydrocarbon.             trate only the more pertinent periods of
opera-    4. Process according to any of the claims 1             tion, and
the changes in operating conditions  to 3, characterized thereby that the
saturation         5  effected therein. It is significant that the entire
of the aromatic hydrocarbon is effected in the  60             840 hours
was conducted utilizing a single  presence of a catalyst which consists
largely             batch of catalyst in a continuous operation.    of
alumina and contains from 0.1 to 1% by               The foregoing example,
and specification, weight of platinum and from 0.01 to 0.7%
clearly indicate the process of the present in-  by weight of alkali metal.
10  vention and the advantages to be afforded    5. Process according to
claim 4, character- 65             through the utilization thereof. The
catalyst  ized thereby that the saturation of the aromatic
employed in the process of the present inven-  hydrocarbon is effected in
the presence of a             tion has been shown to be extremely active
for  catalyst in which the alkali metal is lithium             an extended
period of time at the operating  and is present in a smaller amount than
the         15  conditions employed herein.                  platinum.
70                                                             6. Process
according to any of the claims 1                WHAT WE CLAIM IS: -
to 5, characterized thereby that a benzene                1. Process for
hydrogenating  aromatic  hydrocarbon containing sulphur compounds in
hydrocarbons with hydrogen in the presence  an amount of substantially from
0.1 to 3 parts         20  of a noble metal catalyst at elevated tempera-
by weight (calculated as elemental sulfur) per 75             tures not
exceeding 427[err] C. and at super-  million parts by weight of the benzene
hydro-     atmospheric pressure, characterized thereby  carbon is supplied
to the reaction during the         that the substantially complete
saturation of  supply thereto of the corresponding cyclo-         the
aromatic hydrocarbon with hydrogen is  paraffin in an amount of from 0.5 to
5 mols             effected in the presence of a catalyst which  per mol of
benzene hydrocarbon and is con- 80   consists of an alumina-containing
refractory  tacted with the catalyst at a temperature of at         oxide
carrier and minor amounts of a plati-  least 149[err] C. and not exceeding
371[err] C. and             num group metal and of at least one metal of
at a pressure between 6.8 and 68 atmospheres the group of the alkali and
alkaline - earth  in the presence of hydrogen which is supplied         30
metals.                                      to the reaction in
substantially sulfur - free                2. Process according to claim 1,
character-  state and with a water , concentration which              ized
thereby that the saturation of an aromatic  corresponds to saturation of
hydrogen with              hydrocarbon contaminated by sulfur com-  water
at a pressure of from 6.8 to 136 atmo- pounds is effected in the presence
of water in  spheres and a temperature of not more than         35  an
amount not exceeding 1 mol per 100 mols  38[err] C.
90              of aromatic hydrocarbon and in the presence    7. Process
according to any of the claims 1              of a catalyst which contains
from 0.1 to 2%  to 6, characterized thereby that the aromatic
by weight of platinum group metal, not more  hydrocarbon is saturated with
hydrogen during              than 5%  by weight of metal of the group of
contact with the catalyst at a pressure in the         40  the alkali and
alkaline-earth metals, and a  range of from 20.4 to 68 atmospheres, at a
95              carrier consisting at least predominantly of  space
velocity in the range of from  1 to 5              alumina.
liquid volumes of aromatic hydrocarbon per                3. Process
according to claim 1 or 2, char-  hour per volume of catalyst substantially
in              acterized thereby that the saturation of an  the absence of
normally liquid hydrocarbons         45  aromatic hydrocarbon containing
sulfur com-  other than the cycloparaffin corresponding to 100
pounds in an amount of substantially from 0.1  said aromatic hydrocarbon
and at a tempera-              to 3 parts by weight (calculated as
elemental  ture at which the resultant cycloparaffin pro-
sulphur) per million parts by weight of the  duct contains less than 0.1
mol %  aromatic            hydrocarbon is effected in the presence of the
hydrocarbon.         50  catalyst and of hydrogen which contains water   8.
The process for hydrogenating aromatic 105              in an amount
corresponding to saturation of  hydrocarbons substantially as described
with              the hydrogen with water at a temperature of  reference to
the accompanying drawing. not more than 38[err] C. and which is supplied
J. Y. & G. W. JOHNSON,              to the reaction in such an amount that
the   47, Lincoln's Inn Fields, London, W.C.2.         55  reaction product
mixture contains less than 4      Chartered Patent Agents.
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