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PROCESS FOR INCREASED PRODUCTION OF FOC GASOLINE

FIELDOFTHE INVENTION

13681}  This invention relates to methods and processes for increasing the
production of FCC (Fluid Catalytic Cracking) gasoline products, and optionally

distillate products, from refinery feedstocks.

BACKGROUND OF THE INVENTION

16082]  Animportant process to the overall gasoline production in the world 1s
the refining Fluid Catalytic Cracking (“FCC”) related processes. FCCs utilize
very small particulate catalysts which are raised to very high temperatures and
subsequently fluidized. These fluidized particies contact high molecular weight
petroleum feeds and catalytically “crack” these larger hydrocarbon molecules to
lower boiling products which are more valuable products. Most FCC processes
contact heavy feed oils (such as vacuum gas oils, atmospheric gas oils, and often
petroleum resids) with the fluidized catalysts typically with the goal to maximize

naphtha production volumes.

130031 In the FCC process these low-value, high boiling point hydrocarbon
feedstocks are catalytically converted mto more valuable products by contacting
the feeds with fluidized catalyst particles m the process. In modern “short
contact time” fhudized catalytic cracking (FCC) units, the hydrocarbon
feedstocks are typically contacted with the fluidized catalyst particles in the riser
section of the FUC reactor. The contacting between feed and catalyst 1s
controlied according to the type of product desired. In catalytic cracking of the
feed, reactor conditions such as temperature and contact tume are controlled to
maximize the products desired, such as naphthas, and mimmize the formation of

less desirable products such as light gases and coke.



WO 2013/096066 PCT/US2012/069348

[6084]  The FCU naphthas derived from such processes are very valuable
products as they are used as a component in final gasoline production. FCC
naphthas can often account for about 50% or more of the overall “gasoline
blending feedstock” in a refinery. Additionally FCC naphthas typically have a
relatively high octane value as compared to “straight run” naphthas that are
typically produced by a refinery’s crude umit. This high octane value of the FCC
naphthas is in large part due to the high olefin content of the FUC naphthas. As
such, maximizing the total of production of FUC naphthas suitable for gasoline
blending 1s of significant importance to the commercial operations and

economics of any petroleum refinery.

160031  While FCC units may target the maximization of other hydrocarbon
products, such as distillates used in diesel production, or much smaller quantities
of petrochemical production, such as propylene, most FCC units, particularty
the United States, target to maximize the overall naphtha production. The
overall naphtha production (i.e., light cat naphtha “LCN” and heavy cat naphtha
“HCN”) can typically exceed over 30 vol% of the overall products obtained
from an FCCU unit. As such, even small percentages of increases 1n the naphtha
{or gasoline) production from an FCC unit result n significant cost
improvements for the average refinery. For example, with a 1% increase in
naphtha production, an FCC unit operating at 100,000 barrels per day (bbl/day)
would see an approximate increase in gasoline production of about 500 bbi/day
or about 20,000 gallons per day of increase in gasoline production. As can be
seen, even small improvements in naphtha/gasoline yields from the FCC unit

result 1n significant financial benefit.

18606]  As such, what 1s needed in the industry are new methods and
processes for improving the naphtha yields from a refinery FOC unit that do not

require significantly changing the overall FCC process.
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SUMMARY OF THE INVENTION

180077  The processes of present invention are designed o increase the overall
naphtha production from a Fluid Catalytic Cracking (“FCC”) unit for
maximizing gasoline production. The processes herein may also be utilized to
optionally increase distillate production, preferably for mcreased diesel and/or
et fuel production. The processes herewn are aimed at modifying the properties
of a typical FCC feedstream in order to increase the naphtha, or optionally

distitlate, production obtained from the FCC process.

[6088]  In the processes herein, the 1so-paratfin content of the feed to the FCC
unit is increased resulting tn higher naphtha (i.e., gasoline) production from the
FCC unit. It has also been found that distillate (1.e., diesel) production can also
be increased with a corresponding decrease 1 heavier cat bottoms products.
Preferably, at least 50 wt%, more preferably at least 75 wt%, even more
preferably at least 90 wt%, and most preferably substantially all of the normal
paraffins in the feed to the hydroisomenization unit are converied to isoparaffins
within the process. At least a portion of the hydroisomerized product s sent to

an FCC unit for further processing into naphtha and distillate products.

{60091 A first non-Iimiting embodiment of the invention relates to a process
for increasing Fluid Catalytic Cracking (“FUC) gasoline production
COmprising:

a) contacting a hydrocarbon-containing hydroisomerization feedstream
with a hydroisomerization catalyst under hydroisomerization conditions to
produce at least one hydroisomerized liquid product stream that has a higher iso-
paraffin content than the hydroisomerization feedstream;

b} contacting in the reaction zone of an FCC reactor riser an FCC
feedstream comprising at least a portion of the hydroisomerized liquid product

stream of step a) with a flud catalytic cracking catalyst thereby catalytically
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cracking the FUC feedstream into an FCC product that has an average lower
bouing point than the FCC feedstream, and producing a spent catalyst;

¢} separatimg the FCC product from the spent catalyst;

d} cooling the FCC product; and

e} fractionating the FCC product into multiple FCC product streams,
wherein at least one of the FCC product streams 1s a naphtha boiling-range
product stream; and

) utilizing at least a portion of the naphtha boiling-range product stream

for gasoline production.

18618] A second non-limiting embodiment of the invention relates to the first
embodiment, further comprising:

- contacting a hydrocarbon-contaming hydrotreater feedstream containing
at least 250 ppmw of sulfur with a hydrotreating catalyst under hydrotreating
conditions to produce at least one hydrotreated liguid product stream and one
hydrotreated vapor stream, wherein the hydrotreated liquid product strean has a
fower sulfur content than the sulfur-containing hydrocarbon feedstream;

- separating the hydrotreated hiquid product stream from the hydrotreated
vapor stream; and

~ uttlizing at least a portion of the hydrotreated liquid product stream as

the hydroisomerization feedstream in step a).

18611} A third non-limiting embodiment of the invention relates to the first
embodiment, further comprising:

- contacting a hydrocarbon-contamning hydrotreater feedstream containing
at least 250 ppmw of sulfur with a hydrotreating catalyst under hydrotreating

conditions to produce the hydroisomerization feedstream.
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16812} A fourth non-limiting embodiment of the invention relates to a
process for increasing Fluid Catalytic Cracking (“FCC”) gasoline production
comprising:

a) contacting a hydrocarbon-contaming hydroisomerization feedstream
with a hydroisomerization catalyst under hydroisomerization conditions to
produce at least one hydroisomerized product stream that has a higher iso-
paratfin content than the hydroisomerization feedstream;

b contacting at least a portion of the hydroisomerized product stream
with a hydrotreating catalyst under hydrotreating conditions to produce at least
one hydrotreated liquid product stream and one hydrotreated vapor stream,
wherein the hydrotreated liquid product stream has a lower sulfur content than
the sulfur-containing hydrocarbon feedstream;

¢} separating the hydrotreated liquid product stream from the hydrotreated
vapor siream;

d} contacting n the reaction zone of an FCC reactor riser an FCC
feedstream comprising at least a portion of the hydrotreated liguid product
stream of step ¢} with a fluid catalytic cracking catalyst thereby catalytically
cracking the FCC feedstream mto an FCC product that has an average lower
hoiling point than the FUC feedstream, and producing a spent catalyst;

e) separating the FUC product from the spent catalyst;

3 cooling the FCC product; and

e} fractionating the FCC product into multiple FCC product streams,
wherein at least one of the FCC product streams is a naphtha boiling-range
product streany; and

g) utilizing at least a portion of the naphtha boiling-range product stream

for gasoline production.

6813}  In other more preferred embodiments of the first through fourth
embodiments, at least 50 wi% of the normal paraffins n the hydroisomerization

feedstream are converted to iso-paratfins in the hydroisomerized hguid product
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stream in step a). In other more preferred embodiments, the hydroisomerization
catalyst comprises at least one Group VHIA metal, and further comprises a
zeolite selected from BU-1, ZS8M-35, Z25M-11, Z5M-57, NU-87, SAP(O-11,
Z5M-22, and ZSM-48. In other preferred embodiments, the Group VIHA metal
of the hydroisomerization catalyst 1s selected {from Pt and Pd. In yet other more
preferred embodiments, the hydroisomerization catalyst further comprises at
least oue Group VIA metal, wherein the Group VIA of the hydroisomerization
catalyst is selected from Mo and W, and the Group VHIA metal of the
hydroisomerization catalyst 1s selected from Ni and Co; even more preferably,
the Group VIA of the hydroisomerization catalyst is W, the Group VIIIA metal
of the hydroisomerization catalyst is Ni, and the zeolite in the

hydroisomerization catalyst 1s Z5M-48,

13614]  In other more preferred embodiments of the first through fourth
embodiments, the hydroisomerization feedstream countains over 300 ppmw of

sulfur.

{60151  In other more preferred embodiments of the first through third
embodiments, the at least one hydroisomerized liguid product stream of step a)
is sent {o a distillation columu of to produce the at least a portion of the
hydroisomerized hiquid product stream of step b), as well as producing a
distillation column overhead vapor stream and at least a first distillate product
stream from the distillation column, wherein the distillation column overhead
vapor stream and the first distillate product stream are not sent to the reaction

zone of the FCC reactor riser.

8016} In another more preferred embodiment of the fourth embodiment, the
separation of step ¢} s performed n a distillation colunm to produce the
hydrotreated liquid product stream and the hydrotreated vapor stream, as well as

producing a distillation column overhead vapor stream and at least a first
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distiilate product stream from the distillation columu, wherein the distillation
column overhead vapor stream and the distillate product stream are not sent to

the reaction zone of the FCC reactor riser.

BETAILED DESCRIPTION OF PREFERRED EMBODIMENTS

160171  An object of the present processes of invention is to increase the
overall naphtha production from a Fluid Catalytic Cracking (*FCC™) unit for
maximizing gasoline production. The processes herein may also be utilized to
optionally increase distillate production, preferably for increased diesel and/or
jet fuel production. The processes herein are atmed at modifying the properties
of a typical FCC feedstream tm order to mcrease the naphtha, or optionally
distiilate, production obtaned from the FCC process. The present invention
does not significantly alter the FCC process and as such, it can be used with
most existing FCC units and hardware. Additionally, since the overall FCC
process is not significantly changed, the FCC pretreatment processes herein can
be used to prepare any amount of the FCC feedstock from a small portion of the
overall FCC feedstream (e.g., < 25wt% or < 10 wib of the overall feedstream)
to preferably a significant portion of the overall FCC feedstream {e.g., > 75wt%
or > 85 wt% of the overall feedstream) without significantly altering the overall
effects of the FCC unit processing on the remainder of the overall feedstream to

FCC unit.

{60181  In an embodiment of the present invention, the composition of a
typical FCC feedstream can be utilized as a starting feed to the present
processes. Preferably, the feedstream utilized has a TS boiling point of at least
400°F, more preferably of at least 450°F, and a T95 boiling point of less than
about 1150°F, more preferably less than about 1100°F. The “T5 boiling point” is
defined as the temperature under atimospheric pressure at which 5 wt% of the

product sample boils. Similarly, *“T95 boiling point” is defined as the
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temperature under atmospheric pressure at which 95 wt% of the product sample
bous. Such feeds may be derived from many sources within the refinery but
typically are comprise of an atmospheric gas oil ("AGO”), vacuum gas oil
(VGO or both. These feeds may also contain hydroprocessed feed
components such a product stream from a hydrocracking unit that falls within

the boiling points noted above.

16619} It should also be noted that the term “naphtha” as used herein shali
mean a hydrocarbon-based stream that has a TS boiling point of at least 8G°F
(27°Cy and a T95 boiling point of less than 450°F (232°C). The term “distillate”
as used herein shall mean a hydrocarbon-based siream that has a T5 botling
point of at least 350°F (177°C) and a T93 boiling peint of less than 650°F
{343°C). Both naphthas and distillates typically refer to intermediate product
streams 10 a petroleum or petrochemical refinery that may also be utilized for

final product blending.

16026}  For the processes herein, the feedstream to the overall process
embodiments as described preferably is comprised substantially of a
hydrocarbon feedsiream derived from a fossil-based oil material such as a crude
otl, tar sands, or bitumens. In preferred embodiments, the feedstream is
comprised of at least 75 wt%, more preferably at least 85 wt%, of a hydrocarbon
feedstream derived from a fossii-based ol material. The processes herein may
also be utilized to process hydrocarbon streams that are derived from renewable
materials (i.e., “biotuel sources”). However, wn preferred embodiments of the
processes herein, from 5 to 25 wtYs, more preferably from 10 to 20 wt%, of the
overall feedstream is derived from renewable biofuel sources. Such biofuel
sources nclude, but are not limited to, vegetables, animal, fish, and/or algae
materials. If such renewable biotuel sources are utilized as a portion of the

feedstream herein, 1t is preferred that the materials have been hydroprocessed
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and deoxygenated prior to tucorporating them with the fossil-based oil material

being supplied to the present processes.

16021}  The process herein has the ability to process feedstreams with high
sulfur contents. In preferred embodiments herein the feedstream has a sulfur
content of at least 250 ppmw sulfur, or at least 300 ppm sulfur, or at least 1000
ppmw sulfur, or at least 3000 ppmw sulfur. The feedstreams may also contain
nitrogen, but it is preferred that the nitrogen content of the feed be kept to less
than about, 5000 ppm w, more preferably less than 2000 ppmw, even more
preferably less than 1500 pprow, and most preferably less than 100 ppmw of

nitrogen.

160221 1o apreferred embodiment of the processes of wnvention herein, a
hydrocarbon feedstream 1s sent to a hydroisomerization unit. In this step of the
process, at least a portion of the hydrocarbon feedstream is hydroisomerized.
The increase in the iso-parafiin content of the feed to the FCC unit is shown to
increase the much desired naphtha (1.e., gasoline) production from the FCC unit,
It has also been found that distillate (i.¢., diesel) production can also be increased
with a corresponding decrease in heavier catl bottoms products. In this step, at
least a portion, preferably most, of the normal paraffins are converted to
isoparaffinic bydrocarbon species. Preferably, at least 30 wt%, more preferably
at least 75 wt%, even more preferably at least 90 wit%, and most preferably
substantially all of the normal paraffins in the feed to the hydroisomerization
unit are converted to isoparaffins within the process. Here, 1t is preferred that
the hydroisomerization unit is run under conditions to maximize normal paraffin
to 1soparaffin conversion, while minimizing the conversion of naphthalenes and
aromatics 1o the hydroisomerization feed, as these latter components are
valuable to gasoline production in the FUC unit. With the disclosures herein,
one of skill in the art will be able to make such adjustments to the system so as

to achieve these resulits. In more preferred embodiments, the liquid product from
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the hydroisomerization unit contains at least 10 wi%, more preferably at least 15
wit%, and even more preferably at least 20 wi% of isoparaffinic species. Inall
configurations herein, the hiquid product from the hydroisomerization unit will
have a higher isoparaffin content (by wt%) than the hydrocarbon feedstream to
the hydroisomerization unit. This hydroisomerization will also result in some
additional beneficial isomerization in alky side-chains of the ringed molecules
{such as for example, aromatics, naphtheno-aromatics, and naphthenes) w1 the
feed which can be present in significant amounts. Such additional alkyl side-
chain isomenization will also improve the final naphtha and/or distiliate
production in the FUC stage of the present processes which are to be further

discussed herein.

{60231  Preferred operating conditions in the hydroisomerization reaction umnit
include contacting the hydroisomerization feed obtained from the first
hydrotreating step described above with an 1somerization catalyst at a
temperature of from 400 to 850°F (204 to 454°C), preferably 525 to 750°F (274
to 399°C), a hydrogen partial pressure of from 1.8 t0 34.6 mPa {250 to 5000 psi),
preferably 4.8 to 20.8 mPa, a hiquid hourly space velocity of from 0.2 to 10
v/v/hr, preferably 0.5 to 3.0, and a hydrogen circulation rate of from 35.6 to

1781 m'/my’ (200 to 10,000 scf/B), preferably 178 to 890.6 m'/m’ (1000 to 5000
sci/B).

160241  Preferably, the hydroisomerization catalysts utilized in the processes
herein are comprised of at least one zeolite. More preferably, the zeolites have a
unidimensional pore structure. Preferred catalysts include 10 member ring pore
zeohites, such as EU-1, Z8M-35 (or ferrierite), Z8M-11, Z8M-57, NU-87,
SAPQO-11, Z8M-22, and Z5SM-48. (Other suitable materials are EU-2, EU-11,
ZBM-30, MCM-48, and Z8M-23. Most preferably, the hydroisomerization
catalyst is comprised of Z8M-48. Note that a zeolite having the Z5M-23

structure with a silica to alumina ratio of from about 20:1 o about 40:1 can
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sometimes be referred to as $SZ-32. Other molecular sieves that are
isostructural with the above materials include Theta-1, NU-10, EU-13, KZ-1,

and NU-23.

[B625]  In various embodiments, the hydroisomerization catalyst further
comprises a metal hydrogenation component. The metal hydrogenation
compouent is typically a Group VIA and/or a Group VIHA metal. Preferably,
the hydroisomerization catalyst includes at least one Group VHIA metal. More
preferably, the hydroisomerization catalyst includes at least one Group VIIIA
metal and at least one Group VIA metal. In some preferred embodunents, the
metal hydrogenation component of the hydroisomerization catalyst 1s a Group
VHIA noble metal. Preferably, the metal hydrogenation component 1s Pt, Pd, or
a mixture thereof. In an alternative preferred embodiment, the metal
hydrogenation component can be at least one non-noble Group VIHA metal
optionally coupled with at least one Group VIA metal. Suitable combinations of
this alternative preferred embodiment can include Ny, Co, or Fe with Mo or W,
preferably Ni with Mo or W. The alternative hydroisomerization catalysts are
particularly preferred in embodiments wherein the feedstream to the
hydroisomerization catalyst is not first subjected to a desulfurization step with

H-8 removal.

[6026]  Please note that the designation of Group VIA and Group VIIIA
herein corresponds to the older IUPAC designations such as shown in the
Periodic Table of Elements, published by the Sargent-Welch Scientific
Company, 1979, wherein the Group VIA elements include the columm from the
periodic table of elements containing Cr, Mo, and W, and the Group VHIA
elements mclude the columns from the periodic table of elements containing Fe,

Co, Ni, Ru, Rh, Pd, Os, Ir, and Pt.
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160271  The amount of metal i the hydroisomerization catalyst can be at least
0.1 wt% based on catalyst, or at least 0.15 wt%, or at least 0.2 wt%, or at least
0.25 wit%, or at least 0.3 wt%, or at least 0.5 wi% based on catalyst. The amount
of metal in the catalyst can be 20 wi% or less based on catalyst, or 10 wi% or
fess, or 5 wi% or less, or 2.5 wt% or less, or 1 wt% or less. For embodiments
where the metal is Pt, Pd, another Group VIIIA noble metal, or a combination
thereof, the amount of metal can be from 0.1 t0 5 wit's, preferably from 0.1 t0 2
wi%, or .25 to 1.8 wi%, or 0.4 to 1.5 wt%. For embodiments where the metal
is a combination of a non-noble Group VIITA metal with a Group VIA metal, the
combined amount of metal can be from 0.5 wit% to 20 wit%, or | wt% to 15 wit%,

or 2.5 wt% to 10 wibs.

[6028]  Preferably, the hydroisomerization catalysts used in processes
according to the invention are catalysts with a low ratio of silica to alumina. For
example, for Z8M-48, the ratio of silica to alumina n the zeolite can be less than
200:1, or less than 110:1, or less than 100:1, or less than 90:1, or less than 80:1.
In various embodiments, the ratio of silica to alumina can be from 30:1 to 200:1,

6O:1 to 110:1, or 70:1 to 100:1.

13629]  The hydroisomerization catalysts useful in processes according to the
invention can also include a binder. In some embodiments, the
hydroisomerization catalysts used w1 process according to the invention are
formulated using a low surface area binder, a low surface area binder represents
a binder with a surface area of 100 m¥/g or less, or 80 m™/g or less, or 70 m/g or

less.

18038}  As noted 1o the alternative preferred embodiment of the
hydroisomerization catalysts used in the processes herein, the metal
hydrogenation component is selected to be a combination of a non-noble Group

VHIA metal with a Group VIA metal. Such suitable combinations can include



WO 2013/096066 PCT/US2012/069348
-13 -

Ni, Co, or Fe with Mo or W, preferably Nt with Mo or W. In this preferred
embodiment, low limits of sulfur content do not need to be maintained in the
feed to the hydrotsomerization unit. In these embodiment, the feedstream to the
hydroisomerization unit can contain over 100 ppmw sulfur or even over 300
ppmw, or even over S00 ppmw as these catalysts will be resistant to substantial
toss of hydroisomenization activity. These catalysts should also have some

amount of amount of hydrodesulfurization activity.

13031} As such, 1o further preferred counfigurations of these embodiments,
some sulfur is removed from the hydroisomerization feedstream n this portion
of the overall process. The sulfur may be removed from the hydroisomerization
hiquid product stream by sending the hydroisomerization liquid product stream to
a vapor separator, which will remove the sulfur primarily in the form of H, 5.
This vapor separation step 1s preferred to be included particularty when there is
no other additional hydrotreating or substantial fractionation of the
hydroisomerization unit product prior to the hydroisomerization product being
sent to an FCC unit as described in the following steps. Preferably, this
hydroisomerization stage also removes some portion of the nitrogen from the
hydroisomerization feedstream by additionally removing NH; from the

hyvdroisomerization hiquid product stream in the vapor separator.

16632)  In preferred embodiments of the processes herein wherein there are no
additional substantial intermediate treating steps between the hydroisomerization
unit and the FCC unit {except for post-isomerization vapor separation as
described), at least a portion of the hydroisomerized product stream is sent for
further processing in a Flud Catalytic Cracking ("FCC”) unit. Here, the
hvdroisomerized product stream is preferably mixed with at least one other
heavy hydrocarbon feedstream (although the addition of the heavy hydrocarbon
feedstream 1s not required for the mvention embodiments herein) to make an

FCC feedstream, which is then injected through one or more feed nozzles wnto
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the feed zone of an FCC reactor riser. Such beavy hydrocarbon feedstreams can
mclude heavy hydrocarbon feeds boiling in the range of about 430°F to about
1050°F (221 to 566°C), such as gas oils, heavy hydrocarbon oils comprising
materials boiling above 1050°F (566°C); heavy and reduced petroleum crude oil;
petroleum atmospheric distillation bottoms; petrolewm vacuum distiliation
bottoms; piich, asphalt, bitumen, other heavy hydrocarbon residues; tar sand
oils; shale oil; liquid products derived from coal liquetaction processes; and
mixtures thereof, The FUC feed may also comprise recyeled hydrocarbous, such
as light or heavy cycle otls. Preferred heavy hydrocarbon feedstreams for use in
the present process are vacuwm gas ois boiling m the range above about 650°F

(343°C).

16033} Within this reactor riser, the FCC feedstream, containing at least a
portion of the hydroisomerization products is contacted with a catalytic cracking
catalyst under cracking conditions thereby resulting in spent catalyst particles
containing carbon deposited thereon and a lower boiling product stream. The
cracking conditions will typically include: temperatures from about 900 to about
1060°F (482 to 571°C), preferably about 950 to about 1040°F (510 to 560°C);
hydrocarbon partial pressures from about 10 to 50 psia (70-3435 kPa), preferably
from about 20 to 40 psia (140-2735 kPa); and a catalyst to feed (wt/wt) ratio from
about 3 to 8, preferably about 5 to 6, where the catalyst weight is total weight of
the catalyst composite. Steam may be concurrently introduced with the feed into
the reaction zone. The steam may coniprise up to about 5 wi% of the feed.
Preferably, the FCC feed residence time in the reaction zone is less than about 5
seconds, more preferably from about 3 to S seconds, and even more preferably

fron about 2 to 3 seconds.

16034}  Catalysts suitable for use within the FCC reactor herein are fluid

cracking catalysts comprising either a large-pore molecular sieve or a mixture of
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at least one large-pore molecular sieve catalyst and at least one medium-pore
molecular sieve catalyst. Large-pore molecular sieves suitable for use herein can
be any molecular sieve catalyst having an average pore diameter greater than 0.7
nm which are typically used to catalytically "crack” hydrocarbon feeds. Htis
preferred that both the large-pore molecular sieves and the medium-pore
molecular sieves used herein be selected from those molecular sieves having a
crystalline tetrahedral framework oxide componeunt. Preferably, the crystalline
tetrahedral framework oxide component is selected from the group consisting of
zeolites, tectosilicates, tetrahedral aluminophosphates (ALPOs) and tetrabedral
silicoaluminophosphates (SAPQOs). More preferably, the crystalline framework
oxide component of both the large-pore and medium-pore catalyst is a zeolite. It
should be noted that when the cracking catalyst comprises a mixture of at least
one large-pore molecular sieve catalyst and at least one medium-pore molecular
sieve, the large-pore component is typically used to catalyze the breakdown of
primary products from the catalytic cracking reaction wnto clean products such as

naphtha and distillates for fuels and olefins for chemical feedstocks.

{30351  Large pore molecular sieves that are typically used in commercial
FCC process units are also suitable for use herein. FCC units used commercially
generally emiploy conventional cracking catalysts which include large-pore
zeolites such as USY or REY. Additional large pore molecular sieves that can
be employed 1 accordance with the present invention include both natural and
synthetic large pore zeolites. Non-limiting examples of natural large-pore
zeolites include gmelinite, chabazite, dachiardite, clinoptilolite, faujasite,
heulandite, analcite, levynite, ertonite, sodalite, cancrinite, nepheline, lazurite,
scolectie, natrolite, offretite, mesolite, mordentite, brewsterite, and ferrierite.
Non-lumiting examples of synthetic large pore zeolites are zeolites X, Y, A, L.
K4, 7K-5, B E F H LM, B, T, W, 7, alpha and beta, omega, REY and USY

zeolites. 1t is preferred that the large pore molecular sieves used herein be
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selected from large pore zeolites. The more preferred large-pore zeolites for use

herein are the fawasites, particularly zeolite Y, USY, and REY.

[6836] Medium-pore size molecular sieves that are suitable for use herein
include both medium pore zeolites and silicoaluminophosphates (SAPOs).
Meditum pore zeolites suitable for use in the practice of the present invention are
described in "Atlas of Zeolite Structure Types”, eds. W. H. Meier and B. H.
Olson, Butterworth-Heineman, Third Edition, 1992, which is hereby
tcorporated by reference. The medium-pore size zeolites generally have an
average pore diameter less than about 0.7 nm, typically from about 0.5 to about
0.7 nm and ncludes for example, MFL MFS, MEL, MTW, EUO, MTT, HEU,
FER, and TON structure type zeolites (IUPAC Commussion of Zeolite
Nomenclature). Non-limiting examples of such medwm-pore size zeolites,
include Z8M-5, ZSM-12, Z8M-22, Z8M-23, Z5M-34, ZSM-35, Z5M-38,
ZSM-48, ZSM-30, silicalite, and stlicalite 2. The most preferred medium pore
zeolite used in the present invention is Z8M-5, which is described w U.S. Pat.
Nos. 3,702,886 and 3,770,614, ZSM-11 15 described in U.S. Pat. No. 3,709,979;
Z5M-12 in ULS. Pat. No. 3,832,449; Z5M-21 and Z8M-38 in U.S. Pat. No.
3.948,758; ZSM-23 in U.S. Pat. No. 4,076,842; and ZSM-35 in U.S. Pat. No.
4,016,245, As mentioned above SAPQOs, such as SAPG-11, SAP(O-34,
SAPO-41, and SAPO-42, which are described m ULS. Pat. No. 4,440,871 can
also be used heretn. Non-limiting examples of other medium pore molecular
sieves that can be used herein are chromostlicates; gallium silicates; iron
silicates; aluminum phosphates (ALPQO), such as ALPO-11 described in US.
Pat. No. 4,310,440; titantum aluminosilicates {TASQO), such as TAS(O-45
described in EP-A No. 229,295; boron silicates, described i UL, Pat. No.
4,254,297, titanium aluminophosphates (TAPO), such as TAPO-11 described m
U.S. Pat. No. 4,500,651; and won aluminosilicates. All of the above patents are

wncorporated herein by reference,
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16837}  The medium-~pore size zeolites used herein can also include
"crystalline admixtures” which are thought to be the result of faults occurring
within the crystal or crystalline area during the synthesis of the zeolites.
Examples of crystalline admixtures of Z5SM-5 and ZSM-11 are disclosed m U.S.
Pat. No. 4,229,424 which is incorporated herein by reference. The crystalline
admixtures are themselves medium-pore size zeolites and are not to be confused
with physical admixtures of zeolites 11 which distinct crystals of crystallites of
different zeolites are physically present in the same catalyst compostie or

hydrothermal reaction mixtures.

16638]  The large-pore and medium-pore catalysts of the present invention
will typically be present in an inorganic oxide matrix component that binds the
catalyst components together so that the catalyst product is hard enough to
survive inler-particle and reactor wall collisions. The inorganic oxide matrix can
be made from an inorganic oxide sol or gel which is dried to "glue” the catalyst
compouents together. Preferably, the wnorganic oxide matrix will be comprised
of oxades of silicon and aluminum. It is also preferred that separate alumina
phases be mcorporated into the morganic oxide matrix. Species of aluminum
oxyhydroxides-y-aluniua, boehmite, diaspore, and transitional aluminas such as
a~alumina, B-alumina, y-alumina, 8-alumina, s-alumina, w-alumina, and
p-alumina can be emploved. Preferably, the alumina species s an aluminum
trihydroxide such as gibbsite, bayerite, nordstrandite, or doyelite. The matrix
material may also contain phosphorous or aluninum phosphate. It is within the
scope of this invention that the large-pore catalysts and medium-pore catalysts
be present in the same or different catalyst particles, in the aforesaid inorganic

oxide matrix.

18039} In the FCC reactor, the cracked FCC product 1s removed from the

fluidized catalyst particles. Preferably this is doue with mechanical separation
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devices, such as an FCC cyclone. The FCC product is removed from the reactor
via an overhead line, cooled and sent to a fractionator tower for separation wto
various cracked hydrocarbon product streams. These product streams may
include, but are not limited to, a light gas stream (generally comprising C, and
highter hydrocarbon materials), a naphtha {gasoline} siream, a distillate (diesel
and/or jet fuel) steam, and other various heavier gas o1l product streams. In the
present invention, the gasoline production w wcreased {maximized) due to the
series of pretreatment steps described herein to at least one component stream of

the combined FOC feedstream to the FCC reactor.

1303404 in the FCC reactor, after removing most of the cracked FCC product
through mechanical means, the majority of, and preferably substantially ali of,
the spent catalyst particles are conducted to a stripping zone within the FCC
reactor. The stripping zone will typically contain a dense bed (or "dense phase™)
of catalyst particles where stripping of volatiles takes place by use of a stripping
agent such as steam. There will also be space above the stripping zone wherein
the catalyst density is substantially lower and which space can be referred to as a
"dilute phase”. This dilute phase can be thought of as either a dilute phase of the
reactor or stripper in that it will typically be at the bottom of the reactor leading

to the stripper.

[6041]  The maority of, and preferably substantially all of, the stripped
catalyst particles are subsequently conducted to a regeneration zone wherein the
spent catalyst particles are regenerated by burning coke from the spent catalyst
particles in the presence of an oxygen containing gas, preferably air thus
producing regenerated catalyst particles. This regeneration step restores catalyst
activity and simultaneously heats the catalyst to a temperature from about
1200°F to about 1400°F (649 to 760°C). The majority of, and preferably
substantially all of, the hot regenerated catalyst particles are then recycled to the

FCC reaction zone where they contact injected FUC feed.
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6042} 1o additional preferred embodiments of the processes of invention, a
hvdrotreating step is included in the overall process either prior to or following
the hydroisomerization step. In the hydrotreating step, a feedstream ts contacted
with a hydrotreating catalyst under hydrotreating conditions which mclude
temperatures in the range 430°F to 750°F (232°C 10 399°C), preferably 350°F to
TOOF (288°C to 3717°C) at pressures in the range of 1480 to 20786 kPa (200 to
3000 psig), preferably 2859 to 13891 kPa (400 to 2000 psig}, a space velocity of
from G.1 to 10 LHSV, preferably 0.1 to 5 LHSVY, and a hydrogen treat gas rate of
from 18 to 890 m’/m’ (100 to 5000 scf/B), preferably 44 to 178 m'/m’° (250 to
1000 sct/B ).

18043}  Hydrotreating catalysts suitable for use herein are those containing at
least oue Group VIA metal and at least oue of a Group VIIA metal, inchuding
mixtures thereof. Preferred metals include Ni, W, Mo, Co and mixtures thereot,
with CoMo, NiMoW, or NiW being preferred. These metals or mixtures of
metals are typically present as oxides or sulfides on refractory metal oxide
supports. The mixture of metals may also be present as bulk metal catalysts

wherein the amount of metal 1s 30 wit% or greater, based on catalyst.

13044]  Suitable metal oxide supports for the hydrotreating catalysts include
oxides such as silica, aluwmina, silica-alumina, titania, or zirconia; preferably
alumina. Preferred aluminas are porous aluminas such as gamma or eta. When
a porous metal oxide support 1s utilized, the catalyst has an average pore size (as
measured by nitrogen adsorption) of preferably in the range of about 100 A to
about 1000 A, more preferably from about 200 A to about 500 A; and the
catalyst has a surface area (as measured by the BET method) of about 100 to 350
n1’/g, more preferably about 150 to 250 m¥/g. The amount of metals for
supported hiydrotreating catalysts, either individually or in mixtures, ranges from
0.5 t0 35 witl, based on catalyst. In the case of preferred mixtures of Group

VIA and Group VHIA metals, the Group VIIIA metals are present in amounts of
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from 0.5 to 5 wt% based on catalyst, and the Group VIA metals are present in

amounts of from 5 to 30 wt% based on the catalyst.

[6045] 1o an embodiment, the hydrotreating step may comprise a unit
separate from the hydroisomerization step, such unit comprising at least one
hydrotreating reactor, and v an alternate embodiment comprising two
hydrotreating reactors arranged in series flow. Here, a vapor separation drum i3
preferably onented after each hydrotreating reactor and removes the vapor phase
reaction products from the reactor effluent{s). This vapor phase 1s primanily
comprised of hydrogen, H, S, NHai, and hydrocarbons containing four (4) or less
carbon atoms (i.e., “Cy4- hydrocarbons”). In the hydrotreating process,
preferably at least 70 wt%, more preferably at least 80 wt%, and even more
preferably at least 90 wt% of the sulfur content in the feedstream is removed
from the resulting hiquid products. Additionally, preferably at least 50 wt%,
more preferably at least 75 wi%, of the nitrogen coutent in the feedstream is
removed from the resulting hiquid products.  Preferably, the final liguid
product from the hydrotreating unit has less than about 100 ppmw subfur, more
preferably less than about 50 ppmw sulfur , and most preferably, less thav about
30 ppmw sulfur. However, as will be described more fully in select
embodiments below, the liguid product from the hydrotreating unit may contain
over 100 ppmw sulfur or even over 300 ppmw depending on the catalyst and

conditions in the isomerization stage of the process as will be described next.

180467  In embodunents or the processes heretn whereimn the hydrocarbon
feedstream is first hydrotreated, then hydroisomerized, or wherein the
hydrocarbon feedstream 1s first hydroisomerized and then hydrotreated prior io
processing in the FCC untt, an wntermediate vapor separator drum, such as
described above, may optionally be employed. H employed, the vapor

separation step would be utilized to remove at least a portion of the sulfur
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species and nitrogen species in the feed as gases (e.g., H,S and NH;) prior to the

treated product from the former stage being processed in the latter stage.

16047} 1o an alternate and improved embodiment, at least a portion,
preferably all, of the hydrotreating catalyst and at least a portion of the,
preferably all, of the hydroisomerization catalyst are located in the same reactor.
Here, 1t 15 preferred that the hydrotreating catalyst is located 1 at least one
separate calalyst bed within the reactor and that the hydroisomerization catalyst
is located in at least one separate catalyst bed within the same reactor. In this
embodiment, the hydrocarbon feedsiream can first contact, or flow through, the
hydrotreating catalyst bed and then contact, or flow through, the

hydroisomerization catalyst bed, or visa versa.

16048]  In this single reactor embodiment of the present processes however, it
is preferred that the hydrocarbon feedstream first contacts the hydrotreating
catalyst bed prior to the hydroisomerization catalyst bed. In these common
reactor embodiments, no termediate vapor removal 1s required. However, the
introduction of a hydrogen-containing stream between the beds may be
optionally employed. In alternative embodiments, the hydroisomerization
catalyst and the hydrotreating catalyst which are located 1n the same reactor do
not need to be in separate beds but rather the bed(s) can be comprised of a
mixture of the hydroisomerization and hydrotreating catalysts. In these single
reactor embodiments, it 1s preferred that the metal hydrogenation component of
the hydroisomerization catalyst is a non-noble Group VHIA metal optionally
coupled with at least one Group VIA metal. Suitable combinations of metals in
this embodiment of the hydroisomerization catalyst can include Ni, Co, or Fe

with Mo or W, preferably Ni with Mo or W.

[6049] 1o preferred embodunents, a vapor separation drum or a fractionation
stage is employed between the hydroisomerization or combination

hydrotreating/hydroisomerization steps described and the processing of the
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hydrocarbons tn the FCC unit. As described prior, a vapor separation drum may
be utilized in this step to remove hyvdrogen, H.S, NH; and/or light gas products.
However, in a preferred embodiment of the processes herein, a distillation
colummn (or “fractionator”) is utilized to separate some of the products from the
hvdroisomerization or combination hydrotreating/hydroisomerization steps prior
to sending the remaining hydrocarbon products to the FCC unit for further
processing. In a particularly preferred embodiment, the product from the
hvdroisomerization or combination hydrotreating/hydroisomerization steps 1s
sent to a distillation column for further separation of components. Here at least
oune overhead vapor stream is removed, at least one distillate product stream is
removed, and at least one other distilation product stream is removed from the
distillation column. This at least one distillation product stream is then sent to
the FCC unit for further processes as noted in the invention herein. Ina
preferred embodiment, this at least one distitlation product stream comprises
higher boiling point hydrocarbon fractions than the distillate product stream. In
another preferred embodiment, this at least one distillation product stream
comprises naphtha range hyvdrocarbon fractions. In these embodiments
employing this “pre-FCC” distillation column, 1 a preferred embodiment, the
products from the FCC process are further fractionated w an FCC fractionator
columu from which at least one distillate range product siream is drawn from the
FCC fractionator and combined with the distillate product stream from the pre-
FCC distillation column. In this manner, overall distillate production can be

mcreased.

[60S6]  Additionally or alternatively, the present invention can be described

according to one or more of the following embodiments.

16051}  Embodiment 1. A process for increasing Fluid Catalytic Cracking

(“FCC”) gasoline production comprising:
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a) contacting a hydrocarbon-contaming hydroisomerization feedstream
with a hydroisomerization catalyst under hydroisomerization conditions to
produce at least one hydroisomerized liquid product stream that has a higher
iso-paraffin content than the hydroisomerization feedstream;

b} contacting in the reaction zone of an FUC reactor riser an FCC
feedstream comprising at least a portion of the hydroisomerized hguid product
stream of step a) with a fluid catalytic cracking catalyst thereby catalytically
cracking the FCC feedstream into an FCC product that has an average lower
boiling pomt than the FCC feedstream, and producing a spent catalyst;

¢} separating the FCC product from the spent catalyst;

dj cooling the FCC product; and

e} fractionating the FCCU product into multiple FCC product streams,
wherein at least oue of the FCC product streans is a naphtha boiling-range
product stream; and

) utitizing at least a portion of the naphtha boiling-range product stream

for gasoline production.

{30527 Embodiment 2. The process of embodiment 1, further comprising:

- contacting a hydrocarbon~-containing hydrotreater feedstream containing
at least 230 ppmw of sulfur with a hydrotreating catalyst under hydrotireating
conditions to produce at least one hydrotreated liguid product stream and one
hydrotreated vapor stream, wherein the hydrotreated liquid product strean has a
lower sulfur content than the sulfur-containing hydrocarbon feedstream;

- separating the hydrotreated hiquid product stream from the hydrotreated
vapor stream; and

- utilizing at least a portion of the hydrotreated liquud product stream as

the hydroisomerization feedstream in step a).

16653]  Embodiment 3. The process of embodiment 1, further comprising:
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- contacting a hydrocarbon-contaming hydrotreater feedstream containing
at least 250 ppmw of sulfur with a hydrotreating catalyst under hydrotreating

conditions to produce the hydroisomerization feedstream.

13654] PEmbodiment 4. A process for increasing Fluid Catalytic Cracking
{(“FCC™) gasoline production comprising:

a) contacting a hydrocarbon-containing hydroisomerization feedstream
with a hydroisomerization catalyst under hydroisomerization conditions to
produce at least one hydroisomerized product stream that has a higher iso-
paratfin content than the hydroisomerization feedstream;

b contacting at least a portion of the hydroisomerized product stream
with a hydrotreating catalyst under hydrotreating conditions to produce at least
one hydrotreated liquid product stream and one hydrotreated vapor stream,
wherein the hydrotreated liguid product siream has a lower sulfur content than
the sulfur-containing hydrocarbon feedstream;

¢} separating the hydrotreated liquid product stream from the hydrotreated
vapor stream;

d} contacting n the reaction zone of an FCC reactor riser an FCC
feedstream comprising at least a portion of the hydrotreated liquid product
stream of step ¢) with a fluid catalytic cracking catalyst thereby catalytically
cracking the FCC feedstream mto an FCC product that has an average lower
hoiling point than the FUC feedstream, and producing a spent catalyst;

e} separating the FCC product from the spent catalyst;

) cooling the FCC product; and

e} fractionating the FCC product into multiple FCC product streams,
wherein at least one of the FCC product streams is a naphtha boiling-range
product stream; and

g} utilizing at least a portion of the naphtha boiling-range product stream

for gasoline production.
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[6055] Embodiment 5. The process of any of embodiments 1-4, wherein at
least 50 wt% of the normal paratfios in the hydroisomerization feedstream are
converted to iso-paraffins in the hydrotsomerized liquid product stream m step

a).

(8056} Embodiment 6. The process of any of embodiments 1-5, wherein the
hydroisomerization catalyst comprises at least one Group VIIIA metal, and
further comprises a zeolite selected from EU-1, Z5M-35, Z5M-11, ZSM-37,
NU-87, SAPO-11, Z5M-22, and Z8M-48.

166571  Embodiment 7. The process of embodiment 6, wherein the Group

VHIA metal of the hydroisomerization catalyst is selected from Pt and Pd.

[6058] Embodiment 8. The process of any of embodiments 6-7, wherein the
hvdroisomerization catalyst further comprises at least one Group VIA metal,
wherein the Group VIA of the hydroisomerization catalyst is selected from Mo
and W, and the Group VHIA metal of the hydroisomerization catalyst is selected

from Ni and Co.

6889} Embodiment 9. The process of embodiment 8, wherein the Group
VIA of the hydroisomerization catalyst is W, the Group VHIA metal of the

hydrotsomerization catalyst is Ni.

166601 Embodiment 10. The process of any of embodiments 6-9, wherein the

zeolite in the hydroisomerization catalyst is Z5M-48.

(6861} Embodiment 11, The process of any of embodiments 1-10, wherein

the hydroisomerization feedstream contains over 300 ppmw of sulfur.

16862} Embodiment 12, The process of any of embodiments 1-11, wherein
the hydroisomernization conditions include a temperature of from 400 to 850°F

{204 to0 454°C), a hydrogen partial pressure of from 1.8 t0 34.6 mPa (250 to
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5000 psi), a hiquid hourly space velocity of from 0.2 to 10 v/v/hr, and a hydrogen

circulation rate of from 35.6 to 1781 m’/m’ (200 to 10,000 scf/B).

168631 Embodiment 13, The process of any of embodiments 1-12, wherein
the conditions in the reaction zone of the FCC reactor include a temperature
from about 900 to about 1060F (482 to 571°C), a hydrocarbon partial pressure
from about 10 to 50 psia (70-3435 kPa), and a catalyst to feed (wt/wt) ratio from
about 3 1o §, where the catalyst weight 1s total weight of the fluid catalytic

cracking catalyst.

16064} Embodiment 14, The process of any of embodiments 1-13, wheremn
the fluid catalytic cracking catalyst comprises at least one large-pore size
faigasite zeolite and at least one medium-pore size zeolite selected from Z8M-3,
Z8M-12, Z8M-22, ZSM-23, Z5M-34, Z8M-35, Z8M-3R8, ZSM-48, Z5M-50,

suicalite, and silicalite 2.

[6865] Embodiment 135, The process of any of embodiments 1-14, wherein
the FCC feedstream further comprises a heavy hydrocarbon feedstream boiling

in the range of about 430°F to about 1050°F (221 to 566°C).

18066} Embodiment 16. The process of embodiment 15, wherein the heavy
hydrocarbon feedstream is comprised of a hydrocarbon stream selected from gas
otl, heavy and reduced petroleum crude oil; petroleum atmospheric distillation
bottoms, petroleum vacuum distillation bottoms, pitch, asphalt, bitumen, heavy
hydrocarbon residues, tar sand oils, shale otl, and liquid products derived from

coal liquefaction processes.

160671  Embodument 17, The process of any of embodiments 1-16, wherein
feed residence time in the reaction zone of the FCC reactor riser 1s less than

about 5 seconds.
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[6068] Embodiment [8. The process of any of emboduments 1-3 as further
fimited by any of embodiments 5-17, wherein the at least one hydroisomerized
hqud product stream of step a) is sent to a distillation column of to produce the
at least a portion of the hydroisomerized liguid product stream of step b}, as well
as producing a distillation column overhead vapor stream and at least a first
distillate product stream from the distillation column, wheremn the distillation
column overhead vapor stream and the first distillate product stream are vot sent

to the reaction zone of the FCC reactor riser,

[606%] Embodiment 19. The process of embodiment 4 as further limited by
any of embodiments 5-17, wherein the separation of step ¢} 1s performed in a
distillation column to produce the hydrotreated hiquid product stream and the
hydrotreated vapor stream, as well as producing a distillation colunm overhead
vapor siream and at least a first distillate product stream from the distillation
columu, wherein the distillation column overhead vapor stream and the distillate
product stream are not sent to the reaction zone of the FCU reactor riser.

(8078}  Embodiment 20. The process of any of embodiments 18-19, wherein
at least one of the FCC product streams 1s an FCC distillate boiling-range
product stream and at least a portion of the first distillate product stream 1s
combined with at least a portion of the FCC distillate boiling-range product

stream to form a combined distillate product stream.

18671} Embodiment 21. The process of embodiment 20, wherein at least a
portion of the combined distillate product stream is utilized for diesel product

blending.

130721  Embodiment 22. The process of any of embodiments 2 or 4 as further
limited by any of embodiments 5-21, wherein the hydrotreated liquid product

stream contains less than 30 ppmw of sulfur.
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[6073] Embodiment 23. The process of any of emboduments 2-4 as further
tumited by any of embodiments 5-21, wherein the hydrotreating catalyst
comprises at least one Group VIA metal and at least one Group VIHA metal on a
refractory oxide support, wherem the refractory oxide support comprises silica,
alumina, or silica-alumina; and the hydroisomerization catalyst is comprised of
at least one Group VIIA metal, and a zeolite selected from EU-1, Z5M-35,

ZoM-11, ZSM-57, NU-87, SAPO-11, Z8M-22, and ZSM-48.

80747  Embodiment 24. The process of embodiment 23, wherein the
hvdrotreating catalyst has a has an average pore size of from about 100 A to

about 1000 A, and a surface area of from about 100 to 350 mz/g,

160751  Embodument 25, The process of any of embodiments 2-24, wherein
the hydrotreating conditions include a temperature in the range 450°F 10 750°F
(232°C 10 399°(), pressure in the range of 1480 to 20786 kPa (200 to 3000 psig),
a space velocity of from 0.1 to 10 LHSV, and a hydrogen treat gas rate of from

18 to 890 n’/m’ { 100 to 5000 sci/B).

160761  Embodiment 26. The process of any of embodiments 2 or 3, as further
limited by any of embodiments 5-25, wherein the hydrotreater feedstream has a
T3S boiling point of at least 400°F and a T95 boiling point of less than about
11S0°F,

186771 Embodiment 27, The process of embodiment 26, wherein the
hydrotreater feedstream s comprised of at least 75 wit% of a hydrocarbon
feedstream derived from a fossil-based oil material, and s further comprised of

from 5 1o 25 wi% of oil derived from renewable biotuel sources,

160781  Embodiment 28, The process of any of embodiments 3 or 4, as further
himited by any of embodiments 5-27, wherein the hydrotreating catalyst and the

hydroisomerization catalyst are in a single reactor.



WO 2013/096066 PCT/US2012/069348

(6879}  The principles and modes of operation of this invention have been
described above with reference to various exemplary and preferred
embodiments. As understood by those of skill m the art, the overall invention,
as defined by the claims, encompasses other preferred embodiments not

specifically enumerated herein.

EXAMPLE

186867  In the Hxample herein, an FCC kinetic research model was utilized to
test the effects of isomerizing the normal paraffins in a typical heavy
hydrocarbon FCC feedstream composition. This model represents and models
the effects of converting all of the normal paraffins to 1soparaffins viaa
hydroisomerization catalystic process and then catalytically cracking the
resulting hydroisomerized hydrocarbon material m a fluid catalytic cracking

(FCC) process.

[6081]  The feed compositions for the non-hydroisomerized FCCU feed (“Base
{"ase”} and the hydroisomerized FCC feed (*Isomerized Case”) of the present

invention are shown in Table 1.
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Table 1
FCC Feed Compositions

FCC Feed Compesition Base Case Isemerized Case
Specific Gravity 8.905 8.906
I8P, (°C) 247 247
FBP, ("C) 608 608
Molecular Weight 384 387
Sulfur, (ppm) 38¢ 386
Nitrogen, {(ppm) 954 654
N-paraffins, (vol%) 5.8 8
E-paraffins, (vel%) i2.6 18.4
Naphthenes, (vol%) 31.8 31.8
Aromatics , {(vol¥%!} 49.8 49.8

18682}  Table 2 shows a comparison of the predicted FCC product
compositions utilizing the Base Case and the Isomerized Case FCC feed

compositions shown in Table 1.



WO 2013/096066 PCT/US2012/069348
231 -

Table 2
FCC Product Compeositions

FCC Preduct Compassition, (vol%) Base Case Isomerized Case
€2 and lighter 14 1.3
€3 1.5 1.6
3= 6.8 6.9
C4 6.8 7.6
4= 8.1 9.4
LOCN (light gasoline) (123°C FBP) 310 318
HON (heavy gasoline} (167°C FBP) 16.6 16.8
LCO (255°C FBP) 19.7 18.8
HCO (397°C FBP) 16.2 15.4
{ at Bettoms 6.7 6.0
ABLE 2 NOTES:

5

1y “C3=" represents C3 olefing ; “C4=" represonts C4 olefing; “LUN” = Light cat
naphtha, “HCN” = heavy cat naphtha, “LCO” = light cycle oil, and “"HCO” =
heavy cycle oil.

2} Error range in calculated valoes +/- 0.05% (absohute}.

3} Total valoes reflect an increase in volumetric vield of the preduct from the FCC.

160831  Ascan be seen in the product data above, the process of invention
unexpectedly resulted in a 2.5% merease in desired FCC light gasoline
production {31.0 vol% to 31.8 volY) or a 2.1% increase 1n FCC overall gasoline
production (i.e., LCN + HON, 47.6 vol% to 48.6 vol%). As noted prior, in a
typical refinery, this can translate into an FCC gasoline production increase of
over 40,000 gallons per day in a refinery with a typical size FCC unit. Just as
unexpected, and very economically beneficial, 1s the fact that almost all of the
mcrease in the light gasoline production (most desired product) 1s offset by an
almost cotresponding decrease in the cat bottoms production (least desired
product). This increases the overall refinery economics of practicing this

process configuration.
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CELAIMS:

i. A process for ncreasing Fluid Catalytic Cracking (“FCC™)
gasoline production comprising:

a} contacting a hydrocarbon-contaming hydroisomerization
feedstream with a hydroisomerization catalyst under
hydroisomerization conditions {o produce at least one
hydroisomerized liguid product stream that has a higher iso-
paraffin content thauo the hydroisomerization feedstreany;

b} contacting in the reaction zone of an FCC reactor riser an
FCC feedstream comprising at least a portion of the
hvdroisomerized hiquid product stream of step a) with a fluid
catalytic cracking catalyst thereby catalytically cracking the FCC
feedstream mto an FCC product that has an average lower boiling
pouit than the FCC feedstream, and producing a spent catalyst;

¢) separating the FCC product from the spent catalyst;

d) cooling the FCC product; and

e) fractionating the FCC product into multiple FCC product
streams, wherein at least one of the FCC product streams s a
naphtha boiling-range product stream; and

fy utilizing at least a portion of the naphtha botling-range

product stream for gasoline production.

2. The process of claim 1, further comprising:
- contacting a hydrocarbon-contaming hydrotreater
feedstream contaning at least 250 ppmw of sultur with a
hydrotreating catalyst under hydrotreating conditions to produce at
least one hydrotreated liquud product stream and one hydrotreated

vapor stream, wherein the hydrotreated liquid product stream has a
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lower sulfur countent than the sulfur-containing hydrocarbon
feedstream;

- separating the hydrotreated liquid product stream from the
hydrotreated vapor stream; and

- utilizing at least a portion of the hydrotreated lhiquid

product stream as the hydroisomerization feedstream in step a).

3. The process of claim 1, further comprising:
- contacting a hydrocarboun-containing hydrotreater
feedsiream containing at least 250 ppmw of sulfur with a
hydrotreating catalyst under hydrotreating conditions to produce

the hydroisomerization feedstream.

4. The process of claim 2, wherein the hydrotreated ligmid product

stream contains less than 30 ppmw of sulfur.

5. The process of claim 3, wherein the hydrotreating catalyst and the

hydroisomerization catalyst are in a single reactor.

6. The process of any one of claims 2-5, wherein the hydrotreating
catalyst comprises at least one Group VIA metal and at least one Group VHIA
metal on a refractory oxide support, wherein the refractory oxide support
comprises suica, alumina, or silica~-alumina; and the hydroisomerization catalyst
is comprised of at least one Group VIIIA metal, and a zeolite selected from

EU-T, Z8M-35, Z5M-11, Z8M-37, NU-87, SAPO-11, ZSM-22, and Z8M-48.

7. The process of claim 6, wherein the hydrotreating catalyst has a

has an average pore size of from about 100 A to about 1000 A, and a surface

2y
/
/

ot

/g.

area of from about 100 to 350 m
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8. The process of any one of clauns 2-7, wherein the bydrotreating
conditions include a temperature in the range 450°F to 750°F (232°C to 399°C),
pressure in the range of 1480 to 20786 kPa (200 to 3000 psig), a space velocity
of from 0.1 to 10 LHSV, and a hydrogen treat gas rate of from 18 to 890 m’/nr’

{100 to 5000 sct/B).

9. The process of any one of claims 2-8, wherein the hydrotreater
feedstream has a TS boiling point of at least 400°F and a T9S beiling point of

less than about 1 15G°F.

10, The process of claim 9, wherein the hydrotreater feedstream is
comprised of at least 75 wt% of a hydrocarbon feedstream derived from a fossil-
based oil material, and 1s further comprised of from 5 to 25 wt% of o1l derived

from renewable biofuel sources.

11, The process of any prior claim, wherein the at least one
hydroisomerized hiquid product stream of step a) 1s sent to a distillation column
of to produce the at least a portion of the hydroisomerized liquid product stream
of step b), as well as producing a distillation column overhead vapor stream and
at least a first distillate product stream from the distillation colwmn, wherein the
distillation column overhead vapor stream and the first distillate product stream

are not sent to the reaction zone of the FCC reactor riser.

12, The process of claim 11, wherein at least one of the FCC product
streams 1s an FOC distillate boiling-range product stream and at least a portion
of the first distillate product stream 1s combined with at least a portion of the
FCC distillate boiling-range product stream to form a combined distillate
product stream; and wherein at least a portion of the combined distillate product

stream is utilized for diesel product blending.
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13, The process of any prior claim, wherein at least 50 wit% of the
normal paratfios in the hydroisomerization feedstream are converted to

tso-paratfins in the hydroisomerized hiquid product stream in step a).

14, The process of any prior claim, wherein the hydroisomerization
catalyst comprises at least one Group VIHIA metal, and further comprises a
zeolite selected from EU-1, ZS5M-35, Z5M-11, Z5M-57, NU-87, SAPG-11,
Z8M-22, and £5M-48.

15.  The process of claim 14, wherein the Group VIHA metal of the

hydroisomerization catalyst is selected from Pt and Pd.

16, The process of any one of claims 14-15, wherein the
hydroisomerization catalyst further comprises at least one Group VIA metal,
wherein the Group VIA of the hydroisomerization catalyst is selected from Mo
and W, and the Group VHIA metal of the hydroisomerization catalyst 1s selected

tfrom Ni and Co.

17, The process of claim 16, wherem the Group VIA of the
hydroisomerization catalyst is W, the Group VIIIA metal of the

hydroisomerization catalyst is Ni,

18, The process of any one of claims 14-17, wherein the zeolite m the

hyvdroisomerization catalyst is ZSM-48.

19, The process of any prior claim, wherein the hydroisomerization

feedstream contatns over 300 ppmw of sulfur.

20.  The process of any prior claim, wherein the hydroisomerization
conditions inchude a temperature of from 400 to §30°F (204 to 454°C), a

hydrogen partial pressure of from 1.8 t0 34.6 mPa (250 to 3000 psi), a hiquid
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hourly space velocity of from 0.2 to 10 v/v/hr, and a hydrogen circulation rate of

from 35.6 to 1781 m’/my’ (200 to 10,000 sci/B).

21, The process of any prior claim, wherein the conditions in the
reaction zone of the FOC reactor include a temperature from about 900 to about
1060°F (482 t0 571°C), a hydrocarbon partial pressure from about 10 to 50 psia
(70-345 kPa), and a catalyst to feed (wt/wt) ratio from about 3 to &, where the

catalyst weight is total weight of the fluid catalytic cracking catalyst.

22, The process of any prior claim, wherein the flud catalytic cracking
catalyst comprises at least one large-pore size faujasite zeolite and at least one
medium-pore size zeolite selected from Z8M-5, Z58M-12, ZSM-22, Z5M-23,

Z8M-34, Z5M-35, Z5M-38, Z5M-48, Z5M-50, silicalite, and silicalite 2.

23.  'The process of any prior claim, wherein the FCC feedstream
further comprises a heavy hydrocarbon feedstream boiling in the range of about

430°F to about 1050°F (221 to 566°C),

24.  The process of embodiment 23, wherein the heavy hydrocarbon
feedstream is comprised of a hydrocarbon stream selected from gas o1il, heavy
and reduced petroleum crude oil; petroleum atimospheric distillation bottoms,
petroleum vacuum distillation bottoms, pitch, asphalt, bitumen, heavy
hydrocarbon residues, tar sand oils, shale oil, and liquid products derived from

coal liguefaction processes.

25, 'The process of any prior claim, wherein feed residence time w the

reaction zone of the FCC reactor riser i less than about 5 seconds.



