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7 GASOLI NE PRODUCTI ON BY OLEFIN POLYMERI ZATI ON W TH AROVATI CS ALKYLATI ON
FI ELD OF THE | NVENTI ON [001] This invention relates to a process for the
production of gasoline boiling range notor fuel by the polynerization of
refinery olefins and by the reaction of the olefins with aromatic
hydr ocar bons. CROSS REFERENCE TO RELATED APPLI CATI ONS [002] This application
is related to co-pending applications Serial. Nos. 11/ 362257, 11/362256,
11/ 362255 and 1 1/362 1 39, of even date, claimng priority, respectively
fromU. S. Applications Serial Nos. 60/656,954, 60/656,955, 60/656,945 and
60/ 656, 946, all filed 28 February 2005 and entitled respectively, "Gasoline
Production By A efin Polynerization", "Process for Mking H gh Cctane
Gasol i ne with Reduced Benzene Content", "Vapor Phase Aromatics Al kylation
Process” and "Liquid Phase Aromatics Al kylation Process”. [003] Reference is
made to the above applicati onGASOLINEPRODUCITEONBYSOKEFINNe conbi ned,
integrated process descregIeXMBRIZATVION WITENARDMATSISALKYLADION this
application. BACKGROUND OF THE | NVENTI ON (004) Followi ng the introduction of

catal yti c cracki nFIPLD OFSHESINVENHONOl eum refining in the earl y 1930s,
| arge anounts of aolefins, particularly light olefins ?h as ethyl ene,
©

propyl ene, butyl ed@dl 1peEhifavenlign relatps do ¢ progespfopthe Pﬁﬂﬂa‘?ﬂof‘ gasolinebgiling at al yti ¢

cracking plants i RafeRitdii rid By th%biyﬁmﬁibﬁ&@oﬂhﬁfeﬁ@eﬁmﬁnm 48 Bdctdh of
petrochem cal feedstock, many conventional petrol eumrefineries producing

petrol eum fuel s arke dlefisivatisramasie Bydiesetbelsoabl e of diverting these material s
to petrochem cal uses. Processes for producing fuels fromthese cracking
off gases are th@@&ﬁﬁEwN%T@R&MTEDﬁHPL%AEQNSy days, a nunber of

oL e et 1 0ceSor VB Sl Rl LSl U S AGR: e 2o
nunber. The first 36225 yI/BE22V0) 1206@’569#@103&039 USE%&Va&O&I&;Mg Riority,

respectively from U.S. Applications Serial Nos. 60/656,954, 60/656,955,

60/656,945 and 60/656,946, all filed 28 February 2005 and entitled respectively,

“Gasoline Production By Olefin Polymerization”, “Process for Making High

Octane Gasoline with Reduced Benzene Content”, “Vapor Phase Aromatics

Alkylation Process” and “Liquid Phase Aromatics Alkylation Process”.

[003] Reference is made to the above applications for further details of the
combined, integrated process described below as they are referred to in this

application.

BACKGROUND OF THE INVENTION

{004] Following the introduction of catalytic cracking processes in petroleum
refining in the early 1930s, large amounts of olefins, particularly light olefins
such as ethylene, propylene, butylene, became available in copious quantities
from catalytic cracking plants in refineries. While these olefins may be used as
petrochemical feedstock, many conventional petroleum refineries producing
petroleum fuels and lubricants are not capabie of diverting these materials to
petrochemical uses. Processes for producing fuels from these cracking off gases
are therefore desirable and from the early days, a number of different processes
evolved, The early thermal polymerization process was rapidly displaced by the

superior catalytic processes of which there was a number. The first catalytic



pol yneri zati catalyst to polynmerize isobutene
selectively to diners which could then be hydrogenated to produce a branched
chain octane for blending into aviation fuels. O her processes pol ynerized

i sobutyl ene with normal butylene to forma co-dinmer which again results in a
hi gh oct ane, brangh d chain product. An alternative procegsygsasoPAesphoric
acid as the E’&M?",won a solid support, and this process can be operated to
convert all the C3 and C4 olefins into high octane rating, branched chain
pol ynmers. This process may al so operate with a C4 olefin feed so as to

sel ectively convert only isobutene or both n-butene and isobutene. This
process has t advapt age over the sulfuyric, acid process in,that_ propyl ene

may be pol ynBPYRSHZEEO 8 Ushd 4, Sulfprde agid cafalyshdo erize jsebuten o
L ohbenhor e ac . . .
05 o0 A O SR ALY s

I mportant refinery “polyneri tron of no

gasol i ne. (00chsdn | octdree féiPBlendingmito zatiation Misls.e SOthet qrdsesaés pplyaierigaded to
renove hydrogen sul fide and marca[])t ans whi ch woul d ot herw se enter the
product and Hebutylemecwithnosmahbutylencoln form ¢jcerdimer which agpin zespliscin an

octane and up t I.Lity <0 ucf .t Qnf or nyi nt.al
regul ations. %i %@m@%géh%%éﬁgdéﬁfﬁm@é’ g‘f ipg&%cgs gg%?ﬁ%ﬁ?@gen
sul fide and nggidag ges catafykgonVa! $olid bipport WRGNERIR PhobbssV\edif be { hefREP S
organi ¢ basis and azﬁacaustlc carryover. Because oxygen pronotes the

deposi tion of converly allather Cal and Cat blefinat inte dtigh bantane rating dweanched ol wat er

are mai ntained at a | ow oxygen |evel. Additionalpre- treatnents may al so be

used, dependiH%‘ayH’ﬁ% tllﬁlg1s Sessc ay; alsgy pperate with: énchﬁ?ﬁn {ge‘iﬁ@ ?%é?is.

Wth the nost &gﬂ% ' SRR ' B@E@ﬁ c acid
Sf'qt e %'?(Sel}‘}egtoé\i{tignt o1tén%h‘g‘§og%8%@&é/ﬁd 5 e cécli n’g@%ﬁ?@%@;&

on ki esel gubr, needs to

careful |y bechass¢hd hdvdstagwmioeer tioenisalfuric Sacid pricegh,int thet peopydénts mayobé ens
and the reactor, may plug. Conversely, if the feed is too dry, coke tends to

deposit on t hpolymesizgd es wedlascihs dutenes apdial the presenttivg, dbe soléd phesphpriessur e
d th ) ted by Henckst the distribyti f
wnter bet weermnfe IEAR) patiichhfin, HrotEh: tEhERE  the. i RbBHANCFHRRY ¢ o
and WO 2006/ 08419ferizbton/Sridedy 18P tHe/Broduction of motor gasoline.

[0005] In the SPA polymerization process, feeds are pretreated to remove
hydrogen sulfide and mercaptans which would otherwise enter the product and
be unacceptable, both from the view point of the effect on octane and upon the
ability of the product to conform to environmental regulations. Typically, a feed
is washed with caustic to remove hydrogen sulfide and mercaptans, after which
it is washed with water to remove organic basis and any caustic carryover.
{ Because oxygen promotes the deposition of tarry materials on the catalyst, both
the feed and wash water are maintained at a low oxygen level. Additional pre-
treatments may also be used, depending upon the presence of various
contaminants in the feeds. With the most common solid phosphoric acid
catalyst, namely phosphoric acid on kieselguhr, the water content of the feed
needs to be controlled carefully because if the water content is too high, the
catalyst softens and the reactor may plug. Conversely, if the feed is too dry,
coke tends to deposit on the catalyst, reducing its activity and increasing the
pressure drop across the reactor. As noted by Henckstebeck, the distribution of
water between the catalyst and the reactants is a function of temperature and



# 3 pressure which vary fromunit to unit, and for this reason different water
concentrations are required in the feeds to different units. Petrol eum
Processing Principles And Applications, R J. Hencksterbeck McGawHill,
1959. [0006] There are two general types of units used for the SPA process,
based on th®&0 #ae0%010t ype, the unit nmay be cl assified asrP@Evussaeber
reactors or tubular reactors. The chanider reactor contains a series of
catal yst beds with bed volune increasing fromthe inlet to the outlet of
the reactor, with the nost conmon comercial design having five beds. The
catalyst load distribution is designed to control the heat of conversion.

[0007] Chanbeprdseine! fhich 54 GorPRRELS  untlh, '4hd Félh 16 WAL BRGEnt Tifer
recycle stream depleted in olefin content fol [ow ng polynmerization, is
used to dil ut condentrations ame requirdibini the deedsfio differemtaniitr Ruiebliémn Preceskinghe
inlets of the follow ng beds.  Chapber_reactors usually operate at pressure
of approxi mat gmcﬁ%g’ﬁ%éﬂp F‘H&m(abbﬁeﬂﬁgmw(@)ﬂ“a +9er at ur e

bet ween 180 to 200C (about 350 - 400F). The conversion, per pass of the
unit, is dete[ooosEd Therd &re twogieneral Sy iof uatts ussl for thé'SPARFoBsR bR BDhi €am
Fresh feed LHSV is usually low, approximately 0.4 to 0.8 hr'. The cycle

|l ength for chilifFenctorbipeothe ynit mayibsslassifiedas\havingchamber meactdrs or hdads] The
t ubul ar react |s.basically a shell-and-tube heat .exchanger,,i i,ch the
pol ymeri zat i oﬁéaft(’i%'t i’ghgﬁmﬁg T5p c?ﬁmgs A FHrHes °€?at§¥? gds with prd.volpme, sed
in a cooling ' [ \ P . ure is
control l ed wi ?ﬁgﬁdfgﬂ%ggﬁ nltﬁgé ?ggii!vltjém%% E@%féi ﬁ%ﬁ%t%@?, @i@‘%ﬁ’%‘?al units,
that is fed oomiercishdedigrs heaeingffivehbedse dfteocatalybicload alistribitbars &0ddsignedt he
reacti ons taki ng tpl I%gqe i nside the tubes evaporates the water on the shell
si de. Tenper atQfe® ‘ﬂ heat of GORVEISISHY ar reactor is close to isothernal.
Reactor tenperature is primarily controlled by neans of the shell side

wat er pressur @00zpnChahiber r&itosrs aisuiity ﬁ?mﬂWﬁhdﬁ@l’écy@Ibdmﬁ.Coﬂiﬁ echylet he
reactor feed tenperature. Tubular reactors usually operate at pressure

bet ween 5500 Stiepmairpleted in obdm content following polymerization, is used fo dilute the

olefin at the inlet of the reactor and to quench the inlets of the following beds.

Chamber reactors usually operate at pressure of approximately 3500-5500 kPag
(about 500-800 psig) and temperature between 180° to 200°C (about 350° -
400°F). The conversion, per pass of the unit, is determined by the olefin
specification in the LPG product stream. Fresh feed LHSV is usually low,
approximately 0.4 to 0.8 hr'. The cycle length for chamber reactors is typically
between 2 to 4 months.

[0008] The tubular reactor is basically a shell-and-tube heat exchanger in which
the polymerization reactions take place in a number of parallel tubes immersed
in a cooling medium and filled with the SPA catalyst. Reactor temperature is
controlled with the cooling medium, invariably water in commercial units, that is
fed on the shell side of the reactor. The heat released from the reactions taking
place inside the tubes evaporates the water on the shell side. Temperature
profile in a tubular reactor is close to isothermal. Reactor temperature is
primarily controlled by means of the shell side water pressure (controls
temperature of evaporation) and secondly by the reactor feed temperature.
Tubular reactors usually operate at pressure between 5500 and 7500 kPag (800-



a0 2006109401 1100 psig) and tenperature of around
200C (about 400F). Conversion per pass is usually high, around 90 to 93%
and the overall conversion is around 95 to 97% The space velocity in
tubul ar reactors is typically high, e.g., 2 to 3.5 h{" LHSV. Cycle length
in tubular rea Oioﬁs/&ﬁolﬂor”a' ly between 2 to 8 weeks. [ 0009%ctros2066i087172
production of notor gasoline only butene gnd lighter olefins are enployed
as feeds to polynerization processes as heavier olefins up to about C, 0 or
C' can be directly incorporated into the gasoline. Wth the PSA process,
propyl ene and butyl ene are satisfactory feedstocks and ethyl ene may al so be

L e anount 301 P58 ARRCIebRRtaRiso o s P C e BB 1 Cotreshom e

undesirabl e bepaiseu@faliyfigh SRERAFYO E&Q?%%Hctﬁe Bb&ﬁﬂ%oﬂ?ér?i%ﬂ'i@ﬁ:lo‘(ﬁﬁ%tto

pol yners and to  accel erate deposition of coke on the catal yst he process
general | y oper aPé%. Thelspacectedodityeinytubulad reawtats tis typicallyyhiphad.py 20t W dw' 150

and 200C, usual t he .l ower. end of this range between 150 and 180" C,
when al | but enetj{aﬁ}e CB&)}F&&E%H&WWIMWM&@WMZE%Smlfs-when
propylene is included in the feed. In a well established comercial SPA

pol yneri zati on [pooglesBor tHeeprodhetionof @etbr igagslineconlybintens ahd ightir Gléfidsupet |
is fed to the reactor after bein preheated by exchange with the reaction
ef fl uent. Cont r emplsryedias fersdstto polyanerization progssseszstheavies oleGivs upto sbant G

the cat al'yst  beds Gih O, Gty éarporpie inthuhf cpasSiite, S iy PSR Broosss, "
Lemperatur e conbighldnd AHd"bfthedire Bittfactiry | 63400Hsbld BBYIGHE map QU001 N0

the reactors. The Solid phosphoric a talyst used I's ndn- corrosl ve,

whi ch pernits eitchrdedyto producs a capdlymes proeduct i the ghsolinetbuilingrange Thémited

hi ghest octane product Jj.s ohtai ned py using hut en eed, . wth a produyct

octane rating SMOPRS.afbua P“@P"(Yeg?lm%% z_ﬂﬂwqgﬁ ‘&’%&?B‘gﬂ 18 un es:ra%tfe

propyl ene/ but en Or ' - VA %]?p %ﬁgB '

propyl ene as th@%ﬁ%ﬁy@&@ﬁ%ﬁ%@#@# %glt%ﬁ@%i oC a(rQl}‘lé!l;1 r @%ﬁ%‘?é‘él ly

87. accelerate deposition of coke on the catalyst. The process generally operates
under relatively mild conditions, typically between 150° and 200°C, usually at

the lower end of this range between 150° and 180°C, when all butenes are

polymerized. Higher temperatures may be used when propylene is included in
the feed. In a well established commercial SPA polymerization process, the
olefin feed together with paraffinic diluent, is fed to the reactor after being
preheated by exchange with the reaction effiuent. Control of the heat release in
the reactor is accomplished in unit with chamber type reactors by feed dilution

( and recycle quench between the catalyst beds in the reactor and with tubular
reactor units, temperature control is achieved by means of the coolant medium
surrounding the reactors. The solid phosphoric acid catalyst used is non-
corrosive, which permits extensive use of carbon steel throughout the unit. The
highest octane product is obtained by using a butene feed, with a product octane
rating of [R+M}/2 of 91 being typical. With a mixed propylene/butene feed,
product octane is typically about 91 and with propylene as the primary feed
component, product octane dréps to typically 87.



. VO 2006/ 094010 PCTIOSZO0ET OO T o s 1O spi L€ of the advantages of the
SPA pol yneri zation process, which have resulted in over 200 units being
built since 1935 for the production of gasoline fuel, a nunber of
di sadvant ages are encountered, mainly fromthe nature of the catalyst.

Al t hough t heggahilo¥siioi S Non-corrosive, so that nuch of gdrausespeioprrent nay
be made of carbon steel, it does lead i§ to a nunber of drawbacks in
operation. First, the catalyst life is relatively short as a result of
pel l et disintegration which causes an increase in the reactor pressure drop.
Second, the spent catalyst encounters difficulties in handling fromthe

envi ron- nent oint _of view hei acidic in, nature.. Third, operat,ional
and quality @@H@t r% ?R‘;E‘z P*%ét “&Y’éﬁ?&ﬁ%‘?@sd@%&f’ﬁwfzm BW""%DW%E%I y, a
catalyst whi cliavéi fsultétt il dver D00SEhifd! BAY VR Ihroe P85 (8 1" progiisdiE bitb! e
operating and econom c advantages. (0011] In recent years, ‘environnental

| ans and regugaslinnduele hambet iofi disadvantages nave nncofintersd; ensinlyh ifivin ithe

perm ssi bl e in petrpl. eum ot or el 5. .,These regul a- tions have produced
subst anti al c‘Pﬂi‘ﬁ'@e‘%p Vﬂer@-{tg‘a‘ééhfheo%‘aelw 18 Ai9Breprigsive, sp{hatcmuch of

regul ati ons, s of | S e C n fs re feed
sogas to avoi%eg%ﬁﬁg@ﬁga?o%@%eﬁggﬁgggi%e& ﬁgggéﬁn a tlg(r%ga ﬁ@@%ﬁfoach
is to renove diawbaciazimnepdration.! Mirst, ahe camlyst Alfd & reldtively Ghorfas aésuteaps of

an aromatics extraction process such as the Sullfolane Process or UDEX
Process. Vel pellettdisintegsation: twhich jcsusasi ath inerease: i shereactor iposssunsi top.
associ ated wi gh ef,r ocheq ¢ | ant s usual.l y. have.the. ability to ,
acconmmodat e t%@oﬂgnﬁn@m{nﬁyﬁf)%‘f@nws 8%@ lem @?F&I:‘Rﬁ b@%é’ﬁz@ﬁ%’@b
petrochem cal gehia¢ tof Vie i { £ t t ; Equali
speci fication For ?gp#n%fri{ngﬁwwt}% Sfmtlﬂféﬁg%ml cheni ¢ %}E%digbu i?‘i/a.h%\hi | e
sal e of the eoonstraintsilitninfAexiblefeedstodk atilizationn e Obeivusly, @adatalpstrwhishalid i s

often an option,, i product to, producers who

t has the_di sadvantage of | osin
will add nor ebefhaye these disaguantages Fowld 9@’@559n81émghl§m§mgowdwespnanegent
its own di ffi&Wahjtagﬁsi n dealing wth bulk shipping of a chemcal classed as
a hazardous naterial.’

[0011] In recent years, environmental laws and regulations the have limited the
amount of benzene which is permissible in petroleum motor fuels. These regula-
tions have produced substantial changes in refinery operation. To comply with
these regulations, some refineries have excluded Cs compounds from reformer
feed so as to avoid the production of benzene directly. An altemative approach
is to remove the benzene from the reformate after it is formed by means of an
aromatics extraction process such as the Sullfolane Process or UDEX Process.
Well-integrated refineries with aromatics extraction units associated with
petrochemical plants uwsually have the ability to accommodate the benzene
limitations by diverting extracted benzene to petrochemicals uses but it is more
difficuli to meet the benzene specification for refineries without the petro-
chemical capability. While sale of the extracted benzene as product to
petrochemicals purchasers is often an option, it has the disadvantage of losing
product to producers who will add more value to it and, in some cases,
transportation may present its own difficulties in dealing with bulk shipping of a

chemical classed as a hazardous material,
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6 [0012] The renoval of benzene is,
however, acconpani ed by a. decrease in product octane quality since benzene
and other single ring aromatics nake a positive contribution to product
octane. Certain processes have been proposed for converting the benzene in
aromati cs-cont Q\I(F%}dﬂ?/o%ﬁiﬂi nery streans to the | ess toxic al gyiasRogdores such
as toluene and ethy enzene whi ch thenselgves are desirable as high octane
bl end conponents. One process of this type was the Mbil Benzene Reduction
(MBR) Process which, like the closely related MOG Process, used a fluidized
zeolite catalyst in a riser reactor to alkylate benzene in reformate to

fromal kylaromatics. suygch as toluene. The MBR and MOG progesses are .
described in U Emé]at g‘ﬁRWYﬂh@%&FP%;m’ 1QyvgRyengaccompagiedsby a. demease in
4,746, 762. [001 cﬁﬂ:? p CI#&E@? I .efq | Lt ho

conveni ent outlﬁos tc?:&fgp!)lgt ocC rﬁmfcglﬁ ee S%é@ﬁ?ﬂ&gélﬁ%lg[ﬁ%cﬁ %g%}é%éé‘% g ¢

ol efins. Fol | owpogitiv &ontriutiotiuot product§ ostied| Ceitainprocdsse0hiVeIbeasSibpbitd
petroleumrefining in the ear|]y 1930s, |arge amounts of ol efins,

particul arly |i &r converting the bénzsne dn ayommatics-contaipipgaelineny strgamscto the desse

avai | abl e in copiqQus tities fro talyti.c_.crackin l.ant,s i n
refineries. Wi ?‘Jggg %@J&&%qcﬁssugﬁﬁ hﬁ%g}fﬁ% %?_é‘e?‘BI’f ﬁ?‘ﬁf@‘? rvghl%ﬁ II’E?FPFAY"S are
feedstocks, the degitdbie ak Highviobfane bldrl tomperEnta! CmRPaRLédstof Bis typeapaiteal |y
attractive and conveni ent nmarkets for these olefins may have to” use the

excess |ight ol MohikBenzénecRedpetion(MBR3 Pyoricss wdnicth, dikertbercloselysielated MOG
alternatively, convert the glefins to marketable, liquid products. A nunber

of different p&%?é%i‘?& .ﬂoﬁm&#ﬁaé@ ?@E‘Iijy%r%&féﬁeﬁ qcFQfJPdﬁﬁaP@rbeF%@esmfrom
cracking off-ga I I .agﬁm% e BV agihAg
process but at ﬁgﬁ%@eﬁn ,lﬂt %%Mso [ Hgg)%gg%lﬁor%sl gghé%#d [ A)%ﬁ#érﬁgg on

process remai nprddessegtirt destribddfii U.Sf Palenits IN64.Y4B27,069; 99503804990 ®07t he
production of notor gasoline. This process has however, its own dravJoacks,

firstly in the a8@d,7460/6ntrol the water content of the feed closely
because although a limted water <content is required for catalyst activity,

the catalyst sofgrasp iAhdthé proBRANERIMY petroleum refineries without convenient outlets
for petrochemical fecdstocks is that of excess light olefins. Following the
introduction of catalytic cracking processes in petroleum refining in the early

1930s, large amounts of olefins, particularly light olefins such as ethylene,
propylene, butylene, became available in copious quantities from catalytic
cracking plants in refineries. While these olefins are highly useful as petro-
chemical feedstocks, the refineries- without petrochemical capability or
economically attractive and convenient markets for these olefins may have to
( use the excess light olefins in fuel -gas, at a significant economic loss or,
alternatively, convert the olefins to marketable liquid products. A number of
different polymerization processes for producing liquid motor fuels from
cracking off-gases evolved following the advent of the catalytic cracking process
but at the present, the solid phosphoric acid [SPA] polymerization process
remains the most important refinery polymerization process for the production of
motor gasoline. This process has however, its own drawbacks, firstly in the need
to control the water content of the feed closely because although a limited water
content is required for catalyst activity, the catalyst softens in the presence of

excess water so that the reactor may plug with a solid, stone-like material which



excess wat ug a solid, stone-like materi al
whi ch a WD 2006/ 094010 PCT/ US2006/ 007172 7 is difficult to renove w thout
drilling or other arduous operations. Conversely, if the feed is too dry,
coke tends to deposit on the catalyst, reducing its activity and increasing
t he pressurewgrzmmg&ﬁ(pss the reactor. Environnental regulgihRBooshsrdl SO
affected the di'spoSal” of cracking olefifs fromthese non-integrated
refineries by restricting the perm ssible vapor pressure (usually neasured
as Reid Vapor Pressure, RVP) of notor gasolines especially in the sunmer
driving season when fuel volatility problens are nost noted, potentially
creating a need, for additional olefin utilization capacity. [0014]

Ref i neries wiis géfficultrioi remowa withous dridling a1 ether arduous opexations.nflonwerseliyor

benzene or e | i,aht ol.efins theyefore encouynter problens fromt

di ffzerent d?‘lfgﬁqsfq;hgsg%%#ﬂiﬁé@fsﬁpﬂmﬁa}lgﬂ%gg@@s F&‘H’%HF&CE le the
| efi | d

bo_dogi r abl o 20, ety BE1AEMAr Grop Bl Bd fcto? Tlviithiint Abpilicos o

met al | osi | i cdias alsataffectéd tipe disposdll of Cfvking olefmonfremt tHese zneinteprated

al kyl aromatics _using olefips fromsoyrces such as FCC or coker fuel gas,
excess LPG orrefingties pyaesiichingathe peamissibly vapes mvessure (eswely rmeasuzed &8 upon

light olefin I ' ne to pr.agduce,al ar opatics,

pr i pai 1y 1 R Hebnd 300P) o oot TAEGIes) SaRealy Snd St BRand
al so upgr adeckehsor0wheh il vobility pRobleis tafe Aibst nOROCASIEntidllP6edfify ¥ Heb®.
Conversion of light FCC naphtha olefins also leads'to substantial reduction
of gasoline ofosndditionat elefin atilizatignosappeitssure. The yiel d- octane uplift of
MBR nmakes it one of the few gasoline refornulation processes that is

actually eco ygal ﬁﬁ%@“""ﬁﬁ ' rﬁ%lcr]!‘?idﬁhhfbg | ] gﬁq(lég e MOG
Process, howe er4,a tﬁg Pr oc@ststhér;hégﬁ’?l ed consi le's;}élﬂﬂglog cagil?a fof
expendi ture, lbenkzend or exdess hight diefint therefore ehcoumtatqapblens fampl tivoadifferent i n
times of tight, refini ng mar. gi ns, The MBR process al so used hi gher fenpera-

tures and C5+difgctions and donthess plants; prrpesses which waudd enable thesexcegpolefins

del eteriousl Yo 4 the benzene to be converted to marketable products would be desirable.

[0015] The fluid bed MBR Process uses a shape selective, metallosilicate
catalyst, preferably ZSM-5, to convert benzene to alkylaromatics using olefins
from sources such as FCC or coker fuel gas, excess LPG or light FCC naphtha.
Normally, the MBR Process has relied upon light olefin as alkylating agent for
benzene to produce alkylaromatics, principally in the C;-Cg range. Benzene is
converted, and light olefin is also upgraded to gasoline concurrent with an
increase in octane value. Conversion of light FCC naphtha olefins also leads to
substantial reduction of gasoline olefin content and vapor pressure. The yield-
octane uplift of MBR makes it one of the few gasoline reformulation processes

that is actually economically beneficial in petroleurn refining.

[0016] Like the MOG Process, however, the MBR Process required consider-
able capital expenditure, a factor which did not favor its widespread application
in times of tight refining margins. The MBR process also used higher tempera-
tures and Cs+ yields and octane ratings could in certain cases be deleteriously
affected another factor which did not favor widespread utilization. Other
refinery processes have also been proposed to deal with the problems of excess



«osaaf f ect ed another factor which did not favor w despread utilization. O her
refinery processes have al so been proposed to deal with the probl ens of
excess WD 2006/ 094010 PCT/ US2006/ 007172 8 refinery ol efins and gasoli ne;
processes of this kind have often functioned by the alkylation of benzene
with ol efins ofpaOhhisdesdthKY! @ting agents such as nmet hanol t opering2006l068H52 t OXi C
al kyl aromati c precursors. Exenplary procegses of this kind are described in
U S. Patents Nos. 4,950, 823; 4,975,179; 5,414,172; 5,545,788; 5, 336, 820;
5,491, 270 and 5, 865, 986. 10017] Wil e these known processes are technically
attractive they, like the MOG and MBR processes; have encountered the

di sadvant age of needing to a_ greater or |esser, gggee, sone capital
expendi ture, a YAWEHYO ﬁnﬂigﬂwlmeéﬂmcﬁ%ﬁgﬂys haye ofteafimetigned by fhe

Mot alted at - r SRUbEbn e ebGR B NS o b B BT SRR IReGarty 51 "
al kyl at e benzengfioles®iGWE alleylarodtieSprevhrstrs! BRe@phiry Proo¥aststoftidRmd dré i al

to nmeet gasoline benzene specifications, increase notor fuel volume with

hi gh- oct ane al kg¢saribeditincU.S.oRplentsd Noan 4,950,830 b7 5179,y S 43437215, %45,788; he
current plant i n llpat e. me refineries, the reactive renoval
of C2/ C3 ol efi ngs\éSﬁ«?Eﬁ: g*ﬁ?&@bﬁaﬂ’g Sbézér’g S capacity limtations. Such a

process shoul d: Upgrade C2 and C3 olefin fromfuel gas to high octane
bl endi ng gasol i jpe17])l NWielks thelsé dtioin processes raé itechmycaligestractive theyg Gike rthe
benzene content_in the gasoline blending pool A low refineries wth benzene

probl ens to feeMQGe prasses, havevenenuaiared the disadeantage efspeeding toea
reformer, increasi bot h t heg hydrogen coduction fromdthe ref.ornet..and the
bl end pool oct a ?Pege qu’?@erpﬁﬁg}éﬁeangnC@H&FF@%‘? %‘rw’v\?lftﬁ':tﬂ'é Mvﬁé‘l}ﬂ? S
order ,to conpl ysthiriglly gkt thémih t cisdRistdrceal | ons. Have the potential,
by thé renoval of olefins fromthe fuel gas, to increase capacity in the

fuel system faciouid) pérthése Teasons, s refinery process capable of being installed at

relatively low capital cost and having the capability to alkylate benzene (or other
aromatics) with the olefins would be beneficial to meet gasoline benzene
specifications, increase motor fuel volume with high-octane alkylaromatic
compounds and be economically acceptable in the current plant investment
climate. For some refineries, the reactive removal of C,/C; olefins could
alleviate fuel gas capacity limitations. Such a process should:
Upgrade C; and C; olefin from fuel gas to high octane blending gasoline
Increase flexibility in refinery operation to control benzene content in the
gasoline blending pool
Allow refineries with benzene problems to feed the Cg components (low
blending octane values) to the reformer, increasing both the hydrogen
production from the reformer and the blend pool octane. Benzene produced
in the reformer will be removed in order to comply with gasoline product
specifications.
Have the potential, by the removal of olefins from the fuel gas, to increase
capacity in the fuel system facility, For some refineries this benefit could
allow an increase in severity in some key refinery process, FCC,

hydrocracker, coker, etc.



al l ow an i ncrease T Sever Iy T m=eomeE~key refinery process, FCC,
hydr ocr acker, coker, etc. a WO 2006/ 094010 PCT/ US2006/ 007172 9 [0019] The
necessity of keeping capital cost |ow obviously favors fixed bed catalytic
units over the fluid bed type operations such as MOG and MBR. Fi xed bed
aromatics al W(#?Jo&/?loﬁr ocesses have achi eved conmmerci al seatgsieboorivat he
petrochem cal tireld. The Cunene Process ¢ffered for |icense first by Mobil
Q| Corporation and now by ExxonMobil Chem cal Conpany is a | ow capital
cost process using a fixed bed of a zeolite al kyl ation/transal kyl ati on
catalyst to react refinery propylene with benzene to produce petrochem cal
grade cunene. Processes for cunene manufacture using various nol ecul ar

0 S 3 755, 4o 001o .y  TRCEbeSERTbE REAyhE ohplf RO BB tavers, Bied Bt
refinery benzesalysicamids @t dicfluidbeddype bperafionishicRas FRYGLend Y Fixed!- S-

4,393,262 and U, S. al so describe processes for making cumene fromretinery
benzene and pPeppranetiassalipylation processest hayes achievedecommerdialoddater usentrethel ar
8

b
0 S “a o1, asbomelerRllEiIa: The Citnehe proseen olGed 16 fipemse torthy MotibBios -

U S 4,891, 45
descri bes the(jéﬁ_ﬁ) EohRMdb; ' ry + U S
5,371, 310 descri bergﬁ?lﬁgﬁ ﬁ?gb%?&a camdyé?@g%}%ﬁgf ﬁﬁg’ﬁ“ﬁgﬁsﬁf’?ﬁ% é%ér-}sltal

MCM 49 i n t heptacesssudiky adfixedbeaf ofla zeclite ailylatimiizampalkylition faalyee, rebdtS.

5, 258, 565 descrj bes the use of a catalyst containing the sieve material
MCM 36 to pro T PBYieBe; With Bengeae ctonpieducenpeirochemicals gradeanumso® ppm
xyl enes. [002 trochem cal .al kyl ati on processes such as i hose
referred to g%%%gb’%sggr RGReRs MpfASHIE usme Yﬂﬁ’é‘ét‘? e?@%?@v‘? ﬁa'ﬁtyﬁfsghaé’ﬁm
refineries W péeldescBé ' ; 2kd: or | heyg r : . ds and
their products ar eesf ar d?Er“f)re Eufégtgﬁégn ré%qufkeg ;l%’ ﬂ%l%ﬁﬁ’g%%cgﬁfegﬁn

addi tion, ot hprocgssofor emaking petrochenmicalunimsenedirom refinerytbdnewie aid poopykineg a

rocess for not.or solin roduction
P Deing aOBRed bed & 28VE15 Tatalyst; U.S. 4,303.262 and U.S. also describe

processes for making cumene from refinery benzene and propylene using ZSM-

12 catalysts. The use of other molecular sieve catalysts for cumene manufacture
has been described in other patents: U.S. 4,891,458 describes use of a zeolite
beta catalyst; U.S. 5,149,894 describes the use of a catalyst containing the sieve
material SSZ-25; U.S. 5,371,310 describes the use of a catalyst containing the
sieve material MCM-49 in the transalkylation of diisopropyl benzene with
benzene; U.S. 5,258,565 describes the use of a catalyst containing the sieve
material MCM-36 to produce petrochemical grade cumene containing less than
500 ppm xylenes.

[0020] The petrochemical alkylation processes such as those referred to
above, do not lend themselves directly to use in petroleum refineries without
petrochemical capacity since they require pure feeds and their products are far
more pure than required in fuels production. In addition, other problems may be
encountered in the context of devising a process for motor gasoline production
which commends itself for use in non-integrated, small-to-medium sized
refineries. One such problem is the olefins from the cracker contain ethylene
and propylene in addition to the higher olefins and if any process is to be



, v v o i
~i7hi ch conmends itself for use in non-integrated, snall-to-nedium sized
refineries. One such problemis the olefins fromthe cracker contain
et hylene and propylene in addition to the higher olefins and if any process
is to be WD 20061094010 PCT/ US20061007172 10 econom cally attractive, it is
necessary for wo22&/08emsune both of the |ightest ol efins. HITAj5068€71T2s nor e
reactive than ethylene and will formcunmee by reaction with benzene at
| ower tenperatures than ethylene will react to form ethyl benzene or xyl enes
(by transal kyl ati on or disporportionation). Because of this, it is not
possi ble with existing process technol ogies, to obtain conparable
utilization of cate)Vo ' ' ' hehin, feed
from the Foou STRPTEM PmERRE L aF Dot ool FEF S ciilifly o KB a2
achi eved by hi glbfins.t drppyleherie mer mhctive thancethbienenddneill FofRf Wunidaei byn f or
t he propyl ene/ benzene reaction shifts away from cunene at tenperatures

above about 26westioroWith benzene &b lowsn demperatimesothanhethylene dwilh reaciStonfiomy  of
the Invention [ have ,now devj sed,a,nrocess. whi ch.enabl es_|i ght
refinery ol efi n‘%ﬁﬁi’lﬁ%%ﬁfh‘g Wg%?e&y_(iﬁ—ﬂﬂky %‘%%?W??@Bﬁq Otha?ﬁag'?ﬁJEfi on
of gasol i ne andhisp@siiddtpoRkiBlewith Gixidtitg Pro6essREQHMdSes 45 bfin 68 107
road diesel blend stock "by two conplenentary routes 1n conbination with one
anot her in an iufilizgtion ofl ethylanecand prapylend in apsocesansing & nsixed olefinsfead from

pol ynmeri zed (a | ecul ar

wei ght product gti’g?d(mg | %E‘?quz}’e W&‘%t}ﬁéé{‘ i t{°§|cﬁ%!t“m§1| g#égleggﬁ Rekigyed he
it | Enan o . .
route, the mxo ot tibbeafifc \Rrbaf, B Alindtimbif GRIMFIRCKY G ces

to produce a higbpylehdbenzene iehétiord ahiflsi aﬁaﬁ%ﬂ]n@m@}ﬁgm téhpétififres AbGve
process achieves good utilization of both the olefins present in a mxed

olefin feed frabouh260°CHIORRAT), withheomaequegt loss of thispriducbns favorable to the
utilization of the ethylene and propylene in the stream butenes may be

included in thewhablyof B8dnldntioht €r native outlets are not available. Thus,
t he

[0021] We have now devised a process which enables light refinery olefins
from the cracker (FCCU) to be utilized for the production of gasoline and
possibly higher boiling fuel products such as kerojet or road diesel blend stock
by two complementary routes in combination with one another in an integrated
process unit. In one route, the olefins are polymerized (actually, oligomerized to
form a relatively low molecular weight products boiling mainly in the gasoline
boiling range although the traditional refinery term is polymerization) and by the
complementary route, the mixed olefins are used to alkylate benzene from
( refinery sources to produce a high octane aromatic gasoline boiling range
product. The process achieves good utilization of both the olefins present in a
mixed olefin feed from the FCCU while operating under conditions favorable to
the utilization of the ethylene and propylene in the stream; butenes may be
included in the olefin feed if alternative outlets are not available. Thus, the
present process provides a ready outlet for olefins in non-integrated refineries as
well as a way of producing high octane, gasoline of controlled benzene content.
The process is operated as a fixed bed process which requires only limited
capital outlay and is therefore eminently suitable for implementation in small-to-

medium sized refineries; in fact, being a relatively low pressure process, it may



R n——
w#pr esent process provides a ready outlet for olefins in non-integrated
refineries as well as a way of producing high octane, gasoline of

control | ed benzene content. The process is operated as a fixed bed process
which requires only limted capital outlay and is therefore emnently
suitable for inplenentation in small-to- nediumsized refineries; in fact,
being a relatively | ow pressure process, it may -Ji- be operated in existing
| ow pressure units with a mnimal anount of nodification. (0022] According
to the present invention, a mxed light olefin streamsuch as ethyl ene,
propyl ene, and butylene, optionally with other light olefins, is
polynerized to forma gasoline boiling range [C5 + - 200C] [Cs+ - 400F]
product in the presence of a catal yst whieh-conprises a nenber of the MAW
famly of zeolites. The process is carried out in a fixed bed of the

catal yst either i r fagd 4d

quench to control %haoljﬁlgatabﬁlr e{u¥tﬂ§e§o\%ﬁ§%§§u{é§‘é§sp g’ce B#H#hpgmgﬁ%aﬁgr type
reactor with extermaflificgieper ature control. The olefins are also utilized
separately to alkylate a light aromatic stream such as reformate which
cont ai ns benzene o[t)om]hew:sbrﬂ‘ggmthépgseaﬁmﬁén;anﬁa&ﬁgﬁmﬂﬁn s&e@xsuﬂyésene, as
the extractant. The,product strea mth routed to a
common recovery seﬁt{"ﬁﬁtﬁ RSP, ?‘?ngi’cf"i’r%rl?ﬁ{y ‘%ﬁ’@f?@) W‘fﬁ % T Ryl ation
reaction nrayI behcapcrlyxﬁdgﬁwtto doreesd gty boﬂﬁﬂgaﬁﬁge I0squi dowhtﬁes«kor 400°F] ]
supercritical phase condi ons re ctor Fr eque phase
conditions wll pr%‘? & méag 6ﬁat§1¥%vﬁkxgé&0@m§)gmﬁﬁf %ﬁfg;pﬁgw

condi Itl ons gsed Afanﬁllsre:fﬁmeetsorr}équbdee&:s cdﬁléﬂﬂudmwf&bw dﬂthdﬂ’a&%&!dlm&nderf -
normal conditions ro ni,fic opor t.ions o
CEO and hi gher hyﬁ‘r“cfé’ﬁ‘?‘% ‘}13 SoR o 25t ARy ‘ﬁ@ﬂ&%‘éa(mc O f
Gas) in the ol efi ﬂie&ﬁadhmmamqnue@r wmmmmﬁqeacéd% Q&amteﬂfeman{eﬂlbéraﬂuﬁ the
vapor phase or under )glzfﬁ @Ease c ndl i ons %%gl a@wpl ghe‘\ ol efi ns

i ncl udi ng propyl en®™4R UPEHRS Bt sﬁr‘{—ff E’*’ﬁltsep Y P 20 Afa ER YD v
comence in the supgbeisuél SdeforifiasMich VaRahs BRase ofbded dikld AnPhasic

ol efinlaromati c processes with prefe red proc%ss conf i ura}brl ons and process

conditions are di stATHOUES; HECKIREN; Hig extractant. The product streams from the two
reactions are routed to a common recovery section for fractionation.

[0023] The aromatics alkylation reaction may be carried out under vapor
phase, liquid phase or supercritical phase conditions (reactor inlet). Frequently,
mixed phase conditions will prevail, depending on the feed composition and the
conditions used. At the reactor outlet, liquid phase will prevail under normal
conditions with the product including significant proportions of Cy, Ciy and
higher hydrocarbons. With significant amounts of ethylene (FCC Off Gas) in
the olefin feed, operation may commence (reactor inlet) in the vapor phase or
under mixed phase conditions and when higher olefins including propylene and
butene are present, operation may frequently commence in the supercritical
phase. Vapor phase and liquid phase olefin/aromatic processes with preferred
process configurations and process conditions are disclosed in co-pending,
concurrently filed patent applications Nos. 11/362,255 and 11/362,139 (claiming
priority from U.S. Serial Nos. 60/656,945 and 60/656,946, entitled “Liquid
Phase Aromatics Alkylation Process” and “Vapor Phase Aromatics Alkylation

Process”™) to which reference is made for a description of these processes.



“oncurrentl y' filed patent applications Nos.

111362, 255 and 11/ 362, 139
(claimng priority fromU. S. Serial Nos. 60/656,945 and 601656, 946,
entitled "Liquid Phase Aromatics Al kylation Process” and "Vapor Phase
Aromatics Al kylation Process”) to which reference is nade for a description
of these processes. -12- (0024] The integrated process unit conprises
separate, parallel reaction sections in one of which the olefin
oligonerization is carried out and in the other, the aromatics al kyl ati on
reaction. In one variant of the present process, the olefin oligonerization
reaction is carried out in the presence of a catalyst which conprises a
zeolite of the MW famly, as described in co-pending, concurrently filed
patent application U S. Serial No. 11/362;B57 (claimng priority from
Serial No. 60/656,954), entitled "Gasoline Production by Aefin

Pol yrmeri zation" with the aromatic al kylation reaction carried out in the
second reactor sef@24ins Thadeteghfed mersr ahit ceapiseo nempons]i parablals ralesor i bed i n

co- pendi ng, concurrently fil ed t.ent pl.ication U S. .Seri.al ,No

127565, 258" (ot at m 60Ot 57 o6 SpREFShRRRl R a gt SmEE St IV B - pr ocess
For Maki ng Hi gh Ccéibsrethe edamticsrékylilibhreiieidnde dneBarizie béthEprebenprbcesd, thespeci fi
types of al kylatio rocess, .the aromatic .al kylation may al so be.carried
under eit her vaporgiﬁwgglég"m(?f}mf’? f“"aﬁ?}‘ 15,758 Of’b\% ﬂgﬁ Ifr?%’r’c@r# a(?%t?lé{“ft))vzlfcg’ in order
to secure optimum &nfirisés aUtédlitez af | the), MBSV dRassly e desaribed-ipeadpending,
concurrently filed paten i cation .No. / 362 5 (¢l aim priority of
S serial o, corBRuTeais TR ofeh, thubilin, S picrl N e he) Kinee on
Process” or under pridiity trofahSegial NoNsl/456964), atitled| eSabIiRRCRrodIRtiCO b OinNg,
R N e e MU

Al kyl ation Processreactd@6fond ke S géadrhladicioidilioncddsan@d ilMcgpeaahgr det ail

bel ow with reference to the,ofher applicatiops_ to ich. reference is nade
for a detailed dest¥FHTtER fﬂ?‘} PrigEenplsatien df-S¢ § mb\\/}\\/&‘ a’11{35?7?%é§§‘.““’@RAW NGS

[0025] Figure 1 shgisitAfiph@eAaNG 6658Is5Terkifld TSR ok MaRBg MidteOcthdeght
refinery olefins tg LR RERLL Bt LMLl e BLIEUSLA0F [ugonver ting
t he p typ y
process, the aromatic alkylation may also be carried under either vapor phase
conditions, using two different catalysts in order fo secure optimum clefin
utilization, as described in co-pending, concurrently filed patent application No.
11/362,255 (claiming priority of U.S. Serial No. 60/656,945, entitied “Vapor
Phase Aromatics Alkylation Process” or under liquid phase conditions as
described in co-pending, concurrently filed patent application No. 11/362,139
{claiming priority from U.S. Serial No. 60/656,946), entitled “Liquid Phase
Aromatics Alkylation Process”, These process variants are described in greater
detail below with reference to the other applications to which reference is made

for a detailed description of those parts of the overall process.

DRAWINGS

{0025] Figure 1 shows a process schematic for polymerizing mixed light
refinery olefins to form a gasoline boiling range product and for converting the

olefins and benzene to motor gasoline in a two-train, fixed bed process unit.



v ol efins and benzene to notor gaso| Ine In atw-train, fixed bed process
unit. WD 2006/ 094010 PCT/ US20061007172 13 10026] Figure 2 shows a process
schematic for polynerizing mxed light refinery olefins to forma gasoline
boi li ng range product and for converting the olefins and benzene to notor
gasol i ne in gyg/apisagfase al kyl ation reaction. [0027] Fipowes280sa0mas a
process schematic for polynerizing mxee#light refinery olefins to forma
gasoline boiling range product and for converting the olefins and benzene
to nmotor gasoline in a liquid phase al kylation reaction. [0028] Figure 4
shows a second process schematic for polynerizing mxed light refinery

olefins to fog i nesbai L ing ran oduct or canverti t he
olefins and b drpzzgk tsfg%t% éﬂé’g“s“o%%"%ﬁ %ﬁl ﬁfﬁﬁlﬁipﬁ’? ga‘ﬂ’t‘?ﬂ%@ct i on.
DETAI LED DESC&BB@EI%RH&‘W ofide Bl &We&lng the
schematic for an fin polyrrerlggagtlon/alk atlo?rbmt ownln
sinplified foolefing aaddenzent to/metor gasoling mﬁfvapasp!msé aﬂnylatxan&éacrtmny fluid
catalytic cracking unit (FCCU) including Iight mxed olefins, typically C2,

C3 and 4 oleflns p}_gsml W|th some higher olefins as wel|l as |ight
paraf fins (rre howesoa rrocesst sohematie M@qlmmzms mmed hﬂltough

[ 10 d
ol yrer i zat i of¢ ol E%@ﬁ*sé@fﬁ?’gﬁ 4 BedoffBs e TroBe Prodty snl Jo Fisfirting.
al kyl ation reatdfitis andUeh2éneld ﬂl@cbﬁgﬂéminw&al fpﬁdsefancylétfédfeséﬁbnaf omat i cs

stream al so enters the unit through |ine 13 and passes“to the aromatics
al kyl ation section in reactor train 16. In each case, the feed to the

respective regmizer S erﬁw%}g@(; | b

heaters (not 7@310{,\“) %?ﬁ??%gwﬁagﬁ?hﬁ%é%sgr omthe re gl;ng to supply heat
to the feed |ﬂnghttﬂiimqnobﬁnsmﬁmgasdhmﬁo&hngmge@kamdoanﬁmveﬂmtghrOugh
a guard bed reactg}El ﬁ%@% shown) prior tQ entering each of the two reactor
trains n ordethselefing enzsae fermedon gasolimpmp liguidipbase elkylation seagtipe.
operated on the swing cycle with two beds, one bed being used on stream for

cont am nant r@)E’FAEEDdJES(DRIMMGF‘TWEW@N in the conventional
manner. |f desired, a three-bed

Process Configuration

[0028] A schematic for an olefin polymerization/alkylation unit is shown in
simplified form in Figure 1. A stream of off-gases from a refinery fluid catalytic
cracking unit (FCCU) including light mixed olefins, typically C,, C; and C,
olefins possibly with some higher olefins as well as light paraffins (methane,
cthane, propane, butane) is led into the unit through line 10 and is split between
the two reactor sections, entering polymerization reactor section 15 through line
11 and the aromatics alkylation reactor section 16 through line 12. A light
refinery aromatics siream also enters the unit through line 13 and passes to the
aromatics alkylation section in reactor train 16. In each case, the feed to the
respective reactor section may be heated in heat exchangers and fired heaters
(not shown) using the hot effluent from the reactors to supply heat to the feed in
the conventional way. The feed may also be conducted through a guard bed
reactor (not shown) prior to entering each of the two reactor frains n order to
remove contaminants. The guard bed reactor may be operated on the swing
cycle with two beds, one bed being used on stream for contaminant removal and

the other on regeneration in the conventional manner. If desired, a three-bed



«# 14- guard bed system may be used with the two beds used in series for
contam nant renoval and the third bed on regeneration. Wth a. three guard
systemused to achieve | ow contam nant | evels by the two-stage series
sorption, the beds will pass sequentially through a three-step cycle of
regeneration, second bed sorption, first bed sorption. [0030] Fromthe
guard bed reactor, the split feeds enter the polynerization reactor section
15 and the benzene al kylation section 16 in which the respective olefin
pol ynmeri zati on and aromatics al kyl ation reactions take place. Polyneriza-
tion reaction section 15 is constructed simlarly to the reactor portion of
the olefin polynerization unit described and shown in co-pending
application 11/362,257 (claimng prioritywof US Serial No. 60/656, 954,
"Gasoline Production by AQefin Polynerization"), that is, with multiple

sequential fixed beds aof catalyst with recycle for feed dilutjon and
reaction quench asg%giléegssé?t?f? ma§38§W¥‘Wé§° & bt sehin SV PR RB=TEE uct
recovery section agmdeshd biedthird bbd16n G@encReiog iWigh apptd fatd gstemAisandt | CS

al kyl ation section 16 conducts the aromatics al kylation. reaction hetween
the olefins in Ii n%ﬂl‘fﬁe contamipgng frvels oy iﬂ??etW"sﬁgﬁgF&'ﬁ ptiag, S’ég’ﬁ%‘?" mline 13

under the general g@g@&@@mg@n@}@@p@@i breé bf @8eneRRA]i RepnaPREdi cat i on
Serial No. 11/362, 256, (ﬁ’l aimng priority of US Serial No. 60/656, 955,
"Process For Maki nifmognfugsied s¥P8sol i ne Wth Reduced Benzene Content").

The products fromthe polynerization section 15 and al kyl ation section 16
are conbined in k98380 &rram fresgpardobed rergion tthe endib{reds entesdthe priviperization

fractionation and SLA &liAlisahs NERAERKHiBH RGPS ARG AL eosiuct T or

recycle and quenc e carried out at ‘that polnt downstre f the
reaction secti ons, olespalgneizatinading arowetiqs alkulehen ragsppisdaliciplage- Nplymerizg62, 257

(C]C| a! mng pri or i tyticﬂxf ;e%&on%%f]doﬂl i5 'coﬁsg‘{xgéﬁsiﬁlﬁélﬂy toqﬁ@%dc{&?pg i ﬁ“d?'ﬂ'ieon by
efin Polynmerization™), wt product recovery ‘being carried out as
described in that epfl ipoltiegeation 0881 Jesmibgdirand Zhewove @-pendise epplisation i n whi ch
e aromatics al ky| eldaonyi il pAciQUsr WA QerHARR! ARBESsEOGhibins s
- pendi n§ appl i cati on 15-

Production by Olefin Polymerization”™), that is, with multiple sequential fixed

beds of catalyst with recycle for feed dilution and reaction quench as necessary,

recycle may be derived from the product recovery section as described in the co-

pending application. Aromatics alkylation section 16 conducts the aromatics

alkylation reaction between the olefins in line 12 and the light refinery aromatics

stream from line 13 uader the general reaction conditions described in co-

pending application Serial No. 11/362,256 (claiming priority of US Serial No.

60/656,955, “Process For Making High Octane Gasoline With Reduced Benzene

Content”). The products from the polymerization section 15 and alkylation

section 16 are combined in line 20 and pass to product recovery section 21 for

fractionation and stabilization. When required, separation of product for recycle

and quench may be carried out at that point downstream of the reaction sections,

as described in co-pending application No. 11/362,257 (claiming priority of US

Serial No. 60/656,954, “Gasoline Production by Olefin Polymerization™), with

product recovery being carried out as described in that application.

[0031] Figure 2 shows a process unit in which the aromatics alkylation is

carried out under vapor phase conditions as described in co-pending application



-+ 4@No. 11/362,255 (claimng priority of US Serial. No. 60/656, 945, "Vapor Phase
Aromatics Al kylation Process). In this configuration, the aromatics

al kylation is carried out in two sequential process steps, one in which
propyl ene (and higher olefin) alkylation is favored using a catalyst of the
MAW fam |y and a second step in which alkylation with the ethylene in the
feed is favored by the use of a different, internediate pore size zeolite
such -as ZSM 5. Because the alkylation reactions are exotherm c and

equi libriumfor the ethylene alkylation reaction is favored by higher
tenperatures, the reaction over the MW zeolite preferably takes place
first so that the reaction heat increases the tenperature of the stream to
the extent desired for the second reactiontfsat a higher tenperature. In this
case, the olefin polynerization reaction is carried out in reactor 15 while
the alkylation regctj Lried out. kel 0, 16H. The

al kyl ati gn reacti gﬁ' -Q\?%??%Zd y é‘gflgft(g[?%S%’g?%'eéﬁsgé’?g?ﬁ%g%??ﬁe 16a and
t he reacti on over Atdeetiot Aiylationt Rrpovesii bt this penfigusiione the eminiaties alirylatiemst or | 6b,

followi ng which the .efflue onmj n L] ve for
product recovery ag ?dhgem vnpr 8\/5?{&1-&%%?@?0%%%@%% ?er‘eg"h%éé)g@?%n%&(rﬁgg%@gt hr ough
line 22 for feed dolefut)iatiylmion is veatilsingre @alygneithe MWW rfarniye tidonsetdnd [ 0032]

In the process unit, shaq i n, Fi.qure t al. kyl ati.on.section utilizes a

li qui d phase react F‘%*%%Y{}%QW ;?'%8 wﬁhﬁ% ?’iﬁlyg?nf é’b?&*’ieﬁa % %%Or‘gﬂ(’fn@f: i“%esOfls?t ream in
whi ch the rel ati veliffekeerintemedihte pom siza zalifel suat ascBOM-4C Bechufer theraikpletiom xed
olefin stream by passage thrpugh the aromatics sStrea s.described in
co-pending appl i c%fi "(S’HQNS.BXT% : :?@m{‘%rfugf#ﬁ% "EJ}Yf':B?F@a?‘f”o’ﬁ?%’ Berial No.
6]9]{ 656, 946],c " Li qu'fad?rBﬁlaﬁ aigfﬁfuﬁngﬁdrm?elﬂWib@%eandew Jeeolife ﬁtfcmaw} OL

of f-gases froma refiner ui atal ytic cracki unit (F is ledinto
the unit through I F’ﬁ@ PW*‘&%&" P‘é“‘gﬁwﬁ*%abmwaﬁehg’%t‘weﬁé%%%z§ 2% ons,
entering pol yneri zatthoexteneasirad for the 6dcbiitreattlon REIEHEr thrhpoeandd. I thih cBe,St ream
di verted to absor b@% AiSft hrfu%h l.ine 43. .The .%Lefi ns enter.i ng{ .

pol ymeri zati on r eal€ofielb PRYETEATHORAPAChUY is, Sorgers oMy o df2cShdri BAHS &5 No,
111362, 257 (cl ai ni AgylpidnOrekdtivnd ir@ MBatied Daf incdeadNrs 160 145 66b95%he alkfdasaal | ne

Production by Aefin Polynerization") using a zeolite catalyst -16-
y rcax:tllgn o¥/er the %\dw zeolite is car%ed out 1n reactor 16a andy 2 react?on

over the other intermediate pore size zeolite in reactor 16b, following which the
effluent streams are combined as described above for product recovery and the
provision of any desired recycle streams through line 22 for feed dilution and

quench in polymerization section 15.

{0032] In the process unit shown in Figure 3, the alkylation section utilizes a
liquid phase reaction between the olefin stream and the aromatics stream, in
which the relatively heavier olefins are first extracted from the mixed olefin
stream by passage through the aromatics stream, as described in co-pending
application No. 11/362,139 (claiming priority from US Serial No. 60/656,946,
“Liquid Phase Aromatics Alkylation Process™). A stream of off-gases from a
refinery fluid catalytic cracking unit (FCCU) is led into the unit through line 40
and is split between the two reactor sections, entering polymerization reactor
section 42 through line 41 with a stream diverted to absorber 45 through line 43.
The olefins entering polymerization reactor 42 are polymerized as described
application No, 11/362,257 (claiming priority from US Serial No. 60/656,954,
“Gasoline Production by Olefin Polymerization™) using a zeolite catalyst



. selected fromine MOV TAM Y O Ze0l1tes. The olefin stream entering

absorber 45 passes in countercurrent with a streamof |ight aronmatics
entering the absorber through Iine 46 to absorb olefins fromthe olefin
streamw th preferential absorption of the relatively heavier olefins e.g.
but éne. The absorption takes place under the conditions described in
application No. 11/362,139 (claimng priority fromUS Serial No.

60/ 656, 946, "Liquid Phase Aromatics Al kylation Process"). The conponents in
the FCC off-gases which are not sorbed by the aromatic stream nmainly the
| ight paraffins nethane, ethane, propane and butane pass out of the
absorber through line 47 and can used as refinery fuel gas. If conditions
in the absorber permt residual olefins,-igminly ethylene, to remain, the
stream | eavi ng absorber 45 nay be sent through line 48 to be sent to

pol ymeri zation re

of, 42 ta.liqud pol rrerlzatlon products
by direct pol ymef‘?ehic %%W“’éi‘ﬂ%?%@@%ﬂ W@%?%ﬁg"%{iﬂﬁﬁ%ﬁb NGPRARCRR | i ne 48
from the absorbewrsyakdes ag teoaerdirtette Nithf Dktrdale oD llighti ASmANE @&Sihglthd enper at ure
control in the po i zati.on regctor, and reduet need for feed
diluent and queﬂ%ﬁ dﬁ’n"’i’ﬂ’e ling o% 3?58%0\7&%3 {]ﬁ D | SRR 49 (0033] The
l'ight aromatics ﬁﬁeﬁ‘@é}ﬂhp@%o%t@hnﬁ‘ it erciodly rlﬁzavfx&ma}éﬁﬁls fereOrBuiche TR ef i n
streamis sent through Iine 50 to aromatics al kylation reactor 51 in which

the |iquid phase? B 1Rkes aplrspl widep ihe serdftioph Jegrabed: iith ¢BPYCAN®H PRI cati on No.

11/ 362,139 (cl amamspf:ago(rclawmérpﬂawsfmﬁﬁvsadenmomo Y 36948)40iquidPiasd d Phase
Aromatics Al kyl ati on Process) pl.ace, suitabl under the caonditions

described in t hatArappics Adipilasign PN“R"?H&r%Frﬁ?‘P@“B‘?%HU £ FLE ofeeasepetithr ough 1 ne

52 and is conbi RRdni dotbeli N ME Qebiatatic fshooim, nﬁélmgm Tightl QPaffiRo@k@anel N | i ne 53
to be sent to the common fractionation/product recovery section 54. |f

desired, in ordé&hateePivainsEad PP‘&S@P%&PP%“FI"‘E%@F‘BF thrqugh Bye 479pd et at ur e

control in the IBQRYHF{E/'M&QE&SOECB%@EI) m@aﬁa%w;ﬁﬂm@iesﬁm olebifif)nagiomat i c
stream may be diverted romline and sent rou ine 48 to

pol yneri zation r e8ieat twmamyti@éﬁ@rrhlgmt@rﬁéwa*f%ﬁémaﬁggﬁqnéalmugb lipg g8

pol ynmeri zati on 1 eagd @t do'holyleRizalidy reabthr 4704 bR BB 1BhiGuif GoigMeSA08A010
PCT/ US2006/ 007172 17
products by direct polymerization. Saturated hydrocarbons in the stream in line

48 from the absorber will act as diluent for the olefins and assist temperature
control in the polymerization reactor and may reduce the need for feed diluent

and quench from the product recovery section in line 49.

{0033] The light aromatics stream confaining the olefins removed from the
olefin stream is sent through line 50 to aromatics alkylation reactor 51 in which
the liquid phase aromatics alkylation reactions described in application No.
11/362,139 (claming priority from US Serial No. 60/656,946, “Liquid Phase
Aromatics Alkylation Process)” take place, suitably under the conditions
described in that application. Alkylaromatic product is removed through line 52
and is combined with the product from polymerization reactor in line 53 to be
sent to the common fractionation/product recovery section 54. If desired, in
order to maintain operating flexibility or for temperature control in the
polymerization reactor, a portion of the light aromatic stream may be diverted
from line 46 and sent through line 48 to polymerization reactor 42. By sending

the aromatic stream: to the polymerization reactor in this way, it may be possible



& L0 reduce TIE Ao o e P e eI oM ng ¢t hrough |ine 49 which woul d
ot herwi se be required to reduce the exothermin the polynerization reactor.
[0034) In each case, the feed to the respective reactor may be heated in
heat exchangers and fired heaters (not shown) using hot effluent fromthe
reactors tov&@g@g Y, ﬂ’ eat to the feed in the conventi onal pmsm‘m@qfﬁed may
al so be con i rough a guard bedpeactor (not shown) prior to entering
each of the two reactor trains in order to renove contanm nants such as
organic nitrogen and sulfur-containing inpurities. The guard bed may be
operated on the swing cycle wth two beds, one bed being used on stream for

ETSQLZT ”i?fdéé?pﬁ:'e i oESRGeH SBeh S e MG PR (o
"egener at i on S eael TR, ol GG Bl PRREIRHAT RGRE. o nan

| evel s by the two-stage series sorption, the beds wll pass seguentlally

t hrough a thr[@@34&teplmqaﬁhecasegthﬂefgghéoﬁlclmspwummmaybGMt rin Meat st bed

Sare cat al yst SRR fd RESG beafFnaetiosa stedot et drord the fﬁ@% Iy
conveni ence by i T b fob % ﬁﬁdcoﬁ‘tepgggw by Hae ol

sorbent to re contam nants fromthe may “ us ypi ca y a c%eaper

guard bed sordvndicted: tﬁoaghﬁeghardbaﬂy'sdctdrr(ﬁﬂt sivvvat) eiorito eatsimgachlofthdria. The
objective of the guard bed is to renove t contam nants fromthe feed
before the f kP Eaetos uwsme)rd@’at@trpmve@pamméuclpa&)vﬁm niggen td | s

achi eved, ther e vari et of h0| C uard bed at al yst s,and
condt 1 ons. usBtr-cpBlafiing Raontities TG Bhete b8 ey PCrBE aptBR SPETRI o f ns
used as the fﬁﬁﬁt'ﬁvﬁbédgeoﬁﬁé&%ng 1%%@%’?1 @féam G COiltantinaRf A&/l Axd :
catal ytic cracki ng of petrol eum f tocks to produce gasoline as t maj or
product. The athewdly tégeneratiokiinghe coneantionalsmairey. iIfi dedired, hdhmsdfedfguardi
catalytic crackijng (FCC) is well .established and, as is,well known, WO
2006/ 094010 Poed gjggggg;mgmﬁemsquth the two beds used in series for contaminant

removal and the third bed on regeneration. With a three guard system used to

achieve low contaminant levels by the two-stage series sorption, the beds will
pass sequentially through a three-step cycle of: regeneration, second bed
sorption, first bed sorption.

[0035]  The catalyst used in the guard bed will normaily be the same catalyst
used in the alkylation reactor as a matter of operating convenience but this is not
required: if desired another catalyst or sorbent to remove contaminants from the
feed may used, typically a cheaper guard Bed sorbent, e.g a used catalyst from
another process or alumina. The objective of the guard bed is to remove the
contaminants from the feed before the feed comes to the reaction catalyst and
provided that this is achieved, there is wide variety of choice as to guard bed
catalysts and conditions useful to this end. -

Olefin Feed

[0036] The mixed light olefins used as the feed for the present process are
normally obtained by the catalytic cracking of petroleum feedstocks to produce
gasoline as the major product. The catalytic cracking process, usually in the
form of fluid catalytic cracking (FCC) is well established and, as is well known,



wslgr oduces | arge quantities of light olefins as well as olefinic gasolines and
by- products such as cycle oil which are thensel ves subject to further
refining operations. The olefins which are primarily useful in the present
process are the lighter olefins fromethylene up to butene; although the
heavi er ol ef i ngoYBuclodsprPct ene may al so be included in the prowss®smII72t hey
can generally be incorporated directly imto the gasoline product where they
provi de a valuable <contribution to octane. The present process is highly
advantageous in that it will operate readily not only with butene and
propyl ene but also with ethylene and thus provides a valuable route for the

Chi s roason as MORPCECIHEET dufils Bt fidty e SEM derleBRRCpashEnty Bad By o'
refinery, ni Xedﬁn%l:lﬁéth Nugh BAEFcIe UG vhiblharé themSgived SEBeEY td tﬂﬂﬁ&%ﬁﬁiﬂg
yl en se of- t he

containing eth e, propylene and butenes) nmay- be u . Conversion
C3 and C4 ol ef | operatimisi Gt dlefins whichcare pinmyilp usefiab in fheqrestat procéss are tthe out e

to the branch chain . Crl.and Cs products which are so highly desirable in
gasol i ne from bttt @ figs i frem fithylene uptopbytene; althoygh the hemasr glefinsup tecc

unit, the m xe fin, s taLn f o] o] IS

I ncl udi ng coke%st'?ﬂe\?i%& e%&‘g?ggaﬁgxﬁdggr%|ﬂ%r§%§§é5‘g‘_@w%§’%ﬁ§ée§§€&w lSe

di ol efins whi chinosgpordied Qirepdly iiftoSthegdrblihd pesdutt WARNS théy pRivide a valuable

di sadvant ageous since catal ysis on the fam |y of zeolites takes place
on surface sit eent@bution torastanen Theepriesans praess jsdrighlytaduantageousdn fhat lit widk e

catalyticarly. GRsoHE padisenal iy il Bdisme ol BBl ths alier vidh SIS anch b o
co- condensat i OnyRg demés 4 QalgSbleRaChRY ﬂi@s@}sﬁggg%}x o i %Pagcgl';d(g uyfﬁlémt to

reactd ve than its I'nmedi ate honologs, 1s In In the
conposi ti ons ofthe desitedpaselind-fiodyas EBdrrthizreason agiwelhadibeirweady shallabiditylinand
2, Table | showi ng a light FCC gas s{reamand Table 2 a_streamfrom which

the ethyl ene HARECHBEAties M @ felimeryapdolplin sireamsy supha FR'G Qit-Gas stieans f uel
system VO 20064 Q3401 cdntrlining  WNeRE, préylede and Bitends) miay b ek, Chhvalsic®™
of the C§ and C, olefin fractions from the cracking process provides a direct route
to the branch chain Cg, C; and C; products which are so highly desirable in

gasoline from the view point of boiling point and octane. Besides the FCC unit,
the mixed olefin streams may be obtained from other process units including
cokers, visbreakers and thermal crackers. The presence of diolefins which may
be found in some of these streams is not disadvantageous since catalysis on the
MWW family of zeolites takes place on surface sites rather than in the interior
pore structure as with more conventional zeolites so that plugging of the pores is
less problematic catalytically. Appropriate adjustment of the process conditions
will enable co-condensation products to be produced when ethylene, normally
less reactive than its immediate homologs, is included in the feed.  The
compositions of two typical FCC gas streams is given below in Tables 1 and 2,
Table 1 showing a light FCC gas stream and Table 2 a stream from which the
ethylene has been removed in the gas plant for use in the refinery fuel system.



| _ bl
“® Conponent W. Pet. MIl. Pet. Ethane 3.3 5.1 Ethylene 0.7 1.2 Propane 14.5
15.3 Propylene 42.5 46.8 |Iso-butane 12.9 10.3 n-Butane 3.3 2.6 Butenes
22.1 18.32 Pentanes 0.7 0.4 Table 2 C3-C4 FCC-Gas Stream Conponent W.
Pct. 1- Propene 18.7 Propane 18.1 |I|sobutane 19.7 2-Me-I|-propene 2.1
1- But ene 8. IWOrR0®/9¢M@ 15.1 Trans-2-Butene 8.7 C s-2- b RENS2@6807172
| sopentane 1.5 C3 Oefins 18.7 C4 AePins 25.6 Total Aefins 44.3 [0037]
While the catalysts used in the present process are robust they do have
sensitivity to certain contam nants (the conventional zeolite deactivators),
especi ally organi c conpounds with basi c nitrogen as well as

sul fur-containing organics. S ther preferred to renove these
materials prior to enterrngthe un| C ‘z atalyst life is to be
expected. Scr ubbing with tam nant &T‘Pﬁ i&Ch as caustic, MEA or
ot her ami nes or aqueous 51 ct.
Ethylene 07 1.2
Propane 14.5 153
Propylene 42.5 46.8
Iso-butane 12.9 10.3
n-Butane 33 2.6
Butenes 22.1 18.32
Pentanes 0.7 04
Table 2
C3-C4 FCC.Gas Stream
Component Wt. Pct.
1- Propene _ 18.7
Propane 18.1
Isobutane 19.7
2-Me-1-propene 2.1
1-Butene 8.1
n-Butane 15.1
Trans-2-Butene 8.7
Cis-2-butene 6.5
Isopentane 1.5
C3 Olefins 18.7
CA4 Olefins 25.6
Total Olefins 443

[0037]  While the catalysts used in the present process are robust they do
have sensitivity to certain contaminants (the conventional zeolite deactivators),
especially organic compounds with basic nitrogen as well as sulfur-containing
organics. It is therefore preferred to remove these materials prior to entering the
unit if extended catalyst life is to be expected. Scrubbing with contaminant
removal washes such as caustic, MEA or other amines or aqueous wash liquids
will normally reduce the sulfur level to an acceptable level of about 10-20 ppmw
and the nitrogen to trace levels at which it can be readily tolerated. ~One
attractive feature about the present process is that it is not unduly sensitive to
water, making it less necessary to control water entering the reactor than it is in



..M | | normal Ty Teauce The Su U ever 1o an aCcept abl e | evel of about 10-20
pprmw and the nitrogen to trace levels at which it can be readily tolerated.

One attractive feature about the present process is that it is not unduly
sensitive to water, nmaking it | ess necessary to control water entering the

reactor than iﬁv |2§9fi(°§ V\g 2006/ 094010 PCTI US2006/ 007172 20 peRfusdsvslodrarUnl i ke
SPA, the zeoli 9 ﬂ’ t does not requirg the presence of water in order

to maintain activity and therefore the feed may be dried before entering
the unit. In conventional SPA units,. the water content typically needs to
be hel d between 300 to 500 ppnw for adequate activity while,. at the sane

time, retainin talyst_jnteqrity. The,present zeolite catalysts, however,
my readily t%g‘gdpﬂ updpi}i(aﬁ? ’ql,emhg"pﬁWQ é?GSawimagw Presengook
about 800 PPMAIRY if GG oAEhin YA oD SRE el §%e @5EATBLoE: Fecd
( 10038] The Ii gﬁ@/arbma I C 'Stream conﬁgi ns tEenzene g?\%% contarn oﬁo er
single ring ar offitérisg SMaEUNds chiivéntidhalUSPA KMiR] HEbwhies cohtehit BHidallyuReds

et hyl benzene, propyl benzene (cunmene) and the xyTenes. In refineries with

associ at ed pet riocheheldabetwapa300i toy300 pprow forladeguaseractividy wiliile, at theasdmye be
d f hi gh l. hem cal | ti b | d

emoved or Y Qier VAL 'SR SIBC. ol gt Sl b TR S,

benzene, there feadifprdlérate @ qsapgﬁt 1,900 pHERF Water lthbiiEh levelCaniRk WBobfadd™e

aromatic feed stredam equal 'S no preju e agalnst their

presence unl eq@mwmayféﬂueehetadty,depaﬂi@mtmmm. hi gher al kyl aromati cs
which fall outside the gasoline range or which are undesirable in gasoline,
for exanple, d anount of benzene in this streamis governed
mainly by its s%%"?’gagic%%? processing history but in nost cases wl |

typi cal |y contain at |east about 5 vol. % benzene, although a m nimum of 12
vol . %is nore [P938]cal Thedight avpmeti¢ istretmnycoriteins bRozens! and/may eontainl othes

benzene. Nor mal |. the main source of . thi tre will be a streamfromthe

el or mer whi oh 5815 FEE OB, GompoyRds, Ichuding clkylarometes, uh ¢ IR, ey

be M range refga{Bbiifne H0pylbbizene (cumene) and the xylemes. In refineries with
associated petrochemical capability, these alkylaromatics will normally be

removed for higher value use as chemicals or, alternatively, may be sold

separately for such uses. Since they are already considered less toxic than
benzene, there is no environmenta! requirement for their inclusion in the
arormatic feed stream but, equally, there is no prejudice against their presence
unless conditions lead to the generation of higher alkylaromatics which fali
outside the gasoline range or which are undesirable in gasoline, for example,
durene. The amount of benzene in this stream is governed mainly by its source
and processing history but in most cases will typically contain at least about 5
vol. % benzene, although a minimum of 12 vol. % is more typical, more
specifically about 20 vol. % to 60 vol. % benzene. Normally, the main source of
this stream will be a siream from the reformer which is a ready source of light
aromatics. Reformate streams may be full range reformates, light cut
reformates, heavy reformates or heart cut reformates. These fractions typically
contain smaller amounts of lighter hydrocarbons, typically less than about 10%
Cs and lower hydrocarbons and small amounts of heavier hydrocarbons,
typically less than about 15% C+ hydrocarbons. These reformate feeds usually



r ef or mat es, —heavy T e o e e et eTor nat es. These fractions

typically contain snmaller anmounts of |ighter hydrocarbons, typically |ess

t han about 10% C5 and | ower hydrocarbons and smal| anmounts of heavi er
hydrocarbons, typically |less than about 15% C7+ hydrocarbons. These

ref ormat e fg@fﬁ‘ﬂ@# hly a WD 2006/ 094010 PCT111S2006/ 007ddghus28dsicdmrt ai n very
| ow anmount s ¢ as, usually, they; have been subjected to

desul filrization prior to reformng so that the resulting gasoline product
formed in the present process contains an acceptably |ow | evel of sulfur
for conpliance wth current sulfur specifications. [0039] Reformate streans

il typicall f fixed hed ] b ' b f . Th
most usef . PURBPED M api o ot . Deyatly, dhesr FaV® Dbem Sbiecien By o apl y
f te hayeffifigi N ?ﬂﬁﬁ% ' ufth bony.  Thi
1[reag{ imca)nei Sag cofn%ieagbfrln%ﬁogﬁgrg y %ga'r ltbg)ﬁn‘qsrér%ecmgegdggﬁégz?%agé/er ead IofS

a dehexani zelin ¢ puesertpsosdss containsom sccepiblyt bW ksel of silfifrfor Ebmpliamgeosi ti on
will vary over, a ranae dependi ng upon a nunber of factors including the

severity of a&p#y splfug specificalionsr and the conposition of the reforner
feed. These streams will usually have the C5, C4 and |ower hydrocarbons
removed in tigo3dEPeRefmete sﬁ%ﬂnﬂ%ﬂt@ﬁb@ cotheFrsth Q' fixedUsed biving bdd 6 _
heart-cut refomrate may contain at least 70 wt. % C6 hydrocarbons (aromatic
and non- ar onsedwing bedl neforfreralThe amost casefuloGeformatesr Bactigniriscar besrt-cuf 0040)
Ot her sources of arommatic, bgnzene-rich feeds include a. light FCC pht ha,
coker napht hiCHFmAl: Ay s preterany TelopmpteshaHg, A METoRs HPUIBE THPES i Gn G s
will be lessj t . L flcat '&]]?ﬁ xtlifd “ﬁgﬁ{ b rerdd€041]
By boiling rghé@é’?uﬁ #é?gg%'e%gniﬂég-cpﬁﬂél%??ac |§@ can dgglsr&wa? y ng

char act eri zedsbjie aoverhiehdoof | 4 Highexiniier cvludhodéwastitam ZhdHr)a depentmiigéer ably
no higher than about 110C (230F). Preferably, the boiling range falls

bet ween 40 &almmwobhg cowpositign Witiryary over @orange depending yippe taeembemef r ange

of 85 10 95 LRk R e ity SYSeflROS P BR' ShtbleY ah WY SorfiSsd NG O 7O
the reformer feed. These streams will usually have the Cs, C, apd lower
hydrocarbons removed in the depentanizer and debutanizer. Therefore, usually,

the heart-cut reformate may contain at least 70 wt. % Cq hydrocarbons (aromatic

and non-aromatic), and preferably at least 90 wt. % C¢ hydrocarbons.

{0040] Other sources of aromatic, benzene-rich feeds include a light FCC
naphtha, coker naphtha or pyrolysis gasoline but such other sources of aromatics

will be less important or significant in normal refinery operation.

[0041] By boiling range, these benzene-rich fractions can norhxally be
characterized by an end boiling point.of about 120°C (250°F), and preferably no
higher than about 110°C (230°F). Preferably, the boiling range falls between 40°
and 100°C (100°F and 212°F), and more preferably between the range of 65° to
95°C (150°F to 200°F) and even more preferably within the range of 70° to 95°C
(160°F to 200°F).

[0042)  The compositions of two typical heart cut reformate streams are given

in Tables 3 and 4 below. The reformate shown in Table 4 is a relatively more



@ (160F t 0 Z00F). [O0Z2] The CONpoSItIions of two typical heart out reformate
streans are given in Tables 3 and 4 below The reformate shown in Table 4
is arelatively nore a WO 2006/ 094010 PCTI US2006/ 007172 22 paraffinic cut
but one which neverthel ess contains nore benzene than the cut of Table 3,
making it a Wﬁéuﬁ%wgbl e substrate for the present al kylm®trinoedeooness.
Table 3 C6-C art Cut Reformate RON£#2.6 MON 77.3 Conposition, w. pt.
i-C5 0.9 n-C5 1.3 Cnathenes 1.5 i-C6 22.6 n-C6 11.2 C6 hthenes 1.1
Benzene 32.0 i-C7 8.4 n-C 2:1 C7 na hthenes 0.4 Toluene 17.7 i-C8 0.4
n-C8 0.0 C8 aromatics 0.4 Table 4 Paraffinic C6-C7 Heart Cut Reformate RON

78.5 paraffinic cut but one which nevertheless contains more benzene than the cut of
Table 3, making it a very suitable substrate for the present alkylation process.
Table 3
C6-C7 Heart Cut Reformate

RON ‘ 82.6
MON 77.3
Composition, wt. pct. ‘
i-Cs 0.9
n-Cs 1.3
Cs napthenes 1.5
i-Ce 22.6

( n-Cg 11.2
C¢ naphthenes 1.1
Benzene 32.0
i-C, . 8.4
n-C; 2.1
C; naphthenes 0.4
Toluene 17.7
i-Cg 0.4
n-Cg 0.0
Cg aromatics 0.4

Table 4
Paraffinic C6-C7 Heart Cut Reformate

RON 78.5
MON 74.0

( Composition, wi. pct.

‘ o 1-Cs ‘ 1.0

‘ D—Cs 1.6

Cs napthenes 1.8
1-Cg 28.6
n-Cg 14.4
Cs naphthenes 1.4
Benzene 39.3
1-Cy 8.5
n-C-; 0.9
C; naphthenes 0.3
Toluene 2.3
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The conposi- tion wll vary over a range dependi ng upon a nunber of factors

i ncl udi ng t hgoo#xVer Reforffate? fifdanid ' rﬁ'qd:, f &pﬁ%% : :1]on of
t he refornmer EIf e‘ﬁ% Theseast reeﬂdm Ib&ll}éua I ?%ve %@&é‘ﬁg%&r
hydr ocar bons tedmefeterThe mestiesefuitrefurmate frmetiondl atheaitat refohgae] Dhis is

usual ly, the heart_-cut refor te will confain at least 70 wt. % C6
hydr ocar bons, P& 'ﬂyé %ﬁmsembmlmgwnse iy & G ar Koi(y. friaivas]

Coker napnt nas SHCAGRI £ §°'S'§'Eﬁeﬂ§%ﬁ*‘8&? ByRER RS el st okpmead BEC "
will be |ess ddelexanizer 06lusibwhtreain Wﬁrdéﬁbnthﬁfm”@élﬁmﬁpegﬁé tORpodif045)

By boiling range, these benzene-rich fractions can nornal
tion will vary over a range depending upon a number of factors including the

severity of operation in the reformer and the composition of the reformer feed.
These streams will usually have the Cs, C4 and lower hydrocarbons removed in
the depentanizer and debutanizer. Therefore, usually, the heart-cut reformate will
contain at least 70 wt. % Cﬁ hydrocarbons, and preferably at least 90 wt. % Cs
hydrocarbons.

[0044]  Other sources of aromatic, benzene-rich feeds include a light FCC
naphtha, coker naphtha or pyrolysis gasoline but such other sources of aromatics

will be less important or significant in normal refinery operation.

[0045]) By boiling range, these benzene-rich fractions can normally be
characterized by an end boiling point of about 120°C (250°F)., and preferably no
higher than about 110°C (230°F). In most cases, the boiling range falls between
40° and 100°C (100°F and 212°F), normally in the range of 65° to 95°C (150°F
to 200°F and in most cases within the range of 70° to 95°C (160°F to 200°F),

Absorber

[0046] In the liquid phase aromatics alkylation/olefin polymerization unit
shown in Figures 3 and 4, the aromatic feed and the light olefins pass in contact
with one another in the absorber. Contact between the two feeds is carried out
so as to promote sorption of the olefins in the liquid aromatic stream. The
absorber is typically a liquid/vapor contact tower conventionally designed to
achieve good interchange between the two phases passing one another inside it.
Such towers usually operate with countercurrent feed flows with the liquid
passing downwards by gravity from its entry as lean solvent at the top of the
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liquid feed strearn will be favored by lower temperatures, higher pressures and

higher liquid:olefin rativs. The effect of temperature and pressure on the olefin

recovery the liquid stream is illustrated briefly in Table 5 below

Table 5
Olefin Recovery
P, kPag (psig) Temperature, C (F) Percentage Olefin Recovery
1172 (170) 41 {(103) 58
1172 (170) 16 (60) 69
1724 (250) 41 (103) 69
1724 (250) 16 (60) 76
3450 (500) 41 (105) 69
3450 (500) 16 (60) 94

[0048]  Thus, with absorber operating temperatures and pressures similar to
those above, olefin recoveries of 50 to 90 percent can be expected with
contactors of conventional efficiency. Sorption of the heavier olefins is favored
so that the light gases leaving the absorber will be relatively enriched in these
components. As noted in co-pending Application No. 11/362,255 (claiming
priority of US Serial No. 60/656,945, entitled “Vapor Phase Alkylation
Process™), propylene is more reactive for aromatics alkylation at lower
temperatures than ethylene and for this reason, the preferential sorption of the

propylene component is favorable for the subsequent liguid phase alkylation
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predominantly of the lighter olefins, principally ethylene which can be more
effectively utlized in a higher temperature alkylation step carried out in the vapor
phase. As noted above and in application No. 11/362,255 (claiming priority
from US Serial No, 60/656,945, “Vapor Phase Aromatics Alkylation Process™),
ethylene is markedly less active than the heavier olefins especially butene but is
amenable to alkylation at higher temperatures than butene, using an intermediate
pore size zeolite catalyst such as ZSM-5. This characteristic is effectively
exploited in the process unit shown in Figure 4 which is & modification of the
unit of Figure 3 with a second alkylation reactor, 52b, following a first stage
alkylation reactor 52a. In this case, however, the gases from the olefin stream
which are not sorbed in absorber 45 are sent through line 57 to second stage
alkylation reactor 52b. The unit is otherwise the same as that of Figure 3 and

like parts are designated similarly.

[06050]  The two alkylation reactors in Figure 4, 52a and 52b are operated in
the same sequence as and with comparable conditions to those described in
application No. 11/362,255 (claiming priority from US Serial No. 60/656,945,
“Vapor Phase Aromatics Alkvlation Process™), with the first stage reactor
operating at lower temperature than the second with a catalyst based on a zeolife
of the MWW family; the second stage reactor contains a catalyst based on a
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Catalyst System

[0051] The catalyst system used in. the olefin polymerization and the
aromatics alkylation is preferably one based on a zeolite of the MWW family
because these catalysts exhibit excellent activity for the desired aromatic
alkylation reaction using light olefins, especially propylene. It is, however,
possible to use other molecular sieve catalysts for the alkylation, especially when
carried out in the liquid phase, including catalysts based on ZSM-12 as described
in U.S. 3,755,483 and U.S. 4,393,262 for the manufacture of petrochemical
cumene from refinery benzene and propylene; catalysts based on zeolite beta as
described in U.S. 4,891,458 or catalysts based on SSZ-25 as described in U.S.
5,149,894, all of which are reported to have activity for the alkylation of light
aromatics by propylene.

MWW Zeolite

[0052) The MWW family of zeolite materials has achieved recognition as
having a characteristic framework structure which presents unique and interest-
ing catalytic properties. The MWW topology consists of two independent pore
systems: a sinusoidal ten-member ring [10 MR] two dimensional channel
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by Leonovi cz MCMt22 fangly efiseolitevhas)giracted signjficam peigntific attention since its
initial announcement by Leonovicz et al. in Science 264, 1910-1913 [1994] and

the later recognition that the family includes a number of zeolitic materials such
as PSH 3, MCM-22, MCM 49, MCM 56, SSZ 25, ERB-1, ITQ-1, and others.
Lobo et al. AIChE Annual Meeting 1999, Paper 292J.

{0053]  The relationship between the various members of the MCM-22 family
have been described in a number of publications. Three significant members of
the family are MCM-22, MCM-36, MCM-49, and MCM-56. When initially
synthesized from a mixture including sources of silica, alumina, sodium, and
hexamethylene imine as an organic template, the initial product will be MCM-22
precursor or MCM-56, depending upon the silica: alumina ratio of the initial
synthesis mixture. At silica:alumina ratios greater than 20, MCM-22 precursor
comprising H-bonded vertically aligned layers is produced whereas randomly
oriented, non-bonded layers of MC-56 are produced at lower silica:alumina
ratios. Both these materials may be converted to a swollen material by the use of
a pillaring agent and on calcination, this leads to the laminar, pillared structure
of MCM-36. The as-synthesized MCM-22 precursor can be converted directly
by calcination to MCM-22 which is identical to calcined MCM-49, an
intermediate product obtained by the crystallization of the randomly oriented,
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cat al yst syste aﬁ% s .been found t{)}t t.he MCM.22 may be elther

used fresh, thdasefdres aw&vpﬂ ayang beerpreyinusly ysed @s acatalystiox altstmagyely,

al ternativel y regenerated MCM-22 may be used. Regenerated MCM-22 may be used after it
has been used in any of the catalytic processes (including the present process or

any of its process components) for which it is known to be suitable but one form
of regenerated MCM-22 which has been found to be highly effective in the
present condensation process is MCM-22 which is previously been used for the
production of aromatics such as ethylbenzene or cumene,normally using
reactions such as alkyaltion and transalkylation. The cumene production
(alkylation) process is described in U.S. Patent No. US 4992606 (Kushnerick et

{ al). Ethylbenzene production processes are described in U.S. Pat. Nos. 3,751,504
(Keown); 4,547,605 (Kresge); and 4,016,218 (Haag); U.S. Pat. Nos. 4,962,256;
4,992,606; 4,954,663; 5,001,295; and 5,043,501 describe alkylation of aromatic
compounds with various alkylating agents over catalysts comprising MWW
zeolites such as PSH-3 or MCM-22, US Patent No. 5,334,795 describes the
liquid phase synthesis of ethylbenzene with MCM-22,

[0055] The MCM-22 catalysts may be regenerated after catalytic use in the
cumene, ethylbenzene and other aromatics production processes by conventional

air oxidation techniques similar to those used with other zeolite catalysts.
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range of about 0.5 to 0.65 nm when the molecular sieve is in the H-form. The
effective pore size of zeolites can be measured using standard adsorption
techniques and compounds of known minimum kinetic diameters. See Breck,
Zeolite Molecular Sieves, 1974 (especially Chapter 8), and Anderson et al, J.
Catalysis 58, 114 (1979).

[0057]  The medium or intermediate pore zeolites are represented by zeolites
having the structure of ZSM-5, ZSM-11, ZSM-23, ZSM-35, ZSM-48 and TMA
(tetramethylammonium) offretite. Of these, ZSM-5 and ZSM-11 are preferred
for functional reasons while ZSM-5 is preferred as being the one most readily

available on a commercial scale from many suppliers.

[0058]  The activity of the zeolitic component of the catalyst or catalysts used
in the present process is significant. The acid activity of zeolite catalysts is
conveniently defined by the alpha scale described in J. Catalysis, Vol. VI, pp.
278-287 (1966). In this text, the zeolite catalyst is contacted with hexane under
conditions presecribed in the publication, and the amount of hexane which is
cracked is measured. From this measurement is computed an "alpha" value

which characterizes the catalyst for its cracking activity for hexane. This alpha
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preferred as being the one nost readily available on a comrercial scale
from many suppliers. 300581 The activity of the zeolitic conponent of the
cat al yst or cealug izgised de defing thetdetivily deveh forthe zealites. sSFati the ipurposes of e aci d
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From this meagiaciefyt fdrscricking hedar®) The Bliha veMd'6f el infdimelmte pbRy dizes t he
catalyst for its cracking activity for hexane. This al pha au 2006/ 094010

PCT/ US2006/ 0Gelite ofsthevASMeS5 itypeuprséerentiallyf ised fon theaethylene/aramatid refaotiont he
zeolites. For. the.p oses of this rocess, .the catal shoul d )have an
2l pha vai ue. dF GHEEHAIR 2 Teash 40 of Bore £0F pxapaple, FRTAPOLR, 190)QIceve HBUAL: or
t han about O. m%é m@@l : t:] . LV RN Tor
cracki ng hexa.f]tg}. evgllﬁgabgq@éa ue o?& "? tg%ﬁ@ﬁ%%gt%%éoygmgﬁgg% ge\égt?l e of
the ZSM 5 ty[ie lgssafriticahtithdugh valnek dDat least Euleytequizéd fonpérceptittaatiivy s
preferably at |east 10 or nore, for exanple, from50 to 100 or even higher.
The al pha valhighasfvalues aven (\apeprefareedor ef erably used in the |iquid phase

redction is less critical although values of at least 1 are required for
percepti bl e aé;ti i t hi gher val ues over 10 are preferred. Catalyst Matrix
ataiyst Matrix

[0059]  In addition to the zeolitic component, the catalyst will usually contain
a matrix material or binder in order to give adequate strength to the catalyst as
well as to provide the desired porosity characteristics in the catalyst. High
activity catalysts may, however, be formulated in the binder-free form by the use
of suitable extrusion techniques, for example, as described in U.S. 4,908,120,
When used, matrix materials suitably include alumina, silica, silica alumina,
titania, zirconia, and other inorganic oxide materials commonly used in the
formulation of molecular sieve catalysts. For use in the present process, the
level of MCM-22 or ZSM-5 type (intermediate pore size) zeolite in the finished
matrixed catalyst will be typically from 20 to 70 % by weight, and in most cases
from 25 to 65 % by weight. In manufacture of a matrixed catalyst, the active
ingredient wﬂl typically be mulled with the matrix material using an aqueous
suspension of the catalyst and matrix, after which the active component and the
matrix are extruded into the desired shape, for example, cylinders, hollow
cylinders, trilobe, quadlobe, etc. A binder material such as clay niay be added
during the mulling in order to facilitate extrusion, increase the strength of the
final catalytic material and to confer other desirable solid state properties. The
amount of clay will not normally exceed 10% by weight of the total finished



# [00591 In addition to the zeolitic conponent, the catalyst will usually
contain a matrix material or binder in order to give adequate strength to
the catalyst as well as to provide the desired porosity characteristics in
the catalyst. H gh activity catalysts may, however, be forrmulated in the

bi nder-free ‘{,85696J3y40;d1e use of suitable extrusion technipguasoeoéerriaxanpl e,
as described rn U 'S 4,908,120. Wen ysed, matrix materials suitably
include alumina, silica, silica alumna, titania, zirconia, and other
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catal ysts are guitably %oduced by the extrusjion method described in U S.
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produced on c‘p,ggp,glj_onal extrusi on equi pnent and accordingly, the nmethod is
em nently suitabl'e for producing the catalysts which are silica-rich. The

of 25" t0 75 POYB FraBlaubredids 0 25 to 10 w o of basic material  such as
sodi um hydroxﬁ&;me%éégneﬁrg :}c?i |s are to be found in U S. Pat. No._
[0060] With gasoline as the desired product, a high quality product is
obtained from the polymerization step, suitable for direct blending into the
refinery gasoline pool after fractionation as described above. With clean feeds,
the product is correspondingly low in contaminants. The product is high in
octane rating with RON values of 95 being regularly obtained and values of over
97 being typical; MON is normally over 80 and typically over 82 so that
(RON+MON)/2 values of at least 89 or 90 are achievable with mixed
propylene/butene feeds. Of particular note is the composition of the octenes in

the product with a favorable content of the higher-octane branched chain

components. The linear octenes are routinely lower than with the SPA product,
typically being below 0.06 wt. pct. except at the highest conversions and even
then, the linears are no higher than those resulting from SPA catalyst. The
higher octane di-branched octenes are noteworthy in consistently being above 90
wt. pct., again except at the highest conversioﬁs but in all cases, higher than
those from SPA; usually, the di-branched octenes will be at least 92 wt. pct of all

octenes and in favorable cases at least 93 wt. pct.. The levels of tri-branched



=® 4,582, 815. Product Formation, Products Polymerization Product [0060] Wth

gasoline as the desired product, a high quality product is obtained from
t he pol ynerization step, suitable for direct blending into the refinery
gasoline pool after fractionation as described above. Wth clean feeds, the

product is Cg%ﬁ‘ﬁ‘ﬁ’w@i ngly lowin contam nants. The produgprjyS20dé6t372n

octane ratin val ues of 95 being regularly obtained and val ues of
over 97 being typical; MONis nornmally over 80 and typically over 82 so
that (RON+MON) 12 val ues of at |east 89 or 90 are achi evable with m xed
propyl ene/ butene feeds, O particular note is the conposition of the octenes
in the product with a favorabl e content of the higher-octane branched chain
conponents. Trostdnen erg typicallydo ancibpsexssylting feom the 8P A priocess esprially
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conver si ons butsulting: fiont SPASprobesshy. In'the C5t2005€ ﬁmdmt%onﬁhighllwelstdx{e
di - branched octenes w_ || be at | east 92 wt. pct of all octenes and |n

favorabl e casdli-bsmched {£8 bydigecarhens mqulﬁlﬂel“gﬂbﬂt lepst-85r weight pexnent of

resul ting 1ol RESERFOPpAGus SEAHIRRDR0 ¥ KrlyRlervhos, PO 88109 Y4IBHRE .
than 4 wt. pcipeRnPai-bianchéd C8hydpdiartions! he hi ghest  conversions when 5 or 6
wt. pct. may be achi eved, approxXimately half that resulting from SPA

processing. In %ye .C5-20 C product fraction, high levels of di-branched C8
hydr ocar bons Ctwith at |east 85 vvei ght percent of the octene

comonents Oeydkyfl - oRGNTH. SR RLRRE mb s dl it GbbtEy e oo
process, a NuiBftiofs tARPIASE. SThe dldfnsdh ihefe@Alreact with the single ring aromatics
in the aromatic feed to form high-octane number single ring alkylaromatics. As
noted above, the ethylene-aromatic alkylation reactions are favored over
intermediate pore size zeolite catalysts while propylene-aromatic reactions being
favored over MWW zeolite catalysts.

(0062) The principle reactions of alkylation and tramsalkylation reactions
between the aromatics and the olefins will predominate significantly over the
minor degree of olefin oligomerization which occurs since the ardmatics are
readily sorbed onto the catalyst and preferentially occupy the catalytic sites
making olefin self-condensation reactions less likely to occur as long as
sufficient aromatics are present. Reaction rates and thermodynamic considera-
tions also favor direct olefin-aromatic reactions. Whatever the involved
mechanisms are, however, a range of alkylaromatic products can be expected

with varying carbon numbers,

[0063]  The objective normally will be to produce products having a carbon
number no higher than 14 and preferably not above 12 since the most valuable
gasoline hydrocarbons are at C;-C;, from the viewpoint of volatility including
RVP and engine operation at varying conditions. Di-and tri-alkylation is
therefore preferred since with the usual C;, C; and C, olefins and a



M reactions take place. The olefins in the feed react with the single ring
aromatics in the aromatic feed to form hi gh-octane nunber single ring
al kyl aromati cs. As noted above, the ethylene-aronmatic al kylation reactions
are favored over internmediate pore size zeolite catalysts while
propyl ene-aromati c reactions being favored over MW zeolite catal ysts.
[ 0062] The principle reactions of al kylation and transal kyl ati on reactions
between the aromatics and the olefins will predom nate significantly over
the mnor degree of olefin oligonerization which occurs since the aromatics
are readily sorbed onto the catal yst and preferentially occupy the
catalytic sites nmaking olefin self-condensation reactions less likely to
occur as long as sufficient aromatics aB® present. Reaction rates and
t her nodynami ¢ consi dera- tions also favor direct ol efin-aromatic reactions.
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Process Parameters

[00657 The olefin polymerization will be carried out under the reaction
conditions set out in co-pending application No. 11/362,257 (claiming priority
from US Serial No. 60/656,954, “Gasoline Production By Olefin Polymeriza-
tion”). The alkylation steps will be carried out under the reaction conditions set
out in co-pending application No. 11/362,256 {(claiming priority from US Serial
No. 60/656,955, “Process For Making High Octane Gasoline With Reduced
Benzene Content™); application No. 11/362,255 (claiming priority from US
Serial No. 60/656,945, “Vapor Phase Aromatics Alkylation Process™} and
application No. 11/362,139 (claiming priority frem US Serial No.
60/656,946,“Liquid Phase Aromatics Alkylation Process”), to which reference is
made for a description of these conditions, as applicable to the combined steps of

the present integrated process.

Polymerization Reaction

[0066] The polymerization may be operated at relatively low temperatures

and under moderate pressures. In general, the temperature will be from about
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“w#prem um grade gasoline. Process Paraneters [0065] The ol efin polynerization
wll be carried out under the reaction conditions set out in co-pending
application No. 11/362,257 (claimng priority fromUS Serial No.
60/ 656, 954, "Gasoline Production By Oefin Polymeriza- tion"). The
al kyl ation st gn§itkhdsofpe Carried out under the reaction copgiius@iGeseh out
I n co-pending application No. 11/362,25634claimng priority fromUS Seri al
No. 60/ 656, 955, "Process For Making Hi gh Octane Gasoline Wth Reduced
Benzene Content'); appl i cation No. 11/362,255 (claimng priority from US
Serial No. 60/656, 945, "Vapor Phase Aromatics Al kyl ation Process ) and
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operation to ensure that the p cts remain in the gasoline boiling range.

Pressures wi || congtraints pubusualiyenidiorat execadabout 0,090 kEB@(MMﬁ%B&IQ yithi | |

pressuroa, nor JoF 8 0 erés? Sp gopsaly fihahe e, 709 Fhe FoSREFATbsig) e
from' equi pment pagy %Q@gnﬂﬁ{taéﬂdo ratih§ QembidetHoRk al%ﬁéﬁ%ﬁferare

not unfavorabl e | VI ew 0 ume change I n the reacti on;
pressures are not unfavorable in view of the volume change in the reactlon, in

most cases, the pressure will be in the range of 2000 to 5500 kPag e.g. 3500
Kpag (about 290 to 800 psig, e.g. about 500 psig) in order to make use of
existing equipment. Space velocities can be quite high, giving good catalyst
utilization. Space velocities are normally up to 50 WHSV hr 1 ¢.g. in the range
of 10 to 40 br’! WHSV, in most cases, 5 to 30 hr'! WHSV with operation in the
range of 20-30 WHSYV being feasible. Optimum conditions may be determined
empirically, depending on feed composition, catalyst aging and unit constraints.

[0067]  The olefin polymerization may take place under vapor phase, liquid

{ phase or supercritical phase conditions (reactor inlet). At the reactor outlet,
liquid phase will prevail under normal conditions with the oligomerization
product including significant proportions of Cs, C,o and higher hydrocarbons.
With significant amounts of ethylene (FCC Off Gas) in the feed, operation will
commence (reactor inlet) in the vapor phase and when higher olefins including
propylene and butene are present, operation will commence in the supercritical
phase. |

[0068] By appropriate adjustment of the reaction conditions in the
polymerization reactor, the product distribution may be modified: shorter
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Kpag (about 290 to 800 psig, e.g. about 500 psig) in order to nmake use of
exi sting equi pnent. Space velocities can be quite high, giving good catal yst
utilization. Space velocities are normally up to 50 WHSV hr -1, e.g. in the
range of 10wbQoobdeddhé VWHSV, in nost cases, 5 to 30 hi' \WESWSHNO6MOTETer ati on
in the range of 20-30 WHSV bei ng feasidl e. Optinum conditions nay be
determned enpirically, depending on feed conposition, catalyst aging and
unit constraints. [0067] The olefin polynerization may take place under
vapor phase, liquid phase or supercritical phase conditions (reactor
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et hyl ene (FCC in the feed, operation wl commence (reactor inlet)
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di stribution iayibel sewedﬂg} Op‘ethmig at\Rivg Bpace! vedodiy or Wlﬂ@cﬁsﬁig’iﬂie 1¢ onger
contact tines |ead to higher nolecular weight (higher boiling pro ucts).
So, by mcrea@hﬁrgm‘lhﬂemmal yst contact tine, it 1is possible to produce
products in the mddle distillate boiling range, for exanple, road diesel

and keroj et bhghfsapocks. Overall feed/catalyst contact time may be secured
by operating at” | ow space velocity or by increasing the recycle ratio to

the reactor. pbbsy) atThe prﬁﬂﬁe?,}odebg iPheEBIY fdi 6 egability Uit b chiblé oS

capability of being capable o operation at |l ow to noderate pressures. In

general , presepgragonat tonwderatOpessbng I genaraly presswiey up, to@bowts7,690 wi | |
be adequat € ﬁ§ 3 a%&:ceﬂna?elyolo&@ ps1g9 will be adequate. As a matter of operating
convenience and economy, however, low to moderate pressures up to about
3,000 kPag (about 435 psig) will be preferred, permitting the use of low pressure
equipment. Pressures within the range of about 700 to 15,000 kPag (about 100
to 2,175 psig) preferably 1500 to 4,000 kPag (about 220 to 580 psig) will

normally be suitable.

{0070)  In the liquid phase operation, the overall temperature will be from
about 90° to 250°C (approximately 195° to 390°F) but normally not more than
200°C (about 390°F). The temperature may be controlled by the normal
expedients of controlling feed rate, and operating temperature or, if required by
dilution or quench. If the additional vapor phase step is used, reaction
conditions will be more forcing over the intermediate pore size zeolite to attain

the desired ethylene conversion.

[0071]  In the vapor phase operation, the overall temperature, in general, will
be from about 90° to 325°C (approximately 190° to 620°F). With the preferred
two stage process, using the configuration of MWW-stage first, the feed (first
stage reactor inlet) is preferably held in the range of 90° to 250°C
(approximately 190° to 480°F) with the first stage exotherm controlled to



conveni ence and econony, however, |ow to noderate pressures up to about
3,000 kPag (about 435 psig) wll be preferred, permtting the use of |ow
pressure equipment. Pressures within the range of about 700 to 15 000 kPag
(about 100 to 2, 175 BSIQ) preferably 1500 to 4, 000 kPagH&aggﬂ ﬁ_}o 580
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i nter nedi ate pore sr ze zeolite,to attain the
esired ethylene conversion.

[0073]  Two factors affecting choice of temperature will be the feed composi-
tion and the presence of impurities, principally in the olefin feed stream. As
noted above, ethylene is less reactive than propylene and for this reason,
ethylene containing feeds will require higher temperatures than feeds from
which this component is absent, assuming of course that high olefin conversion
is desired. From this point of view, reaction temperatures at the higher end of
the range, i.e. above 180°C or higher, e.g. 200° or 220°C or higher, will be
preferred for ethylene-containing feeds. Sulfur will commonly be present in the
olefin feeds from the FCC unit in the form of various sulfur-containing
compounds e.g. mercaptans, and since sulfur acts as a catalyst poison at
relatively low reaction temperatures, typieally about 120°C, but has relatively
little effect at higher temperatures about 180°C or higher, e.g. 200°C, 220°C, the
potential for sulfur compounds being present may dictate a preferred temperature
regime above about 150°C, with temperatures above 180°C or higher being
preferred, e.g. 200° or 220°C or higher. Typically, the sulfur content will be
above 1 ppmw sulfur and in most cases above 5 ppmw sulfur; it has been found
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CLAIMS: 1. A nethod for producing a gasoline boiling range product froma
-m xed light olefinic feed streamincluding ethylene and propyl ene and a
liquid aromatic feed streamincluding single ring aromatic conpounds, which
process conprises: splitting a mxed light olefinic streamto formtwo m xed
light olefinic streans, passing one of the two mxed light olefinic feed
streans to a fixed bed of an ol efin contBensati on catalyst conprising as the
active catal ytic conponent, an MW/ zeolitic material to forma polyneric
gasoline boiling range product by polynerization of the olefins in the
stream eﬁ(r‘ﬁ%i_ ng olefins fromthe other of the two m xed |ight |ight
olefinic feed stieans by passing the olefinic feed streamin contact with
the aromatic feed streamat a tenperature to dissolve olefins in the liquid
aromatic feed sir | .t ] t LN t . act ed
ol ofins toan i aaae b pEaeaibp fndd iRE AL Bk Db LIEERRE T T,
extract ed streamiingduding ethiydenk agiprdpybéna sed oligrd arofmaticefdedytdam inchidimglsingle rinpl ecul ar
o eve, A YLk A Bh Y ShichpfhclBLMhsaaSC! L ne bolLing range product
cont ai ni ng akylaromati’'cs, conpi ni e polyneric gasoline boiling range
product ansplitting agmsed|lighteolé¢fmid stream todorgetwomoxkddight ddefmicairedamsg akyl aromatics to
forma gasgQl.i: ielal r - t j laiml in
whi cht o BPEREpIeat fieifto LRI R SAF netturchdTBh R0 RSPLFLRE Lo diol”
accor di ng taalyst apmprisitignaswhe eétive hretalytix edmpdngitt arp MM Wnzebbitd mgterid amferonpr i ses
C2 to 4 ' : o ' . Cl aj ' i he
pol ymer i za?%lg%érl ?ascoglrl?lleéél gggrﬁ%{/ogﬁc?g&' gdr%%ﬁe er%lg}foglr&g]?]gg/eghgggk{%sgg ‘conprising a
zeol i t e of exthetingidikfihafrothyhe dher Af the tyoanigedlighblight nigfivio fegdl streamsd by passing bh t he
zeolite of _{] g@é}y\é 1 vell ] ' j i ut
conpri ses E}?% : &@%%‘6@%&“%8 %&gfa ngef %%%g?% feﬂfphﬁ%% %ﬁgt&{% Oa#'ﬁlgl ation
i n the |iqinthe svidoacomatic degd siranh, out  over a nol ecul ar si eve catal yst

conpri si ngpz@siﬁf ﬁlleia}cﬁna(ﬁfz s&&ﬁ) Mrﬁx?gnﬂn!: ¥Yxtrafted olefins to an alkylation step in which the

aromatics are alkylated with the extracted olefins in the liquid phase over a fixed bed of a solid

]

molecular sieve alkylation catalyst, to form a gasoline boiling range product containing
akylaromatics,
combining the polymeric gasoline boiling range product and the gasoline boiling range product

containing akylaromatics to form a gasoline boiling range product.

2. A method according to claim 1 in which the aromatic feed stream comprises a reformate.
3. A process according to claim 1 in which the mixed light olefin feed stream comprises C,
to C, olefins.

4. A process according to claim 1 in which the polymerization is carried out over a

molecular sieve catalyst comprising a zeolite of the MMW family.

5. A process according to claim 4 in which the zeolite of the MWW family over which the
polymerization is carried out comprises MCM-22.

6. A process according to claim 1 in which the alkylation in the liquid phase is carried out

over a molecular sieve catalyst comprising a zeolite of the MMW family.



@ 39 7. A process according to clarm ich the zeolite of the MW famly
over which the alkylation in the liquid phase is carried out conprises
MCM 22. 8. A process according to claim7 in which the alkylation is carried
out in a second step in the vapor phase over an al kyl ation cat al yst
conprising a different internedi ate pore size zeolite. 9. A process
according to claim8 in which the alkylation is carried out in the vapor
phase over an al kyl ation catal yst conpig sing a ZSM5 zeolite. 10. A process
according to claiml in which the liquid aromatic stream containing the
extracted olefins is passed to an alkylation step in which the aromatics in
the streamare alkylated wth the extracted olefins over a fixed bed of a
solid ol edul ar AJKEE 25¢dipgto; aim S4p Hhigh the zgelitg,of the MYV foraily ovepwhich bRe MAIV
fam |y in akllkpaiie e fgse pheakichand @k cangrBeec®tyre in the range of 90 to
250 C and a pressure not nore than 7,000 kPag, to formthe gasoline boiling
range product containing akylaromatics. 11. A nethod according to claim10,
in which tBe ol gfprévess sb@rdinsior Rad7iis whRR eettkytibhistcheied 86GNMRkdcond £pdn St r eam
inthe liqyid phase in th resence of the catalyst at a tenperature from
150 to 25 .Vaf%zP ¢ %%@eﬁ@ﬁ)%’e& gtelysh ePrmgisipg & fifferent intetgpeiale PORSIZRZSOEE- | i ght
olefin feed stream conpri ses ethylene, propylene and butane and the ol efins
are extrac&ed selectively fromthe olefinic stream under conditions
favoring extracfiPErFessracedingioqiaim S4p athich e alkviatian 1) cariet PRt 18 theapAr B25¢ or m an
aromati ¢ SbhepaniRitios bastyit Bomprivingla3M-apediileUt ene which is passed to the
al kyl ation step and an olefinic effluent, containing ethylene which is
passed to an al kylation step in which the aromatic streamis alkylated with
the ethyl en@ i nAtfi6eeg hdcbRitly BldAAM i whidk HARQAd BRASE: BYRM Stailidgythat i on

catal yst conprising ZSM5. 13. A process according to claim12 in which the
aromati c sPHRYR plefing spassed &yangliptption gep ’ét"ﬁ‘iﬂf‘éli‘f’e"‘?’gfmf’ﬁ’é‘ ther sreare e 2yl m over

the IZS_M 51%& ahm%_simaa{eg &)léﬂhﬂnﬁéri’:l_ﬁ lfﬁ(ed (bléd f%_ﬁQ %cﬂldﬁ{ﬁ@@ulai%iev&aﬂd&@ﬁ@ﬁﬁatﬂ f)r di ng
to claim In WniC ne xXe 1gnt olert, ee streamcorrprls,es et ene,
propyl ene SHEPrSYE aﬁ@ﬁ%ﬁﬂ%@%‘v &f %Sma iauid phass, e bt EBpFroTeyn e ¢ he

ol efi ni ¢ sbf @EMOWICNEC 268 A Prdséudd) ot @O hh P OEXEN@Cih ifeh @E gésBBncbop@rangt ef i ns
inthe olefinic 40, streamtqg forman aromatic stream enriched in propyl ene

and but enePRAYCEseofainingakylagpmaics; he | i qui d

11. A method according to claim 10, in which the olefinic feed stream is reacted with the
aromatic feed stream in the liquid phase in the presence of the catalyst at a temperature from 150°
to 250°C.

12. A process according to claim 1 in which the mixed light olefin feed stream comprises
ethylene, propylene and butane and the olefins are extracted selectively from the olefinic stream
under conditions favoring extraction of the higher olefins in the olefinic stream to form an
aromatic stream enriched in propylene and butene which is passed to the alkylation step and an
olefinic effluent, containing ethylene which is passed to an alkylation step in which the aromatic
stream 15 alkylated with the ethylene in the effluent stream in the vapor phase over an alkylation

catalyst comprising ZSM-5.

13. A process according to claim 12 in which the aromatic stream is aikylated with the

ethylene in the effluent stream over the ZSM-5 catalyst at a temperature of 200° to 325°C.

14. A process according to claim 1 in which the mixed light olefin feed
stream comprises ethylene, propylene and butane and the olefins are extracted selectively

from the olefinic stream under conditions favoring extraction of the higher olefins in the olefinic
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ﬁ'phase al kyl ation step and an olefinic effluent containing ethylene which is
passed to the polynerization step to forma polyneric gasoline boiling
range product by polynerization of the ethylene in the olefinic effluent.
15. A process according to claim 12 in which effluent fromthe |liquid phase
al kyl ation step is passed to the vapor phase al kylation step together with
olefinic effluent containing ethylene fromthe olefin extraction step to
alkyl ate the aromatic streamin the vapo®? phase over the ZSM 5 al kyl ati on
cat al yst.

stream to form an aromatic stream enriched in propylene and butene which is passed to the liquid
phase alkylation step and an olefinic effluent containing ethylene which i1s passed to the
polymerization step to form a polymeric gasoline boiling range product by polymerization of the

ethylene in the olefinic effluent.

15. A process according to claim 12 in which effluent from the liquid phase
alkylation step is passed to the vapor phase alkylation step together with olefinic effluent
containing ethylene from the olefin extraction step to alkylate the aromatic stream in the vapor

phase over the ZSM-5 alkylation catalyst.



