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Reactor

The present invention relates to a Hguidigas reactor, More particularly, the presemt
invention relates to a lguid/gas reactor which facilitates the control of temperature in

the reactor. The invention also relates o a process carried out in said reactor,

Chemical reactions between liquids and gases are often carried out over a solid
catalyst bed. The reaction may be exothermic, Le. i generales heat, or it may be
endothermic, L.e. it uwiilises heat and cooling is noted. In some reactions heat effects of
the reaction are moderate although even in these, if the temperature is not controlled,
a loss of selectivity may resull. How ever, for more exothermic or endothermic
reactions it is necessary to be more rigorous in controlling the heat effects, In extreme
cases, the heat generated by strongly exothermic reactions can lead to thermal
runaway. Similarly the cooling effects of sirongly endothermic reactions can lead {0

quenching of the reaction.

A commonly used method of controlling temperature in a hiquid/gas reactor in which
an exothermic or endothermic reaction ocowrs i3 by recyvele of heated or copled
product. The recyele has the effect of limiting the lemoperature rise.  These so-called
“Liguid Recycle” reactors are in widespread commercial use, for example, in the
hydrogenation of benzene, the selective hydrogenations of olefins o remove alkynes

and/or dienes and in the hydrogenation of aldehydes to aleohols,

A typical scheme for the selective hydrogenation of alkynes and dienes in C; and
streams is iHustrated in Figure 1. This arrangement is simdlar to that ilustrated in a
presentation to AICBE 15" FEthylene Producers Conference 2003, Session &da
“Owerview on C; and 3 Selective Hvdrogenation” page 560, Fig 7. The
hydrogenation unit comprises a main reactor 1 and a finishing reactor 2. € feedstock
is supplied in line 3 to the main reactor 1 where it is reacted over a catalyst with
hydrogen that has been supplied in line 4. Product is extracted in line 5 and cooled in

cooler & before being passed In line 7 to lguid/gas separator 8. A proportion of the

liquid is removed in line 9 and recyecled to the main reactor 1. In the illusirated



WO 2012/110775 PCT/GB2012/050056

arrangement the recycle stream 9 is combined with the feedstock stream 3 before

being supplied to the main reactor 1.

The excess gas from the separator is removed in line 10,

The remaining liguid from the gas/hiquid separator is removed in line 11 and fed to the
finishing reactor 2. This reactor is a plug flow reacior. Product is removed in line 12
it will be undersiood that the Liquid Recycle reactor is partially back-mixed since the

feed is diluted with the recyeled product stream.

In the case of hydrogenation of 100% alkene to alkane or of aldehyde to alcohel,
typically recyele rates of 1 to 20 times the feed rate are needed in order to avoid the
temperature rise over the reactor being above 20°C, This recycled product
significantly dilules the reactant and consequently the conversion achisved in the

Liquid Recyele reactor is reduced.

The finishing reactor 2, which may alse be known as a polishing reacior, is needed to
make a high quality product which has low levels of wweacted feed components, In
order to have Hguid velocities suitable for good distribution the cross-sectional area of
the finishing stage has to be much smaller than the Liguid Recyele reactor and thus in

order {0 achieve adequate catalyst volwue a long {inishing reactor must be used.

A schematic illustration of another example of a Liguid Recyele reactor of the prior
art is illustrated in Figure 2. Here gas feed is added in line 21 to the reactor 22. Fresh
feed is added in line 23 and mixed with recycled product from line 24 before being
supphied in line 25 into the headspace of the reactor 21, The mixed liquid and gas
then flow downwardly through the catalyst bed 26 where reaction occurs. Unreacted
gas is removed in line 27 and a proportion of the product is removed in line 28. The
remainder of the product stream is removed in line 29 by pump 30 before being
heated or cooled in heater/cocler 31 fo the desired temperature before being recycled

to reactor 22 in Hne 24,

£3
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US 6693225 describes a liguid recyele reactor with more than one catalyst bed in
which hydrogen is added {o the first bed and between the beds.  Optionally a second

external plug flow reactor is added to complete the conversion.

An allernative arrangement is described in US 4704492 which relates to the selective
hydrogenation of acetylenic impurities in crude butadiene and US 4937051 which
relates to the hydrogenation of hydrocarbon ails. In these cases a succession of beds
with Hguid recyele from final product tw the entry to the first bed and other recycles
from bed outlets to bed inlets are desceribed. Hydrogen is added between beds o
improve selectivity, A second external finishing/polishing stage is often required in
order to get high efficiency andfor high-quality product.  The first recycle reactor is
used to provide uwmiformity of reaction conditions and good vapour/liguid mixing.
However, it suffers from the drawback of inefficient utilization of catalyst since it is

inherently partially back-mixed.

As explained n US 7663006, high liguid velocities are required to achieve good
vapour/liquid contact in these packed bed reactors. In GB 1315217 a process for the
hydrogenation of aldehydes is described in which a high Lquid flow is used 1o achieve
good catalyst utilisation. An alternative arrangement is described in US 4681674
Here recirculation i3 recommended in order to keep uniform calalyst wetting.
However, this process suffers from the disadvantage that recircudation of product to

the feed dilutes the reactant and reduces reaction rate.

in US 5573736 a reactor is described which is made up of a series of separate zones
all with Hguid recirculation in order to remove reaction heat. A final bed in the
reactor is plug flow with no liquid recirculation. In a design of this type, the velocity
in the final plug flow section will be very low due to the relatively low Hoguid rate and

therefore vapour/liquid distribution is likely to be poor.

A process in which hydrogenation ig carried out in two stages, either in one reactor or
using two reactors in series, is described in US 4960960, The second siage is
described as a separate reactor with or without liquid recyele or as a bed of the same
diameter as the main bed placed below the main bed. The design suffers from the

disadvantage of reguiring a second vessel or requiring increased reactor height in a

LS
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section of reduced liquid velocity; reducing the liguid velocity leads to inefficient

catalyst utilisation,

it has now been found that by a modification of the packed bed reactor it is possible to
approximately double the effectiveness of the catalyst. This can be used to give a
higher quality product and may make it possible to dispense with the finishing reactor.
Even if the finishing reactor is maintained there will still be a reduction in plant and

catalysts costs thereby improving the cconomics of the process.

According to the present invention there is a provided a liguid/gas reactor comprising:

{a) a bulk catalyst bed and means for supplving fresh feed and recyeled at least
partially converted lquid product stream to said bulk catalyst bed;

{t) means for collecting an at least partially converted liguid product siream
from said bulk catalyst bed and recyling at least a portion thereof to step (a);

{¢) a minor catalyst bed extending substantially vertically through the bulk
catalyst bed and means for supplying recycled at least partially converted product
sireamn only to said minor catalyst bed; and

{4} a separating wall between said bulk and said minor catalyst bed.

Gaseous reactant and fresh lguid feed are generally supplied to the bulk catalyst bed

in step {8}

The reactor of the present invention will generally be suitable for use with an

excothermic or endothermic reaction

With the arrangement of the present invention, the minor catalyst bed is supphied only
with feed which has already been subjected to the reaction and therefore will be at
ieast partially converted. Thus the stream exiting the munor eatalyst bed will provide a

more-fully converted final product than in 8 reactor without the minor catalyst bed.

The minor catalyst bed may be in any sultable location in the bulk catalyst bed but
may, in one arrangement, be located such that it is central thereto such that the bulk

catalyst bed forms on annulus therearound,
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Any suitable ratio of catalyst area of the minor catalyst bed to the bulk catalyst bed
may be used. Generally the ratic will be selected to preserve the required
vapour/liquid mixing and achieve the required wetting of the catalyst. Preferably the
ratio of the minor catalyst bed to the bulk catalyst bed will be from about half to abowt
twice the ratio of the flowrates of recyele to the minor bed to the feed plus the recycle
to the bulk bed. In one arrangement the ratio will be substantially 1:1. This means
that the minor catalyst bed will have a liguid velocity which gives good vapour/liquid
mixing and good wetting. Generally this will be of the same level as that achieved in

the bulk catalyst bed.

in one arrangement the reactor bottoms from the bulk catalyst bed will all be recycled
with a portion being recycled to the bulk catalvst bed and a portion being passed o

the minor catalyst bed.

The flowrate to the minor catalyst bed is preferably egual {o the final product rate
although for ease of control an excess of up to 100% may be used with the excess

being joined with the recycle from the bulk catalyst bed.

The reactor will preferably include a heater or cooler to adjust the temperature of the

recyele siream.

With the arrangement of the present invention, improved conversion can be obtained.
In some arrangements the need for a separate polishing reactor is obviated. This

reduces capital and operating costs.

Any suitable catalyst may be used., Generally, the selection if the catalyst will depend
on the reaction to be carried out. The catalyst may be of any suitable form. Examples
include peliets, extrudates, resins or impregnated packing., Examples of catalysts used
include nickel, copper/chromium or palladium. Suitable supports include alumina.
The same or different catalysts may be used in the bulk and minor catalyst beads. The
catalyst located in the minor catalyst bed and the bulk catalyst bed may be the same or

different.
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The reactor can be constructed of any suitable materials. The temperature at which
the beds arc operated may be the same or different. Where they are different the
reactor will include heating or cooling means. Where the beds are to be operated at
different temperatures the separation wall between the two beds will be fabricated

from insulating material,

The separating wall may be of any suitable structure. In one armrangement it may
stmply be an intermnal pipe in which the minor catalyst bed will be located. The pipe
may be of any suitable cross-section but may be of circular cross-section. In one
alternative arrangement the separation wall will be formed by, for example, a half

pipe fastened to the wall of the reactor,

A particular advantage of the present invention is that existing single or muliiple bed
reactors can be modified to have the vertical minor bed installed. Whether the reactor
is newly fabricated or a modification of an existing reactor, where there are multiple

beds, the minor catalyst bed can be provided on one, some or all of the beds.

The apparatus of the present invention can be used for any exothermic or endothermic
Higuid/gas reaction over a solid catalyst bed. Examples of exothermic reactions
include hydrogenations of aldehydes, ketones, alkynes, dienes, or aryt compounds and
oxidations. Examples of endothermic reactions include dehydrogenations. In
particular the present invention is suitable for the selective hydrogenation of butadiene
to butene, the production of cyclohexane from benzene or the production of Z-ethyl

hexane! from 2-ethyl-hex-Z-enal.

Thus according to a second aspect of the present invention there is provided a process
for a gas/lquid reaction comprising the steps of:

{a) supplying feed comprising fresh feed and recycle product siream to the
bulk catalyst bed of the apparatus of the above-mentioned first aspect;

(b} supplying gas to the reactor of the above-mentioned first agpect;

{c) allowing reaction to ccour in the bulk catalyst bed;

{d) collecting an at least partially converted liquid product steamy;

{e) recycling at least a portion of said partially converted liguid product stream

to the bulk catalyst bed;
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{f) supplying at least a portion of said partially converted lguid product stream
to the minor catalyst bed of the above-mentioned first aspect of the present invention;
{g} allowing reaction to occur in the minor catalyst bed; and

(h) collecting the product stream from the minor catalyst bed.

Whilst ail of the partially reacted stream from the bulk catalyst bed may be returned to
the reactor either as recycle to the bulk catalyst bed or as feed to the minor catalyst
bed, it will be understood that some of the partially reacted stream may be collected

and recovered.

The partially reacted stream returned to the reactor may be heated or cooled as

required before being recyeled.

The preferred flow regime will generally be such as to give a positive pressure drop.
However, low liquid rate or trickle-flow beds may also be used.  Where a liguid/gas

distributor is {0 be used, it may be of any suitable design.

The apparatus and process of the present invention 15 generally applicable to
downflow sysiems. However, it may also be applied to upflow systems and sysiems
which use a large excess of gas. In one arrangement, the gas and liguid streams may
be in co-current downflow. The apparatus and process of the present invention may

be used in exothermic and endothermic reactions.

The process of the present invention may be any suiteble reaction. In one
arrangement, the reaction may be the hydrogenation of an aldehyde to alcobicl. In
another arrangement, the reaction may be the selective hydrogenation of g diene, such
as buiadiens, or an alkyne, to an olefin. In a further arrangement, the reaction may be

the hydrogenation of the aromatic ring in an aromatic compound,

The catalyst selected and the reaction conditions will depend on the process being
carried out. For example, where the reaction 1s the hydrogenation of an aldehyde, a
copper/chrome catalyst may be used and the reaction may be carried oul at a
temperature of from about 140°C to about 200°C and a pressure above 10 barg. For

the selective hydrogenation of dienes, palladium or alumina catalyst may be used and



WO 2012/110775 PCT/GB2012/050056

the reaction may be carried out at temperatures of from abowt 20°C to about 130°C

and a pressure of from about 5 barg to about 20 barg.

The present invention will now be described, by way of example reference to the

following drawings in which:

Figure 1 is a schemaiic flowsheet for a reactor system of the
prior art;
Figure 2 is a schematic diagram of a liquid/gas reactor of the

prior art; and
Figure 3 is a schematic representation of the apparatus of the

present invention.

The apparatus of the present invention is illustrated in Figure 3. The reactor vessel 31
comprises a bulk catalyst bed 32 and & minor catalyst bed 33, The gas is fed in line
34. Fresh feed is supplied in line 35 where it is mixed with recycled partially reacted
stream recyeled in Hne 41, This mix of fresh feed and partially reacted stream is fed
to the bulk catalyst bed 32 where reaction with the gas ocours. Offgas is removed in
Hne 37 and the partially reacted product stream is recovered in line 38 using pump 39
before having the temperature adjusted by heater or cooler 40, This temperature
adjusted stream 36 is split with stream 41 being mixed with frech feed 35 before being
supplied 1o the bulk catalyst bed 32, The remainder 1s passed in line 42 15 the minor
catalyst bed 33 which is separated from the bulk catalyst bed 32 using separation wall
43, This siream is subjected to the further reaction with the gas supplied in line 34,
Product from the minor catalyst bed is collected in line 44, This will have improved

conversion when compared to that achieved in conventional liquid recycle reactors.

The reactor of the present invention may be used in the hydrogenation of aliphatic Gy
— Cyy aldehydes to the corresponding alcohol over a CuCr catalyst. The same catalyst
will generally be used in both catalyst beds. In this reaction, the residence time, based
on feed, will be about .1 to about 10 hours. The temperature of the catalyst beds will
be in the region of about 100°C fo about 200°C at pressures of about 3 to about 30
bar. Allernatively, the reaction may be carried out over a nickel catalyst in which case

the residence time, based on feed, will be about 0.1 to about 10 hours. The reaction

o
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will be carried out at temperatures of from about 70°C to about 150°C at pressures of

from about 5 to about 50 bar.

The recyele rate will generally be selected to be similar or the same as that that used
in prior art processes. Without wishing {o be bound by any theory, it is believed that
the recycle is required in order to restrict the tomperature rise. By limiting the
temperature rise, the outlet temperative can be limited. This has the benefit of
himiting, or gvoiding, by-product formation and may provide improved selectivity. In
addition this aveids a low inlet temperature. This is beneficial since a low inlet
temperature would require a large induction zone in the reactor inlet before the
reaction could start. However, the recvcle rate should not be larger than necessary as
this unduly dilutes the reactants with product and reduces the effectiveness of the

catalyst,

Whichever catalyst system 15 used the recycle rates will be between about 5 to about
50 times the feed rate. The catalyst beds will be sized so that the liguid superficial
veloeity 18 in the range of about 0.2 to about 4 cm's. The hydrogen will generally be
fed at guantities of approximately equal © or up 10 about double the stoichiometric
requirement, Since this reaction is an exothermic reactor a cooler 40 will be used to

remove the heat of the reaction.

Comparative Examples 1 and 2

n-Nonaldehyde was passed over a bed of nickel catalyst at 50 barg with 2% excess
hydrogen.  Using Cgugf'cmze'kji'}{sv the first order kinetic coefficient k¥ can be
calculated. Since substantially the same value is obtained for both examples it will be
seen that a first order model is a good prediction of conversion. The conditions and

resulls are set out in Table 1.

Table §
Comparative | Uomparative
Example 1 Example 2
Feed VVh 0.4 .4
Recvele Wh i £.8
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Recyele : Feed 15,00 12.00
Mixed feed + recycle nonanal wi % 8.5 7.8
Catalyst volume | (.40 .40
LHSY (based on feed + recycle) i 16.00 13.00
Reactor Temperature °C 124 120
Residual Nonanal wi .27 .14
CounCin (.04

Calculated first order kinetic factor hr” 31 52

Comparative Example 3 and Example 4
To illustrate the improvement obtained by using a segregated reactor of the present
invention, the catalyst bed is divided between the Main Bed and a second plug flow

bed s0 that the residence time and therefore the conversion C,/Ci, will be the same as

in the comparative examples., Conversion is calculated by CGHE/an=e‘m"Hw, Details
and resuils gre set oui in Table 2,
Table 2
Comparative | Example 4 Single Bed
Example 3 Caleulated Performance  of Resctor o
o Eqgual
Segregated Reactor of Same -
, Performance of
Yolume .
Segregated
Reactor
Single Bed Main Bed Plug Flow Bed | Single Bed
Feed i/h (.4 3.4 0.4 (1.4
Recycle Vh & 5.6 544
Mived feed + ]85 5.9 0.3 8.5
recycle
nonanal wi%s
Catalyst 0.4 {.373 $.023 .73
volume litre
LHSY  (based | 16.00 16.00 16.00 8.1
on  feed _ and
reeyeley b
Inket 120 120 120 128
femperature
s
Residual 8,27 0.3 0012 4.012
Unreacted

18
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nonanal wids
Couw’Cin (.04 8,04 0.04 4.002

The partitioned bed reactor of the present invention achieves a only 8.012 wiSs of

residual unreacted nonanal compared o 0

conventional Hguid recyele reactor,

conversion has been achieved.

7 wi¥% with the same volume In a

Thus it will be undersiood that improved

To achieve the same improvement in performance using a single conventional Hauid

recyele bed an increased in bed volume of 85% is needed 1.e. from 0.4 10 0.73 litres,
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CLAIMS

1 A lguid/gas reactor comprising:

{a) a bulk catalyst bed and means for supplying fresh feed and recycled
at least partially converted hguid product stream to said bulk catalyst bed;

{b) means for collecting an at least partially converted lguid product
streamn from said bulk catalyst bed and recyling at least a portion thereof to
step (a);

(¢} a minor catalyst bed extending substantially vertically through the
bulk catalyst bed and means for supplving recycled at least partially converted
product stream only to said minor catalyst bed; and

{d} a separating wall between said bulk and said minor catalyst bed.

2. A reactor sccording to Claim 1 wherein the minor eatalyst bed is located such

that it is ceniral to the bulk catalyst bed which forms on annulus therearound.

3. A reactor according to Claim 1 or 2 wherein all of the partially converted
product stream is recycled with a portion being recycled to the bulk catalyst bed and a

portion being passed to the minor catalyst bed.

4. A reactor according to any one of Claims 1 to 3 wherein the reactor
additionally includes a heater or cooler on the recycled, at least partially converted,

ftquad product stream.

3. A reactor according to any one of Claims | to 4 wherein the beds are operated

at different temperatures,

6. A reacior sccording to Claim § wherein the separation wall is fabricated from

insulating material.

7. A reactor according o any one of Claims 1 {o 5 wherein the ratic of the minor
catalyst bed to the bulk catalyst bed will be from about half to about twice the ratio of

the flowrates of recyele 1o the minor bed to the feed plus the recycle to the bulk bed.

12
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8, A reactor according to Claim 7 wherein the ratio of is substantially 1:1.

3. A reactor according to any one of Claims 1 to 8 where the catalyst in the

minor catalyst bed is different to the catalyst in the major catalyst bed.

10, A process for a gas/hiquid reaction comprising the steps oft

{a) supplying feed comprising fresh feed and recyele product stream fo the
bulk catalyst bed of any one of Claims 1 to 9;

(b} supplying gas to the reactor of any one of Claims 1 10 9,

(¢} allowing reaction 1o occur in the bulk catalyst bed;

{d) collecting an at least partially converted Hguid product steam;

{e) recycling at least a portion of said partially converted Hquid product stream
to the bulk catalyst bed;

{1y supplying at least a portion of said partially converted Lquid product stream
to the minor catalyst bed of any one of Clains { to 9;

{g} allowing reaction to occur in the minor catalyst bed; and

{h) collecting the product strearn from the minor catalyst bed.

11, A process according to Claim 10 wherein the partially reacted stream returned

to the reactor is heated or conled before being recycled.

P2 A process according to Claim 10 or 11 for the hydregenation of an aldehyde to
aleohol.
i3, A process according to Claim 10 or 11 for the selective hydrogenation of a

diene or an alkyne to an olefin.

I4, A process according to Claim 13 wherein the diene is butadiene.

5. A process according to Claim 10 or 11 for the hydrogenation of the aromatic

ring in an aromatic compound,



