1 Method for producing aa-unsaturated Cm-aldehydes The present invention relates to the preparation
of a,13-unsaturated C10-aldehydes, especially 2-propylhept-2-enal, by aldol condensation of
C5-aldeWye20d §pEaEd82n-pentanal, with the aid of a continuous process aP@F(HRR MDA peEFNble
of claim 1. A process of this type is known from DE 199 57 522. Total hydrogenation of
a,f3-unsaturated C10-aldehydes affords decanols, which are sought-after plasticizer alcohols.
Decenols are intermediates for the preparation of decanoic acids, which can be used to produce
peresters, detergents, plasticizers and lubricants. DE 101 08474, DE 101 08476, DE 101 08 476 and
DE 102 Refit@difentisradueing aipeuisiatimdital Chalitdlygdesespecially n-pentanal, can be
converted to a,13-unsaturated C10-aldehydes. Exact conditions for performance of the aldol
condensation are not disclosed. It is merely pointed out that a43-unsaturated CiO-aldehydes can be

preparedrfigrpraliBhatioveRtialdeaises b e aaloaiNeNDg-imesiarakand J-siyirxes enal from

n-butanal (butyraidehyde). In the practised art, Preferably basic homogeneous catalysts in the form of

bases, e3pRefHANMPRERYIRRHtZaB8LLN AR epadrrtatichels BydssapsRasially-aldehydes
to a46-Upssiviates Gifhraidehiries PrandaLeRRASRAINABFAIHE IS HAR BieRpbiksRIdRliRgtoN forms

a C10-hydroxyaldehyde (C10-aldol), from which a second reaction step forms the unsaturated
C10-aldehyde (decenal) by elimination of water. The reaction proceeds with involvement of two

phases (Qgrre A TN PHESE KABWRPHS MADEY $ophasehsvhich are virtually immiscible. The

achievement of high conversions and selectivities therefore requires that the two mutually immiscible
liquid phases are intimately contacted with one another during the reaction in order to overcome the

nhibitiorygtanasasaRMidiebyeEn MrsaRaRs 4 AR RIRERSHER BOGRIRTIER Rielore have

to generate a maximum mass transfer area between the two phases. 2 e agueous catalyst
phase issastgbtrefieyniasicirer aleohgahoacanalg ssekstarsadimteaddriheprepanation athen tubular

reactors pie13ad -a\é{%g%gﬂ%%ﬂ%%ﬂ%g t&gg@g@g a@gféﬁg@%’%%%@g? Qigég@‘z@@ h

a,[3-unsaturated C,0-aldehydes in a stirre yst use odium hydroxide
solution &ibsieaatsion temperature of 120C. The reaction is performed continuously in a stirred tank at
a phase ratio of organic phase to sodium hydroxide solution in the range from 0.5:1 to 5:1. In order to
achieve a conversion of 97% in straight pass, a residence time of 50 minutes is required. Preferably,

the aim 8@ &@ﬂ\\fb&é@'ﬁo@ﬁp@d?@?@?&aﬁré@iﬂ@&éﬁﬁr@df@ﬁ g 2628 henentionvertadng
CS-a'de'exﬂsﬁtﬂrﬁggwg%%@ya&&ne%@@ua RAGUAMRER UL, %%%g{ﬁg%giay'gﬁo the reactor. In DE

199 57 522, aliphatic C5- are’'converted to a,p-unsaturated C1 es in the presence
of sodium, Byheaideatetlfiao-aidehyoeisr Fxactaranditiocis floe peglanopieesefithdisddaded in the sodium

hydroxide solution,and which, according tp.examples, is rated with g loading factor greater than
9.92. The g(élgpnsga LAS"B i Bgﬁsrge%sgggfiﬁ’lgwrgeggb Bﬁ'fgg%'?g‘ﬁéﬂ%g'gﬁ@@ﬁggrop based on
length oGap-thielebgdies uaddreopayptirg] dfonditiiphatic Csdidatmtias ppsreacaldibtiemaiteéato
pressure based on efined as the ratio, of mass, flow M [kg/s] af all components in the reactor to
the volu%%%f&?ﬁv ?Ffi%%%( FHrRahERD %B‘é%}?i?&% %H%ﬁﬁflﬁi multiplied by g = 9.81 m/s2.
This process can achieve pentanal conversions of more than 96% in high space-time yields at a
sodium roxide solutjon/reactant ratio of . approx. 100 to 1. The processes_ according to WO
372003 A1 FE Y B RLRT2 0k S BRAGETRAL GRS NG LR BT EN ARG needied for
the perfespaoizijhierdos. ibhis &f cousediinNBOBIreed tagdreatioooNVSISIORE0ARhBYiIhe drive power
of the stigrer units, and.in the tubular reaction known from DE 199 57 522 by the flow losses resulting
3 fromt Tﬂ@?ﬁ@ﬁ%@s@qt ﬁ@%%%ai?\gogﬁalggﬁ@ﬁ%&ﬂj% RS ARR I I SH52aSHAM the
type spesiéipbriHbe RIdBeiio s teh® Way (hpyHiexjenttsmanceohesmed e tete svisish eNSERHHYPUL at

high product yields. This object is achieved by dispersing the aliphatic C5-aldehydes and/or the
- 73-unoEtARLIRR 948 RAERyHELRSEHIAIEE reradeiin (RS0 O ¥ AUTANER & WAl Pef the

dropletsregictib i sreceage g glvementoMMo phases (organic aldehyde phase, aqueous
catalyst phase), which are virtually immiscible. The achievement of high conversions
and selectivities therefore requires that the two mutually immiscible liquid phases are
intimately contacted with one another during the reaction in order to overcome the
inhibition of mass transfer between the phases. Suitable process technology measures

therefore have to generate a maximum mass transfer area between the two phases.

According to the prior art, mass transfer between the organic pentanal-containing phase



The invention therefore provides a process for continuously preparing a43-unsaturated C10-aidehydes
from aliphatic C5-aidehydes, which comprises the following steps: a) aldol condensation of aliphatic

C5-aldehye 20 givessunsaturated C10-aldehydes in the presence of anFgpgTRESEPRSHBRa tybular
reactor; b) phase separation of the output from the tubular reactor into an agueous catalyst phase and

an organic product phase; c) separation of the organgc product phase into a,P-unsaturated
C10-aldehydes, aliphatic C5-aldehydes and by-products; d) discharge of a portion of the aqueous
catalyst phase to remove the water of reaction and supplementation with fresh base and subsequent

recyclingangptiiredgbetaiy eacspyisvireisdishecalionad 6 ¢ breldsydamangion e stiffcd naaiksaded
C10-aldehydes are dispersed as droplets in the aqueous base; and wherein the average Sauter
diamete P WQWW‘%&@%MB%@%@%?@ ¥$88ctant/product mixture is dispersed
in the aqueous base while maintaining the droplet size specified. It was found that, surprisingly, this
droplet sjze can be established with mixinP modules with a very low energy input, and additionally

ensures WGh TG 4LRSCERE S BRANOTLARILPRAII GlchiPhAlin & mBldeRY¥dRS AR context of the
inventiorn,age pRstiaiatetala idehribannraifirdicamecrrplistibet inventivegisession, The

inventive effect can be explained or interpreted as follows: The aldol condensation of aliphatic

C5-alde RSB XKIprRalidirmatieraadior iemearatutsanf 120He Jineseerttamade between the
disperse b FRRIHEHE irl BeAFARNE MOzR AYNALR RRAS OISR AISRASSPIASE diliadueous

NaOH the continuous phase. The size of the phase interface dependson the droplet diameter and the
proportidWefeilaiseliserpibiie nee e Shedrie Fhastnirterate achievamdPnVATRIARRS ds is the
Sauter digmetar SHIRe S M98 tHhe SrsteniamsiRl SiRRiNeIbRE %@rgﬁﬁ‘ﬁ%a
diameter of the disperse C5-a|dehoyde phase. The finer the droplet distribution (the Smaller the Sauter
diameteFOMERHONST PRPERENEAGE alradesiderarctimes sOreigessit i uosomeeried requires the

Sauter dj yeuishy i ASINE i imeniak t e
Iiterature@té:rﬁf%lt(\)glou C@?ﬁ%@gﬁ%?gﬁﬁ%ﬁ ﬁgdﬂ?%%?i%gpég%%g-Z% F&)ﬂgn?(je E%?(Qal%rgq:frh g': al.

Trans ICF&REIVol 81, 2003, pp. 787- 826]. For stirred liquid/liquid systems, several authors, with
reference to experiments, have produced a series of calculation equations for the determination of the
Sauter diameter. The majority of the equations known from the literature can be summarized by the

followingd e RRHSP T E22dRliphatie-Cxpaldebydgs)are converted to o, B-unsaturated
Cio-aldehydes in the presence of sodium hydroxide solution in a tubular reactor in which
the organic phase is dispersed in the sodium hydroxide solution and which, according to
examples, is operated with a loading factor greater than 9.92. The loading factor B is

defined as follows:

B = PD/PS
- PD [Pa/m] is a pressure drop based on length over the reactor under operating
conditions and PS [Pa/m] an operand with the unit of a pressure based on length,
defined as the ratio of mass flow M [kg/s] of all components in the reactor to the volume

flow V [m?/s] of all components under operating conditions, multiplied by g = 9.81 m/s?.

This process can achieve pentanal conversions of more than 96% in high space-time

yields at a sodium hydroxide solution/reactant ratio of approx. 100 to 1.

The processes according to WO 93/20034 and DE 199 57 522 have the disadvantage
that a very high energy expenditure is needed for the performance thereof. This is
caused in the stirred tank reaction in WO 93/20034 by the drive power of the stirrer
units, and in the tubular reaction known from DE 199 57 522 by the flow losses resulting



In this equation, Ci and C2 are system-dependent constants which are in the range from 0.027 to
0.081 for C1 and in the range from 0.97 to 23.3 for C2. We is the Weber number and dR is the
diameteORO$OMEOS5FA2 We number is the ratio of dispersing power and iIRETARIPEOO/O53¥R1=(1 /
a)* p * dR3* n2 In this equation, n is the stirrer speed, p is the density and a is the surface tension. To
calculate the mean droplet diameter when using stir@d tanks with an installed stirrer, the following
equation can be used: ds = dR *We-"(1 + 4.47*(p)*0.081 Similar correlations are also known to any
person skilled in the art from the literature for the dispersion of liquid/liquid systems in the case of use
of static fnprarthdduea@smesSulzer or Kenicks mixers. For the dispersion of low-viscosity liquids, for
example, static mixers of the SMV type from Sulzer are recommended. For the static SMV mixers, the
mean Sauter droplet diameter ds can be determined by the following relationship (Streiff F.; Recent
Prog.Gelti¢ésRhetefdreNm S8j¢t087 e BESedsindbrtich2b tée«ibiRe pboadsasetil tyee hydraulic

diameter of the mixing element channels. The Weber number and the Reynolds. number are defined
2 follon P TS IIE GOSG s K13 ey (ML PaT G aHEre GeiEHld SUER BT S SOED
liquid phassutratighiptbduelatizielsoid volume of the mixer and n is the dynamic viscosity (Pa*s) of
the continuous phase. The pressure drop in a flow tube with a static mixer can be calculated

approximately for multiphase flow of liquids in the same way as for single-phase flow: Ap=c*p*u2/ * dh)
where is Tihésgstsjeuttiy aldriende iy etsplarshegcivesfidiphtitis I54-afdbhydsistanierapefficients for static
mixers of different ec%me y %bef und in the technical literature %g Thakur et al. Trans IChemE,
Vol 81, 28633 H o8 ey ARANARMESEL O (1S Pre RE USRS RSB AYET98 S Tand the
PS operajigmétemssgiblaraplcisdenyitn thE b3S ror20 12 fictdatenting, load parameter B.

The invention therefore provides a process for continuously preparing o,B-unsaturated

Cqo-aldehydes from aliphatic Cs-aldehydes, which comprises the following steps:

a) aldol condensation of aliphatic Cs-aldehydes to give o,B-unsaturated Cqo-aldehydes

in the presence of an aqueous base in a tubular reactor;

b) phase separation of the output from the tubular reactor into an aqueous catalyst

phase and an organic product phase;

c) separation of the organic product phase into o,B-unsaturated C4s-aldehydes,

aliphatic Cs-aldehydes and by-products;

d) discharge of a portion of the aqueous catalyst phase to remove the water of
reaction and supplementation with fresh base and subsequent recycling into the
tubular reactor;

wherein the aliphatic Cs-aldehydes and/or the o,B-unsaturated C4¢-aldehydes are

dispersed as droplets in the aqueous base; and wherein the average Sauter diameter of

the droplets is in the range from

0.2 mm to 2 mm.

One of the fundamental findings on which the invention is based is that a mass transfer

between the phases of the reaction is particularly effective when the reactant or the



A common feature of the static mixers is that their hydrodynamic behaviour has been studied in detail
and is therefore known. This fact can be considered as a key for the reliable scaleup of experimental
results tO\tReA0d0Et0aBSZale. The scaleup risk for static mixers is very low (ROTYES 201 MOSER2A¢fined
geometry and flow regime. As a basis for the model application, two prerequisites are indispensible:
equal substance values and equal geometric similarity. The application criterion requires an equal
energy input based on volume and an identical flow state. The energy input in the case of use of static
mixers can be calculated according to F. Streiff (Recents Progres en Genie des Procedes 11. No. 51,

1997), aczacting/pocthectatiixting endsperséd in {Ae addeb(dape wile mamta{dRgEhehdrepién is

the mixer.yolume i V is the valume flow in m3/s and dR i t%e.tube diameter. Ne is the Newton
nurmbor oS e AR At el 0 AR S L T S
pressureTixing TedMeswitheryéoy ther iadengy apoit artyg Eeiddrenaligvensuré s diglogonadsn tabular
form. Foy the estimation of.the eneray input of the stirrer, its power P is first calculated from the known
relationsﬁq%pn p%)%wae?%ela%uegﬁcf)% ? Bq:“ﬁgéymﬁp ur(l%’y ' where Ne is the Newton number of the stirrer. It
depends on the Re number. The Ne number can be inferred from the Ne-Re diagrams for different

stirrer systems. h,diagrams can be found .in the technical literature in several references, for
cxampie O A ey A T s Do - bR R s B g
Verlag, 1g8iethgaddoZipksinrtike \Wikentihe dispersiotput and the reaction volume VR are known, it is
possible to calculate the volume-based energy input from the quotient P to VR. However, the
abovementioned equations alone cannot calculate the yield and the selectivity of the a43-unsaturated
C10-aldatned e eTtigreaffectackrob éuekmsininédeTdinig mpastatkéa folflonsxample temperature, phase
ratio, residence time or base composition, which are just as important. With regard to this, the
invention teaches the following: It has been found that aliphatic C5-aldehydes are converted to an
extent offine@dbhodtiEnseaticdhwisiphatc Cslaldddgidede bathgratbipheatioraistiperfismed in a
tubular r(?g et%r_} wréigb‘&%rp ( e“s%te Ie%gthorlig‘ren_igging]gl dule ich..disgerses e Ch-aldehyde reactant
into droplets With ah average tlametar {alis {s Fé%PY%%. HT RS Sl th RBUBI B ous catalyst
phase (pbasss.lifnerghiib Ceraidehptisqhaseliydhexdisparbdiphasyl tuelnnuealis dfadi axglic

acids and has a sodium content of 0. 1.75% b s and a in_the range from 12.5 to 13.5.
Forther S B B e A e B e B AT 51 R S RIS Ao
the desdtigtipropdritbrfafdivs dBfdrseghasagedof the ppexds pleasedinig tiatieeanvention lie in the
high product yield in straight pass and in low specific energy consumption, the energy consumption
being determined by the pump output; the higher the pump output, the higher the pressure drop and,
associatad \Bittp/thid 1ttme] higher the specific energy input. Feedstocks In the process according to the
invention, 3-methylbutanal, n-pentanal and mixtures thereof may be used. These mixtures may have
up to 10% by mass, preferably less than 5% by mass, of 2-methylbutanal. A preferred reactant is
n-pentanehevbidy isotitaiSaliss diemet@¥sbynmadso espaltidiydiets. than 5% by mass, of
2-methylbutanal, and less than 3% by mass of 3-methylbutanal. Very particular preference is given to
using a C5-aldehyde mixture which has an n-pentanal content of at least 95%. It should be pointed
out, howEverS thdeit dseatsiqradsidescrilthe fitecasamdropletgliartiztanvéthimditpesseC5-aldehyde

mixtureswhi ave a differegt camposition frgm the, abovementioned mixtures. For example, the
feedstocsgg'%@]ﬁﬁ%goen%}%%es% ﬁﬂ%u% s%@&%ﬁ%@b L/‘-\t'r?ﬂ-§@ﬁt§m§uﬁ5ﬁ@$ﬂﬁt§ﬁ§ﬁ@ﬁ%@% can
be obtaitrezldrg digaritferexglasingenifebutene, 2-butene or mixtures thereof, each of which have only
small proportions of isobutene. A process for preparing n-pentanal from 2-butenes is described, for
example, in DE 10 2008 002187.3. To form the process liquor, sodium hydroxide solution is used in

the proc€be aattutitigriofibersmatifio phas e dlierfaby demide sthetiadtentidhetenoessdighas
together, with return liquar. The return liguor comprises, as well as sodium hydroxide, sodium salts
of carbot>?y ic a@%ﬁf%’ﬁﬁé&ﬁl?%%npgﬁﬁsn%%x Gic @.%gl égﬁyf)%y |§bﬁ§se Ewm%ﬂq?dﬁ’hérc?essentially
by CanrfiCpaulalogaatidd.A. AICHE Journal, 22, No. 2 (1976), pp. 289-295 ,10 and R. K. Thakur

et al. Trans IChemE, Vol 81, 2003, pp. 787- 826].

For stirred liquid/liquid systems, several authors, with reference to experiments, have
produced a series of calculation equations for the determination of the Sauter diameter.
The majority of the equations known from the literature can be summarized by the
following equation:



In the process according to the invention, the sodium content of the process liquor at the reactor inlet
is 0.60 to 1.75% by mass, especially 1.1 to 1.20% by mass. To adjust the sodium concentration of the
process WGo20d6Wifia88R1Iroxide solution is fed into the 9 return liquor with RGHitdR2O40D5Q2Eker
than 2.5% by mass. In order to introduce little water into the reaction system, preference is given to
using sodium hydroxide solution with a relatively high concentration. In the process according to the
invention, preference is given to using sodium hydroxide solution in the concentration range from 5 to
30% by mass, for example at 10% bsi mass. Tubular reactor with static mixers The process according
to the invintidr is Befobedd (A-€0aibelar reactor which has at least one mixing module, preferably
more than one mixing module. More particularly, the number of mixing modules is 1 to 30, very
particularly 10 to 20. A mixing module means a static mixer, i.e. a passive component which has no
direct inttm#iisesguglionqUiremd i, e systéan-demtodent siststzraswittchhach in thefeaalgy &ligned
vertically, | h it may, be from bottam to I Vice.vers industrigl reactor may also
consist o?é%?uftr%\lq&’g? tlt%edsf1a?rr]a}16nbnet |enr82 ?@Wh@%% %%e'r?’né)étgﬂ't &g ﬁ?]eowg U-tubes. A
mixing mudnlecis Pprdfdrablinerdiameit itiod thea stoTenlEhy Mis muenpesisrthbeatatieesf tie pexdngg
modules, Th rtion:by. volume of the total volume of the reactor outside the mixing module(s) is
20 to BO%EVg%p'peég}%ﬁé%g g{' 85%“1%1% mixing modules may have equal or different distances from one
another. The distance between the mixer modules preferably decreases in flow direction. The
distancewg t=h(-:-,brlr,1iag k gug%uha,sl);ﬁom one another are, depending on the intended superficial velocity,
the phase ratio betWee redctant and catalyst phases, the reaction progress and the mixer type, 0.2 to
five times the mixing module length, especially 0.5 to two times the mixing module length. The mixing

10 arrant DTS R B S e B et e s S8 SRH o 45

to 900 Mixing elements are preferably arranged in the mixer module with a distance of two tube
diameters, A mixing_module may also .consist.of static mixers of different design. It may be .
e AR e R AR A R v Tk WERh S stetower
hydraulidhkcholEraingseqtiatisaccam b tisesdcase, the first static mixer produces very small droplets and
the second static mixer, as a result of selection of a greater hydraulic diameter, prevents the
coalescence of the cluster of droplets. The hydraulic diameter of the mixing elements of the mixer
modulesdyeferabWeddidasek4vitl tovddirection. The mixer modules in the reactor may be the same
or different, i.e. they may be of the same design or of different designs. The mixing elements used may
be all static mixers which, under the intended reaction conditions, are capable of dispersing the
organic |Siaskirctrectzialysiaubadsarkdoopidts avithpersore siijie duthedianfieter ihahikareatgesffom 0.2

to 2.0 mp. The static mixers used inthe process according to the invention.ma Be mixin e’Iements
which ar@]gu(ggg%? b%ﬁ?}oﬁ%%u&é@%}ﬁdo W '?‘rr?rhr?s%%|8ﬂ89v%/ﬁé‘c§§sﬂf;ﬁﬁt&5'fa§“é§ r %OW&‘B §Ily
availableéS izarctoiKeoinisionxdrscording to the invention, the aldol condensation of the aliphatic

C5-aldehydes is performed in the temperature range from 100 to 150C, especially in the range from
110 to 140C, very particularly in the range from 120 to 140C. The reaction can be performed

isothermiadly tiaelidispiraibnasfiolytragiosity iotid sefop eratompleastatic spp@fiedf Fur SMVitipa

Lerrgspeenréawé%cg&%gg aar‘gtpgcgen%%ce)h &I%t and a temperature of 140C at the reactor outlet may be

For the static SMV mixers, the mean Sauter droplet diameter ds can be determined by
the following relationship (Streiff F.; Recent Prog.Genie Proc. 11. No. 51 (1997) p. 307):

ds /dn = 0.21*We*°Re *™°
where dy, is the hydraulic diameter of the mixing element channels.
The Weber number and the Reynolds number are defined as follows:

We = p *dn* u?/ (0 * €?)



11 The reaction pressure in the reactor is at least sufficiently high that both the process liquor and the
organic substances (reactant and products) are present as liquid phases. The pressure is in the range
from 0.2 W@.86MPH G58%rably in the range from 0.3 to 0.5 MPa. In the prode€s ey 0528 1
invention, the ratio [kg/kg] of process liquor to reactant at the reactor inlet is in the range from 5 to 40,
especially is in the range from 10 to 15. The averagebsuperficial velocity of the mixture of reactant and
process liquor (assuming equal flow rate of the two phases) in the industrial reactor is in the range
from 0.5 to 4 m/s, especially in the range from 1 to 2.5 m/s. The average residence time of the reaction
mixture itige reactor is 40 to 360 s, especially 60 to 180 s. In the process according to the invention,
the droplets of the organic phase dispersed in the process liquor, after leaving a mixer module, have
an average Sauter diameter of 0.2 to 2 mm, especially one of 0.6 to 1.3 mm. The loading factor is in
the rangeReor 0" 2053 OLB(IWaakup The reaction output is cooled and the organic phase is separated
from the liquor phase. In the process according to the invention, the phase separation is effected
within the temperature range from 60 to 130C, especially in the range from 70 to 120C, very
particulamyheighin 'rmti”laaagee‘lrﬁxsmgweﬂodimoﬁf Imwr]dha\;seo(mt@)etﬁpélmu&iaﬂedected viodLgaparhition
times ar t en r s than 8 minutes. The
separatlgn r%ni)%s @dsa% %he tlm@a%ftse?;gvca %f ﬁ %ﬁ%%g%gﬁﬁg Cgfu aPlﬁe ase is clear and free
of traces of heterogeneous water. To remove the heavy aqueous phase from the light, organic phase,
Separato e BOSIRD I Bhase sEnBRN R IE R AN BB R, Tness aradiaiong, 12
separators can also ned with internals as a coa escence-promo |n mea’ O IACreass the
separatingulérfoasafios thaqumohlﬂteraam@ameaatﬁzrmegieammﬁevand sedimentation process.
The coalescence aids used may, for example, be plates, random packings, fabric packings or fibre bed
separators. Gravitational separators can be designed as horizontal vessels or as vertical vessels.
Alternativiepy+d gravitatiafal (@hdrators, it is also possible to use separators according to the
centrifuging principle for liquid-liquid separation. These separate the heavy phase by means of
centrifugal forces in a rotating drum. In order to remove the heavy, aqueous phase, preference is given
to using gvheitatidsahsegmatetwhdd}n@pdemgesistmthQCteﬁIm%emvéhtishobﬂ%raski@t@m)étational
separator (%ﬁgfgﬂfasdfgistgﬁ % g?é 8§Slﬁ€\}/¥|tp‘tlnte5nae§ Abggrger}ooft e I| uot( Phase r eEd IS

di scharge %0 remove the water of reaction: Rer por 10N IS recycle (NG the TeRttGr.
dischargéRtkedrhabiyratiah tfahe tahemmidjd/atids, B8008dms B8pHrdERE)s (as sodium salts) and
sodium hydroxide are also removed. This stream can be sent to a wastewater treatment plant.
However, it is also possible to work up this stream and partly recycle it into the process, as described,
for examlath kv 4 DOt pre I3HreIsH400an . |evigin Bi2 (R Dadip/ib) @se teViRS apdnand, it
rv,p-nrin 0- I u n rt ﬁ reac nt com s other
by-produc %tnsyég%%% %d@ox&%%glarﬁﬁgaggngt?%ﬁom e%?te }/sgg vediv Gaerr?racgs of base and a
portion of the carboxylic salts can be removed by water scrubbing. The water extract obtained can be
used to ‘éSrHR‘B'?:efES (? §?ﬁu@8¥a§*&°§%.x£}sﬂ§§%§ t’ﬁ%‘i’r‘#;é mf?gnﬁ c%éhe”&%rtﬁ‘-' AREIegas the
reactant e organic produ B58 CORtAIRS two decenals, Shecti ally cis-a

trans-2-pstyibe in-Betailand is therefore known. This fact can be cons:dered as a key for the

reliable scaleup of experimental results to the industrial scale. The scaleup risk for static
mixers is very low owing to the strictly defined geometry and flow regime. As a basis for
the model application, two prerequisites are indispensible: equal substance values and
equal geometric similarity. The application criterion requires an equal energy input
based on volume and an identical flow state. The energy input in the case of use of
static mixers can be calculated according to F. Streiff (Recents Progres en Genie des
Procedes 11. No. 51, 1997), according to the following equation:

Ea=(Ap* V) / (Vm* p) = (Ne * u%) / (dr* €)

where V, is the mixer volume in m?, V is the volume flow in m®s and dr is the tube

diameter. Ne is the Newton number, a modified resistance number which is likewise



When the n-pentanal used contains 2-methylbutanal and/or 3-methylbutanal, the organic phase may
contain up to eight further a,13-unsaturated C10-aldehydes. 13 The organic phase can be worked up
by distilliErREEHOE892o0mpounds removed can be recycled into the reackRe TTRE 201D PEARThted
C10-aldehydes can be used to prepare decanoic acids (by selective hydrogenation and oxidation) or
to prepare decanols (total hydrogenation). In the cage of preparation of decanols, it is optionally also
possible to hydrogenate the crude mixture and to separate by distillation after the hydrogenation. A
further option in the present invention is to subject the reaction mixture, after leaving the reactor and
before thusghaycSsdparftionaleubaticafaditid ires sTregirnm Vde dée cmamiessfgrttiseodisidtiain

mixture m&e Er-g Wﬂllgﬁ%%%t@i ‘i:’%ehm%w %Wﬁlter and principally C5 compounds, which
BT st o %

can be comp r partially recycled in e reactor. (Separation of the distillate and recycling of a
portion of the organic distillate not shown in Figures 3 and 4.) Such a process is described, for

examplez | 9 58.410 C i ith re ce to Fi f 4.1 resent invention is
s T e R T b N
inventiotheaknowpedatinedhipsipome irefigatien); The pentanal starting stream (1) is introduced into
the tubular reactor (2) with the static mixers. The reaction mixture (3) leaving the reactor is separated
in the separating vessel (4) into an organic phase (5) comprising the target product and a liquor phase,
from whiglFdve ’pprfioﬁ ’(@R% discharged and the other portion (7) is recycled into the reactor (2) as
stream (9) together with fresh base (8). In Figure 1, the pentanal starting stream (1), downstream of

the circulation pump (P), can optionally be combined with stream (9) and introduced into the reactor.
Figure 2dhered\e fisrtheremdodimember wictipecsiissraticdegiagds dnetihe/Retioumbes. pfbeebkevariant

accordi igur iffer riant gecordi igure 1 in. 14 that the pentagel starting
stream ?%@%?r%%%ibegdrﬁé {%%%éﬁtth%sl?r%ﬁ% g‘%ﬁ%ﬁ% E?gtldéﬁepr Sm ps.ﬁ&rse[asr%%%u 6t ?#éj ftensive
mixing ofidgrams chadses foandbircte,teshmict ditehatake t@averal lederznoksidompexapnplenthat the

residencg,fime.i reactor ¢ Thi is propounced particularly in.the case of
centrifu;gﬂlﬁ}r?rﬁé}gm&'gggg@sgﬂ/g%%p éﬁg&ﬂé&g@%ﬁ%’ Yitrers o 'fﬁaeo A {'S'Eﬁm%ﬁ{ 'Qgcec;rding to
Figure Mariagt t#9&hytidn Avkanmk 3YVbefotbatstiphnsetpepardidnamabetiorssel e iV gunjected to a
brief distjllation. .The process.varignt i Figure 4 likewise differs from.the proces riant
accordirggu‘%éﬁ II—Pfg'g % E%Esﬁgf% Ft)éé%%%%éﬁk%?\&@mé:g-#?gl%ljwegreerqp{ténrpdégr%nﬂ&&rg@é)% eenitzelgﬁtion.
Test appatatus/test evaluation The aldol condensation of C5-aldehydes by the process according to
the invention was effected in a test plant which corresponded schematically to the process variant
shown in Figure 1.

However, the abovementioned equations alone cannot calculate the yield and the

selectivity of the o, B-unsaturated Cig-aldehydes. There is a lack of further influencing
parameters, for example temperature, phase ratio, residence time or base composition,

which are just as important.
With regard to this, the invention teaches the following:

It has been found that aliphatic Cs-aldehydes are converted to an extent of more than
96% to o,B-unsaturated Cqp-aldehydes when the reaction is performed in a tubular
reactor which comprises at least one mixing module which disperses the Cs-aldehyde
reactant into droplets with an average diameter (Sauter diameter) of 0.2 mm to 2 mm in
the continuous catalyst phase (process liquor) which consists of sodium hydroxide
solution and sodium salts of carboxylic acids and has a sodium content of 0.6 to 1.75%
by mass and a pH in the range from 12.5 to 13.5.

Further advantageous embodiments of the invention are evident from the dependent

claims and from the description which follows.



The continuous catalyst phase 7 and 8 (sodium hydroxide solution) is circulated with a centrifugal
pump P. The 05-aldehyde (n-pentanal) or the C5-aldehyde mixture (n-pentanal/2-methylbutanal) was
added toWfe 26386135&lyst phase through line 1. The aldehyde can also BET¢ER20pE@522 0f the
pump, as shown in Figure 2. The multiphase mixture composed of agueous catalyst phase and
organic aldehyde phase obtained in this way was cofiverted in a stainless steel tubular reactor 2. The
liquid stream (product and catalyst phase) 3 obtained downstream of the reactor was passed into a
phase separation vessel 4. The aqueous catalyst phase (lower phase) was removed here and fed

back to thbeiscvatitagspsétheipricess Abecodizmio phaseverntier [ asdhebigbrisiodulbé yesidtion

product, | can b withdrawn via line 5. Th er. of reaction
formed cél\(rfgbéh%%‘ ﬁé’?é}il coné nﬁ@l?s y Vi c%%&frr]n 5l o Eoerﬂse??ég%”%r’ﬂ?f ?&%eeértﬁ sodium
hydroxiddefsiutioredeby Itl‘ng pronp disithatgthehigbevdrer phngaciidpufrdsh hftesdtiziprogdurgide
solution i ered._in con line W|th a.nH-regu ted R, T metered addition of the
fresh sod§ rﬂ? F%r@r’oé(ls e %'o %Wi%ﬁbﬁs (g}tﬁ v%éﬂpo (%e 834[ %P;%H of the aqueous catalyst
phase of 12.70 0.10 constant during the tests. The heat of react|on was removed by means of the
heat exc g%éggfgde the reactor (not shown in Figure 1). For the performance of a comparative
noninventive condensation of aliphatic C5-aldehydes, as described in Example I, a stirred reactor
WRS used instead of a tubular reactor filled with static mixers. Tables Ito 5 appended to Examples 1 to
5 descri bles, the reactio tlon of the C5-aldehyde condensation.
In the |03v%éﬁl'$8 ? % ?Iglfér eat(% e'%t?r'tﬂml% ’tt?’e prrc%)r(‘jbfjctu c%rr\ﬁap 23 Rgn%qﬁ? gi? %i%‘tﬁﬁ per cent
by massthbttea@tiﬂaam;tmd:d’mbemmmmy i@ eéstipdotOidorbadadssyerefetiabdigdewy s of the
individu es or xyalka ai ols ese values are combine

"2-propy thepr)]tenaI da%18péﬁé(%§%g§|vepﬂ (reW|s ?ﬁﬁiﬁé‘f S 'R%ﬂt%%ﬂ Y%h"glfbfiﬂeta'“s
by-produetssahah010finhyntiass sashexsalliyriass #mi‘téﬁfatmma\sdmdﬁ Banethythmwadlframtléseldol

reaction (addi and cond at| ft ree of,four C substance data and the
equatlonfsﬁarglagi cor?glatlons fr?albovlfegvvaer(e{/ GSLd ?g('gg?gulé[g%{g @au %98’ gﬂlg(telt'sétﬂg fhe energy
input for @wal@hmmlﬁwxeTWhmtmmamtaMEdd«wﬂmﬁlatb\lms’u #%/dables. The values for
the density and the surface tension can be found in the specialist literature; in the present case, the
density is about 1000 Kg/m3 and the surface tension is about 40 * 1e N/m. 16 Example 1

(com pardttishcmtdrbplp))lhtetjaratjdmmf@and;blyihéMmiabfpmssibraemahalﬂmaesbraddmahm to the

2- Propylhe tﬁ{: | was geee atné, onde saélgrvlv RI Rer\}tana rred reac DI‘I thef rm of an
extractioh &5 umn%o ame 24 % mixing cham B SR w%?glgaﬁté Ath'4%iade
stirrers (allawetme&ﬁdnfrmmmnmem&ona(ammemhe fébéstonhamu@oemmgmsmam(ﬂymmwn
hydromdgfsoéli]‘ttg % was circulated by means of a circulation pump. The n-valeraldehyde reactant was
withdrawn from a I vat (reactant reservoir) and pumped continuously into the NaOH circulation
system through a thin capillary upstream of the reactor inlet. The mixture of product phase and

aqueousA:lata és%f? ?ﬁ&encﬁ‘%fe%&%ﬁ éptcjﬂaﬁgx & eagaétho % eI do ns re réfccitt Btﬁ reacto In the phase

separation ve € organic produ ShASe Was FemGy r the removal
of the prdehbistaries s hilite rze) oe onixtpinas éheascs caa th tbfeﬁﬂmathl—havetdattoemaﬁtpmpﬁhmmf/st

C|rculat|on 0 aqueo H 12, 85) was 80 I/h in The n- entanal e ctant was fed
into the l{?aélﬂ?%lr%u atlcl)ﬂ%%é;/% Sﬂtr it oar roug n? éff%mc%er‘? %% %%I' teosgr 5?1 ie ?5t?8(ag‘ Bf
organic [hae 10 RNeH06PHEES.of 1 to 10. The reactant contained, as weII as 98.3% by mass of
n-pentanal, 1.7% by mass of secondary components including 0.2% by mass of C10-aldols and 0.3%
by mass of high hnitr.N. Table 1 shows the results of the aldolization of n-pentanal at 130C and

pressureld farmattbdgfproness rﬁquepemd(umthgdrobddermhﬂiunniisuneeprm the qootisgsuscepedatipn
after & tqal iSRRI PO LI RgdRsIR WSIRioR RIS Idhs S g 1o S RiH0°892
the return liquor. The return liquor comprises, as well as sodium hydroxide, sodium salts
of carboxylic acids, principally of pentanoic acids. The carboxylic salts have been

formed essentially by Cannizzaro reaction.

In the process according to the invention, the sodium content of the process liquor at
the reactor inlet is 0.60 to 1.75% by mass, especially 1.1 to 1.20% by mass. To adjust
the sodium concentration of the process liquor, sodium hydroxide solution is fed into the



17 PCT/EP2010/052271 Reaction conditions 1 II Ill Stirrer speed (rpm) 500 1000 2000 Temperature
(C) 130 130 130 PV (lof reactant/l of eat. phase) 1 to 10 1 to 10 1 to 10 Product composition
WO 2010/105892 PCT/EP2010/052271

return liquor with a concentration greater than 2.5% by mass. In order to introduce little
water into the reaction system, preference is given to using sodium hydroxide solution
with a relatively high concentration. In the process according to the invention,
preference is given to using sodium hydroxide solution in the concentration range from
5 to 30% by mass, for example at 10% by mass.

Tubular reactor with static mixers

The process according to the invention is performed in a tubular reactor which has at
least one mixing module, preferably more than one mixing module. More particularly,
the number of mixing modules is 1 to 30, very particularly 10 to 20.

A mixing module means a static mixer, i.e. a passive component which has no direct

intrinsic energy requirement.

The tubular reactor consists of a tube which is preferably aligned vertically. The flow
through it may be from bottom to top or vice versa. An industrial reactor may also
consist of a plurality of tubes arranged in parallel, which are connected to one another
by U-tubes.

A mixing module is preferably present at the reactor inlet. Voids are present between

the mixing modules. The proportion by volume of the total volume of the reactor outside
the mixing module(s) is 20 to 80%, especially 30 to 60%. The mixing modules may have
equal or different distances from one another. The distance between the mixer modules
preferably decreases in flow direction. The distances of the mixer modules from one
another are, depending on the intended superficial velocity, the phase ratio between
reactant and catalyst phases, the reaction progress and the mixer type, 0.2 to five times

the mixing module length, especially 0.5 to two times the mixing module length.

The mixing module consists of a static mixer or of an arrangement of two or more,

preferably two, static mixers.

When the mixer module consists of two identical static mixers, they are preferably



n-Pentanal (% by mass) 9.82 5.05 5.42 2-Propylheptenal (% by mass) 86.25 92.14 92.25 C10-Aldols
(% by mass) 0.08 0 0 n-Pentanal conversion (%) 90 94.8 94.5 Sauter diameter (mm) 0.13 0.057 0.025
WO 2010/105892 PCT/EP2010/052271
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arranged twisted about the longitudinal axis of the reactor, especially twisted by an
angle of 45° up to 90°. Mixing elements are preferably arranged in the mixer module

with a distance of two tube diameters.

A mixing module may also consist of static mixers of different design. It may be
advantageous that, in the case of a mixer module consisting of two static mixers, the
first has a lower hydraulic diameter than the second. In this case, the first static mixer
produces very small droplets and the second static mixer, as a result of selection of a

greater hydraulic diameter, prevents the coalescence of the cluster of droplets.

The hydraulic diameter of the mixing elements of the mixer modules preferably

decreases with flow direction.

The mixer modules in the reactor may be the same or different, i.e. they may be of the

same design or of different designs.

The mixing elements used may be all static mixers which, under the intended reaction
conditions, are capable of dispersing the organic phase in the catalyst phase in droplets

with an average Sauter diameter in the range from 0.2 to 2.0 mm.

The static mixers used in the process according to the invention may be mixing

elements which are suitable for the dispersion of two immiscible low-viscosity liquids, as

are commercially available.
Reaction conditions

According to the invention, the aldol condensation of the aliphatic Cs-aldehydes is
performed in the temperature range from 100 to 150°C, especially in the range from 110
to 140°C, very particularly in the range from 120 to 140°C.

The reaction can be performed isothermally, adiabatically or polytropically in the
temperature ranges specified. For example, a temperature of 120°C at the reactor inlet

and a temperature of 140°C at the reactor outlet may be present.



Energy input (Wine) 3806 30675 245501 - Table 1 - As can be inferred from Table 1, high stirrer
speeds greater than 500 rpm are required for the achievement of high 2-propylheptenal contents of >
92% by MéQs20 a4 paERARt output. Higher stirrer speeds apparently improve QR BEF209 0052271
disperse organic phase with the aqueous phases. At stirrer speeds of 1000 rpm and higher, no
influence of the stirrer speed on the achievable convetsion of n-pentanal is found. The Sauter
diameters calculated from the correlations for the stirred reactor are in the range from 0.025 to 0.13
mm depending on the stirrer speed. Example 2 This example describes the process according to the

inventionThe tiemelidol prrstensatichetoaptntanat (cagtisudfidamttiehigh2riobythepie prbdessproduct),
and the cio-aldoliz tion of n-penta a& with 2- ethﬁ%lggtangl t%?ﬁ/?g he cross-g?gduc él{ré £ oduct)
2-propy 1" 4RERVMEKEREAYS SYRSIRRER: UEEF R 'BR @eearatASRIYr? $of
length 3riTheétpragstakvislimtaefinge. fAdnL. 20t nOMP® prefirabdy Of thes tkindarfreastoravasoiiged
with stati E;ixers with a hydraulic diameter of 2 mm and a relative void volume of 0.80. The mixing

elements ‘aré formed from serrated lamellae which form open, crossing channels. The individual
mixing elementS at a distance of one mixing length were arranged offset by 90 from one another in the

tubular reagtor. The use of the static mixers was intended, to balance out the inhomogeneities of the
eaation T TSR RGNS (10 Evetion, (R FUG IR o SRS A (o PG e
mixture catridistieactbdnihidynntassarige fesrabaoant, 2E56diIIMasmahe-raatdyiroaned angslso

0.6% by mass of secondary components including 0.1% by mass of high boilers. At a circulation of the
catalyst phase (2.1% aqueous sodium hydroxide solution, pH 12.98) of 80 I/h, just upstream of the
inlet into T reestayélircperfitislatisicoixet dusoniingéoFiguctdntranatpro guas INIRsUERskWiHNg
throughput of 2 I/h at three different |g]em eratures.of 110C, 120C and 130C. Under the selected
reaction GIHAITNY T8 r8§§ P WPRNRS ST HeHAA B3l dRARIATdS BEieranea diBMehgtioThe

substanc ei#éa éeptmdiiplratie susigefoim-penaBahssd aqueous 2% sodium hydroxide solution was
used, employing the equations rintnilarl nh~1143, to calculate a mean droplet diameter (Sauter
diameter ds) of the disperse organic phase of about 0.91 mm. The results recorded in Table 2 were

achievedTdfteavehagesrasidiersie sidyesstdtiie reaction mixture in the reactor is 40 to 360 s,
especially 60 to 180 s.

In the process according to the invention, the droplets of the organic phase dispersed in
the process liquor, after leaving a mixer module, have an average Sauter diameter of

0.2 to 2 mm, especially one of 0.6 to 1.3 mm.

The loading factor is in the range from 0.2 to 0.8.

Workt

The reaction output is cooled and the organic phase is separated from the liquor phase.
In the process according to the invention, the phase separation is effected within the
temperature range from 60 to 130°C, especially in the range from 70 to 120°C, very
particularly within the range from 90 to 110°C. According to the temperature selected,
the separation times are 3 to 10 minutes. At temperatures above 90°C, the separation
time is less than 8 minutes. The separation time is defined as the time after which the
organic product of value phase is clear and free of traces of heterogeneous water.

To remove the heavy, aqueous phase from the light, organic phase, separators which
enable phase separation solely utilizing gravity can be used. These gravitational



WO 2010/105892 19 PCT/EP2010/052271 Reaction conditions | Il [Il Temperature (C) 110 120 130
PV (I of reactant/lof cat. phase) 1 to 40 1 to 40 1 to 40 Product composition
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separators can also be designed with internals as a coalescence-promoting measure to
increase the separating performance. The use of internals accelerates the coalescence
and sedimentation process. The coalescence aids used may, for example, be plates,
random packings, fabric packings or fibre bed separators. Gravitational separators can

be designed as horizontal vessels or as vertical vessels.

Alternatively to gravitational separators, it is also possible to use separators according
to the centrifuging principle for liquid-liquid separation. These separate the heavy phase

by means of centrifugal forces in a rotating drum.

In order to remove the heavy, aqueous phase, preference is given to using gravitational
separators in the process according to the invention, preferably gravitational separators,
designed as horizontal vessels with internals.

A portion of the liquor phase removed is discharged to remove the water of reaction; the
other portion is recycled into the reactor. With the discharge stream, a portion of the
carboxylic acids formed as by-products (as sodium salts) and sodium hydroxide are
also removed. This stream can be sent to a wastewater treatment plant. However, it is
also possible to work up this stream and partly recycle it into the process, as described,
for example, in DE 198 49 922 and DE 198 49 924.

as well ag the o R-uncaturatad C

When the organic phase e g,B-unsaturated Cio-aldehy

amounts of unconverted reactant, comprises other by-products such as carboxylic salts,
sodium hydroxide and dissolved water, traces of base and a portion of the carboxylic
salts can be removed by water scrubbing. The water extract obtained can be used to

make up the fresh base (not shown in Figures 1 to 4).

When pure n-pentanal is used as the reactant, the organic product phase contains two

decenals, specifically cis- and trans-2-propylhept-2-enal.

When the n-pentanal used contains 2-methylbutanal and/or 3-methylbutanal, the

organic phase may contain up to eight further o,B-unsaturated C4¢-aldehydes.



n-Pentanal (% by mass) 19.22 11.46 6.03 2-Methylbutanal (% by mass) 3.48 2.56 2.79
2-Propylheptenal (% by mass) 73.21 81.4 86.26 2-Propyl 4-methylhexenal 3.6 3.63 4.09

C10-Aldols

(% by m&g€) 2010/105892 PCT/EP2010/052271
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The organic phase can be worked up by distillation. Some Cs compounds removed can

be recycled into the reactor.

The o,B-unsaturated Cqp-aldehydes can be used to prepare decanoic acids (by

selective hydrogenation and oxidation) or to prepare decanols (total hydrogenation).

In the case of preparation of decanols, it is optionally also possible to hydrogenate the

crude mixture and to separate by distillation after the hydrogenation.

A further option in the present invention is to subject the reaction mixture, after leaving

the reactor and before the phase separation, to a brief distillation. This involves

decompressing the hot reaction mixture into a vessel. The distillate obtained is a

mixture of water and principally Cs compounds, which can be completely or partially

recycled into the reactor. (Separation of the distillate and recycling of a portion of the

organic distillate not shown in Figures 3 and 4.) Such a process is described, for
example, in DE 199 56 410.

Process variants

With reference to Figures 1 to 4, the present invention is described in detail hereinafter.

to the invention can

be performed is shown in Figure 1. The pentanal starting stream (1) is introduced into

the tubular reactor (2) with the static mixers. The reaction mixture (3) leaving the reactor

is separated in the separating vessel (4) into an organic phase (5) comprising the target

product and a liquor phase, from which one portion (6) is discharged and the other

portion (7) is recycled into the reactor (2) as stream (9) together with fresh base (8).

In Figure 1, the pentanal starting stream (1), downstream of the circulation pump (P),

can optionally be combined with stream (9) and introduced into the reactor.

Figure 2 shows a further embodiment of the process according to the invention. The

process variant according to Figure 2 differs from the variant according to Figure 1 in



0,01 0 0 High boilers/residue (% by mass) 0.48 0.95 0.84 n-Pentanal conversion (a/o) 79.6 87.8 93.6
Sauter diameter (mm) 0.91 0.91 0.91 Energy input (W/m3) 315 315 315 - Table 2 -
WO 2010/105892 ’ PCT/EP2010/052271
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that the pentanal starting stream (1) is introduced into the plant upstream of the
circulation pump. As a result of the intensive mixing of the two phases, partial
conversion already takes place in the circulation pump, such that the residence time in
the reactor can be shortened. This effect is pronounced particularly in the Case of

centrifugal pumps.

The process variant according to Figure 3 differs from the embodiment according to
Figure 1 in that the reaction mixture (3), before the phase separation in the vessel (4), is
subjected to a brief distillation. The process variant according to Figure 4 likewise differs
from the process variant according to Figure 2.

Examples

The examples which follow are intended to illustrate the invention.

Test apparatus/test evaluation

The aldol condensation of Cs-aldehydes by the process according to the invention was
effected in a test plant which corresponded schematically to the process variant shown
in Figure 1.

The continuous catalyst phase 7 and 8 (sodium hydroxide solution) is circulated with a
centrifugal pump P. The Cs-aldehyde (n-pentanal) or the Cs-aldehyde mixture
(n-pentanal/2-methylbutanal) was added to the aqueous catalyst phase through line 1.
The aldehyde can also be fed in upstream of the pump, as shown in Figure 2. The
multiphase mixture composed of aqueous catalyst phase and organic aldehyde phase

obtained in this way was converted in a stainless steel tubular reactor 2.

The liquid stream (product and catalyst phase) 3 obtained downstream of the reactor
was passed into a phase separation vessel 4. The aqueous catalyst phase (lower
phase) was removed here and fed back to the circulation system via line 7. The organic
phase (upper phase) comprising the reaction product, which runs over a weir in the

phase vessel, can be withdrawn via line 5. The water of reaction formed can be



As can be inferred from Table 2, the content of the 2-propylheptenal product of value increases
significantly from 73.21 to 86.26% by mass with the temperature rise from 110 to 1"30P. In contrast,

the tempéréx@@1 0epessce of the second product of value, 2-propyl-4-meRigyMER2TH (eos>product
of the n-pentanal/2-methylbutanal aldol condensation), is significantly lower. Compared to aldolization

tests in the stirred reactor (see Example 1 Columns1band Il of Table 1), comparable conversions are
achieved in the case of use of static mixers (see Column !Hof Table 2), the energy input being 97 to
780 times lower. Example 3 20 co-aldolization of n-pentanal with 2-methylbutanal to give the

cross-prddi&tmdﬂgéﬁmomﬁmﬂw&n@melﬂﬂﬂi‘m&@%dmpéﬁga@ for Exanoiscg, dhedeagter used
was a D tub |nt aI diameter 7 3 mm not o bu of Iength m Wlﬁtﬂ)f total volume of
011 In NG R S e Gk LR Bt TP R o T SR A

mixers mmwmhm&dlumﬁemewrédnmo@mmml&tweuamde/alumle afHSRglinsteaastanpused for the
tests was a C5-aidehyde mixture consisting of 93.7% by mass of n-pentanal and 5.2% by mass of

2-methylbutanal, and also 1.1% by mass of secondary components including 0.8% by mass of
C10-aldarseneefstéa by digss of thig HrbeH%dAtrﬂMr@nw@ %ﬂﬁ&m%ﬁéér@@ﬁlﬁtﬁt@ﬁﬁ?ﬂam

circulation of the NaOH phase (2.1% aqueous sodi droxide 801/h the throughput of
the reacRRHIAE H IR A 15 A SLP R e EReRRty o Tk rd WASTIREBI A o
upstreanthef tdwtdnlet into the reactor filled with static mixers according to Figure 1. In continuous

operation, after a test time of 4 hours at the steady state, the following results were obtained: WO
2010/105892 21 PCT/EP2010/052271 Reaction conditions 1 Il [Il Temperature (C) 130 130 130

The heat of reaction was removed by means of the heat exchanger outside the reactor

(not shown in Figure 1).

For the performance of a comparative noninventive aldol condensation of aliphatic
Cs-aldehydes, as described in Example |, a stirred reactor was used instead of a tubular

reactor filled with static mixers.

Tables 1 to 5 appended to Examples 1 to 5 describe, in the upper region of the tables,
the reaction conditions of the Cs-aldehyde condensation. In the lower region of the table
for each example, the product composition is likewise listed in per cent by mass of the
GC analysis. For a better overview, no distinction is made between the isomers of the
individual C1¢-aldehydes or C4g-hydroxyalkanals (aldols). These values are combined as

“2-propylheptenal” and “Cqp-aldol” respectively. Likewise combined as “high boilers” are

the by-products of the aldolization, such as trimer:

~y ALV L O LVL ] -\-v LGSy (S LV ~

and tetramers, which have originated

from the aldol reaction (addition and condensation) of three or four Cs-aldehydes.

The substance data and the equations and correlations detailed above were used to
calculate the Sauter diameter and the energy input for the individual tests. These two
parameters are likewise shown in the tables. The values for the density and the surface
tension can be found in the specialist literature; in the present case, the density is about
1000 Kg/m® and the surface tension is about 40 * 10 N/m.



Reactant C5-aldehydes (I/h) 2.2 4.1 8.4 PV (I of reactant/1 of cat. phase) 1to 36 1t0 19.5 110 9.5
Product composition n-Pentanal (/O by mass) 3.72 5.04 11.09 2-Methylbutanal (% by mass) 2.67
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Example 1 (comparative example)
Preparation of 2-propylheptenal from n-pentanal in a stirred reactor:

2-Propylheptenal was prepared by condensation of n-pentanal in a stirred reactor in the
form of an extraction column (volume 2.1 litres) with 10 mixing chambers which were
equipped with 4-blade stirrers (diameter 68.1 mm) mounted on a stirrer axis. The
continuous catalyst phase (2% sodium hydroxide solution) was circulated by means of a
circulation pump. The h-valeraldehyde reactant was withdrawn from a 100 | vat
(reactant reservoir) and pumped continuously into the NaOH circulation system through
a thin capillary upstream of the reactor inlet. The mixture of product phase and aqueous
catalyst phase was fed to a phase separation vessel downstream of the reactor. In the
phase separation vessel, the organic product phase was removed from the catalyst
phase. After the removal of the product phase, the aqueous phase was sent to the

NaOH circulation system.

The catalyst circulation (2.0% aqueous NaOH, pH 12.85) was 80 I/h in all tests. The
n-pentanal reactant was fed into the NaOH circulation system with a throughput of 8 I/h,
corresponding to a phase ratio (PV) of organic phase to aqueous phase of 1 to 10. The
reactant contained, as well as 98.3% by mass of n-pentanal, 1.7% by mass of

secondary components including 0.2% by mass of C4p-aldols and 0.3% by mass of high

e e

Table 1 shows the results of the aldolization of n-pentanal at 130°C and pressure 4 bar
at different stirrer speed (unit: revolutions per minute/rpm). In continuous operation after

a test time of 3 hours, the following results were obtained in the steady state:



88.51 87.59 81.2 2-Propyl-4-methylhexenal 4.6 3.8 3.55 C10-Aldols (% by mass) 0 0.18 0.87 High

boilers/residue (% by mass) 0.5 0.77 0.98 n-Pentanal conversion (% ) 96 94.6 87.2 Sauter diameter

(mm) 0.940 2010/105892 PCT/EP2010/052271
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Reaction conditions I Il i
Stirrer speed (rpm) 500 1000 2000
Temperature (°C) 130 130 130
PV (I of reactant/l of cat. phase) 1to 10 1t0 10 11010
Product composition
n-Pentanal (% by mass) 9.82 5.05 5.42
2-Propylheptenal (% by mass) 86.25 92.14 92.25
C10-Aldols (% by mass) 0.08 0 0
n-Pentanal conversion (%) 90 94.8 94.5
Sauter diameter (mm) 013 0.057 0.025
Energy input (W/m®) 3806 30675 245501
- Table 1 -

As can be inferred from Table 1, high stirrer speeds greater than 500 rpm are required
for the achievement of high 2-propylheptenal contents of > 92% by mass in the product
output. Higher stirrer speeds apparently improve the mixing of the disperse organic
phase with the aqueous phases. At stirrer speeds of 1000 rpm and higher, no influence
of the stirrer speed on the achievable conversion of n-pentanal is found. The Sauter
diameters calculated from the correlations for the stirred reactor are in the range from

0.025 to 0.13 mm depending on the stirrer speed.

Example 2

This example describes the process according to the invention for the aldol
condensation of n-pentanal (n-valeraldehyde) to 2-propylheptenal (1+1 product), and
the co-aldolization of n-pentanal with 2-methylbutanal to give the cross-product

(1+2 product) 2-propyl-4-methylhexenal.



0.89 0.85 Energy input ( W/m3) 318 315 395 - Table 3 - The increase in the reaction volume resulting
from extension of the tubular reactor by one meter led, at the same reactor loading, compared to

Example\® 3@ @r@ya08889@ence times and to a rise in the pressure drop fromFCA4BPREO1AH6 22 7AS a
result of the longer residence time owing to the extended tubular reactor, it was possible to enhance
the n-pentanal conversion, with a reactant throughpggof about 2 I/h, from 93.6% (see Table 2 Column
111) to 96% (see Table 3 Column I). As can be seen in Table 3 Column Il, conversions of > 94% were
also achieved at an increased reactant throughput of 4.1 I/h. The present results show that the

achi?vabt?xé-mwdmb alr?mv;ﬁéigélsme tofechors r&@iaiw%pmaﬁseﬁﬁﬁpﬁa@m,mﬂmm@d
significant ore by the selected resjdence tim the organi ase in the reactor. At a reactant
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condensation of n-pentanal (n-valeralgehyde) to 2-propylheptenal (1+1 product), and the
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2-propy lchanatgilExe nedivit cantrasing Ssampte 3t thaitatalcobiashiberiyhetrtreaeirs (DN15

tube (internal diame [,ni) with a volume of,9.1%1 was filled completely with static mixers with a

17.3
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mixture qaneiss neaeliftbAtiel\nasiania aantnHEdyeie b eshelrdduaiyiiarel cied @so
0.6% by mass of secondal%(é%?n onents including 0.2% by mass of C10-aldols and 0.1% by mass of

high boiI@r@'r?ﬁgt&%ﬁfﬁéﬁ he reactant was comparable to the composition of the C5-aldehyde
mixture used in Example 3. At 130C and a pressure of 4 bar, at a constant circulation of the NaOH
phase (2.1% Fl%ueous sodium hidroxide solutj n%\g; 80 I/h, 4.11/h of reactant were metered into the

catalyst di ARG GRS MaS b arA S BRI R FRRE SR PIP RGPy Passh8huous
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are shown in Table 4 COE%. Co{lk@ Il lists, for comparison, the results of the test from Example 3
in a tubuRAPRAGPISHBE O VRRSSH), IGHRQY&KS static mixers.

At a circulation of the catalyst phase (2.1% aqueous sodium hydroxide solution, pH
12.98) of 80 I/h, just upstream of the inlet into the reactor filled with static mixers
according to Figure 1, reactant was introduced with a throughput of 2 I/h at three
different temperatures of 110°C, 120°C and 130°C.

Under the selected reaction conditions, a pressure drop Ap of 0.049 bar was
determined over the reactor length. The substance data for the biphasic system of

n-pentanal and aqueous 2% sodium hydroxide solution was used, employing the

D

quations detailed above, to calculate 2a mean drop!

the disperse organic phase of about 0.91 mm.

The results recorded in Table 2 were achieved after 3 hours in the steady state:



WO 2010/105892 23 PCT/EP2010/052271 Reaction conditions | Il Proportion by volume of the stat.
mixers (%) 100 50 Temperature (C) 130 130 Reactant C5-aldehydes (I/h) 4.1 4.1 PV (I of reactant/I of

cat. phad&)A20 119 H58029.5 Product composition PCT/EP2010/052271
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Reaction conditions | I i
Temperature (°C) 110 120 130
PV (I of reactant/| of cat. phase) 1t0 40 1to0 40 1to 40

Product composition

n-Pentanal (% by mass) 19.22 11.46 6.03
2-Methyibutanal (% by mass) 3.48 2.56 2.79
2-Propylheptenal (% by mass) 73.21 81.4 86.26
2-Propyl-4-methylhexenal 3.6 3.63 4.09
C10-Aldols (% by mass) 0,01 0 0
High boilers/residue (% by mass) 0.48 0.95 0.84
n-Pentanal conversion (%) 79.6 87.8 93.6
Sauter diameter (mm) 0.91 0.91 0.91
Energy input (W/m?®) 315 315 315
- Table 2 -

As can be inferred from Table 2, the content of the 2-propylheptenal product of value
increases significantly from 73.21 to 86.26% by mass with the temperature rise from

1101¢ 130°C. In ¢
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erature dependence of the second product of value,
2-propyl-4-methylhexenal (cross-product of the n-pentanal/2-methylbutanal aldol

condensation), is significantly lower.
Compared to aldolization tests in the stirred reactor (see Example 1 Columns Il and Il
of Table 1), comparable conversions are achieved in the case of use of static mixers

{see Column lll of Table 2), the energy input being 97 to 780 times lower.

Example 3

This example describes the process according to the invention for the aldol

condensation of n-pentanal (n-valeraldehyde) to 2-propylheptenal (1+1 product) and the



n-Pentanal (% by mass) 6.87 5.04 2-Methylbutanal (% by mass) 2.32 2.29 2-Propylheptenal (3/0 by
mass) 86.72 87.59 2-Propyl 4 methylhexenal 3.35 3.8 C10-Aldols (% by mass) 0.05 0.18 High
boilers/raal@u200/1 0 H3es) PCT/EP2010/052271
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co-aldolization of n-pentanal with 2-methylbutanal to give the cross-product

(1+2 product), 2-propyl-4-methylhexenal. In contrast to Example 2, the reactor used
was a DN15 tube (internal diameter 17.3 mm) not of length 3 m but of length 4 m, with a
total volume of 9.1 I. In this example too, about 50% of the total volume of the tubular
reactor was filled with static mixers with a hydraulic diameter of 2 mm and a relative
void volume of 0.80.

The reactant used for the tests was a Cs-aldehyde mixture consisting of 93.7% by mass
of n-pentanal and 5.2% by mass of 2-methylbutanal, and also 1.1% by mass of
secondary components including 0.8% by mass of C4p-aldols and 0.1% by mass of high
boilers. At 130°C and a pressure of 4 bar, at a constant circulation of the NaOH phase
(2.1% aqueous sodium hydroxide solution) of 80 I/h, the throughput of the reactant was
in the range from 2.2 I/h to 8.4 I/h. The Cs-aldehyde mixture was metered in just
upstream of the inlet into the reactor filled with static mixers according to Figure 1. In
continuous operation, after a test time of 4 hours at the steady state, the following

results were obtained:



0.68 0.77 n-Pentanal conversion (%) 92.7 94.6 Sauter diameter (mm) 0.89 0.89 Energy input (W/m3)
339 339 - Table 4 - Complete coverage of the tubular reactor with static mixers led, as shown in Table
4 in Colyyo hemm@seddo 50% filling by the process according to the invepiiory Eraie.dr@HsHM3),
not to an increase but to a decline in the n-pentanal conversion. Example 5 This example describes
the process according to the invention for the alrlol ggndensation of n-pentanal (n-valeraldehyde) to
2-propylheptenal (1+1 product), and the co-aldolization of n-pentanal with 2-methylbutanal to give the
cross-product (1+2 product), 2-propyl 4-methylhexenal. The reactor used was, as in Example 3, a
DN15 tube (internal diameter 17.3 mm) of [eng m with a tota T o of the
total volume of the tubular reactor was filled with static mixers. In contrast to 24 Example 3, the
C5-aldelReackion eendiions was not fed in updtream of the Bactor, but indtead into the NaOH
circulati%ﬁyﬁéggi&gs(ﬂegm of the circulation pupypaccording{gd-igure 2. Theyeactant used was a
C5-aldehyde mixture consisting of 94.4% by mass of n-pentanal and 5,0% by mass of

2-methyfpaagiant{reraidehydes hhass of secohdary compofehts including-#.2% by mass of
C10-aldely angr Ok pmassaa! pigispilers. The gogeposition gf thg seactantyigs;comparable to the
composition of the C5-aldehyde mixture used in Example 3. At 130C and a pressure of 4 bar, at a
circulation of the aqueous NaOH phase (about 2% aqueous sodium hydroxide solution) of 80 I/h and
40 I/h, 4ﬁfgaﬁ{mgyﬁ%metered into the catalyst circulation system upstream of the circulation
pump.

n-Pentanal (% by mass) 3.72 5.04 11.09
2-Methylbutanal (% by mass) 2.67 2.29 2.3
2-Propylheptenal (% by mass) 88.51 87.59 81.2
2-Propyl-4-methylhexenal 4.6 3.8 3.55
C10-Aldols (% by mass) 0 0.18 0.87
High boilers/residue (% by mass) 0.5 0.77 0.98
n-Pentanal conversion (% ) 96 94.6 87.2
Sauter diameter (mm) 0.91 0.89 0.85
Energy input { W/m®) 318 315 395
- Table 3 -

The increase in the reaction volume resulting from extension of the tubular reactor by

~ + I~A + +l H
one meter led, at the same reactor loading, compared to Examp

()]
n

times and to a rise in the pressure drop from 0.049 to 0.066 bar.

As a result of the longer residence time owing to the extended tubular reactor, it was
possible to enhance the n-pentanal conversion, with a reactant throughput of about
2 I/h, from 93.6% (see Table 2 Column Ill) to 96% (see Table 3 Column I).

As can be seen in Table 3 Column Il, conversions of > 94% were also achieved at an
increased reactant throughput of 4.1 I/h. The present results show that the achievable
n-pentanal conversions are influenced less by the phase ratio selected, and instead
significantly more by the selected residence time of the organic phase in the reactor. At
a reactant throughput of 8.4 I/h, the residence time is too short to achieve a higher



Lowering the circulation from 80 to 40 I/h alters the flow hydrodynamics and the mean droplet diameter
(Sauter diameter) of the disperse phase. The Sauter diameter calculated on the basis of the

aforeme@ned tyrress@ms rises from 0.91 mm to 1.54 mm. In continuous EETAESDRFEINS20F4time
of 4 hours in the steady state, the following results were obtained in this method, which are shown by
Table 5 in Columns | and II. Column Il lists, for compgrison, the results of the test from Example 3 with
metered addition of reactant upstream of the reactor, WO 2010/105892 25 PCT/EP2010/052271
Reaction conditions | 11 11l Site of metered addition of reactant Upstream Upstream Upstream of pump

of pump afgeatiaallesnpersicrettien 87.2%.

Example 4

This example describes the process according to the invention for the aldol
condensation of n-pentanal (n-valeraldehyde) to 2-propylheptenal (1+1 product), and
the co-aldolization of n-pentanal with 2-methylbutanal to give the cross-product

(1+2 product), 2-propyi-4-methylhexenal. in contrast to Example 3, the total volume of
the tubular reactor (DN15 tube (internal diameter 17.3 mm) with a volume of 9.1 | was
filled completely with static mixers with a hydraulic diameter of 2 mm and a relative void
volume of 0.80.

The reactant used was a Cs-aldehyde mixture consisting of 94.4% by mass of
n-pentanal and 5.0% by mass of 2-methylbutanal, and also 0.6% by mass of secondary
components including 0.2% by mass of C4p-aldols and 0.1% by mass of high boilers.
The composition of the reactant was comparable to the composition of the Cs-aldehyde

mixture used in Example 3.

At 130°C and a pressure of 4 bar, at a constant circulation of the NaOH phase (2.1%
aqueous sodium hydroxide solution) of 80 I/h, 4.1 I/h of reactant were metered into the

catalyst circulation system upstream of the inlet into the reactor according to Figure 1.

In continuous operation, after a test time of 4 hours in the steady state, the following
results were obtained, which are shown in Table 4 Column I. Column Il lists, for
comparison, the results of the test from Example 3 in a tubular reactor whose total

volume was 50% covered with static mixers.



130 130 130 NaOH circulation (I/h) 40 80 80 Reactant C5-aldehydes (I/h) 4.1 4.1 4.1 PV (I of reactantil
of cat. phase) Ito 9.7 1 to 19.5 Ito 19.5 Product composition 25 - n-Pentanal (/O by mass) 4.53

WO 2010/105892 PCT/EP2010/052271
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Reaction conditions | I

Proportion by volume of the stat. mixers (%) 100 50
Temperature (°C) 130 130
Reactant C5-aldehydes (I/h) 4.1 4.1

PV (I of reactant/l of cat. phase) 1' to 19.5 1t019.5

Product composition

n-Pentanal (% by mass) | 6.87 5.04
2-Methylbutanal (% by mass) 2.32 2.29
2-Propylheptenal (% by mass) 86.72 87.59
2-Propyl-4-methylhexenal 3.35 3.8
C1o-Aldols (% by mass) 0.05 0.18
High boilers/residue (% by mass) 0.68 0.77
n-Pentanal conversion (%) 92.7 94.6
Sauter diameter (mm) 0.89 0.89
Energy input (W/m3) 339 339
- Table 4 -

Complete coverage of the tubular reactor with static mixers led, as shown in Table 4 in
Column |, compared to 50% filling by the process according to the invention (Table,

Column 3), not to an increase but to a decline in the n-pentanal conversion.

Example 5

This example describes the process according to the invention for the aldol
condensation of n-pentanal (n-valeraldehyde) to 2-propylheptenal (1+1 product), and
the co-aldolization of n-pentanal with 2-methylbutanal to give the cross-product (1+2
product), 2-propyl-4-methylhexenal. The reactor used was, as in Example 3, a DN15
tube (internal diameter 17.3 mm) of length 4 m with a total volume of 9.1 I. About 50% of
the total volume of the tubular reactor was filled with static mixers. In contrast to



4.77 5.04 2-Methylbutanal (% by mass) 2.33 2.31 2.29 2-Propylheptenal (% by mass) 88.1 88.14
87.59 2-Propyl 4 methylhexenal 3.91 3.84 3.8  C10-Aldols (% by mass) 0.11 0.17

WO 2010/105892 PCT/EP2010/052271
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Example 3, the Cs-aldehyde mixture reactant was not fed in upstream of the reactor, but
instead into the NaOH circulation system upstream of the circulation pump according to
Figure 2.

The reactant used was a Cs-aldehyde mixture consisting of 94.4% by mass of
n-pentanal and 5.0% by mass of 2-methylbutanal, and also 0.6% by mass of secondary
components including 0.2% by mass of C4¢-aldols and 0.1% by mass of high boilers.
The composition of the reactant was comparable to the composition of the Cs-aldehyde
mixture used in Example 3. At 130°C and a pressure of 4 bar, at a circulation of the
aqueous NaOH phase (about 2% aqueous sodium hydroxide solution) of 80 I/h and

40 I/n, 4.1 I/h of reactant were metered into the catalyst circulation system upstream of
the circulation pump.

Lowering the circulation from 80 to 40 I/h alters the flow hydrodynamics and the mean
droplet diameter (Sauter diameter) of the disperse phase. The Sauter diameter
calculated on the basis of the aforementioned correlations rises from 0.91 mm to

1.54 mm.

In continuous operation, after a test time of 4 hours in the steady state, the following
results were obtained in this method, which are shown by Table 5 in Columns | and II.
Column [ll lists, for comparison, the results of the test from Example 3 with metered

addition of reactant upstream of the reactor.



0.18 High boilers/residue (% by mass) 1.01 0.78 0.77 n-Pentanal conversion (%) 95.2 94.9 94.6
Sauter diameter (mm) 1.54 0.91 0.91 - Table 5- The metered addition of reactant according to Figure
2 led, as ' , to an improvement in the conversions. In the pr ing to
the inverﬁg\,%??sng[)gsi?ag to use both variants of reactant metering detaileﬁﬁé%%j%%ﬂ;ﬂon
of C5-aldehydes to a,13-unsaturated C10-aldehydes,£&xample 6: Phase separation of the product of
the C5-aldehyde aldolization This example describes the preferred phase separation of the reaction
output of the aldol condensation of n-pentanal to 2-propylheptenal, and the co-aldolization of

n-penta ith 2~ i - i ange from 70
to 120C. 26 For the performance of the tests, for phase separation, prior to the continuous aldolization
tests, thdReaesion eanditignsthe organic produdt of value phade were withdthwn from the reactor. For
the Phase e BRIARLISEPEYABRALE IoaLight oted GIRRRIBRCIO ISR Wil gduipped with a
stirrer. The phase separation temperature in the range from 40 to 110C was regulated by means of a
thermostat. First, the two phases were transferre@fiptente reactbpampphasefagadiony. phase/H20
phase) oﬁ-é%é%ﬁﬂg t(}a@ ressure was set to 3.51l%r, i.e. to thﬁa me value ag~n the aldolization
plant. Once the two phasés had been brought to the test temperature with slow stirring, the stirrer was
started ab\a@H eirsigdins féaminute (rpm) for 2 Afhutes. The BRensive stirriB ensured that the two
phases wg&%g@g@“gﬁp&&egggther. After 34r_’qinutes had E){pired, the sAi-r{er was stopped and the

time for the phase separation wa termined.
PV (I of reactant/i of cat. phase) 1109.7 110 19.5 1t019.5

Product composition

n-Pentanal (% by mass) 4.53 4.77 5.04
2-Methylbutanal (% by mass) 2.33 2.31 2.29
2-Propylheptenal (% by mass) 88.1 88.14 87.59
2-Propyl-4-methylhexenal 3.91 3.84 3.8
C10-Aldols (% by mass) 0.11 0.17 0.18
High boilers/residue (% by mass) 1.01 0.78 0.77
n-Pentanal conversion (%) 95.2 94.9 94.6
Sauter diameter (mm) 1.54 0.91 0.91
- Table 5 -

The metered addition of reactant according to Figure 2 led, as shown in Table 5, to an
improvement in the conversions. In the present process according to the invention, it is
possible to use both variants of reactant metering detailed in the aldol condensation of

Cs-aldehydes to o,B-unsaturated Cqp-aldehydes.

Exampie 6: Phase separation of the product of the Cs-aldehyde aldolization

This example describes the preferred phase separation of the reaction output of the
aldol condensation of n-pentanal to 2-propylheptenal, and the co-aldolization of
n-pentanal with 2-methylbutanal to give 2-propyl-4-methylhexenal at temperatures in the
range from 70 to 120°C.



Firstly recorded was the separation time required by the two phases to separate completely from one
another with a clearly visible phase interface. Secondly determined was the time needed by the

phases tgnRgeqimg/sisag@pain. A clear product of value phase substantially ’iﬂ@f/g ?@/@ﬁ?ﬁ'ﬂa of
finely distributed disperse water droplets in the organic phase. At each temperature setting, the

separation test was carried out five times and the megn was formed from the results obtained. After
the separation tests, the organic phases withdrawn were analysed by GC and wet-chemical means.
The wet-chemical methods were used to determine the water contents (Karl-Fischer) and the sodium
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phase separation
phases were transferred into the reactor at a phase ratio (org. phase/H,O phase) of 1 to

10 and the pressure was set to 3.5 bar, i.e. to the same value as in the aldolization
plant. Once the two phases had been brought to the test temperature with slow stirring,
the stirrer was started at 500 revolutions per minute (rpm) for 2 minutes. The intensive
stirring ensured that the two phases were mixed well with one another. After 3 minutes
had expired, the stirrer was stopped and the time for the phase separation was

determined.

Firstly recorded was the separation time required by the two phases to separate
completely from one another with a clearly visible phase interface. Secondly determined
was the time heeded by the phases to become clear again. A clear product of value
phase substantially rules out the presence of finely distributed disperse water droplets in
the organic phase. At each temperature setting, the separation test was carried out five
times and the mea'n was formed from the results obtained. After the separation tests,

the organic phases withdrawn were analysed by GC and wet-chemical means.

wet-chemical methods were used to determine the water contents (Karl-Fischer)

e
and the sodium salt contents (by titrimetric means) in the organic phases.

In the aqueous phases, as well as the NaOH and sodium salt contents, the total carbon

content was additionally determined.

The organic phase used for the separation tests contained, after the analysis, about
0.79% by mass of homogeneously dissolved water and no traces of sodium hydroxide
solution. The aqueous NaOH phase contained, as well as 2.02% by mass of NaOH,
about 0.30% by mass of sodium salt and 1.1% by mass of total carbon. The results of

the examinations of phase separation are compiled in Table 6.



37 25 21 17 Time for phase clarification (min) 25 11 8 4 Analysis/organic phase = NaOH content (/O
by mass) 0 0 0 0 Water (% by mass) 1.02
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Phase separation

Temperature (°C) 50 70 90 110
Time for phase separation (s) 37 25 21 17
Time for phase clarification (min) 25 11 8 4

Analysis/organic phase
NaOH content (% by mass) 0 0 0 0

Water (% by mass) 1.02 095 093 127

Analysis/aqueous phase

NaOH content (% by mass) 2.01 2.03 2.06 2.02
Sodium salt (% by mass) 0.33 0.34 0.31 0.34
Total carbon (% by mass) 1.1 1.1 1.1 1.1

- Table 6 -

The sodium salt in Table 6 is principally sodium pentoxide.

With rising phase separation temperature within the range from 50 to 110°C, the
separation of the organic phase from the aqueous phase is improved. This applies both
to the actual phase separation (formation of the phase interface) and to the clarification

of the organic phase (clear phase without turbidity).

The time for the formation of the phase interfaces is comparatively short; at 17 to
37 seconds, it is within the range of seconds. The phases clarify much more slowly, in

the course of which the residual heterogeneous water droplets, inter alia, are removed.

As can be inferred from Table 6, the time for the phase clarification can be shortened
significantly by increasing the temperature from 50 to 70°C and higher.

According to all of the above, a particularly preferred embodiment of the invention can

be specified as follows:



0.95 0.93 1.27 Analysis/aqueous phase  NaOH content (*)/0 by mass) 2.01 2.03 2.06 2.02 Sodium
salt (/0 by mass) 0.33 0.34 0.31 0.34 Total carbon (% by mass) 1.1 1.1
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A continuous process for preparing o,B3-unsaturated C4p-aldehydes from aliphatic

Cs-aldehydes, which comprises the following steps:

a) aldol condensation of aliphatic Cs-aldehydes to give o,B-unsaturated C4o-aldehydes
in the presence of an aqueous base in a tubular reactor, which has at least one
mixer module which disperses the reactant or reactant/product mixture in the
process liquor as droplets with an average Sauter diameter in the range from 0.2 to

2 mm,

b) phase separation of the reactor output from step a) into an aqueous catalyst phase

and an organic product phase,

c) separation of the organic phase from step b) into o,B-unsaturated Csp-aldehydes,

aliphatic Cs-aldehydes and by-products,

d) recycling into the reactor of a portion of the aqueous phase from step b) after
supplementation with fresh base and partial discharge of the water of reaction, the
aqueous process liquor, at a pH in the range from 12.5 to 13.5, containing sodium

hydroxide and sodium salts of carboxylic acids, and

e) separation of the organic product phase from step b) from the aqueous catalyst

phase at temperatures in the range from 70 to 120°C.



1.11.1 -Table 6 - The sodium salt in Table 6 is principally sodium pentoxide. With rising phase
separation temperature within the range from 50 to 110C, the separation of the organic phase from the

aqueousplrse 18/uygyed. This applies both to the actual phase separatigpdfppsipppbtephase
interface) and to the clarification of the organic phase (clear phase without turbidity). The time for the

formation of the phase interfaces is comparatively spwrt; at 17 to 37 seconds, it is within the range of
seconds. The phases clarify much more slowly, in the course of which the residual heterogeneous
water droplets, inter alia, are removed. As can be inferred from Table 6, the time for the phase
clarification can be shortened significantly by incigasiig the temperature from 50 to 70C and higher.
28 A continuous process for preparing a,-unsaturatéd C10-aldehydes from aliphatic C5-aldehydes,
which comprises the following steps: a) aldol condensation of aliphatic C5-aldehydes to give

a,3-unsatyrajed GUERRINES LR R BPERSARY &FB@SHQ%A?QE%QD-%H H SR M jhyas at

least one mixer module which disperses the reactant or reactant/product mixture in the process liquor
as droplets Virthadaedsiegendighaiomarisesr thedfiellewige 8t8R0.2 to 2 mm, b) phase separation of the
reactor output from step a) into an aqueous catalyst phase and an organic product phase, c)
separation of the organic phase from step b) into a,-unsaturated C13-aldehydes, aliphatic
C5-aldehydes) aralde)-geodeosatihnefyallphetitCialdeiydesta giveiorBetitisatagateslis phase from
step b) after supple i ith, fr base rtial discharge of the water of reaction, the
agueous processe ﬂ&%?)@%&g%ﬁ%ﬁﬁj) ?g%%ecf%#l %%é%uogfé?%%c%ﬁtéqn?ﬁéj 28‘&5}}? {loxide and
sodium salts of carboxylic acids, and e) separation of the organic product phase from step b) from the

aqueous catglyst phage af lemperagyies é%{BStrﬁS%etﬁg REALL e into an aqueous catalyst

phase and an organic product phase;

c) separation of the organic product phase into o,B-unsaturated C¢-aldehydes,

aliphatic Cs-aldehydes and by-products;

d) discharge of a portion of the aqueous catalyst phase to remove the water of
reaction and supplementation with fresh base and subsequent recycling into the
tubular reactor;

characterized in that

the aliphatic Cs-aldehydes and/or the o,B-unsaturated Cqo-aldehydes are dispersed

as droplets in the aqueous base; wherein the average Sauter diameter of the

droplets is in the range from 0.2 mm to 2 mm.

2. A process according to claim 1, characterized in that the pH of the aqueous base is
in the range from 12.5 to 13.5, and the aqueous base comprises sodium hydroxide

and sodium salts of carboxylic acids.

3. A process according to claim 1 or 2, characterized in that the phase separation of
the output from the tubular reactor into the aqueous catalyst phase and the organic
product phase is effected at temperatures in the range from 70°C to 120°C.

4. A process according to claim 1, 2 or 3, characterized in that the reaction
temperature in the tubular reactor is in the range from 120°C to 140°C.



29 Claims: 1. A process for continuously preparing a,3-unsaturated 010-aldehydes from aliphatic
C5-aldehydes, which comprises the following steps: a) aldol condensation of aliphatic C5-aldehydes to

give a43ywyasaiaredsddyaldehydes in the presence of an aqueous base iRty K@ A% HY 1
phase separation of the output from the tubular reactor into an aqueous catalyst phase and an organic

product phase; c) separation of the organic product ghase into a,-unsaturated 010-aldehydes, aliphatic
C5-aldehydes and by-products; d) discharge of a portion of the aqueous catalyst phase to remove the
water of reaction and supplementation with fresh base and subsequent recycling into the tubular
reactor; characterized in that the aliphatic C5-aldehydes and/or the cc-unsaturated 010-aldehydes are
dispersed as droplets in the agueous base; wherein the average Sauter diameter of the droplets is in

the range frothRIQCRHA B62ORIRSA0RPYRBELESIIFAMY tB dithriaciesizaddnibatthedatie oiH of the
aqueous basgésihiediengebad Jese 18 fdinass YreRINRNSHRASE SRRNIsES épmgwq%?xide

and sodium salts of carboxylic acids. 3. A process according to claim 1 or 2, tharacterized in that the
phase separfiRASURE GABIOr ivin the faparRfrREBICiR® the aqueous catalyst phase and the
organic product phase is effected at temperatures in the range from 70C to 120C. 4. A process
according to claim 1, 2 or 3, characterized in that the reaction temperature in the tubular reactor is in
the range $rofhProgespacasedinmts. any e &f s@itsihdad apfiesacterizadrinsthabthecaxaiogerized in

that the ratioarﬁeﬁima%%awbﬁﬁéweﬁaaaéwé Biesgliphatimsraridenassidias i%"?rli of the

tubular reactor is in the range from 5 to 20. 6. A process according to any one of claims 1 to
characterizethif FRREEUVD £y to 4 pgiesPRaEHY D e angg st Adasblgmiase and aliphatic
C5-aldehydes is in the range from 0.5 to 4 m/s, especially in the range from 1 to 2.5 m/s. 7. A process
according to any one of claims 1 to 6, characterized in that the average residence time of the starting

mixture in fhétNAEEFREOFINITARBBPBECONEIaiBspbitfly Bmtacigtzatimthaighs pivermae
according (0 QRIRIRSHFRIGPRI QibrfHg ARSI Al ar rdeYde JoB sy LR agygentanal

r
content of at least 90% by mass is used.§9. A process according to any one o? claims 1 to 8,
characterize@$Re6iIn S QAP S5QNEdShydes and/or the ali-unsaturated C10-aldehydes are
dispersed in the aqueous base within the tubular reactor. 10. A process according to claim 9,
characterized in that the aliphatic C5-aldehydes and/or the a,-unsaturated C10-aldehydes are

dispersed8n fhEragaes @serisEngithid My okepdaadr with ehatgteriaetkisthaiarisiaidelytise
installed in the;EaLItRAHB-pentanal content of at least 90% by mass is used.

9. A process according to any one of claims 1 to 8, characterized in that the aliphatic
Cs-aldehydes and/or the a,B-unsaturated Cqp-aldehydes are dispersed in the

aqueous base within the tubular reactor.

10. A process according to claim 9, characterized in that the aliphatic Cs-aldehydes
and/or the o,B-unsaturated Cqp-aldehydes are dispersed in the aquecus base
within the tubular reactor with the aid of at least one mixing module installed in the
tubular reactor.

11. A process according to claim 10, characterized in that the aliphatic Cs-aldehydes
and/or the o,B-unsaturated C4-aldehydes are dispersed in the aqueous base
within the tubular reactor with the aid of at least two mixing modules installed in

the tubular reactor.

12. A process according to any one of claims 10 to 11, characterized in that the
proportion of the volume of the mixing module(s) in the total volume of the reactor
is 20 to 80%.



11. A process according to claim 10, characterized in that the aliphatic C5-aldehydes and/or the
a43-unsaturated C10-aldehydes are dispersed in the aqueous base within the tubular reactor with the
aid of atjgaspwo/mgggamodules installed in the tubular reactor. 12. A progess agsofAipdge37 one
of claims 10 to 11, characterized in that the proportion of the volume of the mixing module(s) in the
total volume of the reactor is 20 to 80%. 31 13. A pgqcess according to any one of claims 11 to 12,
characterized in that the distance between two adjacent mixing modules is 0.2 to 5 times the length of
the mixing modules. 14.A process according to any one of claims 11 to 13, characterized in that the
distance between two adjacent mixing modules decreases in flow direction. 15. A process according to

any one of claims 1 to 14, characterized in that the loading factor is in the range from 0.2 to 0.8.
13. A process according to any one of claims 11 to 12, characterized in that the

distance between two adjacent mixing modules is 0.2 to 5 times the length of

the mixing modules.

14.A process according to any one of claims 11 to 13, characterized in that the

distance between two adjacent mixing modules decreases in flow direction.

15. A process according to any one of claims 1 to 14, characterized in that the
loading factor is in the range from 0.2 to 0.8.



