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This invention relates to a continuous process

5 for producing methacrylate polymers in the manner of bulk

polymerization.

Methacrylate polymers are used in a broad range

of molding applications by'téking advantage of their

10 characteristically high clarity, gloss, surface hardness,

weather resistance and mechanical properties.

Recently,

these polymers have come to be used in large quantities

in optical applications, e.g. optical disk substrates and

optical devices such as Fresnel and lenticular

15 ° among othexs.

For a commercial-scale production of such

methacrylate polymers, suspension polymerization, bulk

polymerization and solution polymerization techniques are

known. The bulk polymerization method, for instance,

lenses,

20 includes the time-honored versions represented by the

cell casting process wherein a monomer is polymerized in

a cell or mold to give a resin of the desired shape, e.g.

in the form of a plate, in one operation.

Recently, for the production of molding

25 materials, processes have been proposed which comprisec
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10 ¥characteristically high clarity, gloss, surface hardnesss

resi stance and nechani cal properties. Recently, t hese jIpOHPMHEETANS BEEN

come to be used in large quantities in optical applicitionsREELchD

optical disk substrates and optical devices such as F
| enticul ar | enses, 15 anong ot hers. For the
commer ¢i al -scal e production of such nmet hacryl ate pol yners, suspension
pol ymer.i zati on, bul k pol ymeri zati on and sol uti on pol ynerization
techni ques are . known. The bul k pol yneri_aation nethod, for instance,
20 Fhcl udes the tinme-honored versions represented by the cel
casting process wherddutihd @ &Riup SoRehYARhYZ&0pdIymer in A pekle®bri®héat O

give a resin of the desired shape, e.qg. in the formof a plate, in

one operati on. concentration in the manner of bulk polymerization, and
then evaporating off the unreacted monomer in the syrup
to provide the desired polymer.

5 By way of illustration, Japanese Unexamined
Patent Publication (Kokai) No. 54-74889 describes a
process employing a thorough mixing type reactor
(complete mixing type reactor) wherein methyl
methacrylate monomer is bulk-polymerized at a temperature

10 of 160-200°C with the gas phase being controlled at 30%
or less relative to the total volume of the reaction
zone. |

Japanese Examined Patent Publication (Kokoku)
No. 52-32665 discloses a process for producing a |

15 methacrylate -molding material by continuous bulk
polymerization of methyl methacrylate, wherein a
mercaptan is used at a concentration of 0.01-1.0 mole %,
the type and amount of the radical polymerization
initiator in the monomer are set within a range

20 satisfying a certain relation with the half-life of said
initiator at a polymerization temperature, and the
polymerization reaction is carried out at a temperature
within the range of 130-160°C while maintaining the
polymer content at a level equal to or below the upper

25 limit value, the upper limit value being derived from a
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Recent |y for the production of nolding 25 materials, pro

been proposed which conpri se prodUC|n EH@V&
containing a polynmer in a predeterm ned concentrationijin_th

of bul k pol ynmerization, and t hen evaporating off the unreacted
nononer in the syrup to provide the desired pol yner. 5

By wayzof illustration, JP-A-54-74889 describes a
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-3-
function of said polymerization teﬁperature.

Japanese Examined Pétent Publication (Kokoku)
No. H2-26642 also discloses a process for producing a
methacrylate resin by bulk polymerization wherein the
type and amount of the radical initiator used are
controlled within the range satisfying a certain felation
with the half-life thereof at a polymerization tempera-
ture and the polymerization reaction is conducted at 160~
200°C while the viscosity of the reaction system at the
polymerization temperature is maintained at 10-500
poises.

Japanese Unexamined Patent Publication (Kokai)

.No. H3-111408 discloses a process for producing a

methacrylate polymer from a monomer mixture composed
predominantly of methyl methacrylate using a thorough-
mixing type reactor wherein an inert gas is first bubbled
through the monomer to reduce the dissolved oxygen level
in the monomer to 1 ppm or less and the polymerization
reaction is carried out in the presence of a radical
initiator having a half life of 0.5-120 seconds at a
polymerization temperature with stirring using a stirrer
providing for a stirring power of 0.5-20 kW pef m3 of the
reaction mixture in such a manner that the ratio of half
life of the radical initiator to average residence time

will be 1/200 to 1/10,000 and that the conversion will be
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prodess enpl oying a thorough m xing type reactor (conplete m Xi ng

type reactor) -wherein nethyl nethacryl ate nononer is .
bul k- pol yneri zed at a tenperature of 160-200[err]C with the THIS SHI&EET HAS BEEN
phase being controlled at 30%or less relative to the 10 tptal VRERWACED

t he reaction zone. JP- B-52- 32665 di scl oses—a process rof
producisng a nmet hacryl ate nol ding material by continuous bul k

pol ymeri zation of nmethyl nethacrylate, wherein a 15 nercaptan is used at a
concentration of 0.01-1.0 nole % the type and amount of the radical
pol ymeri zati on initiator in the nononer are set within a range
satisfying a certajg-yggahton Mf&ﬁéﬁﬂ@bff hizhe18b-&ai d initiator at
a polynerization tenperature, and the

In these processes, heat of polymerization and
heat of agitatidn are removed from the reactor.

Moreover, in any of these processes, the

5 polymer yield per unit reactor capacity per unit hour is,
according to the descriptions in the working examples
thereof, about 0.1 kg/L*Hr at best. In this
specification, "L" means "liter" and "Hr" means "hour".

In the conventional bulk polymerization of a

10 monomer feed composed predominantly of methyl
methacrylate in a vessel-type reactor to provide a syrup,
the evolved heat of polymerization and heat of agitation
.are removed by a method utilizing heat transfer, a method
utilizing the latent heat of evaporation of the monomer,

15 a method using the sensible heat of the monomer, or any
combination of these.

Among these techniques, the method utilizing
heat transfer includes a method of cooling with the
reactor jacket, method of cooling with a heat exchanger

20 installed within the reactor, and method of cooling with
an external heat exchanger through which the reaction
mixture is circulated.

With this method utilizing heat transfer, a
stagnant liquid film, which is a polymer film, forms and

25 builds up deposit on the cooling surface to reduce the
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20 © polsnerization reaction is carried out at a tenperature
the range of 130-160[err]C while maintaining the

| evel equal to or bel ow the upper limt value, the up Tt vat ue
bei ng derived froma 25 THIS SHEET HAS BEEN
_3- REPLACED
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efficiency of heat removal, thereby interfering with the

reaction tepperature control and further causing the
impeller blades to come into contact with the polymer
deposit grown within the reactor so that a long-term
stable production run becomes difficult.

Furthermore, said polymer film is exfoliated
and contaminates the reaction system, leading to
production of inhomogeneous methacrylate polymer.

With the method utilizing the latent heat of

evaporation of the monomer, it is essential to provide a

gas phasé within the reactor so as to permit vaporization

of the monomer, and a fairly large amount of polymer

deposif is formed on the reactor wall corresponding to

the gas phase and the interface between the gas phase and

the liquid phase, and these‘deposits tend to come off,
resulting in inhomogeneity of the product methacrylate
polymer.

In addition, the polymerization conditions
described in the above Japanese Examined Patent
Publications (Kokoku) Nos. 52—32665 and H2-26642 and
Japanese Unexamined Patent Publication (Kokai) No. H3-
111408 utilize the development of the so-called self-
accelérating effect (gel effect) of the polymerization
reaction. Such polymerization reactions tend to be

easily affected by extrinsic disturbances such as the
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function,of said polynerization tenperature. . JP-B:
di scl oses a process for -producing a nmet hacryl ate resin
pol ynmeri zati on wherein the 5 type and anount of the radi
used are controlled wthin the range satisfying a cert
with the half-life thereof at a pol ynerization tenpera- ture and the
pol ynmegi zation reaction is conducted at 160- & - 200[err]C while the

viscosity of the eactlon systen1at the 10 pol ynmeri zation tenperature is
mai nt ai ned at Jiféfﬁ? h5oAdggolved oxygen pr?ﬂ@Q& Hr- ETT4@%“%T%EJG§@§EB
process o O ProWaldia: 20 onalPLRBEI XL ALE OPIHIRE! O AURNRORL, I 4 ¢

conposed predom’nant Iy of acry até using a or ou 15

m xing type reacﬁél‘feé@ﬁ’ye'fBraEOhQEQﬁtﬂﬁscdrﬁJdtrfntg hukkhbede polymd UGt he
nmononmer to reduce the di'ssol ved oxygen | evel

reaction for a long period of time.
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5 - It is therefore an object of this invention to
provide a process for producing a wmethacrylate polywmer,
which is capable of achieving a highrconversibn even when
the monomer residence time in-the reactor is short, and
therefore capable of achieving a high polymer yield per unit

10 reactor volume, namely high productivity, and by wbich
polymer type or grade is easily changed with a reduced
amount of carryovers.

It is a further object of this invention to
provide a process for producing a methacrylate polymer which

15 can provide for stable polymerization even in the presence
of extrinsic disturbing factors such as the effect of

~ dissolved oxygen in the monomer, which can remarkably
suppress oligoﬁer formation, which involves substantially no
formation of deposit on the reactor wall even in a long

20 production run and which can give a hémogeneous methacrylate
polymer. | .

The invention accordingly provides a process for
producing a methacrylate polymer composition having a
polymer content of 40-70% by weight, which process comprises

25 continuously polymerising a monomer feed composed
predominantly of methyl methacrylate in a bulk
polymerisation reactor of the complete mixing type, the

reactor being substantially full up with the polymer
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in £he menonmer to 1 ppmor |ess and the pol.ynerization
carried out in the presence of a radical initiator ha m@S@
of 0.5-120 seconds at a 20 pol ymeri zation tenperature w stl
using a stirrer providing for. a stirring power of 0.5-2¢
mMerr] of the reaction mxture in such_a manner that the ratlo of
hal f = life of the radical initiator to dvérage residence tine

will be 1/200 to, 1010, 000, ands t0al, 4 NG sGYIMeL 90 W L1 B81 8P insulated

N

state, at a polymerization temperature of from 120 to 180°C
with an average residence time of 15 wminutes to 2 hours,
using a radical initiator which has a half-life of not more
5 than 1 minute at the polymerization temperature at a
concentration C (mol/100 g monomer) which satisfies the
following relation: _
4x10%.exp(0.019T) < C.6 < 3x10°%.exp(0.079T) (1)
wherein © is the average residence time (minutes) and T is
10 the polymerization témperature (°C) .

In one embodiment the process further comprises
continuously withdrawing the polymer composition from the
reaction zone and, optionally, continuously removing
volatile éomponents from the withdrawn polymer composition.

i1s . The principal features of the process and its
operation are therefore as follows:
(i) the reactor is substantially full up with the
polymer composition,
(ii) the reactor is maintained in a thermally insulated
20 state,
(iii) the polymerization is conducted at a
polymerization temperature in the range of 120 to 180°C,
(iv) the average residence time is maintained in the
range of 15 minutes to 2 h6urs,
25 (v) a radical initiator having a half-life of not more
than 1 minute at the polymerization temperature is used, and
(vi) the radical initiator is adjusted to a

concentration C (mol/100 g monomer) satisfying the following
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-4- ~45-70% at a tenperature of 130-160[err]C.

processes, heat of polynerization and heat of agitatig

fromthe reactor. Mor eover, in any of these

5 polymer yield per unit reactor capacity per unit hour i .
to the descriptions in the working exanples t hereof, about 0.1 kg/
at best. In this specification, "L" nmea®s ™"liter" and "H" neans
“hour". ... In the conventional bulk polynerization of a 10
mononer feed cofSo85d°redoni nantly of met hyl met hacrylate in a
vessel-type reactor {ug,1gr0uldlo2os¥tiiP. .0 > HN%-evalyed ieqy of (1)
pol yneri zati on and heat of agitation are rennve&)by a net hod

utilizing heat Wwharehar® 2epBebOEts average residence time (minute) and T
represents polymerization temperature (°C}.

5 Reference to the reactor being “substantially full
up with.the polymer composition" means that there is
substantially no gas phase present iﬁ the reactor.

Reference to the reactor being *maintained in a
thermally insulated state" means that there is substantially

10 no exchange of heat with the external environment.
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utilizing the latent heat of evaporation of the nDnoner 15

usi ng the sensi ble heat of the nononer, or any conblnat onﬂ@ﬁ%ﬁﬁﬁéﬁﬁSBEEN
Anong t hese techni ques, the nethod utiIizing heat transfler | NBERIRGER

nmet hod of cooling with the - reactor jacket, nethod of co wtiTa

heat exchanger 20 installed within the reactor, and nethod of cooling

wth an external heat exchanger thr.ough which the reaction

m xture i s circul ated. Wth this nethod utilizing heat
transfer, a stagnant liquid film which_ s a polymer film forns and

gfo reduce the

The polymer composition means the content

25 buil ds up deposit on the cooling surfacé

present in the bulk polymerization reaction system of the
invention, and domprises a methacrylate polymer formed by
the bulk polymerization and fed or unreacted monomer or
5 monomer mixture, the methacrylate polymer being present
in an amount Qf 40-70 % by weight based on the total
weight of the composition;
Said polymer composition is sometimes ;eferred
to as "liquid polymer composition”, “syrup" or
10 "polymerization mixture" in the description that follows.
The term “"monomer feed composed predominantly
-of methyl methacrylate" as used throughout this
_specification and claims appended thereto means methyl
methacrylate as such or a mixture of at least 70 weight
15 %, preferably at least 80 weight %, of methyl .
methacrylate and up to 30 weight %, preferably up to 20
weight %, of at least one of other vinyl monomers
copolymerizable with methyl methacryléte.
Said other vinyl monomers copolymerizable with
20 methyl methacrylate includes, for example, other esters
of methacrylic acid such as ethyl methacrylate, propyl
methacrylate, butyl methacrylate, benzyl methaérylate,
cyclohexyl methacrylate, etc.; esters of acrylic acid
such as methyl acrylate, ethyl acrylate, propyl acrylate,

25 butyl acrylate, 2-ethylhexyl acrylate, etc.; unsaturated

i



effi'ci ency of heat renoval, thereby interfering with the
tenperature control and further causing the i npel | er bifades gve
into contact with the pol yner deposit grown within the r eact @EPSACED
that a long-term 5 stabl e produ€tion run becones difficu
Furthernore, said polyner filmis exfoliated and contam nates the
reactien system leading to producti on of inhonbgeneous nethacryl ate
pol yrer . Wth the method utilizing the | atent heat of 10
evaporation of the nononer, it is essential tegprovide a

carboxylic acids and anhydrides thereof, such as acrylic
acid, methacrylic acid; maleic acid, itaconic acid,
maleic anhydridé, itaconic anhydride, etc.; hydroxy
group-containing monomers such as 2-hydroxyethyl
5 acrylate, 2-hydroxypropyl acrylate, monoglyceryl
acrylate, 2-hydroxyethyl methacrylate, hydroxypropyl
methacrylate, monoglyceryl methacrylate, etc.; nitrogen-
containing monomers such as acrylamide, methacrylamide,
acrylonitrile, methacrylonitrile, diacetone acrylamide,
10 dimethylaminoethyl methacrylate, etc.; and epoxy group-
containing monomers such as allyl glycidyl ether,
glycidyl acrylate, glycidyl methacrylate, etc., and
. styrenic monomers such as styrene, a-methylstyrene and so
on.
15 In the present invention, the bulk
polymerization is conducted in a continuous manner.

The polymerization reactor to be used in the
practice of this invention is a vessel type reactor
equipped with a stirring means. The stirring means just

20 mentioned is one capable of achieving a complete mixing
of the liquid contents within the reaction vessel. The
shape of the stirrer blade that can be adbpted is not
particularly limited so far as it achieves perfect
mixing.. Examples thereof include Max Blend blade

25 (tradename; product of Sumitomo Heavy Industries, Ltd.),
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gas: phase within the reactor so as to permt vaporization N
nononer, and a fairly |arge anount of pol yner deposi t Wﬂﬁf%kﬁ%HHG%BE
the reactor wall corresponding to t he gas phase and t nﬁ%ﬁﬂ .

bet ween the gas phase and 15 the |iquid phase, and these 8“p03|13 tend

to come off, resulting in inhonogeneity of the product nethacryl ate
pol ymec . In addition, the polynerization conditions

descri bed in the above JP-B-52-32665 and JP-B-26642 and

JP- A- H3-111408 20 utilize the devel opnentipf the so-called

sel f-accel erating effect (gel effect) of the polynerization reaction.
Such pol ynepaddle driladsncidombd et bedlital beiblxon |l add el by

extrinsic disturbances such as the 25
{Mehrstufen-Impuls-Gegenstomruehrer) blade, Fullzone

blade (tradename; product of Shinko Pantec Co., Ltd.),
etc. '

5 For enhanced stirring effects, it is preferable
to install one or more bafflés.

Néedless to say, the stirring efficiency is
p:eferably as high as possible, but the use of a stirripg
power greater than necessary should be a@oided, since it

10 would only contribute to accumulate additional heat in
the reaction vessel.

For this reason, the-stirring power is usually
in the range of about 0.5 to 20 kW/mB, preferably 1 to 15
kW/ms. As the viscosity of the reaction mixture, i.e.,

15 the polymer content therein, increases, the stirring
power is usually increased.

The interior of the reaction vessel is filled
up, leaving substantially no gas phase. This absence of
gas phase ﬁrevents the forma%ion_and buildup of the

20 polymer deposit on the reactor internal wall surface
corresponding to the gas phase and gas-liquid interface
which would otherwise exist, and consequently
deterioration.of the product polymer quality due to
contamination with such deposit is prevented.

25 Furthermore, the full capacity of the reactor
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-6 - ~= effect of the dissolved oxygen present in the nmbREIBLLeeTRNS seEN
ot hers, so that sophisticated control of heat renoval is

for constantly conducting a stable polynerization r egeti-aon—for—a

| ong period of tinme. 5 It is therefore an object of this

I nvention to provi de a process for producing a nethacryl ate pol yner,
whi ch ks capabl e of achieving a high conversion even when . t he
nononer residence tinme in the reactor is short, and t herefore
capabl e of achieving a high polyner yield per;ynit

can be utilized with the result that the productivity
increases.
The most expedient method for filling up the
reactor is éo dispose the reaction mixture outlet at the
5 highest part of the reactor. For 9nsuring that no
monomer gas be evolved in the-reactor, the internal
pressure of the reactor is set above the vapor pressure
thereof at a temperature of the reaction system. This
pressure is generally about 10-20 kg/cmz.

10 In the practice of this inwvention, the reactor
is kept substantially insulated thermally so that there
will be no exchange of heat between the reactor interioxr
and the external atmosphere. In other words, the reactor
exterior_wgll is maintained at a temperature which is

15 substantially the same as the temperature of interior of
the reactor.

For achieving this substantial thermal
.insulation, a jacket is installed, for example, on the
external wall of the reactor and a heating medium such as

20 steam is circulated through the jacket in such a manner
that the external wall temperature of the reactor will
follow the internal temperature and remain substantially
the same as the internal temperature. Such temperature
control can be easily conducted by one skilled in the

25 art, for example, by using a system conventionally used
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10 * reactor volume, nanely high productivity, and by which pol ymer

type or grade is easily changed with a reduced annunﬁ -

It is a further object of this invention to " provi de ||arpicesessT Hias BEEN
produci ng a nethacryl ate pol yner which 15 can provide fdgr  staBEELACED Al
pol yneri zation even in the presence of extrinsic dis¢ i f-act ors '
such as the effect of di ssol ved oxygen in the nononmer, which can

remar kabl y suppress ol igoner formation, mhich i nvol ves substantially
no formati on of deposit on the reactor, %a even in a long 20
production run and which can give a hoaneneo nmet hacryl ate

pol yner. 7 gfediitd UEM LARLBELALALMEbYCRLY! des a process for
produci ng a nethacr at'e poly conposPtlon avi n

To maintain the reactor in a thermally
insulated state ‘as mentioned above is intended to prevent
the formation of polymer deposit on the internal wall of

5 the reactoxr and to achieve a self-control function which
stabilizes the polymerization and suppresses a runaway oOr
uncontrollable reaction.

It is meaningless to increase the external wall
temperature of the reactor too high beyond the reaction

10 mi#ture temperature, since it would add an unnecessary
heat to the reaction mixturé.

The femperature difference between the interior
of the reactor and the external wall of tﬁe reactor is
preferably as small as possible, but actually it is

15 sufficient to control the reactor interior temperature
aﬁd the reactor exterior wall temperature in such a
manner that the temperature difference is approximately
less than S5 degrees (°C).

The heat evolved in the reaction zone, that is

20 to say, the heat of polymerization plus the heat of
agitation, is balanced against the heat carxried away by
the syrup emerging out of the reactor and the feed
monomer temperature (sensible heat), so that the
polymerization reaction temperature can be maintained

25 within the range of 120 to 180 °C.
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pol ymer scont ent of 40-7696by wei ght, which process conprises 25
continuously polynerising a nononer feed conposed '

7= 1.
met hyl nethacrylate in a bulk pol ymeri sation react Qry@f gHEETRHOAS BEEN
m Xxi ng type, reactor being substantially full up w fih therpPLAGED b
[ REPLACEMENT SHEET conposi tion and being mai'n
thermally insul ated state, at a polynerization tenperature of from
120 to 180[err]C wi th an average residence tine of 15 mnutes to 2
hour s, using a radical initiator which gas a half-life of not nore 5
than ¥ mnute at the polynerization tenperaf& e at a

The heat carried away by the syrup is dependent
on the amount and specific heat of the syrup énd the
polymerization temperature.

The polymerization temperature, which is

5 dependent on the type of radical initiator used and the
like, is about 120-180°C, preferably 130-170°C.

If the polymerization temperature is too high,
the syndiotactic structure of the product polymer tends
to decrease, and the proportion of oligomers increases,

10 and the heat resistance of the resin is sécrificed,
' In feeding the moﬁomer to the reactor, the
temperature of the monomer is controlled so that a
predetermined polymerization temperature will be
established by the heat balance within the reactor.
15 In other words, the feed monomer temperature Tl
is set within the range defined by the following relation
(3):
T - (0.8 to 1.2) x {T-(2.9P + 1.81F)) (3)
whereiﬁ P represents conversion in %, F represents
20 stirring power in kW/m3, and T represents polymerization
temperature in °C.

In the above relation (3), 2.9 is the
conversion factor for a reaction temperature increase per
weight % of conversion and 1.81 is the conversion factor

25 for a temperature increase per kw/m3 of stirring power.
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coneentr-ation C (nol /100 g nonomer) which satisfies the fol |l ow ng

rel ation: 4xl1 O[ err].exp(0.019T) < C O < 3x10[ e&}rexp(

(1) wherein 0 is the average residence tine (ninutey) TRSEHEITSA =
the polynerization tenperature ([err]C). I'n ongg, ek R
the process further conprises conti nuously wi t hdr awF#g SiotSAas -V
conposition fromthe reaction zone and, optionally, contlnuously
renovi ng vol atil e conponents fromthe w thdrawn pol yner comnposition.
15 The principal features of thgsprocess and its

operation are therefore as foll ows: (i) the reactor is
substantially full up w th tHe monomer ol paefedotpothd ippilymerization (i)

t he reactor

is maintained in a thermally insulated 20 st at e,

10

15

20

25

reactor need not be limited to a fresh monomer, but may
be an adjusted composition containing the recovered
unreacted monomer(s).

To preclude the influence of dissolved oxygen
in the preparation of the monomer, it is conventionally
common practice to bubble an inert gas thrcugh the
monomer preparation tank or deaerate: the monomer under
decompreésion in order to remove diésolved oxygen
therefrom. However, the process of this invention does
not require such a procedure in strict sense, and the
desired polymerization can be carried out in a stable
manner even if the dissolved oxygen.level in the monomer
is about 1.5 ~ 3 ppm.

For the purpose of removing impurities before
introducing the prepared monomer feed into the reactor,
the monomer feed is preférably filtered throﬁgh a filter
of the proper mesh size, and this is especially desirable
when the product polymer is intended for use as an
optical material.

The averaée residence time is about 15 minutes
to about 2 hours, preferably about 20 minutes to about
1.5 hours.

The average residence time is defined by the

following equation
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(1i¥) the'pol ynmerization is conducted at a pol ymeri zati on
tenperature in the range of 120 to 180[err]C,

residence time is maintained in the range of 15 mi njitedS SHEETHiAS BEEN |
25 (v) aradical initiator having a half-life of ngt norREPLACED
than 1 mnute at the polynerization tenperature is used, and
(vi) the radical initiator is adjusted to a concentr-ation C
(rmol /100 g nonomer) satisfying the foll ow ng rel ation:
-16-
8 = V/F

whereih O is average residence time in minute, V is a
capacity of the reactor in liter and F is a monomer feed
rate in liter/minute. In the invention, the specific

5 gravity of the monomer or monomer mixture and the
specific gravity of the polymer composition {syrup) are
usually in the neighborhood of 1, and therefore can
substantially réasonébly'be assumed to be 1 for
calculating the average residence time 6. I1f the

10 residence time is excessively prolonged, the formation of
the dimer, trimer and other oligomers is increased to
thereby detract from the heat resistance of the resulting
product.. The average residence time can .be controlled by
adjusting the monomer feeding rate per unit time.

15 The radical initiator for use in the practice
of this invention is virtually not limited in type only
if its half life at the polymerization temperature is not
in excess of 1 minute, and is particularly in the range
of G.01 secona to 1 minute.

20 Any radical initiator with a half life of over
1 minute is undesirable because the reaction rate will
then be low.

The relationship between the temperature and
the half life of the radical initiator can be found in

25 the literature on respective initiators and the technical
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4x10[ err] . exp(0.019T) < C. 0 > 3x10[err] exp(0.079T) ()

wherein O represents average residence tine (mnute) and T d ts
pol ymeri zation tenperature ([err]C. 5 Ref er déWSSchﬁHA$BEE§“
reactor being "substantially full up with the pol yner{| conp&aEmiagip ‘
means that there is substantially no gas phase presen --~_~l
reactor. Ref erence to the reactor being "maintained in a
thermally insulated state” nmeans that there is substantially 10 no
exchange of heat with the external environneg;.

REPLACEMENT SHEET I 9-

bulletins published by the manufacturers.

In this specification and claims, the
literature relied on fofuézo compounds is "Azo
Polymerization Initiators" published by Otsuka Chemical

5 Company, Ltd. and that for organic.peroxides is "Product
Brochure (Organic Peroxides)" published by Sanken -
Chemical Co., Ltd.
The radical initiator which can be used
includes azo compounds such as azobisisobutyronitrile,
10 azobisdimethylvaleronitrile,
azobiscycloﬁexanecarbonitri1e, 1,1'-azobis(l-acetoxy-1-
phenylethane), dimethyl 2,2'-azobisisobutyrate, 4,4'-
azobis-4-cyanovaleric acid, dimethyl 2,2'-azobis(2-
methylpropionate), etc., and organic peroxides such as
15 benzoyl peroxide, lauroyl peroxide, acetyl peroxide,
caprylyl peroxide, 2,4-dichlorobenzoyl peroxide, isocbutyl
peroxide, acetylcyclohexylsulfonyl peroxide, t-butyl
peroxypivalate, t-butyl peroxy-2-ethylhexanoate,
isopropyl peroxydicarbonate, isobutyl peroxydicarbonate,
20 sec-butyl peroxydicarbonate, n-butyl peroxydicarbonate,
2-ethylhexyl peroxydicarbonate, bis(4-t-butylcyclohexyl)
peroxydicarbonate, t-amyl peroxy-2-ethylhexanoate,
1,1,3,3-tetramethylbutyl peroxyethylhexanocate, 1,1,2-
triméthylpropyl peroxy-2-ethylhexanoate, t-butyl

25 pefoxyisopropylmonocarbonate, t-amyl peroxyisopropyl-
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The: pol yner conposi ti on neans the content present in the bul k
pol yneri zation reaction system of the I nvention, and conprises_a

met hacryl ate pol yner forned by t he bul k pol ynerization an é‘ﬁgéﬂ
unreacted nononer or 5 nmononer m xture, the nethacryl ate pol m -bﬁtﬁQACED
pr esent I n an anmount of 40-70 % by wei ght based on the to |
of the.conposition. o Sai d pol yner conposition i.s sonetines
referred to as "liquid polymer conposition", "syrup" or 10
“polynmerization mxture" in the description_tgat follows. The
term “nononer feed conposed predom nantly of nmethyl nethacrylate" as
used throughout tRofiocarbshgtéf i £al | D/B-ardremditky18aRPNASErsHBLIRS-0 Means
met hyl nmet hacryl ate as such or a mxture of at |least 70 weight 15 %
preferably at | eaprop@imengbarBonate vet 1y,l2-trimethipdpryppl epenwkyp to 30
wei ght % preferably up to 20 wei ght % of at |east one of other vinyl
nmonomer s copoipeprppabrenotarbonate, IvdtRBadrfeiramethylbutyl peroxy-
Typically the nononer feed conprises from 70- 20 100% by wei ght of nethyl
net hacryl ate and fESRPO28O%FBy 1. 1ydifrimedthyd PFPRYL RBROFEISROINARYSend
of two or nor vinyl .nononer t he vinyl noner . o oners bej
copol yner i sabﬁse vm'tt—#fut)éﬁ% ﬁﬁfﬂﬁ?gﬁ‘&?ﬁﬁ‘?’yl e, [El:is? ter t“L“ggfpeg%ff@ 'gi'gigrs“
vi nyl nononers copyls ' | 5 t Ryl a ' ude, for
Q@x&@%&ié{?ﬁ%ﬁ%ﬁ% el s (Rl BG¥¥%§;—%§L

exanpl e, other esters o I ¢ ‘acid such as e acryl ate,
propyl net hacr Wy enheRdh¥! dB&hacind aje mdrenay! tABEBags Ve Sization
cycl ohexyl nethacrylate, etc.; esters of acrylic acid such as net-hyl
acryl ate, ethyl admiltdbeprsrdpyaralirysed eaccording to the polymerization
temperature.
10 The concentration C of the radical initiator

{(mol/100 g monomer) for use in the process of this
invention is suitably selected according to the
aforementioned relation (1). If the concentration of the
radical initiator is below the lower limit defined by
15 relation (1), the desired conversion will not be
attained. Conversely wheh the initiator concentration is
toq high, the resulting polymer will be insufficient in
thermal stability.
The concentration of the initiator is generally
20 0.001-1 weight % based on the monomer feed.
The radical initiator is usually fed to the
reactor as dissolved in the monomer.
1t is preferable that the concentration C of
the radical initiator (mol/100 g monomer) is within the

25 range satisfying the following relation (2):
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30 butyl- acrylate, 2-ethyl hexyl acrylate, etc.; unsaturated

-10- . carboxylic acids and anhydri des thereof, such as FE
acid, nmethacrylic acid, maleic acid, itaconic acid, | BHIS ’ﬁlﬁ@@EE‘\
i taconi ¢ anhydride, etc.; hydroxy gr oup- cont ai ni ng nonjoner s FEFLACED
2- hydr oxyet hyl 5 acryl ate, 2-hydroxypropyl acryl ate, nonogtyCeryl
acrylate, 2-hydroxyethyl nethacrylate, hydroxypropyl net hacryl at e,
nonogl yceryl nethacrylate, etc.; nitrogen- cont ai ni ng nmonomers such
as acryl am de, nethacryl am de, -19-
4x107 2 exp(0.019T) < C+8 < 3x10 >-exp(0.034T) (2)

10

15

20

25

where © and T are as defined hereinbefore.

In the bulk polymerization according to this
invention, the selection of the reaction conditions
according to the above description-leads to the self-
accelerating effect (gel effect) iﬂ the radical
polymerization, which can stably impart a favorable
effect to the polymerization reaction.

Generally, the gel effect develops in a
solution {(monomer/polymer/(solvent)) having a fairly high
polymer content. Thus, when the polymer content is high,
the viscosity of the solution .is high and therefore the
ﬁobility of the polymer radicals is decreased with the
result that the polymerization rate is increased because
the termination reaction is hard to occur.

Therefore, inherently a runaway reaction tends to take
place. In order to avoid this uncontrollable reaction,
it has been conventionally neceésary to very elaborately
control the residence time, reaction temperature and
radical initiator concentration.

However, in the process of this invention, such

. runaway reaction is inhibited by simply conducting the

polymerization in such a manner that there is
substantially no temperature difference between the

interior and exterior of the reactor to establish a
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acrylonistrile, nmethacrylonitrile, diacetone acrylamde, 10

di nmet hyl am noet hyl nethacryl ate, etc.; and epoxy group- contel
nononers such as allyl glycidyl ether, gl yci dyl acryl éf %@gﬁ diSBEEN*
net hacryl até, etc., and styrenlc nononers such as styr

a- met hyl styrene and so. on. 15 In the present 1 nvention,
the bul k pol ynmeri zation is conducted In a continuous manner.

The pol ynerization reactor to be used in the practice of this
invention is a vessel type reactor equizoped with a stirring neans.
The said stirring neans 20 I S one capabl e of achieving perfect m xing of
the liquid chetrenid ywinsuhateé stabe iwith esdsitanthelipane etchdrage
stirrer blade that can be adopted is not particularly limted so far
as it achi eves pepﬁé@@aﬁiyﬂﬁgltggaﬁﬁtggna environment, and therefore the

polymerization proceeds in a stable manner.
Thus, even if a transient increase in the
5 evolution of heat raises the interpal temperature of the
reactor, the temperature of the exterior wall of the
reactor is also increased accordingly so that the
viscosity of the reaction mixture is lowered with the
result that the mobility of the polymer radicals is

10 increased to enable the termination reaction to occur
freQuentiy. Therefore, the total polymerization rate is
lowered and the evolution of heat is reduced to lower the
temperature, thus resulting in a conversion commensurate
with the concentration of the radical initiator, thus

15 developing said self-control function.

As a consequence, a consistently stable
polymerization reaction can be carried out even if
external disturbances such as fluctuation in the
dissolved oxygen level in the monomer occur.

20 The conversion from the monomer to the polymer
in the reactor is 40-70 weight %. Because the content of
the reactor is maintained in a substantially perfect
mixing state, this conversion corresponds to the polymer
content of the syrup emerging out of the reactor. That

25 is to say, the conversion is equal to the concentration

"l



t hes eof -i ncl ude Max Bl end"” bl ade (tradenane; product of 25 Sunmi t oo Heavy

I ndustries, Ltd.), Regi stered Trademar k T 7
-11- paddl e bl ade, double helical ribbon blade, MG 1 H’SS*;iigggBE*"*\* i;
(Mehr st uf en- I mpul s- Gegenst onruehrer) bl ade, Full zone bha&e:*mwﬁh_“_wﬁ_

(tradenane; product of Shinko Pantec Co., Ltd.),

-21-
of the polymer in the syrup.

Higher conversion means not only higher
productivity, but also the increased viscosity of the
reaction system, and requires a greater stirring force.

5 On the other hand, the lower the conversion is,
the_larger is the unreacted monomef-recovery load.

The reaction parameters mentioned hereinbefore
can be readily selected by one skilled in the art. For
example, the concentration of thg radical initiator and

10 the amount of the monomer feed to be introduced into the
reactor may be calculated as follows.
| When the amount of the polymer to be produced
is predetermined, a target for the residence time 6 and a
target for the polymer content in the syrup are selected,

15 and the target polymerization temperature is selected.
Then the temperature range of the monomer feed is roughly
estimated according to relation (3) using the above
poclymer content and the polymerization temperature values
and further using the stirring power value which is

20 roughly assessed from these values. Thereafter, the
concentration range of the radical initiator is
calculated according to relation (1).

So far as the radical initiator concentration

- is within said range calculated according to relation (1)

25 and the reactor is kept substantially insulated
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etce 5+ For enhanced stirring effects, it is pr
to install one or nore baffles. hbedless to S§VFQ$mEETHAS£%EN
stirring efficiency is preferably as high as possible ut RREBLACEDOS

H

a stirring power greater than necessary should be avoided, S

10 would only contribute to accunul ate additional heat in t he
reaction vessel . For this reason, the stirring power is
usual |y in the range of about 0.5 to 20 kWnierr] , preferably 1 to
15 kWnierr]. As the viscosity of the-zgaction m xture, i.e. 15 the
pol ymer content, increases, the stirring power is usual l y increased.

The interior of ttkeermally,onthegeactionf wblidd never myn dwegyiorg become
substantially no-gas phase. This absence of
uncontrollable. However, it is generally_preferable to
start and conduct the reaction as follows. First, the
radical initiator ié fed at approximately the lowest
5 level in the initiator.concentratiqn range. Then, with
an increase in the internal temperature, the jacket
temperature is correspondingly elevated to maintain the
state of thermal insulation until the temperature reaches
an equilibrium state. The initiator concentration is

10 adjusted so as to achieve an equilibrium at the target
temperature. When the amount of the polymer that is
produced does not reach the predetermined level, the
amount thereof can be controlled by adjusting the
initiator concentration within the above range.

15 In order to control the molecular weight of the
product polymer, a conventional monofunctional or
polyfunctional chain transfer agent can be employed, if
so desired.

The chain transfer agent that can be used

20 includes alkylmercaptans such as propyl mercaptan, butyl
mercaptan, hexyl mercaptan, octyl mercaptan, Z2-ethylhexyl
mercaptan, dodecyl mercaptan, etc.; aromatic mercaptans
such as phenyl mercaptan, thiocresol, etc.; mercaptans
containing not more than 18 carbon atoms, such as

25 ethylenethioglycol, and thioglycolic or 3-
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gass phase prevents the fornmation and buil dup of the. 20 pﬁ-£¥ﬂE.JF::eI4-1'«194:)4;4'4—--cm.« E
the reactor internal wall surface correspondi ng to tHeToasSRBESHASBEEN |
gas-liquid interface whi ch woul d ot herw se exist, and| cons@®EREACED !
deterioration of the praduct polyner quality due to - CoRET i =
Wi th such deposit is prevented. 25 Furthernore, the ful
capacity of the reactor Regi stered Trademar k

~23-

10

15

20

25

mercaptopropionic esters of polyhydric alcohols such as
ethylene glycol, neopentyl glycol, trimethylolpropane,
pentaerythritol, dipentaerythritol, tripentaerythritol,
sorbitol, etc.

Algo, 1,4-dihydronaphtha;ene, 1,4,5,8-
tetrahydronaphthalene, B-terpinene, terpinolene, 1,4-
cyclohexadiene, 1,4-cyclohexadiene, a—methylstyrene_
dimer, hydrogen sulfide, etc. can likewise be employed.

These agents can be used sihgly or at least 2
of them may be used in combination.

The amount of such chain transfer agent varies

with different kinds of agents but taking a mercaptan as

.an example, the proper amount is 0.0l to 3 parts by

weight, preferably 0.05 to 1 part by weight, per 100
parts by weight of the monomer or monomer mixture. The
above range is recommended because the mechanical
properties of the polymer are not adversely affected and
a sufficiently high heat stability of the polymer is
maintained.

The syrup withdrawn from the reactor is
preheated, if required, to evaporate off the volatile
matter which is predominantlf composed of unreacted
monomer, leaving the desired polymer.

For this transfer of the syrup, the method

described in Japanese Examined Patent Publication
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-12¢ . can be utilized with the result that productivity

I ncr eases. The nost expedient nethod for fill T—tHre

reactor is to dispose the reaction nmixture outlet at the 5 IGISEEET hbs BEEN
of the reactor. For ensuring that no mononer gas be evpl ved REPALED )
reactor, the internal pressure of the reactor is set above The vapor -
pressure thereof at the tenperature of the reaction system This

pressure is generally about 10-20 kg/cnierr] 10 In the

practice of this invention, the reactor -244S kept substantially

insulated thermally so that there wi || be no exchange of heat between

the reactor interikdkoku) Noan#4i-Aegezt €& nabiedsmsphere. In other words, the
r eact or

The technique for separation of the volatile
matter includes the method employing a devolatilizing
extruder, and the known techniques described in Japanese

5 Examined Patent Publications (Kokoku) Nos. 51-29914 and
52-17555, Japanese Unexamined Patent Publications (Kokai)
Nos. H1-53682, 62-89710 and H3-49925, among cthers, can
be utilized.

The unreacted monomer thus separated can be

10 reused as the feed monomer for polymerization.

In this connection, the impurities contained in
the unreacted monomer, such as compounds contaminated or
by-produced in the monomer manufacturing processes, the
dimer, trimer and other oligomers and the residue

15 (decomposition product) of the radical initiator,
accumulate progressively, whereby the resulting polymer
will be colored. It is, therefore, recommended to remove
the impurities by distillation or adsorption as disclosed
in Japanese Examined Patent Publication (Kokoku) No. 54~

20 42035.

According to the'invention, as applied to the
production of a methacrylate polymer by the continuous
bulk polymerization of a monomer feed composed
predominantly of methyl methacrylate in a thorough mixing

25 type reactor, a long-term polymerization run can be
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extefior 'wall is maintained at a tenperature which is 15 substantially

the sane as the tenperature of the interior of the rea QHF;SHEETHASEEEN‘
For achieving this substantial thernal i nsul ation, a jgcke IS

i PLACED
installed, for exanple, on the external wall of the re -

heati ng medi um such as 20 steamis circulated through the jacket in such

a manner that the external wall tenperature of the reactor wll

follow the internal tenperature and remain sub®%antially t he sane as

the internal tenperature. Such tenperature control can be easily

conducted by one skigH@yeach wiidh grdstabiditgxang| elthgulys Fynavwayst em

conventional ly used
reaction despite the high output per unit hour per unit

reactor capacity, that is to say high productivity, and
the type or grade of the product polymer is easily
5 changed with a minimum of carryovers.
Furthermore, the formation of oligomers is low
and the product methacrylate polyﬁer is homogeneous and
stable in quality so that it is also very suited for use

. as an optical material.

10 The invention will be further described in the
Examples which follow, with reference to the accompanying

Figure 1. Figure 1 is a flow diagram of the production

process used in the Examples.

In Fig. 1, numerals 1-6 and symﬁols a-c
15 indicate the following.

1

L X}

methyl methacrylate
: methyl acrylate

a chain transfer agent

a polymerization initiator

20 a product polymer

o b WN
"

: a liquid to be disposed
a : liquid polymer composition (syrup)

b : unreacted monomers and impurities
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- 18 - - for effecting such tenperature control

Mai nt enance of the reactor in a thermally I nsul at ed st af. | =T
above is intended -to prevent the formation of polynmer HepasigHEETHATBEEN

i nt er nal of 5 the reactor and to achieve a self-contrgl fungEPOXCED

whi ch stabilizes the polynerization and suppresses a ru oF
uncontyol | abl e reacti on. There is no point in increasing the

ext er nal wal | tenperature of the reactor too high beyond the 10

reaction mxture tenperature, since this wout2b-add unnecessary heat to

the reaction m'xture.

c : recovered monomers to be recycled
The following are generalized descriptions of
the main equipment used in the Examples which follow. .
. M;nomer preparatién tank: 20L, SUS304, equipped
5 with a paddle agitator and a jacket '
» Initiator dissolution tank: IIOL, SUS304, equipped
with a paddle agitator and a jacket
« Polymerization reactor: 10L, SUS304, equipped with
a double helical ribbon blade stirrer (250 rpm)
10 and a jacket
« Heater: 16.7 mm {(inside diameter)} x 3m (long},
equipped with a jacket
« Devolatilizing extruder: a twin screw extruder
(Téx—30) manufactured by The Japan Steel Works,
15 Co., Ltd. (different direction rotating type,
screw diameter 30 mm, cylinder length 1260 mm),
equipped with one rear vent and 3 front vents
« Monomer recovery colu@n: 100 mm (inside diameterx) x
- 3m {long), SUS304, 3/8 inch SUS Raschig ring-
20 packed column, concentration part length 0.7 m,
recovering part length 0.3 m.
« Dissolved oxygen concentration meter: DO Meter UC;

12-SOL manufactured by Central Kagaku Co., Ltd.

The methods used for the evaluation of product
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The- temperature difference between the interior of the =
external wall of the reactor is preferably as small as pﬁﬁﬁiﬁmEETbassEENg
in practice it is 15 sufficient to control the reactor interi or REPLACED

tenperature and the reactor exterior wall tenperature such tiat the
tenperature difference. between themis | ess than about 5 degr ees

([err]O.

The heat evolved in the reaction zgne, that is

to say the heat of polynerization plus the heat of agitation, is

bal anced agai nst the heat carried away by

the reactor and the feed

_o_the syrup energing out of
nononer tenper%?ure (sensi ble heat). The

20

pol yneri zati on i e t.ure can thus be nmaintained wthin the
ROYEHRES | fird UPFAYR.

25 range of 120 t

« Yellowness index: Using a 40 mm extruder equipped

10

with a T-die (manufactured by Tanabe Plastics
Machinery Co., Ltd.), the polymer was extruded
into a flat plate at 250°C and passed through a
3-roller polishing equipment at about 100°C to
provide a 3 mm-thick plate. From this ext?uded
plate, square-shaped specimengw(s cm x 5 cm)
were taken and yellowness index (YI) of eéch
specimen was determined using the SZ-%80
spectroscopic color-difference meter
manufactured by Nippon Denshoku Industries Co.,

Ltd. in accordance with JIS K7103.

‘e Polymer homogeneity: Using a 40 mm extruder

15

20

equipped with a T-die {manufactured by Tanabe
Plastics Machinery Co., Ltd.), the polymer was
extruded at 250°C to provide a plate, from
which specimens measuring 10 cm x 10 cm x 3 mm
{thickness) were taken. The surface each of
the specimehs was examined under a magnifying
glass and fish eyeé (2 0.25 mm in diameter)
consisting of an unmelted fraction of high
molecular weight were counted as a measure.of

polymer homogeneity.

25 « Reduced viscosity: The viscosity of a 0.1 weight %
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- 14- . The heat carried away by the syrup is dependent.

on the anobunt and specific heat of the syrup and the DF&EF EEQ,
t enper at ur e. The pol yneri zation tenperaturﬁ "%ﬁggise
dependent on the type of radical initiator used and the

about 120-180[err]C, preferably 130-170[err]C. If the

pol yneri zation tenperature is too high, the syndiotactjc structure of
t he product pol ymer tends. '

-28~
solution of the resin in chloroform was
measured with an Ubbelohde Viscometer at 25°C.
| e Melt flow rate (MFR): Using a melt indexer
manufactured by Takara Industries Co., Ltd.,
5 the MFR was determined at 230°C under a load of
3.8 kg in accordance with JIS K7210. -
« Deposition of polymer on the reactor internal wall:
After completion of a continuous operation, the
reactor was disassembled and its interior was

10 visually inspected.

Example 1

As the starting monomers, methyl methacrylate
.(hereinafter "MMA" ; product of Nippon Methacryl Monomer
Co., Ltd.)} and methyl acrylate (hereinafter "MA" ;

15 product of Toagosei Chemical Industry Co., Ltd.) were
used. As the radical initiator, azobisisobutyro-nitrile
{(hereinafter "AIBN") was used and as the chain transfer
égent, n-octylmercaptan (hereinafter "OM") was used.

The initiator dissolution tank was charged with

20 MMA and, as final concentrations, 1 weight % of MA, 0.24
weight % of AIBN and 0.22 weight ¥ of OM, and the charge
was stirred ﬁell to dissolve AIBN thoroughly to provide
an initiator solution. The internal temperature of the
initiator dissolution tank was maintained at 5°C by

25 circulating a cooling medium through the jacket.
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to decrease, and the proportion of oligoners increases, 10

resi stance of the resin is sacrificed. I n feefing E£g5?$9&;BEEN
nononer to the reactor, the tenperature of the nononer

so that a predet ermi ned pol ynerization tenperature will be

established by the heat balance within the reactor. 15 The

feed nononer tenperature T[err] may thus be set within the range

defined by the followi ng relation (3): T[err]= (0.8 to

1.2) x (T-(2.9P + 1.81F)) (3) wherein P represents conversion in

% F represents 20 stirring pomer in kWmd%®rr], and T represents

pol yneri zati on t enper at ur r]C. In the above

relation (3), 2.9 is the This nit1 tor]solutlon was fed by a pump to
the polymerization reactor at a rate of 3.0 kg/Hr. ’

The monomer preparation tank was continuously
charged with MMA and, as final concentrations, 1 weight %

5 of MA and 0.22 weight % of OM and the temperature was
controlled at 20°C.

While nitrogen was introduced into the monomer
preparation tank, the concentration of dissolved oxygen
in the monomer mixture fed to the polymerization reactor

10 was 1.8-2.7 ppm. The thus-prepared monomer mixture was
pump-fed to the polymerization reactor at a rate of 27
kg/Hr.

The above-mgntioned initiator solution and
monomer mixture were fed to the bottom of the

15 polymerization reactor and continuously polymerized under
the following conditions: average residence time = 20
min. (this value was calculated assuming that each of the
specific gravities of the initiator solution, of the
monomer mixture and of the liquid polymer ccmposition

20 (syrup) is 1.), reactor internal temperature and jacket
temperature = 160.i 2°C and reactor internal pressure =
16 kg/cmz. The stirring bower was 5.6 KW/m3.

The resultant liquid polymer composition
(syrup) was withdrawn from the top of the reactor and fed

25 to the heater.
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conversiron factor for a react on tenperature increase per wei ght % of
conversion and 1.81 is the conversion factor 25 for a t ey ETaL, HAS BEEN
i ncrease per kWnferr] of stirring power. ; QHLJ~gé€T

B : =PLACED
- 15- The nononer to be fed to the polyneruzaLLaﬁt? :
reactor need not be limted to a-fresh nononmer, but may be an
adj ust ed conposition containing the recovered unr eact ed nononer (s).
-30-

In the heater, the liquid polymer composition
(syrup) was heated to 200°C by circulat%Pg a heating
medium through the jacket. The heated composition
(syrup) was then fed to the devolatilizing extruder.

S With the vents of the devolatilizing extruder
set to a reduced pressure and the cylinder temperature
set to about 250°C, the liquid polymer composition
{syrup) was extruded, and the volatile fraction composed
predomin?ntly of the unreacted monomers was withdrawn

10 from the vents and fed to the dqwnstream monomer recovery
column. The polymer melt was extruded in a strand form,
cooled with water and cut to obtain polymer pellets in an
average yield of 13.5 kg/Hr. This means that the
conversion at this stage was about 45%.

15 The volatile fraction emerging from the
devolatilizing extruder was fed to the monomer recovery
column where it was continuously distilled using a reflux
ratio of 1. The distillate from the top of the monomer
recovery column was recycled to the monomer-preparation

20 tank.

The above operation was continued for 6
consecutive months and the polymerization reaction was
then terminated.

One kilogram of the polymer was sampled every

25 week from the beginning of polymerization and the samples
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5 - . To preclude the influence of dissolved oxygen in the

preparation of the nononer, it is conventionally afals ,
bubbl e an inert gas through the nononer preparat% IS BKEBT HAS BEEN
decrease the nononer under deconpression in orderjito reEARACGHESOl véd
oxygen 10 therefrom However, the process of this i’ i €

not require such a procedure in a strict sense, and the - desired

pol yneri zation can be carried out in a stable manner even if the

di ssotved oxygen |level in the nononer -35-.about 1.5 - 3 ppm 15

For the purpose of renoving inpurities before I nt roduci ng the

prepar ed nononer Wesssd mintegl ttogertbecst. or The mixtute waoeyaduatetihe Inventi on
may include the prelimnary step of passing the nononer feed through

a filter before additign. ddecipedyrerinpsioncrer@kdnvasTidspsseabled andt he

inspected. The results of the evaluation are shown in

Table 2.
5 Examples 2-5
The procedure of Example 1 was repeated with
the exception of using the conditions shown in Table'l.
The results are shown in Table 2.

Comparison Example 1

10 The procedure of Example 1 was repeated except
that the temperature of the monomer feed was 40°C and the
jacket temperature was 122°C (reactor internal
temperature was 160 °C).

One kilogram of the polymer was sampled every

15 week from the beginning of polymerization and mixed
together. The mixture was evaluated. The results are
shown in Table 2.

On day 15 after the start of operation, the
stirring power showed a sudden increase and, therefore,

20 the reaction was terminated. The reactor was
disassenbled and inspected. Grown polymer deposit was
found on the ihternal wall. The reduced viscosity of the
polymer deposited on the reactor wall was 0.97.

Example 6

25 The initiator dissolution tank was charged with
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20 - proper

mesh size, and this is especially desirable when th

product polyner is intended for use as an optical mafer
The average residence tinme is about 15 m nutes to ab u1H§5ﬁé [ RCED
preferably about 20 m nutes to about 25 1.5 hours. . :
average residence tine is defined by the foll ow ng equati on.

’ -32-

10

15

20

25

MMA and, as final concentrations, 1 weight % of MA, 0.19
weight % of AIBN and 0.235 weight ¥ of OM, and the charge
was stirred until AIBN was completely dissolved to
provide an initiator solution. The internal temperature
of the initiator dissolﬁtion tank was maintained at 5°C
by circulating a cooling medium thrbugh the jacket.

Thé initiator solution thus prepared was pump-
fed to the polymerization reactor at a rate of 2.0 kg/Hr.

The monomer preparation'taﬁk was continuously
fed with MMA and, as final concentrations, 1 weight % of
MA and 0.235 weight % of OM, and the temperature was set
at -5°C.

Nitrogen gas was introduced into the monomer
preparatidn tank, and the concentration of dissolved
oxygen in the monomer mixture fed to the polymerization
reactor was 1.8-2.7 ppm. The monomer mixture thus
prepared was pump-fed to the reactor at a rate of 18
kg/Hr .

The above-mentioned initiator solution and
monomer mixture were fed to the bottom of the
polymerization reactor and continuously polymerized under
the following conditions: average residence time = 30
min. (this value was calculated assuming that each of the
specific gravities of the initliator solution, of the

monomer mixture and of the liquid polymer composition
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-1« . [err] = VIF wherein [err] is

time in mnute, -V- is a capacity of the reactor i Iﬁ,ﬂ%ggEgﬁqj{A ggﬁ.\g..
mononer feed rate in litres/mnute. In the inventioh, theusRe@edcCc S/
gravity of the nononmer or nononer m xture and the S

t he pol yner conposition (syrup) are usually in the nelghborhood of 1,
and therefore can substantially reasonably be assuned.to be 1 for
calculating the average residence tine [err]. If the 10 resi dence tine

I s extessively prolonged, the formation of dimers, trinmers and ot her
oligonmers is increased. This detracts tromthe heat residence of the
resul ting E&Qq&; ve ST e C r by

adj usting the rmﬁ(roner feei s 6)r atrr%gggéfu%lt time ! % ciFe Rhl:ﬁgt

temperature = 150 * 2°C and reactor internal pressure =
16 kg/cmz. The stirring poﬁer was 5.8 lems.
The resultant liquid polymer composition

5 {syrup) was withdrawn from the top of the reactor and fed
to the heater. The subsequent procedures were conducted
in the same manner as the corresponding procedures _
described in Example 1, thereby giving polymer pellets in
an average yield of 9.8 kg/Hr. This means that the

10 conversion at this stage was about 49%.

The opefation.under the above conditions was
continued for 3 days and, then, the feeding rate of the
initiator solution was increased to 2.4 kg/Hr.

As the internal temperature of the reactor rose

15 by degrees, the jacket temperature was also raised as
much. After 2 hours, both the reactor internal
temperature and the jacket temperature became steady at

-

160°C. There was no change in stirring power during the
intervening period.

20 The operation under the above conditions was
continued for one day, during which polymer pellets were
obtained in an average yield of 10.4 kg/Hr. This means
that the conversion at this stage was about 52%.

The feeding rate of the initiator solution was

25 then returned to 2.0 kg/Hxr. As a consequence, the
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15 . - The radical initiator for use in the procegsTol sHEET HARBEEN

present invention is not limted in type, but ) pr ef efjabl y ReEPLAGED

life at the polynerization tenperature i s not in excessHi—I—mrnote
and is nore preferably in the range of 0.01 second to 1 mnute. 20
Any radical initiator with a half Iife of over 1 mnute is

undesi rabl e because the reaction rate wl|l t hen be | ow

The rél ati onship between the tenperature and the half life of the

radical initiator can be found in 25 thed4terature on respective
initiators and technical

internal temperature of the reactor dropped gradually.
Therefore, the jacket temperature was also lowered
gradually at the same rate. After about 1.5 hours, both
the reactor internal temperature and the jacket

5 temperature became steady at ISO;C, There was nc change
in stirriqg power during the inter&ening period.

The operation under the above conditions was
continued for one day and_polymer pellets were obtaiped.
in an average yield of 9.8 kg/Hr. This means that the

10 conversion at this stage was about 49%.

Thus, even when the initiator feeding rate was
altered, the polymerization reaction changed smoothly and
when the initial conditions were restored, the
polymerization reaction was also brought back to the

15 initial state with good reproducibility.

Comparison Example 2

The operation under the initial conditions used
in Example 6 was continued for 3 days, after whiéh the
feeding rate of the initiator solution was similarly

20 increased to 2.4 kg/Hr.

Then, .as the internal temperature of the poly-
merization reactor increased gradually, the jacket:
temperature was progressively lowered so as to maintain
the reactor internal temperature at 150°C.

25 "About 2 hours after the change of the initiator
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-17Z- . bulletins published by the manufacturers.
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Lms SHEET HABISEEN

speci fication and clains, the literature relied on for |pzo CoERLACED
is "Azo Polynerlzatlon Initiators" published by O suka CRefrear—5
Company, Ltd. and that for organic peroxides is "Product Brochure
(Organi c Peroxides)" published by Sanken Chem cal Co., Ltd.

The radical initiator which can be used I ncl udes azo conpounds such as

azobi 8i sobutyronitrile, 10 azobi sdi net hyl val eronitrile,
azobisscycl ohexanecarbonitrile, 1,1 '-azobi s{ds-acet oxy-1-
phenyl et hane), dinmethyl 2,2'-azobisisobutyrate, 4,4'-

feeding rate, the internal temperature of the reactor

became 150°C and the jacket temperature became 100°C.
Then, the stirrer suddenly stopped due to an overload.
Therefore, the feeding of the monomer and initiator
5 solution was immediately stopped'tp terminate the
reaction.
The abbreviations used in Tab}e 1 have the_
. following meanings.
. AIBN:‘ azobisisobutyronitrile
10 . TMBP: 1,1,3,3-tetramethylbutyl peroxyisopropyl
monocarbonate
« BPIC: t-butyl peroxyisopropylcarbonate
« MA: methyl acrylate
« EA: ethyl acrylate

15 « t: half-life at polymerization temperature
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azobi s- 4-cyanoval eric acid, dinethyl

2,2' -azobi s( 2-

met hyl propi onate), etc., and organi c peroxides such as 15 Fenzoyd; w&“;
peroxi de, |auroyl peroxide, acetyl peroxide, capryl vyl Fépﬂgﬁ ;2£2§255t i
2, 4-di chl orobenzoyl peroxide, isobutyl per oxi de, ! rd

acetyl cycl ohexyl sul f onyl
per oxy: 2- et hyl hexanoat e,

per oxi de, t

- but yl
i sopropyl _ggeroxydi carbonat e; isobutyl
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per oxydi carbonate, 20 sec- butyl peroxydi carbonate, n-butyl
per oxydi car bonat e, :  2-ethyl hexyl peroxydi carbonate,
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tenperatune. 10

suitably sel ected according to the
radi cal
the desired
attai ned. Conversely when the initiator concentration is
possess
ni tiator

the concentrati on of the
defined by .15 rel ation

the resul ting pol yrer will
The concentrati on of the
based. on the nononer feed.
fed to the react or
preferable that the concen
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e
digssol vepl 9

The concentration C of the radical initiator
(nol /100 g nononer) for use in the process of this

tration

Depoéit Output

Homo -

Yellowness
index

MFR

Example

Table 1 (contihued)

geneity

_kg/Lehr

Reduced

Yes/No viscosity

(¥YI)

i ni

1§ U, f

1981

1 §

I~

A

1.35

No

0.40

o

§h

o
A

0.70

No

0042

15.0

af orement i oned
Bhator i's bel owLt
onversion wll

| &l £y @ | th
eﬁa ‘Sf g4 0.
gT qadicali
eznoﬁ)ﬁ )
(Vo] \O (Vo)
A A A
< ~
mjojiN
o -
{ .| 1
O 0 0
Z 1 Z =
olo|o
— ©
< | o[
o o
NN A
N - o™
o
o
/3]
o0
oo~
o
™ <t n & E
E a
0 X
Oom
This Sheet Has Been R

R

| Lﬂ%ﬁ%ﬁ 15 PN

he

not be
too high,
ernmpl stability.
g%-l wei ght %
ng ator is usually
It is
wn
-3
n
(&3]
~{
o~
(o)}
(&)
0
@
5t
m
o
<y
o
(@]
o~
—

i



t he.r adixcal

ry is wthin the 2 .
satisfying the foIIo !‘Qﬁ@ﬂﬂe ﬂﬂo%ﬁgETHASBEEN i
- 19- 4x|0[err*exp <3C.[err] < 3x10] err] expl0. 03FFPLACED H

where [err] and T are as defined hereinbefore. I'n
t he bul k pol ynerization according to this - 33 -invention, the selection of

5 according to th%.above descrlptlon | eads to the

(2)

the reaction conditions

sel f -

)

10

15

20

25

|n|t|at0r

V

1. A process for producing a methacrylate polymer
composition having a polymer content of 40-70% by weight,
which process comprises continuously polymerising a monomer
feed composed predominantly of methyl methacrylate in a bulk
polymerisation reactor of the complete wmixing tyoe, the
reactor being substantially full up with the polymer
composition and being maintained 'in a thermzlly insulated
state, at a polymerization temperature of from 120 to 180°C
with an average residence time of 15 minutes to 2 hours,
using a radical initiator which has a half-life of not more
than 1 minute at the polymerization temperature at a
concentration C {mol/100 g monomer) which satisfies the

following relation:

4x10°5.exp(0.019T) < C.6 < 3x10°%.exp(0.079T) (1)

wherein O is the average residence time (minutes) and T is

the polymerization temperature (°C}.

2, A process according to claim 1, wherein the
concentration of the radical initiator C (mol/100 g monomer)
satisfies the following relatidn:

4x10°°.exp(0.19T) < C.O <3x10%.exp(0.034T)
wherein O and T are as defined in claim 1.

3. A process according to claim 1 or 2, wherein the
monomer feed comprises from 70-100% by weight of methyl
methacrylate and from 0-30% by weight of a vinyl monomer or
of a blend of two or more vinyl monomers, the vinyl monomer

or monomers being copolymerizable with methyl methacrylate.
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consconty Troart s {3vor oot CINIHEEHIT ne porv5er”

General ly, the gel effect devél ops ¢n#a sl0x solution

(nmononer/ pol ymer/ (sol vent)) having a fairly high po

Thus, when the pol yner content is high, he viscosity of the solution
is high and therefore the nmobi lity of t R polyner radicals is
decreased with the efWloddlal SR8 ROKYMES | 23} IR LR 81kt | IV STSE
because 15 t he tern1nat|o reaction cannot readily occ

Therefore a runavweyekeadft tRd fLidSt Antakeop! 86fpeddture and%ﬂ@rréacb@@' d
this uncontrollable reaction, it has conventionally been necessary to

control the resi demterior wall nEmpegaturenatenpertatalrledasdchathaialthe
initiator 20 concentration_very el aborately.
temperature difference between them is no more than about
5 5°C.
5. A process according to any one of the preceding

claims, wherein the polymerization temperaturec is from 130

to 170°C.
6. A process according to any one of the preceding
10 claims, wherein the average residence time is from 20

minutes to 1.5 hours.

7. A process according to any one of the precediﬁg
claims, wherein the stirring power in the reactor is from
0.5 to 20 kW/m*.

15 8. A process according to any one of the preceding
claims, wherein. the pressure within the reactor is from 10
to 20 kg/cm?.

9. A process according to any one of the preceding
claims, wherein the radical initiator is used in an amount

20 of 0.001 to 1 % by weight based on the monomer feed.

10. A process according to any one of the preceding
claims, wherein a chain transfer agent is used.

11. A process according to claim 10, wherein the chain
transfer agent is a mercaptan.

25 12. A process according to claim 11, wherein the
mercaptan is used in an amount of 0.01 to 3 parts by weight
per 100 parts by weight of the monomer or meonomer mixture.

13. A process according to any one of the preceding

This Sheet Has Been R laced
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However., in the process of uch ar ”ﬁl’;\%ysfﬁ'%afcﬁl@éiztﬁ |
i nhi bi t ed by sinply conduct1 mltHMIm”Irﬂ rerEI’I zation il SuChrgpROES' L
fferen -

=1s)
that there is subst ant4 alcl yLnonteﬂpe«ra ure di

interior and exterior of the reactor to establish a

- 20- thermally insulated state with suhgtantially no exchange

of heat with the external environnment. The
claims which includes the preliminary step of passing the

monomer feed through a filter before introducing it into the
reactor.
14. A process according to any one of the preceding
5 claims which further comprises continuously withdrawing the
polymer composition from the reaction zone and, optionally,
continuously removing volatile compdpents from the withdrawn
polymer composition.
15. A methacrylate polymer composition whenever
10 produced by a process as claimed in any one of claims 1 to
14.
16. A continuous bulk polymerization process for
producing a methacrylate polymer composition having a
methacrylate polymer content of from 40-70% by weight, the
is process being substantially as hereinbefore described in any

one of Examples 1 to 5.
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polynmeri zation therefore proceeds in a stable nanner. Thus
even if a transient increase in the 5 evolution of heat r -ﬁﬂ%§“@ngASBEE !
i nternal tenperature of the reactor, the tenperature U hegept ATEDr &
wal | of the reactor is also increased accordingly so

viscosity of the reaction mxture is lowered with the result that the
mobility of the polymer radicals is 10 incréased to enable the

term nation reaction to occur frequently. Therefore, the total

pol yneri zation rate is | ower ed and t#ﬁ?ﬁgﬁﬁ%nion of heat is reduced

to lgwer the - tenperature, thus resulting in a conversion conensurate
with the concentration of the radical initiator, thus 15 devel opi ng said

seILlcontroI function. PROCESS FOR PRODU&&I@NCOR§QQQQK@K¥LAQEP®6§kﬁﬁﬁ§t|y
stabl e

5 A process for producing a methacrylate polymer
composition having a polymer content of 40-70% by weight
comprises continuously polymerising é monomer feed composed
predominantly of methyl methacrylate in a bulk |
polymerization reactor of the complete mixing type, the

10 reactdr being substaﬁtially full up with the polymer
composition and being maintained in a thermally insulated
state, at a polymerization temperature of 120-180°C with an
average residence time of 15 minutes to 2 hours using a
radical initiator having a half-life of not more than 1

15 minute at the polymerization temperature, at a concentration
C (mol/100 g monomer) which satisfies the following
relation:

4x10°.exp (0.019T) < C.O < 3x10°°.exp(0.079T)
wherein © is the average residence time in minutes and T is

20 the polymerization temperature in °C.
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polymer zation reaction can be carried out even if ext mnasSHEETHNSBEtN
di st ur bances such as fluctuation in the di ssol ved oxyggn | eVREPHAD
nonomer occur. 20 The conversion fromthe nonone e
pol ynmer in the reactor is 40-70 weight % Because the content of
the reactor is maiintained in a substantlaIPY per fect m xi ng state,
this conversion corresponds to the polyne content of the syrup
energi'ng out of the reactor. That 25 is to say, the conversion is equal
to the concentrathon 1 ; 3

h | |

l , P

Initiator dissolution tank Monomexr preparation tank

vy

Polymerization reactor

a /\/w

Heater

/
5 -<=———{Devolatilizing extruder|

b T~
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Monomer recovery columnj{——=>6
"re- 5’73
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- 210 of the polyner in the s e frer—convershkon.——
means not only higher product'VHkyQHEHEHaﬁﬁﬁﬁNn-reas  RERLNOEMENT SHEET
t he reaction system and req

s 2.2 PER 1997

...........

On the other hand, the lower the c

unr eact ed nononer recovery | oad. The reactt

ment i oned her ei nbefore can be readily selected by one skilled in the
art. For exanpl e, the concentration ef-the radical initiator and 10
t he amount of the nononmer feed to be introduced |nto t he reactor may
be cal cul ated as f ol PRHEESS FOR PRODUCTION (g MENEZ BATE BPLYMERS | yner to
be produced Is predeterm ned, a target for the residence tine [err]
and a

This invention relates to a continuous process
5 for producing methacrylate polymers in the manner of bulk

polymerization.

Methacrylate polymers are used in a broad range

of molding applications by taking advantage of their

10 characteristically high clarity, gloss surface hardness,
weather resistance and mechanical properties. Recently,
these polymers have come to be used in large quantities
in optical applications, e.g. optical disk subsfrates and
optical devices such as Fresnel and lenticular lenses,

15 among others.

For a commercial-scale production of such
methacrylate polymers, suspension polymerization, bulk
polymerization and solution polymerization techniques are
known. The bulk polymerization method, for instance,

20 includes the time-honored versions representeé by the
cell casting process wherein a monomer is polymerized in
a cell or mold to give a resin of the desired shape, e.g-
in the form of a plate, in one operation.

Recently, for the productidn of molding

25 materials, processes have been proposed which comprisc
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target for the polynmer content in the syrup are selected,, -1&5=—=and=the--

target polymerization tenperature is selected Thenj] tREPLASEYENTt SHEE | ﬂ
range of the nononer feed is rought il accog ding l
(3) using the above pol yne Tébm@ﬂEETdﬁnﬁﬁﬁﬁﬁN | ymer {{ Zat éﬁﬁgbw .
t enper at ure val ues and furtgiher uBERHACHE stlr ing p ]
is 20 roughly assessed fromt ITes ereafter, the

concentration range of the radical |n|t|ator i's cal cul at ed accordi ng
to relation (1). So far as thg radical initiator
concentration Is within said range cal cul ated according to relation

(1) 25 and thepFS@sdMg i &aRlp Totadmling! bY pblghbAt 84 a predetermined

concentration in the manner of bulk polymerization, and
then evaporating off the unreacted monomer in the syrup
to provide the desired polymer.

5 By way of illustration, Japanese Unexamined
Patent Publication (Kokai) No. 54-74889 describes a
process employing a thorough mixing type reactor
(complete mixing type reactor) wherein methyl
methacrylate monomer is bulk-polymerized at a temperature

10 of 160-200°C with the gas phese being controlled at 30%
or less relative to the total volume of the reaction
zone.

Japanese Examined Patent Publication (Kokoku)
No. 52-32665 discloses a process for producing a

is methacrylate molding material by continuous bulk
polymerization of methyl methacrylate, wherein a
mercaptan is used at a concentration of 0.01~1.0 mole %,
the type and amount of the radical polymerization
initiator in the monomer are set within a range

20 satisfying a certain relation with the half-life of said
initiator at a polymerization temperature, and the
polymerization reaction is carried out at a temperature
within the range of 130-160°C while maintaining the
polymer content at a level equal to or below the upper

25 limit value, the upper limit value being derived from a
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-22- thermally, the reaction would never run away or becone

uncontrol |l able. However, it is generally preferable to ] 0]
conduct the reaction as follows. First, the radi cal i 'ﬁ%g;%?&ggNT§HEET
at approxi mately the | owest 5 level f nc n rat| r;szgm?
Then, with an increase in the i 3Hﬂ%5“?§ﬁﬁé§ﬁﬁ§1”e (o1 A
tenperature is correspondi ngly el evat t o MERMAMER t he state of
thermal insulation until the tenperaturé reaches an equilibrium

state. The initiator concentration is 10 adj.usted so as to achi eve an
equilibriumat the target

function of said polymerization temperature.
Japanese Examined Patent Publication (Kokoku)
No. H2-26642 also discloses a process for producing a
methacrylate resin by bulk polymerization wherein the
5 type and amount of the radical initiator used are
controlled within the range satisfying a certain relation
with the half-life thereof at a polymerization tempera-
ture aﬁd the'polymerization reaction is conducted at 160-
200°C while the viscosity of the reaction system at the
10 polymerization temperature is maintained at 10-500
poises.
Japanese Unexamined Patent Publication (Kokai)
.No. H3-111408 discloses a process for producing a
methacrylate polymer from a monomer mixture composed
15 predominantly of methyl methacrylate using a thorough-
mixing type reactor wherein an inert gas is first bubbled
throﬁgh the monomer to'reduce the dissolved oxygen level
in the-monomer to 1 ppm or less and the polymerization
reaction is carried out in the presence of a radical
20 initiator having a half life of 0.5-120 seconds at a
polymerization temperature with stirring using a stirrer
providing for a stirring power of 0.5-20 kW péi m3 of the
reaction mixture in such a manner that the ratio of half
life of the radical initiator to average residence time

25 will be 1/200 to 1/10,000 and that the conversion will be
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tenperature. VWen the anmobunt of the polymer that is produced does not

reach the predeternined | evel, the anount thereof can-6€ bUIL[UL+§% eT
by adj usting the initiator concentration within the H#pBFRLAY E
In order to control the nol ecul ar wei ght of the pr odugit poI2¢§m&8'ﬁQ7
chain transfer agent may be used. This is, for instangeDalg e

conventional nonofunctional or . pol yfunctional chain trdnsrer agent .
The chain transfer agent that can be used 20 includes nmercaptans, for

i nstance al kyl ner capt ans such as propyl_grercaptan, butyl nercaptan,
hexyl mercaptan, octyl mer capt an, 2-ethyl hexyl nercaptan, dodecyl
mer capt an, e45- 700 AR HenPRreiRkans£sug0-asopoenyl nercapt an,

t hi ocresol, etc.; mercaptans containing not nore than 18

In these processes, heat of polymerization and
heat of agitatidh are removed from the reactor.

Moreover, in any of these processes, the

5 polymer yield per unit reactor capacity per unit hour is,
according to the descriptions in the working examples
thereof, about 0.1 kg/LeHr at best. In this
specification, "L" means "liter" and "Hr" means “hour"™.

In the conventional bulk polymerization of a

10 monomer feed composed predominantly of methyl
methacrylate in a vessel-type reactor to prov1de a syrup,
the evolved heat of polymerlzatlon and heat of agitation
.are removed by a method utilizing heat transfer, a method
utilizing the latent heat of evaporation of the monomer,

15 a method using the sensible heat of the monomer, or any
combination of these.

Among these techniques, the method utilizing
heat transfer includes a method of cooling with the
reactor jacket, method of cooling with a heat exchanger

20 installed within the reactor, and method of cooling with
an external heat exchanger through which the reaction
mixture is circulated.

With this method utilizing heat transfer, a
stagnant liquid film, which is a polymer £film, forms and

25 builds up deposit on the cooling surface to reduce the
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25, carbon atons, such as ethyl enethioglycol, and t hi g#gﬁg&@gﬁﬁﬁTSﬁﬁﬁT
- 23 - mer capt opropi oni ¢ esters of polyhydrlc al cohol g} such as

et hyl ene gl ycol, neopentyl glycol,

t [rrrEthykal-prapan
pentaerythritol, dlpentaerythrltol if?ﬂ@ﬁ%ﬁﬁmyyﬂg££§g~7
5 Al so, 1,4-di hydronapht hial ene, RERIMCES-
tetrahydronaphthalene [err]-terpinene; [4-

cycl ohexadi ene, a-nethyl styrene di ner, hydrogen sulfide,
-5-

22.F E, g8.191.....

efficiency of heat removal, thereby interfering with the
reaction temperature control and further causing the '
impellexr blades to come into contact with the polymer
deposit grown within the reactor so that a long-term

5 stable production run becomes difficult.

Furthermore, said polymer film is exfoliated
and contaminates the reaction system, leading to
production of inhomogeneous methacrylate polymer.

With the method utilizing the latent heat of

10 evaporation of the ﬁonomer, it is essential to provide a
gas phasé within the reactor so as to permit vaporization
of the monomer, ané a fairly large amount of polymer
deposit is formed on the reactor wall corresponding to
the gas phase and the interface between the gas phase and

15 the liquid phase, and these deposits tend to come Off,
resulting in inhomogeneity of the product mefhacrylate
polymer. |

In addition, the polymerization conditions'
described in the above Japanese Examined Patent

20 Publications (Kokoku) Nos. 52-32665 and H2-26642 and
Japanese Unexamined Patent Publication (Kokai) No. H3-
111408 utilize the development of the so-called self-
accelérating effect (gel effect) of the polymerization
reaction. Such polymerization reactions tend to be

25 easily affected by extrinsic disturbances such as the

This Sheet Has Been
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etc, can |likew se be enpl oyed. 3
singly or at least 2 10 of themmay be used in comnbi
The anobunt of such chain transfer i tih di T ferpenfRkKEBdS
agents but taking a mercaptan as !~n“§%H%E¢Wpﬁ£BEENI : POty is

typically 0.01 to 3 parts by wei ghtgpeprden ably
wei ght, per 15 100 parts by wei ght=gf—therorore] nonomer m xture.

The above range is recommended because the '-bhanical properties of the

pol ymer are nofegdyversel eafdfl%%(i@eéngxygenapﬂ-_!ééﬁ&'ﬁ(‘téﬁé mo%m@?atamon
stability of the polyner

'S I'n one aspec? of
the invention dtReps pcAS that s‘dpmbeacaaaﬁrcsasran%f NhketS | demaadigw ng

t he pol yner conposition fromthe reaction zone and, optionally,
necessary for constantly conducting a stable polymerization

reaction for a long period of time.

It is theréfore an object of this invention to
provide a process for producing a wmethacrylate .polywer,
which is capable of achieving a higﬁ.conversion even when
the monomer residence time in the reactor is short, and
therefore capable of achieving a high polymer yield per unit
10

reactor volume, namely high productivity, and by which

polymer type or grade is easily changed with a reduced

amount of carryovers.

It is a further object of this invention to
provide a process for producing a methacrylate polymer which
15 can provide for stable polymerization even in the presence
of extrinsic disturbing factors such as the effect of
dissolved oxygen in the wonomer, which can remarkably

suppress oligomer formation, which involves substantially no

formation of deposit on the reactor wall even in a long

20 production run and which can give a homogeneous methacrylate

polymer.

The invention accordingly provides a process for
producing a methacrylate polymer composition having a

polymer content of 40-70% by weight, which process comprises

25 continuously polymerising a monomer feed composed

predominantly of methyl methacrylate in a bulk

polymerisation reactor of the complete mixing type, the

reactor being substantially full up with the polymer

————
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continuously renoving volatile conmponents fromthe W t
The syrup withdrawn from 25 the reactor is pr
required, to evaporate off the volatile matter which

conposi tion.

conposed of

For this transfer of the syrup,

i's suitable,

10

i5

20

25

RERDADBMENEISHEET
heat

el i,
peeddra iR 99T
unreact ed nmononer, |eaving the desired pol

the method - 72 -described in JP- B- H4- 48802
composition and being maintained in a thermaifs-insulated
state, at a polymerization temperature of from 120 to 180°C
with an average residence time of 15 minutes to 2 hours,
using a radical initiator which has a half-life of not more
than 1 minute at the polymerization temperature at a
concentration C (mol/100 g monomer) which satisfies the
following rélation: . .

4x104.ekp(0.019T) < C.0 < 3x10®.exp(0.079T) (1)
wherein O is the average residence time (minutes) and T is
the polymerization téﬁperature {°Cc) .

In one embodiment the process further comprises
continuously withdrawing the polymer composition from the
reaction zone and, optionally, continuously removing
volatile components from.the withdrawn polymer composition.

The principal features of the process and its
operation are therefore as follows:

‘ {i} the reactor.is substaﬁtially full up with the

polymer composition,

(ii) the reactor is maintained in a thermally insulated
state,

(iii) the polymerization is conducted at a
polymerization temperature in the range of 120 to 180°C,

{(iv) the average residence time is maintained in the
range of 15 minutes to 2 hburs,

(v} a radical initiator having a half-life of not more
than 1 minute at the polymerization temperature is used, and

(vi) the radical initiator is .adjusted to a

concentration € {mol/100 g monomer) satisfying the following



The technique for separation of the volatile mat t er {{ITIch udes —the -
net hod enpl oyi ng a devol atilizing extruder, and t hel KHERMACEXERT, ‘
described in JP-B-51- 29914 and JP-B-52-17555, JP-AiH -5?6234.',5(9 1997 )
JP- A-62-89710 and JP- A-H3- 49925, anong others, can AR TIFzed: L
The unreacted nononer thus separated can be gl0 reused as the fTeed '
nononmer for polynerization. In this connection, the
i mpurities cont aieled diom: t he unreacted nononer, such as conpounds
cont am nat ed or by-produced in the rainorrer npnuf acturin

rs t

processes, t he &P s @ Pt dThng Sther Bi%o °aﬂ89?ﬁe resi dudl15
(deconposi tion prt?eﬁ%%) teﬁfé:etplilgs{aﬁg%] g%%xll%'rx%ts(lﬁence 1@t ang T

progressively, whe esu
represents polymerization temperature (°C).

5 Reference to the reactor being *substantially full
up with the polymer composition" means that there is
substantially no gas phase present in the reactor.

Reference to the reactor being *maintained in a
thermally insulated state" wmeans that there is substantially

10 no exchange of heat with the external environment.



wil.l be colored. It is therefore recommended to renove

g%gﬁ%i’\dgmet?ﬂam

by distillation or adsorption as discl osed i n JP-B-54-

According to the invention, as applied to the producti oh rof. P 2 EEB 1997
met hacryl at e pol yner by the contin meri zation-of g " T
nononer feed conposed pr edoni, nafts BT mag kykyniet hacryl ate in a

La | oh§

rization run can be

t horough mxing 25 type reactor PLecCabpol y

-g-
The polymer composition means the content
present in the bulk polymerization reaction system of the
invention, and domprises a methacrylate polymer formed by
the bulk polymerization and fed or unreacted monomer or
S5 -monomer mixture, the methacrylate polymer being present
in an amount of 40-70 % by weight based on the total
weight of the composition;
Said polymer composition is sometimes referred
to as "liguid polymer composition", "syrup" or
10 "polymerization mixture" in the description that follows.
The term "monomer feed composed predominantly
of methyl methacrylate" as used throughout this
. specification and claims appended thereto means methyl
methacrylate as such or a mixture of at least 70 weight
15 %, preferably at least 80 weight %, of methyl
methacrylate and up to 30 weight %, preferably up to 20
weight %, of at least one of other vinyl monomers
copolymerizable with methyl methacrylate.
Said other vinyl monomers copolymerizable with
20 methyl methacrylate includes, for example, other esters
of methadrylic acid such as ethyl methacrylate, propyl
methacrylate, butyl methacrylate, benzyl methacrylate,
cyclohexyl methacrylate, etc.; esters of acrylic acid
such as methyl acrylate, ethyl acrylate, propyl acrylate,

25 butyl acrylate, 2-ethylhexyl acrylate, etc.; unsaturated

This Sheet Has Been Re ﬁ
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- 26- ' C recovered nononers to be recycled The

follow ng are generalized descriptions of the main e

t he Exanples which follow. atathi on t ﬁﬁgg ébﬁ%%?§ﬁﬁtT
SUS304, equipped 5 wi | hrmsmemm&m r an alla(ﬂ(&t FEB 1997
Initiator dissolution tank: 10L, Dale =ouveeyppegopegee
paddl e agitator and a j acket Simaiic eact or. TOL, SUS304,
equi pped with a doubl e heli cal r|bbon bl ade stirrer (250

rpm 10 and a j acket Hagter: 16.7 nmm (i nside

di aneter) x 3m (long), equi pped with a jacket

Devol ati|izing extatibekylfctatids camdv entiyditidfes thereof, such as acrylic
acid, methacrflic acid, maleic acid, itaconic acig,
maleic anhydridé, itaconic anhydride, etc.; hydroxy
group-containing monomers such as 2-hydroxyethyl

5 acrylate, 2-hydroxypropyl acrylate, monoglyceryl
acrylate, 2-hydroxyethyl methacrylate, hydroxypropyl
methacrylate, monoglyceryl methacrylate, etc.; nitrogen-
containing monomers such as acrylamide, methacrylamide,
acrylonitrile, methacrylonitrile, diacetone acrylamide,

10 dimethylaminoethyl methacrylate, etc.; and epoxy group-
containing monomers such as allyl glycidyl ether,
glycidyl acrylate, glycidyl methacrylate, etc., and
. styrenic monomers such as styrene, a-methylstyrene and so
on.
15 In the present invention, the bulk
polymerization is conducted in a continuous manner.

The polymerization reactor to be used in the
practice of this invention is a vessel type reactor
-equipped with a stirring means. The stirring means just

20 mentioned is one capable of achieving a complete mixing
of the liquid contents within the reaction'vessel. The
shape of the stirrer blade that can be adopted is not
particularly limited so far as it achieves perfect
mixing. éxamples thereof include Max Blend blade

25 (tradename; product of Sumitomo Heavy Industries, Ltd.),

This Sheet Has Been Rer
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(TEX-30) manufactured by The Japan Steel Wrks, 15

Co IIQ

(different direction rotating type, Scr eV GERIRCENMERS SNBET
cylinder length 1200 m n), eqU|pped W th

ne r d
3 front vents Mononer hecuvet§%;ﬁ+ mm (i Qa@eﬁgiéﬁ§€ ...........
3m (1 ong), SUS304, 9.53 mm (3/8jji fich)>-EEE HARHBEEN

ri ng- packed colum, concentrati @n Daf@EPLACED Iength 0 7 m
recovering part length 0.3 m D ssol ved oxygen concentration
meter: DO Meter UC 12- SOL manuf actured by Central Kagaku

Co., Ltd. The net hods used for the evaluation of product
paddle blade, double helical ribbon blade, MIG

{Mehrstufen-Impuls—-Gegenstomruehrer) blade, Fullzone
blade (tradename; product of Shinko Pantec Co., Ltd.),
etc. .

5 For enhanced stirring effects, it is preferable
to install one or more baffles.

Néedless to say, the stirring efficiency is
preferably as high as possible, but the use of a sti*ring
power greater than necessary should be a&oided, since it

10 would only contribute to accumulate additional heat in
the reaction vessel.

For this reason, the stirring power is usually
in the 'range of about 0.5 to 20 kW/ms, preferably 1 to 15
kW/ms. As the viscosity of the reaction mixture, i.e.,

15 the polymer content therein, increases, the stirring
power is usually increased.

The interior of the reaction vessel is filled
up, leaving substantially no gas phaée. This absence of
gas phase prevents the formation and buildup of the

20 polymer deposit on the reactor internal wall surface
corresponding to the gas phase and gas-liquid interface
which would otherwise exist, and consequently
deterioration of the product polymer quality due to
contamination with such deposit is prevented.

25 Furthermore, the full capacity of the reactor

This Sheet Has Been
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-27- pol ymers were as foll ows. Yel | owness i ndex::'w
nm ext r uder ‘equi pped with a T-di e (manuf act ur gp BEFLARRMENT SHEET

Pl astics Machi nery Co., Ltd.), the polynmer was}extr
into a flat plate at 250[err] C and pas Beto - 2.2-FER.1997...

3-rol l er polishing equipnment at about S‘F(T[”‘é? 3;@% %AS BEEN provi ae
a 3 mMmthick plate. Fromthis extruded Y EPLACED | §te, square-shaped

specinens (5 cmx 5 cnm wer e taken and 'yel | owness -i ndex
(Yl) of each 10 speci nen was gfégrrrined using the SzZ-[err] 80

can be utilized with the result that the productivity
increases.

The ﬁost expedient method for filling up the
reactor is to dispose the reaction mixture outlet at the

5 highest part of the reactor. For ensuring that no
monomer gas be evolved in the reactor, the internal
pressure of the reactor is set above the vapor pressure
thereof at a temperature of the reaction system. This
pressure is generally about 10-20 kg/cmz.

i0 In the practice of this invention, the reactor
is kept substantially insulated thermally so that there
will be no exchange of heat between the reactor interior
and the external atmosphere. In other words, the reactor
exterior wall is maintained at a temperature which is -

15 substantially the same as the temperature of interior of
the reactor.

For achieving this substantial thermal
insulation, a jacket is installed, for example, on the
external wall of the reactor and a heating medium such as

20 steam is circulated through the jacket in such a manner
that the external wall temperature of the reactor will
follow the internal temperature and remain substantially
the same as the internal temperature. Such temperature
control can be easily conducted by one skilled in the

25 art, for example, by using a system conventionally used

This Sheet Has Been Replaced
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spectroscopi c color-difference neter manuf act u
Denshoku I ndustries Co., ' |

Pol ymer honogeneity: Using a 40 nmm extr [ide#IS SHEET HAS BEEN
T-di e (manufactured by Tanabe RifbiaRigss Maghi RO N
Ltd.), the polymer was ] C to provide a ===

plate, from whi ch specinmens neasuring 10 cmx 10 cmx 3 mm
(thickness) were taken. The surface each of 20 t he speci nens
was exam ned under a magni fying -13-gl ass and fish eyes ([err]
0.25 mmin dianmeter) consi sting of an unnelted fraction of
hi gh fornef 6ot Mg V'idH ttamper-atonet ednéson. neasur e of

pol ymer honogeneity. 25 Reduced viscosity: The viscosity of a 0.1
wei ght % To maintain the reactor in a thermally

insulated state as mentioned above is intended to prevent
the formation of polymer deposit on the internal wall of

5 the reactor and to achieve a self-control function which
stabilizes the polymerization and suppresses a runaway or
uncontrollable reaction.

It is meaningless to increase the external wall
temperature of the reactor too high beyond the reaction

10 mixture temperature, since it wouid add an unnecessary
heat to the reaction mixture.

The temperature difference between the interiox
of the reactor and the external wal; of tﬁe reactor is
preferably as small as possible, but actually it is

18 sufficient to control the reactor interior temperature
and the reactor exterior wall temperature in such a
manner that the temperature difference is approximately
less than 5 degrees (°C).

The heat evolved in the reaction zone, that is

20 to say, the heat of polymerization plus the heat of
agitation, is balanced against the heat cafried away by
the syrup emerging out of the reactor and the feed
monomer temperature (sensible heat)}, so that the
polymerization reaction temperature can be maintained

25 within the range of 120 to 180 °C.

This Sheet 1y

i



- 28- solution of the resin in chloroform wg e
measured with an Ubbel ohde Vi scometer at 25 [err]C. REPW#MENBQHEE?

rate (MFR): Using a nelt indexer manuf act gr é[
Industries Co., Ltd., 5 the MER ernmin ?3 Egb]a@'!

under a | oad of [ §rhgsHBEREBSBEENCY Wit h JIS K72T0=
Deposition of polyner on the rea Lo(r | EMAGEDVal | :

-14-~
The heat carried away by the syrup is dependent
on the amount and specific heat of the syrup and the
polymerization temperature.
The polymerization temperature, which is
5 dependent on the type of radical initiator used and the
like, is about 120-180°C, preferably 130-170°C.
1f the polymerization temperature is too high,
the syndiotactic structure of the product polymer tends
to decréase, and the proportion of oligomers increases,
10 and the heat resistance of fhe resin is sacrificed.
In feeding the moﬁomer to the reactor, the
temperature of the monomer is controlled so that a
predetermined polymerization temperature will be
established by the heat balance within the reactor.
15 In other words, the feed monomer temperature Tl
is set within the range defined by the following relation
(3):
™ = (0.8 to 1.2) x {T-(2.9P + 1.81F)) (3)
wherein P represents conversion in %, F represents
20 stirring power in kW/m3, and T represents polymerization
temperature in °C.
In the above relation (3), 2.9 is the
conversion factor for a reaction temperature increase per
welght ¥ of conversion and 1.81 is the conversion factoxr

25 for a temperature increase per kW/m3 of stirring power.

nn\iiﬁi‘iixfﬁfi‘ i



After conpletion of a continuous operation, the react or was
di sassenbled and its interior was 10 visual |y i

Exanpl e 1 As the starting nononers, nethylén*gﬁgﬁ¢§MaN§SH ET'

(hereinafter "MVA" ; product of N pp
and methyl acrylate (hereinafter "MAll THISEHIEE %3 Toagde i Z&e&m
I ndustry Co., Ltd.) were used. {As t nBEPLAYEYL inilliator,

azobisisobutyro-nitrile (hereinafter "AIBN') was used and as the
chain transfer agent, n-octyl mercapt arifhereinafter "OM') was used.
The initiator dissolution tank was charged with 20 MVA and, as final
concentrations, 1 weight % thelMondngr to be fedi ght tBe opolyhBiN imedti®r??2

wei ght % of OM and the charge was stirred well to dissolve AlBN
t horoughly to pro¥egetor need not be limited to a fresh monomer, but may

——-—ta

be an adjusted composition containing the recovered
unreacted monomer(s).

5 To preclude the influencg of dissolved oxygen
in the preparation of the monomer; it is conventionally
common practice to bubble an inert gas thrcugh the
monomer preparation tank or deaerate: the monomer under
decompreésion in order to remove diésolved oxygen

10 therefrom. However, the process of this invention does
not require such a proqedure in strict sense, and the
desired polymerization can be carried out in a stable
manner even if the dissolved oxygen level in the monomer
is about 1.5 - 3 ppm.

i5 For the purpose of removing impurities before
introducing the prepared monomer feed into the reactor,
the monomer feed is preférably filtered through a filter
of the proper mesh size, and this is especially desirable
when the product polymer is intended for use as an

20 optical material.

The average residence time is about 15 minutes
to about 2 hours, preferably about 20 minutes to about
1.5 hours.

The average residence time is defined by the

25 following equation

nn\iii fiii\fﬁfi‘ \’iﬁif ]



an initiator solution. The internal tenperature of the
di ssolution tank was nmaintained at 5[err]C by 25 circu
medi um t hrough t he jacket.

tFEPYACEVENT SHEET

- 29- This initiatol : y a {pdam tBZFEBm
pol ymeri zation reactor at a rate off BHE SHFEHHAS BEEN s = Y
preparation tank was conti nuously cRBEPEREER t h and, as final
concentrations, 1 weight %
: ~16-
Q = V/F

10

15

20

25

wherein O is average residence time in minute, V is a
capacity of the reactor in liter and F is a monomer feed
rate in liter/minute. In the invention, the specific
gravity of the monomer 6r monomer mixture and the
specific gravity of the polymer composition {(syrup) are
usually in the neighborhood of 1, and therefore can
substanfially réasonably'be assumed to be 1 for
calculating the average residence time 6. If the
residence time is excessively prolonged, the formation of
the dimer, trimer and other oligomers is increased to
thereby detract from the heat resistance of the resulting

product. The average residence time can be controlled by

. adjustihg the monomer feeding rate per unit time.

The radical initiator for use in the practice
of this invention is wvirtually not limited in type only
if its half life at the polymerization temperature is not
in excess of 1 qinute, and is particularly in the range
of 0.01 second to 1 minute.

Any radical initiator with a half life of over
1 minute is undesirable because the reaction rate will

then be low.

The relationship between the temperature and

.the half life of the radical initiator can be found in

the literature on respective initiators and the technical

—_—
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5 . of MA and 0.22 weight % of OMand the tenperature was
at 20[err]C Wil e nitrogen was introduced
preparation tank, the concentration of dissolved oxygen
m xture fed to the polynerization reactor 10 was 1.8-2.
t hus- prepared nononmer m xture was punp-fed to the polynmeri za
reactor at a rate of 27 kg/ Hr. The above-nenti oned
initiator solution and nonomer mxture were fed to the bottom of the
15 polynerization reactor and conti nuously -d-yneri zed under t he
followi ng conditions: average residence tinme = 20 mn. (this val ue was
cal cul at ed assuni Byligsinsapubdished by the gmanufctugeseities of the
'Cg'n;gg}f{oﬁm ution, of the s tn1lPOo0Rl {2 ° 210 Rhakle Lhgul d pol ymer

literature relied on for azo compounds is "Azo
Polymerizatipn Initiators" published by Otsuka Chemical
5 Company, Ltd. and that for organic_peroxides is "Product
Brochure (Organic Peroxides)”™ published by Sanken
Chemical Co., Ltd.
The radical initiator which can be used
includes azo compounds such as azobisisocbutyronitrile,
10 azobisdimethylvalgronitfile,
azobiscyclohexanecarbonitrile, 1,1'-azobis(l-acetoxy-1-
phenylethane), dimethyl 2,2'-azobisisobutyrate, 4,4'-
azobis-4—cyanova1eric acid, dimethyl 2,2'-azobis(2-
methylpropionate), etc., and organic peroxides such as
15 benzoyl peroxide, lauroyl peroxide, acetyl peroxide,
caprylyl peroxide, 2,4-dichlorcobenzoyl peroxide, isobutyl
peroxide, acetylcyclohexylsulfonyl peroxide, t-butyl
peroxypivalate, t-butyl peroxy-2-ethylhexanoate,
isopropyl peroxydicarbonate, isobutyl peroxydicarbonate,
20 sec-butyl peroxydicarbonate, n-butyl peroxydicarbonate,
2-ethylhexyl peroxydicarbonate, bis(4—t-buty10yclohex§l)
peroxydicarbonate, t-amyl peroxy-z—ethylhexanoate,
1,1,3}3-tetramethylbuty1 peroxyethylhexanoate, 1,1,2-
trimethylpropyl peroxy-2-ethylhexanoate, t-butyl

25 peroxyisopropylmonocarbonate, t-amyl peroxyisopropyl-




20.  (syrup) is 1.), reactor internal tenperature and jackétREPLACEMENTSHEET
tenperature = 160 2[err]C and reactor internal pressure ; Z
3 16 kg/cm . The stirring power was 5.6 KWnferr]. [| Date fveeesnerenntl

~n
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resultant liquid polynmer conposition i t WefFa—Fromm e

top of the reactor and fed 25 to {{hEHIBEBHEST. HAS BEEN

- 30- In the heater, tHRe |i qUEBLACEYMer nposi tion

-18~
monocarbonate, 1,1,3,3-tetramethylbutyl peroxyiso-
propyimonocarbonate, l,1,2-trimethylpropfl peroxy-
isopropylmonocarﬁonate, 1,1,3,3~tetramethylbutyl peroxy-
isononanoate, 1,1,2-£rimethy1propyl peroxyisononanoate,

5 t-butyl peroxybenzoate, 1,1;bis(tegt-butylperoxy)-3,3,5-
trimethylcayclohexane, 1,1l-bis(tert-butylperoxy)-
cyclohexane, etc. One or more of these polymerization
initiators is(are) used according to the polymerization
temperature.

10 The conéentration C of the radical initiator
{mol/100 g monomer) for use in the process of this
invention is suitably selected according to the
gforementioned relation (1). If the concentration of the
radical initiator is below the lower limit defined by

1S relation (1), the desired conversion will not be
éttained. Conversely when the initiator concentration is
too high, the resulting polymer will be insufficient in
thermal stability.’

The concentration. of the initiator is generally

20 0.001-1 weight % based on the monomexr feed.

The radical initiator is usually fed to the
reactor as dissolved in the monomer.

It is preferable that the concentration C of
the radical initiator (mol/100 g monomer) is within the

25 range satisfying the following relation (2):

e T
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(syrup) was heated to 200[err]C by circulating a heating

through the jacket. The heated conposition (syrup) wasj tdpai a

devol atilizing extruder. 5 ==gefil s of the Eﬁﬁhé&+é£E%T
devol atilizing extruder set e and | he,cy Qi AdekB 1997
t enperature set to about 250e bol ymer AT Yo I
(syrup) was extruded, and the vol 3 , Tposed predom nantly
of the unreacted nonomers was wnthdramm 10 fron1the vents and fed to the
downst r eam nonomer recovery colum. Theipgel yner nmelt was extruded in a
strand form cooled with water and cut to obtain polymer pellets in an

average yield of 13. 5 %g# exJPésof@f‘i}s té’nq? < B frac%?gaeéﬂp at HE

stage was about 45% he vo n emergi ng
the devol at thbzbng &%d "Pdere VRS dSfidda HegeTRBREBLe! ECOVErY

In the bulk polymerization according to this

invention, the selection of the reaction conditions

S according to the above description-leads to the self-
accelerating effect (gel effect) iﬂ the radical
polymerization, which can stably impart a favorable
effect to the polymerization reaction.

Generally, the gel effect develops in a

10 solution (monomer/polymer/(solvent)) having a fairly high
polymer contenf. Thus, when the polymer content is high,
the viscosity of the solution .is high and therefore the
mobility of the polymer radicals is decreased with the
result that the polymerization rate is increased because

15 the termination reaction is hard to occur.

Thexrefore, inherently a runaway reaction tends to take
place; In order to ;void this uncontrollablé reaction,
it has been.conventionally neceésary to very elaborately
control the residence time, reaction temperature and

20 radical initiator concentration.

However, in the process of this invention, such
runawvay reaction is inhibited by simply conducting the
polymerization in such a manner that there is
substantially no temperature difference between the

25 interior and exterior of the reactor to establish a

i



colum where it was continuously distilled using a reflu ratio of 1.
The distillate fromthe top of the F:::“?;égéédVer TE

recycled to the nonomer preparatioff 7128 SHEtEgd*
operation ‘was continued for 6 consBERH :
pol ymeri zation reaction was t ermnated. e 0T g

kilogram of the polyner was sanpled every 25 week fromthe beginning o
pol ymeri zati on and the sanpl es

-20-
thermally insulated state with substantially no exchange
of heat with the external environment, and therefore the
polymerization proceeds in a stable manner.

Thus, even if a transient increasg in the

5 evolution of heat raises the interpal temperature of the
reactor, the temperature of the exterior wall of the
reactor is also increased accordingly so that the
viscosity of the reaction mixture is lowered with the
result that the mobility of the polymer radicals is

10 increased to enable the termination reaction to occur
frequentiy. Therefore, the total polymerization rate is
lowered and the evoiution of heat is reduced to lower the
temperature, thus resulting in a conversion commensurate
with the concentration of the radical initiator, thus

15 developing said self-control function.

As a consequence, a consistently stable
polymerization reaction can be carried out even if
external disturbances such as fluctuation in the
dissolved oxygen level in the monomer occur.

20 The conversion from the monomer to the polymer
in the reactor is 40-70 weight %. Because the content of
the reactor is maintained in a substantially perfect
mixing state, this conversion corresponds to the polymexr
content of the syrup emerging out of the reactor. That

25 is to say, the conversion is equal to the concentration

T



t he pol yneri zation reactor was di sassenbled and___. ins
of the evaluation are shown in
The procedure of Exanple 1 was re
the conditions shown in Table 1
Conparison Exanple 1 10 :
repeat ed except

- 31- were m xed together. The m xture was evaluatedégrn aUUILI%?
s
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showT1T Tapt e 2.
€ procedure of Exanple 1 was
t hat thetemmrﬂureofthermnmmrfeedwas40hﬂr]c

and the j acket tenperature was 122[errT&treactor internal
tenperature was 139 L he &é%ymer in the syrup.

10

15

20

25

Higher conversion means not only higher
productivity, but also the increased viscosity of the
reaction system, and requires a greater stirring force.

On the other hand, the lower the conversion is,
tﬁe larger is the unreacted monome¥-recovery load.

The reaction parameters mentioned hereinbefore
can be readily selected by one skilled in the art. For
example, the concentration of thg radical initiator and
the amount of the monomer feed to be introduced into the
reactor may be éalculated as follows.

Wwhen the amount of the polymer to be produced
is predetermined, a target for the residence time © and a
target for the polymer content in the syrup are selected,
and the target polymerization temperature is selected.
Then the temperature range of the monomer feed is roughly
estimated according to relation (3) using the above
polymer content and the polymerization temperature values
and_ further using the stirring power value which is
roughly assessed from these values. Thereafter, the
concentration range of the radical initiator is
calculated according to relation (1).

So far as the radical initiator concentration

- is within said range calculated according to relation (1)

and the reactor is kept substantially insulated

This Sheet Has Been
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One kil ogram of the polynmer was sanpled every 15 ‘wee |£E%r
of pol ynerization and m xed together. The m xturé %éﬁyg§ﬁﬂﬁﬁgf§%_ H
results are shown in Table @ -

= - ‘On 1 f
start of operation, the sti rT%ﬁigsg&%rH%%\%% -|’a %%%ni?ﬁ@él@im

therefore, 20 the reaction waslit er ni REY eact or was
di sassenbl ed and i nspected. G own ner deposit was found on the

internal wall. The reduced viscosity of the pol ymer deposited on the
reactor wall was 0.97. Exanple 6 25-22- The initiator
di ssolution tank was charged with

thermally, the reaction would never run away or become

uncontrollable. However, it is generally preferable to
start and conduct the reaction as follows. First, the
radical initiator ié fed at approximately the lowest

5 level in the initiator.conCentratiqn range. Then, with
an increase in the internal temperature, the jacket
temperature is correspondingly elevated té maintain the
state of thermal insulation until the temperature reaches
an equilibrium state. The initiator concentration is

10 adjusted so as to achieve an equilibrium at the target
temperature. When tPe amount of the polymer that is
produced does not reach the predetermined level, the
amount thereof can be controlled by adjusting the
initiator concentration within the above range.

15 In ordér to control the molecular weight of the
product polymer, a conventianal monofunctional or
polyfunctional chain transfer agent can be employed, if
so desired.

The chain transfer agent that can be used

20 includes alkylmercaptans such as propyl mercaptan, butyl
mercaptan, hexyl mercaptan, octyl mercaptan, 2-ethylhexyl
mercaptan, dodecyl mercaptan, etc.: aromatic mercaptans
such as phenyl mercaétan, thiocresol, etc.; mercaptans
containing not more than 18 carbon atoms, such as

25 ethylenethioglycol, and thioglycolic or 3-

This Sheet Has Been Replaced
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REPLACEMENT SHEET - 32—z MMA_and,
final concentrations, 1 weight % of MA 0.19 melght WESLASE

0.235 weight * of OM and .t he char gg=—=—=tas—stitted u
conpl etely dissolved to provi dg¢ BSiHaHTatAS BEBN ut
tenperature 5 of Hwinnimordismumﬂmmmmvms;
by circulating a cooling nedi um t hr oG9 i

...............

The
initiator solution thus prepared was punp- fed to the pol yneri zati on
reactor at a rate of 2.0 kg/ Hr. -23- The nononer preparation

tank was continuously 10 fed with MVA and, as final concentrations, 1
wei ght % of mexcaptopropionic esters of polyhydric alcohols such as

ethylene glycol, neopentyl glycol, trimethylolpropane,
pentaerythritol, dipentaerythritol, tripentaerxythritol,
sorbitol, etc.

5 Also, 1,4-dihydronaphthalene, 1,4,5,8-
tetrahydronaphthalene, B-terpinene, terpinolene, 1,4-
cyclohexadiene, 1,4-cyclchexadiene, a—methylstyrene_
dimer,-hydrogeq sulfide, etc. can likewise be employed.

These agents c¢an be used sihgly or at least 2

10 of them may be used in combination.

The amount of such chain transfer agent varies
with different kinds of agents but taking a mercaptan as
.an example, the proper amount is 0.01 to 3 parts by
weight, préferably 0.05 to 1 part by weight, per 100

1S5 parts by weight of the monomer or monomer mixture. The
above range is recommended because the mechanical
properties of the polymer are not adversely affected and
a sufficiently high heat stability of the polymer is
maintained.

20 The syrup withdrawn from the reactor is
preheated, if required, to evaporafe off the volatile
matter which is predominantly composed of unreacted
monomer, leaving the desired polymer.

For this transfer of the syrup, the method

25 described in Japanese Examined Patent Publication

This Sheet Has
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MA and 0.235 weight %of OM and the tenperature was set .. t -5[err]C.

Ni'trogen gas was introduced into the nononer pr epar

the concentration of dissolved 15 oxygen in the nononer

t he pol yneri zation reactor was, 1.8-2. 7 ppm_The nong¢ngg.,m

prepared was punp-fed to the reactonf at A . iedegl B R R NN

The above-nentioned initiator solutioﬁHgﬁﬂ%%%a g%%%gﬁer m xture were fredtos
. : EPLACE L .

t he bottom of the polynerlzatyon_ggggggﬁzaagzﬁgnt|nuously pol ymeri zed

under the follow ng conditions: averagg-residence tine = 30

mn. (this value was cal cul ated assum ng that each of the specific

gravities of the(kékdkd) QoS HAH48BD2 dfs SdtabIe.nmononer m xture and of the
| i qui d pol yner conposition

The technique for separation of the volatile
matter 1ﬁcludes the method employing a devolatilizing
extruder, and the known techniques described in Japanese

5 Examined Patent Publications (Kokoku) Nos. 51-29914 and
52-17555, Japanese Unexamined Patent Publications (Kokai)
Nos. H1-53682, 62-89710 and H3-49925, among cthers, can
be utilized.

The unreacted monomer thus separated can be

10 reused as the feed monomer for polymerization.

In thi's connection, the impurities contained in
the unreacted monomer, such as compouﬁds contaminated or
by-produced in the monomer manufacturing processes, the
dimef, érimer and other oligomers and the residue

15 {decomposition product) of the radical initiator,
accumulate progressively, whereby the resulting polymer
will be colored. It is, therefore, recommended to remove
the impurities by distillation orx adsorétion as disclosed
'in Japanese Examined Patent Publication (Kokoku) Nb. 54—

20 42035.

According to the invention, as'applied to the
production of a methacrylate polymer by the continuous
bulk polymerization of a monomer feed composed
predominantly of methyl methacrylate in a thorough mixing

25  type reactor, a long-term polymerization run can be

This Sheet Has Be
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-33- (syrup) is 1.), reactor internal tenperature ang Jacket
tenperature 150 2[err]C and reactor internal pressure = || REPLACEMENTSHEET

3 16 kg/cnferr]. The stirring power was 5.8 KWnierr
ety Anht B G-

The resultant liquid polymer conposition 5 (syrup) was

the top of the reactor and fed to the heater. The subSequént
procedures were conducted in the same nman gr as t he correspondi ng
pr ocedur es described in Exanple 1, thereb? gi ving polyner pellets in

achieved with good stability and without a runaway
reaction despite the high output per unit hour per unit
reactor capacity, that is to say high productivity, and
the type or grade of the product polymer is easily
5 changed with a minimum of carryovers.

Furthermore, the formation of oligomers is low
and the product methacrylate polyﬁer is homogeneous and
stable in quality so that it is also very suited for use

as an optical material.

16 The invention will be further described in the
Examples which follow, with reference to the accompanying
Figure 1. Figure 1 is a flow diagram of the production

process used in the Examples.

In Fig. 1, numerals 1-6 and symﬁols a-c
15 indicate the following.
1 : methyl methacrylate
: methyl acrylate
: a chain transfer agent

a polymerization initiator

20

(X

a product polymer

.

a liquid to be disposed
a : liquid polymer composition {(syrup)

b : unreacted monomers and impurities



an-average yield of 9.8 kg/H. This nmeans that the 10' co n—at..this

stage was about 49% ) t eRBPOMCEMENT

condi ti ons was continued for 3 a?é*saﬁ\'leTt‘a% edi ng éate 0
t he initiator solution was incrédased REPBA a/Hn_

the internal tenperature of the react rose 15 by degr e€sT=t-he—j-as
tenperature was al so rai sed as much. After 2 hours, both the react or
i nt er nal tenperature and the jacket tengerature becane st eady at
160[ err] C. There was no change in stirring p8%er during the

I ntervening period. 20 The operation under the above
condi ti ons was “coﬁFFﬁHﬁH“FbP“BﬁEEE§yt°dBP|ﬁ§°¥ﬁ¥%% pol yner pellets

were obtained in an Phea aﬂﬁf’ow Iudg grelgeﬁégiyzed Tg'escrrg.epatrlons of

the main equipment used in the Examples which follow.

Monomer preparation tank: 20L, SUS304, equipped
5 with a paddle agitator and a jacket
» Initiator dissclution tank: .10L, SUS304, equipped
with a paddle agitator and a jacket
« Polymerization reactor: 10L, SUS304, equipped with
a double helical %ibbon blade stirrer (250 rpm)
10 and a jacket
« Heater: 16.7 mm (inside diameter) x 3m (long),
equipped with a jacket
+« Devolatilizing extruder: a twin screw extruder
{TEX-30) manufactured by The Japan Steel Works,
15 Co., Ltd. {(different direction rotating type,
screw diameter 30 mm, cylinder length 1260 mm),
equipped with one rear vent and 3 front wvents
« Monomer recovery colu@n: 100 mm (inside diameter) =x
3m (long), SUS304, 3/8 inch SUS Raschig ring-
20 packed column, concentration part length 0.7 m,
recovering part length 0.3 m.
- Dissolved oxygen concentration meter: DO Meter UC-

12-SOL manufactured by Central Kagaku Co., Ltd.

The methods used for the evaluation of product

This Sheet Has Been
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that the conversion at this stage was about 52% The

feeding rate of the initiator solution was 25 then retdrmedto~2-0

kg/ H. As a consequence, the REPLACEMENT SHEET
- 34- i nternal tenperature of the reactor dropped graduall

Therefore, the jacket tenperature was al so | owered gnaHﬁ@Fﬁ&zagE&ﬂggzm
sanme rate. After about 1.5 hours, both the reactor intérnat

tenperature and the jacket 5 tenperature becanme steady at 150[err]C,
There was no change -27-

polymers were as follows.
+« Yellowness index: Using a 40 mm extruder equipped
with a T-die (manufactured by Tanabe Plastics
Machinery Co., Ltd.), the polymet was extruded
S5 into a flat plate at 250°C and passed through a
3-roller polishing equipment at about 100°C to
provide a 3 mm-thick plate. From this ext;uded
plate, square-shaped specimeng{(s cm x 5 cm)
were taken and yellowness index (Y1) of e;ch
10 specimen was determined using the SZ-z80
spectroscopic color-difference meter
manufactured by Nippon Denshoku Industries Co.,
Ltd. in accordance with JIS K7103.
+« Polymer homogeneity: Using a 40 mm extruder
15 . equipped with a T-die (manufactured by Tanabe
Plastics Machinery Co., Ltd.), the polymer was
extruded at 250°C to provide a plate, from
which specimens measuring 10 cm x 10 cm x 3 mm
(thickness) were taken.- The surface each of
20 the specimens was examined under a magnifying
glass and fish eyes (2 0.25 mm in diameter)
consisting of an unmelted fraction of high
molecular weight were counted as a measure of
- polymer homogeneity.

25 +« Reduced viscosity: The viscosity of a 0.1 weight %



in stirring power during the intervening period. The

opFration under the above conditions was continued f nd

pol ymer pellets were obtained in an average yield of}j RePLikg .
means that the 10 conversion at this stage was about % EfEnT é%T
Thus, even when the initiator feeding rate was al t

polynerlzatlon reacti on changed snoothly and when bt gl

conditions were restored, the pol ymeri zati on reaction was al so
brought back to the 15 initial state mntg good reproducibility.
Conpari son Exanple 2 The op Pation under the initial

conditions used o1 CSaBH? JE RO e del hudBaen gbler i r

_ I ON wWas
increased to 2.4 kg/Hr. measured with an Ubbelohde Viscometer at 25°C.

« Melt flow rate (MFR): Using a melt indexer
manufactured by Takara Industries Co., Ltd.,
5 the MFR was determined af 230°C undexr a load of
3.8 kg in accordance with JIS K7210.
« Deposition of polymer on the reactor internal wall:
After completion of a continuous operation, the
reactor was disassembled and its interior was

10 visually inspected.

Example 1

As the starting monomers, methyl methacrylate
{hereinafter "MMA" ; product of Nippon Methacryl Monomer
Co., Ltd.) and methyl acrylate (hereinafter “MA" ;

15 product of Toagosei Chemical Industry_Co., Ltd.) were
Qsed. As the radical initiator, azobisisobutyro-nitrile
(hereinafter "AIBN") was used and as the chain transfer
agent, n-octylmercaptan (hereinafter "OM") was used.

.The initiator dissolution tank was chafged with

20 MMA and, as final concentrations, 1 weight % of MA, 0.24
weight % of AIBN and 0.22 weight % of OM, and the charge
was stirred well to dissolve AIBN thoroughly to provide
an initiator solution. The internal temperature of the
initiator dissolution tank was maintained at 5°C by

25 circulating a cooling medium through the jacket.



Then, as the internal tenperature of the poly- merization reactor

i ncreased gradual ly, the jacket t enperature was progr gssiyved

SO0 as to nmamintain the reactor internal tenperature at

About 2 hours after the change of the initiator

- 35- feeding rate, the internal tenperature of the reacy @ate:%.4.

= ——
)

150[err] C and the jacket tenperature becane 100[err]C
stirrer suddenly stopped due to an overl oad.

-29-

This initiator solution was fed by a pump to
the polymerization reactor at a rate of 3.0 kg/Hr.

The monomer preparation tank was continuocusly
charged with MMA and, as final concentrations, 1 weight %

5 of MA and 0.22 weight % of OM and the temperature was
controlled at 20°C.

While nitrogen was introduced into the monomer
preparation tank, the concentration of dissolved oxygen
in the monomer mixture fed to the polymerization reactor

10 was 1.8-2.7 ppm. The thus-prepared monomer mixture was
pump-fed to the polymerization reactor at a rate of 27
kg/Hr.

Thé above-mentioned initiator solution and
monomer mixture were féd to the bottom of the

15 polymerization reactor and continuously polymerized under
the following conditions: average residence time = 20
min.(this value was calculated assuming that each of the
specific gravities of the initiator solution, of the
monomer mixture and of the liquid polymer composition

20 (syrup) is 1l.), reactor internal temperature and jacket
temperature = 160-i 2°C and reactor internal pressure =
16 kg/cmz. The stirring power was 5.6 KW/ma.

The resultant liquid polymer composition
{syrup) was withdrawn from the top of the reactor and fed

25 to the heater.



Therefore, the feeding of the nmononmer and initiator 5 solution was

I mredi ately stopped to term nate the reacti on.

abbrevi ations used in Table 1 have the fol | owi ng nedn

Al BN: azobi si sobutyronitrile 10 TMBP: 1,1, 3,3-tetra

per oxyi sopr opyl nonocar bonat e BP

per oxyi sopropyl carbonat e MA: net hyl acryl ate

acrylate 15 T. half-life at polynerization tenperature
-30-

In the heater, the liquid polymer composition
{syrup) was heated to 200°C by circulating a heating
medium through the jacket. The heated composition
(syrup) was then fed to the devolatilizing extruder.

5 With the vents of the devolatilizing extruder
set to a reduced pressure and the c&linder temperature
set to about 250°C, the ligquid polymer composition
{syrup) was extruded, and the volatile fraction composed
predominantly of the unreacted monomers was withdrawn

10 from the vents and fed to the downstream monomer recovery
column. The polymer melt was extruded in a strand form,
cooled with water and cut to obtain polymer pellets in an
average yield of 13.5 kg/Hr.. This means that the
conversion at this stage was about 45%. .

15 The volatile fraction emerging from the
devolatilizing extruder was fed to the monomer recovery
column where it was continuously distilled using a reflux
ratio of 1. The distillate from the top of the monomer
recovery column was recycled to the monomer preparation

20 tank.

The above operation was continued for 6
consecutive months and the polymerization reaction was
then terminated.

| One kilogram of the polymer waé sampled every

25 week from the beginning of polymerization and the samples
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were mixed together. The mixture was evaluated. 1In
addition, the polymerization reactor was disassembled and
inspected. The results of the evaluation are shown in
Table 2.
Examples 2—5-

The procedure of Example 1 was repeated with
the exception of using the conditions shown in Table_l.
The results are shown in Table 2.

Comparison Example 1

The procedure of Example 1 was repeated except
that the temperature of the monomer feed was 40°C and the
jacket temperature was 122°C (reactor internal
temperature was 160 °C).

One kilogram of the polymer was sampled every
week from the beginning of polymerization and mixed
togetﬁer. The mixture was evaluated. The results are
shown in Table 2.

On day 15 after the start of operation, the
stirring power showed a sudden increase and, therefore,
the reaction Qas terminated. The reactor was
disassembled and inspected. Grown polymer deposit was
found on the internal wall. The reduced viscosity of Fhe
polymer deposited on the reactor wall was 0.97.

Example 6

The initiator dissolution tank was charged with
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MMA and, as final concentrations, 1 weight % of MA, 0.19
weight % of AIBN and 0.235 weight % of OM,.and the charge
was stirred until AIBN was completely dissolved to
provide an initiator solution. The internal temperature
of the initiator dissolution tank was maintained at 5°C
by circulating a cooling medium through the jacket.

The initiator solution thus prepared was pump;
fed to the polymerization reactor at a rate of 2.0 kg/Hr.

The monomer preparation tank was continuously
fed with MMA and, as final concentrations, 1 weight % of
MA and 0.235 weight $ of OM, and the temperature was set
at -5°C.

Nitrogen gas was introduced into the monomer
preparation tank, and the concentration of dissolved
oxygen -in the monomer mixture fed to the polymerization
reactor was 1.8-2.7 ppm. The monomer mixture thus
prepared was pump-fed to the reactor at a rate of 18
kg/Hr.

The above-mentioned initiator solution and
monomer mixture were fed to the bottom of the
polymerization reactor and continuously polymerized under
the following conditions: average residence time = 30
min. (this wvalue was calculated asspming that each of the
specific gravities of the inifiator solution, of the

monomer mixture and of the liquid polymer composition
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(syrup) is 1.), reactor internal temperature and jacket
temperature = 150 * 2°C and reactor internal pressure =
16 kg/cmz. .The stirripg perr was 5.8 lems.

The‘resultant liquid polymer composition

5 (syrup) was withdrawn from the top.of the reactor and fed
to the heater. The subsequent procedures were conducted
in the same manner as the corresponding procedures .
described in Example 1, thereby giving polymer pellets in
an average yield of 9.8 kg/Br. This means that the

10 conversion at this stage was about 49%.

The opeiation under the above conditions Qas
continued for 3 days and, then, the feeding rate of the
initiator solution was increased to 2.4 kg/Hr.

As the internal temperature of the reactor rose

15 by degrees, the jacket temperature was also raised as
much. After 2 hours, both the reactor internal

temperature and the jacket temperature became steady at

-

160°C. There was no change in stirring power during the
intervening period.

20 The operation under the above conditions was.
continﬁed for one day, during which polymer pellets were
obtained in an average yield of 10.4 kg/Hr. This means
that the conversion at this stage was about 52%.

The feeding rate of the initiator solution was

25 then returned to 2.0 kg/Hr. As a consequence, the



/[A\err] f d Cl ai s 1.
¢« process for producing a nethacryl ate pol yner co STt T On-Navi e
pol ymer content of 40-70% by weight, 5 which process cBﬁB¥“§%¥Eﬁ¥SﬂgE?

continuously pol ymerising a mononer feed conposed {pr edo@igh &8 1893
met hyl methacrylate in a bul k pol yneri sation reactjoP26fthe comlete
m xi ng type, the reactor being substantially full TUp wth the polyner

-34-
internal temperature of the reactor dropped gradually.
Therefore, the jacket temperature was also lowered
gradually at the same rate. After about 1.5 hours, both
the reactor internal temperature and the jacket
5 temperature became steady at 150°C, There was nc change
in stirring power during the intervening period.

The operation under the above conditions was
continued for one day and polymer pellets were obtained
in an average yield of 9.8 kg/Hr. This means that the

10 conversion at this stage was about 49%.

Thus, even when the initiator feeding rate was
altered, the polymerization ‘reaction changed smoothly and
when the initial conditions were restored, the
polymerization reaction was also brought back to the

15 initial state with good reproducibility.
Comparison Examgle 2_

The operation under the initial conditions used
in Example 6 was continued for 3 days, after which the
feeding rate of the initiatof solution was similarly

20 increased to 2.4 kg/Hr.

Then, as the internal temperature of the poly-
merization reactor increased gradually, the jacket-
temperature was progressively lowered so as to maintain
the reactor internal temperature at 150°C.

25 About 2 hours after the change of the initiator



conposition and being maintained in a thermally insul ated 10 _state, at

a polynerization tenperature of from1.20 to 180[err]C i
D! el at e o erIC e e |

average residence tinme of 15 mnutes to 2 hours, ugi ng
initiator which has a half-life of not nore than 1y ut imgg
pol yneri zation tenperature at a concentration C ( DNOIer)--

whi ch satisfies the 15 follow ng relation:
4x10[err].exp(0.019T) < C. [err] < 3x10[err].exp(0.079T) (1)
wherein [err] is the average residence ti e nutes) and T is t he

pol ymeri zation terrperat ure ([ cesa

e’ ag 1(;__)rdl ng
to claimi, wher&efddipg rage, tﬁﬁniﬁﬁﬂ"éﬂ' oﬁel?ﬁexfﬁzﬁ”ﬁﬁa&’ Hilxa a§
(7211208, 00T e asp- B A, WS eIz poe,
T are as defined 'llt{é cl Q:'h@ Ltirrer suddenly stopped due to an overload.
Therefore, the feeding of the monomer and initiator
5 solution was.immediately stopped to terminate the
reaction.
The abbreviations used in Table 1 have the_
- following meanings..
« AIBN: azobisisobutyronitrile
10 . TMBP: 1,1,3,3-tetramethylbutyl peroxyisopropyl
monocarbonate
« BPIC: +t-butyl peroxyisopropylcarbonaté
« MA: methyl acrylate
« EA: ethyl acrylate

15 « T: half-life at polymerization temperature



3. A process according to claiml| or 2, wherein the 25 ’mnnpnongpwﬂggq"w
conprises from 70-100% by wei ght of nethyl met hacrylip ol )
0- 30% by wei ght of a vinyl nmononer or of a blend of t&%ngeﬁ% ST SHEET
vi nyl nononers, the vinyl nononer or nononers beingic l, 1A
WAL 8R! P RERleey
d ai ns 1. A process for pBé&duci ng a nethacryl ate pol yner

conposition having a pol yner content of 40-70% by wei ght,
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5 which process conprises continuously polynerising a no
conposed predom nantly of nethyl nethacrylate in a bul k
pol ymeri sation reactor of the perfect m xing type, the

RPLACEME T
r eact or Eeﬁ# ET

substantially full up with the polymer - 37 eonposition 4 FEB 1997
maintained in a thermally insulated 10 state, at a pol yir 3 M
tenperature of from 120 to 180[err]C Wi th an average residence tine
of 15 mnutes to 2 hoyrs, sing ajradical inigiagjor which has a
hal f-1ife of not nmore| g , than|l nfinufe at the pol ympri zation .
tenperature at a U§§qggntga o & qpl&é g npgotrer) which satisfies
the 15 foIIovm'ngre'g H)g wtwojwo | opelferr]Lexp(0 019T) < C [err]
< 3x10[err].exp(O O79'I')¢z('§ oo a/geae w [lewr]] is ffbe}average residence
time (mnutes) and T ijs the pgl yngrigatijon tenpefature ([err]C).
2. A process accordijng to cl i m1l, mhefein th
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20  concentration of the radical initiator C (nol/100 g

g—HBReREE}
satisfies the followi ng relation: 4x10[ err]. exﬂ&@LAGE‘MENTG&-&ET l
<3x10[ err].exp(0.034T) wherein [err] and T are as jdefi neﬁ E ggg I
1. 3. A process according tQ claim1 or 2, weibdt g .......... !
nmononer feed conprises from 70-100% by ght of methyl R T T
nmet hacryl ate and from 0-30% by wei ght of a vinyl nononmer or of a
blend of two or nore vinyl nonongrg, t"hf Jinyl ( pponer or nononers
bei ng copol yneri zabl e with net hyl ﬁﬂtl}l_,a ryliagel § 2
- 40 - e cjelelgls )
clolo a
& 2i8igl|=|=2 o
v|lwvwjw]w]w ~
A A A A A
» &
- olwxjiola 10
8. AR 0 |oa @
":‘; B w]jlololAalw \
o X .
g P
@~ PN
gg { ! 1 { ! :
o O ©
ARL:
0 >
&
g 8
041 0 u
2212121212 o
b >
e
Fad
P
(‘)'E‘) ojojlo|o|©O ™
g &
00
o
®
0
o
§
-~ i wn ly) o
gﬁ . g g |y <
28 Zic|clslole o
>~
81, olo|a|a|~ S
:’ - « . . .
NN N }A N N
ql% ~
&
1o
3 )
ot L]
o -~ 0
o o o
0| E ANl iv ] GE | A
~ | d EQ
q | % S &
214 ou
£




4. . A process according to any one of c‘aFH%SSHggrﬁA tﬁggiﬂxpthe;; Se.
reactor interior tenperature and the reagtor REPLAcgﬁteFIO{ PLACEMENT SHEET

according to any &necoftt

bet wcen them i< (TN %W@whigtg?errlg?alm mr:é B o ER. 197

pol yneri zation tenperature is from 130 claigs 170[err] C 6.
A process according to any one of the preceding 10 cl aims, wherein the
average residence tine is from 20 mnutes to 1.5 hours.

7. A process accordln to any one of the preceding clainms, wherein
the stirring power g]the ﬁe&é?ﬁ?sﬁsf?¥dmﬁ°d“°ln9 6. Sethacoylakerpolymer

composition having a polymer content of 40-70% by weight,

S which process comprises continuously polymerising a monomer
feed composed predominantly of methyl methacrylate in a bulk
polymerisation reactor of the complete mixing type, the
reactor being substantially full up with the polymer
composition and being maintained ‘in a thermally insulated

10 s;ate, at a polymerization temperature of from 120 to 180°C
with an average residence time of 15 minutes to 2 hours,
using a radical initiator which has a half-life of not more
than 1 minute at the polymerization temperature at a
concentration C {(mol/100 g.monomer) which satisfies the

15 following relation:

4x10°%.exp(0.019T) < C.0 < 3x10°*.exp(0.079T) (1)
wherein O is the average residence time (minutes) and T is
the polymerization temperature (°C).

2. A process accoxrding to claim 1, wherein the

20 conceﬂtration of the radical initiator C {mol/100 g monomex)

satisfies the following relation:
4x10°%.exp(0.19T) < C.O <3x10°%.exp(0.034T)
wherein © and T are as defined in claim 1.
3. A process according to claim 1 or 2, wherein the

25 monomer feed comprises from 70-100% by weight of methyl
methacrylate and from 0-30% by weight of a vinyl monomer or
of a blend of two or more vinyl monomers, the vinyl monomer

or monomers being copolymerizable with methyl methacrylate.
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15 . A process according to aa:;&:e:&e::ai::the:ﬁtecedi §EPLACEMENTSHEET |
cl ai s, V\/nerel n hi n t he} re#stSpEETHAS BBENO. g%

kgl crferr]. ”mmmumm,mmocess aftcor di REPLACEY one: Dﬁtﬁez{?ie% %
clains, wherein thet radi #al sinttiator |SUSeHTH—almr—anoont 20 o008
to 1 %by wei ght based on the nononer feed.- 40 - 10. A process

according to any one of the preceding clains, wherein a chain

transfer agent is used. A process iqcowlﬂ}ﬁ)@@sgnafcgoﬁdpﬁgcl@u@ ali rh01(3,
wherein the chain ansfer agent is a nercaptan. A

process accor di nd'heFedait elfea%‘é’f’e*’ht"flﬁe“ temper’?é‘rtb‘ﬁﬁt ﬁﬂ Eh"usré?fqtr?ran
t of 0.01 t f th
ﬁonﬁgpreroor st e%T SuBXl"‘@EHB&raturelaﬁeéA LR3I Qé{cﬁeélgakkt €

rmnorrer ure process accor O any one
of the precediNg temperature difference between them is no more than about

5 5°C.
5. A process according to any one of the.preceding

claims, wherein the polymerization temperature is from 130

to 170°C.
6. A process according to any one of the preceding
10 claims, wherein the average residence time is from 20

minutes to 1.5 hours.

7. A process according to any one of the preceding
claims, wherein the stirrxing power in the reactor is from
0.5 to 20 kW/m’.

15 8. A process according to any one of the preceding
claims, wherein. the pressure within the reactor is from 10
to 20 kg/cm®.

9, A process according to any one of the preceding
claiﬁs, wherein the radical initiator is used in an amount

20 of 0.001 to 1 % by weight based on the monomer feed.

10. A process according to any one of the preceding
claims, whérein a chain transfer agent is used.

11. A process according to claim 10, wherein the chain
transfer agent is a mercaptan.
25 12. A process according to claim 11, wherein the
mercaptan is used in an amount of 0.01 to 3 parts by weight
per 100 parts by weight of the monomer or monomer mixture.

13. A process according to any one of the preceding

i il



- 41 - clarns ‘&gmfludes the prelimnary step ofgﬁagé ﬁ@MENESHEET
monomer feed \“ before itr: into t E % EB w
reactor. A process acfiofg any —ohe of Hétepr-6¢” drng ..........

S clains Whl eh further conpri ses coff ﬁ@‘?"&wi ng t he
pol ymer conposition fromthe reacti ontze addE 0Nt | onal: I Y,
continuously removing volatile co nents fr mthe W t

. ol yrmer
conposi ti on. claims whigh inglay Meapée86W§lﬂ%?Yc%'rﬁﬁ) V‘%]ipﬁﬁs&ﬂgngb%r

monomer feed through a filter before introducing it into the

reactor.
14. A process according to any one of the preceding
5 claims which further comprises continuously withd;awing the
polymer composition from the reaction zone and, optionally,
continuously removing volatile compdpents from ehe withdrawn
polymer composition.
15. A methacrylate polymer composition whenever
10 produced by a process as claimed in any one of claims 1 to
14.
16. A continuous bulk polymerization process for
producing a methacrylate polymer composition having a
methacrylate polymer content of from 40-70% by weight, the
15 process being substantially as hereinbefore described in any

one of Examples 1 to 5.
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10 produced by a process as clainmed in any one of clai ms,‘l‘ GEMQNTMEET
16. A continuous bul k polynerization process for proj bA

t

met hacryl ate pol ynmer conposition having a nmet hacryl a Pgoel Y FEB. 997...
content of from 40-70% by weight, the 15 process being s W
her ei nbef ore described in any one of _Eganples 1 to 6.

ABSTRACT

PROCESS FOR PRODUCTION OF METHACRYLATE POLYMERS

A process for producing a methacrylate polymer
composition having a polymer content of 40-70% by weight
comprises continuously polymerising é monomer feed composed
predominaptly of methyl methacrylate in a bulk
polymerization reactor of the complete mixing type, the
10 reactor being substantially full up with the polymer

composition and being maintained in a thermaliy insulated
state, at a polymerization temperature of 120-180°C with an
average residence time of 15 minutes to 2 hours using a

radical initiator having a half-life of not more than 1
15 minute at the polymerization temperature, at a concentration
C (mol/100 g monomer} which satisfies the following
relation: )

4x10°%.exp(0.019T) < C.0 < 3x10°*.exp(0.079T)
wherein © is the average residence time in minutes and T is

20 the polymerization temperature in °C.

No suitable figure to accompany abstract.
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