
IN-LINE PROCESS TO PRODUCE PELLET-STABLE POLYOLEFINS
FIELD [0001] The present invention relates to the
field of processes to produce pellet-stable
polyolefins. It more particularly relates to an
in-line fluid phase blending process to produce
pellet-stable polyolefins including one or more
lowcrytallinity components. BACKGROUND [0002]
Polyolefins with low crystallinity are commercially
significant products due to their toughness and
flexibility. Since these products are often copolymers
of propylene with ethylene and (less frequently) other
olefins, such as C4-C alpha olefins, styrene, etc.,
they also have extended low-temperature application
range due to the reduced glass transition temperature
imparted by the comonomer, especially ethylene. These
low-crystallinity polyolefins are often used in
combination with crystalline components, such as
polypropylene or polyethylene, to fine-tune the
stiffness-toughness balance and to extend the
hightemperature application range. Changing blend
compositions and blend ratios can yield a virtually
infinite number of polyolefin blends with a wide range
of properties enabling the fine-tuning of those blends
to fit the desired application demands while also
allowing the production of those finished goods at low
cost. These blends are mostly made by compounders,
often small operations, that purchase the copolymer
and homopolymer components from large petrochemical
companies. These compounders prefer using pelletized
polymer blend components because they are easy to
store, move, and dose. [0003] While these low
crystallinity polyolefin products are valued for their
ability to increase elasticity, toughness and
flexibility, they tend to have both a low melting
onset and a low peak melting temperature. They are
often nearly or completely amorphous. In addition,
these products are often quite soft and exhibitlow
moduli. These low-crystallinity polyolefins are often
difficult to pelletize and the resultant pellets tend
to stick together rendering them unusable in
compounding operations set up for pelletized feed
stocks. [0004] The property capturing the ability of
polymer pellets to stay free-flowing during shipping
and storage is referred to as "pellet stability".
Pellet stability is an important attribute of
polyolefins since good pellet stability affords
low-cost shipping, storage, and dosage in the
production of polymer blends with tailored
stiffness-toughness balance ultimately lowering the
cost of producing useful goods. Recognizing the
importance of delivering polymers in stable,
industry-standard pellet form, petrochemical companies
have been developing methods for stabilizing otherwise
unstable low crystallinity polyolefins. These methods
include dusting the freshly-produced pellets with
inorganic compounds, like talc, or by blending a small
quantity of off-line-produced, more crystalline
component with the base soft polyolefin that "hardens"
the pellets to withstand shipping and storage without
clumping together. These methods have several
drawbacks. Using inorganic powders may introduce an
undesired component while providing only limited
increase in pellet stability. Melt-blending of off
line-produced stabilizer components tends to be
expensive due to the complexity of blending two highly
viscous molten polymer streams. [0005] In-line
blending through the use of series reactors producing
a low crystallinity and high crystallinity component
is also known in the art. Utilizing a series reactor
configuration, product blending may be accomplished in
the solution polymerization reactor itself when the
effluent of the first solution polymerization reactor
is fed into the second reactor operating at different
conditions with optionally different catalyst and
monomer feed composition. Referring to the two-stage
series reactor configuration of FIG. 1 (prior art),
the two different polymers made in the first and
second reactor stages are blended in the second stage
yielding a blended polymer product leaving the second
reactor. Such reactor series configuration may be
further expanded into more than a twostage series
configuration (three or more reactors in series).
While mixing in the downstream reactor(s) provides
good product mixing, particularly when the reactors
are equipped with mixing devices, e.g., mechanical
stirrers, such series reactor configuration and
operation presents a number of practical process and
product quality control problems due to the close
coupling of the reactors in the cascade. One of the
most important difficulties in commercial practice in
producing pellet-stable blends is ensuring proper
blend and monomer ratios of the soft polymer component
and the more stable highly crystalline polymer
component to deliver consistent blend quality.
Additional complications arise when the blend
components have different monomer compositions,
particularly when they have different monomer pools,
such as in the case of blending different copolymers
or in the case of blending homo- and copolymers. Since
the monomer streams are blended, there is no option
for their separate recovery and recycle mandating
costly monomer separations in the monomer recycle
lines. [0006] Applying parallel reactors can overcome
the disadvantages related to the direct coupling of
the polymerization reactors in an in-line polymer
blending applying series reactors. While production
flexibility is increased, a parallel reactor
arrangment necessitates the installation of blending
vessels increasing the cost of the process. U.S.
Patent Publication No. 2006/0183861 discloses blends
of at least two polymers incorporating
propylene-derived units and processes for producing
such blends wherein one polymer of the blend is a
low-crystallinity polymer including propylene-derived
units and the second polymer is a high-crystallinity
polymer including propylene-derived units. The
processes for producing such blends include both
series polymerization and parallel polymerizations
under solution polymerization conditions. The polymer
blends exhibit a reduced tendency for the polymer
pellets to agglomerate while maintaining the desirable
physical properties, such as elastomeric properties,
exhibited by low crystallinity propylene polymers. The
solution polymerization processes have limitations in
producing highly crystalline, high molecular
weight(high MW) products with higher melting point. In
particular, the solution process cannot typically
produce high MW products that also have high melting
point. This limitation makes it less than optimal for
making pellet-stable polyolefin blends wherein
incorporating highly crystalline (high melting point,
i.e., >145C, or >150C, or >152C, or >154C, or >155C,
or >156C) high MW (>75 kg/mol, or >100 kg/mol), or
>125 kg/mol, or >135 kg/mol, or >150 kg/mol) polymer
component is advantageous. U.S. Patent Publication No.
2006/0183861 is herein incorporated by reference in
its entirety. [0007] A need thus exists for an
improved and cost-effective method of in-line blending
low-crystallinity and high-crystallinity polyolefin
components to make pellet-stable polyolefins. More
particularly, a need exists for an improved in-line
method of blending low-crystallinity and
highcrystallinity polyolefin components, wherein the
highly crystalline polyolefin component may be made in
a homogeneous fluid state enabling in-line blending
without fouling the reactor, and the residence time,
monomer composition, catalyst choice, and catalyst
concentration can be independently controlled in each
polymer reactor prior to the in-line blending step.
SUMMARY [0008] Provided are in-line processes for
producing blends of pellet-stable polyolefins. [0009]
According to the present disclosure, an advantageous
in-line blending process for producing pellet-stable
polyolefin blends comprises: (a) providing two or more
reactor trains configured in parallel and a
high-pressure separator downstream fluidly connected
to the two or more reactor trains configured in
parallel, wherein one or more of the reactor trains
produce one or more low crystallinity polymer
components (LCPCs) and one or more of the reactor
trains produce one or more high crystallinity polymer
components (HCPCs); (b)contacting in the one or more
of the reactor trains configured in parallelproducing
HCPCs: 1) propylene, 2) optional ethylene and/or C4 to
Ci2 alpha olefins, 3) one or more catalyst systems,
and 4) optional one or more diluents or solvents,
wherein the polymerization system for at least one of
the reactor trains is at a temperature above the
solid-fluid phase transition temperature and at a
pressure no lower than 10 MPa below the cloud point
pressure and less than 1500 MPa, contacting in the
other one or more reactor trains configured in
parallel producing LCPCs: 1) ethylene or propylene, 2)
one or more C2 to C30 alpha olefins and/or
non-conjugated dienes, 3) one or more catalyst
systems, and 4) optional one or more diluents or
solvents, wherein the polymerization system for at
least one of the reactor trains is at a temperature
above the solid-fluid phase transition temperature and
at a pressure no lower than 10 MPa below the cloud
point pressure and less than 1500 MPa, wherein the
polymerization system for at least one of the reactor
trains configured in parallel is above its critical
temperature and critical pressure, wherein the
polymerization system for each reactor train is in its
dense fluid state and comprises any propylene present,
any ethylene present, any C4 to C30 alpha olefin
present, any non-conjugated diene present, any diluent
or solvent present, and the polymer product, wherein
the catalyst system for each reactor train comprises
one or more catalyst precursors, one or more
activators, and optionally, one or more catalyst
supports; wherein the polymerization system for each
reactor train comprises less than 40 wt% of the
optional solvent; and (c) forming a reactor effluent
including a homogeneous fluid phase polymer-monomer
mixture in each parallel reactor train; (d) combining
the reactor effluent comprising the homogeneous fluid
phase polymer-monomer mixture from each parallel
reactor train to form a combined reactor effluent; (e)
passing the combined reactor effluent through the
high-pressure separator for product blending and
product-feed separation; (f) maintaining the
temperature and pressure within the high-pressure
separator above the solid-fluid phase transition point
but below the cloud point pressure and temperature to
form a fluid-fluid two-phase system comprising a
polymer-rich phase and a monomer-rich phase; (g)
separating the monomer-rich phase from the
polymer-rich phase to form apolymer-enriched stream
comprising a blend of LCPCs and HCPCs and a separated
monomer-rich stream, and (h) further processing the
polymer enriched stream of (g) to further remove any
solvent/diluent and/or monomer and then forming it
into pellets to yield a pellet-stable product blend of
LCPCs and HCPCs. [0010] A further aspect of the
present disclosure relates to an advantageous in-line
blending process for producing pellet-stable
polyolefins blends comprising: (a) providing two or
more reactor trains configured in parallel and two or
more high-pressure separators fluidly connected to the
two or more reactor trains configured in parallel,
wherein one or more of the reactor trains produces one
or more low crystallinity polymer components (LCPCs)
and one or more of the reactor trains produces one or
more high crystallinity polymer components (HCPCs);
(b) contacting in the one or more of the reactor
trains configured in parallel producing HCPCs: 1)
propylene, 2) optional ethylene and/or C4 to C12 alpha
olefins, 3) one or more catalyst systems, and 4)
optional one or more diluents or solvents, wherein the
polymerization system for at least one of the reactor
trains is at a temperature above the solid-fluid phase
transition temperature and at a pressure no lower than
10 MPa below the cloud point pressure and less than
1500 MPa, contacting in the other one or more reactor
trains configured in parallel producing LCPCs: 1)
ethylene or propylene, 2) one or more C2 to C30 alpha
olefins and/or non-conjugated dienes, 3) one or more
catalyst systems, and 4) optional one or more diluents
or solvents, wherein the polymerization system for at
least one of the reactor trains is at a temperature
above the solid-fluid phase transition temperature and
at a pressure no lower than 10 MPa below the cloud
point pressure and less than 1500 MPa, wherein the
polymerization system for at least one of the reactor
trains configured in parallel is above its critical
temperature and critical pressure, wherein the
polymerization system for each reactor train is in its
dense fluid state and comprises any propylene present,
any ethylene present, any C4 to C30 alpha olefin
present, any non-conjugated diene present, any diluent
or solvent present, and the polymer product, wherein
thecatalyst system for each reactor train comprises
one or more catalyst precursors, one or more
activators, and optionally, one or more catalyst
supports; wherein the polymerization system for each
reactor train comprises less than 40 wt% of the
optional solvent; and (c) forming an unreduced reactor
effluent including a homogeneous fluid phase
polymer-monomer mixture in each parallel reactor
train; (d) passing the unreduced reactor effluents
from one or more but not from all of the parallel
reactor trains through one or more high-pressure
separators, maintaining the temperature and pressure
within the one or more high-pressure separators above
the solid-fluid phase transition point but below the
cloud point pressure and temperature to form one or
more fluid-fluid two-phase systems with each two-phase
system comprising a polymer-enriched phase and a
monomer-rich phase, and separating the monomer-rich
phase from the polymer-enriched phase in each of the
one or more high-pressure separators to form one or
more separated monomer-rich phases and one or more
polymer-enriched phases; (e) combining the one or more
polymer-enriched phases from the one or more
high-pressure separators of (d) with the one or more
unreduced reactor effluents from one or more parallel
reactor trains to form a mixture of one or more
polymer-enriched phases and the one or more unreduced
reactor effluents from the one or more parallel
reactor trains to form a combined effluent stream that
comprises the polymeric blend components from all
parallel reactor trains; (f) passing the combined
effluent stream of (e) into another high-pressure
separator for product blending and product-feed
separation; (g) maintaining the temperature and
pressure within the another high pressure separator of
(f) above the solid-fluid phase transition point but
below the cloud point pressure and temperature to form
a fluid-fluid two-phase system comprising a
polymer-rich blend phase and a monomer-rich phase; (h)
separating the monomer-rich phase from the polymerrich
blend phase to form a polymer-enriched stream
comprising a blend of LCPCs and HCPCs and a separated
monomer-rich stream, and (i) further processing the
polymer-enriched stream of (h) to further remove any
solvent/diluent and/ormonomer and then forming it into
pellets to yield a pellet-stable product blend of
LCPCs and HCPCs. [0011] These and other features and
attributes of the disclosed in-line processes for
producing pellet-stable polyolefin blends and their
advantageous applications and/or uses will be apparent
from the detailed description that follows,
particularly when read in conjunction with the figures
appended hereto. BRIEF DESCRIPTION OF THE DRAWINGS
[0012] To assist those of ordinary skill in the
relevant art in making and using the subject matter
hereof, reference is made to the appended drawings,
wherein: [0013] FIG. 1 presents the process for the
production of polymer blends in a two-stage series
reactor configuration (prior art); [0014] FIG. 2
presents an exemplary in-line polymer blending process
schematic for producing pellet-stable polyolefin
blends with a single separation vessel; [0015] FIG. 3
presents an exemplary in-line polymer blending process
schematic for producing pellet-stable polyolefin
blends with multiple separation vessels; [0016] FIG. 4
presents an exemplary in-line polymer blending process
schematic for producing pellet-stable polyolefin
blends with product effluent buffer tanks for improved
blend ratio control; [0017] FIG. 5 presents an
exemplary in-line polymer blending process schematic
with product effluent buffer tanks that also serve as
monomer/product separators for improved blend ratio
control;[0018] FIG. 6 presents an exemplary in-line
polymer blending process schematic for producing
pellet-stable polyolefm blends with one slurry reactor
train; [0019] FIG. 7 presents an exemplary in-line
polymer blending process schematic for producing
pellet-stable polyolefm blends with buffer tanks for
improved blend ratio control and with the option for
additive/polymer blending component; [0020] FIG. 8
presents an operating regime in accordance with the
process disclosed herein for a reactor operating in a
single liquid phase; [0021] FIG. 9 presents an
operating regime in accordance with the process
disclosed herein for a reactor operating in a
liquid-liquid phase; [0022] FIG. 10 presents an
operating regime in accordance with the process
disclosed herein for a gravity separator; and
DEFINITIONS [0023] For the purposes of this invention
and the claims thereto: [0024] A catalyst system is
defined to be the combination of one or more catalyst
precursor compounds and one or more activators. Any
part of the catalyst system can be optionally
supported on solid particles, in which case the
support is also part of the catalyst system. [0025]
Fluids are defined as materials in their liquid or
supercritical fluid states. Dense fluids are defined
as fluid media in their liquid or supercritical state
with densities greater than 300 kg/m3. [0026]
Solid-fluid phase transition temperature is defined as
the temperature at which a solid polymer phase
separates from the polymer-containing dense fluid
medium at a given pressure. The solid-fluid phase
transition temperature can bedetermined by temperature
reduction starting from temperatures at which the
polymer is fully dissolved in the fluid reaction
medium. Solid-fluid phase transition temperature can
be measured by turbidity in addition to other known
measurement techniques. [0027] Solid-fluid phase
transition pressure is defined as the pressure at
which a solid polymer phase separates from the
polymer-containing fluid medium at a given
temperature. The solid-fluid phase transition pressure
can be determined by pressure reduction at constant
temperature starting from pressures at which the
polymer is fully dissolved in the fluid reaction
medium. Solid-fluid phase transition pressure can be
measured by turbidity in addition to other known
measurement techniques. [0028] The cloud point is
defined as the pressure below which, at a given
temperature, the polymerization system becomes turbid
as described in J. Vladimir Oliveira, C. Dariva and J.
C. Pinto, Ind. Eng, Chem. Res. 29 (2000) 4627. For
purposes of this invention and the claims thereto, the
cloud point is measured by shining a helium laser
through the selected polymerization system in a cloud
point cell onto a photocell and recording the pressure
at the onset of rapid increase in light scattering
(turbidity) for a given temperature. The cloud point
typically corresponds to the transition from a single
fluid phase to two fluid phases (a polymer-rich and a
polymer-lean fluid phase). [0029] A higher a-olefin is
defined as an alpha-olefin having 4 or more carbon
atoms. [0030] Use of the term "polymerization"
encompasses any polymerization reaction such as
homopolymerization and copolymerization.
Copolymerization encompasses any polymerization
reaction of two or more monomers. [0031] The new
numbering scheme for the Periodic Table Groups is used
as published in CHEMICAL AND ENGINEERING NEWS, 63(5),
27 (1985).[0032] When a polymer is referred to as
comprising an olefin, the olefin present in the
polymer is the polymerized form of the olefin. [0033]
An oligomer is defined to be compositions having 2-75
monomer units. [0034] A polymer is defined to be
compositions having 76 or more monomer units. [0035] A
series reactor cascade can include two or more
reactors connected in series, in which the effluent of
an upstream reactor is fed to the next reactor
downstream in the reactor cascade. Besides the
effluent of the upstream reactor(s), the feed of any
reactor can be augmented with any combination of
additional monomer, catalyst, scavenger, or solvent
fresh or recycled feed streams. In a parallel reactor
configuration, the reactor or reactors in series
cascade that form a branch of the parallel reactor
configuration is referred to as a reactor train.
[0036] Reactor train or reactor branch or reactor leg
refers to a single polymerization reactor or to a
group of polymerization reactors of the in-line
blending process disclosed herein that produces a
single polymer blend component. If the reactor train
contains more than one reactor, the reactors are
arranged in a series configuration within the train.
The need for having more than one reator in a reactor
train may, for example, arise when an in-line blend
component cannot be produced at the desired rate
economically in a single reactor but there could be
also reasons related to blend component quality, such
as molecular weight or composition distribution, etc.
Since a reactor train can comprise multiple reactors
and/or reactor zones in series, the single blend
component produced in a reactor train may itself be a
polymer blend of polymeric components with varying
molecular weights and/or compositions. However, in
order to simplify the description of different
embodiments of the in-line blending processes
disclosed herein, the polymeric product of a reactor
train is referred tosimply as blend component or
polymeric blend component regardless of its molecular
weight and/or compositional dispersion. For the
purpose of defining the process of the present
invention, parallel reactors will be always considered
as separate reactor trains even if they produce
essentially the same in-line blend component. Also,
spatially separated, parallel reaction zones that do
not exchange or mix reaction mixtures by, for example,
pump-around loops, or by other recirculation methods,
will be considered as separate parallel reactor trains
even when those parallel zones are present in a common
shell and fall within the in-line blending process
disclosed herein. [0037] Reactor bank refers to the
combination of all polymerization reactors in the
polymerization section of the in-line polymer blending
process disclosed herein. A reactor bank may comprise
one or more reactor trains. [0038] A parallel reactor
configuration includes two or more reactors or reactor
trains connected in parallel. A reactor train, branch,
or leg of the parallel configuration may include one
reactor or more than one reactor configured in a
series configuration. The entire parallel reactor
configuration of the polymerization process disclosed
herein, i.e., the combination of all parallel
polymerization reactor trains forms the reactor bank.
[0039] Monomer recycle ratio refers to the ratio of
the amount of recycled monomer fed to the reactor
divided by the total (fresh plus recycled) amount of
monomer fed to the reactor. [0040] Polymerization
system is defined to be monomer(s) plus comonomer(s)
plus polymer(s) plus optional inert
solvent(s)/diluent(s) plus optional scavenger(s). Note
that for the sake of convenience and clarity, the
catalyst system is always addressed separately in the
present discussion from other components present in a
polymerization reactor. In this regard, the
polymerization system is defined here narrower than
customary in the art of polymerization that typically
considers the catalyst system as part of
thepolymerization system. By the current definition,
the mixture present in the polymerization reactor and
in its effluent is composed of the polymerization
system plus the catalyst system. Dense fluid
polymerization systems have greater than 300 kg/m3
fluid phase density, all of their components listed
above, i.e., the monomer(s) plus comonomer(s) plus
polymer(s) plus optional inert solvent(s)/diluent(s)
plus optional scavenger(s), are in fluid state, or
stating differently, none of their components is in
solid state. Note that these qualifications may be
different for the catalyst system since it is not part
of the polymerization system. [0041] The
polymerization system can form one single fluid phase
or two fluid phases. [0042] A homogeneous
polymerization system contains all of its components
dispersed and mixed on a molecular scale. In our
discussions, homogeneous polymerization systems are
meant to be in their dense fluid (liquid or
supercritical) state. Note that our definition of the
polymerization system does not include the catalyst
system, thus the catalyst system may or may not be
homogeneously dissolved in the polymerization system.
A homogeneous system may have regions with
concentration gradients, but there would be no sudden,
discontinuous changes of composition on a micrometer
scale within the system. In practical terms, a
homogeneous polymerization system has all of its
components in a single dense fluid phase. Apparently,
a polymerization system is not homogeneous when it is
partitioned to more than one fluid phases or to a
fluid and a solid phase. The homogeneous fluid state
of the polymerization system is represented by the
single fluid region in its phase diagram. [0043] A
homogeneous polymerization process operates with a
homogeneous polymerization system. Note that the
catalyst system is not part of the polymerization
system, thus it is not necessarily dissolved
homogeneously in thepolymerization system. A reactor
in which a homogeneous polymerization process is
carried out will be referred to as homogeneous
polymerization reactor. [0044] Pure substances,
including all types of hydrocarbons, can exist in
either a subcritical, or supercritical state,
depending on their temperature and pressure.
Substances in their supercritical state possess
interesting physical and thermodynamic properties,
which are exploited in this disclosure. In particular,
as supercritical fluids undergo large changes in
pressure, their density and solvency for polymers
changes over a wide range. To be in the supercritical
state, a substance must have a temperature above its
critical temperature (Tc) and a pressure above its
critical pressure (Pc). Mixtures of hydrocarbons,
including mixtures of monomers, polymers, and optional
solvents, have pseudo-critical temperatures (Tc) and
pseudo-critical pressures (Pc), which for many systems
can be approximated by mole-fraction- weighted
averages of the corresponding critical properties (Tc
or Pc) of the mixture's components. Mixtures with a
temperature above their pseudo-critical temperature
and a pressure above their pseudo-critical pressure
will be said to be in a supercritical state or phase,
and the thermodynamic behavior of supercritical
mixtures will be analogous to supercritical pure
substances. For purposes of this disclosure, the
critical temperatures (Tc) and critical pressures (Pc)
of certain pure substances relevant to the current
invention are those that found in the HANDBOOK OF
CHEMISTRY AND PHYSICS, David R. Lide, Editor-in-Chief,
82nd edition 2001-2002, CRC Press, LLC. New York,
2001. In particular, the Tc and Pc of various
molecules are:273.2 K = O0C. [0045] The following
abbreviations are used: Me is methyl, Ph is phenyl, Et
is ethyl, Pr is propyl, iPr is isopropyl, n-Pr is
normal propyl, Bu is butyl, iBu is isobutyl, tBu is
tertiary butyl, p-tBu is para-tertiary butyl, TMS is
trimethylsilyl, TIBA is tri-isobutylaluminum, MAO is
methylaluminoxane, pMe is para-methyl, flu is
fluorenyl, cp is cyclopentadienyl. [0046] By
"continuous" is meant a system that operates (or is
intended to operate) without interruption or
cessation. For example a continuous process to produce
a polymer would be one where the reactants are
continually introduced into one or more reactors and
polymer product is continually withdrawn. [0047] The
term "high boiling point diluent" refers to a
hydrocarbon having a boiling point of 300C or more ,
or 500C or more, or 700C or more, or 1000C or more, or
1200C or more , or 1500C or more than the boiling
point of propylene (-47.60C at 760 mmHg). High boiling
diluents are also referred to as solvents herein. In
olefin polymerization, solvents are typically
hydrocarbons comprising five or more carbon
atoms.[0048] Slurry polymerization refers to a
polymerization process in which particulate, solid
polymer (e.g., granular) forms in a dense fluid or in
a liquid/vapor polymerization medium. The dense fluid
polymerization medium can form a single or two fluid
phases, such as liquid, supercritical fluid, or
liquid/liquid, or supercritical fluid/supercritical
fluid, polymerization medium. In a liquid/vapor
polymerization medium, the polymer resides in the
liquid (dense) phase. Slurry polymerization processes
typically employ heterogeneous catalyst particles,
such as Ziegler-Natta catalysts or supported
metallocene catalysts, and the like. The solid
polymeric product typically adheres to the
heterogeneous solid catalyst particles thus forming a
slurry phase. Slurry polymerization processes operate
below the solid-fluid phase transition temperature of
the poymerization system. [0049] Solution
polymerization refers to a polymerization process in
which the polymer is dissolved in a liquid
polymerization system comprising substantial amounts
(typically 40 wt% or more, or 50 wt% or more, or 60
wt% or more) of solvent. Note that solution
polymerization comprises a liquid polymerization
system. Solution polymerization may be performed at
conditions where a vapor and a liquid phase are
present, in which case the polymerization system
comprises the liquid phase. [0050] Advantageously,
solution polymerization is performed with
liquid-filled reactors, in the substantial absence of
a vapor phase. Liquid-filled reactor operations are
characterized by reactor pressures that are at or
advantageously above the bubble point of the
polymerization system. Bubble point is defined as the
pressure at which a liquid starts forming vapor
bubbles at a given temperature. Bubble point pressures
of hydrocarbon blends can be readily determined by
standard techniques known in the art of chemical
engineering. Methods suitable for conducting such
calculations are equation of state methods, such as
Peng Robinson or Suave Redlich Kwong. The bubble point
of a liquid can be conveniently determined by reducing
the pressure at constant temperatureof a compressed
fluid until the first vapor bubble is formed. Solution
polymerization is typically performed in a single
homogeneous liquid phase, but solution polymerization
comprising two liquid phases are also known. In the
latter case, the polymerization system is below of its
cloud point pressure but above of its solid-fluid
phase transition pressure and temperature. In these
twophase liquid polymerizations systems, the
polymerization system is typically partitioned into
two liquid phases, a polymer-lean and a polymer-rich
liquid phase. In a well-stirred polymerization
reactor, these two phases are finely dispersed. Note,
however, that these two-phase liquid polymerizations
systems have none of their components in solid state.
[0051] Supercritical polymerization refers to a
polymerization process in which the polymerization
system is in its dense supercritical or pseudo
supercritical state, i.e. when the density of the
polymerization system is above 300 g/L and its
temperature and pressure are above the corresponding
critical or pseudo critical values. Supercritical
polymerization is typically performed in a single
homogeneous supercritical phase, but supercritical
polymerization comprising two supercritical fluid
phases is also contemplated. In the latter case, the
polymerization system is below of its cloud point
pressure but above of its solid-fluid phase transition
pressure and temperature. In these two-phase
supercritical fluid polymerizations systems, the
polymerization system is typically partitioned into
two fluid phases, a polymer-lean and a polymer-rich
fluid phase. In a well-stirred polymerization reactor,
these two phases are finely dispersed. Note, however,
that these two-phase supercritical fluid
polymerizations systems have none of their components
in solid state. [0052] Bulk polymerization refers to a
polymerization process in which the dense fluid
polymerization system contains less than 40 wt%, or
less than 30 wt%, or less than 20 wt%, or less than 10
wt%, or less than 5 wt%, or less than lwt % of inert
solvent. The product polymer may be dissolved in the
dense fluid polymerization system or may form a solid
phase. In this terminology, slurrypolymerization, in
which solid polymer particulates form in a dense fluid
polymerization system containing less than 40 wt% of
inert solvent or diluent, will be referred to as a
bulk slurry polymerization process or bulk
heterogeneous polymerization process. The
polymerization process in which the polymeric product
is dissolved in a single-phase dense fluid
polymerization system containing less than 40 wt% of
inert solvent will be referred to as bulk homogeneous
polymerization process. The polymerization process in
which the polymeric product is dissolved in a liquid
polymerization system containing less than 40 wt%, or
less than 30 wt%, or less than 20 wt%, or less than 10
wt%, or less than 5 wt%, or less than 1 wt% of inert
solvent will be referred to as bulk solution
polymerization process (as distinguished from other
solution polymerization processes in which the
polymeric product is dissolved in a liquid
polymerization system containing greater than or equal
to 40 wt% solvent). The polymerization process in
which the polymeric product is dissolved in a
singlephase supercritical polymerization system
containing less than 40 wt%, or less than 30 wt%, or
less than 20 wt%, or less than 10 wt%, or less than 5
wt%, or less than 1 wt% of inert solvent will be
referred to as bulk homogeneous supercritical
polymerization process. [0053] Homogeneous
supercritical polymerization refers to a
polymerization process in which the polymer is
dissolved in a single-phase dense supercritical fluid
polymerization medium, such as an inert solvent or
monomer or their blends in their supercritical state.
As described above, when the supercritical fluid
polymerization system contains less than 40 wt%, or
less than 30 wt%, or less than 20 wt%, or less than 10
wt%, or less than 5 wt%, or less than 1 wt% of inert
solvent and the polymer is dissolved in the dense
supercritical fluid, the process is referred to as a
bulk homogeneous supercritical polymerization process.
Homogeneous supercritical polymerization should be
distinguished from heterogeneous supercritical
polymerizations, such as for example, supercritical
slurry processes, the latter of which are performed in
supercritical fluids but formsolid polymer
particulates in the polymerization reactor. Similarly,
bulk homogeneous supercritical polymerization should
be distinguished from bulk solution polymerization,
the latter of which is performed in a liquid as
opposed to in a supercritical polymerization system.
Note that by our definitions, the catalyst system
should not be considered in determining whether a
polymerization process is homogeneous or not. [0054]
Fouling refers to accumulation and deposition of solid
polymer in the interior reactor volume and/or in its
interconnected parts such as feed ports, stirrer (for
stirred reactors), etc. For crystalline polymers, the
polymer tends to accumulate and deposit on the reactor
interior by crystallization on surfaces that are at or
below the crystallization temperature of the polymer.
Reactor fouling creates considerable operational
costs, including reduced production rates and
increased downtime for cleaning. [0055] Reaction zone
refers to the interior of a polymerization reactor
where both the catalyst system and the polymerization
system are present and mixed intentionally. The
reaction zone is defined as the reactor interior
filled with the mixed polymerization and catalyst
systems between the feed ports and the effluent ports.
By "where both the catalyst system and the
polymerization system are present and mixed
intentionally" we mean the space where the
polymerization reaction is designed to take place and
the polymer is designed to be present as opposed to
spaces where no reaction is intended to happen and no
polymer is intended to be present, such as the
interior of the catalyst and monomer feed ports,
stirrer assembly, etc. Although the later spaces are
directly coupled to the reaction zone, no polymer is
intended to enter and no polymer is intended to be
polymerized in those spaces. [0056] Pellet stability
refers to the ability of polymer pellets to avoid
agglomeration and remain free-flowing during shipment
and storage.[0057] A low-crystallinity polymer
component (also referred to as LCPC component or LCPC)
shall mean a polyolefin polymer that has a heat of
fusion of less than 50 J/g and a melting peak
temperature of less than 1000C. Particles made from
such low crystallinity polymers are often copolymers,
generally soft to the touch and may be tacky. While
these properties are desirable for many enduse
applications, the polymers present storage and
handling problems. For example, polymer particles,
commonly referred to in the industry as pellets, made
from these low crystallinity polymers have a tendency
to agglomerate (or exhibit restricted flow),
particularly after long-term warehouse storage at
ambient temperatures, and hence exhibit what is
referred to as poor pellet stability. [0058] A
high-crystallinity polymer component (also referred to
as HCPC component or HCPC) shall mean a polymer that
is primarily crystalline and incorporating at least 90
wt% of propylene-derived units wherein the
propylenederived units have an isotactic triad
fraction of greater than about 90%. HCPCs are also
characterized by high melting points of >100C, or
>135C, or >145C, or >150C, or >152C, or >154C, or
>155C, or >156C and high heat of fusion of at least 75
J/g. Particles made from such high-crystallinity
propylene based polymers are generally hard to the
touch and are not tacky. Polymer pellets made from
these low crystallinity propylene based polymers do
not have a tendency to agglomerate (or exhibit
restricted flow), particularly after long-term
warehouse storage at ambient temperatures, and hence
exhibit good pellet stability. [0059] An
ethylene-propylene random copolymer (also referred to
herein as RCP, EP copolymer, EP random copolymer and
EP polyolefin elastomer) is defined as propylene-based
polymer with random insertions of ethylene along the
propylene-based polymer backbone. This is to be
distinguished from ethylenepropylene block copolymers
which have groups or blocks of ethylene inserted along
the propylene-based polymer backbone.[0060] An
isotactic polypropylene blend component (also referred
to herein as iPP, isotactic PP, and isotactic
polypropylene) is defined as propylene-based polymer
with all the methyl groups located on the same side of
the polymer chain. Isotactic polypropylene is
semicrystalline and forms a helix configuration. The
equilibrium heat of fusion for 100% crystalline
isotactic polypropylene is 8.7 kJ/mol or 207 J/g
(single crystal measurement) reported in B.
Wunderlich, "Thermal Analysis", Academic Press, 1990,
Page 418. [0061] An in-line blending process disclosed
herein refers to one where the polymerization and the
polymer blending processes are integrated in a single
process. Although in-line blending processes typically
employ polymerization trains using solution or
homogeneous supercritical polymerization systems, one
or more of the polymerization trains may employ slurry
polymerization systems, particularly bulk slurry
polymerizaton systems. When the polymerization reactor
bank includes one or more slurry polymerization
trains, the effluents of those slurry trains are
always heated to dissolve the polymer and are
optionally pressurized before mixing them with the
effluents of other trains to enable fluidphase mixing.
[0062] Polymer pellets polyolefin pellets, or pellets
are defined as polymer particles having a variety of
shapes such as spheres, cylinders, eggs and disks.
Polymer pellets are typically formed with melt
extruders, often twin screw extruders, which function
by melting a polymer or polymer blend and extruding it
through a die where it is chopped into small pellets
having the above shapes. In general, pellet size is
measured by the total weight of 50 pellets. [0063] The
pellet-stable polyolefin blend disclosed herein refers
to a mixture of one or more low-crystallinity polymer
components and one or more high-crystallinity polymer
components that are blended in-line in a process. One
or more of the components may be produced internally
in the in-line blending process and then mixed in the
same process without recovering them in their
solidstate. Optionally, one or more of the components
may be produced off-line and in-line blended with the
other polymer components. Optionally, the in-line
blends may also contain additives produced outside the
invention process, such as plasticizers, UV
stabilizers, antioxidants, etc., and off-line
polymeric additives/modifiers in minor amounts, i.e.,
less than 50%, or less than 40%, or less than 30%, or
less than 20%, or less than 10%, or less than 5%, or
less than 1% by weight. DETAILED DESCRIPTION [0064]
Disclosed herein are novel in-line processes for
producing pellet-stable polyolefin blends comprising
one or more low-crystallinity polymer components
(LCPCs) and one or more high-crystallinity polymer
components (HCPCs). The resulting polymer blends
retain the softness of the LCPC while exhibiting more
rapid hardening and crystallization after production
as a result of the HCPC component. In particular,
pelletization of the polymer blends through
conventional finishing techniques provides pellets
that attain a high degree of crystallization within a
relatively short period of time, upon cooling of the
pellets, as compared to pellets produced from the
LCPC. Pellets produced from the pellet-stable
polyolefin blends exhibit reduced storage and handling
problems associated with low crystallinity propylene
polymers. [0065] It has been discovered that
pellet-stable polyolefin blends may be advantageously
produced in an in-line process consisting of two or
more parallel reactor trains for polymerizing and
blending one or more LCPCs and one or more HCPCs,
wherein blending occurs in the fluid phase. In some
advantageous embodiments, at least one of the reactor
trains operates above the critical temperature and
critical pressure of the polymerization system. In
some other embodiments, the polymerizations to produce
the LCPC and HCPC components in-line take place in
homogeneous polymerization systems. In yet other
embodiments, the polymerizations to produce the LCPC
and HCPC componentsin-line take place in solution or
in homogenous supercritical polymerization systems, or
in combinations thereof. [0066] LCPC pellets alone
have poor pellet stability in that they have a
tendency to agglomerate during shipping, handling and
transport. Not bound by any theory, agglomeration of
these pellets believed to result from deformation of
the polymer pellets or by binding their tacky surfaces
during storage and handling during the first few hours
or days following production of the pellets.
Specifically, upon production, polymer pellets
generally have shapes that are spherical, cylindrical,
disk-like, or other shapes in which the outer surface
of the pellets are curved as opposed to flat surfaces.
Generally, polymer pellets are freeflowing as the
curved surfaces of the pellets have minimal contact
surface and thus slide freely past each other.
However, under certain circumstances, the curved
pellet surfaces may become flattened during storage as
a result of the pellets pressing against each other,
especially when stored in containers with significant
vertical dimensions. When this flattening of the
surfaces of the polymer pellets occurs, contact area
increases significantly, reducing the ability of the
pellet surfaces to slide past each other, leading to
agglomeration or restricted flow of the particles in
subsequent processing steps. A similar restriction of
flow may also result from the binding of tacky
surfaces or the combination of deformation and
binding. [0067] By increasing the rate of
crystallization by incorporating one or more HCPCs
into the LCPC to form a blend, flattening of the
surfaces of the pellets is less likely to occur and
the pellets can become hard in the course of
conventional polymer finishing steps to provide
free-flowing pellets, even after the pellets are
stored for long periods of time at high ambient
temperatures. The resistance of a pellet to flattening
of its surfaces is related to the level of
crystallization of the polymers and may be determined
by measuring the hardness of the polymer pellets.
Pellets having a Shore A Hardness (ASTM 2240) of at
least 50, or advantageously at least 60, or more
advantageously at least 65 have a reducedtendency to
agglomerate. While pellets made from many
low-crystallinity polymers may achieve this level of
hardness following production, it may take days before
this level of hardness is attained as the pellets
crystallize slowly over time, particularly for
propylene-based and ethylene-based polymers and
copolymers where crystallization kinetics are known to
be slower. The in-line fluid phase processes for
producing pellet-stable polyolefin blends described
herein speed the rate of crystallization of the
polymer pellets to provide a hardness, in a short
period of time after production, which enables the
pellets to flow freely, even after long storage
periods. The high-crystallinity blend component may
also form a coating over the tacky soft component that
resists binding thus prevents the fomation of large,
aggomerated pieces. [0068] As disclosed in U.S. Patent
Application No. 60/876,193 filed on December 20, 2006,
herein incorporated by reference in its entirety, an
improved in-line process for blending polymers has
been developed to improve blend quality and reduce the
capital and operating costs associated with a combined
polymerization and blending plant. The present
disclosure expands the scope of U.S. Patent
Application No. 60/876,193 to an in-line blending
process with two or more parallel reactor trains for
producing pellet-stable polyolefins. [0069] U.S.
Patent Application No. 60/905,247, filed on March 6,
2007, incorporated herein in its entirety by
reference, discloses novel recycle methods for the
unconverted monomers that emerge from the parallel
reactor trains of the in-line fluid phase polymer
blending processes disclosed herein, In particular,
the novel recycle methods are applicable wherein each
monomer component fed to a first group of one or more
reactor trains of the said in-line blending processes
is also present in the feed of a second group of one
or more trains of the said in-line blending processes.
[0070] U.S. Patent Application No. 60/993,647, filed
on September 13, 2007, incorporated herein in its
entirety by reference, discloses a novel process for
fluidphase in-line blending of plasticized polymers,
wherein one or more of the plasticizers are produced
in a reactor train in parallel with the reactor train
used to produce the one or more polymers. 



[0071] U.S. Patent Application No. 60/993,646, filed
on September 13, 2007, incorporated herein in its
entirety by reference, discloses a novel process for
in-line blending of off-line produced plasticizers and
in-line produced polymers, wherein the one or more
plasticizers are fed to the process after the polymer
reactor train and while the base polymer still has a
substantial quantity of light components to form a
plasticized polymer blend. [0072] As previously
described, U.S. Patent Publication No. 2006/0183861,
herein incorporated by reference in its entirety,
discloses blends of at least two polymers
incorporating propylene-derived units and processes
for producing such blends wherein one polymer of the
blend is a low crystallinity polymer including
propylene-derived units and the second polymer is a
high crystallinity polymer including propylene-derived
units. The processes for producing such blends include
both series polymerization and parallel
polymerizations under solution polymerization
conditions. The polymer blends exhibit a reduced
tendency for the polymer pellets to agglomerate while
maintaining the desirable physical properties, such as
elastomeric properties, exhibited by low crystallinity
propylene polymers. Disclosed herein are improved
in-line fluid phase processes for producing
pellet-stable blends of one or more LCPCs and one or
more HCPCs wherein at least one of the parallel
reactor trains operates under supercritical
conditions. The in-line fluid-phase processes
disclosed herein polymerize one or more LCPCs, and one
or more HCPCs, which are subsequently blended in-line
to produce stable pellets that achieve a state of
crystallization sufficient to provide a Shore A
hardness of at least 50, more advantageously at least
52, more advantageously at least 55, more
advantageously at least 57, more advantageously at
least 60, and still more advantageously at least 65,
in a relatively short period time (i.e., within 40
minutes after initial cooling of the pellets,
moreadvantageously within 30 minutes, more
advantageously within 20 minutes, more preferable
within 15 minutes, more advantageously within 10
minutes and more advantageously within 5 minutes), as
compared to pellets produced from the one or more
LCPCs alone. In one embodiment, the Shore A hardness
is from 50 to 120 or 55 to 120. Without being bound by
theory, it is believed that the blend of LCPC and HCPC
components function to accelerate crystallization of
the one or more LCPCs to help reach the requisite
Shore A hardness. Also, rapid crystallization of the
one or more HCPCs helps achieve the requisite Shore A
hardness. The HCPC component may also form a hard
coating that eliminates tackiness of the pellet
surfaces. [0073] Some embodiments of the in-line fluid
phase blending processes disclosed herein allow for
the agglomeration tendencies of pellets made from
propylene based and ethylene based LCPCs to be reduced
or eliminated by in-line fluid phase blending with at
least one HCPC incorporating propylene-derived units
(incorporating at least 90 wt% of propylene derived
units and a melt temperature of at least 1000C and a
heat of fusion of at least 75 J/g). The one or more
LCPCs and one or more HCPCs are polymerized in two or
more parallel reactor trains, blended in one or more
high pressure separators and formed into pellets all
in one continuous in-line process, wherein one or more
of the parallel reactor trains operates under
supercritical conditions. [0074] In one form of the
novel in-line process to produce pellet-stable
polyolefin blend pellets, the process includes
providing two or more reactor trains configured in
parallel and a high-pressure separator downstream
fluidly connected to the two or more reactor trains
configured in parallel, wherein one or more of the
reactor trains produces one or more low-crystallinity
polymer components (LCPCs) and one or more of the
reactor trains produces one or more highcrystallinity
polymer components (HCPCs). For the one or more
reactor trains producing HCPCs, 1) propylene, 2)
optional ethylene and/or C4 to C 2 alpha olefins, 3)
one or more catalyst systems, and 4) optional one or
more diluents orsolvents are contacted, wherein the
polymerization system for at least one of the reactor
trains is at a temperature above the solid-fluid phase
transition temperature and at a pressure no lower than
10 MPa below the cloud point pressure and less than
1500 MPa. For the one or more reactor trains producing
LCPCs, 1) ethylene or propylene, 2) one or more C2 to
C3oalpha olefins and/or non-conjugated dienes, 3) one
or more catalyst systems, and 4) optional one or more
diluents or solvents are contacted, wherein the
polymerization system for at least one of the reactor
trains is at a temperature above the solid-fluid phase
transition temperature and at a pressure no lower than
10 MPa below the cloud point pressure and less than
1500 MPa. A reactor effluent is formed in each
parallel reactor train, which includes a homogeneous
fluid phase polymer-monomer mixture. These reactor
effluents are then combined to form a combined reactor
effluent. The combined reactor reactor effluent is
then passed through the high-pressure separator for
product blending and product-feed separation. The
temperature and pressure within the high-pressure
separator is maintained above the solid-fluid phase
transition point but below the cloud point pressure
and temperature to form a fluid-fluid two-phase system
comprising a polymer-rich phase and a monomerrich
phase. This allows for separating the monomer-rich
phase from the polymerrich phase to form a
polymer-enriched stream comprising a blend of LCPCs
and HCPCs and a separated monomer-rich stream. The
polymer enriched stream is then further processed to
further remove any solvent/diluent and/or monomer and
is then formed into pellets to yield a pellet-stable
product blend of LCPCs and HCPCs. [0075] In another
form of the novel in-line process to produce
pellet-stable polyolefin blends, the process includes
providing two or more reactor trains configured in
parallel and two or more high-pressure separators
fluidly connected to the two or more reactor trains
configured in parallel, wherein one or more of the
reactor trains produces one or more low crystallinity
polymer components (LCPCs) and one or more of the
reactor trains produces one or more highcrystallinity
polymer components (HCPCs). One or more of the reactor
trains configured in parallel produce HCPCs by
contacting 1) propylene, 2) optional ethylene and/or
C4 to Ci2 alpha olefins, 3) one or more catalyst
systems, and 4) optional one or more diluents or
solvents, wherein the polymerization system for at
least one of the reactor trains is at a temperature
above the solid-fluid phase transition temperature and
at a pressure no lower than 10 MPa below the cloud
point pressure and less than 1500 MPa. One or more the
reactor trains produce LCPCs by contacting: 1)
ethylene or propylene, 2) one or more C2 to C30 alpha
olefins and/or non-conjugated dienes, 3) one or more
catalyst systems, and 4) optional one or more diluents
or solvents, wherein the polymerization system for at
least one of the reactor trains is at a temperature
above the solid-fluid phase transition temperature and
at a pressure no lower than 10 MPa below the cloud
point pressure and less than 1500 MPa. In each
parallel reactor trains is formed an unreduced reactor
effluent including a homogenous fluid phase
polymermonomer mixture. The unreduced reactor
effluents from one or more but not from all of the
parallel reactor trains are then passed through one or
more highpressure separators while maintaining the
temperature and pressure within the one or more
high-pressure separators above the solid-fluid phase
transition point but below the cloud point pressure
and temperature to form one or more fluid-fluid
two-phase systems with each two-phase system
comprising a polymer-enriched phase and a monomer-rich
phase. The monomer-rich phase from the polymerenriched
phase in each of the one or more high-pressure
separators are separated to form one or more separated
monomer-rich phases and one or more polymerenriched
phases. The one or more polymer-enriched phases are
then combined with the one or more unreduced reactor
effluents from one or more parallel reactor trains to
form a mixture of one or more polymer-enriched phases
and the one or more unreduced reactor effluents from
the one or more parallel reactor trains to form a
combined effluent stream that comprises the polymeric
blend components from all parallel reactor trains. The
combined effluent stream is then passed into another
high-pressure separator for product blending and
product-feedseparation where the temperature and
pressure are maintained above the solidfluid phase
transition point but below the cloud point pressure
and temperature to form a fluid-fluid two-phase system
comprising a polymer-rich blend phase and a
monomer-rich phase. The the monomer-rich phase is
separate from the polymerrich blend phase to form a
polymer-enriched stream comprising a blend of LCPCs
and HCPCs and a separated monomer-rich stream. The the
polymer-enriched stream is further processed to
further remove any solvent/diluent and/or monomer and
is then formed into pellets to yield a pellet-stable
product blend of LCPCs and HCPCs. [0076] In some
advantageous embodiments, the polymerization system
for at least one of the reactor trains configured in
parallel operates above its critical temperature and
critical pressure and the polymerization system for
each reactor train comprises less than 40 wt% of the
optional solvent/diluent. [0077] The above-disclosed
in-line blending processes also comprehend the option
for recycling the separated monomer-rich stream from
the separator(s) to the one or more of the reactor
trains producing the one or more LCPCs and/or one or
more HCPCs, and thus eliminating the need for
separating mixed monomer and optional solvent streams
before recycling them to the appropriate reactor
trains as disclosed in U.S. Pat. Appl. 60/905,247,
filed on March 6, 2007. [0078] In essence, the in-line
blending processes disclosed herein comprise a
polymerization section and at least one
monomer-polymer separator vessel, called the
separator-blending vessel, or separator blender, or
high-pressure separator. The separator-blending-vessel
serves as both a separator and a blender for the
polymer-containing reactor effluents of the two or
more parallel reactor trains in the reactor bank in
which the two reactor trains employ a dense
homogeneous fluid polymerization system (i.e., defined
as a homogeneous supercritical or a solution
polymerization process). It is also beneficial to the
proper operation of the in-line blending processes
disclosed herein to bring the polymerization systemin
each reactor train effluent into a homogeneous state
upstream of the separatorblending vessel. Therefore,
when one or more in-line blending components is/are
produced in a particle-forming polymerization process,
such as, for example bulk propylene slurry
polymerization with Ziegler-Natta or supported
metallocene catalysts, the so-produced solid polymer
pellets need to be homogeneously dissolved in the
reactor effluent before entering the
separator-blending vessel. This can be accomplished
by, for example, pumping the reactor effluent slurry
into a higher-temperature/higher-pressure dissolution
zone that brings the reactor effluent above the
solid-fluid phase transition temperature creating a
stream in which the reaction product is homogeneously
dissolved. [0079] The methods of fluid phase in-line
polymer blending of one or more LCPC and one or more
HCPC components disclosed herein offer significant
advantages relative to prior art methods of blending
these polymers. One or more of the advantages of the
dislosed method of in-line blending include, but are
not limited to, improved polymer blend homogeneity
because of molecular-level mixing of blend components,
improved cost of manufacture because of savings from
avoidance of the reprocessing cost associated with
conventional off-line blending processes that start
with the separately produced solid, pelletized polymer
blend components, and because of the ease and
simplicity of blending polymers at substantially
reduced viscosities due to the presence of substantial
amounts of mononomers and optionally solvents in the
blending step; flexibility of adjusting blend ratios
and therefore blend properties in-line; flexibility in
adjusting production rates of the blend components;
flexibility in independently controlling for each
reactor the residence time, monomer composition and
conversion, catalyst choice, catalyst concentration,
temperature and pressure; improved blend quality;
flexibility in making a broader slate of LCPC and HCPC
blended products in the same plant; reduced process
cost by utilizing the monomer-polymer separator(s) for
product blending; the ability to produce higher
MW-higher melting point HCPC components without
fouling compared tosolution processing; and in some
embodiments, for product buffering to allow better
control of blend ratio. A further improvement over the
prior art also relates to enabling the in-line
production and blending of highly crystalline, high MW
iPP HCPC components in a homogeneous (solution or
supercritical) polymerization system amenable to
in-line blending without the additional cost of
converting the reactor effluent from heterogeneous to
homogeneous polymerization system. Prior-art processes
were only able to produce such high MW, highly
crystalline, high melting point isotactic
polypropylenes in heterogeneous polymerization
systems, such as slurry or gas phase propylene
polymerization. These processes, however, are not
advantageous for in-line blending of the HCPC and LCPC
components, since they do not deliver the iPP
component in a homogenously dissolved dense fluid
state required for in-line blending. [0080] The
pellet-stable polyolefins blends disclosed herein also
yield advantageous properties including, but not
limitied to, improved pellet stability due to improved
HCPC performance due to the ability to in-line produce
and blend isotactic polypropylene HCPC components with
increased melting point, MW, and crystallinity. Such
HCPC components provide superior pellet stability due
to their ability to create a stiffer scaffold within
the LCPC matrix. LOW CRYSTALLINITY POLYMER COMPONENT
(LCPC) [0081] The following is a description of low
crystallinity polymer components suitable for use in
the polymer blends that may be produced in the
processes described herein. In one form, the LCPC is a
propylene copolymer with high (>10 wt%, or >12 wt%, or
>14 wt%) comonomer levels (also referred to as a
propylene-based LCPC). In another form, the LCPC is an
ethylene copolymer with high (>12 wt%, >14 wt%, >20
wt%) comonomer levels (also referred to as an
ethylene-based LCPC). When the LCPC is either a
propylene based or an ethylene based LCPC, it shall be
referred to as a LCPC.[0082] When the LCPC is a
propylene copolymer, it includes propylene-derived
units and exhibits low crystallinity. In this form,
the propylene copolymer comprises at least 75 wt% of
propylene-derived units and 10 wt% to 25 wt% of
ethylene, C4 to C30 higher alpha olefins,
non-conjugated dienes and combinations thereof, and
wherein the propylene-derived units have an isotactic
triad fraction of about 65% to about 99% and wherein
the polymer has a heat of fusion of less than 50 J/g.
The heat of fusion and isotactic triad fraction of a
polymer, as well as methods for determination of each,
are described in WO 2002/083754 Al, which is
incorporated by reference herein in its entirety.
Particles made from polymers of this type are
generally soft to the touch and may be tacky. While
these properties are desirable for many end-use
applications, the polymers present storage and
handling problems. For example, polymer particles,
commonly referred to in the industry as pellets, made
from these polymers have a tendency to agglomerate (or
exhibit restricted flow), particularly after long-term
warehouse storage at ambient temperatures. [0083] When
the LCPC is an ethylene copolymer, it includes
ethylene-derived units and exhibits low crystallinity.
In this form, the ethylene copolymer includes between
40 wt% and 88 wt% of ethylene-derived units and 60 wt%
to 12 wt% C3 to C30 higher alpha olefins,
non-conjugated dienes and combinations thereof, and
wherein the copolymer has a melting temperature of
less than 1000C. [0084] The LCPC has crystalline
regions interrupted by non-crystalline regions. The
non-crystalline regions may result from regions of
non-crystallizable polypropylene or polyethylene
segments and/or the inclusion of comonomer units. The
crystallinity and the melting point of the LCPC are
reduced compared to highly isotactic polypropylene or
high density polyethylene by the introduction of
errors in the insertion of propylene or ethylene
and/or by the presence of comonomer.[0085] In one
embodiment, the LCPC is a propylene based copolymer
that incorporates from 10 to 20 wt%, or advantageously
12 to 18 wt%, or more advantageously 14 to 16 wt%, of
the ethylene-derived units. In another embodiment, the
LCPC is an ethylene based copolymer that incorporates
from from 10 to 40 wt%, or advantageously 12 to 18
wt%, or more advantageously 14 to 16 wt%, of the
propylene-derived units. [0086] In one embodiment, the
propylene based LCPC comprises at least 75 wt% of
propylene-derived units. In another embodiment, the
LCPC comprises from 75 wt% to 90 wt% of
propylene-derived units. In still another embodiment,
the LCPC comprises from 80 wt% to 90 wt% of
propylene-derived units. [0087] In another embodiment,
the ethylene based LCPC comprises between 40 wt% and
90 wt% of ethylene-derived units. In another
embodiment, the LCPC comprises from 50 wt% to 85 wt%
of ethylene-derived units. In still another
embodiment, the LCPC comprises from 60 wt% to 85 wt%
of ethylene-derived units. [0088] In one embodiment,
the LCPC has a Shore A hardness of less than about 90.
In another embodiment, the LCPC has a Shore A hardness
of about 45 to about 90. In still another embodiment,
the LCPC has a Shore A hardness of about 50 to about
75. [0089] In one embodiment, the LCPC has a melt flow
rate (MFR) of about 0.1 to about 10,000 g/10 min. In
another embodiment, the LCPC has an MFR of about 0.5
to about 2,000 g/10 min. In still another embodiment,
the LCPC has an MFR of about 1 to about 100 g/10 min.
[0090] The crystallinity of the propylene-based LCPC
may be expressed in terms of heat of fusion. In
certain embodiments, the propylene based LCPC has a
heat of fusion, as determined by DSC, ranging from a
lower limit of 1.0 J/g, or 1.5 J/g, or 3.0 J/g, or 4.0
J/g, or 6.0 J/g, or 7.0 J/g, to an upper limit of 50
J/g, or 40J/g, or 30 J/g. Without being bound by
theory, it is believed that the propylene based LCPC
described herein has generally isotactic
crystallizable propylene sequences, and the heats of
fusion described above are thought to result from
melting of these crystalline segments. In one
embodiment, the LCPC has a heat of fusion of less than
30 J/g. In one embodiment, the level of crystallinity
of the LCPC is also reflected in a lower (less than
1000C) melting point. [0091] In one embodiment, the
propylene based LCPC has a weight average molecular
weight (Mw) within the range having an upper limit of
5,000,000 g/mol, or 1,000,000 g/mol, or 500,000 g/mol,
and a lower limit of 10,000 g/mol, or 15,000 g/mol, or
20,000 g/mol, or 80,000 g/mol, and a molecular weight
distribution (MWD) characterized by the ratio of
weight and number average molecular weights (Mw/Mn),
sometimes referred to as a "polydispersity index"
(PDI), within the range having an upper limit of 40,
or 20, or 10, or 5, or 4.5, or 3.0, or 2.5, and a
lower limit of 1.5, or 1.8, or 1.9. [0092] In one
embodiment, the propylene-derived units of the
propylene based LCPC have a peak melt temperature of
less than 65C. In another embodiment, the
propylene-derived units of the LCPC have a peak melt
temperature less than 550C. In still another
embodiment, the propylene-derived units of the LCPC
have a peak melt temperature less than 500C. [0093] In
one embodiment, the ethylene-derived units of the
ethylene-based LCPC have a peak melt temperature of
less than 1000C. In another embodiment, the
ethylene-derived units of the LCPC have a peak melt
temperature less than 800C. In still another
embodiment, the ethylene-derived units of the LCPC
have a peak melt temperature less than 600C. In still
yet another embodiment, the ethylene-derived units of
the LCPC have a peak melt temperature less than 500C.
[0094] In some embodiments, the crystallinity of the
propylene-based LCPC is reduced by the
copolymerization of propylene with limited amounts of
one or more comonomers selected from: ethylene, C4 to
C2oalpha-olefins, and polyenes.In one embodiment, the
LCPC comprises at least 10 wt% of the alpha-olefin
comonomer units. In another embodiment, the LCPC
comprises about 10 wt% to about 20 wt% of the
alpha-olefin comonomer units. In another embodiment,
the LCPC comprises from about 75 wt% to about 90 wt%
propylene-derived units and from about 10 wt% to about
25 wt% of the ethylene-derived units. In still another
embodiment, the LCPC comprises from about 80 wt% to
about 90 wt% propylene-derived units and from about 10
wt% to about 20 wt% of the ethylenederived units. In
an additional embodiment, the LCPC comprises at least
70 wt% of propylene-derived units and about 10 wt% to
about 30 wt% of the ethylenederived units. [0095] The
optional polyene units may be derived from any
hydrocarbon structure having at least two unsaturated
bonds wherein at least one of the unsaturated bonds
may be incorporated into a polymer. For example, the
optional polyene may be selected from straight chain
acyclic olefins, such as 1,4-hexadiene and
1,6-octadiene; branched chain acyclic olefins, such as
5-methyl-l,4- hexadiene, 3,7-dimethyl- 1,6-octadiene,
and 3,7-dimethyl-l,7-octadiene; single ring alicyclic
olefins, such as 1,4-cyclohexadiene,
1,5-cyclooctadiene, and 1,7- cyclododecadiene;
multi-ring alicyclic fused and bridged ring olefins,
such as tetrahydroindene, norbornadiene,
methyl-tetrahydroindene, dicyclopentadiene,
bicycle-(2.2.1)-hepta-2,5-diene, alkenyl norbornenes,
alkylidene norbornenes, cycloalkenyl norbornenes, and
cycloalkyliene norbornenes (such as 5-methylene-
2-norbornene, 5-ethylidene-2-norbornene,
5-propenyl-2-norbornene,
5-isopropylidene-2-norbornene,
5-(4-cyclopentenyl)-2-norbornene,
5-cyclohexylidene-2-norbornene, and
5-vinyl-2-norbornene); and cycloalkenyl-substituted
alkenes, such as vinyl cyclohexene, allyl cyclohexene,
vinyl cyclooctene, 4-vinyl cyclohexene, allyl
cyclodecene, vinyl cyclododecene, divinyl benzene, and
tetracyclo(A-l,12)-5,8-dodecene. [0096] In one
embodiment, the LCPC incorporates from about 1 wt% to
about 12 wt% of polyene-derived units, based on the
combined weight of thepropylene-derived units or
ethylene-derived units and the alpha-olefin-derived
units, if any. In another embodiment, the LCPC
incorporates from about 1.0 wt% to about 9.0 wt% of
polyene-derived units, based on the combined weight of
the propylene-derived units and the
alpha-olefin-derived units, if any. In another
embodiment, the LCPC incorporates from about 2.0 wt%
to about 7.0 wt% of polyene-derived units, based on
the combined weight of the propylene-derived units and
the alpha-olefin-derived units, if any. In yet another
embodiment, the LCPC incorporates from about 3.0 wt%
to about 5.0 wt% of polyene-derived units, based on
the combined weight of the propylene-derived units and
the alphaolefin- derived units, if any. [0097] In one
embodiment, the polyene-derived units are derived from
5-ethylidene-2-norbornene. In another embodiment, the
polyene-derived units are derived from
5-vinyl-2-norbornene. In still another embodiment, the
polyenederived units are derived from divinyl benzene.
[0098] Exemplary propylene based LCPCs are
commercially available from ExxonMobil Chemical under
the tradename Vistamaxx(r). [0099] Process conditions
and catalysts for LCPC polymerization are described in
detail below. For further general process condition
information suitable for use in preparing the LCPCs,
reference U.S. Pat. No. 5,001,205 and PCT publications
WO 96/33227 and WO 97/22639, all of which are herein
incorporated by reference. HIGH CRYSTALLINITY POLYMER
COMPONENT (HCPC) [00100] The following is a
description of high crystallinity polymer components
("HCPCs") suitable for use in the polymer blends and
processes described herein. [00101] The HCPC may be a
propylene homopolymer or copolymer. The polypropylene
used in the blends described herein may vary widely in
form. Forexample, a substantially isotactic
polypropylene homopolymer can be used or the
polypropylene can be in the form of a random copolymer
containing less than or equal to about 10 weight
percent of other comonomer, i.e., at least about 90%
by weight propylene. In one embodiment, HCPC
incorporates at least about 95% by weight propylene.
Further, the polypropylene can be present in the form
of a graft or block copolymer, in which the blocks of
polypropylene have substantially the same
stereoregularity as the propylene-alpha-olefin
copolymer, so long as the graft or block copolymer has
a sharp melting point characteristic of the
stereoregular propylene sequences that is above about
1000C. In one embodiment, and above 135C. In another
embodiment it is above 1450C, and in still another
embodiment, above 1500C. The HCPC is predominately a
crystalline polymer, i.e., it has a melting point
generally greater than about 1000C and a heat of
fusion above 75 J/g. [00102] In certain embodiments,
the HCPC component is a highly crystalline, high MW
iPP with a peak melting temperature of at least 1450C,
or at least 15O0C, or at least 1520C, or at least
1540C, or at least 1550C, or at least 1560C, a heat of
fusion of at least 90 J/g, or at least 95 J/g, or at
least 98 J/g, or at least 100 J/g, or at least 102
J/g, or at least 105 J/g, and a weight average
molecular weight (Mw) of at least 50 kg/mol, or at
least 75 kg/mol, or at least 100 kg/mol, or at least
125 kg/mol, or at least 135 kg/mol, or at least 150
kg/mol. [00103] The propylene polymer HCPC component
may be a combination of homopolypropylene, and/or
random, and/or block copolymers as described herein.
When the above propylene polymer component is a random
copolymer, the percentage of the copolymerized
alpha-olefin in the copolymer is, in general, up to
about 9% by weight, advantageously about 2% to about
8% by weight, most advantageously about 2% to about 6%
by weight. The advantageous alpha-olefins contain 2 or
from 4 to about 12 carbon atoms. The most advantageous
alphaolefin is ethylene. One, or two or more
alpha-olefins can be copolymerized with
propylene.[00104] Exemplary alpha-olefins may be
selected from the group consisting of C4 to C12
olefins such as butene-1;
pentene-l,2-methylpentene-l,3- methylbutene-1,
hexene-l,3-methylpentene-l, 4-methylpentene-
1,3,3-dimethylbutene-l; heptene-1; hexene-1;
methylhexene-1; dimethylpentene-1 trimethylbutene-1;
ethylpentene-1; octene-1; methylpentene-1;
dimethylhexene-1; trimethylpentene-1; ethylhexene-1;
methylethylpentene-1; diethylbutene-1;
propylpentane-1; decene-1; methylnonene-1; nonene-1;
dimethyloctene-1; trimethylheptene-1; ethyloctene-1;
methylethylbutene-1; diethylhexene-1; dodecene-1 and
hexadodecene-1. [00105] Process conditions and
catalysts for HCPC polymerization are described in
detail below. The catalyst system used is
advantageously one which has a high isospecificity.
Crystallinity of the HCPC can also be increased if
necessary by using a catalyst different from that used
for making the LCPC. LCPC AND HCPC BLEND PROPORTIONS
[00106] The in-line produced blends of the LCPC and
HCPC may include one or more LCPCs and one or more
HCPCs. The one or more LCPCs may be propylene based
LCPCs, ethylene based LCPCs, or a combination thereof.
In one form, there may be one, or two, or three, or
four LCPCs. In another form, there may be one, or two,
or three, or four HCPCs. In one embodiment, the blend
includes one LCPC and one HCPC. In another embodiment,
the blend includes one LCPC and two HCPCs. In another
embodiment, the blend includes two LCPCs and one HCPC.
In yet another embodiment, the blend includes two
LCPCs and two HCPCs. In yet another embodiment, the
blend includes three LCPCs and two HCPCs. In still yet
another embodiment, the blend includes three LCPCs and
three HCPCs. [00107] In one embodiment, in neat form,
the polymer blends described herein incorporate from
about 45 wt% to about 98 wt%, more advantageously from
about 50 wt% to about 98 wt%, more advantageously from
about 60 wt% to about98 wt%, more advantageously about
70 wt% to about 98 wt% of the one or more LCPCs and
from about 2 wt% to about 55 wt%, more advantageously
from about 2 wt% to about 50 wt%, more advantageously
from about 2 wt% to about 40 wt%, and more
advantageously from about 2 wt% to about 30 wt% of the
one or more HCPCs. In another embodiment, in neat
form, the polymer blends described herein incorporate
from about 80 wt% to about 95 wt% of the one or more
LCPCs and from about 5 wt % to about 20 wt% of the one
or more HCPCs. In other embodiments, in neat form, the
polymer blends described herein incorporate from about
90 wt% to about 95 wt% of the one or more LCPCs and
from about 5 wt% to about 10 wt% of the one or more
HCPCs. The polymer pellets described herein may also
contain the one or more LCPCs and the one or more
HCPCs in the proportions based on the combined weight
of the LCPC and HCPC components. BLEND ADDITIVES
[00108] The pellet-stable polyolefins blends disclosed
herein may be also be blended with other polymers and
additives using the in-line blending process for other
polymers and additives depicted in FIG. 7, in an
extrusion process downstream of in-line
polymerization/separation/blending processes disclosed
herein, or blended in an off-line compounding process.
[00109] Tackifiers may also be blended either in-line
by the processes subsequently disclosed herein (see
FIG. 7), in-line via an extrusion process downstream
of in-line polymerization/separation/blending
processes disclosed herein, or in an off-line
compounding process. Examples of useful tackifiers
include, but are not limited to, aliphatic hydrocarbon
resins, aromatic modified aliphatic hydrocarbon
resins, hydrogenated polycyclopentadiene resins,
polycyclopentadiene resins, gum rosins, gum rosin
esters, wood rosins, wood rosin esters, tall oil
rosins, tall oil rosin esters, polyterpenes, aromatic
modified polyterpenes, terpene phenolics, aromatic
modified hydrogenated polycyclopentadiene resins,
hydrogenated aliphatic resin, hydrogenated
aliphaticaromatic resins, hydrogenated terpenes and
modified terpenes, and hydrogenated rosin esters. In
some embodiments the tackifier is hydrogenated. In
other embodiments the tackifier is non-polar.
Non-polar tackifiers are substantially free of
monomers having polar groups. The polar groups are
generally not present; however, if present, they are
not present at more that 5 wt%, or not more that 2
wt%, or no more than 0.5 wt%. In some embodiments, the
tackifier has a softening point (Ring and Ball, as
measured by ASTM E-28) of 8O0C to 14O0C, or 1000C to
1300C. In some embodiments the tackifier is
functionalized. By functionalized is meant that the
hydrocarbon resin has been contacted with an
unsaturated acid or anhydride. Useful unsaturated
acids or anhydrides include any unsaturated organic
compound containing at least one double bond and at
least one carbonyl group. Representative acids include
carboxylic acids, anhydrides, esters and their salts,
both metallic and non-metallic. The organic compound
may contain an ethylenic unsaturation conjugated with
a carbonyl group (-C=O). Nonlimiting examples include
maleic, fumaric, acrylic, methacrylic, itaconic,
crotonic, alpha-methyl crotonic, and cinnamic acids as
well as their anhydrides, esters and salt derivatives.
Maleic anhydride is particularly useful. The
unsaturated acid or anhydride may be present in the
tackifier at about 0.1 wt% to 10 wt%, or at 0.5 wt% to
7 wt%, or at 1 to 4 wt%, based upon the weight of the
hydrocarbon resin and the unsaturated acid or
anhydride. [00110] The tackifier, if present, is
typically present at 1 wt% to 50 wt%, based upon the
weight of the blend, or 10 wt% to 40 wt%, or 20 wt% to
40 wt%. Generally however, tackifier is not present,
or if present, is present at less than 10 wt%, or less
than 5 wt%, or at less than 1 wt%. [00111] In another
form, the pellet-stable polyolefin blends may further
comprise a crosslinking agent. The crosslinking agent
may be blended either either in-line by the processes
subsequently disclosed herein, in-line via an
extrusion process downstream of in-line
polymerization/separation/blending processes disclosed
herein, or in an off-line compounding process.
Usefulcrosslinking agents include those having
functional groups that can react with the acid or
anhydride group and include alcohols, multiols,
amines, diamines and/or triamines. Non-limiting
examples of crosslinking agents useful include
polyamines such as ethylenediamine,
diethylenetriamine, hexamethylenediamine,
diethylaniinopropylamine, and/or menthanediamine.
[00112] In another form, the pellet-stable polyolefm
blends disclosed herein, may further comprise typical
additives known in the art such as fillers, cavitating
agents, antioxidants, surfactants, adjuvants,
plasticizers, block, antiblock, color masterbatches,
pigments, dyes, processing aids, UV stabilizers,
neutralizers, lubricants, waxes, nucleating agents
and/or clarifying agents. These additives may be
present in the typically effective amounts well known
in the art, such as 0.001 wt% to 10 wt%. These
additive may be blended either either in-line by the
processes subsequently disclosed herein, in-line via
an extrusion process downstream of in-line
polymerization/separation/blending processes disclosed
herein, or in an off-line compounding process. [00113]
Useful fillers, cavitating agents and/or nucleating
agents include titanium dioxide, calcium carbonate,
barium sulfate, silica, silicon dioxide, carbon black,
sand, glass beads, mineral aggregates, talc, clay and
the like. Nucleating agents of the non-clarifying type
include, but are not limited to, sodium benzoate,
Amfine NA 11, Amfine NA 21, and Milliken HPN 68.
[00114] Useful antioxidants and UV stablilizers
include phenolic antioxidants, such as Irganox 1010,
Irganox 1076 both available from Ciba-Geigy. Oils may
include paraffinic or naphthenic oils such as Primol
352, or Primol 876 available from ExxonMobil Chemical
France, S.A. in Paris, France. The oils may include
aliphatic naphthenic oils, white oils or the like.
[00115] Plasticizers and/or adjuvants may include
mineral oils, polybutenes, phthalates and the like.
The plasticizers may include phthalates such as
diisoundecyl phthalate (DIUP), diisononylphthalate
(DINP), dioctylphthalates(DOP) and polybutenes, such
as Parapol 950 and Parapol 1300 available from
ExxonMobil Chemical Company in Houston Texas.
Additional plasticizers include those disclosed in WO
0 118109A1, U.S. Patent Application No. 10/640,435,
and U.S. Patent Application No. 11/177,004, which are
incorporated by reference herein with regard to
plasticizer compositions and blending thereof. [00116]
Useful processing aids, lubricants, waxes, and/or oils
include low molecular weight products such as wax, oil
or low Mn polymer, (low meaning below Mn of 5000, or
below 4000, or below 3000, or below 2500). Useful
waxes include polar or non-polar waxes, functionalized
waxes, polypropylene waxes, polyethylene waxes, and
wax modifiers. [00117] Useful functionalized waxes
include those modified with an alcohol, an acid, or a
ketone. Functionalized means that the polymer has been
contacted with an unsaturated acid or anhydride.
Useful unsaturated acids or anhydrides include any
unsaturated organic compound containing at least one
double bond and at least one carbonyl group.
Representative acids include carboxylic acids,
anhydrides, esters and their salts, both metallic and
non-metallic. The organic compound may contain an
ethylenic unsaturation conjugated with a carbonyl
group (-C=O). Non-limiting examples include maleic,
fumaric, acrylic, methacrylic, itaconic, crotonic,
alpha-methyl crotonic, and cinnamic acids as well as
their anhydrides, esters and salt derivatives. Maleic
anhydride is particularly useful. The unsaturated acid
or anhydride may be present at 0.1 wt% to 10 wt%, or
at 0.5 wt% to 7 wt%, or at 1 to 4 wt%, based upon the
weight of the hydrocarbon resin and the unsaturated
acid or anhydride. Examples include waxes modified by
methyl ketone, maleic anhydride or maleic acid. Low Mn
polymers include polymers of lower alpha olefins such
as propylene, butene, pentene, hexene and the like. A
useful polymer includes polybutene having an Mn of
less than 1000 g/mol. An example of such a polymer is
available under the trade name PARAPOL(tm) 950 from
ExxonMobil Chemical Company.PARAPOL(tm) 950 is a
liquid polybutene polymer having an Mn of 950 g/mol
and a kinematic viscosity of 220 cSt at 1000C, as
measured by ASTM D 445. [00118] Useful clarifying
agents include, but are not limited to, the
benzalsorbitol family of clarifiers, and more
particularly dibenzalsorbitol (Millad 3905),
di-p-methylbenzalsorbitol (Milliad 3940), and bis-3,4-
dimethylbenzalsorbitol (Milliad 3988). DUSTING BLEND
PELLETS [00119] Pellets produced from the
pellet-stable polyolefin blends described herein may
be optionally "dusted" with an anti-stick agent to
further help reduce agglomeration. An anti-stick agent
is typically a powder. Exemplary anti-stick agents of
are selected from waxes, polyethylenes,
polypropylenes, talc, calcium stearate, and mixtures
thereof. The anti-stick agent level will generally
range from about 100 parts per million ("ppm") to
about 8,000 ppm, based on the weight of the polymer
blend. In certain embodiments, the anti-stick agent
will be present in the range of about 500 ppm to about
7,000 ppm. In other embodiments, the anti-stick agent
will be present in the range of from about 1,000 ppm
to about 5,000 ppm. In still other embodiments, the
range is from about 1,000 ppm to about 4,000 ppm.
BLEND APPLICATIONS [00120] The pellet-stable polymer
blends made by the fluid phase in-line blending
process disclosed herein provide for improved
properties, and hence use in a wide array of
applications. One such exemplary, but non-limiting
application, is in medical applications requiring
improved resistance to sterilizing doses of
high-energy radiation. Another exemplary, but
non-limiting application of where the polymer blends
made by the fluid phase in-line blending process
disclosed herein find application is in various
conversion processes. In particular, by combining high
and low molecular weight propylene polymers in either
similar or different proportion, the molecular weight
distribution of the blend may besignificantly broader
than of either individual component. The ratio for
blending the high and low molecular weight propylene
polymers depends upon the desired final melt flow rate
and molecular weight distribution. Such broader
molecular weight distribution polymers are easier to
extrusion blow mold, blow into film, thermoform,
orient into film, and stretch blow mold than narrower
molecular weight distribution polymers. Optionally,
one of the polymer components can have long chain
branching introduced through addition of a small
quantity of alpha-omega-diene. [00121] Still another
exemplary, but non-limiting application of where the
pellet-stable polymer polymer blends made by the fluid
phase in-line blending process disclosed herein find
application is in devices and packaging materials
requiring good impact resistance, and particularly in
low temperature environments. [00122] Still yet
another exemplary, but non-limiting application of
where the pellet-stable polymer blends made by the
fluid phase in-line blending process disclosed herein
find application are those where materials requiring a
combination of stiffness and impact resistance and/or
a combination of heat resistance and impact
resistance. A polymer blend useful for these
applications are similar in composition to the blends
specified for impact resistant devices and packages.
[00123] Still yet another exemplary, but non-limiting
application of where the pellet-stable polymer blends
made by the fluid phase in-line blending process
disclosed herein find application are those where a
device and/or package must be sterilized by high
temperature and also must be soft and able to
withstand impact abuse even at low temperatures. Where
increasing softness of packages and device is desired,
one may use a greater fraction of the one or more LCPC
components in the blend and smaller fraction of the
one or more stiff HCPC components in the blend.
Polymer blends useful for this particular
applicationmay include a major fraction of the soft
LCPC components and minor fraction of the stiff HCPC
components. [00124] Still yet another exemplary, but
non-limiting application of where the pellet-stable
polymer blends made by the fluid phase in-line
blending process disclosed herein find application are
films which are required to melt and form a seal at
relatively low elevated temperature yet still maintain
integrity at much higher temperature. The range of
blend compositions previously specified for soft,
elevated temperature resistant devices and/or packages
would apply for this particular type of film
application. Similar relationships between competing
properties and the relative usages of the relative
components would also apply for this application. More
particularly, a greater fraction of the stiff HCPC
polymer component may increase the seal integrity at
higher temperatures, whereas a greater fraction of the
soft LCPC polymer component may improve seal formation
at lower temperatures and seal strength at normal
temperatures. [00125] The pellet-stable polymer blends
produced by the processes disclosed herein are
typically used in any known thermoplastic or elastomer
application. Non-limiting examples include uses in
molded parts, films, tapes, sheets, tubing, hose,
sheeting, wire and cable coating, adhesives, shoe
soles, bumpers, gaskets, bellows, films, fibers,
elastic fibers, nonwovens, spunbonds, sealants,
surgical gowns and medical devices. [00126] As will be
appreciated by one skilled in the art of polymer
engineering, variations to the aforementioned polymer
blends and their advantageous applications may be made
without deviating from the spirit of the polymer
blends provided by fluid phase in-line blending
process disclosed herein. Set forth below are further
details of the methods of making the HCPC and LCPC
blend components previously described utilizing the
novel in-line blend processes disclosed herein.IN-LINE
BLENDING PROCESS OVERVIEW [00127] Disclosed herein are
advantageous processes for direct in-line
pellet-stable polyolefin blend production in an
integrated multi-reactor polymerization wherein the
blending step is achieved downstream of the reactors
in a separator-blending vessel (also referred to as
the high-pressure separator, or as separator-blender).
The production of polymer blends in the polymerization
plant is facilitated when the polymer blend components
are dissolved in the polymerization system forming a
homogeneous polymerization system since the
small-molecule component(s), such as monomer(s) and
optional solvent(s)/diluent(s) of the polymerization
system reduce(s) viscosity thus allowing molecular
level blending in a low shear process. Hence, using
the reactor effluents wherein the polymer blending
components are present in a dissolved fluid state may
be advantageous to downstream blending operations. The
polymerization reactors advantageously may be of the
homogeneous supercritical process, the solution
process type, or a combination thereof in order to
provide the precursor polymer for blending in a
dissolved fluid state in the direct reactor effluents
suitable for in-line blending without further
processing. Bulk homogeneous supercritical and bulk
solution polymerization processes are particularly
useful for producing blend components due to the
simplicity of the monomer recycle loop and due to the
enhancements in reactor productivity and product
properties, such as molecular weight and melting
behavior, as will become apparent from the following
discussions. [00128] For producing iPP HCPC in-line
blend components, homogeneous propylene polymerization
processes operating in a dense fluid state with
elevated monomer concentrations (more than 2.5, or
more than 3.0, or more than 3.5, or more than 4.0, or
more than 5.0, or more than 10.0 mol/L in the reactor
effluent) and reduced solvent concentrations (70 wt%
or less, or 65 wt% or less, or 60 wt% or less, or 50
wt% or less, or 40 wt% or less in the reactor
effluent) at temperatures above 9O0C, or above 950C,
or above 1000C, or above 1050C, orabove H O0C and
above 11 MPa, or above 13.8 MPa, or above 34.5 MPa
using 2,4-substituted bridged bisindenyl metallocene
catalysts activated with noncoordinating anion
activators are particularly advantageous due to the
combination of good reactor stability and the ability
to deliver highly crystalline high MW isotactic
polypropylenes. [00129] The LCPC in-line blend
components can be advantageously produced in a
solution or in a homogeneous supercritical
polymerization process. Increased monomer
concentrations are generally advantageous because they
afford higher MW/lower MFR products, or alternatively
afford the same MW at higher operating temperatures,
and reduce the inert loads in the recycle loop thus
can reduce the recycle and cooling costs. Using bulk
homogeneous polymerization processes, such as bulk
solution or bulk supercritical polymerization is
particularly advantageous. [00130] The processes
disclosed herein can also utilize certain other
polymerization processes making in-line blend
components, for example, in the form of a slurry,
wherein the HCPC blend components (e.g., iPP) form
solid pellets in a dense fluid polymerization system.
In such instances, a dissolution stage is added
between the polymerization reactor train and the
separator-blending vessel. This dissolution stage
typically consists of a pump followed by a heater to
bring the reactor effluent above the solid-fluid phase
transition conditions affording a stream that contains
the polymer blending component homogeneously dissolved
in the dense fluid polymerization system. In order to
facilitate the dissolution of the polymer pellets,
increased shearing may be applied, which typically is
provided by stirring or by pumping. Because of the
added processing and investment costs of such reactor
operations, homogeneous polymerization processes, such
as homogeneous supercritical or solution
polymerization, are typically cost-advantaged and thus
advantageous to produce the in-line polymer blending
components.[00131] The in-line blending process for
pellet-stable polyolefin blends disclosed herein
requires an upstream polymerization process that
provides the two blend components (one or more LCPC
(ethylene-based, propylene-based or a combination
thereof) and one or more HCPC) in a homogeneous fluid
state. Thus, in some embodiments, at least one of the
blend components is made in a homogeneous
supercritical polymerization process. In other
embodiments, at 



least one of the blend components is made in a
solution process. If the polymerization reaction for
one component is carried out at conditions that form
particles, such as, for example, slurry
polymerization, an additional step is required to
bring the in-line polymer blending component into a
dissolved fluid state before feeding the
polymer-containing stream to the separator-blender
section of the invention process (see FIG. 6). This
can be accomplished by, for example, heating the
reactor effluent above the solid-liquid phase
transition temperature. However, for simpler and thus
lower cost operations, the polymerization reaction is
typically carried out at conditions where the product
polymer(s) is/are dissolved in the dense fluid
polymerization system comprising one or more monomers,
the polymeric product(s), and - optionally - one or
more inert solvents, and - optionally - one or more
scavengers. Fluid-phase operations have some further
advantages from certain product quality and operation
stability perspectives since they do not require
supported catalysts that significantly increase the
ash level of the products and can cause fouling and
excessive wear of downstream process hardware. The
fluid reaction medium may form one single fluid phase
or two fluid phases in the reactor. For more robust
and simpler reactor operations, conditions affording a
single fluid phase in the reactor, i.e. operating
above the cloud point conditions, are advantageous.
[00132] In one embodiment of the pellet-stable
polyolefin blending processes disclosed herein, the
blending of two or more reactor effluent streams
containing the dissolved polymer blend components
occurs simultaneously with product separation in a
single downstream separator-blending vessel. The
separatorblender operates at conditions that lead to
the formation of two fluid phases: the upper one
essentially consisting of the low-molecular weight
components of the polymerization systems,
predominantly the monomer(s) and the optional
solvent(s), while the lower one is a polymer-rich
phase. In order to create the conditions that lead to
the formation of two fluid phases in the
separator-blender, the temperatures of the reactor
effluents are often first increased to provide the
heat for staying above the solid-fluid phase
transition temperature of the to-beformed polymer-rich
fluid phase. After adjusting the heat contents of the
reactor effluents, their pressures are typically
reduced to bring the temperature and pressure of the
combined effluent stream to a condition that
corresponds to two fluid (liquid-liquid or
supercritical fluid-supercritical fluid) phases in the
phase diagram. The blending process may be aided by
optional static mixer(s) downstream of the mixing
point of the polymer-containing effluents but upstream
of the separator-blending vessel. The homogeneous
fluid blending of the individual LCPC and HCPC
components and the separation of the monomer- and
polymer-rich phases are accomplished in the same
vessel eliminating the need for a separate blending
vessel and blending process step. The bulk of the
monomer(s) and the optional solvent(s) separated from
the polymer is/are then recycled back into the
polymerization reactor bank of the plant. [00133] In
another embodiment of the pellet-stable polyolefin
blending processes disclosed herein, one or more
reactor effluent streams containing the dissolved
polymer blend components are fed to independent
separators or separation vessels (also referred to as
single-stream high-pressure separators) upstream of
the separator-blending vessel for separation of a
polymer-enriched stream from some fraction of the
monomer and the optional solvent/diluent content of
the said streams. Such single-stream high-pressure
separators deployed upstream of the separator-blending
vessel (high-pressure separator) in essence afford a
partial recovery of the monomer and the optional
solvent present in the reactor effluent thus allowing
their recovery and recycle before being mixed
withmonomers and optional solvents used in other
reactor trains. Such processes may be advantageous by
eliminating the need for separating mixed monomer and
optional solvent streams before recycling them to the
appropriate reactor trains of the reactor bank. The
polymer-enriched streams from each of these
single-stream separators are blended in a separator
vessel that serves both as a separator for one of the
reactor trains and as a blender for the entire reactor
bank (separatorblending vessel). In this embodiment,
the operation conditions of the singlestream
separator(s) upstream of the separator-blending vessel
may be adjusted to yield polymer-enriched stream(s)
that still contain(s) enough low molecular weight
component(s), such as monomer(s) and optional inert
solvent(s) to keep the viscosity of these streams much
below that of the essentially pure molten polymer(s)
thus facilitating the mixing of the blending polymer
components in the separator-blender. The separator(s)
feeding the separator-blending vessel may also serve
as buffer vessel(s) affording an improved control of
the blend ratio by compensating for the small but
inevitable fluctuations in the production of the
individual in-line blend components. The buffer
capacity of these vessels is defined by the volume
between the maximum and minimum levels of the
separated polymer-enriched lower phase. [00134] As
opposed to using a cascade of series reactors for the
in-line blending of LCPC and HCPC, the blending
processes disclosed herein provide for the individual
LCPC and HCPC components of the polymer blend to be
made in a bank of parallel reactors. Such direct blend
production may be advantageously achieved in
polymerization processes that operate in a homogeneous
dense fluid phase, i.e. above the fluid-solid phase
transition limits. In some embodiments, the invention
process has at least one reactor train that operates
in the homogeneous dense fluid phase in its
supercritical state. In other embodiments, the
invention process has at least one solution
polymerization train. In yet another embodiment, the
invention process has a combination of solution and
supercritical polymerization trains. In certain
advantageous embodiments, at least one of
thepolymerization trains operates at elevated monomer
concentrations characterized by monomer concentrations
higher than 2.5, or more than 3.0, or more than 3.5,
or more than 4.0, or more than 5.0, or more than 10.0
mol/L in the reactor effluent. [00135] Polymerization
processes that operate in a homogenous dense fluid
phase use either inert solvent(s) or monomer(s) or
their mixtures as a solvent/diluent in their liquid or
supercritical state. Hence, such parallel reactors
operate with polymerization systems in their
homogeneous supercritical or in their liquid state. In
both the supercritical and liquid operation modes, the
process advantageously is a bulk polymerization
process operating with less than 40 wt%, or less than
30 wt%, or less than 20 wt%, or less than 10 wt%, or
less than 5 wt% of inert solvent present in the
reactor, and in some embodiments, essentially free
(less than 1 wt%) of inert solvents. In one embodiment
of the disclosed process, the reactors operate at bulk
homogeneous supercritical conditions as has been
disclosed in U.S. Patent Application Nos. 11/433,889
and 11/177,004, herein incorporated by reference in
their entirety. [00136] In another embodiment, one or
more of the reactors included in the parallel bank of
reactors operate in the homogeneous supercritical
state and one or more of the reactors included in the
parallel bank of reactors operate in the bulk solution
state (combination of bulk solution process and
homogeneous supercritical process reactors). Both
solution and homogeneous supercritical polymerization
processes provide polymers dissolved in a fluid state,
which is required for the downstream in-line blending
of polymers. Both solution and homogeneous
supercritical polymerization processes providing
polymers in a homogeneous fluid state may be performed
in a bulk monomer phase using essentially pure
monomer(s) as solvent. The solution process provides
for a polymer-containing liquid phase either in an
inert solvent or in the essentially neat monomer or in
their mixture in their liquid state. The homogeneous
supercritical process provides for the polymeric fluid
state by dissolving the polymeric producteither in an
inert solvent or in the essentially neat monomer or in
their mixture in their supercritical state. [00137] In
another embodiment, one or more reactors included in
the parallel reator bank operate in homogeneous
supercritical mode and one or more reactor trains
operate in the slurry mode (combination of slurry and
homogeneous supercritical or combination of slurry and
solution processes). The dense fluid phase(s) of the
slurry polymerization process(es) deployed in one or
more trains of the invention in-line blending process
can be either in its/their liquid or in its/their
supercritical state. Before bringing the effluent(s)
of the slurry train(s) to the separator-blending
vessel (high-pressure separator) of the in-line
blending process of the invention, the effluents are
treated to fully dissolve the slurried polymer blend
component. Aside this dissolution step, the other
aspects of the in line blending process disclosed
herein are not affected by having particle-forming
polymerization reactors in the reactor bank. This
embodiment may provide product advantages in certain
applications due to the ability of the slurry process
to produce certain HCPP blend components, such as
isotactic polypropylene made with Ziegler-Natta
catalysts. It is, however, typically more expensive
due to the added processing and investment cost. The
optimal choice between the different reactor
configurations of the invention process depends on the
target product slate or even on some production
site-specific issues, like, for example, the
utilization of existing polymerization facilities. The
optimal configuration can be determined by standard
techniques well known in the art of chemical
engineering. [00138] The parallel reactor
configuration disclosed herein permits for flexibility
in independently controlling for each reactor the
residence time, monomer composition and conversion,
catalyst choice, and catalyst concentration not
available in a series reactor configuration for
blending LCPC and HCPC blend components. It also makes
the independent control of reaction temperature and
pressure easier thus enhancing the control of the
polymerization processes yielding the individual LCPC
and HCPC blend components.[00139] U.S. Patent
Application Nos. 11/433,889 and 11/177,004 disclose a
flexible homogeneous polymerization platform for the
homogeneous supercritical propylene polymerization
process (also referred to herein as the "supercritical
process"). In the referred supercritical propylene
polymerization process, polymerization is carried out
in a substantially supercritical monomer medium, thus
it is a bulk homogeneous supercritical polymerization
process. The polymer is in a homogeneously dissolved
state in the reactor and in the reactor effluent thus
making the reactor effluent suitable for a direct
downstream blending operation prior to recovering the
polymeric products in their solid pelletized or baled
form. U.S. Patent Application Nos. 11/433,889 and
11/177,004 also teach that the supercritical
polymerization process provides an advantageous means
to the so-called solution processes, particularly to
the conventional solution processes operating with low
monomer concentrations (less than 3.0 or less than 2.5
mol/L) in the reactor effluent, in its ability to
produce highly crystalline, high molecular weight
(i.e. low melt-flow rate) isotactic iPP blend
components. Unlike gas phase and slurry polymerization
processes, the supercritical process may also produce
ethylene-propylene copolymers and iPP blend components
with reduced tacticity, and thus reduced polymer
melting point without fouling. As previously
referenced, U.S. Patent Application Nos. 11/433,889
and 11/177,004 are incorporated by reference in their
entirety herein. [00140] Advantageous pellet-stable
polyolefin blends are composed of a blend of (a) one
or more highly crystalline polymer component(s) and
(b) one or more low crystallinity polymer
component(s). Slurry and gas phase polymerization
processes may provide for high molecular weight,
highly crystalline polymers, but not for low
crystallinity products because the polymer pellets
stick together causing fouling of the reactor. Fouling
often makes the production of soft materials, such as,
for example, ethylene propylene copolymers
commercially impractical, particularly when the
ethylene content exceeds approximately 9-10 wt%. In
contrast, solution polymerization processes has no
such limitation andmay provide for low crystallinity
products because the polymer is present in solution in
the reactor, and therefore cannot foul it. However,
the solution process has limitations in producing
highly crystalline, high molecular weight products
with higher melting point. One particularly relevant
limitation of the solution process is that it
typically cannot produce high MW products that also
have high melting point, and if it could, such
products tend to crystallize in the reactor and cause
fouling. In contrast, the homogeneous supercritical
process may provide for both high crystallinity/high
melting point and low crystallinity/low melting point
polymers without fouling. It also generates the
polymer blend components in a dissolved state in the
polymerization system allowing direct blending without
the need for a dissolution step. These attributes make
it a particularly advantageous polymerization process
for the pellet-stable polyolefin blending processes
disclosed herein. Notwithstanding, any combination of
polymerization processes operating with dense
polymerization systems may be deployed in the in-line
blending processes disclosed herein as long as at
least one of the reactor trains operates with a
homogeneous polymerization system and in its
supercritical condition. Homogeneous operation is
ensured by operating above the solid-fluid phase
transition point, advantageously not lower than 10 MPa
below the cloud point of the polymerization system.
[00141] The monomers for use in the bank of parallel
reactors disclosed herein are propylene, ethylene, and
optionally one or more comonomers comprising four or
more carbon atoms. Non-limiting exemplary optional one
or more comonomers comprising four or more carbon
atoms include butene-1, pentene-1, hexene-1, octene-1,
decene-1, dodecene-1, and combinations thereof.
Exemplary, but not limiting, non-polymerizing (inert)
fluid components serving as diluents/solvents include
light paraffinic and aromatic hydrocarbons and their
blends, such as butanes, pentanes, hexanes, heptanes,
octanes, toluene, xylenes, cyclopentane, cyclohexane,
fluorocarbons, hydrofluorocarbons, etc.[00142] The
conditions in the polymerization reactors of the
aforementioned olefin polymerization process may be
established such that the entire reactor content,
including the monomer(s), optional non-polymerizing
fluid, catalyst system(s), optional scavenger(s) and
polymeric products, is in a homogeneous fluid, and
advantageously in a single homogeneous fluid state. In
one form, the conditions in at least one of the
reactors of the aforementioned process are set such
that the contents are in their supercritical fluid
state, and advantageously in a single homogeneous
supercritical fluid state. [00143] The upper limit for
temperature is determined by the product properties
that are strongly influenced by the reaction
temperature. Since often polymers with higher
molecular weights and/or higher melting points are
desired, high polymerization temperatures (>250C) are
generally not advantageous. Increased temperatures can
also degrade most known catalytic systems, providing
another reason for avoiding excessive polymerization
temperatures. At the current state of the art of
polymerization, polymerization temperatures above
3500C are not recommended. For the slurry
polymerization processes, the upper temperature limits
of polymerization are also influenced by the
solid-fluid phase transition conditions since running
near the solid-fluid phase transition line leads to
fouling. For that reason, slurry operations not higher
than 5C below the solidfluid phase transition are
advantageous, not higher than 100C below the
solid-fluid phase transition are particularly
advantageous. [00144] The lower limits of reaction
temperature are determined by the desired polymer
properties. Lower temperatures generally favor higher
crystallinity and higher molecular weight. For
homogeneous polymerization processes, the lower limits
of reaction temperature are also determined by the
solid-fluid phase transtion temperature. Running the
reactors below the solidfluid phase transtion
temperature of the reaction mixture may lead to
operation problems due to fouling. For the production
of highly crystalline polypropylenes (melting peak
temperatures >150C) in bulk homogeneous
supercriticalpolymerization processes, the minimum
operating temperature is about 95-1000C. In the
production of lower melting copolymers, such as
ethylene-propylene copolymers, significantly lower
reactor temperatures, e.g., 9O0C, or 8O0C, 7O0C, or
650C, or 6O0C, or even lower, may be readily used
without fouling. The application of certain inert
solvents may further reduce the minimum operation
temperature of the fouling-free operation regime,
although, as discussed earlier, the substantial
presence of inert solvents also tends to limit the
product molecular weight and often the melting peak
temperature. It also increseases production cost due
to the need for solvent handling. [00145] The critical
temperature and pressure of the polymerization systems
are different from the critical values of pure
components, and thus supercritical operations at
temperatures lower than the critical temperature of
pure propylene and C4 plus monomers (e.g., 920C for
propylene) are possible and disclosed herein.
Additionally, near-amorphous and amorphous materials
with low melting points may be produced without
fouling even below the critical temperature of the
reactor blends, i.e., at temperatures that correspond
to the condensed liquid state of the polymerization
system in the reactor. In these instances, the
operation temperature may be below the bubble point of
the reaction mixture and thus the reactor operates at
what is often referred to as liquid-filled conditions.
In some instances, such operation mode could be
desired to achieve high molecular weight (MW) and thus
low melt flow rate (MFR), particularly in the
manufacture of copolymers, such as propylene-ethylene
copolymers. Thus, reactor operations under conditions
at which the polymeric products are dissolved in the
monomer or monomer blend present in its liquid state,
also known as bulk solution polymerization, are also
disclosed herein. Polymerization Temperature for
Homogeneous Fluid Phase Polymerizations : [00146] The
polymerization process temperature should be above the
solid-fluid phase transition temperature of the
polymer-containing fluid polymerization system at the
reactor pressure, or at least 20C above the
solid-fluidphase transition temperature of the
polymer-containing fluid polymerization system at the
reactor pressure, or at least 50C above the
solid-fluid phase transition temperature of the
polymer-containing fluid polymerization at the reactor
pressure, or at least 1O0C above the solid-fluid phase
transformation point of the polymer-containing fluid
polymerization system at the reactor pressure. In
another embodiment, the polymerization process
temperature should be above the cloud point of the
single-phase fluid polymerization system at the
reactor pressure, or 20C or more above the cloud point
of the fluid polymerization system at the reactor
pressure. In still another embodiment, the
polymerization process temperature should be between
50 and 35O0C, or between 60 and 25O0C, or between 70
and 25O0C, or between 80 and 25O0C. Exemplary lower
polymerization temperature limits are 50, or 60, or
70, or 80, or 90, or 95, or 100, or 110, or 12O0C.
Exemplary upper polymerization temperature limits are
350, or 250, or 240, or 230, or 220, or 210, or 200,
or 180, or 160, or 15O0C. [00147] In certain
embodiments, polymerization is performed in a
supercritical polymerization system. In such
embodiments, the reaction temperature is above the
critical or pseudo-critical temperature of the
polymerization system. In some embodiments, some or
all reactors operate at homogeneous supercritical
polymerization conditions Said homogeneous
supercritical polymerizations of the in-line blending
processes disclosed herein may be carried out at the
following temperatures. In one embodiment, the
temperature is above the solid-fluid phase transition
temperature of the polymercontaining fluid reaction
medium at the reactor pressure or at least 50C above
the solid-fluid phase transition temperature of the
polymer-containing fluid reaction medium at the
reactor pressure, or at least 1O0C above the
solid-fluid phase transformation point of the
polymer-containing fluid reaction medium at the
reactor pressure. In another embodiment, the
temperature is above the cloud point of the
single-phase fluid reaction medium at the reactor
pressure, or 20C or more above the cloud point of the
fluid reaction medium at the reactor pressure. In
yetanother embodiment, the temperature is between 50
and 35O0C, between 60 and 25O0C, between 70 and 25O0C,
or between 80 and 2500C. In one form, the temperature
is above 50, 60, 70, 80, 90, 95, 100, 110, or 12O0C.
In another form, the temperature is below 350, 250,
240, 230, 220, 210, or 200, or 180, or 160, or 15O0C.
Polymerization Pressure for Homogeneous Fluid Phase
Polymerizations: [00148] The maximum reactor pressure
may be determined by process economics, since both the
investment and operating expenses increase with
increasing pressure. The minimum pressure limit for
the production of the individual blend components
disclosed herein is set by the desired product
properties, such as molecular weight (MW) and melt
flow rate (MFR). [00149] Reducing process pressures in
homogeneous polymerizations may lead to phase
separation creating a polymer-rich and a polymer-lean
fluid phase. In well-stirred reactors, where mass
transport is sufficiently high due to efficient mixing
of the two phases, product qualities may not be
impacted by such fluidfluid phase separation.
Therefore, polymerization process conditions under
which there is a polymer-rich and a polymer-lean phase
are provided herein as long as both phases are above
the solid-fluid phase separation limit thus preventing
fouling and are well mixed thus preventing substantial
mass transfer limitation leading to poorly controlled
increasees in molecular weight and/or compositional
distributions. [00150] Exemplary, but not limiting,
process pressures, are between 1 MPa (0.15 kpsi) to
1500 MPa (217 kpsi), and more particularly between 1
and 500 MPa (0.15 and 72.5 kpsi). In one embodiment,
the polymerization process pressure should be no lower
than the solid-fluid phase transition pressure of the
polymer-containing fluid polymerization system at the
reactor temperature. In another embodiment, the
polymerization process pressure should be no lower
than 10 MPa below the cloud point of the fluid
polymerization system at the reactortemperature and
less than 1500 MPa. In still another embodiment, the
polymerization process pressure should be between 10
and 500 MPa, or between 10 and 300 MPa, or between 20
and 250 MPa. Exemplary lower pressure limits are 1,
10, 20, and 30 MPa (0.15, 1.45, 2.9, 4.35 kpsi,
respectively). Exemplary upper pressure limits are
1500, 1000, 500, 300, 250, and 200 MPa (217, 145,
72.5, 43.5, 36.3, and 29 kpsi, respectively). [00151]
In certain embodiments, the polymerization is
performed in a supercritical polymerization system. In
such embodiments, the reaction pressure is above the
critical the pressure of the polymerization system. In
some embodiments, some or all reactors operate at
homogeneous supercritical polymerization conditions.
The supercritical polymerization process of the
in-line blending processes disclosed herein may be
carried out at the following pressures. In one
embodiment, the pressure is no lower than the
crystallization phase transition pressure of the
polymer-containing fluid reaction medium at the
reactor temperature or no lower than 10 MPa below the
cloud point of the fluid reaction medium at the
reactor temperature. In another embodiment, the
pressure is between 20 and 500 MPa, between 20 and 300
MPa, or between 20 and 250 MPa. In one form, the
pressure is above 20, 30, or 34.5 MPa. In another
form, the pressure is below 1500, 500, 300, 250, or
200, or 100 MPa. Total Monomer Conversion for
Homogeneous Fluid Phase Polymerizations: [00152]
Increasing the conversion of the total monomer feed in
a single-pass in the individual reactor trains of the
parallel reactor bank can reduce the monomer recycle
ratio thus can reduce the cost of monomer recycle.
Increasing monomer recycle ratios (i.e., the ratio of
recycled/total monomer feed to the reactor train)
require the treatment and recycle of larger monomer
volumes per unit polymer production, which increases
production cost. Therefore, higher monomer conversion
(lower recycle ratios) often provides for improved
process economics. However, because high polymer
content in the polymerization system, particularly in
homogeneous polymerization systems, yields
highviscosities, which correspondingly may make
reactor mixing, heat transfer, and downstream product
handling difficult, the monomer conversion in a single
pass has practical operation limits. The viscosity of
monomer-polymer blends and thus the practical
conversion limits can be readily established by
standard engineering methods known in the art (M.
Kinzl, G. Luft, R. Horst, B.A. Wolf, J. Rheol. 47
(2003) 869). Single-pass conversions also depend on
operating conditions and product properties.
Therefore, monomer conversion may also be constrained
by the desire to increase the molecular weight of the
blend component made in the given reactor train.
Exemplary, but not limiting, total monomer single pass
conversions are below 90%, more particularly below 80%
or below 60%, or below 50 %, or below 40%, or below
30%. Total monomer conversion is defined as the weight
of polymer made in a reactor or in a reactor train
divided by the combined weight of monomers and
comonomers in the feed to the reactor or reactor
train. It should be understood that while high total
monomer conversion is often limited by product
viscosity or by product property targets, the
conversion of some highly reactive monomer components
present in some monomer feed blends may be higher than
90%. For example, the single-pass conversion of
ethylene in ethylene-propylene or in ethylene-higher
olefin feed blends may be nearly complete (approaching
100%) and is disclosed herein. [00153] As mentioned
above, another factor limiting the total monomer
conversion is the MW-decreasing effect of conversion.
Therefore, the production of polymer blend components
with high MW requires the moderation of monomer
conversion in a single pass beyond that of what
viscosity and other practical operation considerations
would dictate. Hence, for the production of blend
components with high molecular weight (particularly
those with higher than >200 kg/mol weight-averaged
molecular weight -Mw), the total monomer conversion
may need to be below 30%. Again, the conversion of
some highly reactive components in a monomer feed
blend may be higher, and may even approach
100%.[00154] The single-pass conversion in the
polymerization reactors disclosed herein may be
adjusted by the combination of catalyst concentration
and total feed flow rate. The total feed rate
determines the average residence time (in a backmixed
reactor equal to the reactor volume divided by the
total volumetric flow rate of the effluent). The same
conversion may be achieved at lower residence time by
increasing the catalyst concentration in the feed and
vice versa. Lower catalyst concentration may reduce
catalyst cost, but may also reduce volumetric
productivity thus requiring higher residence times,
and ultimately a larger reactor and thus higher
investment cost for the same polymer production
capacity. The optimum balance between residence
time/reactor volumes and catalyst concentration may be
determined by standard engineering methods known in
the art. A wide-range of pellet stable polyolefin
blend components may be produced in the reactors
disclosed herein at reactor residence times ranging
from 1 sec to 120 min, particularly from 1 sec to 60
min, more particularly from 5 sec to 30 min, still
more particularly from 30 sec to 30 min, and yet still
more particularly from 1 min to 30 min. In yet another
form of the in-line blending process embodiments
disclosed herein, the residence time in the reactors
disclosed herein may be less than 120, or less than
60, or less than 30, or less than 20, or less than 10,
or less than 5, or less than 1 minute(s). [00155] In
certain embodiments, at least one of the reactor
trains of the disclosed process operates at
supercritical conditions advantageously at homogeneous
supercritical conditions, or bulk homogeneous
supercritical conditions. The residence times in the
supercritical polymerization reactors, particularly in
the bulk homogeneous supercritical reactors disclosed
herein are generally lower than the residence times in
solution, gas phase, and slurry processes due to the
high reaction rates achieved at the conditions of the
supercritical polymerization process. In-line blending
processes disclosed herein applying bulk homogeneous
supercritical polymerizaton often choose residence
times between 1 and 60 min, and more particularly
between 1 and 30 min.[00156] The polymerization
reactors of the in-line blending processes disclosed
herein may be grouped into reactor(s) making a single
blending component, called the reactor train. The
reactors of the parallel reactor trains producing all
the polymer blend components are referred to as
reactor bank. The reactors in the individual trains
and in the entire bank can be of any type useful for
making polymers (for a review of different
polymerization reactors see Reactor Technology by B.
L. Tanny in the Encyclopedia of Polymer Sci. and Eng.,
Vol. 14, H. F. Mark et al., Eds., Wiley, New York,
1988, and JBP Soares, LC Simon in the HANDBOOK OF
POLYMER REACTION ENGINEERING, T. Meyer and J .
Keurentjes, Eds., Wiley-VCH, Weinheim, 2005, p.
365-430.) and can be constructed the same way or can
be different. The optimal reactor type and
configuration can be determined by standard techniques
well known in the art of polymer reactor engineering.
[00157] It should be recognized that the catalytic
activity and thus the volumetric productivity in the
individual reactors may be different. If the reactor
effluents for in-line blending are directly blended,
the catalytic activity and the volumetric productivity
may determine the reactor sizes required for the
production of the individual polymer blend components.
In order to reduce cost, a single plant may need to
produce several polymer blends with different polymer
components blended over a range of blend ratios.
Consequently, a parallel reactor bank will often have
reactors of different sizes allowing for a flexible
and thus more cost effective configuration for the
production of different polymer blend grades. The
optimal reactor volumes may be determined from the
combination of the composition of the target polymer
blends and the volumetric reactor productivity data
using optimization methods known in the art of
chemical engineering. [00158] In commercial practice,
reactor productivity tends to vary to some degree,
which in turn may lead to the corresponding level of
variability in polymer blend ratios. In one
embodiment, buffer tanks may be added to theprocess
downstream of the reactors comprising the bank of
parallel reactors, but before the polymer mixing or
blending point to compensate for the fluctuations of
the volumetric productivity in each reactor train
producing the individual blend components (see for
example FIG. 4). The buffer tanks may improve the
compositional control of the final product blends by
homogenizing the individual reactor effluents and by
allowing a more independent metering of the polymer
blend components. When an individual reactor train
effluent is stored in the buffer tank in its liquid
state at a pressure below its bubble point,
essentially the entire volume of the buffer tank is
available for compensating for the differences in the
blending and production rates. However, when the
individual reactor effluent is stored in the buffer
tank in its supercritical state or in its liquid state
but at pressures above its bubble point, the dense
liquid or supercritical fluid fills the entire tank.
In such operation modes, the buffering capacity, i.e.
the capacity to deviate from the instant reactor flow
rate, is more limited and is associated with the
pressure/density changes allowed in the buffer tank
and with the size of the buffer tank. In the latter
case, the process streams may be driven by a gradual
pressure drop downstream of the reactor to avoid the
cost of installing and operating booster pumps.
However, booster pumps may be alternatively installed
and operated within the process to increase the
pressure range and thus the buffering capacity of the
system. When no booster pumps are deployed, the
pressure of the buffer tank should be lower than that
of the reactor, but higher than that of the lines
downstream of the blending point. [00159] Apparently,
while feasible, controlling this kind of buffer system
is difficult and it is not very efficient. Thus, in
another embodiment, when the individual reactor
effluent is stored in the buffer tank in its
supercritical state or in its liquid state but at
pressures above its bubble point, the conditions in
the buffer tanks may be set to achieve fluid-fluid
phase separation (separator-buffer tank operation).
Buffering in this mode can be achieved by allowing the
fluid level of the denser polymer-rich phase to move
up and down between the minimum andmaximum levels
allowed for the desired level of separation while
taking the monomer-rich upper phase out of the
separator buffer via a pressure control valve. One
skilled in the art can see that this operation mode is
analogous to the operation of a buffer tank filled
with a liquid phase containing the polymeric product
and a vapor phase containing the more volatile
components, such as monomer(s) and solvent(s). In the
supercritical regime, the upper phase is a
polymer-lean supercritical fluid, while the lower
phase is a polymer-rich supercritical fluid, the
latter of which can be withrawn for blending at a
controlled rate required for making a constant blend
ratio, independent of the short-term fluctuations in
the production ratios of the individual blend
components. A similar analogy may be derived for
liquid-filled operations. The polymer content, and
thus the viscosity of the polymer-rich phase can be
controlled by properly adjusting the temperature at
constant pressure or by adjusting the presure at
constant temperature in the separator-buffer tank(s).
In this embodiment, the polymer-rich effluent(s) of
the separator-buffer tank(s) are combined with the
direct, unseparated effluent of one of the reactor
trains upstream of the separator-blending vessel that
recovers the monomer of the direct reactor effluent as
a supernatant and the in-line polymer blend as the
bottom phase. In this particular embodiment, one of
the separators serves as a separator-blender, while
the rest of the separators serve as separator-buffers.
[00160] In another embodiment of the processes
disclosed herein, polymer additives may be added to
the pellet-stable polyolefin blends at ratios of up to
40 wt%, or up to 30 wt% , or up to 20 wt%, or up to 10
wt%, or up to 5 wt% to further improve product quality
and product properties. Exemplary, but not limiting
polymer additives, include specialty polymers
including polar polymers, waxes, polyalfaoleflns,
antioxidants, plasticizers, clarifiers, slip agents,
flame retardants, heat and uv stabilizers,
antiblocking agents, fillers, reinforcing fibers,
antistatic agents, lubricating agents, coloring
agents, foaming agents, tackifiers, organically
modified clays such as are available from Southern
Clay, andmasterbatches containing above components.
Hence, one or more polymer additive storage tanks
containing liquid, molten, or dissolved polymer
components and polymer additives may be added to the
processes disclosed herein. If solvent(s) is used in
these polymer additive storage tanks, it may be
advantageously the same as used in the polymerization
reactors previously described in order to avoid an
increase in separation costs in the solvent recovery
and recycle section of the process. For example, when
the polymer synthesis process is performed in
supercritical propylene, the off-line produced polymer
additives may also be advantageously dissolved in
supercritical propylene. However, other solvent(s) or
solvent-free introduction may be used with the polymer
additives. Solvent-free introduction of the polymer
additive components may be used when the additive
component is brought into its molten state or when the
additive component is a liquid at ambient
temperatures. [00161] The homogeneous supercritical
polymerization and the solution polymerization
processes are particularly suitable for providing the
product polymer in a dissolved fluid state. In one
particular embodiment, the supercritical
polymerization process is performed in the substantial
absence of an inert solvent/diluent (bulk homogeneous
supercritical polymerization) and provides the product
in a dissolved supercritical state for the downstream
in-line separationblending process. More particularly,
the supercritical polymerization of propylene is
performed in the substantial absence of an inert
solvent/diluent (bulk homogeneous supercritical
propylene polymerization) and provides the product in
a dissolved supercritical state for the downstream
in-line separation-blending process. [00162] The total
amount of inert solvents is generally not more than 40
wt% in the reactor feeds of the invention process. In
some embodiments, where the feed essentially comprises
the monomer or monomer blend, like for example, bulk
slurry, or bulk supercritical, or bulk solution
polymerizations, the minimization of solvent use is
desired to reduce the cost of monomer recycling. In
these cases, thetypical solvent concentration in the
reactor feed is often below 40 wt%, or below 30 wt%,
or below 20 wt%, or below 10 wt%, or below 5 wt%, or
even below 1 wt%. In one form disclosed herein, the
polymerization system comprises less than 20 wt%
aromatic hydrocarbons and advantageously less than 20
wt% toluene. In another form disclosed herein, the
polymerization system comprises less than 40 wt%, or
less than 30 wt%, or less than 20 wt% saturated
aliphatic hydrocarbons and advantageously less than 40
wt%, or less than 30 wt%, or less than 20 wt% of
decanes, or nonanes, or octanes, or heptanes, or
hexanes, or pentanes, or butanes,or propane, or their
mixtures. IN-LINE BLENDING PROCESS CONFIGURATION
[00163] The fluid phase in-line blending process
disclosed herein may have different detailed process
configurations. For example, the number of parallel
reactor trains and their configurations in the
parallel reactor bank may be varied. Typically, each
reactor train serves to produce either an LCPC or a
HCPC blend component. A given train of the parallel
reactor bank may be configured as a single reactor or
two or more reactors in series. From a practical
commercial plant design standpoint, however, there
should be a minimum number of reactors for a given
train of the parallel reactor bank in order to make a
given polymer blend component. Generally, not more
than ten series reactors are utilized and more
particularly not more than three series reactors are
generally utilized in a given reactor train. The
number of parallel trains in the parallel reactor bank
may be two, three, four or five or more. The number of
reactors in the parallel reactor bank may be any
number, although for economic reasons the number of
reactors should be maintained as low as the desired
product grade slate and plant capacity allows. The
optimum number of parallel reactor trains (also
referred to as legs of the reactor bank) may be
determined by standard chemical engineering
optimization methods well known in the art. Most
typically, the polymerizationblending plant will have
two or three parallel polymerization reactor trains or
legs in the reactor bank producing product blends with
the corresponding number ofin-line polymer blend
components. However, more than three parallel
reactors/legs may be employed if the production of the
target product blends so requires. Besides the in-line
polymer blend components, the final polymer blends
often contain additives and modifiers that are not
produced within the same polymerization process.
Therefore, it should be understood that the number of
components in the final product blend typically is
higher than the number of reactor trains or the number
of in-line polymer blend components. [00164] The fluid
phase in-line pellet-stable polyolefin blending
process disclosed herein may also optionally
incorporate other polymers, and polymer additives that
were produced outside the reactor bank of the
processes disclosed herein. The optional other polymer
and polymer additive components may first be
transferred into solution or molten fluid state before
being blended with the in line produced polymer blend
components. These other polymer and polymer additive
components may be stored in polymer additive storage
tanks containing liquid, molten, or dissolved polymer
components and polymer additives prior to being
transferred and metered to the separation-blending
vessel or to a mixing point upstream or downstream of
the separation-blending vessel. Polymer and polymer
additive components may be accurately metered to the
blending vessel or to another mixing point by one or
more pumps or if the downstream pressure is lower,
through the use of one or more pressure letdown
valves. The optional additives and modifiers can be
mixed into the product upstream of or directly in the
separator-blending vessel or downstream of the
separator-blending vessel of the processes disclosed
herein. In order to simplify monomer treatment in the
monomer recycle train and thus to reduce the cost of
monomer recycle, it is often advantageous to add the
additives and modifiers downstream of the
separatorblending vessel. In such embodiments, the
additives and modifiers may be mixed with the in-line
produced polymer blend in dedicated pieces of
equipment or in the hardware of the product finishing
section of the processes disclosed herein, for
example, in the devolatizer extruders.[00165]
Referring to FIG. 2, in one exemplary embodiment of
the fluid phase in-line pellet-stable polyolefin
blending process disclosed herein, the effluents of
all parallel reactor trains in the reactor bank are
brought into a single separatorblending vessel (also
referred to as a high-pressure separator). The
separatorblender separates some or most of the low
molecular weight components, such as monomer(s),
optional solvent(s), and product lights (monomer-rich
phase) from the polymer-rich phase, but also blends
the LCPC and HCPC blend components made in different
reactor trains of the invetion process forming a
polymer-rich blend effluent. This mode is also
referred to as single separation vessel operation. The
number of reactor trains in the parallel bank may be
2, 3, 4, and up to n. The effluents of the different
reactor trains and thus the individual polymer
components are combined upstream of the separation
vessel after individual pressure let down valves,
which function to bring the reactor train effluents to
the common pressure of the separator-blending vessel.
Catalyst killing agent(s) may be optionally introduced
prior to or into the separator-blending vessel to
minimize further polymerization outside the
polymerization reactors. Optionally, one or more
static mixers positioned before the separator-blending
vessel, but downstream of the mixing point, may also
be utilized to enhance mixing between the reactor
train effluents. Optionally, some or all reactor train
effluents may be heated before the pressure letdown
(not shown in FIG. 2) in order to maintain the
temperature in the downstream lines and in the
separation-blending vessel at the desired value, i.e.,
above the solid-fluid phase transition temperature of
the polymer-rich phase of the separator-blender, but
below the cloud point of the combined effluents
entering the separator-blending vessel to allow the
formation of a polymer-rich denser fluid phase and a
monomer-rich lighter fluid phase. [00166] After the
combined reactor train effluent streams enter the
separator-blending vessel, monomer recycle
(monomer-rich phase) emerges from the top of the
separator-blending vessel and a polymer-rich blend
emerges from the bottom of the vessel. The
polymer-rich blend may then be conveyed to adownstream
finishing stage for further monomer stripping, drying
and/or pelletizing. As described earlier, modifiers
and additives may also be introduced either before or
into the separator-blending vessel or downstream of
it. A downstream introduction of these modifiers and
additives typically simplifies monomer recycle, and is
thus advantageous. In this embodiment, the single
separator-blending vessel serves as both a separator
and a blender. One advantage of this exemplary
embodiment is the utilization of a single
separator-blending vessel, which provides for process
simplicity because it functions for both separation
and blending purposes. One disadvantage of this
exemplary embodiment is that because all reactor train
effluent streams are combined, the recovered monomer
stream from the separator-blending vessel may need to
be separated prior to recycle to the individual
reactor trains in the parallel bank of reactors. In
summary, this embodiment may be simpler and thus lower
cost in the separator section, but may be more costly
in the monomer separation and recycling loop section
of the process. [00167] FIG. 3 depicts an alternative
exemplary embodiment of the fluid phase in-line
pellet-stable polyolefin blending process disclosed
herein in which each reactor train has a dedicated
separator vessel with the exception of one reactor
effluent train where all polymer-rich phases from the
other reactors are combined in a high-pressure
separator that also serves as a blending vessel (also
referred to as multiple separation vessel operation).
In this embodiment, for all but one of the reactor
trains (all but train n in FIG. 3), the single-stream
highpressure separator serves as a separator to
separate a polymer-enriched phase from a monomer-rich
phase in the reactor effluent stream. In order to keep
the content of low molecular weight components higher
and thus to keep the viscosity of the polymer-enriched
phase lower, the single-stream high-pressure
separators dedicated to the individual reactor trains
often operate at a somewhat higher pressure than the
one downstream high-pressure separator that serves
both as a separator and as a blender
(separator-blender). Therefore, there is an
optionalpressure letdown between these separators and
the separator-blender. For the one high-pressure
separator (separator-blender) where the other
polymer-rich phases are combined and the reactor train
effluent from one of the reactor trains is introduced
(reactor train n in FIG. 3), the separator serves both
LCPC-HCPC blending and product-feed separating
functions. Catalyst killing agent may be optionally
introduced prior to or into each separator vessel,
including the separator-blender to minimize further
polymerization outside the polymerization reactors.
Optionally, one or more static mixers positioned
before the separatorblending vessel, but downstream of
the mixing point may be utilized to enhance mixing
between the polymer-rich phases of the reactor trains
and the reactor train effluent of the reactor train
associated with the separator-blender. Optionally,
some or all reactor train effluents may be heated
before the first pressure letdown (not shown in FIG.
3) in order to maintain the temperature in the
downstream lines and in the separators, including the
separation-blending vessel, at the desired value,
i.e., above the solid-fluid phase transition
temperatures of the polymer-rich phases but below the
cloud point of the streams entering the separators,
including the separator-blender, to allow the
formation of polymer-enriched or polymer-rich denser
fluid phases and monomer-rich lighter fluid phases.
The process of this embodiment may be advantageous in
the production of polymer blends that include
different homopolymers or homopolymer(s) and
copolymer(s) as blend components. In this embodiment,
the homopolymerization train(s) has/have its (their)
own separator(s) and the copolymerization train (or
one of the copolymerization trains in case of more
than one copolymer trains used) serves as a blender.
The monomer(s) recovered in the separator(s) dedicated
to individual 



reactor train(s) may be recycled to the corresponding
reactor train(s) without the complex separation from
other monomers as was associated with single
separation-blending vessel operation previously
described. Hence, one advantage of this embodiment is
that monomer recycle is simplified and thus affords
lower cost in the monomer recycle loop. . While
multiple separation vessel operation increases cost in
the separator section, it adds flexibility in the
monomer recycleloops. In summary, this embodiment may
be more complicated and higher cost in the separator
section, but may be simpler in the monomer recycle
loops. [00168] Since both embodiments of FIG. 2 and 3
serve the same function of polymer blending and
separation of the polymer-rich from the monomer-rich
phases, the choice between them is driven by the
economics of a given plant producing a given product
slate and may be determined by standard engineering
optimization techniques known in the art. [00169] FIG.
4 presents another alternative exemplary embodiment of
the fluid phase in-line pellet-stable polyolefin
blending process disclosed herein in which is provided
a dedicated buffer tank in which no phase separation
occurs for each reactor train and in which the reactor
train effluents are combined in a single
separator-blending vessel (also referred to as single
separation vessel operation with buffer tanks). Each
of the n parallel polymerization reactor trains in the
reactor bank is provided with its own buffer tank to
enable the fine-tuning of the mixing ratio of the
blend components. Pressure let down valves may be
positioned on the inlet and outlet side of each buffer
tank to control the in-line polymer blend component
flow. Optionally, the reactor effluents may be heated
to maintain the desired temperature in the downstream
separator-blender as described above. Catalyst killing
agent may be optionally introduced prior to or into
each buffer tank to minimize further polymerization
outside the polymerization reactors. Optionally, one
or more static mixers positioned after the mixing
point but before the separation vessel for blending
may be utilized to enhance mixing between the reactor
effluents being fed from the buffer tanks. In
comparison to the single separation vessel operation
of FIG. 2, this alternative exemplary embodiment
allows for more precise control of the blend ratio and
quality but without the benefit of dedicated monomer
recovery provided by the configuration depicted in
FIG. 3. As previously discussed, this embodiment may
improve the control of product blend ratio and hence
product quaility, but its buffer capacity may be
limited.[00170] An alternative design employing
buffering capability is depicted in FIG. 5. FIG. 5, a
variation of the multiple separation vessel operation
depicted in FIG. 3, and presents yet another
alternative exemplary embodiment of the fluid phase
in-line pellet-stable polyolefin blending process
disclosed herein. In this exemplary embodiment the
single-stream high-pressure separators dedicated to
the individual reactor trains also serve as buffer
tanks. Referring to FIG. 5, for all reactor trains but
n, the reactor train effluent is fed to a dual-purpose
separatorbuffer for both separation of the
polymer-rich phase from the supernatant monomer-rich
phase and storage of polymer-rich phase prior to
conveyance to a downstream blending separator. These
single-stream separators dedicated to individual
reactor trains afford buffering by allowing the level
of the denser polymer-rich phase to move between an
upper and a lower limit. This buffer capacity allows
for the correction in the potential fluctuations in
the production rates of the individual in-line blend
components and thus provides a means for a more
precise control of the polymer blend ratio. For
reactor train n, the high-pressure separator
(separator-blender) functions to separate the
polymer-rich phase from the monomer-rich phase for the
reactor effluent from reactor n and also to blend the
polymer-rich phases from all reactors reactors (1, 2,
through n in FIG. 5). From a blend control point of
view, there is no buffering for the in-line component
n, and thus all other blend component flows to the
separator-blending vessel, and ultimately their
production rates, are controlled by the production
rate in reactor train n in order to maintain the
desired blend ratios. Catalyst killing agent may be
optionally introduced prior to or into each separator
vessel to minimize further polymerization within the
separator. Optionally, one or more static mixers
positioned before the separation vessel for blending
may be utilized to enhance mixing between polymer-rich
phases of the reactors and the reactor effluent of the
reactor associated with the blending separator. For
heat and pressure management, the same considerations,
configurations, and controls may be applied as
described for the previous embodiments. As in all
processconfigurations, optional modifiers and
additives may be introduced either prior or into the
separator-blending vessel or downstream of it. [00171]
FIG. 6 presents yet another exemplary embodiment of
the fluid-phase in-line pellet-stable polyolefin
blending process disclosed herein in which one of the
parallel polymerization trains (train 1 in FIG. 6)
produces the polymer blending component (HCPC or LCPC)
in the form of solid pellets, i.e. operates in the
slurry polymerization regime. Thus in order to bring
the polymer into a dissolved state before in-line
blending, the reactor effluent is brought into a
heated stirred vessel. In order to keep the entire
reactor effluent in a dense fluid phase, the pressure
of the reactor effluent is increased by a slurry pump.
Slurry polymerization typically operates at lower
temperatures than supercritical and solution
polymerizations and thus may afford products with
higher molecular weight and melting peak temperatures,
which may provide advantages in certain polymer blend
applications. However, the dissolution of polymer
pellets adds cost and tends to be prone to fouling and
other operational issues. Other aspects of the in-line
blending process disclosed herein, such as catalyst
killing, additive blending, heat and pressure
management, as described in the previously described
embodiments, apply hereto as well. [00172] FIG. 7
presents still yet another exemplary embodiment of the
fluid phase in-line pellet-stable polyolefin blending
process disclosed herein in which one or more optional
polymer and/or more polymer additive storage tanks may
be added to the process for the storage and metering
of other fluid polymers and polymer additives to the
blending vessel. Optional pump(s) may be used to
convey the polymer(s) or polymer additive(s) to the
separator vessel for blending. Note that FIG. 7
presents the particular embodiment wherein the one or
more optional polymer and/or more polymer additive
storage tanks are added to the single
separation-blending vessel operation with buffer tanks
configuration of FIG. 4. However, the one or more
optional polymer and/or one or more polymer additive
storage tanks may be added to the processes depicted
in FIG. 2, FIG. 3,and FIG. 5 without deviating from
the spirit of the fluid phase in-line blending process
disclosed herein. Similarly, optional off-line
produced polymers, modifiers and additives may be
introduced in any part of the polymer finishing
section or in a dedicated section prior to the product
finishing section of the process disclosed herein.
Other aspects of the in-line blending process
disclosed herein, such as catalyst killing, additive
blending, heat and pressure management, as described
in the previously described embodiments, apply hereto
as well. [00173] As will be appreciated by one skilled
in the art of chemical engineering, the process
schematic details of the design of the fluid phase
in-line blending process in terms of reactor
configuration, separator configuration, valving, heat
management, etc. may be set differently without
deviating from the spirit of the fluid-phase in-line
blending process disclosed herein. The choice between
different embodiments of the processes disclosed
herein will be driven by product performance
requirements and process economics, which can be
readily determined by standard engineering techniques.
However, the in-line blending processes disclosed
herein are advantageous relative to the prior art by
the virtue of reduced blending cost due to savings in
investment and operation costs, and enabling
well-controlled and cost-effective molecular-level
blending to yield enhanced polymer blend performance.
[00174] The processes disclosed herein provide an
effective recycle pathway for homogeneous
supercritical olefin polymerization, an example of
which is bulk homogeneous supercritical propylene
polymerization (SCPP). As will be discussed in more
detail below, the efficient separation of monomer and
polymer is achieved by advantageously utilizing the
cloud point pressure and temperature relationships for
the relevant (polymer/olefinic monomer) or
(copolymer/olefinic monomer blend); e.g.
(polypropylene/propylene monomer), (ethylene-propylene
copolymer/ethylene-propylene monomer blend), etc.
mixtures.Monomer Recyle To Parallel Reactor Trains:
[00175] As disclosed in U.S. Patent Application No.
60/905,247, filed on March 6, 2007, incorporated
herein in its entirety by reference, some forms of the
the present disclosure also provide for simplified
recycle methods for the monomers emerge unconverted
from the parallel reactor trains. In particular, the
simplified monomer recycle methods are applicable for
use with said fluid-phase in-line polymer blending
processes in which each monomer component fed to a
first group of one or more reactor trains of the said
in-line blending processes (Gl) is also present in the
feed of a second group of one or more trains of the
said in-line blending processes (G2) so that when the
monomer pool of the said first group of trains (Gl) is
combined with the monomer pool of the second group of
trains (G2), the said combined monomer pool and the
monomer pool of the second group of trains (G2) are
the same. Stating it differently, when the effluents
(or reduced effluent streams derived from the
effluents) of the said first group of reactor trains
(Gl) are combined with the effluents of the said
second group of reactor trains (G2), the combined
effluent stream essentially contains only monomers
that are present in the feed of the said second group
of reactor trains (G2). Stating it yet another way,
the effluents (or reduced effluent streams derived
from the effluents) of the said first group of reactor
trains (Gl) essentially do not introduce new monomer
components into the recycled effluents of said second
group of reactor trains (G2) when the effluent streams
of Gl and G2 are combined. In a mathematical form,
these conditions can be described as follows: N(Gl
+G2) =N(G2) and N(Gl)  N(G2) Where N(Gl +G2) is the
number of monomers in the combined monomer pool of the
first and second group of reactor trains of the
in-line fluid phase polymer blending process; N(Gl)
and N(G2) are the number of monomers in the monomer
pool of the first (Gl) and second (G2) group of
reactor trains of the in-line fluid phase polymer
blending process, respectively. The monomer pools
present in the individual reactor trains of Gl can be
the same or different. However, themonomer pools
present in the individual reactor trains of G2 are
always the same, although the monomer concentrations
or monomer ratios may be different (but may also be
the same). The number of reactor trains both in the
first and in the second groups of reactor trains (Gl
and G2) can be one or more than one. In practice, the
number of reactor trains belonging to the first group
of reactor trains of the in-line fluid phase polymer
blending process (Gl) can be one, two, three, four,
five, or more. Similarly, the number of reactor trains
belonging to the second group of reactor trains of the
in-line fluid phase polymer blending processes (G2)
can also be one, two, three, four, five, or more. It
should be understood that as all reactor trains of the
in-line fluid phase polymer blending processes
disclosed herein, the one or more reactor trains of Gl
are configured in parallel relative to the one or more
reactor trains of G2. The Gl and G2 reactor trains are
also fluidly connected to one another. When the
above-stated conditions for the monomer pools are met
in the in-line fluid phase polymer blending processes
disclosed herein, the simplified monomer recycle
methods disclosed in U.S. Patent Application No.
60/905,247 are applicable to the present disclosure.
In all embodiments of the simplified recycle
processes, the monomer recycle streams recovered from
the product streams of Gl before mixing them with any
of the effluents of G2 are recycled to Gl while the
monomer recycle streams recovered from the mixed
polymer-containing streams of Gl and G2 are recycled
to G2. Since the mixed streams that contain monomers
originated both from Gl and G2 are recycled to G2, the
simplified monomer recycle methods also ensure that
the monomer component recycle rates in the recycle
stream originated from the combined Gl and G2
product-containing streams and sent to G2 are not
higher than the desired monomer component flow rates
in the composite feed of G2. [00176] The simplified
recycle methods described above and in U.S. Patent
Application No. 60/905,247 are particularly
advantageous to the in-line blending processes for
producing pellet-stable polyolefm blends disclosed
herein becauseeither propylene monomer, ethylene
monomer, or both may be present in each of the two or
more parallel reactor trains. For example, if one
parallel reactor train polymerizes isotactic
polypropylene as the HCPC, and a second parallel
reactor train polymerizes ethylene-propylene copolymer
with an ethylene content of 15 wt%, the unreacted
propylene monomer from the first reactor train may be
combined with the unreacted propylene and ethylene
monomers from the second parallel reactor train and
recycled back to the second parallel reactor train
using the simplified monomer recycle methods disclosed
herein. CATALYST SYSTEM OVERVIEW [00177] The in-line
process for polymerizing and blending LCPC and HCPC
blend components disclosed herein may utilize any
number of catalyst systems (also referred to as
catalysts) in any of the reactors of the
polymerization reactor section of the process. The
catalyst system for polymerizing the one or more LCPCs
will generally result in a relatively lower level of
stereospecificity to result in low cystallinity. In
contrast, the catalyst system for polymerizing the one
or more HCPCs will generally result in a high level of
stereospecificity to result in high cystallinity.
[00178] An exemplary family of suitable catalysts for
producing both the LCPC and HCPC blend components is
known in the art as bridged bisindenyl metallocenes.
As described by many papers (see for example, W.
Spaleck et al., Organometallics, 13 (1994) 954, W.
Spaleck et al., "New Isotactic Polypropylenes via
Metallocene Catalysts" in Ziegler Catalysts,
Fink/Mulhaupt/Brintzinger, Eds., Springer, Berlin,
1995, and L. Resconi et al., J.Am Chem. Soc. 120
(1998) 2308). This family of metallocene catalysts can
provide both high and low stereo regularity for
propylene incorporation depending on the substitution
on the bisindenyl scaffold. For example, the
unsubstituted parent (such as for example, the Hf
version, dimethyl (m-dimethylsilyl)bis(indenyl)hafnium
activated by MAO or borate non-coordinating anion
activatiors) may provide for lowstereoregularity, and
thus reduced crystallinty, while some subtituted
derivatives, particularly the 2,4-substituted versions
(such as, for example, the Zr version, dimethyl
(m-dimethylsilyl)bis(2-methyl-4-naphthylindenyl)zircon
ium), afford high stereoregularity. The latter thus is
particularly useful for producing highcrystallinity
iPP HCPC blend components. [00179] The in-line process
for blending polymers disclosed herein may also
utilize the same or different catalysts or catalyst
mixtures in the different individual reactors of the
reactor bank of the present invention. It should be
understood that by using different catalyst systems we
mean that any part of the catalyst system can vary and
any combination is allowed. For example, the invention
process may use unsupported catalyst systems in some
trains while using supported catalyst systems in other
trains. In other embodiments, the catalyst systems in
some reactor trains may comprise aluminoxane (for
example, MAO) activator, while comprising
non-coordinating anion activators in some other
trains. In another embodiments, the catalyst systems
in some reactor trains may comprise Ziegler-Natta
catalysts, while the catalyst systems in other reactor
trains of the invention process may comprise
metallocenes or nonmetallocene metal-centered,
heteroaryl ligand catalyst compounds (where the metal
is chosen from the Group 4, 5, 6, the lanthanide
series, or the actinide series of the Periodic Table
of the Elements) activated by aluminoxane or
non-coordinating anion activators or any combinations
thereof. While the number of different catalyst
systems deployed in the invention processes can be any
number, the use of no more than five different
catalysts and more particularly, no more than three
different catalysts in any given reactor is
advantageous for economic reasons. The deployment of
no more than ten catalysts or the deployment of no
more than six catalysts in the reactor bank of the
polymerization process is advantageous for economic
reasons. The one or more catalysts deployed in the
reactors may be homogeneously dissolved in the fluid
reaction medium or may form a heterogeneous solid
phase in the reactor. In one particular embodiment,
thecatalyst(s) is (are) homogeneously dissolved in the
fluid reaction medium. When the catalyst is present as
a solid phase in the polymerization reactor, it may be
supported or unsupported. [00180] The process
disclosed herein may use any combination of
homogeneous and heterogeneous catalyst systems
simultaneously present in one or more of the
individual reactors of the polymerization reactor
section, i.e., any reactor of the polymerization
section of the present invention may contain one or
more homogeneous catalyst systems and one or more
heterogeneous catalyst systems simultaneously. The
process disclosed herein may also use any combination
of homogeneous and heterogeneous catalyst systems
deployed in the polymerization reactor section. These
combinations comprise scenarios when some or all
reactors use a single catalyst and scenarios when some
or all reactors use more than one catalyst. The one or
more catalysts deployed in the process disclosed
herein may be supported on particles, which either can
be dispersed in the fluid polymerization medium or may
be contained in a stationary catalyst bed. When the
supported catalyst particles are dispersed in the
fluid reaction medium, they may be left in the
polymeric product or may be separated from the product
prior to its crystallization from the fluid reactor
effluent in a separation step that is downstream of
the polymerization reactor section. If the catalyst
particles are recovered, they may be either discarded
or may be recycled with or without regeneration.
[00181] The catalyst may also be supported on
structured supports, such as for example, monoliths
comprising straight or tortuous channels, reactor
walls, and internal tubing. When the catalysts are
supported, operation may take place on dispersed
particles. When the catalyst is supported on dispersed
particles, operations may take place without catalyst
recovery i.e., the catalyst is left in the polymeric
product. In another embodiment, unsupported catalysts
may be dissolved in the fluid reaction medium.[00182]
Catalyst systems may be introduced into the reactor by
any number of methods. For example, the catalyst may
be introduced with the monomercontaining feed or
separately. Also, the catalyst(s) may be introduced
through one or multiple ports to the reactor. If
multiple ports are used for introducing the catalyst,
those ports may be placed at essentially the same or
at different positions along the length of the
reactor. If multiple ports are used for introducing
the catalyst, the composition and the amount of
catalyst feed through the individual ports may be the
same or different. Adjustment in the amounts and types
of catalyst through the different ports enables the
modulation of polymer properties, such as for example,
molecular weight distribution, composition,
composition distribution, and crystallinity. Catalyst
Compounds and Mixtures: [00183] The in-line process
for blending LCPC and HCPC blend components disclosed
herein may utilize any number of catalyst systems
(also referred to as catalysts) in any of the reactors
of the polymerization reactor section of the process.
The in-line process for blending polymers disclosed
herein may also utilize the same or different
catalysts or catalyst mixtures in the different
individual reactors of the reactor bank of the present
disclosure. It should be understood that by using
different catalyst systems we mean that any part of
the catalyst system can vary and any combination is
allowed. For example, the invention process may use
unsupported catalyst systems in some trains while
using supported catalyst systems in other trains. In
other embodiments, the catalyst systems in some
reactor trains may comprise aluminoxane (for example,
MAO) activator, while comprising non-coordinating
anion activators in some other trains. In another
embodiments, the catalyst systems in some reactor
trains may comprise Ziegler-Natta catalysts, while the
catalyst systems in other reactor trains of the
invention process may comprise metallocenes or
nonmetallocene catalysts used for the production of
Versify(tm) family of polymers activated by
aluminoxane or non-coordinating anion activators or
any combinations thereof.While the number of different
catalyst systems deployed in the invention processes
can be any number, the use of no more than five
different catalysts and more particularly, no more
than three different catalysts in any given reactor is
advantageous for economic reasons. The deployment of
no more than ten catalysts or the deployment of no
more than six catalysts in the reactor bank of the
polymerization process is advantageous for economic
reasons. The one or more catalysts deployed in the
reactors may be homogeneously dissolved in the fluid
reaction medium or may form a heterogeneous solid
phase in the reactor. In one particular embodiment,
the catalyst(s) is (are) homogeneously dissolved in
the fluid reaction medium. When the catalyst is
present as a solid phase in the polymerization
reactor, it may be supported or unsupported. [00184]
The process disclosed herein may use any combination
of homogeneous and heterogeneous catalyst systems
simultaneously present in one or more of the
individual reactors of the polymerization reactor
section, i.e., any reactor of the polymerization
section of the present invention may contain one or
more homogeneous catalyst systems and one or more
heterogeneous catalyst systems simultaneously. The
process disclosed herein may also use any combination
of homogeneous and heterogeneous catalyst systems
deployed in the polymerization reactor section. These
combinations comprise scenarios when some or all
reactors use a single catalyst and scenarios when some
or all reactors use more than one catalyst. The one or
more catalysts deployed in the process disclosed
herein may be supported on particles, which either can
be dispersed in the fluid polymerization medium or may
be contained in a stationary catalyst bed. When the
supported catalyst particles are dispersed in the
fluid reaction medium, they may be left in the
polymeric product or may be separated from the product
prior to its crystallization from the fluid reactor
effluent in a separation step that is downstream of
the polymerization reactor section. If the catalyst
particles are recovered, they may be either discarded
or may be recycled with or without
regeneration.[00185] The catalyst may also be
supported on structured supports, such as for example,
monoliths comprising straight or tortuous channels,
reactor walls, and internal tubing. When the catalysts
are supported, operation may take place on dispersed
particles. When the catalyst is supported on dispersed
particles, operations may take place without catalyst
recovery; i.e., the catalyst is left in the polymeric
product. In another embodiment, unsupported catalysts
may be dissolved in the fluid reaction medium. [00186]
Catalyst systems may be introduced into the reactor by
any number of methods. For example, the catalyst may
be introduced with the monomercontaining feed or
separately. Also, the catalyst(s) may be introduced
through one or multiple ports to the reactor. If
multiple ports are used for introducing the catalyst,
those ports may be placed at essentially the same or
at different positions along the length of the
reactor. If multiple ports are used for introducing
the catalyst, the composition and the amount of
catalyst feed through the individual ports may be the
same or different. Adjustment in the amounts and types
of catalyst through the different ports enables the
modulation of polymer properties, such as for example,
molecular weight distribution, composition,
composition distribution, and crystallinity. Catalyst
Compounds and Mixtures: [00187] The processes
described herein may use any polymerization catalyst
capable of polymerizing the monomers disclosed herein
if that catalyst is sufficiently active under the
polymerization conditions disclosed herein. Thus,
Group-3-10 transition metals may form suitable
polymerization catalysts. A suitable olefin
polymerization catalyst will be able to coordinate to,
or otherwise associate with, an alkenyl unsaturation.
Illustrative, but not limiting, olefin polymerization
catalysts include Ziegler-Natta catalyst compounds,
metallocene catalyst compounds, late transition metal
catalyst compounds, and other nonmetallocene catalyst
compounds.[00188] Distinction should made between
active catalysts, also referred to as catalyst systems
herein, and catalyst precursor compounds. Catalyst
systems are active catalysts comprising one or more
catalyst precursor compounds, one or more catalyst
activators, and optionally, one or more supports.
Catalytic activity is often expressed based on the
concentration of the catalyst precursor compounds
without implying that the active catalyst is the
precursor compound alone. It should be understood that
the catalyst precursor is inactive without being
contacted or being treated with a proper amount of
activator. Similarly, the catalyst activator is
inactive without combining it with a proper amount of
precursor compound. As will become clear from the
following description, some activators are very
efficient and can be used stoichiometrically, while
some others are used in excess, and in sometimes large
excess, to achieve high catalytic activity as
expressed based on the concentration of the catalyst
precursor compounds. Since some of these activators,
for example methylaluminoxane (MAO), increase
catalytic activity as expressed based on the
concentration of the catalyst precursor compounds,
they are sometimes referred to as "cocatalysts" in the
technical literature of polymerization. [00189] As
disclosed herein, Ziegler-Natta catalysts are those
referred to as first, second, third, fourth, and fifth
generation catalysts in the PROPYLENE HANDBOOK, E.P.
Moore, Jr., Ed., Hanser, New York, 1996. Metallocene
catalysts in the same reference are described as sixth
generation catalysts. One exemplary non-metallocene
catalyst compound comprises nonmetallocene
metalcentered, heteroaryl ligand catalyst compounds
(where the metal is chosen from the Group 4, 5, 6, the
lanthanide series, or the actinide series of the
Periodic Table of the Elements). [00190] Just as in
the case of metallocene catalysts, these
nonmetallocene metal-centered, heteroaryl ligand
catalyst compounds are typically made fresh by mixing
a catalyst precursor compound with one or more
activators. Nonmetallocene metal-centered, heteroaryl
ligand catalyst compounds aredescribed in detail in
PCT Patent Publications Nos. WO 02/38628, WO 03/040095
(pages 2 1 to 51), WO 03/040201 (pages 3 1 to 65), WO
03/040233 (pages 23 to 52), WO 03/040442 (pages 2 1 to
54), WO 2006/38628, and U.S. Patent Application Serial
No. 11/714,546, each of which is herein incorporated
by reference. [00191] Particularly useful metallocene
catalyst and non-metallocene catalyst compounds are
those disclosed in paragraphs [0081] to [01 11] of
U.S. Serial No. 10/667585 and paragraphs [0173] to
[0293] of U.S. Serial No. 11/177004, the paragraphs of
which are herein incorporated by reference. [00192]
The processes disclosed herein can employ mixtures of
catalyst compounds to tailor the properties that are
desired from the polymer. Mixed catalyst systems
prepared from more than one catalyst precursor
compounds can be employed in the in-line blending
processes to alter or select desired physical or
molecular properties. For example, mixed catalyst
systems can control the molecular weight distribution
of isotactic polypropylene when used with the
invention processes or for the invention polymers. In
one embodiment of the processes disclosed herein, the
polymerization reaction(s) may be conducted with two
or more catalyst precursor compounds at the same time
or in series. In particular, two different catalyst
precursor compounds can be activated with the same or
different activators and introduced into the
polymerization system at the same or different times.
These systems can also, optionally, be used with diene
incorporation to facilitate long chain branching using
mixed catalyst systems and high levels of vinyl
terminated polymers. [00193] As disclosed herein, two
or more of the above catalyst precursor compounds can
be used together. Activators and Activation Methods
for Catalyst Compounds: [00194] The catalyst precursor
compounds described herein are combined with
activators for use as active catalysts herein.[00195]
An activator is defined as any combination of reagents
that increases the rate at which a metal complex
polymerizes unsaturated monomers, such as olefins. An
activator may also affect the molecular weight, degree
of branching, comonomer content, or other properties
of the polymer. A. Aluminoxane and Aluminum Alkyl
Activators: [00196] In one form, one or more
aluminoxanes are utilized as an activator in the
in-line blending processes disclosed herein. Alkyl
aluminoxanes, sometimes called aluminoxanes in the
art, are generally oligomeric compounds containing
-Al(R)-O-- subunits, where R is an alkyl group.
Examples of aluminoxanes include methylaluminoxane
(MAO), modified methylaluminoxane (MMAO),
ethylaluminoxane and isobutylaluminoxane.
Alkylaluminoxanes and modified alkylaluminoxanes are
suitable as catalyst activators, particularly when the
abstractable ligand is a halide. Mixtures of different
aluminoxanes and modified aluminoxanes may also be
used. For further descriptions, see U.S. Patent Nos.
4,665,208, 4,952,540, 5,041,584, 5,091,352, 5,206,199,
5,204,419, 4,874,734, 4,924,018, 4,908,463, 4,968,827,
5,329,032, 5,248,801, 5,235,081, 5,157,137, 5,103,031
and European and PCT Patent Publication Nos. EP 0 561
476 Al, EP 0 279 586 Bl, EP 0 516 476 A, EP 0 594 218
Al and WO 94/10180, all of which are herein
incorporated by reference in their entirety. [00197]
When the activator is an aluminoxane (modified or
unmodified), some embodiments select the maximum
amount of activator at a 5000-fold molar excess Al/M
over the catalyst compound (per metal catalytic site).
The minimum activator-to-catalyst-compound is
typically a 1:1 molar ratio. B. Ionizing Activators:
[00198] It is contemplated to use an ionizing or
stoichiometric activator, neutral or ionic, such as
tri(n-butyl)ammonium tetrakis
(pentafluorophenyl)boron, a trisperfluorophenyl borone
metalloid precursor or a trisperfluoronaphtyl borone
metalloid precursor, polyhalogenated heteroborane
anions (PCT patentpublication no. WO 98/43983), boric
acid (U.S. Patent No. 5,942,459) or combination
thereof as an activator herein. Also contemplated for
use herein are neutral or ionic activators alone or in
combination with aluminoxane or modified aluminoxane
activators. [00199] Examples of neutral stoichiometric
activators include tri-substituted boron, aluminum,
gallium and indium or mixtures thereof. The three
substituent groups are each independently selected
from alkyls, alkenyls, halogen, substituted alkyIs,
aryls, arylhalides, alkoxy and halides. The three
groups are independently selected from halogen, mono
or multicyclic (including halosubstituted) aryls,
alkyls, and alkenyl compounds and mixtures thereof,
particularly advantageous are alkenyl groups having 1
to 20 carbon atoms, alkyl groups having 1 to 20 carbon
atoms, alkoxy groups having 1 to 20 carbon atoms and
aryl groups having 3 to 20 carbon atoms (including
substituted aryls). Alternately, the three groups are
alkyls having 1 to 4 carbon groups, phenyl, napthyl or
mixtures thereof. Alternately, the three groups are
halogenated, advantageously fluorinated, aryl groups.
Alternately, the neutral stoichiometric activator is
trisperfluorophenyl boron or trisperfluoronapthyl
boron. [00200] Ionic stoichiometric activator
compounds may contain an active proton, or some other
cation associated with, but not coordinated to, or
only loosely coordinated to, the remaining ion of the
ionizing compound. Such compounds and the like are
described in European patent publication Nos. EP-A-O
570 982, EP-A-O 520 732, EP-A-O 495 375, EP-Bl-O 500
944, EP-A-O 277 003 and EP-A-O 277 004, and U.S.
Patent Nos. 5,153,157, 5,198,401, 5,066,741,
5,206,197, 5,241,025, 5,384,299 and 5,502,124 and U.S.
patent application No. 08/285,380, filed Aug. 3, 1994,
all of which are herein fully incorporated by
reference.C. Non-Ionizing Activators: [00201]
Activators are typically strong Lewis-acids which may
play either the role of ionizing or non-ionizing
activator. Activators previously described as ionizing
activators may also be used as non-ionizing
activators. [00202] Abstraction of formal neutral
ligands may be achieved with Lewis acids that display
an affinity for the formal neutral ligands. These
Lewis acids are typically unsaturated or weakly
coordinated. Examples of non-ionizing activators
include R10(Rn )3, where R10 is a group 13 element and
R11 is a hydrogen, a hydrocarbyl, a substituted
hydrocarbyl, or a functional group. Typically, R1 1 is
an arene or a perfluorinated arene. Non-ionizing
activators also include weakly coordinated transition
metal compounds such as low valent olefin complexes.
[00203] Non-limiting examples of non-ionizing
activators include BMe3, BEt3, B(iBu) 3, BPh3,
B(C6F5)3, AlMe3, AlEt3, Al(iBu) 3, AlPh3, B(C6F )3,
aluminoxane, CuCl, Ni(l,5-cyclooctadiene) 2. [00204]
Additional neutral Lewis-acids are known in the art
and will be suitable for abstracting formal neutral
ligands. See in particular the review article by E.
Y.-X. Chen and T. J . Marks, "Cocatalysts for
Metal-Catalyzed Olefin Polymerization: Activators,
Activation Processes, and Structure-Activity
Relationships", Chem. Rev., 100, 1391-1434 (2000).
[00205] Suitable non-ionizing activators include R (R1
)3, where R10 is a group 13 element and R1 1 is a
hydrogen, a hydrocarbyl, a substituted hydrocarbyl, or
a functional group. Typically, R1 1 is an arene or a
perfluorinated arene. [00206] Other non-ionizing
activators include B(R 12)3, where R12 is an arene or
a perfluorinated arene. Alternately, non-ionizing
activators include B(C6H5)3 and B(C6F5)3. Another
non-ionizing activator is B(C6F5)3. Alternately,
activators include ionizing and non-ionizing
activators based on perfluoroaryl borane
andperfluoroaryl borates such as PhNMe2H B(C6F5)4\
(C6H5)3C+ B(C6F )4 , and B(C6Fs)3. [00207] Additional
activators that may be used with the catalyst
compounds disclosed herein include those described in
PCT patent publication No. WO 03/064433Al, which is
incorporated by reference herein in its entirety.
[00208] Additional useful activators for use in the
processes disclosed herein include clays that have
been treated with acids (such as H2SO4) and then
combined with metal alkyls (such as triethylaluminum)
as described in US Patent No. 6,531,552 and EP Patent
No. 1 160 261 Al, which are incorporated by reference
herein. [00209] Activators also may be supports and
include ion-exchange layered silicate having an acid
site of at most -8.2 pKa, the amount of the acid site
is equivalent to at least 0.05 mmol/g of
2,6-dimethylpyridine consumed for neutralization.
Non-limiting examples include chemically treated
smectite group silicates, acid-treated smectite group
silicates. Additional examples of the ionexchange
layered silicate include layered silicates having a
1:1 type structure or a 2:1 type structure as
described in "Clay Minerals (Nendo Kobutsu Gaku)"
written by Haruo Shiramizu (published by Asakura
Shoten in 1995). [00210] Examples of an ion-exchange
layered silicate comprising the 1:1 layer as the main
constituting layer include kaolin group silicates such
as dickite, nacrite, kaolinite, metahalloysite,
halloysite or the like, and serpentine group silicates
such as chrysotile, lizaldite, antigorite or the like.
Additional nonlimiting examples of the ion-exchange
layered silicate include ion-exchange layered
silicates comprising the 2:2 layer as the main
constituting layer include smectite group silicates
such as montmorillonite, beidellite, nontronite,
saponite, hectorite, stephensite or the like,
vermiculite group silicates such as vermiculite or the
like, mica group silicates such as mica, illite,
sericite, glauconite or the like, and attapulgite,
sepiolite, palygorskite, bentonite, pyrophyllite,
talc, chlorites andthe like. The clays are contacted
with an acid, a salt, an alkali, an oxidizing agent, a
reducing agent or a treating agent containing a
compound intercalatable between layers of an
ion-exchange layered silicate. The intercalation means
to introduce other material between layers of a
layered material, and the material to be introduced is
called as a guest compound. Among these treatments,
acid treatment or salt treatment is particularly
advantageous. The treated clay may then be contacted
with an activator compound, such as TEAL, and the
catalyst compound to polymerize olefins. [00211] In
another form, the polymerization systems comprise less
than 5 wt% polar species, or less than 4 wt%, or less
than 3 wt%, or less than 2 wt%, or less than 1 wt%, or
less than 1000 ppm, or less than 750 ppm, or less than
500 ppm, or less than 250 ppm, or less than 100 ppm,
or less than 50 ppm, or less than 10 ppm. Polar
species include oxygen containing compounds (except
for alumoxanes) such as alcohols, oxygen, ketones,
aldehydes, acids, esters and ethers. [00212] In yet
another form, the polymerization systems comprise less
than 5 wt% trimethylaluminum and/or triethylaluminum,
or less than 4 wt%, or less than 3 wt%, or less than 2
wt%, or less than 1 wt%, or less than 1000 ppm, or
less than 750 ppm, or less than 500 ppm, or less than
250 ppm, or less than 100 ppm, or less than 50 ppm, or
less than 10 ppm. [00213] In still yet another form,
the polymerization systems comprise methylaluminoxane
and less than 5 wt% trimethylaluminum and or
triethylaluminum, or less than 4 wt%, or less than 3
wt%, or less than 2 wt%, or less than 1 wt%, or less
than 1000 ppm, or less than 750 ppm, or less than 500
ppm, or less than 250 ppm, or less than 100 ppm, or
less than 50 ppm, or less than 10 ppm. [00214] The
in-line blending processes disclosed herein may use
finely divided, supported catalysts to prepare
propylene/ 1-hexene copolymers with greater than 1.0
mole% 1-hexene. In addition to finely divided
supports, in-lineblending processes disclosed herein
may use fumed silica supports in which the support
particle diameter may range from 200 angstroms to 1500
angstroms, small enough to form a colloid with
reaction media. Catalyst Supports: [00215] In another
form, the catalyst compositions of fluid phase in-line
blending processes disclosed herein may include a
support material or carrier. For example, the one or
more catalyst components and/or one or more activators
may be deposited on, contacted with, vaporized with,
bonded to, or incorporated within, adsorbed or
absorbed in, or on, one or more supports or carriers.
[00216] The support material may be any of the
conventional support materials. In one form, the
supported material may be a porous support material,
for example, talc, inorganic oxides and inorganic
chlorides. Other support materials may include
resinous support materials such as polystyrene,
functionalized or crosslinked organic supports, such
as polystyrene divinyl benzene polyolefins or
polymeric compounds, zeolites, clays, or any other
organic or inorganic support material and the like, or
mixtures thereof. [00217] Useful support materials are
inorganic oxides that include those Group 2, 3, 4, 5,
13 or 14 metal oxides. In one form, the supports
include silica, which may or may not be dehydrated,
fumed silica, alumina (PCT patent publication No. WO
99/60033), silica-alumina and mixtures thereof. Other
useful supports include magnesia, titania, zirconia,
magnesium chloride (U.S. Patent No. 5,965,477),
montmorillonite (European Patent No. EP-Bl 0 5 11
665), phyllosilicate, zeolites, talc, clays (U.S.
Patent No. 6,034,187) and the like. Also, combinations
of these support materials may be used, for example,
silicachromium, silica-alumina, silica-titania and the
like. Additional support materials may include those
porous acrylic polymers described in European Patent
No. EP 0 767 184 Bl, which is incorporated herein by
reference. Other support materials include
nanocomposites as described in PCT WO 99/47598,
aerogels asdescribed in WO 99/48605, spherulites as
described in U.S. Pat. No. 5,972,510 and polymeric
beads as described in WO 99/5031 1, which are all
herein incorporated by reference. [00218] The support
material, for example an inorganic oxide, has a
surface area in the range of from about 10 to about
700 m2/g, pore volume in the range of from about 0 to
about 4.0 cc/g and average particle size in the range
of from about 0.02 to about 50 mm. Alternatively, the
surface area of the support material is in the range
of from about 50 to about 500 m2/g, pore volume of
from about 0 to about 3.5 cc/g and average particle
size of from about 0.02 to about 20 mm. In another
form, the surface area of the support material is in
the range is from about 100 to about 400 m2/g, pore
volume from about 0 to about 3.0 cc/g and average
particle size is from about 0.02 to about 10 mm.
[00219] Non-porous supports may also be used as
supports in the processes described herein. For
example, in a one embodiment the nonporous, fumed
silica supports described in U.S. Pat. No. 6,590,055
may be used and is incorporated by reference herein.
POLYMERIZATION SCAVENGERS [00220] Compounds that
destroy impurities are referred to as scavengers by
one skilled in the art of polymerization. Impurities
may harm catalysts by reducing their activity.
Scavengers may be optionally fed to the reactor(s) of
the in-line blending process disclosed herein.
Catalytic activity may be defined many different ways.
For example, catalytic activity can be expressed as
turnover frequency, i.e., the number of moles of
monomers converted to the product in a unit time by
one mole of catalyst precursor employed in preparing
the active catalyst system. For a given reactor
operating at the same residence time, catalytic
activity may also be measured in terms of catalyst
productivity, customarily expressed as the weight of
polymer made by a unit weight of catalyst precursor
with or without the weight of the activator.[00221]
The scavengers for use in the processes disclosed
herein may be different chemical compound(s) from the
catalyst activator. Non-limiting exemplary scavengers
include diethyl zinc, and alkyl aluminum compounds,
such as trimethyl aluminum, triethyl aluminum,
tri-isobutyl aluminum, and trioctyl aluminum. The
scavenger may also be the same as the catalyst
activator and is generally applied in excess of what
is needed to fully activate the catalyst. These
scavengers include, but are not limited to,
aluminoxanes, such as methyl aluminoxane. The
scavenger may also be introduced to the reactor with
the monomer feed or with any other feed stream. In one
particular embodiment, the scavenger is introduced
with the monomer-containing feed. The scavenger may be
homogeneously dissolved in the polymerization reaction
medium or may form a separate solid phase. In one
particular embodiment, scavengers are dissolved in the
polymerization medium. POLYMERIZATION SOLVENTS [00222]
One or more solvents may be present in the
polymerization system. Any hydrocarbon, fluorocarbon,
or fluorohydrocarbon inert solvent or their mixtures
may be used at concentrations, advanatageously not
more than 80 wt% in the feeds to any individual
polymerization reactor of the in-line blending process
disclosed herein. The concentration of the inert
solvent in the reactor feed and thus in the
polymerization system in certain embodiments utilizing
bulk polymerization processes is not more than 40 wt%,
or not more than 30 wt%, or not more than 20 wt%,
alternatively not more than 10 wt%, alternatively not
more than 5 wt%, and alternatively not more than 1
wt%. [00223] Other solvents may also include C4 to
Ci5o isoparaffins, or C4 to Cioo isoparaffins, or C4
to C25 isoparaffins, or C4 to C20 isoparaffins. By
isoparaffin is meant that the paraffin chains possess
Ci to Ci0 alkyl branching along at least a portion of
each paraffin chain. More particularly, the
isoparaffins are saturated aliphatic hydrocarbons
whose molecules have at least one carbon atom bonded
toat least three other carbon atoms or at least one
side chain (i.e., a molecule having one or more
tertiary or quaternary carbon atoms), and
advantageously wherein the total number of carbon
atoms per molecule is in the range between 6 to 50,
and between 10 and 24 in another embodiment, and from
10 to 15 in yet another embodiment. Various isomers of
each carbon number will typically be present. The
isoparaffins may also include cycloparaffins with
branched side chains, generally as a minor component
of the isoparaffin. The density (ASTM 4052,
15.6/15.60C) of these isoparaffins may range from 0.70
to 0.83 g/mL; the pour point is -4O0C or less,
alternatively -5O0C or less, the viscosity (ASTM 445,
250C) is from 0.5 to 20 cSt at 250C; and the average
molecular weights in the range of 100 to 300 g/mol.
Some suitable isoparaffins are commercially available
under the tradename ISOPAR (ExxonMobil Chemical
Company, Houston TX), and are described in, for
example in US Patent Nos. 6,197,285, 3,818,105 and
3,439,088, and sold commercially as ISOPAR series of
isoparaffins. Other suitable isoparaffins are also
commercial available under the trade names SHELLSOL
(by Shell), SOLTROL (by Chevron Phillips) and SASOL
(by Sasol Limited). SHELLSOL is a product of the Royal
Dutch/Shell Group of Companies, for example Shellsol
TM (boiling point = 215-26O0C). SOLTROL is a product
of Chevron Phillips Chemical Co. LP, for example
SOLTROL 220 (boiling point = 233-28O0C). SASOL is a
product of Sasol Limited (Johannesburg, South Africa),
for example SASOL LPA-210, SASOL-47 (boiling point =
238-274C). [00224] In another embodiment of the
in-line blending process disclosed herein, solvents
may include C4 to C25 n-paraffins, or C4 to C20
n-paraffins, or C4 to C1 n-paraffins having less than
0.1%, or less than 0.01% aromatics. Some suitable
n-paraffins are commercially available under the
tradename NORPAR (ExxonMobil Chemical Company, Houston
TX), and are sold commercially as NORPAR series of
n-paraffins. In another embodiment, solvents may
include dearomaticized aliphatic hydrocarbon
comprising a mixture of normal paraffins, 



isoparaffins and cycloparaffins. Typically they are a
mixture of C4 to C25 normalparaffins, isoparaffins and
cycloparaffins, or C5 to C18, or C5 to C]2. They
contain very low levels of aromatic hydrocarbons, or
less than 0.1, or less than 0.01 aromatics. Suitable
dearomatized aliphatic hydrocarbons are commercially
available under the tradename EXXSOL (ExxonMobil
Chemical Company, Houston TX), and are sold
commercially as EXXSOL series of dearomaticized
aliphatic hydrocarbons. [00225] In another embodiment
of the in-line blending process disclosed herein, the
inert solvent comprises up to 20 wt% of oligomers of
C6 to C H olefins and/or oligomers of linear olefins
having 6 to 14 carbon atoms, or 8 to 12 carbon atoms,
or 10 carbon atoms having a Kinematic viscosity of 10
or more (as measured by ASTM D 445); and having a
viscosity index ("VI"), as determined by ASTM D-2270
of 100 or more. [00226] In another embodiment of the
fluid phase in-line process for blending disclosed
herein, the inert solvent comprises up to 20 wt% of
oligomers of C20 to Ci50O paraffins, alternately C40
to Ciooo paraffins, alternately C50 to C750 paraffins,
alternately C50 to C50O paraffins. In another
embodiment of the fluid phase in-line process for
blending disclosed herein, the solvent comprises up to
20 wt% of oligomers of 1-pentene, 1-hexene, 1-heptene,
1-octene, 1-nonene, 1-decene, 1-undecene and
1-dodecene. Such oligomers are commercially available
as SHF and SuperSyn PAO ' s (ExxonMobil Chemical
Company, Houston TX). Other useful oligomers include
those sold under the tradenames Synfluid(tm) available
from ChevronPhillips Chemical Co. in Pasedena Texas,
Durasyn(tm) available from BP Amoco Chemicals in
London, England, Nexbase(tm) available from Fortum Oil
and Gas in Finland, Synton(tm) available from Chemtura
Corporation in Middlebury CT, USA, EMERY(tm) available
from Cognis Corporation in Ohio, USA.[00227] With
regard to the polymerization media, suitable solvents
are those that are soluble in and inert to the monomer
and any other polymerization components at the
polymerization temperatures and pressures.
POLYMERIZATION REACTOR CONFIGURATION [00228] The
polymerization processes of the fluid phase in-line
process for pellet-stable polyolefin blending
disclosed herein may be carried out in two or more
reactors making the one or more LCPC and one or more
HCPC blend components for downstream blending. In one
embodiment, an LCPC and an HCPC are made by using two
reactor trains in a parallel configuration. In another
form, one or more LCPCs and one or more HCPC are made
by using three, or four, or five, or six reactor
trains in a parallel configuration. [00229] As
previously described, the in-line blending LCPC and
HCPC blend components are produced in a reactor bank
composed of at least two parallel reactor trains. A
reactor train of the parallel reactor bank may include
one or more reactors that may be configured in series
configuration. The number of parallel reactors trains
or branches in a parallel bank may be any number, but
for practical reasons, is generally limited to less
than ten, alternatively not more than six parallel
reactor trains, alternatively not more than five or
not more than four reactor trains, alternatively not
more than three parallel reactor trains, and
alternatively not more than two parallel reactor
trains. The number of series cascade reactors
constituting a given reactor train or branch of a
parallel configuration may be any number, but for
practical reasons, is generally limited to not more
than ten reactors in series, alternatively not more
than six reactors in series, alternatively not more
than three reactors in series, and alternatively not
more than two reactors in series. [00230] In one
embodiment, the polymer-containing effluents from two
or more reactor trains configured in a parallel
configuration are combined yielding a polymer blend
comprising the polymeric products of the individual
reactorswithout first recovering the polymeric
products of the individual reactors in solid forms.
The two or more reactor trains constituting the
parallel configuration generally include a single
reactor, or alternatively, two or more reactors in
series. [00231] The reactors of the polymerization
system for the fluid phase in-line process for
pellet-stable polyolefin blending disclosed herein may
be stirred or unstirred. When a reactor train
comprises two or more reactors, the members of the
reactor train are not necessarily constructed the same
way, for example, the individual members of a reactor
train may be stirred, unstirred, or a combination
thereof. The individual reactors may also be of equal
or different size. The same is true for the reactors
in the entire reactor bank. The optimal reactor
configuration and sizes may be determined by standard
engineering techniques known to those skilled in the
art of chemical engineering. [00232] Any type of
polymerization reactor may be deployed in the fluid
phase in-line process for blending disclosed herein.
The optimal reactor design may be determined by
standard engineering techniques known to those skilled
in the art of chemical engineering. Non-limiting
exemplary reactor designs include stirred tank with or
without an external loop, tubular reactor, and loop
reactor. The reactors may operate adiabatically or may
be cooled. The cooling may be achieved within the
reactor, or through the reactor jacket, or dedicated
heat exchange loops may be applied. POLYMERIZATION
REACTORS [00233] The fluid phase in-line process for
pellet-stable polyolefin blending disclosed herein
relates to processes to polymerize one or more LCPC
and one or more HCPC comprising contacting propylene,
ethylene and/or one or more C4 or higher olefins with
suitable catalyst compounds and activators in a fluid
reaction medium comprising one or two fluid phases in
each parallel reactor. The polymerization system for
at least one parallel reactor train producing either
the LCPC or HCPC is in its supercritical state.
Catalyst compound and activator maybe delivered as a
solution or slurry, either separately to the reactor,
mixed in-line just prior to the reactor, or mixed and
pumped as an activated solution or slurry to the
reactor. For a given reactor train of the parallel
configuration, polymerizations may be carried out in
either single reactor operation, in which monomer,
comonomers, catalyst(s)/activator(s), scavenger(s),
and optional solvent(s) are added continuously to a
single reactor or in series reactor operation, in
which the above components are added to two or more
reactors connected in series. The catalyst components
may be added to the first reactor in the series. The
catalyst component may also be added to each reactor
in the series reactor train. The fresh catalyst feed
if added to more than one reactor in the series train
may be the same or different to each reactor and their
feed rates may be the same or different. [00234]
Polymerization processes of the fluid phase in-line
process for blending disclosed herein also comprehend
high-pressure reactors where the reactor is
substantially unreactive with the polymerization
reaction components and is able to withstand the high
pressures and temperatures that occur during the
polymerization reaction. Withstanding these high
pressures and temperatures may allow the reactor to
maintain the fluid reaction medium in its
supercritical condition. Suitable reaction vessel
designs include those necessary to maintain
supercritical or other high-pressure ethylene
polymerization reactions. Non-limiting exemplary
reactors include autoclave, pump-around loop or
autoclave, tubular, and autoclave/tubular reactors.
[00235] The polymerization processes of the fluid
phase in-line process for blending disclosed herein
may operate efficiently in autoclave (also referred to
as stirred tank) and tubular reactors. Autoclave
reactors may be operated in either a batch or
continuous mode, although the continuous mode is
advantageous. Tubular reactors always operate in
continuous mode. Typically, autoclave reactors have
length-to-diameter ratios of 1: 1 to 20:1 and are
fitted with a high speed (up to 2000 RPM) multiblade
stirrer and baffles arranged for optimal mixing.
Commercial autoclave pressures are typically greater
than 5 MPa with amaximum of typically less than 260
MPa. The maximum pressure of commercial autoclaves,
however, may become higher with advances in mechanical
and material science technologies. [00236] When the
autoclave has a low length-to-diameter ratio (such as
less than four), the feed streams may be injected at
one position along the length of the reactor. Reactors
with large diameters may have multiple injection ports
at nearly the same or different positions along the
length of the reactor. When they are positioned at the
same length of the reactor, the injection ports are
radially distributed to allow for faster intermixing
of the feed components with the reactor content. In
the case of stirred tank reactors, the separate
introduction of the catalyst and monomer(s) may be
advantageous in preventing the possible formation of
hot spots in the unstirred feed zone between the
mixing point and the stirred zone of the reactor.
Injections at two or more positions along the length
of the reactor is also possible and may be
advantageous. In one exemplary embodiment, in reactors
where the length-to-diameter ratio is from 4 to 20,
the reactor may contain up to six different injection
positions along the reactor length with multiple ports
at some or each of the lengths. [00237] Additionally,
in the larger autoclaves, one or more lateral mixing
devices may support the high-speed stirrer. These
mixing devices can also divide the autoclave into two
or more zones. Mixing blades on the stirrer may differ
from zone to zone to allow for a different degree of
plug flow and back mixing, largely independently, in
the separate zones. Two or more autoclaves with one or
more zones may connect in a series reactor cascade to
increase residence time or to tailor polymer structure
in a reactor train producing a polymer blending
component. As previously described, a series reactor
cascade or configuration consists of two or more
reactors connected in series, in which the effluent of
at least one upstream reactor is fed to the next
reactor downstream in the cascade. Besides the
effluent of the upstream reactor(s), the feed of any
reactor in the series reactor cascade of a reactor
train can be augmented with any combination
ofadditional monomer, catalyst, or solvent fresh or
recycled feed streams. Therefore, it should be
understood that the iPP or EP copolymer blending
component leaving a reactor train of the process
disclosed herein may itself be a blend of the same
polymer with increased molecular weight and/or
compositional dispersion. [00238] Tubular reactors may
also be used in the fluid phase in-line process for
blending disclosed herein and more particularly
tubular reactors capable of operating up to about 350
MPa. Tubular reactors are fitted with external cooling
and one or more injection points along the (tubular)
reaction zone. As in autoclaves, these injection
points serve as entry points for monomers (such as
propylene), one or more comonomer, catalyst, or
mixtures of these. In tubular reactors, external
cooling often allows for increased monomer conversion
relative to an autoclave, where the low
surface-to-volume ratio hinders any significant heat
removal. Tubular reactors have a special outlet valve
that can send a pressure Shockwave backward along the
tube. The Shockwave helps dislodge any polymer residue
that has formed on reactor walls during operation.
Alternatively, tubular reactors may be fabricated with
smooth, unpolished internal surfaces to address wall
deposits. Tubular reactors generally may operate at
pressures of up to 360 MPa, may have lengths of
100-2000 meters or 100-4000 meters, and may have
internal diameters of less than 12.5 cm. Typically,
tubular reactors have length-to-diameter ratios of
10:1 to 50,000:1 and include up to 10 different
injection positions along its length. [00239] Reactor
trains that pair autoclaves with tubular reactors are
also contemplated within the scope of the fluid phase
in-line process for blending disclosed herein. In this
reactor system, the autoclave typically precedes the
tubular reactor or the two types of reactors form
separate trains of a parallel reactor configuration.
Such reactor systems may have injection of additional
catalyst and/or feed components at several points in
the autoclave, and more particularly along the tube
length. In both autoclaves and tubular reactors,
atinjection, feeds are typically cooled to near
ambient temperature or below to provide maximum
cooling and thus maximum polymer production within the
limits of maximum operating temperature. In autoclave
operation, a preheater may operate at startup, but not
after the reaction reaches steady state if the first
mixing zone has some back-mixing characteristics. In
tubular reactors, the first section of double-jacketed
tubing may be heated (especially at start ups) rather
than cooled and may operate continuously. A
well-designed tubular reactor is characterized by plug
flow wherein plug flow refers to a flow pattern with
minimal radial flow rate differences. In both
multizone autoclaves and tubular reactors, catalyst
can not only be injected at the inlet, but also
optionally at one or more points along the reactor.
The catalyst feeds injected at the inlet and other
injection points can be the same or different in terms
of content, density, and concentration. Catalyst feed
selection allows polymer design tailoring within a
given reactor or reactor train and/or maintaining the
desired productivity profile along the reactor length.
[00240] At the reactor outlet valve, the pressure
drops to begin the separation of polymer and unreacted
monomer, co-monomers, solvents and inerts, such as for
example ethane, propane, hexane, and toluene. More
particularly, at the reactor outlet valve, the
pressure drops to levels below that which critical
phase separation allowing for a polymer-rich phase and
a polymer-lean phase in the downstream separation
vessel. Typically, conditions remain above the polymer
product's crystallization temperature. The autoclave
or tubular reactor effluent may be depressurized on
entering the downstream high-pressure separator (HPS
or also referred to as a separator, separator vessel,
separation vessel, separator/blender vessel, or
separation/blending vessel). [00241] As will be
subsequently described in detail, the temperature in
the separation vessel is maintained above the
solid-fluid phase separation temperature, but the
pressure may be below the critical point. The pressure
need only be high enough such that the monomer may
condense upon contactingstandard cooling water. The
liquid recycle stream may then be recycled to the
reactor with a liquid pumping system instead of the
hyper-compressors required for polyethylene units. The
relatively low pressure in separator reduces the
monomer concentration in the liquid polymer phase
which results in a lower polymerization rate. The
polymerization rate may be low enough to operate the
system without adding a catalyst poison or "killer".
If a catalyst killer is required (e.g., to prevent
reactions in the high pressure recycle) then provision
must be made to remove any potential catalyst poisons
from the recycled polymer rich monomer stream for
example, by the use of fixed bed adsorbents or by
scavenging with an aluminum alkyl. [00242] In an
alternative embodiment, the HPS may be operated over
the critical pressure of the monomer or monomer blend
but within the dense fluidfluid two phase region,
which may be advantageous if the polymer is to be
produced with a revamped high-pressure polyethylene
(HPPE) plant. The recycled HPS overhead is cooled and
dewaxed before being returned to the suction of the
secondary compressor, which is typical of HPPE plant
operation. The polymer from this intermediate or
high-pressure vessel then passes through another
pressure reduction step to a low pressure separator.
The temperature of this vessel is maintained above the
polymer melting point so that the polymer from this
vessel can be fed as a liquid directly to an extruder
or static mixer. The pressure in this vessel is kept
low by using a compressor to recover the unreacted
monomers, etc. to the condenser and pumping system
referenced above. [00243] In addition to autoclave
reactors, tubular reactors, or a combination of these
reactors, loop-type reactors may be utilized in the
fluid phase in-line process for blending disclosed
herein. In this reactor type, monomer enters and
polymer exits continuously at different points along
the loop, while an in-line pump continuously
circulates the contents (reaction liquid). The
feed/product takeoff rates control the total average
residence time. A cooling jacket removes reaction heat
from the loop. Typically feed inlet temperatures are
near to or belowambient temperatures to provide
cooling to the exothermic reaction in the reactor
operating above the crystallization temperature of the
polymer product. The loop reactor may have a diameter
of 4 1 to 6 1 cm and a length of 100 to 200 meters and
may operate at pressures of 25 to 30 MPa. In addition,
an in-line pump may continuously circulate the
polymerization system through the loop reactor.
[00244] The polymerization processes of the fluid
phase in-line process for blending one or more LCPC
and one or more HCPC components disclosed herein may
have residence times in the reactors as short as 0.5
seconds and as long as several hours, alternatively
from 1 sec to 120 min, alternatively from 1 second to
60 minutes, alternatively from 5 seconds to 30
minutes, alternatively from 30 seconds to 30 minutes,
alternatively from 1 minute to 60 minutes, and
alternatively from 1 minute to 30 minutes. More
particularly, the residence time may be selected from
10, or 30, or 45, or 50, seconds, or 1, or 5, or 10,
or 15, or 20, or 25, or 30 or 60 or 120 minutes.
Maximum residence times may be selected from 1, or 5,
or 10, or 15, or 30, or 45, or 60, or 120 minutes.
[00245] The monomer-to-polymer conversion rate (also
referred to as the conversion rate) is calculated by
dividing the total quantity of polymer that is
collected during the reaction time by the amount of
monomer added to the reaction. Lower conversions may
be advantageous to limit viscosity although increase
the cost of monomer recycle. The optimum total monomer
conversion thus will depend on reactor design, product
slate, process configuration, etc., and can be
determined by standard engineering techniques. Total
monomer conversion during a single pass through any
individual reactor of the fluid phase in-line process
for blending disclosed herein may be up to 90%, or
below 80%, or below 60% or 3 to 80%, or 5 to 80%, or
10 to 80%, or 15 to 80%, or 20 to 80%, or 25 to 60%,
or 3 to 60%, or 5 to 60%, or 10 to 60%, or 15 to 60%,
or 20 to 60%, or 10 to 50%, or 5 to 40%, or 10 to 40%,
or 40 to 50%, or 15 to 40%, or 20 to 40%, or 30 to 40%
or greater than 5%, or greater than 10%. In one
embodiment, when producing isotactic polypropylene and
long-chain branching (LCB) of thepolypropylene is
desired (g'  0.97 based on GPC-3D and using an
isotactic polypropylene standard), single pass
conversions may be above 30% and alternatively
single-pass conversions may be above 40%. In another
embodiment, when isotactic polypropylene essentially
free of LCB is desired (0.97 < g' < 1.05), single-pass
conversions may be not higher than 30% and
alternatively single-passconversions may be not higher
than 25%. To limit the cost of monomer separation and
recycling, single-pass conversions may be above 3%, or
above 5%, or above 10%. It should be understood that
the above exemplary conversion values reflect total
monomer conversion, i.e., the conversion obtained by
dividing the combined conversion rate of all monomers
by the total monomer feed rate. When monomer blends
are used, the conversion of the more reactive monomer
component(s) will always be higher than that of the
less reactive monomer(s). Therefore, the conversion of
the more reactive monomer component(s) can be
substantially higher than the total conversion values
given above, and can be essentially complete,
approaching 100%. PRODUCT SEPARATION AND DOWNSTREAM
PROCESSING [00246] The LCPC and HCPC reactor effluents
of the processes disclosed herein are depressurized to
a pressure significantly below the cloud point
pressure. This allows separation of a polymer-rich
phase for further purification and a monomer-rich
phase for optional separation and recycle compression
back to the reactor(s). The reactor effluents may be
optionally heated before pressure let down to avoid
the separation of a solid polymer phase, which causes
fouling of the separators and associated
reduced-pressure lines. The separation of the
polymer-rich phase and the monomer-rich phase in the
processes disclosed herein is carried out in a vessel
known as a high-pressure separator (also referred to
as an HPS, separator, separator vessel, or separation
vessel). The high-pressure separator located after the
mixing point of the polymer-containing product streams
of all reactor trains of the parallel reactor bank is
also referred to as, separatorblender,
separator-blender vessel, or separation-blending
vessel recognizing itsdual function of blending the
said polymer-containing product streams while also
separating a monomer-rich phase from a polymer-rich
phase, the latter of which comprises the polymer blend
of the in-line blending processes disclosed herein.
[00247] In certain embodiments, single-stream
high-pressure separators employed to partially recover
the monomer(s) and optional solvent(s) from the
effluent of a single reactor train before sending the
polymer-enriched stream to the downstream
separator-blender. In such embodiments, the
separator-blender blends one or more polymer-enriched
stream with one or more unreduced reactor train
effluent to yield a monomer-rich phase and a
polymer-rich phase, the latter of which comprises the
polymer blend of the in-line blending process
disclosed herein. In another embodiment, the
single-stream high-pressure separator placed upstream
of the separator-blender also functions as a buffer
vessel (separatorbuffer vessel) by allowing the fluid
level of the polymer-enriched phase vary in the
separator-buffer vessel. Such buffering enables a more
precise control of the blend ratios by compensating
for the momentary fluctuations in the production rates
in the individual reactor trains of the in-line
blending process disclosed herein. [00248] The polymer
rich phase of the separator-blender may then be
transferred to one or more low-pressure separators
(LPS also referred to as a lowpressure separation
vessel) running at just above atmospheric pressure for
a simple flash of light components, reactants and
oligomers thereof, for producing a low
volatile-containing polymer melt entering the
finishing extruder or optional static mixer. The one
or more low-pressure separators are distinguished from
the one or more high-pressure separators in generally
operating at lower pressures relative to the
high-pressure separators. The one or more low-pressure
separators also are located downstream of the one or
more high-pressure separators including the
separator-blender. Moreover, the one or more
low-pressure separators may function to separate light
from heavy components comprising the polymer blend of
the in-line blending process disclosed herein, whereas
the one or more highpressure separators may function
to separate light from heavy components upstream of
the low-pressure separator (i.e. monomer-rich phase
from polymerrich phase) and may function to blend the
polymer-rich phases from two or more parallel reactor
trains or may function as buffers. As previously
stated, a highpressure separator may be alternatively
referred to herein as an HPS, separator, separator
vessel, separation vessel, separator-blender vessel,
or separationblending vessel, or separator-blender.
The use of the term "pressure" in conjunction with
low-pressure separator and high-pressure separator is
not meant to identify the absolute pressure levels at
which these separators operate at, but is merely
intended to given the relative difference in pressure
at which these separators operate. Generally,
separators located downstream in the in-line blending
processes disclosed herein operate at lower pressure
relative to separators located upstream. [00249] In
one embodiment of the fluid phase in-line process for
blending LCPC and HCPC blend components disclosed
herein, polymerization is conducted in two or more
reactors of a type described herein above under
agitation and above the cloud point for the
polymerization system. Then, the polymer-monomer
mixtures are transferred into a high-pressure
separationblending vessel, where the pressure is
allowed to drop below the cloud point. This
advantageously results in the denser, polymer-rich
phase separating from the lighter monomer-rich phase.
As may be appreciated by those skilled in the art, it
may optionally be necessary to increase the
temperature before or in the highpressure separation
vessel to prevent the formation of a solid polymer
phase as the polymer becomes more concentrated. The
monomer-rich phase is then separated and recycled to
the reactors while the polymer-rich phase is fed to a
coupled devolatilizer - such as a LIST dryer (DTB) or
devolatizing extruder. [00250] The recycle runs
through a separator, where the pressure depends on the
pressure-temperature relationship existing within the
reactor. For example, supercritical propylene
polymerization can be carried out under agitation in
thesingle-phase region in the reactor at 40 to 200 MPa
and 95 to 1800C. The product mixture can be discharged
into a separator vessel, where the pressure is dropped
to a level of 25 MPa or lower, in which case, the
mixture is below its cloud point, while the monomer
has not yet flashed off. Under such conditions, it
would be expected from Radosz et al., Ind. Eng. Chem.
Res. 1997, 36, 5520-5525 and Loos et al., Fluid Phase
Equil. 158-160, 1999, 835-846 that the monomer-rich
phase would comprise less than about 0.1 wt% of low
molecular weight polymer and have a density of
approximately 0.3-0.6 g/mL. The polymer-rich phase
would be expected to have a density of approximately
0.5-0.8 g/mL. [00251] Assuming that the pressure is
dropped rapidly enough, for example, greater than or
equal to about 6 MPa/sec, the phases will separate
rapidly, permitting the recycle of the monomer-rich
phase as a liquid, without the issue of having the
monomer-rich phase return to the gas phase. As may be
appreciated by those skilled in the art, this
eliminates the need for the energy-intensive
compression and condensation steps. [00252] The
polymer-rich phase is sent directly to a coupled
devolatilizer. Suitable devolatilizers may be
obtained, for example, from LIST USA Inc., of
Charlotte, North Carolina. The devolatilization is a
separation process to separate remaining volatiles
from the final polymer, eliminating the need for steam
stripping. Working under low vacuum, the polymer
solution flashes into the devolatilizer, exits the
unit and is then transferred on for further
processing, such as pelletization. [00253] Any low or
very low molecular weight polymer present in the
monomer-rich phase to be recycled may optionally be
removed through "knock out" pots, standard hardware in
reactors systems, or left in the return stream
depending upon product requirements and the
steady-state concentration of the low molecular weight
polymer fraction in the product.[00254] In solution
reactor processes, present practices employed by those
skilled in the art typically effect separation by
flashing monomer and solvent or accessing the
high-temperature cloud point. [00255] In another form,
polymerization is conducted at conditions below the
cloud point, with the polymer-monomer mixture
transported to a gravimetric separation vessel, where
the pressure could be further lowered if desired to
enhance phase separation of the polymer-rich and
monomer-rich phases. In either of the forms herein
described, the monomer, for example, propylene, is
recycled while staying in a relatively high density,
liquid-like (supercritical or bulk liquid) state. Once
again, one or more knock-out pots may be employed to
aid in the removal of low molecular weight polymer
from the recycle stream. [00256] As may be
appreciated, there are possible and optimal operating
regimes for reactors and for the gravity (lower
critical solution temperature (LCST)) separator.
Referring now to FIG. 8, for reactors operating in a
single liquid phase regime, a possible region for
operation is just above the LCST and vapor pressure
(VP) curves. The optimal region (shown within the
shaded oval) for operation occurs at temperatures just
above the lower critical end point (LCEP) and at
pressures slightly above the LCST curve. [00257]
Referring now to FIG. 9, for reactors operating within
a two-phase fluid-fluid regime, the possible region
for operation occurs basically anywhere below the LCST
curve. The optimal region (again, shown within the
shaded oval) occurs just below the LCST and above the
VP curve, although, as may be appreciated, many
factors could have a bearing on what actually is
optimal, such as the final properties of the desired
product. As recognized by those skilled in the art,
the two-phase liquid-liquid regime is the economically
advantageous method if polypropylene is to be produced
with a revamped HPPE plant. [00258] Referring now to
FIG. 10, for the case where polymerization is
conducted at conditions below the cloud point and the
polymer-monomer mixturetransported to a gravimetric
LCST separator, the possible region of operation is
anywhere below the LCST curve and above the VP curve.
The optimal region (again, shown within the shaded
oval) occurs within that portion that is below the
spinodal, but not too low in pressure, as shown.
Operating in this regime assures that the energy use
is optimized. It is also desirable to avoid operation
in the region between the LCST and spinodal curves in
order to obtain good gravity settling performance.
Moreover, it is desirable that the separation is
effected at sufficiently high temperatures, so that
crystallization does not occur in the polymer-rich
phase. This may require that the temperature of the
mixture in the separator be higher than the
temperature in the reactor(s). [00259] Advantageously,
the liquid monomer-rich recycle stream can be recycled
to the reactor using a liquid pumping system instead
of a hypercompressor, required for conventional
polyethylene units. POLYMERIZATION CATALYST KILLING
[00260] The use of the processes disclosed herein and
the relatively low pressure in the separator vessel
greatly reduces the monomer concentration in the
liquid polymer-rich phase, which, in turn, results in
a much lower polymerization rate. This polymerization
rate may be low enough to operate this system without
adding a catalyst poison or "killer". If no killing
compounds are added then the killer removal step may
be eliminated. [00261] If a catalyst killer is
required, then provision must be made to remove any
potential catalyst poisons from the recycled
monomer-rich stream (e.g. by the use of fixed bed
adsorbents or by scavenging with an aluminum alkyl).
The catalyst activity may be killed by addition of a
polar species. Non-limiting exemplary catalyst killing
agents include water, alcohols (such as methanol and
ethanol), sodium/calcium stearate, CO, and
combinations thereof. The choice and quantity of
killing agent will depend on the requirements for
clean up of the recycle propylene and comonomers as
well as the product properties, if the killingagent
has low volatility. The catalyst killing agent may be
introduced into the reactor effluent stream after the
pressure letdown valve, but before the HPS. The choice
and quantity of killing agent may depend on the
requirements for clean up of the recycle propylene and
comonomers as well as the product properties, if the
killing agent has low volatility. PELLET FORMATION
[00262] Pellets of the pellet-stable polyolefin blends
described herein may be produced by any suitable
technique for producing polymer pellets. In one form
of the in-line fluid phase blending process disclosed
herein, the LCPC-HCPC blend is directed from a low
pressure separator to an extruder, and advantageously,
a twin screw extruder. In the twin screw extruder, one
or more additives described above may be added to the
blend. The extruder forces the melt through a die
multihole die with or without the use of a gear pump
to form a multiplicity of LCPC-HCPC polyolefin
strands. A pelletizer utilitizing rotating knives is
then used to cut the LCPC-HCPC polyolefin strands into
pellets. Chilled water (temperature of 00C to 100C) is
supplied to the pelletizer to instantly chill the
molten polyolefin strands as they exit the die face.
The water may contain a suitable anti-coagulant such
as calcium stearate, to prevent the pellets from
adhering as they pass through a pipe to a spin drier
while being quench-cooled. In one form, the polyolefin
pellets are cooled in the water maintained at a
temperature of 00C to 100C from 2 minutes to 60
minutes to promote sufficient crystallization of the
LCPC-HCPC polyolefin blend of the pellets to provide
Shore A hardness values sufficient to reduce or
prevent agglomeration in subsequent handling and
storage as discussed above. In a second form, the
pellets are cooled in the water maintained at a
temperature of 00C to 100C from 2 minutes to 30
minutes to promote sufficient crystallization of the
LCPC-HCPC polyolefin blend of the pellets to provide
Shore A hardness values sufficient to reduce or
prevent agglomeration in subsequent handling and
storage as discussed above. In yet a third form, the
pellets are cooled in the water maintained at
atemperature of 00C to 100C from 2 minutes to 10
minutes to promote sufficient crystallization of the
LCPC-HCPC polyolefin blend of the pellets to provide
Shore A hardness values sufficient to reduce or
prevent agglomeration in subsequent handling and
storage as discussed above. [00263] The chilling
accelerates the hardening so that Shore A hardness
values of at least 50, or 60, or 65 may be achieved in
the above three forms, in the time before the pellets
are collected for bagging or bailing in the continuous
process. The surface water may removed from the
pellets by the use of a spin drier. The dried pellets
may then be conveyed to a vibrating fluidized bed
drier where warm, dry air dries the pellets and
removes surface water. The pellets may be then
conveyed, if necessary, to a duster to be dusted with
an anti-agglomeration agent, as described above.
Finally the finished pellets are conveyed to a
packaging station for bagging or to a silo for
storage. [00264] The size of the polyolefin pellets
disclosed hereing may have a first dimension that
ranges from 2 mm to 10 mm and a second dimension that
ranges from 2 mm to 10 mm. In one form, the pellets
may be spherical with diameters ranging from 2 mm to
10 mm. In another form, the pellets may be disk-shaped
with diameters ranging from 2 mm to 10 mm and
thickness ranging from about 2 mm to about 10 mm. In
still another form, the pellets may be cylindrical
with diameters from about 2 mm to about 10 mm with
lengths of about 2 mm to about 10 mm. In other forms,
the first and second dimensions of the polyolefin
pellets may range from about 2 mm to about 8 mm. In
still other forms, the first and second dimensions of
the polymer pellets may range from about 2 mm to about
5 mm. The pellet weight for the LCPC-HCPC blends
described herein may range from 1.0 to 3.0 g/50
pellets, or alternatively from 1.2 to 1.8 g/50
pellets.EXAMPLES Ethylene-propylene copolymerization
[00265] Propylene Grade 2.5 (Airgas, Piscataway, NJ)
was obtained in #100 low pressure cylinders equipped
with dip leg for liquid delivery to the monomer
blending station. Ethylene Grade 4.5 (Airgas,
Piscataway, NJ) was obtained in high-pressure
cylinders. [00266] Custom blends containing ethylene
and propylene were prepared in house. The monomer
blend was fed to the reactor from the monomer blend
vessel. [00267] Gas samples were analyzed using a
HP6890N (Agilent Technologies) gas chromatograph (GC)
equipped with flame ionization detector (FID), gas
sampling valve, and pressure control compensation. The
analysis was performed with a 30 m 0.53 mm ID HP AL/M
megabore capillary column (film thickness 15 micron).
The carrier gas was helium. The temperature program
started at 700C, held initially for 3 min, ramped to
1500C at 20C/min. Total analysis time was 7 minutes.
The data were acquired and processed by ChromPerfect
software (Justice Laboratory Software). Calibration
standards containing ethylene, propane and propylene
were purchased from DCG Partnership, Pearland, TX. The
FID response factors were based on these calibration
standards and were also checked against the results
published by J.T. Scanlon, D.E. Willis in J. Chrom.
ScL 23 (1985) 333 and by W.A. Dietz in J. Gas Chrom.
(1967) 68. For our mass balance calculations, propane,
a trace impurity in the propylene feed (Air Gas),
served as internal standard. [00268] The monomer blend
feed was purified using two separate beds in series:
activated copper (reduced in flowing H2 at 225C and 1
bar) for O2 removal, and molecular sieve (5 A,
activated in flowing N2 at 2700C) for water removal.
The flow rate and density of the feed were measured by
a Coriolis mass flow meter (Model PROline promass 80,
Endress and Hauser) that was locateddownstream of the
purification traps on the low-pressure side of the
feed pump. The purified monomer blend was fed by a
diaphragm pump (Model MhS 600/1 1, ProMinent Orlita,
Germany). [00269] For effluent gas sampling, a
laboratory gas pump (Senior Metal Bellows, Model
MB-21) was used to continually remove a gas stream
from the product collection vessel. This stream of
reactor effluent was sent to the GC gas sampling port
and through the GC sampling loop. The GC was
programmed to acquire a new sample every 10 minutes
during the run. The off-line feed and on line effluent
analysis results provided the compositional input for
the mass balance calculations. The total feed mass
flow was generated by summing the monomer feed flow
rate measured by the mass-flow meter and the catalyst
flow rate measured by the weight drop in the catalyst
feed vessel. [00270] Catalyst solutions were prepared
in an Ar-filled glove box by using toluene stock
solutions of the catalyst precursor and the activator,
and were delivered to the reactor by a continuous
high-pressure syringe pump (PDC Machines, Inc.,
Warminster, PA). The pump rate directly afforded the
catalyst solution feed rate for the mass balances.
[00271] Material balances were calculated from two
independent composition data sets. One of them relied
on effluent gas analysis and propane internal
standard. The other one was based on product yield and
13C NMR and IR compositional analyses of the product
polymer. The on-line analysis provided conversion,
yield, and product composition data, therefore allowed
to monitor and control those process parameters.
[00272] The polymerization results for representative
samples are listed in Table EPl and EP2 below. [00273]
Table EPl. Reactor conditions for the synthesis of
ethylene-propylene copolymers using
dimethyl(m-dimethylsilyl)bis(indenyl)hafnium catalyst
precursor activated with
methylaniliniumtetrakis(heptafluoronaphthyl)borateTabl
e EP2. Characterization results for ethylene-propylene
copolymers prepared by using dimethyl
(m-dimethylsilyl)bis(indenyl)hafhium catalyst
precursor activated with
dimethylaniliniumtetrakis(heptafluoronaphthyl)borate
Propylene homopolymerization [00274] The equipment and
methods used for making polypropylene was the same as
described for the ethylene-propylene copolymers,
except that propylene was fed directly from the
vendor-supplied cylinder equipped with a dip-leg.
[00275] The polymerization results for representative
samples are listed in Table PPl and PP2 below.Table
PPl . Reactor conditions for the synthesis of
isotactic propylene homopolymers using dimethyl
(m-dimethylsilyl)bis(2-methyl-4-(3,'5'-di-tertbutylphe
nyl) indenyl)zirconium catalyst precursor activated
with
dimethylaniliniumtetrakis(pentafluorophenyl)borateTabl
e PP2. Characterization results for isotactic
propylene homopolymers prepared by using dimethyl
(m-dimethylsilyl)bis(2-methyl-4-(3,'5
l-di-tertbutylphenyl) indenyl)zirconium catalyst
precursor activated with
dimethylaniliniumtetrakis(pentafluorophenyl)borate
Thermal analysis of polymers using Differential
Scanning Calorimetry (DSC) [00276] Heat flows during
phase transitions were measured on heating and cooling
the sample from the solid state and melt,
respectively, using Differential Scanning Calorimetry
(DSC). Measurements were conducted using a TA
Instrument MDSC 2920 or QlOOO Tzero-DSC and data
analyzed using the standard analysis software by the
vendor. Typically, 3 to 10 mg of polymer was
encapsulated in an aluminum pan and loaded into the
instrument at room temperature. Sample was cooled to
either -13O0C or -7O0C and heated to 21O0C at a
heating rate of 10C/min to evaluate the glass
transition and melting behavior for the as-received
sample. The sample was held at 21O0C for 5 minutes to
destroy its thermal history. Crystallization behavior
was evaluated by cooling the sample from the melt to
sub-ambient temperature at a cooling rate of 10C/min.
Thesample was held at the low temperature for 10
minutes to fully equilibrate in the solid state and
achieve a steady state. Second heating data was
measured by heated this melt crystallized sample at
10C/min. Second heating data thus provides phase
behavior for samples crystallized under controlled
thermal history conditions. The endothermic melting
transition (first and second melt) and exothermic
crystallization transition were analyzed for onset of
transition and peak temperature. The melting
temperatures reported in the tables are the peak
melting temperatures from the second melt unless
otherwise indicated. For polymers displaying multiple
peaks, the higher melting peak temperature is
reported. Glass transition reported is the temperature
at which heat capacity change (DCp) is half its total
value (step change between equilibrium liquid to
equilibrium solid state) and at which half the sample
has de-vitrified. Areas under the curve were used to
determine the heat of fusion (Hf) which can be used to
calculate the degree of crystallinity. A value of 8.7
kJ/mol was used as the equilibrium heat of fusion for
100% crystalline polypropylene (single crystal
measurement) reported in B. Wunderlich, "Thermal
Analysis", Academic Press, Page 418, 1990). The
percent crystallinity is calculated using the formula,
[area under the curve (Joules/gram) x 42 (gram/mol) /
8700 (Joules/mol] * 100. Melt-Flow Rate Measurements:
[00277] The Melt-Flow Rates (MFR) of polymers were
determined by using Dynisco Kayeness Polymer Test
Systems Series 4003 apparatus following the method
described in the Series 4000 Melt Indexer Operation
manual, Method B. The method follows ASTM D-123 8,
Condition L, 2.16 kg and 23O0C. All samples were
stabilized by using Irganox 1010. Molecular weights
(Mw, Mn and Mz) by Gel-Permeation Chromatography
(GPC): [00278] Molecular weight distributions were
characterized using Gel-Permeation Chromatography
(GPC), also referred to as Size-Exclusion
Chromatography (SEC). Molecular weight (weight average
molecular weight,Mw, number average molecular weight
Mn, Viscosity average molecular weight, Mv, and Z
average molecular weight, Mz) were determined using
High- Temperature Gel-Permeation Chromatography
equipped with a differential refractive index detector
(DRI) to measure polymer concentrations (either from
Waters Corporation with on-line Wyatt DAWN "EOS" and
Waters GPCV viscometer detectors, or Polymer
Laboratories with on-line Wyatt mini-DAWN and Viscotek
Corporation viscometer detectors. Experimental details
on the measurement procedure are described in the
literature by T. Sun, P. Brant, R. R. Chance, and W.W.
Graessley, Macromolecules, Volume 34, Number 19, 6812-
6820, (2001). [00279] The analysis was performed using
a Waters GPCV 2000 (Gel Permeation Chromatograph) with
triple detection. The three detectors were in series
with Wyatt DAWN "EOS" MALLS 18 angle laser light
scattering detector first, followed by the DRI
(Differential Refractive Index) then Differential
Viscometer detector. The detector output signals are
collected on Wyatt' s ASTRA software and analyzed
using a GPC analysis program. The detailed GPC
conditions are listed in Table 1 below. [00280]
Standards and samples were prepared in inhibited TCB
(1,2,4-trichlorobenzene) solvent. Four NBS
polyethylene standards were used for calibrating the
GPC. Standard identifications are listed in the table
below. The samples were accurately weighed and diluted
to a -1.5 mg/mL concentration and recorded. The
standards and samples were placed on a PL Labs 260
Heater/Shaker at 1600C for two hours. These were
filtered through a 0.45 micron steel filter cup then
analyzed. [00281] The concentration, c, at each point
in the chromatogram is calculated from the
baseline-subtracted DRI signal, IDRI, using the
following equation: c = KDRI IDRI/(dn/dc)where KDRI is
a constant determined by calibrating the DRI, and
(dn/dc) is the same as described below for the LS
analysis. Units on parameters throughout this
description of the SEC method are such that
concentration is expressed in g/cm3, molecular weight
is expressed in g/mole, and intrinsic viscosity is
expressed in dL/g. [00282] For the light-scattering
detector used at high temperature, the polymer
molecular weight, M, at each point in the chromatogram
is determined by analyzing the LS output using the
Zimm model for static light scattering (M.B. Huglin,
Light Scattering from Polymer Solutions, Academic
Press, 1971): Koc + 2A,x DR(q) MP(q) [00283] Here,
DR(Q) is the measured excess Rayleigh scattering
intensity at scattering angle q, c is the polymer
concentration determined from the DRI analysis, A2 is
the second virial coefficient, P(q) is the form factor
for a monodisperse random coil (described in the above
reference), and Ko is the optical constant for the
system: _ 4pV (dn/dc) 2 o l4N in which NA is
Avogadro's number, and (dn/dc) is the refractive index
increment for the system. The refractive index, n =
1.500 for TCB at 135C and l = 690 nm. In addition, A2
= 0.0006 for propylene polymers and 0.0015 for butene
polymers, and (dn/dc) = 0.104 for propylene polymers
and 0.098 for butene polymers. [00284] A high
temperature Viscotek Corporation viscometer was used,
which has four capillaries arranged in a Wheatstone
bridge configuration with two pressure transducers.
One transducer measures the total pressure drop across
the detector, and the other, positioned between the
two sides of the bridge, measures adifferential
pressure. The specific viscosity, hs, for the solution
flowing through the viscometer is calculated from
their outputs. The intrinsic viscosity, [h] i, at each
point in the chromatogram is calculated from the
following equation: [h] i = hSi/ Q where the
concentration, C was determined from the DRI output.
[00285] The branching index (g1) is calculated using
the output of the SEC-DRI-LS-VIS method as follows.
The branching index g' is defined as: 



Sample measured [h] / calculated theoretical [h] of a
linear polymer, where the calculated theoretical [h]
of a linear = k Ma where k = 0.0002288 and a = 0.705
for propylene polymers. [00286] Mv is the viscosity
average molecular weight based on molecular weights
determined by light-scattering (LS) analysis. The
viscosity average molecular weight, Mv, of the sample
is calculated by: [00287] M =molecular weight for each
time slice, hi from the chromatogram, and the
summations are carried out over all chromotographic
slices, i.e., between the integration
limits.POLYPROPYLENE ETHYLENE-PROPYLENE COPOLYMER
BLENDS AND IN-LINE PROCESS TO PRODUCE THEM FIELD
[0001] The present invention relates to the field of
polymer blends and in-line processes to produce them.
It more particularly relates to blends of isotactic
polypropylene and ethylene-propylene copolymer and
in-line fluid phase processes for producing them.
BACKGROUND [0002] Blends of highly crystalline
isotactic polypropylene (iPP) and soft
ethylene-propylene (EP) copolymers find many uses
where flexibility and softness need to be combined
with rapid crystallization for fast processing. These
are iPP-EP blends produced at typically made by
melt-blending an iPP resin and an EP copolymer resin.
The off-line melt blending process significantly
increases the production cost since it involves two
devolatilization-pelletization steps for the two
blending components followed by melt-blending and
pelletization of the final product blend and also has
many of the disadvantages associated with off-line
blending techniques. [0003] Polymer blends may be made
by a variety of ways. A flexible but expensive
off-line process of making polymer blends currently
applied for making iPP-EP blends uses solid polymers
as starting materials, typically outside the
polymerization process that produced the polymer blend
components. The polymer blend components are typically
first melted or dissolved in a solvent and then
blended. These processes are known as melt-blending
and off-line solution blending, respectively. In melt
blending, the solid, often pelletized or baled,
polymer blend components are first melted and then
blended together in their molten state. One of the
difficulties presented by melt blending is the high
viscosity of molten polymers, which makes blending of
two or more polymers difficult and often imperfect on
the molecular level. In solution off-line blending,the
solid, often pelletized or baled, polymer blend
components are first dissolved in a suitable solvent
to form a polymer solution, and then two or more
polymer solutions are blended together. After
blending, solution blending requires the removal of
solvent from the blend and drying of the blended
polymer. Solution blending can overcome the viscosity
issue associated with melt blending, but is expensive
due to the need for redissolving the polymer blend
components and due to the cost of solvent handling.
[0004] The common feature of both melt blending and
off-line solution blending is that the polymer
blending components are made in separate plants and
the solid polymers then are reprocessed either in a
molten or in a dissolved state to prepare the final
polymer blend. In fact, these off-line blending
processes are often operated by so-called compounders,
generally independent of the manufacturers of the
polymer blend components. These processes add
considerable cost to the cost of the final polymer
blend. The production and full polymer recovery in
separate plants and subsequent reprocessing increases
the costs of producing such blends because of the need
for duplicate polymer recovery lines and because of
the need for separate blending facilities and the
energy associated with their operations. Off-line
solution blending also requires extra solvent, and
facilities for polymer dissolution and solvent
recovery-recycle. Substantial reprocessing costs could
be saved if the polymer blends could be made in one
integrated polymerization plant in-line, i.e. before
the recovery and pelletizing of the solid polymer
blend components. [0005] The disadvantage of a
separate polyolefin blending plant associated with the
melt blending and off-line solution blending processes
is alleviated with the prior art method of in-line
solution blending of polymers using a series reactor
configuration. Utilizing the series reactor
configuration, product blending may be accomplished in
the solution polymerization reactor itself when the
effluent of the first solution polymerization reactor
is fed into the second reactor operating at different
conditions with optionally different catalyst and
monomer feedcomposition. Referring to the two-stage
series reactor configuration of FIG. 1 (prior art),
the two different polymers made in the first and
second reactor stages are blended in the second stage
yielding a blended polymer product leaving the second
reactor. Such reactor series configuration may be
further expanded into more than a two-stage series
configuration (three or more reactors in series).
Generally, a series of n reactors may produce a blend
with as many as n components or even more present in
the effluent of the last reactor. Note that in
principle, more than n components may be produced and
blended in n reactors by, for example, using more than
one catalyst or by utilizing multiple zones operating
at different conditions in one or more reactors of the
series reactor cascade. While mixing in the downstream
reactor(s) provides good product mixing, particularly
when the reactors are equipped with mixing devices,
e.g., mechanical stirrers, such series reactor
configuration and operation presents a number of
practical process and product quality control problems
due to the close coupling of the reactors in the
cascade. One of the most important difficulties in
commercial practice is ensuring proper blend and
monomer ratios to deliver consistent blend quality.
Additional complications arise when the blend
components have different monomer compositions,
particularly when they have different monomer pools,
such as in the case of blending different copolymers
or in the case of blending homo- and copolymers. Since
the monomer streams are blended, there is no option
for their separate recovery and recycle mandating
costly monomer separations in the monomer recycle
lines. [0006] Applying parallel reactors can overcome
many of the disadvantages related to the direct
coupling of the polymerization reactors in an in-line
polymer blending applying series reactors. While
production flexibility is increased, a parallel
reactor arrangement necessitates the installation of
blending vessels increasing the cost of the process.
[0007] A need thus exists for an improved and
cost-effective method of in-line blending of iPP and
EP copolymers to avoid the issues associated with
theprior-art methods, such as melt blending, off-line
solution blending, and in-line solution blending in a
series reactor configuration. More particularly, a
need exists for an improved in-line method of blending
iPP and EP copolymers, where the residence time,
monomer composition, catalyst choice, and catalyst
concentration can be independently controlled in each
polymer reactor prior to the blending step. There is
also a need for improved blends of isotactic
polypropylene and ethylene-propylene copolymers that
yield improved properties and performance in
comparison to prior art blends of such polymers.
SUMMARY [0008] Provided are blends of isotactic
polypropylene and ethylene-propylene copolymer and
fluid-phase in-line blending process for producing
such blends. [0009] According to the present
disclosure, an advantageous in-line blending process
for producing blends of polypropylene and
ethylene-propylene copolymer comprises: (a) providing
two or more reactor trains configured in parallel and
a high-pressure separator downstream fluidly connected
to the two or more reactor trains configured in
parallel, wherein one or more of the reactor trains
produces polypropylene and one or more of the reactor
trains produces ethylene-propylene copolymer; (b)
contacting in one or more of the reactor trains
configured in parallel 1) propylene, 2) one or more
catalyst systems, and 3) optional one or more diluents
or solvents, wherein the polymerization system for at
least one of the reactor trains configured in parallel
is at a temperature above the solid-fluid phase
transition temperature, at a pressure no lower than 10
MPa below the cloud point pressure and less than 1500
MPa, contacting in the other one or more reactor
trains configured in parallel 1) propylene, 2)
ethylene, 3) optional one or more comonomers
comprising four or more carbon atoms, 4) one or more
catalyst systems, and 5) optional one or more diluents
or solvents, wherein at least one of the reactor
trains is at a temperature of between 650C and 1800C
and at a pressureno lower than 10 MPa below the cloud
point pressure of the polymerization system and less
than 1500 MPa, wherein the polymerization system for
each reactor train is in its dense fluid state and
comprises propylene, any ethylene present, any
comonomer comprising four or more carbon atoms
present, any diluent or solvent present, and the
polymer product, wherein the catalyst system for each
reactor train comprises one or more catalyst
precursors, one or more activators, and optionally,
one or more catalyst supports; and (c) forming a
reactor effluent including a homogeneous fluid phase
polymer-monomer mixture in each parallel reactor
train;(d) combining the reactor effluent comprising
the homogeneous fluid phase polymer-monomer mixture
from each parallel reactor train to form a combined
reactor effluent; (e) passing the combined reactor
effluent through the high-pressure separator for
product blending and productfeed separation; (f)
maintaining the temperature and pressure within the
highpressure separator above the solid-fluid phase
transition point but below the cloud point pressure
and temperature to form a fluid-fluid two-phase system
comprising a polymer-rich phase and a monomer-rich
phase; (g) separating the monomer-rich phase from the
polymer-rich phase to form a polymer-enriched stream
comprising a blend of polypropylene and
ethylene-propylene copolymer and a separated
monomer-rich stream, and (h) further processing the
polymer enriched stream of (g) to further remove any
solvent/diluent and/or monomer to yield a
polypropylene-(ethylene-propylene copolymer) product
blend. [0010] A further aspect of the present
disclosure relates to an advantageous in-line blending
process for producing blends of polypropylene and
ethylenepropylene copolymer comprising: (a) providing
two or more reactor trains configured in parallel and
two or more high-pressure separators fluidly connected
to the two or more reactor trains configured in
parallel, wherein one or more of the reactor trains
produces polypropylene and one or more of the reactor
trains produces ethylene-propylene copolymer; (b)
contacting in one or more of the reactor trains
configured in parallel 1) propylene, 2) one or more
catalyst systems,and 3) optional one or more diluents
or solvents, wherein the polymerization system for at
least one of the reactor trains configured in parallel
is at a temperature above the solid-fluid phase
transition temperature, at a pressure no lower than 10
MPa below the cloud point pressure and less than 1500
MPa, contacting in the other one or more reactor
trains configured in parallel 1) propylene, 2)
ethylene, 3) optional one or more comonomers
comprising four or more carbon atoms, 4) one or more
catalyst systems, and 4) optional one or more
solvents, wherein at least one of the reactor trains
is at a temperature of between 65C and 1800C and at a
pressure no lower than 10 MPa below the cloud point
pressure of the polymerization system and less than
1500 MPa, wherein the polymerization system for each
reactor train is in its dense fluid state and
comprises propylene, any ethylene present, any
comonomer comprising four or more carbon atoms
present, any diluent or solvent present, and the
polymer product, wherein the catalyst system for each
reactor train comprises one or more catalyst
precursors, one or more activators, and optionally,
one or more catalyst supports; and (c) forming an
unreduced reactor effluent including a homogenous
fluid phase polymer-monomer mixture in each parallel
reactor train; (d) passing the unreduced reactor
effluents from one or more but not from all of the
parallel reactor trains through one or more
high-pressure separators, maintaining the temperature
and pressure within the one or more high-pressure
separators above the solid-fluid phase transition
point but below the cloud point pressure and
temperature to form one or more fluid-fluid two-phase
systems with each two-phase system comprising a
polymer-enriched phase and a monomer-rich phase, and
separating the monomer-rich phase from the
polymer-enriched phase in each of the one or more
high-pressure separators to form one or more separated
monomer-rich phases and one or more polymer-enriched
phases; (e) combining the one or more polymer-enriched
phases from the one or more high-pressure separators
of (d) with the one or more unreduced reactor
effluents from one or more parallel reactor trains to
form a mixture of one or more polymer-enriched phases
and the one or more unreduced reactor effluents from
the one or moreparallel reactor trains to form a
combined effluent stream that comprises the polymeric
blend components from all parallel reactor trains; (f)
passing the combined effluent stream of (e) into
another high-pressure separator for product blending
and product-feed separation; (g) maintaining the
temperature and pressure within the another high
pressure separator of (f) above the solid-fluid phase
transition point but below the cloud point pressure
and temperature to form a fluid-fluid two-phase system
comprising a polymer-rich blend phase and a
monomer-rich phase; (h) separating the monomer-rich
phase from the polymerrich blend phase to form a
polymer-enriched stream comprising a blend of
polypropylene and ethylene-propylene copolymer and a
separated monomer-rich stream, and (i) further
processing the polymer-enriched stream of (h) to
further remove any solvent/diluent and/or monomer to
yield a polypropylene-(ethylenepropylene copolymer)
product blend. [0011] A still further aspect of the
present disclosure relates to an advantageous blend of
isotactic polypropylene and ethylene-propylene
copolymer comprising: between 1 and 50 wt% of
isotactic polypropylene with a melt flow rate of
between 0.5 and 20,000 g/10 min, and between 50 and 99
wt% of ethylenepropylene copolymer including between
10 wt% and 20 wt% randomly distributed ethylene with a
melt flow rate of between 0.5 and 20,000 g/10 min,
wherein the copolymer is polymerized by a bulk
homogeneous polymerization process, and wherein the
total regio defects in the continuous propylene
segments of the copolymer is between 40 and 150%
greater than a copolymer of equivalent melt flow rate
and wt% ethylene polymerized by a solution
polymerization process. [0012] A still further aspect
of the present disclosure relates to an advantageous
blend of isotactic polypropylene and
ethylene-propylene copolymer comprising: between 1 and
50 wt % of isotactic polypropylene with more than 15
and less than 100 regio defects (sum of 2,1-erithro,
2,1-threo insertions, and 3,1- isomerizations) per
10,000 propylene units in the polymer chain, an
mmmmpentad fraction of 0.85 or more, a weight average
molecular weight (Mw) of at least 35 kg/mol, a melting
peak temperature of 149C or higher, a heat of fusion
(DHf) of at least 80 J/g, and wherein the difference
between the DSC peak melting and the peak
crystallization temperatures (Tmp - Tcp) is less than
or equal to 0.907 times the melting peak temperature
minus 99.64 (Tmp - Tcp < 0.907 Tmp - 99.64)C, and
between 50 and 99 wt% of ethylene-propylene copolymer
including between 10 wt% and 20 wt% randomly
distributed ethylene with a melt flow rate of between
0.5 and 20,000 g/10 min. [0013] A still yet further
aspect of the present disclosure relates to an
advantageous blend of polypropylene and
ethylene-propylene copolymer comprising: between 1 and
50 wt% of isotactic polypropylene with more than 15
and less than 100 regio defects (sum of 2,1-erithro,
2,1-threo insertions, and 3,1- isomerizations) per
10,000 propylene units in the polymer chain, an mmmm
pentad fraction of 0.85 or more, a weight average
molecular weight (Mw) of at least 35 kg/mol, a melting
peak temperature of 1490C or higher, a heat of fusion
(DHf) of at least 80 J/g, and wherein the difference
between the DSC peak melting and the peak
crystallization temperatures (Tmp -Tcp) is less than
or equal to 0.907 times the melting peak temperature
minus 99.64 (Tmp - Tcp < 0.907 Tmp - 99.64)C, and
between 50 and 99 wt% of ethylene-propylene copolymer
including between 10 wt% and 20 wt% randomly
distributed ethylene with a melt flow rate of between
0.5 and 20,000 g/10 min, wherein the copolymer is
polymerized by a bulk homogeneous polymerization
process, and wherein the total regio defects in the
continuous propylene segments of the copolymer is
between 40 and 150% greater than a copolymer of
equivalent melt flow rate and wt% ethylene polymerized
by a solution polymerization process. [0014] These and
other features and attributes of the disclosed blends
of isotactic polypropylene and ethylene-propylene
copolymers, the fluid phase in line processes for
producing them and their advantageous applications
and/or useswill be apparent from the detailed
description that follows, particularly when read in
conjunction with the figures appended hereto. BRIEF
DESCRIPTION OF THE DRAWINGS [0015] To assist those of
ordinary skill in the relevant art in making and using
the subject matter hereof, reference is made to the
appended drawings, wherein: [0016] FIG. 1 presents the
process for the production of polymer blends in a
two-stage series reactor configuration (prior art);
[0017] FIG. 2 presents an exemplary in-line polymer
blending process schematic for producing isotactic
polypropylene and ethylene-propylene copolymer blends
with a single separation vessel; [0018] FIG. 3
presents an exemplary in-line polymer blending process
schematic for producing isotactic polypropylene and
ethylene-propylene copolymer blends with multiple
separation vessels; [0019] FIG. 4 presents an
exemplary in-line polymer blending process schematic
for producing isotactic polypropylene and
ethylene-propylene copolymer blends with product
effluent buffer tanks for improved blend ratio
control; [0020] FIG. 5 presents an exemplary in-line
polymer blending process schematic with product
effluent buffer tanks that also serve as
monomer/product separators for improved blend ratio
control; [0021] FIG. 6 presents an exemplary in-line
polymer blending process schematic for producing
isotactic polypropylene and ethylene-propylene
copolymer blends with one slurry reactor train;[0022]
FIG. 7 presents an exemplary in-line polymer blending
process schematic for producing isotactic
polypropylene and ethylene-propylene copolymer blends
with optional buffer tanks for improved blend ratio
control and with the option for additive/polymer
blending component; [0023] FIG. 8 presents cloud point
isotherms for Polymer Achieve(tm) 1635; [0024] FIG. 9
presents cloud point isotherms for Polymer PP 45379
dissolved in bulk propylene; [0025] FIG. 10 presents
cloud point isotherms for Polymer PP 4062 dissolved in
bulk propylene; [0026] FIG. 11 presents cloud point
isotherms for Polymer Achieve(tm) 1635 dissolved in
bulk propylene; [0027] FIG. i2 presents cloud point
isotherms for Polymer PP 45379 dissolved in bulk
propylene; [0028] FIG. 13 presents cloud point
isotherms for Polymer PP 4062 dissolved in bulk
propylene; [0029] FIG. 14 presents a comparison of
isopleths for PP 45379, Achieve(tm) 1635, and PP 4062
dissolved in bulk propylene; [0030] FIG. 15 presents a
comparison of isopleths for Achieve(tm) 1635 and
literature data as described in J. Vladimir Oliveira,
C. Dariva and J. C. Pinto, Ind. Eng, Chem. Res. 29,
2000, 4627; [0031] FIG. 16 presents a comparison of
isopleths for PP 45379 and literature data as
described in J. Vladimir Oliveira, C. Dariva and J. C.
Pinto, Ind. Eng, Chem. Res. 29 (2000), 4627;[0032]
FIG. 17 presents a comparison of isopleths for PP 4062
and literature data as described in J . Vladimir
Oliveira, C. Dariva and J. C. Pinto, Ind. Eng, Chem.
Res. 29, 2000, 4627; [0033] FIG. 18 presents a basic
phase diagram for mixture of propylene monomer with
selected polymers (isotactic polypropylene - iPP,
syndiotactic polypropylene - sPP, atactic
polypropylene - aPP, or propylene-ethylene copolymer);
[0034] FIG. 19 presents a comparison of the density of
supercritical propylene at 137.7C with liquid
propylene at 54.4C; [0035] FIG. 20 presents an
operating regime in accordance with the process
disclosed herein for a reactor operating in a single
liquid phase; [0036] FIG. 21 presents an operating
regime in accordance with the process disclosed herein
for a reactor operating in a liquid-liquid phase;
[0037] FIG. 22 presents an operating regime in
accordance with the process disclosed herein for a
gravity separator; [0038] FIG. 23 presents
supercooling versus melting peak temperature for the
iPP blend component; [0039] FIG. 24 depicts that
turnover frequency is independent of catalyst
concentration suggesting first kinetic order for
catalyst in supercritical propylene polymerization
with MAO-activated (m-dimethylsilyl)bis(2-methyl-4-
phenylindenyl)zirconium dichloride (Q-Zr-MAO) at
120-1300C and 69 and 138 MPa (10 or 20 kpsi,
respectively); [0040] FIG. 25 presents a typical 13C
NMR spectrum of an C2 =-C3 = copolymer with high
ethylene content;[0041] FIG. 26 presents the defects
for an EP copolymer chain segment growing from left to
right; DEFINITIONS [0042] For the purposes of this
invention and the claims thereto: [0043] A catalyst
system is defined to be the combination of one or more
catalyst precursor compounds and one or more
activators. Any part of the catalyst system can be
optionally supported on solid particles, in which case
the support is also part of the catalyst system.
[0044] Fluids are defined as materials in their liquid
or supercritical fluid state. Dense fluids are defined
as fluid media in their liquid or supercritical state
with densities greater than 300 kg/m3. [0045]
Solid-fluid phase transition temperature is defined as
the temperature at which a solid polymer phase
separates from the polymer-containing dense fluid
medium at a given pressure. The solid-fluid phase
transition temperature can be determined by
temperature reduction starting from temperatures at
which the polymer is fully dissolved in the fluid
reaction medium. Solid-fluid phase transition
temperature can be measured by turbidity in addition
to other known measurement techniques. [0046]
Solid-fluid phase transition pressure is defined as
the pressure at which a solid polymer phase separates
from the polymer-containing fluid medium at a given
temperature. The solid-fluid phase transition pressure
can be determined by pressure reduction at constant
temperature starting from pressures at which the
polymer is fully dissolved in the fluid reaction
medium. Solid-fluid phase transition pressure can be
measured by turbidity in addition to other known
measurement techniques.[0047] The cloud point is
defined as the pressure below which, at a given
temperature, the polymerization system becomes turbid
as described in J . Vladimir Oliveira, C. Dariva and J
. C. Pinto, Ind. Eng, Chem. Res. 29 (2000) 4627. For
purposes of this invention and the claims thereto, the
cloud point is measured by shining a helium laser
through the selected polymerization system in a cloud
point cell onto a photocell and recording the pressure
at the onset of rapid increase in light scattering
(turbidity) for a given temperature. [0048] A higher
a-olefin is defined as an alpha-olefin having 4 or
more carbon atoms. [0049] Use of the term
"polymerization" encompasses any polymerization
reaction such as homopolymerization and
copolymerization. Copolymerization encompasses any
polymerization reaction of two or more monomers.
[0050] The new numbering scheme for the Periodic Table
Groups is used as published in CHEMICAL AND
ENGINEERING NEWS, 63(5), 27 (1985). [0051] When a
polymer is referred to as comprising an olefin, the
olefin present in the polymer is the polymerized form
of the olefin. [0052] An oligomer is defined to be
compositions having 2-75 monomer units. [0053] A
polymer is defined to be compositions having 76 or
more monomer units. [0054] A series reactor cascade
can include two or more reactors connected in series,
in which the effluent of an upstream reactor is fed to
the next reactor downstream in the reactor cascade.
Besides the effluent of the upstream reactor(s), the
feed of any reactor can be augmented with any
combination of additional monomer, catalyst,
scavenger, or solvent fresh or recycled feedstreams.
In a parallel reactor configuration, the reactor or
reactors in series cascade that form a branch of the
parallel reactor configuration is referred to as a
reactor train. [0055] Reactor train or reactor branch
or reactor leg refers to a single polymerization
reactor or to a group of polymerization reactors of
the in-line blending process disclosed herein that
produces a single polymer blend component. If the
reactor train contains more than one reactor, the
reactors are arranged in a series configuration within
the train. The need for having more than one reactor
in a reactor train may, for example, arise when an
in-line blend component cannot be produced at the
desired rate economically in a single reactor but
there could be also reasons related to blend component
quality, such as molecular weight or composition
distribution, etc. Since a reactor train can comprise
multiple reactors and/or reactor zones in series, the
single blend component produced in a reactor train may
itself be a polymer blend of polymeric components with
varying molecular weights and/or compositions.
However, in order to simplify the description of
different embodiments of the in-line blending
processes disclosed herein, the polymeric product of a
reactor train is referred to simply as blend component
or polymeric blend component regardless of its
molecular weight and/or compositional dispersion. For
the purpose of defining the process of the present
invention, parallel reactors will be always considered
as separate reactor trains even if they produce
essentially the same in-line blend component. Also,
spatially separated, parallel reaction zones that do
not exchange or mix reaction mixtures by, for example,
pump-around loops, or by other recirculation methods,
will be considered as separate parallel reactor trains
even when those parallel zones are present in a common
shell and fall within the in-line blending process
disclosed herein. [0056] Reactor bank refers to the
combination of all polymerization reactors in the
polymerization section of the in-line polymer blending
process disclosed herein. A reactor bank may comprise
one or more reactor trains.[0057] A parallel reactor
configuration includes two or more reactors or reactor
trains connected in parallel. A reactor train, branch,
or leg of the parallel configuration may include one
reactor or more than one reactor configured in a
series configuration. The entire parallel reactor
configuration of the polymerization process disclosed
herein, i.e., the combination of all parallel
polymerization reactor trains forms the reactor bank.
[0058] . Monomer recycle ratio refers to the ratio of
the amount of recycled monomer fed to the reactor
divided by the total (fresh plus recycled) amount of
monomer fed to the reactor. [0059] Polymerization
system is defined to be monomer(s) plus comonomer(s)
plus polymer(s) plus optional inert
solvent(s)/diluent(s) plus optional scavenger(s). Note
that for the sake of convenience and clarity, the
catalyst system is always addressed separately in the
present discussion from other components present in a
polymerization reactor. In this regard, the
polymerization system is defined here narrower than
customary in the art of polymerization that typically
considers the catalyst system as part of the
polymerization system. By the current definition, the
mixture present in the polymerization reactor and in
its effluent is composed of the polymerization system
plus the catalyst system. Dense fluid polymerization
systems have greater than 300 kg/m3 fluid phase
density, all of their components listed above, i.e.,
the monomer(s) plus comonomer(s) plus polymer(s) plus
optional inert solvent(s)/diluent(s) plus optional
scavenger(s), are in fluid state, or stating
differently, none of their components is in solid
state. Note that these qualifications may be different
for the catalyst system since it is not part of the
polymerization system. [0060] The polymerization
system can form one single fluid phase or two fluid
phases.[0061] A homogeneous polymerization system
contains all of its components dispersed and mixed on
a molecular scale. In our discussions, homogeneous
polymerization systems are meant to be in their dense
fluid (liquid or supercritical) state. Note that our
definition of the polymerization system does not
include the catalyst system, thus the catalyst system
may or may not be homogeneously dissolved in the
polymerization system. A homogeneous system may have
regions with concentration gradients, but there would
be no sudden, discontinuous changes of composition on
a micrometer scale within the system. In practical
terms, a homogeneous polymerization system has all of
its components in a single dense fluid phase.
Apparently, a polymerization system is not homogeneous
when it is partitioned to more than one fluid phase or
to a fluid and a solid phase. The homogeneous fluid
state of the polymerization system is represented by
the single fluid region in its phase diagram. [0062] A
homogeneous polymerization process operates with a
homogeneous polymerization system. Note that the
catalyst system is not part of the polymerization
system, thus it is not necessarily dissolved
homogeneously in the polymerization system. A reactor
in which a homogeneous polymerization process is
carried out will be referred to as homogeneous
polymerization reactor. [0063] Pure substances,
including all types of hydrocarbons, can exist in
either a subcritical, or supercritical state,
depending on their temperature and pressure.
Substances in their supercritical state possess
interesting physical and thermodynamic properties,
which are exploited in this disclosure. In particular,
as supercritical fluids undergo large changes in
pressure, their density and solvency for polymers
changes over a wide range. To be in the supercritical
state, a substance must have a temperature above its
critical temperature (Tc) and a pressure above its
critical pressure (Pc). Mixtures of hydrocarbons,
including mixtures of monomers, polymers, and optional
solvents, have pseudo-critical temperatures (Tc) and
pseudo-critical pressures (Pc), which for many systems
can be approximated by mole-fraction-weighted averages
of the corresponding criticalproperties (Tc or Pc) of
the mixture's components. Mixtures with a temperature
above their pseudo-critical temperature and a pressure
above their pseudo-critical pressure will be said to
be in a supercritical state or phase, and the
thermodynamic behavior of supercritical mixtures will
be analogous to supercritical pure substances. For
purposes of this disclosure, the critical temperatures
(Tc) and critical pressures (Pc) of certain pure
substances relevant to the current invention are those
that found in the HANDBOOK OF CHEMISTRY AND PHYSICS,
David R. Lide, Editor-in-Chief, 82nd edition
2001-2002, CRC Press, LLC. New York, 2001. In
particular, the Tc and Pc of various molecules are:
273.2 K = O0C. [0064] The following abbreviations are
used: Me is methyl, Ph is phenyl, Et is ethyl, Pr is
propyl, iPr is isopropyl, n-Pr is normal propyl, Bu is
butyl, iBu is isobutyl, tBu is tertiary butyl, p-tBu
is para-tertiary butyl, TMS is trimethylsilyl, TIBA is
tri-isobutylaluminum, MAO is methylaluminoxane, pMe is
para-methyl, flu is fluorenyl, cp is cyclopentadienyl.
[0065] By "continuous" is meant a system that operates
(or is intended to operate) without interruption or
cessation. For example a continuous process toproduce
a polymer would be one where the reactants are
continually introduced into one or more reactors and
polymer product is continually withdrawn. [0066] The
term "solvent", or "high-boiling diluent" refers to a
hydrocarbon having a boiling point of 300C or more ,
or 500C or more, or 700C or more, or 1000C or more, or
1200C or more , or 1500C or more than the boiling
point of propylene (-47.60C at 760 torr). High boiling
diluents are also referred to as solvents herein. In
olefin polymerization, solvents are typically
hydrocarbons comprising five or more carbon atoms.
[0067] Slurry polymerization refers to a
polymerization process in which particulate, solid
polymer (e.g., granular) forms in a dense fluid or in
a liquid/vapor polymerization medium. The dense fluid
polymerization medium can form a single or two fluid
phases, such as liquid, supercritical fluid, or
liquid/liquid, or supercritical fluid/supercritical
fluid, polymerization medium. In a liquid/vapor
polymerization medium, the polymer resides in the
liquid (dense) phase. Slurry polymerization processes
typically employ heterogeneous catalyst particles,
such as Ziegler-Natta catalysts or supported
metallocene catalysts, and the like. The solid
polymeric product typically adheres to the
heterogeneous solid catalyst particles thus forming a
slurry phase. Slurry polymerization processes operate
below the solid-fluid phase transition temperature of
the polymerization system. [0068] Solution
polymerization refers to a polymerization process in
which the polymer is dissolved in a liquid
polymerization system comprising substantial amounts
(typically 40 wt% or more, or 50 wt% or more, or 60
wt% or more) of solvent. Note that solution
polymerization comprises a liquid polymerization
system. Solution polymerization may be performed at
conditions where a vapor and a liquid phase are
present, in which case the polymerization system
comprises the liquid phase.[0069] Advantageously,
solution polymerization is performed with
liquid-filled reactors, in the substantial absence of
a vapor phase. Liquid-filled reactor operations are
characterized by reactor pressures that are at or
advantageously above the bubble point of the
polymerization system. Bubble point is defined as the
pressure at which a liquid starts forming vapor
bubbles at a given temperature. Bubble point pressures
of hydrocarbon blends can be readily determined by
standard techniques known in the art of chemical
engineering. Methods suitable for conducting such
calculations are equation of state methods, such as
Peng Robinson or Suave Redlich Kwong. The bubble point
of a liquid can be conveniently determined by reducing
the pressure at constant temperature of a compressed
fluid until the first vapor bubble is formed. Solution
polymerization is typically performed in a single
homogeneous liquid phase, but solution polymerization
comprising two liquid phases are also known. In the
latter case, the polymerization system is below of its
cloud point pressure but above of its solid-fluid
phase transition pressure and temperature. In these
twophase liquid polymerizations systems, the
polymerization system is typically partitioned into
two liquid phases, a polymer-lean and a polymer-rich
liquid phase. In a well-stirred polymerization
reactor, these two phases are finely dispersed. Note,
however, that these two-phase liquid polymerizations
systems have none of their components in solid state.
[0070] Supercritical polymerization refers to a
polymerization process in which the polymerization
system is in its dense supercritical or pseudo
supercritical state, i.e. when the density of the
polymerization system is above 300 g/L and its
temperature and pressure are above the corresponding
critical or pseudo critical values. Supercritical
polymerization is typically performed in a single
homogeneous supercritical phase, but supercritical
polymerization comprising two supercritical fluid
phases is also contemplated. In the latter case, the
polymerization system is below of its cloud point
pressure but above of its solid-fluid phase transition
pressure and temperature. In these
two-phasesupercritical fluid polymerizations systems,
the polymerization system is typically partitioned
into two fluid phases, a polymer-lean and a
polymer-rich fluid phase. In a well-stirred
polymerization reactor, these two phases are finely
dispersed. Note, however, that these two-phase
supercritical fluid polymerizations systems have none
of their components in solid state. [0071] Bulk
polymerization refers to a polymerization process in
which the dense fluid polymerization system contains
less than 40 wt%, or less than 30 wt%, or less than 20
wt%, or less than 10 wt%, or less than 5 wt%, or less
than 1 wt% of inert solvent or diluent. The product
polymer may be dissolved in the dense fluid
polymerization system or may form a solid phase. In
this terminology, slurry polymerization, in which
solid polymer particulates form in a dense fluid
polymerization system containing less than 40 wt% of
inert solvent or diluent, will be referred to as a
bulk slurry polymerization process or bulk
heterogeneous polymerization process. The
polymerization process in which the polymeric product
is dissolved in a single-phase dense fluid
polymerization system containing less than 40 wt% of
inert solvent or diluent will be referred to as bulk
homogeneous polymerization process. The polymerization
process in which the polymeric product is dissolved in
a liquid polymerization system containing less than 40
wt%, or less than 30 wt%, or less than 20 wt%, or less
than 10 wt%, or less than 5 wt%, or less than 1 wt% of
inert solvent or diluent will be referred to as bulk
solution polymerization process (as distinguished from
other solution polymerization processes in which the
polymeric product is dissolved in a liquid
polymerization system containing greater than or equal
to 40 wt% solvent, which is also referred to herein as
the prior art solution process). The polymerization
process in which the polymeric product is dissolved in
a single-phase supercritical polymerization system
containing less than 40 wt%, or less than 30 wt%, or
less than 20 wt%, or less than 10 wt%, or less than 5
wt%, or less than 1 wt% of inert solvent or diluent
will be referred to as bulk homogeneous supercritical
polymerization process.[0072] Homogeneous
supercritical polymerization refers to a
polymerization process in which the polymer is
dissolved in a single-phase dense supercritical fluid
polymerization medium, such as an inert solvent or
monomer or their blends in their supercritical state.
As described above, when the supercritical fluid
polymerization system contains less than 40 wt%, or
less than 30 wt%, or less than 20 wt%, or less than 10
wt%, or less than 5 wt%, or less than 1 wt% of inert
solvent and the polymer is dissolved in the dense
supercritical fluid, the process is referred to as a
bulk homogeneous supercritical polymerization process.
Homogeneous supercritical polymerization should be
distinguished from heterogeneous supercritical
polymerizations, such as for example, supercritical
slurry processes, the latter of which is performed in
supercritical fluids but form solid polymer
particulates in the polymerization reactor. Similarly,
bulk homogeneous supercritical polymerization should
be distinguished from bulk solution polymerization,
the latter of which is performed in a liquid as
opposed to in a supercritical polymerization system.
Note that by our definitions, the catalyst system
should not be considered in determining whether a
polymerization process is homogeneous or not. [0073]
Fouling refers to accumulation and deposition of solid
polymer in the interior reactor volume and/or in its
interconnected parts such as feed ports, stirrer (for
stirred reactors), etc. For crystalline polymers, the
polymer tends to accumulate and deposit on the reactor
interior by crystallization on surfaces that are at or
below the crystallization temperature of the polymer.
Reactor fouling creates considerable operational
costs, including reduced production rates and
increased downtime for cleaning. [0074] Reaction zone
refers to the interior of a polymerization reactor
where both the catalyst system and the polymerization
system are present and mixed intentionally. The
reaction zone is defined as the reactor interior
filled with the mixed polymerization and catalyst
systems between the feed ports and the effluent ports.
By "where both the catalyst system and the
polymerization system arepresent and mixed
intentionally" we mean the space where the
polymerization reaction is designed to take place and
the polymer is designed to be present as opposed to
spaces where no reaction is intended to happen and no
polymer is intended to be present, such as the
interior of the catalyst and monomer feed ports,
stirrer assembly, etc. Although the later spaces are
directly coupled to the reaction zone, no polymer is
intended to enter and no polymer is intended to be
polymerized in those spaces. [0075] An ethylene
propylene random copolymer (also referred to herein as
EP copolymer, EP random copolymer and EP polyolefin
elastomer) is defined as propylene-based polymer with
random insertions of ethylene along the propylenebased
polymer backbone. This is to be distinguished from
ethylene propylene block copolymers which have groups
or blocks of ethylene inserted along the
propylene-based polymer backbone. [0076] An isotactic
polypropylene homopolymer blend component (also
referred to herein as iPP and isotactic polypropylene)
is defined as propylenebased polymer with all methyl
groups from the propylene monomer units located on the
same side of the polymer. Isotactic polypropylene is
semicrystalline and forms a helix configuration.
[0077] An in-line blending process disclosed herein
refers to one where the polymerization and the polymer
blending processes are integrated in a single process
and at least one of the polymerization trains operates
under solution or homogeneous supercritical
conditions. Although in-line blending processes
typically employ polymerization trains using solution
or homogeneous supercritical polymerization systems,
one or more of the polymerization trains may employ
slurry polymerization systems, particularly bulk
slurry polymerization systems. When the polymerization
reactor bank includes one or more slurry
polymerization trains, the effluents of those slurry
trains are alwaysheated to dissolve the polymer and
are optionally pressurized before mixing them with the
effluents of other trains to enable fluid-phase
mixing. [0078] The isotactic polypropylene and EP
copolymer blend disclosed herein refers to a mixture
of isotactic polypropylene and EP copolymer
components. The components are produced internally in
the in-line blending process and are mixed in the same
process without recovering them in their solid state.
Optionally, the in-line blends may also contain
additives produced outside the invention process, such
as plasticizers, UV stabilizers, antioxidants, etc.,
and off line polymeric additives/modifiers in minor
amounts, i.e., less than 50%, or less than 40%, or
less than 30%, or less than 20%, or less than 10%, or
less than 5%, or less than 1% by weight. DETAILED
DESCRIPTION [0079] Disclosed herein are novel blends
of isotactic polypropylene and ethylene-propylene
copolymer and in-line processes for blending such
polymers. [0080] In some embodiments, the
polymerization reactor trains operate in a dense fluid
state (i.e., in homogeneous liquid phase or
homogeneous supercritical phase). In some other
embodiments, at least one of the reactor trains
configured parallel operates above the critical
temperature and critical pressure of the
polymerization system and the polymerization system is
homogeneous. In one or more embodiments, the
polymerization is carried out in a bulk homogeneous
polymerization system (i.e., in bulk homogeneous
liquid phase or bulk homogeneous supercritical phase).
[0081] As disclosed in U.S. Patent Application No.
60/876,193 filed on December 20, 2006, herein
incorporated by reference in its entirety, an improved
in-line process for blending polymers has been
developed to improve blend quality and reduce the
capital and operating costs associated with a combined
polymerization and blending plant. The present
disclosure expands the scope ofU.S. Patent Application
No. 60/876,193 to an in-line blending process with two
or more parallel reactor trains for producing novel
blends of isotactic polypropylene and
ethylene-propylene copolymers. [0082] U.S. Patent
Application No. 60/905,247, filed on March 6, 2007,
incorporated herein in its entirety by reference,
discloses novel recycle methods for the unconverted
monomers that emerge from the parallel reactor trains
of the in-line fluid phase polymer blending processes
disclosed herein. In particular, the novel recycle
methods are applicable wherein each monomer component
fed to a first group of one or more reactor trains of
the said in-line blending processes is also present in
the feed of a second group of one or more trains of
the said in-line blending processes. The processes
disclosed in U.S. Patent Application No. 60/905,247,
filed on March 6, 2007 afford a simpler and lower-cost
monomer recycling by eliminating the need for the
recovery of the individual recycle components. [0083]
U.S. Patent Application No. 60/993,647, filed on
September 13, 2007, incorporated herein in its
entirety by reference, discloses a novel process for
fluid phase in-line blending of plasticized polymers,
wherein one or more of the plasticizers are produced
in a reactor train in parallel with the reactor train
used to produce the one or more polymers. [0084] U.S.
Patent Application No. 60/993,646, filed on September
13, 2007, incorporated herein in its entirety by
reference, discloses a novel process for in line
blending of off-line produced plasticizers and in-line
produced polymers, wherein the one or more
plasticizers are fed to the process after the polymer 



reactor train and while the base polymer still has a
substantial quantity of light components to form a
plasticized polymer blend. [0085] The blends of iPP
and EP copolymer disclosed herein may include a novel
iPP in terms of structure and properties in
combination with a conventionalEP copolymer or a novel
EP in terms of structure and properties. The blends of
iPP and EP copolymer disclosed herein may also include
a conventional iPP and a novel EP copolymer in terms
of structure and properties. Hence a total of three
novel blend combinations based upon conventional and
differentiated iPP and EP copolymers are disclosed.
The blends of conventional iPP and conventional EP
represent the prior art. [0086] In one form
(conventional iPP/novel EP copolymer), the novel blend
of isotactic polypropylene and ethylene-propylene
copolymer comprising: between 1 and 50 wt% of
isotactic polypropylene with a melt flow rate of
between 0.5 and 20,000 g/10 min, and between 50 and 99
wt% of ethylene-propylene copolymer including between
10 wt% and 20 wt% randomly distributed ethylene with a
melt flow rate of between 0.5 and 20,000 g/10 min,
wherein the copolymer is polymerized by a bulk
homogeneous polymerization process, and wherein the
total regio defects in the continuous propylene
segments of the copolymer is between 40 and 150%
greater than a copolymer of equivalent melt flow rate
and wt% ethylene polymerized by a solution
polymerization process. [0087] In another form (novel
iPP/conventional EP copolymer), the novel blend of
isotactic polypropylene and ethylene-propylene
copolymer comprising: between 1 and 50 wt% of
isotactic polypropylene with more than 15 and less
than 100 regio defects (sum of 2,1-erithro, 2,1-threo
insertions, and 3,1-isomerizations) per 10,000
propylene units in the polymer chain, an mmmm pentad
fraction of 0.85 or more, a weight average molecular
weight (Mw) of at least 35 kg/mol, a melting peak
temperature of 1490C or higher, a heat of fusion (DHf)
of at least 80 J/g, and wherein the difference between
the DSC peak melting and the peak crystallization
temperatures (Tmp - Tcp) is less than or equal to
0.907 times the melting peak temperature minus 99.64
(Tmp - Tcp  0.907 Tmp - 99.64)C, and between 50 and 99
wt% of ethylene-propylene copolymer including between
10wt% and 20 wt% randomly distributed ethylene with a
melt flow rate of between 0.5 and 20,000 g/10 min.
[0088] In yet another form (differentiated
iPP/differentiated EP copolymer), the novel blend of
polypropylene and ethylene-propylene copolymer
comprising: between 1 and 50 wt% of isotactic
polypropylene with more than 15 and less than 100
regio defects (sum of 2,1-erithro, 2,1-threo
insertions, and 3,1-isomerizations) per 10,000
propylene units in the polymer chain, an mmmm pentad
fraction of 0.85 or more, a weight average molecular
weight (Mw) of at least 35 kg/mol, a melting peak
temperature of 1490C or higher, a heat of fusion (DHf)
of at least 80 J/g, and wherein the difference between
the DSC peak melting and the peak crystallization
temperatures (Tmp - Tcp) is less than or equal to
0.907 times the melting peak temperature minus 99.64
(Tmp - Tcp  0.907 Tmp - 99.64)C, and between 50 and 99
wt% of ethylene-propylene copolymer including between
10 wt% and 20 wt% randomly distributed ethylene with a
melt flow rate of between 0.5 and 20,000 g/10 min,
wherein the copolymer is polymerized by a bulk
homogeneous polymerization process, and wherein the
total regio defects in the continuous propylene
segments of the copolymer is between 40 and 150%
greater than a copolymer of equivalent melt flow rate
and wt% ethylene polymerized by a solution
polymerization process. [0089] In one form of the
novel in-line process to produce such blends, the
process includes providing two or more reactor trains
configured in parallel and a high-pressure separator
downstream fluidly connected to the two or more
reactor trains configured in parallel, wherein one or
more of the reactor trains produces polypropylene and
one or more of the reactor trains produces
ethylene-propylene copolymer. In one or more of the
reactor trains configured in parallel 1) propylene, 2)
one or more catalyst systems, and 3) optional one or
more diluents or solvents, are contacted wherein the
polymerization system for at least one of the reactor
trains configured in parallel is at a temperature
above the solid-fluidphase transition temperature, at
a pressure no lower than 10 MPa below the cloud point
pressure and less than 1500 MPa. In the other one or
more reactor trains configured in parallel 1)
propylene, 2) ethylene, 3) optional one or more
comonomers comprising four or more carbon atoms, 4)
one or more catalyst systems, and 5) optional one or
more diluents or solvents, are contacted wherein at
least one of the reactor trains is at a temperature of
between 65C and 1800C and at a pressure no lower than
10 MPa below the cloud point pressure of the
polymerization system and less than 1500 MPa. The
polymerization system for each reactor train is in its
dense fluid state and comprises propylene, any
ethylene present, any comonomer comprising four or
more carbon atoms present, any diluent or solvent
present, and the polymer product. The catalyst system
for each reactor train comprises one or more catalyst
precursors, one or more activators, and optionally,
one or more catalyst supports. In each parallel
reactor train is formed a reactor effluent including a
homogeneous fluid phase polymer-monomer mixture. The
reactor effluents comprising the homogeneous fluid
phase polymermonomer mixture from each parallel
reactor train are combined to form a combined reactor
effluent. The combined reactor effluent is then passed
through the high-pressure separator for product
blending and product-feed separation. In the high
pressure separator, temperature and pressure are
maintained above the solid-fluid phase transition
point but below the cloud point pressure and
temperature to form a fluid-fluid two-phase system
comprising a polymer-rich phase and a monomer-rich
phase. The monomer-rich phase is separated from the
polymer-rich phase to form a polymer-enriched stream
comprising a blend of polypropylene and
ethylene-propylene copolymer and a separated
monomer-rich stream for further processing to further
remove any solvent/diluent and/or monomer to yield a
polypropylene-(ethylene-propylene copolymer) product
blend. [0090] In another form of the novel in-line
process to produce such blends, the process includes
providing two or more reactor trains configured in
paralleland two or more high-pressure separators
fluidly connected to the two or more reactor trains
configured in parallel, wherein one or more of the
reactor trains produces polypropylene and one or more
of the reactor trains produces ethylenepropylene
copolymer. In one or more of the reactor trains
configured in parallel 1) propylene, 2) one or more
catalyst systems, and 3) optional one or more diluents
or solvents, are contacted wherein the polymerization
system for at least one of the reactor trains
configured in parallel is at a temperature above the
solidfluid phase transition temperature, at a pressure
no lower than 10 MPa below the cloud point pressure
and less than 1500 MPa. In the other one or more
reactor trains configured in parallel 1) propylene, 2)
ethylene, 3) optional one or more comonomers
comprising four or more carbon atoms, 4) one or more
catalyst systems, and 4) optional one or more
solvents, are contacted wherein at least one of the
reactor trains is at a temperature of between 65C and
1800C and at a pressure no lower than 10 MPa below the
cloud point pressure of the polymerization system and
less than 1500 MPa. The polymerization system for each
reactor train is in its dense fluid state and
comprises propylene, any ethylene present, any
comonomer comprising four or more carbon atoms
present, any diluent or solvent present, and the
polymer product. The catalyst system for each reactor
train comprises one or more catalyst precursors, one
or more activators, and optionally, one or more
catalyst supports. An unreduced reactor effluent
including a homogenous fluid phase polymer-monomer
mixture is formed in each parallel reactor train and
is passed from one or more but not from all of the
parallel reactor trains through one or more
high-pressure separators. The temperature and pressure
within the one or more high-pressure separators are
maintained above the solid-fluid phase transition
point but below the cloud point pressure and
temperature to form one or more fluid-fluid two-phase
systems with each two-phase system comprising a
polymer-enriched phase and a monomer-rich phase. The
monomer-rich phase is separated from the
polymer-enriched phase in each of the one or more
high-pressure separators to form one or more separated
monomer-rich phases and one or more polymer-enriched
phases. The one ormore polymer-enriched phases from
the one or more high-pressure separators are combined
with the one or more unreduced reactor effluents from
one or more parallel reactor trains to form a mixture
of one or more polymer-enriched phases and the one or
more unreduced reactor effluents from the one or more
parallel reactor trains to form a combined effluent
stream that comprises the polymeric blend components
from all parallel reactor trains. The combined
effluent stream is then passed into another
high-pressure separator for product blending and
product- feed separation where the temperature and
pressure are maintained above the solid-fluid phase
transition point but below the cloud point pressure
and temperature to form a fluid-fluid two-phase system
comprising a polymer-rich blend phase and a
monomer-rich phase. The monomer-rich phase is
separated from the polymer-rich blend phase to form a
polymer-enriched stream comprising a blend of
polypropylene and ethylene-propylene copolymer and a
separated monomer-rich stream. The polymer-enriched
stream is then further processed to further remove any
solvent/diluent and/or monomer to yield a
polypropylene- (ethylene-propylene copolymer) product
blend. [0091] In some embodiments, the polymerization
is carried out in a dense homogeneous supercritical
polymerization system, advantageously, in a dense bulk
homogeneous supercritical polymerization system.
[0092] For producing the novel iPP in-line blend
components, homogeneous propylene polymerization
processes operating in a dense fluid state with
elevated monomer concentrations (more than 2.5, or
more than 3.0, or more than 3.5, or more than 4.0, or
more than 5.0, or more than 10.0 mol/L in the reactor
effluent) and reduced solvent concentrations (70 wt%
or less, or 65 wt% or less, or 60 wt% or less, or 50
wt% or less, or 40wt % or less in the reactor
effluent) at temperatures above 9O0C, or above 950C,
or above 1000C, or above 1050C, or above H O0C and
above 11 MPa, or above 13.8 MPa, or above 34.5 MPa
using 2,4-substituted bridged bisindenyl metallocene
catalysts activated with noncoordinating anion
activators are particularly advantageous due to
thecombination of good reactor stability and the
ability to deliver highly crystalline high MW
isotactic polypropylenes. [0093] The novel copolymer
in-line blend components can be advantageously
produced in a solution or in a homogeneous
supercritical polymerization process. Increased
monomer concentrations are sometimes advantageous
because they afford higher MW/lower MFR products, or
alternatively afford the same MW at higher operating
temperatures, and reduce the inert loads in the
recycle loop thus can reduce the recycle and cooling
costs. When high polymer molecular weight is desired,
the use of bulk homogeneous polymerization processes,
such as bulk solution or bulk supercritical
polymerization is particularly advantageous. [0094]
The above-disclosed in-line blending processes also
comprehend the option for recycling the separated
monomer-rich stream from the separator(s) to the one
or more of the reactor trains producing
ethylene-propylene copolymer, and thus eliminating the
need for separating mixed monomer and optional solvent
streams before recycling them to the appropriate
reactor trains for polymer. [0095] In essence, the
in-line blending processes disclosed herein comprise a
polymerization section and at least one
monomer-polymer separator vessel, called the
separator-blending vessel, or separator blender, or
high-pressure separator. The separator-blending-vessel
serves as both a separator and a blender for the
polymer-containing reactor effluents of the two or
more parallel reactor trains in the reactor bank in
which the two reactor trains employ a dense
homogeneous fluid polymerization system (i.e., defined
as a homogeneous supercritical or a solution
polymerization process). It is also beneficial to the
proper operation of the in-line blending processes
disclosed herein to bring the polymerization system in
each reactor train effluent into a homogeneous state
upstream of the separatorblending vessel. Therefore,
when one or more in-line blending components is/are
produced in a particle-forming polymerization process,
such as, for example bulkpropylene slurry
polymerization with Ziegler-Natta or supported
metallocene catalysts, the so-produced solid polymer
pellets need to be homogeneously dissolved in the
reactor effluent before entering the
separator-blending vessel. This can be accomplished
by, for example, pumping the reactor effluent slurry
into a higher-temperature/higher-pressure dissolution
zone that brings the reactor effluent above the
solid-fluid phase transition temperature creating a
stream in which the reaction product is homogeneously
dissolved. [0096] The methods of fluid phase in-line
polymer blending of iPP and EP copolymer disclosed
herein offer significant advantages relative to prior
art methods of blending these polymers. One or more of
the advantages of the dislosed method of in-line iPP
and EP copolymer blending include, but are not limited
to, improved polymer blend homogeneity because of
molecular-level mixing of blend components, improved
cost of manufacture because of savings from avoidance
of the reprocessing cost associated with conventional
off-line blending processes that start with the
separately produced solid, pelletized polymer blend
components, and because of the ease and simplicity of
blending polymers at substantially reduced viscosities
due to the presence of substantial amounts of monomers
and optionally solvents in the blending step;
flexibility of adjusting blend ratios and therefore
blend properties in-line; flexibility in adjusting
production rates of the blend components; flexibility
in independently controlling for each reactor the
residence time, monomer composition and conversion,
catalyst choice, catalyst concentration, temperature
and pressure; improved blend quality; flexibility in
making a broader slate of iPP and EP copolymer blended
products in the same plant; reduced process cost by
utilizing the monomer-polymer separator(s) for product
blending and, in some embodiments, for product
buffering to allow better control of blend ratio.
[0097] The novel iPP and EP copolymer blends disclosed
herein also yield advantageous properties including
novel defect structures and higher peak
crystallization temperatures for a given peak melting
point, which allows forfaster crystallization upon
cooling during high speed polymer processing, such as
the production. The novel iPP-EP copolymer blends are
also beneficial in applications requiring a
combination of softness and flexibility, for example,
nonwoven fabrics. CONVENTIONAL EP COPOLYMER BLEND
COMPONENT [0098] The EP copolymer blend components may
be conventional in composition and properties, and
made by supercritical, slurry or solution type
process. For a description of conventional EP
copolymers and conventional iPP-EP blends, refer to
U.S. Patent No. 6,642,316 and to S. Datta et al.,
Rubber World 229 (2003) 55, which are included herein
by reference in their entirety. These conventional EP
copolymer components may be in-line blended with
differentiated or novel isotactic polypropylene blend
components using the in-line blending processes
disclosed herein to form novel iPP-EP copolymer
blends. [0099] For a description of catalyst systems
used to produce conventional EP copolymers reference
should be made to the following PCT patent
publications, all of which are included herein by
reference: WO 03/040095, WO 03/040201, WO 03/040202,
WO 03/040233, WO 03/040442, and WO 04/041928. In
addition, a description of conventional random
propylene polymers may be found in WO 03/040095, WO
03/040201, WO 03/040202, WO 03/040233; WO 03/040442,
and WO 04/041928, all of which are included herein by
reference. Moreover, additional catalyst systems that
may be useful herein to produce polymers useful as
random propylene polymers and polymers useful as
random propylene polymers include those described in
Macromolecules , 2002, 35, 5742-5743, US 6,878,790, WO
02/055566 and WO 02/0246247, which are also included
herein by reference. An advantageous EP random
copolymer used in the present invention is described
in detail as the "Second Polymer Component (SPC)" in
co-pending U.S. applications U.S. Ser. No. 60/133,966,
filed May 13, 1999, and U.S. Ser. No. 60/342,854,
filed Jun. 29, 1999, and described in furtherdetail as
the "Propylene Olefin Copolymer" in U.S. Ser. No.
90/346,460, filed JuI. 1, 1999, which are fully
incorporated by reference herein. Random copolymers of
propylene are available commercially under the trade
name Vistamaxx(tm) (ExxonMobil, Baytown TX). Suitable
examples include: Vistamaxx(tm) 6100, Vistamaxx(tm)
6200 and Vistamax(tm) 3000. NOVEL / DIFFERENTIATED EP
COPOLYMER BLEND COMPONENT [00100] Described below is
the composition, process for making, and properties of
novel and differentiated EP copolymer blend components
for use in the in-line produced iPP and EP copolymer
blends disclosed herein. [00101] In one form of the
present disclosure, provided is an advantageous
continuous process to produce a novel or
differentiated ethylene-propylene random copolymer
blend component that includes (a) providing one or
more parallel reactor trains for producing EP
copolymer; (b) contacting in the reactors of the EP
reactor train(s) 1) propylene monomer 2) one or more
catalyst systems, 3) ethylene comonomer, and 4)
optional one or more solvents, wherein the reactor
train is at a temperature of between 65C and 18O0C and
at a pressure no lower than 10 MPa below the cloud
point pressure of the polymerization system and less
than 1500 MPa, wherein the polymerization system for
the EP reactor train(s) is/are in its dense fluid
state and comprises the propylene monomer, the
ethylene comonomer, any solvent present, and the
polymer product, wherein the polymerization system
comprises less than 40 wt% of the optional solvent,
and (c) forming a polymer reactor effluent including a
homogeneous, fluid phase polymer-monomer mixture in
the reactor train; and wherein the resultant copolymer
product comprises between 10 wt% and 20 wt% randomly
distributed ethylene. The one or more catalyst systems
for the reactor train comprise one or more catalyst
precursors, one or more activators, and optionally,
one or more catalyst supports. The one or more
catalyst systems are chosen from Ziegler-Natta
catalysts, metallocene catalysts, nonmetallocene
metal-centered,heteroaryl ligand catalysts, late
transition metal catalysts, and combinations thereof.
[00102] The one reactor or the two or more serially
configured reactors (also referred to herein as a
reactor train) in which the bulk homogenous
polymerization process occurs to produce the EP
copolymer blend component may be chosen from tank
type, loop type, tubular type and combinations
thereof. When utilizing two or more serially
configured reactors, a tubular reactor followed by a
continuous stirred tank reactor or a tubular reactor
followed by a loop reactor may be advantageous. In one
form of the disclosed bulk polymerization processes
for producing EP random copolymer blend components
disclosed herein, the reactor train operates above the
critical or pseudo-critical temperature and critical
or pseudo-critical pressure of the polymerization
system. [00103] In another form, the disclosed
polymerization process for producing EP random
copolymer blend components operate at high monomer
concentrations. Non-limiting exemplary monomer
concentrations are greater than 2.0 mol/L,
advantageously greater than 2.5 mol/L, or greater than
3.0 mol/L, or greater than 5 mol/L in the
polymerization reactor, or in its effluent. Some forms
operate with substantially neat monomer feeds, i.e. a
bulk homogeneous polymerization system. Such bulk
monomer feeds may yield higher monomer concentrations
in the reactor. Non-limiting exemplary monomer
concentrations in the reactor are less than or equal
to 10 mol/L, or less than or equal to 12 mol/L, or
less than or equal to 13 mol/L, or less than or equal
to 14 mol/L, or less than or equal to 15 mol/L, or
less than or equal to 16 mol/L, or less than or equal
to 18 mol/L. Further details of bulk homogeneous
polymerization systems are disclosed in U.S. Patent
Application Nos. 60/876,193 and No. 60/905,247, herein
incorporated by reference in their entirety. [00104]
Non-limiting exemplary process pressures utilized for
making EP random copolymer blend components using the
bulk homogeneouspolymerization process disclosed
herein are from 2 to 40 kpsi (138-2759 bar), or 2 to
15 kpsi (138-1034 bar), or 2 to 20 kspi (138-1379
bar), or 3 to 15 kpsi (207- 1034 bar), or 5 to 15 kpsi
(345-1034 bar). Non-limiting exemplary lower pressure
limits for making the EP random copolymer blend
components disclosed herein are 2, or 3, or 4, or 5,
or 7, or 10 kpsi (138, 207, 276, 345, 483, or 690 bar,
respectively). Non-limiting exemplary upper pressure
limits for making EP random copolymer blend component
are 5, or 7, or 10, or 15, or 20, or 30, or 40 kpsi
(345, 483, 690, 1379, 2069, or 2759 bar,
respectively). [00105] Non-limiting exemplary process
temperature ranges for making the EP random copolymer
blend components disclosed herein are 65 to 1800C, or
65 to 14O0C, or 70 to 1800C, or 75 to 15O0C, or 80 to
1500C, or 80 to 14O0C, or 90 to 1350C, or 100 to
13O0C, or 110 to 1250C. Non-limiting exemplary lower
temperature limits for making the EP random copolymer
blend components disclosed herein are 65, or 70, or
75, or 80, or 85, or 90, or 100, or 11O0C. Nonlimiting
exemplary upper temperature limits for making the EP
random copolymers disclosed herein are 180, or 160, or
150, or 140, or 135, or 130, or 1250C. Noteworthy is
that the process temperature ranges of the bulk
homogenous polymerization process for making EP random
copolymer blend components disclosed herein are
significantly higher than the temperature ranges of
the prior art solution processes, which typically do
not exceed 9O0C. [00106] Non-limiting exemplary
compositions on an ethylene/(ethylene + propylene)
basis (i.e., pure monomer basis) in the feed to the
reactor making the EP random copolymer blend
components disclosed herein range from 2 to 15 wt%, or
2 to 12 wt%, or 3 to 12 wt%, depending on the ethylene
concentration of the desired iPP-EP copolymer product.
Non-limiting exemplary compositions on an
ethylene/(ethylene + propylene) basis, i.e., pure
monomer basis in the effluent of the reactor making
the EP random copolymer blend components disclosed
herein may range from 0.5 to 10 wt%, or 1 to 10 wt%,
or 1 to 8 wt%, or 2 to 8 wt%, depending on the
ethylene concentration of the desired iPP-EP
copolymerblend product. Non-limiting exemplary
propylene conversions in a single pass through the
reactor making the EP random copolymer blend
components disclosed herein may range from 5 to 35%,
or 5 to 30%, or 5 to 25%, or 7 to 25%, or 10 to 25%.
[00107] The ethylene conversion for a given feed
composition and propylene conversion is governed by
the ethylene/propylene reactivity ratio, defined as
the ethylene/propylene molar ratio in the product
divided by the ethylene/propylene molar ratio in the
reactor. The ethylene/propylene reactivity ratio for
the bulk homogeneous polymerization processes for
producing EP random copolymer blend components
disclosed herein may range from 1.3 to 6, or 1.5 to 5,
or 2 to 5, and may be determined by analyzing the
monomer composition of the polymerization system and
the product. The former can be accomplished by
analyzing the reactor content or the reactor feed and
effluent by standard gas chromatographic methods. The
latter can be performed by using 13C nuclear magnetic
resonance (13C NMR) or infrared (IR) spectroscopy, as
described later in the examples. [00108] The bulk
homogeneous polymerization processes for producing EP
random copolymer blend components disclosed herein
produce one or more advantages relative to the prior
art solution processes. For example, prior art
solution processes typically utilize 60 wt% or more,
or 70 wt% or more, or 80 wt% or more inert solvent to
keep the product polymer in a homogeneous dissolved
state, to absorb reaction heat, and to keep viscosity
low. However, such high inert solvent concentrations
utilized in solution processes lower the monomer
concentration in the reactor to less than 2.0 mol/L,
or less than 1.5 mol/L, or less than 1.0 mol/L, or
even less than 0.5 mol/L in the reactor and/or in its
effluent. The lower monomer concentration in turn
necessitates lowering the reactor temperature to
deliver the desired product molecular weight required
to achieve the desired melt flow rate related to melt
viscosity. As mentioned before, maintaining lower
reactor temperatures requires higher refrigeration
capacity,which increases both the capital investment
and the operation cost. In contrast, the disclosed
bulk homogeneous polymerization processes for
producing EP random copolymer blend components operate
with high monomer concentrations (combined propylene
monomer and ethylene comonomer), for example, greater
than 2.0 mol/L, advantageously greater than 2.5 mol/L,
or 3.0 mol/L, or 5.0 mol/L, or 8.0 or 10. 0 mol/L in
the polymerization reactor, and/or in its effluent.
The combined propylene monomer and ethylene comonomer
present in the combined feed to the reactor may be 40,
or 50, or 60, or 75 wt% or more. These higher monomer
concentrations in the polymerization reactor enables
the production of EP random copolymer blend component
at increased reactor temperatures allowing the
reduction of capital investment and operation cost for
the process. [00109] The bulk homogeneous
polymerization processes for producing EP random
copolymer blend components disclosed herein operate
with a bulk homogeneous polymerization system, such as
bulk solution polymerization and bulk homogeneous
supercritical polymerization. These processes
substantially utilize the monomer as a solvent in
order to keep the polymer in a homogeneous dissolved
state, to reduce viscosity, and to absorb the heat of
reaction. For the bulk homogeneous polymerization
processes for producing EP random copolymer blend
components disclosed herein, the reactor system may
have monomer concentrations (propylene and ethylene)
of less than or equal to 12 mol/L, or less than or
equal to 13 mol/L, or less than or equal to 14 mol/L,
or less than or equal to 15 mol/L, or less than or
equal to 16 mol/L, or less than or equal to 18 mol/L.
Small quantities of inert solvents/diluents may also
be optionally present, but are advantageously a
minority component in the reactor feed, and thus in
the reactor. Hence, the total combined concentration
of inert solvents for the bulk homogeneous
polymerization processes for producing EP random
copolymer blend components disclosed herein is
typically is less than 60%, or less than 50%,or less
than 40%, or less than 30%, or less than 25%, or less
than 20%, or less than 15%, or less than 10% on a
weight basis. [00110] Some inert solvent components
having more than three carbon atoms may be added
intentionally to the disclosed processes to function
as solvent aids in small concentrations, but
advantageously the disclosed processes use no such
inert solvent in order to function as a solvent in the
polymerization system. Inert solvents/diluents,
however, may be present in the polymerization system
disclosed herein due to build-up of inert components,
like propane and ethane, present in the monomer feed.
Such inert solvents/diluents may also originate from
the catalyst feed solution. As it will be appreciated
by those skilled in the art, these components are
present in the polymerization system fortuitously,
i.e., as an unavoidable component of a feed stream but
not with the intent of using their polymer solvating
properties in the reactor itself. Advantageously, the
concentration of inert solvents having more than three
carbon atoms typically used as solvents in the bulk
homogeneous polymerization processes for producing EP
random copolymer blend component disclosed herein is
less than 40 wt%, or less than 30 wt%, or less than 20
wt%, or 15 wt% , or less than 10 wt%, or less than 5
wt%, or less than 2 wt%, or less than 1 wt%, or less
than 0.5 wt%, or less than 0.1 wt%, or less than 0.01
wt% (also defined as substantially free of inert
solvent) in the combined reactor feed (i.e., the total
of fresh and recycle feed), or in the polymerization
system in the reactor, or in the polymerization system
leaving the reactor. Advantageously, the disclosed
bulk homogeneous polymerization processes for
producing EP random copolymer blend components
disclosed herein operate in a polymerization system
that is substantially free of inert solvents/diluents
having more than three carbon atoms, thus operate
without a dedicated solvent recycle and handling loop,
which reduces plant capital investment and operating
costs. [00111] The higher monomer concentrations
provided by the bulk homogeneous polymerization
processes for producing EP random copolymerblend
components disclosed herein also advantageously
provides for increased molecular weight of the EP
random copolymer component at otherwise similar
reactor conditions. In such embodiments, the reaction
conditions are similar to those used in the prior art
solution processes, but the products are of higher
molecular weight affording lower melt flow rates while
making EP copolymers with the same ethylene content.
[00112] In yet other embodiments, the disclosed bulk
homogeneous polymerization processes for making random
EP copolymer blend components with 10 to 20 wt%
ethylene content are operated at 15 to 3O0C, or 20 to
300C, or 25 to 3O0C higher polymerization temperatures
than the prior art solution process for producing EP
copolymers with the same ethylene concentration and
melt flow rate (MFR). The higher operating temperature
also creates a novel combination of ethylene
concentration, melt flow rate, and polymer
microstructure as determined by the total regio defect
concentration in the continuous propylene segments
measured by 13C NMR. The bulk homogeneous
polymerization processes for producing EP random
copolymer blend components disclosed herein typically
yield EP random copolymers with a 40 to 150% or 40 to
100% higher total regio defect concentration in the
continuous propylene segments than the total regio
defect concentration found in random EP copolymers of
comparable ethylene content and melt flow rate made in
prior art solution processes. [00113] The combination
of higher monomer concentration and higher operating
temperatures provided by the disclosed bulk
homogeneous polymerization processes, also provide
significant increases in catalytic activity. In
particular, catalytic activities for the disclosed
bulk homogeneous polymerization processes, measured in
turnover frequency (TOF), expressed as mole of
monomers converted per mol catalytic metal per second,
are 2 to 20 times, or 5 to 20 times, or 2 to 10 times
or 3 to 10 times higher than prior art solution
processes producing EP random copolymers with
comparable ethyleneconcentration and melt flow rate.
The higher catalytic activities of the disclosed bulk
homogeneous polymerization processes in turn allows
for smaller reactors, i.e., lower residence times,
and/or lower catalyst concentrations and thus lower
catalyst costs for making products with comparable
ethylene concentration and melt flow rate. The optimum
combination of reduction in reactor volume and/or
reduction in catalyst usage may be determined by
standard chemical engineering techniques. [00114]
Non-limiting exemplary reactor residence times for the
disclosed bulk homogeneous polymerization processes
are from 2 to 30 minutes, or 2 to 20 minutes, or 2 to
15 minutes, or 4 to 15 min, or 4 to 10 min. This
reduced residence time also allows for a reduction in
reactor size. Alternatively, or in combination
thereof, the catalyst cost can be reduced by lowering
the catalyst usage per unit polymer production with
the disclosed bulk homogeneous polymerization
processes. [00115] In addition to propylene monomer
and ethylene comonomer feeds to the reactor system,
other comonomers may also be optionally fed to the
reactors. Non-limiting exemplary optional comonomers
include butene-1, pentene-1, hexene-1, octene-1,
decene-1, dodecene-1, and combinations thereof. These
optional comonomers may be incorporated into the EP
copolymer blend component at from 0.5 to 10 mol%, or
from 0.5 to 8 mol%, or 1 to 5 mol%. This allows for
ethylene-propylene terpolymer products to be produced.
[00116] In another form of the present disclosure,
provided are advantageous random ethylene-propylene
copolymer blend components comprising between 10 wt%
and 20 wt% randomly distributed ethylene with a melt
flow rate of between 0.5 and 20,000 g/10 min, wherein
the copolymer is polymerized by a bulk homogeneous
polymerization process, and wherein the total regio
defects in the continuous propylene segments of the
copolymer is between 40 and 150% greaterthan a
copolymer of equivalent melt flow rate and wt%
ethylene polymerized by a solution polymerization
process. [00117] The bulk homogeneous polymerization
processes for producing EP random copolymer blend
components disclosed herein may produce copolymers
with ethylene contents as measured by 13C NMR or IR
methods (described in detail in the examples) ranging
from 10 to 20 wt%, or 10 to 18 wt%, or 10 to 16 wt%.
The bulk homogeneous polymerization processes for
producing EP random copolymer blend components
disclosed herein may produce copolymers with melt flow
rates as measured by ASTM D1238 or ISO 1133 methods
ranging from 0.5 to 20,000 g/10 min, or 0.5 to 5,000
g/10 min, or 1.0 to 2,000 g/10 min, or 1.0 to 1500
g/10 min. The total regio defect concentration in the
continuous propylene segments of the EP random
copolymer blend components produced using the bulk
homogeneous polymerization process disclosed herein
may be greater than 0.50 mol%, or greater than 0.55
mol%, or greater than 0.60 mol%, or greater than 0.65
mol%, or greater than 0.70 mol%. The analytical method
for measuring the regio defect concentration is by 13C
NMR as described in the examples in detail. As
previously described, the EP random copolymer blend
components disclosed herein may have a total regio
defect concentration in the continuous propylene
segments which is 40 to 150% higher, or 40 to 100%
higher than the total regio defect concentration of EP
copolymers of comparable ethylene content and melt
flow rate produced in prior art solution processes.
When measurable amount of crystallinity is present in
the random EP copolymers made by the disclosed
processes, their melting peak temperature as measured
by differential scanning calorimetry or DSC (for the
details of the DSC method see examples) may range from
35 to 8O0C, or 40 to 7O0C, or 45 to 600C. When an
optional comonomer chosen from butene-1, pentene-1,
hexene-1, octene-1, decene-1, dodecene-1 and
combinations thereof are added to the reactor feed
stream, a propylene based random terpolymer product
may be formed.[00118] The detailed description below
sets forth the details of the bulk homogenous
polymerization processes (bulk homogeneous
supercritical process and bulk solution process) where
the processes and reactors previously described for
producing the novel EP random copolymer blend
components disclosed herein are utilized. The
advantageous processes for producing the EP random
copolymer blend components disclosed herein include
reactors that operate with a bulk homogeneous dense
fluid phase. Polymerization processes that operate in
a homogenous dense fluid phase use either inert
solvents or the monomers or their mixtures as a
solvent in their liquid or supercritical state. Hence,
the one or more reactors disclosed herein operate with
polymerization systems in their homogeneous
supercritical or in their liquid state. The bulk
polymerization processes disclosed herein also operate
with less than 40%, or less than 30%, or less than 20
wt % or less than 10 wt % or less than 5 wt % of inert
solvent present in the reactor, and in some
embodiments, with less than 1 wt % of inert solvent.
In one embodiment of the disclosed process, the
reactors operate at bulk homogeneous supercritical
conditions as has been disclosed in U.S. Patent
Application Nos. 11/433,889 and 11/177,004, herein
incorporated by reference in their entirety. Novel /
Differentiated EP Copolymer Homogeneous Polymerization
Process Details: [00119] In one or more embodiments
for producing the novel EP copolymer blend components,
the process includes contacting, in a polymerization
system, a propylene monomer, an ethylene comonomer
with a catalyst, an activator, optional other
comonomer (advantageously butene-1, hexene-1, or
octene-1, or decene-1, or dodecene-1, or combinations
thereof), and optionally inert solvent, at a
temperature at or above 650C, or 700C, or 750C, or
8O0C, or 850C, or 9O0C, or 1000C, or 11O0C, and at a
pressure above 1.5 kpsi (103 bar, 10.3 MPa), or above
2 kpsi (138 bar, 13.8 MPa), or above 5 kpsi (345 bar,
34.5 MPa), or above 10 kpsi(690 bar, 69 MPa). The
polymerization takes place in a bulk homogeneous
polymerization system within the reactor. [00120] In
one or more embodiments, the density of the
polymerization system is about 0.3 g/mL or more. In
one or more embodiments, the density of the
polymerization system is about 0.4 g/mL or more. In
one or more embodiments, the density of the
polymerization system is about 0.5 g/mL or more. In
one or more embodiments, the density of the
polymerization system is about 0.6 g/mL or more. In
one or more embodiments, the density of the
polymerization system is of from 0.3 g/mL to 0.75 g/mL
or from 0.30 to 0.70 g/mL. [00121] In one or more
embodiments, the steady state polymer yield (i.e.,
conversion of monomer to polymer product) per pass is
at least 5 wt% of the total combined monomer fed to
the reactor. In one or more embodiments, the
conversion of monomer to polymer product in a single
pass is at least 10 wt% of the monomer. In one or more
embodiments, the conversion of monomer to polymer
product in a single pass is at least 20 wt% of the
monomer. In one or more embodiments, the conversion of
monomer to polymer product in a single pass is at
least 30 wt% of the monomer. In one or more
embodiments, the conversion of monomer to polymer
product in a single pass is at least 40 wt% of the
monomer. In one or more embodiments, the conversion of
monomer to polymer product in a single pass is at
least 50 wt% of the monomer. In one or more
embodiments, the conversion of monomer to polymer
product in a single pass is at least 60 wt% of the
monomer. In one or more embodiments, the conversion of
monomer to polymer product in a single pass is at
least 70 wt% of the total combined monomer fed to the
reactor. [00122] In one or more embodiments, the
polymerization conditions are sufficient to keep the
polymer product dissolved in the monomers present in
the liquid state (i.e., "bulk solution
polymerization")- In one or more embodiments,the
polymerization conditions are sufficient to keep the
polymer product dissolved in the monomers present in
the dense supercritical fluid state (i.e., "bulk
supercritical polymerization"). In one or more
embodiments, the polymerization conditions are
sufficient to form a single homogeneous dense fluid
polymerization system comprising the monomers and less
than 40 wt% inert solvent (i.e., bulk homogeneous
supercritical or bulk homogeneous solution
polymerization). In one or more embodiments, the
critical or pseudo-critical temperature and pressure
of the reactor blends are different from the critical
values of the pure components, and thus supercritical
operations at temperatures lower than the critical
temperature of one or more of the pure monomers (e.g.,
92C for propylene) are possible. In one or more
embodiments, near-amorphous materials with low melting
points as well as amorphous materials can be produced
without fouling even below the critical temperature of
the reactor blends, i.e., at temperatures that
correspond to the condensed liquid state of the
polymerization system in the reactor. In these
instances, the operating temperature can be below the
bubblepoint of the reaction mixture and thus the
reactor can operate at what is often referred to as
liquid-filled conditions. In some instances, such
operation mode could be desired to achieve high
molecular weight (MW) and thus low melt flow rate
(MFR), particularly in the manufacture of the EP
random copolymers disclosed herein. [00123] In one or
more embodiments, the reaction temperature and
pressure can be selected so that the polymerization
system remains at a pressure below the polymer's cloud
point in the particular polymerization system,
resulting in a twophase polymerization system
comprising a polymer-rich phase and a polymer-lean
phase. Some embodiments that are below the polymer's
cloud point nonetheless operate above the polymer's
crystallization temperature. [00124] In one or more
embodiments, the polymerization temperature is above
the cloud point of the polymerization system at the
reactor pressure. Moreadvantageously, the temperature
is 2C or more above the cloud point of the
polymerization system at the reactor pressure. [00125]
Non-limiting exemplary process temperature ranges for
making the novel EP random copolymers disclosed herein
are 65 to 18O0C, or 65 to 14O0C, or 70 to 18O0C, or 75
to 15O0C, or 80 to 15O0C, or 80 to 14O0C or 90 to
1350C, or 100 to 13O0C, or 110 to 1250C. Non-limiting
exemplary lower temperature limits for making the EP
random copolymers disclosed herein are 65, or 70, or
75, or 80, or 85, or 9O0C, or 1000C, or H O0C .
Non-limiting exemplary upper temperature limits for
making the EP random copolymers disclosed herein are
180, or 160, or 150, or 140, or 135, or 130, or 1250C.
[00126] In another embodiment, the temperature is
between 65 and 1800C, between 65 and 1400C, between 70
and 1800C, between 75 and 1500C, between 80 and 1500C,
or between 80 and 1400C. In another embodiment, the
temperature is at or above 65, or 70, or 75, or 80, or
85, or 9O0C, or 1000C, or H O0C. In another
embodiment, the temperature is at or below 180, or
160, or 150, or 140, or 135, or 130, or 1250C, In one
or more embodiments, the polymerization temperature is
from 65C to 1800C. In one or more embodiments, the
polymerization temperature is about 700C to about
1800C. In one or more embodiments, the polymerization
temperature is 75C to 1500C. In one or more
embodiments, the polymerization temperature is about
400C to about 1050C. In one or more embodiments, the
polymerization temperature is 800C to 1500C. In one or
more embodiments, the polymerization temperature is
800C to 1400C. [00127] In one or more embodiments, the
polymerization temperature is above the fluid-solid
phase transition temperature (sometimes referred to as
crystallization temperature) of the polymerization
system at the reactor pressure. Advantageously, the
temperature is at least 20C or at least 50C above the
fluidsolid phase transition temperature of the
polymerization system at the reactor pressure. More
advantageously, the temperature is at least 100C above
the fluidsolid phase transformation point of the
polymerization system at the reactor pressure. [00128]
In one or more embodiments, the polymerization
pressure is above the fluid-fluid phase transition
pressure of the polymerization system at the reactor
temperature, i.e., the reactor operates with a
homogeneous dense fluid polymerization system. In one
or more embodiments, the polymerization pressure is no
lower than 10 MPa (100 bar) below, or no lower than 5
MPa (50 bar) below, or no lower than 2 MPa (20 bar)
below, or no lower than 1MPa (10 bar) below, or no
lower than 0.1 MPa ( 1 bar) below, or no lower than
0.01 MPa (0.1 bar) below the cloud point of the
polymerization system at the reactor temperature.
Novel / Differentiated EP Copolymer Blend Component
Monomer and Comonomers : [00129] Propylene monomer and
ethylene comonomer are fed to the reactor(s) of the
bulk homogeneous polymerization processes disclosed
herein. The propylene monomer may have a purity of
greater than 99 wt%, or greater than 99.5 wt% or
greater than 99.9 wt%. The ethylene comonomer may have
a purity of greater than 99 wt%, or greater than 99.5
wt% or greater than 99.9 wt%. [00130] In one or more
embodiments, one or more optional comonomers, in
addition to the ethylene comonomer, may be fed to the
reactor. For example, C4 to Ci2 aliphatic olefins,
such as butenes, pentenes, hexenes, heptenes, octenes,
nonenes, decenes, undecenes, and dodecenes, or
aromatic-group-containing comonomers containing up to
30 carbon atoms can be used. Suitable
aromatic-group-containing comonomers comprise at least
one aromatic structure, advantageously from one to
three, more advantageously a phenyl, indenyl,
fluorenyl, or naphthyl moiety. The
aromatic-group-containing comonomer further comprises
at least one polymerizable double bond such that after
polymerization, the aromatic structure will be pendant
from the polymer backbone. The aromaticgroup-
containing comonomer can further be substituted with
one or morehydrocarbyl groups including but not
limited to Ci to Ci0 alkyl groups. Additionally two
adjacent substitutions can be joined to form a ring
structure. Advantageous aromatic-group-containing
comonomers contain at least one aromatic structure
appended to a polymerizable olefinic moiety.
Particularly advantageous aromatic comonomers include
styrene, alpha-methylstyrene, paraalkylstyrenes,
vinyltoluenes, vinylnaphthalene, allyl benzene, and
indene, especially styrene, paramethyl styrene,
4-phenyl-butene-l and alkylbenzene. [00131] In one or
more embodiments, non-aromatic cyclic group containing
comonomers can be used. These comonomers can contain
up to 30 carbon atoms. Suitable non-aromatic cyclic
group containing monomers advantageously have at least
one polymerizable olefinic group that is either
pendant on the cyclic structure or is part of the
cyclic structure. The cyclic structure can also be
further substituted by one or more hydrocarbyl groups
such as, but not limited to, Ci to Cio alkyl groups.
Advantageous non-aromatic cyclic group containing
comonomers include vinylcyclohexane, vinylcyclohexene,
vinylnorbornene, ethylidene norbornene,
cyclopentadiene, cyclopentene, cyclohexene,
cyclobutene, vinyladamantad the like. [00132] In one
or more embodiments, diolefin comonomer(s) can be
used. Advantageous diolefin comonomers include any
hydrocarbon structure, advantageously C to C30, having
at least two unsaturated bonds, wherein at least two
of the unsaturated bonds are readily incorporated into
a polymer by either a stereospecific or a
non-stereospecific catalyst(s). It is further
advantageous that the diolefin monomers be selected
from alpha-omega diene comonomers (i.e. di-vinyl
monomers). More advantageously, the diolefin
comonomers are linear di-vinyl monomers, most
advantageously those containing from 4 to 30 carbon
atoms. Examples of advantageous dienes include
butadiene, pentadiene, hexadiene, heptadiene,
octadiene, nonadiene, decadiene, undecadiene, 



dodecadiene, tridecadiene, tetradecadiene,
pentadecadiene, hexadecadiene, heptadecadiene,
octadecadiene, nonadecadiene, icosadiene,
heneicosadiene,docosadiene, tricosadiene,
tetracosadiene, pentacosadiene, hexacosadiene,
heptacosadiene, octacosadiene, nonacosadiene,
triacontadiene, particularly advantageous dienes
include 1,6-heptadiene, 1,7-octadiene, 1,8-nonadiene,
1,9-decadiene, 1,10-undecadiene, 1,1 1-dodecadiene,
1,12-tridecadiene, 1,13-tetradecadiene, and low
molecular weight polybutadienes (weight-averaged
molecular weight, Mw, less than 1000 g/mol).
Advantageous cyclic dienes include cyclopentadiene,
vinylnorbornene, norbornadiene, ethylidene norbornene,
divinylbenzene, dicyclopentadiene or higher ring
containing diolefins with or without substituents at
various ring positions. Novel / Differentiated EP
Copolymer Blend Component Composition: [00133] In an
advantageous embodiment, the process described can be
used to produce novel and differentiated random
ethylene-propylene copolymer blend component with an
ethylene content ranging from 10 to 20 wt%.
Advantageous polymers produced herein also include
terpolymers of ethylene, propylene and one or more of
the optional comonomers previously described. In
another embodiment the polymer is a copolymer
comprising propylene and ethylene, and the copolymer
comprises less than or equal to 20 wt% ethylene, less
than or equal to 18 wt% ethylene, less than or equal
to 16 wt% ethylene, or less than or equal to 14 wt%
ethylene, or less than or equal to 12 wt% ethylene. In
another embodiment, the polymer is an
ethylene-propylene random terpolymer comprising
propylene and ethylene and one or more of any of the
comonomers listed above. [00134] In another
embodiment, the ethylene-propylene copolymer blend
component produced herein is a terpolymer of
propylene, ethylene and one or more C2 or C4 to C2o
linear, branched or cyclic monomers, advantageously
one or more C2 or C to Ci2 linear, branched or cyclic
alpha-olefins. Advantageously, the terpolymer produced
herein is a terpolymer of propylene, ethylene and one
or more of butene, pentene, hexene, heptene, octene,
nonene, decene, undecene, dodecene,
4-methyl-pentene-l, 3-methyl-pentene-l, and
3,5,5-trimethyl-hexene-l.[00135] In another
advantageous embodiment, the ethylene-propylene
copolymer blend component produced herein can be a
terpolymer of ethylene, propylene and one or more
linear or branched C4 to C30 prochiral alpha-olefin or
C5 to C30 ring-containing olefins or combinations
thereof capable of being polymerized by either
stereospecific and non-stereospecific catalysts.
Prochiral, as used herein, refers to monomers that
favor the formation of isotactic or syndiotactic
polymer when polymerized using stereospecific
catalysts. [00136] In another embodiment, the
ethylene-propylene copolymer blend component comprises
propylene present at from 70 to 90 wt%, or 80 to 90
wt%, or 82 to 90 wt%, and ethylene present at from 10
to 20 wt%, or 10 to 18 wt%, or 10 to 16 wt%, and an
optional comonomer present at from 0.5 to 10 wt%, or
from 0.5 to 8 wt%, or 1 to 5 wt%. CONVENTIONAL
ISOTACTIC POLYPROPYLENE BLEND COMPONENT [00137] The
isotactic polypropylene blend components may be
conventional in composition, and made by gas phase,
slurry, or solution type process and commercially
available from virtually all large petrochemical
corporations, like ExxonMobil Chemical Co., Basell,
Novatec, Formosa, etc., under various trade names,
such as Achieve, Metocene, etc. For a comprehensive
description of conventional isotactic polypropylenes,
refer to the PROPYLENE HANDBOOK, E.P. Moore, Ed.,
Hanser, New York, 1996. Off-line-produced conventional
polypropylenes may be in-line blended after dissolving
them in proper solvents, such as C6 to Cio
hydrocarbons. However, due to the difficulty of such
processes, in-line production of polypropylenes in
homogeneous polymerization processes, such as solution
or homogeneous supercritical polymerization is
advantageous. Of these homogeneous processes,
conventional solution processes operating with low
propylene concentration (typically less than 2.0 mol/L
or less than 1.5 mol/L, or less than 1.0 mol/L, or
less than 0.5 mol/L in the reactor effluent) tend to
make lower molecular weight conventional
polypropylenes (see comparative examplesdisclosed
herein). These conventional isotactic polypropylene
components may be in-line blended with novel
differentiated or novel EP copolymer blend components
using the in-line blending processes disclosed herein
to form novel iPP-EP copolymer blends. NOVEL /
DIFFERENTIATED ISOTACTIC PP BLEND COMPONENT [00138]
Described below is the composition, process for
making, and properties of novel differentiated
isotactic polypropylene blend components for use in
the in-line produced iPP and EP copolymer blends
disclosed herein. [00139] The novel isotactic
polypropylene (iPP) blend component advantageously has
a weight-average molecular weight (Mw) of 35,000 g/mol
or more. In one or more embodiment, the Mw can be
50,000 g/mol or more; 75,000 g/mol or more; 100,000
g/mol or more; 125,000 g/mol or more; 150,000 g/mol or
more; 200,000 g/mol or more; or 500,000 g/mol or more.
The propylene homopolymer advantageously has an Mw
ranging from about 35,000 to 1,000,000; alternately
from 50,000 to 1,000,000; alternately from 75,000 to
750,000; alternately from 100,000 to 400,000 g/mol.
Weight average molecular weights (Mw) are determined
using Gel-Permeation Chromatography (GPC), as
described in more detail below. [00140] The propylene
homopolymer advantageously has a peak melting point,
also referred as peak melting temperature, or melting
peak temperature (Tmp) of 149C or more, advantageously
1500C or more, advantageously 151C or more, or 152C or
more, or 153C or more, or 154C or more, or 155C or
more. In one or more embodiments, the peak melting
temperature can range from about 149C to about 1700C,
or from 1500C to about 1700C, or from 151C to about
165C, or from 1520C to 1650C. Peak melting temperature
(Tmp) is determined using Differential Scanning
Calorimetry (DSC), as described in more detail
below.[00141] In one or more embodiments, the
homopolymer described herein has a peak melting
temperature minus peak crystallization temperature
(Tmp-Tcp) of less than or equal to (0.907 times Tmp)
minus 99.640C (or expressed by the formula of Tmp-Tcp
< (0.907xTmp) - 99.64C), as measured on the
homopolymer having 0 wt% nucleating agent,
advantageously Tmp-Tcp < (0.907xTmp) - 100.140C, more
advantageously Tmp-Tcp < (0.907xTmp) - 100.640C. In
the current disclosure, the difference between the
melting and crystallization peak temperatures (Tmp -
Tcp) as measured by DSC will be also referred to as
supercooling temperature and will be expressed in 0C.
[00142] In one or more embodiments, the propylene
homopolymer advantageously has more than 15 and less
than 100 regio defects (defined as the sum of
2,1-erythro, 2,1-threo insertion, and
3,1-isomerization) per 10,000 propylene units and mmmm
pentad fraction of at least 0.85, alternately more
than 17 and less than 100 defects per 10,000 propylene
units, alternately more than 20 or 30 or 40, but less
than 95 regio defects per 10,000 propylene units. The
regio defects are determined using 13C NMR
spectroscopy as described below. [00143] The propylene
homopolymer advantageously has a heat of fusion (DHf)
of 80 J/g or more, or 90 J/g or more, or 100 J/g or
more, or 110 J/g or more, or 120 J/g or more. Heat of
fusion (Hf, or DHf) is determined by using
Differential Scanning Calorimetry (DSC), as described
in iriore detail below. [00144] The disclosed
propylene homopolymers have little or extremely low
inorganic residues typically originating from the
catalyst systems (i.e., from the catalyst precursors,
activators, and optional supports) and the optional
scavengers, such as, for example, alkyl aluminum
compounds, or methyl aluminoxane (MAO), etc. In some
embodiments, the polymer product has less than 1 wt%
silica, or less than 0.1 wt% silica, or less than 100
wt ppm silica, or less than 10 wt ppm silica. In other
embodiments, the polymer product contains less than
less than 100 wt ppm Group-4 transition metal, or less
than 10 wt ppm Group-4 metal.In a preferred
embodiment, the disclosed homopolymers have a combined
Group-4 transition metal (e.g., Ti, Zr, or Hf) and
aluminum content of 100 wt ppm or less, or 50 wt ppm
or less, or 10 weight ppm or less. [00145] The
disclosed propylene homopolymers have narrow molecular
weight distribution (MWD) expressed as the ratio of
the number and weight average molecular weights
(Mw/Mn, measured by GPC with DRI detector) of 1.2 to
5, or 1.5 to 4, or 1.8 to 3.5 or 1.8 to 3, or 1.8 to
2.5. Advantageously, the Mw/Mn is greater than 1 and
less than or equal to 5. [00146] The propylene
homopolymer advantageously has a melt viscosity of
less than 10,000 centipoises (cps) at 1800C as
measured on a Brookfield viscometer, advantageously
between 1000 to 3000 cps for some embodiments (such as
packaging and adhesives) and advantageously between
5,000 and 10,000 for other applications. [00147] The
disclosed propylene homopolymers have a melt flow rate
(MFR, ASTM D1238 at 2300C / 2.16 kg) of 20,000 g/min
or less, or 15,000 g/10 min or less, or 0.1 to 20,000,
or 0.1, to 15,000, or 0.1 to 10,000, or 0.1 to 5,000,
or 1 to 20,000, or 1 to 10,000, or 1 to 5,000, or 10
to 5,000, or 1 to 500, or 10 to 500 g/10 min. [00148]
The propylene homopolymer described herein
advantageously has a crystallization half time
(Tc-half), as measured by differential scanning
calorimetry (DSC), in the absence of any nucleating
agents (e.g. 0 wt%), at 1260C of 12.0 minutes or less,
preferably 12.0 to 3.9 minutes, preferably 11.5 - to
3.4 minutes, preferably 11.0 to 2.9 minutes, more
preferably 10.5 to 2.4 minutes. Novel / Differentiated
iPP Homogeneous Polymerization Process Details:
[00149] In one or more embodiments, the process to
produce polypropylene described herein includes
contacting propylene, in a polymerization system, with
one or more catalyst systems, at a temperature above
9O0C and at a pressure above12 MPa. The polymerization
advantageously takes place in a homogeneous
polymerization system within a continuous
polymerization reactor. In one or more embodiments,
about 40 wt% or more propylene monomer, based on total
weight of propylene monomer and optional inert solvent
and/or inert diluent, and up to about 60 wt% inert
solvent, based on total weight of propylene monomer
and optional inert solvent and inert diluent, is fed
into a polymerization reactor. Advantageously, about
28 wt% or more propylene monomer, based on total
weight of the polymerization system, is present in the
reactor effluent at steady state conditions. In one or
more embodiments above or elsewhere herein, the
monomer feed to the process can include one or more
diluents. Scavengers and co-catalysts can also be
included in the reactor feed. [00150] In one or more
embodiments, the monomer feed can contain 40 wt% or
more, 45 wt% or more, or 50 wt% or more, 55 wt% or
more, or 60 wt% or more, or 65 wt% or more, or 70 wt%
or more, or 75 wt% or more, or 80 wt% or more, or 85
wt% or more, or 90 wt% or more propylene, based on
total weight of propylene and optional inert solvents
and/or inert diluents entering the reactor. In one or
more embodiments, the monomer feed can contain monomer
ranging from about 40 wt% to about 85 wt%, based on
total weight of propylene and optional inert solvents
and/or inert diluents entering the reactor. In one or
more embodiments, the monomer feed can contain monomer
ranging from about 40 wt% to about 75 wt%, based on
total weight of monomer and optional inert solvents
and/or inert diluents entering the reactor. In one or
more embodiments, the monomer feed can contain
propylene ranging from about 40 wt% to about 65 wt%,
based on total weight of monomer and optional inert
solvents and/or inert diluents entering the reactor.
[00151] In one or more embodiments, the polymerization
system contains up to 60 wt% inert solvent. In one or
more embodiments, the polymerization system contains
more than 35 wt% and less than 60 wt% inert solvent or
more than 35 and less than 65 wt% inert solvent, or
more than 35 and less than 70 wt% inertsolvent. In one
or more embodiments, the polymerization system
contains of from 40 wt% to 60 wt% inert solvent. In
one or more embodiments, the inert solvent content of
the polymerization system can range from a low of
about 40 wt%, 45 wt%, or 50 wt%, or 60 wt%, or 65 wt%
to a high of about 65 wt%. The inert solvent typically
comprises hydrocarbons containing from 4 to 100 carbon
atoms, advantageously from 4 to 8 carbon atoms. In
certain embodiments, the inert solvent is or includes
hexane isomers. [00152] Not wishing to be bound by
theory, it is believed that the high concentration of
propylene increases the molecular weight of the
product or allows higher-temperature operations while
making the same polymer grade, thus enabling the
production of polymer grades otherwise inaccessible,
or reduces the cost of monomer recycle and reactor
cooling. Increased concentration of solvents, on the
other hand, depresses the cloud point of the
polymerization system allowing homogeneous reactor
operations at lower pressures, which in turn reduces
the investment and compression costs. Therefore, there
is an optimum monomer/solvent concentration for
achieving the lowest production cost of a given
polypropylene grade at a given location and at a given
time. This optimum depends on many factors, among
other things, on the cost of reactor construction, the
cost of energy and cooling, etc. The optimum solvent
composition and concentration for any given product
slate and location can be determined by standard
methods known in the art of chemical engineering.
[00153] In one or more embodiments, the density of the
polymerization system is about 0.3 g/mL or more, or
about 0.4 g/mL or more, or about 0.5 g/mL or more, or
about 0.6 g/mL or more. [00154] In one or more
embodiments, the steady state polymer yield (i.e.
conversion of propylene monomer to polymer product in
a single pass through the reactor is at least 5 wt% of
the propylene monomer fed to the reactor. In one or
more embodiments, the conversion of propylene monomer
to polymer product ina single pass through the reactor
is at least 10%. In one or more embodiments, the
conversion of propylene monomer to polymer product in
a single pass through the reactor is at least 20%, or
at least 30%, or at least 40% but less than 90%, or
less than 80%, or less than 70% in a single pass
through the reactor. [00155] In one or more
embodiments, the polymerization conditions are
sufficient to maintain the polymerization system in a
single, homogeneous fluid state. For example, the
minimum reaction temperature and pressure can be
selected so that the polymer produced, and the
polymerization system that solvates it, remain single
phase, i.e. above the polymerization system's cloud
point and above its solid-fluid phase transition
temperature and pressure with that polymer. Also,
lower temperatures generally favor higher
crystallinity and higher molecular weight, which are
often key product attributes to meet. Furthermore, for
homogeneous polymerization processes, the lower limits
of reaction temperature can also be determined by the
solid-fluid phase transition temperature. Reactors
operated below the solid-fluid phase transition
temperature of the reaction mixture can lead to
operation problems due to fouling. For the production
of highly crystalline polypropylenes (melting peak
temperatures >150C) in homogeneous polymerization
processes, the minimum operating temperature is about
93 to 1000C. The application of certain inert solvents
can further reduce the minimum operation temperature
of the fouling-free operation regime, although the
substantial presence of inert solvents can reduce
polymerization rate, product molecular weight, and can
depress the melting peak temperature. The upper limit
for temperature can be determined by the product
properties that are strongly influenced by the
reaction temperature. Since often polymers with higher
molecular weights and/or higher melting temperatures
are desired, high polymerization temperatures (>200C)
are generally not advantageous. Increased temperatures
can also degrade many known catalytic systems,
providing another reason for avoiding excessive
polymerization temperatures. From this perspective,
temperatures below 25O0C are useful.Obviously, the
optimum reactor conditions are influenced by the
product specifications and reactor operation issues as
outlined above. Advantageously, the polymerization
temperatures for the production of the disclosed
polypropylenes are typically between 90 and 2000C, or
between 90 and 18O0C, or between 90 and 15O0C, or
between 93 and 15O0C, or between 93 and 14O0C, or
between 95 and 14O0C. [00156] In one or more
embodiments, the polymerization conditions are
sufficient to dissolve the polymer product essentially
in the monomer, which is present in the liquid state.
These embodiments fall into the category of "bulk
solution polymerization". In other embodiments, the
polymerization conditions are sufficient to dissolve
the polymer product essentially in the monomer, which
is present in the supercritical state. These
embodiments fall into the category of "bulk
supercritical polymerization". The polymerization
system can form one single fluid phase or two fluid
phases. [00157] In one or more embodiments, the
reaction temperature and pressure can be selected so
that the polymerization system remains at a pressure
below the polymer's cloud point in the particular
polymerization system, resulting in a twophase
polymerization system forming a polymer-rich phase and
a polymer-lean phase. Some embodiments that are below
the polymer's cloud point nonetheless operate above
the polymer's crystallization temperature. The terms
"two-phase system" or "two-phase polymerization
system" refer to a polymerization system having two
and, advantageously, only two phases. In certain
embodiments, the two phases are referenced as a "first
phase" and a "second phase." In certain embodiments,
the first phase is or includes a "monomer phase,"
which includes monomer(s) and can also include diluent
and some or all the product of polymerization. In
certain embodiments, the second phase is or includes a
solid phase, which can include products of
polymerization, e.g., macromers and polymer product,
but not monomers, e.g., propylene. While operations
with such two-phase polymerization system is feasible,
they may cause operability issues,particularly
downstream of the reactor, thus reactor operations
above the cloud point, i.e., in a single-phase
polymerization system are advantageous over the
two-phase polymerization system. [00158] In the
disclosed processes for making highly crystalline
polypropylenes with the above-described melting and
supercooling properties and defect structure, the
reaction pressure can be no lower than the solid-fluid
phase transition pressure of the polymer-containing
dense fluid polymerization system at the reactor
temperature. In another embodiment, the pressure is no
lower than 10 MPa below the cloud point of the fluid
reaction medium at the reactor temperature. In another
embodiment, the pressure is between 12 and 1500 MPa,
or between 12 and 207 MPa, or between 12 and 138 MPa,
or between 69 MPa, or between 12 and 55 MPa, or
between 34.5 and 138 MPa, or between 34.5 and 83 MPa,
between 12 and 13.8 MPa. In another embodiment, the
pressure is above 12, 20.7, or 34.5 MPa. In another
embodiment, the pressure is below 1500, 500, 207, 138,
83, 69, 55, or 13.8 MPa. Novel / Differentiated
Isotactic Polypropylene Polymerization Reactors:
[00159] Polymerizations for the one or more iPP
parallel reactor trains may be carried out either in a
single reactor, or in two or more reactors configured
in series or parallel. The catalyst system can be
delivered as a solution or slurry, either separately
to the reactor, activated in-line just prior to the
reactor, or preactivated and pumped as an activated
solution or slurry to the reactor. Since heterogeneous
(solid) catalysts are often difficult to handle in
disclosed homogeneous polymerization processes (they
tend to cause plugging and increased wear),
advantageous catalyst systems are soluble in the
polymerization system. In one embodiment, two
solutions, one comprising the one or more catalyst
precursor compounds and another comprising the
activator, are blended in-line either in or prior to
feeding them to the reactor. In other embodiments, the
one or more catalyst precursor compounds are premixed
with the one or moreactivators in solution, and a
solution of the already activated catalyst is fed to
the reactor. [00160] In any operation mode, the
catalyst system may comprise one, or more than one
catalyst precursor and one or more activator. In both
single- and multi-reactor operations, the one or more
catalyst systems may be introduced at one point or at
multiple points to the one or more polymerization
reactors. Various feed configurations can be used
depending on such factors as the desired product
properties, such as, for example, molecular weight
distribution, or catalyst stability. Such feed
configurations are well known in the art of chemical
engineering and can be readily optimized for the
desired production scale and product properties using
known engineering techniques. [00161] In one or more
embodiments, polymerization can occur in high-pressure
reactors where, advantageously, the reactor is
substantially unreactive with the polymerization
reaction components and is able to withstand the high
pressures and temperatures that occur during the
polymerization reaction. Such reactors are known as
high-pressure reactors for purposes of this
disclosure. Withstanding these high (typically higher
than 13.8 or higher than 34.5, or higher than 69.0
MPa, or higher than 137.9 MPa) pressures and
temperatures will allow the reactor to maintain the
polymerization system in its homogeneous condition.
Suitable reaction vessels include those known in the
art to maintain high-pressure polymerization
reactions. Suitable reactors are selected from
autoclave, pump-around loop, autoclave, tubular, and
combinations thereof. [00162] Autoclave reactors may
be operated in either a batch or continuous mode,
although the continuous mode is advantageous. Tubular
reactors always operate in continuous mode. Typically,
autoclave reactors have length-todiameter ratios of
1:1 to 20:1 and are fitted with a high-speed (up to
2000 RPM) multiblade stirrer and baffles arranged for
optimal mixing. Commercial autoclave pressures are
typically greater than 5 MPa with a maximum of
typically less than260 MPa. The maximum pressure of
commercial autoclaves, however, may become higher with
advances in mechanical and material science
technologies. [00163] When the autoclave has a low
length-to-diameter ratio (such as less than four), the
feed streams may be injected at one position along the
length of the reactor. Reactors with large diameters
may have multiple injection ports at nearly the same
or different positions along the length of the
reactor. When they are positioned at the same length
of the reactor, the injection ports are radially
distributed to allow for faster intermixing of the
feed components with the reactor content. In the case
of stirred tank reactors, the separate introduction of
the catalyst and monomer may be advantageous in
preventing the possible formation of hot spots in the
unstirred feed zone between the mixing point and the
stirred zone of the reactor. Injections at two or more
positions along the length of the reactor is also
possible and may be advantageous. In one exemplary
embodiment, in reactors where the length-to-diameter
ratio is from 4 to 20, the reactor may contain up to
six different injection positions along the reactor
length with multiple ports at some or each of the
lengths. [00164] Additionally, in the larger
autoclaves, one or more lateral mixing devices may
support the high-speed stirrer. These mixing devices
can also divide the autoclave into two or more zones.
Mixing blades on the stirrer may differ from zone to
zone to allow for a different degree of plug flow and
back mixing, largely independently, in the separate
zones. Two or more autoclaves with one or more zones
may connect in a series reactor cascade to increase
residence time or to tailor polymer structure in a
reactor train producing a polymer blending component.
As previously described, a series reactor cascade or
configuration consists of two or more reactors
connected in series, in which the effluent of at least
one upstream reactor is fed to the next reactor
downstream in the cascade. Besides the effluent of the
upstream reactor(s), the feed of any reactor in the
series reactor cascade of a reactor train can be
augmented with any combination of additional monomer,
catalyst, or solvent fresh or recycled feed
streams.Therefore, it should be understood that the
polymer blending component leaving a reactor train of
the process disclosed herein may itself be a blend of
the same polymer with increased molecular weight
and/or compositional dispersion or even a blend of
homo- and copolymers. [00165] Tubular reactors may
also be used in the processes disclosed herein and
more particularly tubular reactors capable of
operating up to about 350 MPa. Tubular reactors are
fitted with external cooling and one or more injection
points along the (tubular) reaction zone. As in
autoclaves, these injection points serve as entry
points for monomers (such as propylene), one or more
comonomer, catalyst, or mixtures of these. In tubular
reactors, external cooling often allows for increased
monomer conversion relative to an autoclave, where the
low surface-tovolume ratio hinders any significant
heat removal. Tubular reactors have a special outlet
valve that can send a pressure Shockwave backward
along the tube. The Shockwave helps dislodge any
polymer residue that has formed on reactor walls
during operation. Alternatively, tubular reactors may
be fabricated with smooth, unpolished internal
surfaces to address wall deposits. Tubular reactors
generally may operate at pressures of up to 360 MPa,
may have lengths of 100- 2000 meters or 100-4000
meters, and may have internal diameters of less than
12.5 cm. Typically, tubular reactors have
length-to-diameter ratios of 10:1 to 50,000:1 and
include up to 10 different injection positions along
its length. [00166] Reactor trains that pair
autoclaves with tubular reactors are also contemplated
within the scope of the polymerization processes
disclosed herein for making highly crystalline
polypropylenes. In this reactor system, the autoclave
typically precedes the tubular reactor or the two
types of reactors form separate trains of a parallel
reactor configuration. Such reactor systems may have
injection of additional catalyst and/or feed
components at several points in the autoclave, and
more particularly along the tube length. In both
autoclaves and tubular reactors, at injection, feeds
are typically cooled to near ambient temperature or
below to provide maximum cooling and thus maximum
polymerproduction within the limits of maximum
operating temperature. In autoclave operation, a
preheater may operate at startup, but not after the
reaction reaches steady state if the first mixing zone
has some back-mixing characteristics. In tubular
reactors, the first section of double-jacketed tubing
may be heated (especially at start ups) rather than
cooled and may operate continuously. A welldesigned
tubular reactor is characterized by plug flow wherein
plug flow refers to a flow pattern with minimal radial
flow rate differences. In both multizone autoclaves
and tubular reactors, catalyst can not only be
injected at the inlet, but also optionally at one or
more points along the reactor. The catalyst feeds
injected at the inlet and other injection points can
be the same or different in terms of content, density,
and concentration. Catalyst feed selection allows
polymer design tailoring within a given reactor or
reactor train and/or maintaining the desired
productivity profile along the reactor length. [00167]
At the reactor outlet valve, the pressure drops to
begin the separation of polymer and unreacted monomer,
co-monomers, solvents and inerts, such as for example
ethane, propane, hexane, and toluene. More
particularly, at the reactor outlet valve, the
pressure drops to levels below that which critical
phase separation allowing for a polymer-rich phase and
a polymer-lean phase in the downstream separation
vessel. Typically, conditions remain above the polymer
product's crystallization temperature. The autoclave
or tubular reactor effluent may be depressurized on
entering the downstream high-pressure separator (HPS).
The temperature in the separation vessel is maintained
above the solid-fluid phase separation temperature.
[00168] In addition to autoclave reactors, tubular
reactors, or a combination of these reactors,
loop-type reactors may be utilized in the
polymerization processes disclosed herein. In this
reactor type, monomer enters and polymer exits
continuously at different points along the loop, while
an in-line pump continuously circulates the contents
(reaction liquid). The feed/product takeoff rates
control the total average residence time. A cooling
jacket removes reactionheat from the loop. Typically
feed inlet temperatures are near to or below ambient
temperatures to provide cooling to the exothermic
reaction in the reactor operating above the
crystallization temperature of the polymer product.
The loop reactor may have a diameter of 4 1 to 6 1 cm
and a length of 100 to 200 meters and may operate at
pressures of 25 to 30 MPa. In addition, an in-line
pump may continuously circulate the polymerization
system through the loop reactor. [00169] The
polymerization processes of polymerization processes
disclosed herein may have residence times in the
reactors as short as 0.5 seconds and as long as
several hours, alternatively from 1 sec to 120 min,
alternatively from 1 second to 60 minutes,
alternatively from 5 seconds to 30 minutes,
alternatively from 30 seconds to 30 minutes,
alternatively from 1 minute to 60 minutes, and
alternatively from 1 minute to 30 minutes. More
particularly, the residence time may be selected from
10, or 30, or 45, or 50, seconds, or 1, or 5, or 10,
or 15, or 20, or 25, or 30 or 60 or 120 minutes.
Maximum residence times may be selected from 1, or 5,
or 10, or 15, or 30, or 45, or 60, or 120 minutes.
[00170] The monomer-to-polymer conversion rate (also
referred to as the conversion rate) is calculated by
dividing the total quantity of polymer that is
collected during the reaction time by the amount of
monomer added to the reaction. Lower conversions may
be advantageous to limit viscosity although increase
the cost of monomer recycle. The optimum total monomer
conversion thus will depend on reactor design, product
slate, process configuration, etc., and can be
determined by standard engineering techniques. Total
monomer conversion during a single pass through any
individual reactor of the fluid phase in-line process
for blending disclosed herein may be up to 90%, or
below 80%, or below 60% or 3 to 80%, or 5 to 80%, or
10 to 80%, or 15 to 80%, or 20 to 80%, or 25 to 60%,
or 3 to 60%, or 5 to 60%, or 10 to 60%, or 15 to 60%,
or 20 to 60%, or 10 to 50%, or 5 to 40%, or 10 to 40%,
or 40 to 50%, or 15 to 40%, or 20 to 40%, or 30 to 40%
or greater than 5%, or greater than 10%.[00171]
Advantageously, catalyst productivities range from 100
to 500,000 kg PP/ (kg catalyst hr). This high level of
catalyst productivity in combination of using
unsupported catalysts, can result in low residual
inorganic residues in the polymer product. In some
embodiments, the polymer product has less than 1
weight % silica, or less than 0.1 wt% silica, or less
than 100 wt ppm silica, or less than 10 wt ppm silica.
In other embodiments, the polymer product contains
less than less than 100 wt ppm Group-4 transition
metal, or less than 10 wt ppm Group-4 metal. In a
preferred embodiment, the disclosed homopolymers have
a combined Group-4 transition metal (e.g., Ti, Zr, or
Hf) and aluminum content of 100 wt ppm or less, or 50
wt ppm or less, or 10 weight ppm or less.
Novel/Differentiated Isotactic Polypropylene Reaction
Conditions: [00172] The reaction temperature can be
above the solid-fluid phase transition temperature of
the polymer-containing fluid reaction medium at the
reactor pressure, advantageously at least 50C above
the solid-fluid phase transition temperature of the
polymer-containing fluid reaction medium at the
reactor pressure. More advantageously, at least 1O0C
above the solid-fluid phase transformation point of
the polymer-containing fluid reaction medium at the
reactor pressure. In another embodiment, the
temperature is above the cloud point of the
single-phase fluid reaction medium at the reactor
pressure. More advantageously 20C or more above the
cloud point of the fluid reaction medium at the
reactor pressure. In another embodiment, the
temperature is between 50 and 35O0C, between 60 and
25O0C, between 70 and 25O0C, or between 80 and 25O0C.
In another embodiment, the temperature is above 50,
60, 70, 80, 90, 95, 100, 110, or 12O0C. In another
embodiment, the temperature is below 350, 250, 240,
230, 220, 210, or 2000C. In another embodiment, the
cloud point temperature is above the supercritical
temperature of the polymerization system. In another
embodiment, the cloud point temperature is between 50
and 35O0C, between 60 and 25O0C, between 70 and 25O0C,
or between 80 and 25O0C. In another embodiment, the
cloud point temperature is above 50, 60, 70, 80, 90,
95, 100,110, or 12O0C. In another embodiment, the
cloud point temperature is below 350, 250, 240, 230,
220, 210, or 2000C. [00173] The reaction pressure can
be no lower than the crystallization phase transition
pressure of the polymer-containing fluid reaction
medium at the reactor temperature. In another
embodiment, the pressure is no lower than 10 MPa below
the cloud point of the fluid reaction medium at the
reactor temperature. In another embodiment, the
pressure is between 10 and 500 MPa, between 10 and 300
MPa, or between 20 and 250 MPa. In another embodiment,
the pressure is above 10, 20, or 30 MPa. In another
embodiment, the pressure is below 1500, 500, 300, 250,
or 200 MPa. In another embodiment, the cloud point
pressure is between 10 and 500 MPa, between 10 and 300
MPa, or between 20 and 250 MPa. In another embodiment,
the cloud point pressure is above 10, 20, or 30 MPa.
In another embodiment, the cloud point pressure is
below 1500, 500, 300, 250, or 200 MPa. ISOTACTIC PP -
EP COPOLYMER BLEND FORMULATIONS [00174] Many different
types of iPP and EP copolymer blends may be made by
the fluid phase in-line blending process disclosed
herein. A major fraction of a blend is defined as 50%
or more by weight of the blend. A minor fraction of a
blend is defined as less than 50% by weight of the
blend. [00175] In some forms the iPP and EP copolymer
blends produced by the processes disclosed herein
include a major fraction of the EP copolymer
component, wherein the EP copolymer component may be
from 50 to 99 wt%, based upon the weight of the
polymers in the blend, or 55 to 98 wt%, or 60 to 95
wt%, or 65 to 90 wt%, or 70 to 85 wt%, or 75 to 80
wt%, with the iPP and any polymer additives
constituting the remainder of the blend. Hence the iPP
blend component will generally constitute a minor
fraction of the blend, wherein the iPP component may
be from 1 to 50 wt%, based upon the weight of the
polymers in the blend, or 2 to 45 wt%, or 5 to 40 wt%,
or 10 to 35 wt%, or 15 to 30 wt%, or 20 to 25
wt%.[00176] In one embodiment of the novel iPP-EP
copolymer blends disclosed herein, the blend includes
a novel or differentiated EP copolymer component
described above in combination with a conventional
isotactic polypropylene component. In particular, the
blend includes between 50 and 99 wt% of an
ethylene-propylene copolymer component including
between 10 wt% and 20 wt% randomly distributed
ethylene with a melt flow rate of between 0.5 and
20,000 g/10 min, wherein the copolymer is polymerized
by a bulk homogeneous polymerization process, and
wherein the total regio defects in the continuous
propylene segments of the copolymer is between 40 and
150% greater than a copolymer of equivalent melt flow
rate and wt % ethylene polymerized by a solution
polymerization process, and between 1 and 50 wt% of
isotactic polypropylene with a melt flow rate of
between 0.5 and 20,000 g/10 min. In another form of
this embodiment, the total regio defects in the
continuous propylene segments of the EP copolymer may
be between 40 and 100% greater than a copolymer of
equivalent melt flow rate and wt% ethylene polymerized
by a solution polymerization process. In yet another
form of this embodiment, the melt flow rate of the EP
copolymer may be between 0.5 and 5,000 g/10 min. In
still yet another form of this embodiment, the total
regio defects in the continuous propylene segments of
the EP copolymer may be greater than 0.50 mol%, or
greater than 0.70 mol%. In still yet another form of
this embodiment, the peak melting temperature of the
EP copolymer may be between 35 and 8O0C. The EP
copolymer component may also optionally comprise
between 0.5 wt% and 50 wt% of randomly distributed
butene-1, pentene-1, hexene-1, octene-1, decene-1, or
combinations thereof. [00177] In another embodiment of
the novel iPP-EP copolymer blends disclosed herein,
the blend includes a novel or differentiated isotactic
polypropylene in combination with a conventional
ethylene-propylene copolymer. In particular, the blend
includes between 1 and 50 wt% of isotactic
polypropylene with a melt flow rate of between 0.5 and
20,000 g/10 min and a melting peaktemperature of 1450C
or higher, and wherein the difference between the DSC
peak melting and the peak crystallization temperatures
is less than or equal to 0.5333 times the melting peak
temperature minus 41.333C, and between 50 and 99 wt%
of ethylene-propylene copolymer including between 10
wt% and 20 wt% randomly distributed ethylene with a
melt flow rate of between 0.5 and 20,000 g/10 min. In
another form of this embodiment, the melt flow rate of
the isotactic polypropylene is between 10 and 100 g/10
min. In yet another form of this embodiment, the total
regio defects in the continuous propylene segments of
the isotactic polypropylene is greater than 15 and
less than 100 regio defects per 10,000 propylene units
in the polymer chain, or greater than 30 and less than
100 regio defects per 10,000 propylene units in the
polymer chain. In still yet another form or this
embodiment, the DSC peak crystallization temperature
of the isotactic polypropylene is greater than 1090C.
In still yet another form or this embodiment, the
isotactic polypropylene has a DSC peak melting
temperature of 15O0C or higher, and a weight-averaged
molecular weight of 35 kg/mol or higher, or 80 kg/mol
or higher. [00178] In yet another embodiment of the
novel iPP-EP copolymer blends disclosed herein, the
blend includes novel / differentiated isotactic
polypropylene components in combination with
novel/differentiated ethylene-propylene copolymer
components. In particular, the blend includes between
1 and 50 wt% of isotactic polypropylene with a melt
flow rate of between 0.5 and 20,000 g/10 min and a
melting peak temperature of 1450C or higher, and
wherein the difference between the DSC peak melting
and the peak crystallization temperatures is less than
or equal to 0.5333 times the melting peak temperature
minus 41.333C, and between 50 and 99 wt% of
ethylene-propylene copolymer including between 10 wt%
and 20 wt% randomly distributed ethylene with a melt
flow rate of between 0.5 and 20,000 g/10 min, wherein
the copolymer is polymerized by a bulk homogeneous
polymerization process, and wherein the total regio
defects in the continuous propylene segments of the
copolymer isbetween 40 and 150% greater than a
copolymer of equivalent melt flow rate and wt%
ethylene polymerized by a solution polymerization
process. In another form of this embodiment, the melt
flow rate of the isotactic polypropylene may be
between 10 and 5,000 g/10 min, or 10 and 150 g/10 min,
or 10 and 100 g/10 min. In another form of this
embodiment, the total regio defects in the continuous
propylene segments of the isotactic polypropylene may
be greater than 15 and less than 100 regio defects per
10,000 propylene units in the polymer chain, or
greater than 30 and less than 100 regio defects per
10,000 propylene units in the polymer chain. In
another form of this embodiment, the DSC peak
crystallization temperature of the isotactic
polypropylene may be greater than 1090C. In another
form of this embodiment, the isotactic polypropylene
may have a DSC peak melting temperature of 15O0C or
higher, and a weight-averaged molecular weight of 35
kg/mol or higher, or 80 kg/mol or higher. In another
form of this embodiment, the total regio defects in
the continuous propylene segments of the EP copolymer
may best between 40 and 100% greater than a copolymer
of equivalent melt flow rate and wt% ethylene
polymerized by a solution polymerization process. In
yet another form of this embodiment, the melt flow
rate of the EP copolymer may be between 0.5 and 5,000
g/10 min. In still yet another form of this
embodiment, the total regio defects in the continuous
propylene segments of the EP copolymer may be greater
than 0.50 mol%, or greater than 0.70 mol%. In still
yet another form of this embodiment, the peak melting
temperature of the EP copolymer may be between 35 and
8O0C. The EP copolymer component may also optionally
comprise between 0.5 wt% and 50 wt% of randomly
distributed butene-1, pentene-1, hexene-1, octene-1,
decene-1, or combinations thereof. [00179] In another
form, in-line iPP - EP copolymer blends are produced
from propylene-based polymers made at homogeneous
polymerization conditions, particularly at bulk
homogeneous polymerization conditions, such as
bulkhomogeneous supercritical or bulk solution
polymerization, and comprise the following: (a) 10 to
20 wt% of isotactic polypropylene with 0.8 to 20,000
g/10 min MFR and melting peak temperatures of 80 to
1650C plus 80 to 90 wt% crystallizable
ethylene-propylene copolymer comprising 10 to 16 wt%
ethylene content and 0.8 to 100 g/10 min MFR; or (b)
15 to 50 wt% of isotactic polypropylene with 0.8 to
20,000 g/10 min MFR and melting peak temperatures of
80 to 165 0C plus 50 to 85 wt% propylene copolymer of
isotactic polypropylene crystallinity comprising 1 to
20 wt% ethylene and 0.8 to 100 g/10 min MFR; or (c) 10
to 30 wt% of isotactic polypropylene with 0.8 to
20,000 g/10 min MFR and melting peak temperatures of
80 to 165C plus 90 to 70 wt% lowcrystallinity (0 to 30
J/g) EP copolymer with MFR of 0.8 to 500 g/10 min.
[00180] The novel iPP and EP copolymer blends produced
by the fluid phase in-line blending process disclosed
herein may be used to provide bi- or multimodality to
the distributions of the molecular characteristics of
resins encompassed herein. The result of such
bimodality is to produce an improved suite of
properties in the blend as compared to any of the
polymer components alone. Processing ease and melt
strength may be improved by such blending as well as
the balance between stiffness-toughness, heat
resistance, tolerance of exposure to high energy
radiation and other properties of the resins. [00181]
One non-limiting example of an iPP and EP copolymer
blend made by the fluid phase in-line blending process
disclosed herein includes a major fraction of a highly
crystalline moderate molecular weight iPP and a minor
fraction of a very high molecular weight, elastomeric
EP copolymer with low or no inherent crystallinity.
Another non-limiting example of a useful polymer blend
made by the fluid phase in-line blending process
disclosed herein includes a major fraction of a soft,
tough, low melting EP copolymer with a minor fraction
of a highly crystalline, high melting iPP. Still
another non-limiting example of auseful iPP and EP
copolymer blend made by the fluid phase in-line
blending process disclosed herein includes a major
fraction of a highly crystalline iPP with a minor
fraction of a low or non-crystalline EP copolymer
where the low or non crystalline polymer is
non-elastomeric. ISOTACTIC PP-EP COPOLYMER BLEND
APPLICATIONS [00182] The novel iPP and EP copolymer
blends disclosed herein provide for improved
properties, and hence may be used in any known
thermoplastic or elastomer application. Non-limiting
examples include uses in molded parts, films, tapes,
sheets, tubing, hose, sheeting, wire and cable
coating, adhesives, shoe soles, bumpers, gaskets,
bellows, films, fibers, elastic fibers, nonwovens,
spunbonds, sealants, surgical gowns and medical
devices. [00183] One such exemplary, but non-limiting
application, is in medical applications requiring
improved resistance to sterilizing doses of
high-energy radiation. A polymer blend useful for this
particular application may include from 75 to 99 wt%
moderate molecular weight iPP blend component with 1
to 25 wt% of a propylene-ethylene copolymer containing
from 8 to 16 wt% ethylene. The high propylene
copolymer component of the blend provides superior
initial ductility as well as retention of ductility
and tolerance of the sterilizing radiation to the
blend while the homopolymer component imparts
excellent strength, stiffness and resistance to
deformation at elevated temperature to the blend.
Polymer blends of iPP blend component and
propylene-ethylene copolymer are generally clearer or
nearly as clear as the unblended iPP blend component.
[00184] Another exemplary, but non-limiting
application of where the polymer blends made by the
fluid phase in-line blending process disclosed herein
find application is in various conversion processes.
In particular, by combining high and low molecular
weight propylene polymers in either similar or
different proportion, the molecular weight
distribution of the blend may be significantly broader
than of either individual component. The ratio for
blending the high andlow molecular weight propylene
polymers depends upon the desired final melt flow rate
and molecular weight distribution. Such broader
molecular weight distribution polymers are easier to
extrusion blow mold, blow into film, thermoform,
orient into film, and stretch blow mold than narrower
molecular weight distribution polymers. Optionally,
one of the polymer components can have long chain
branching introduced through addition of a small
quantity of alpha-omega-diene. [00185] Still another
exemplary, but non-limiting application of where the
polymer blends made by the fluid phase in-line
blending process disclosed herein find application is
in devices and packaging materials requiring good
impact resistance, and particularly in low temperature
environments. Polymer blends useful for this
particular application may include from 60 to 99 wt%
of a stiff iPP blend component and/or a relatively
stiff, low comonomer containing propylene copolymer
and 1 to 40 wt% of a propylene copolymer containing 5
to 20 wt% of comonomer, or comonomer-propylene
elastomer (like ethylene-propylene rubber). In
applications requiring clarity, incorporating into the
iPP and EP copolymer polymer blend a minor fraction of
a highly compatible propylene copolymer known to have
a minimal deleterious effect or even a positive effect
on the clarity of blends with polypropylene may
provide for such. Compatible propylene copolymers are
exemplified by propylene-ethylene copolymers
containing less than 16 wt%, less than 11 wt%, or less
than 6 wt% ethylene units. [00186] Still yet another
exemplary, but non-limiting application of where the
iPP and EP copolymer blends made by the fluid phase
in-line blending process disclosed herein find
application are those where materials requiring a
combination of stiffness and impact resistance and/or
a combination of heat resistance and impact
resistance. A polymer blend useful for these
applications are similar in composition to the blends
specified for impact resistant devices and 



packages. More particularly, polymer blends useful for
this particular application may include from 60 to 99
wt% of a stiff iPP blend component and/or a
relativelystiff, low comonomer containing propylene
copolymer and 1 to 40 wt% of a propylene copolymer
containing 5 to 20 wt% of ethylene comonomer, or
comonomer-propylene elastomer (like ethylene-propylene
rubber). The stiffness and heat resistance may be
increased by increasing the homopolymer or stiff
copolymer portion of the polymer blend.
Correspondingly, the impact resistance may be improved
by increasing the propylene copolymer or
ethylene-propylene rubber portion of the blend. The
desired balance of product attributes may be
accomplished by a careful balancing of the two
components. [00187] Still yet another exemplary, but
non-limiting application of where the iPP and EP
copolymer blends made by the fluid phase in-line
blending process disclosed herein find application are
those where a device and/or package must be sterilized
by high temperature and also must be soft and able to
withstand impact abuse even at low temperatures.
Polymer blends useful for this particular application
may include from 75 to 99 wt% of one or more stiff iPP
homopolymer and/or EP copolymer components and 1 to 25
wt% of one or more low to no crystallinity propylene
copolymers, and ethylene-propylene rubbers. Where
increasing softness of packages and device is desired,
one may use a greater fraction of the one or more soft
components in the blend and smaller fraction of the
one or more stiff components in the blend. Polymer
blends useful for this particular application may also
include a major fraction of the soft components and
minor fraction of the stiff components. Hence the
range of iPP and EP copolymer blends may include 1 to
50 wt% of the stiff polymer component and 50 to 99 wt%
of the soft polymer component. [00188] Still yet
another exemplary, but non-limiting application of
where the iPP and EP copolymer blends made by the
fluid phase in-line blending process disclosed herein
find application are films which are required to melt
and form a seal at relatively low elevated temperature
yet still maintain integrity at much higher
temperature. The range of blend compositions
previously specified for soft, elevated temperature
resistant devices and/or packages would apply for
thisparticular type of film application. Similar
relationships between competing properties and the
relative usages of the relative components would also
apply for this application. More particularly, a
greater fraction of the stiff polymer component may
increase the seal integrity at higher temperatures,
whereas a greater fraction of the soft polymer
component may improve seal formation at lower
temperatures and seal strength at normal temperatures.
[00189] As will be appreciated by one skilled in the
art of polymer engineering, variations to the
aforementioned polymer blends and their advantageous
applications may be made without deviating from the
spirit of the polymer blends provided by fluid phase
in-line blending process disclosed herein. Set forth
below are further details for composition of matter,
properties and methods of making the
ethylene-propylene copolymer blend component and the
isotactic polypropylene blend component previously
described. IN-LINE BLENDING PROCESS OVERVIEW [00190]
The in-line blending processes disclosed herein relate
to making the novel iPP-EP copolymer polymer blends
disclosed above. In particular, disclosed herein are
advantageous processes for direct in-line iPP-EP
copolymer blend production in an integrated
multi-reactor polymerization wherein the blending step
is achieved downstream of the reactors in a
separator-blending vessel (also referred to as the
high-pressure separator, or as separator-blender). The
production of polymer blends in the polymerization
plant is facilitated when the polymer blend components
are dissolved in the polymerization system since the
small-molecule component(s), such as monomer(s) and
optional solvent(s)/diluent(s) of the polymerization
system reduce(s) viscosity thus allowing molecular
level blending in a low shear process. Hence, using
the reactor effluents wherein the polymer blending
components are present in a dissolved fluid state may
be advantageous to downstream blending operations. The
polymerization reactors advantageously may be of the
homogeneoussupercritical process, the solution process
type, or a combination thereof in order to provide the
precursor polymer for blending in a dissolved fluid
state in the direct reactor effluents suitable for
in-line blending without further processing. Bulk
homogeneous supercritical and bulk solution
polymerization processes are particularly useful for
producing blend components due to the simplicity of
the monomer recycle loop and due to the enhancements
in reactor productivity and product properties, such
as molecular weight and melting behavior, as will
become apparent from the following discussions. The
processes disclosed herein can also utilize certain
other polymerization reactors making in-line blend
components, for example, in the form of a slurry,
wherein the iPP or EP copolymer blend component form
solid pellets in a dense fluid polymerization system.
In such instances, a dissolution stage is added
between the polymerization reactor train and the
separator-blending vessel. This dissolution stage
typically consists of a pump followed by a heater to
bring the reactor effluent above the solid-fluid phase
transition conditions affording a stream that contains
the polymer blending component homogeneously dissolved
in the dense fluid polymerization system. In order to
facilitate the dissolution of the polymer pellets,
increased shearing may be applied, which typically is
provided by stirring or by pumping. Because of the
added processing and investment costs of such reactor
operations, homogeneous polymerization processes, such
as homogeneous supercritical or solution
polymerization, are typically cost-advantaged and thus
advantageous to produce the in-line polymer blending
components. [00191] The in-line blending process for
iPP-EP copolymer blends disclosed herein requires an
upstream polymerization process that provides the two
or more blend components in a homogeneous fluid state,
wherein at least one of the blend components is in its
supercritical state. Therefore, if the polymerization
reaction for one component is carried out at
conditions that form particles, such as, for example,
slurry polymerization, an additional step is required
to bring the in-line polymer blending component into a
dissolved fluid state before feeding
thepolymer-containing stream to the separator-blender
section of the invention process (see FIG. 10). This
can be accomplished by, for example, heating the
reactor effluent above the solid-liquid phase
transition temperature. However, for simpler and thus
lower cost operations, the polymerization reaction is
typically carried out at conditions where the product
polymer(s) is/are dissolved in the dense fluid
polymerization system comprising one or more monomers,
the polymeric product(s), and - optionally - one or
more inert solvents, and - optionally - one or more
scavengers. Fluid-phase operations have some further
advantages from certain product quality and operation
stability perspectives since they do not require
supported catalysts that significantly increase the
ash level of the products and can cause fouling and
excessive wear of downstream process hardware. The
fluid reaction medium may form one single fluid phase
or two fluid phases in the reactor. For more robust
and simpler reactor operations, conditions affording a
single fluid phase in the reactor, i.e. operating
above the cloud point conditions, are advantageous.
[00192] In one embodiment of the iPP-EP copolymer
blending processes disclosed herein, the blending of
two or more reactor effluent streams containing the
dissolved polymer blend components occurs
simultaneously with product separation in a single
downstream separator-blending vessel. The
separatorblender operates at conditions that lead to
the formation of two fluid phases: the upper one
essentially consisting of the low-molecular weight
components of the polymerization systems,
predominantly the monomer(s) and the optional
solvent(s), while the lower one is a polymer-rich
phase. In order to create the conditions that lead to
the formation of two fluid phases in the
separator-blender, the temperatures of the reactor
effluents are often first increased to provide the
heat for staying above the solid-fluid phase
transition temperature of the to-beformed polymer-rich
fluid phase. After adjusting the heat contents of the
reactor effluents, their pressures are typically
reduced to bring the temperature and pressure of the
combined effluent stream to a condition that
corresponds to twofluid (liquid-liquid or
supercritical fluid-supercritical fluid) phases in the
phase diagram. The blending process may be aided by
optional static mixer(s) downstream of the mixing
point of the polymer-containing effluents but upstream
of the separator-blending vessel. The homogeneous
fluid blending of the individual polymer components
and the separation of the monomer- and polymerrich
phases are accomplished in the same vessel eliminating
the need for a separate blending vessel and blending
process step. The bulk of the monomer(s) and the
optional solvent(s) separated from the polymer is/are
then recycled back into the polymerization reactor
bank of the plant. [00193] In another embodiment of
the in-line iPP-EP copolymer blending processes
disclosed herein, one or more reactor effluent streams
containing the dissolved polymer blend components are
fed to independent separators or separation vessels
(also referred to as single-stream high-pressure
separators) upstream of the separator-blending vessel
for separation of a polymer-enriched stream from some
fraction of the monomer and the optional
solvent/diluent content of the said streams. Such
single-stream high-pressure separators deployed
upstream of the separator-blending vessel
(high-pressure separator) in essence afford a partial
recovery of the monomer and the optional solvent
present in the reactor effluent thus allowing their
recovery and recycle before being mixed with monomers
and optional solvents used in other reactor trains.
Such processes may be advantageous by eliminating the
need for separating mixed monomer and optional solvent
streams before recycling them to the appropriate
reactor trains of the reactor bank. The
polymer-enriched streams from each of these
single-stream separators are blended in one of a
separator vessels that serves both as a separator for
one of the reactor trains and as a blender for the
entire reactor bank (separatorblending vessel). In
this embodiment, the operation conditions of the
singlestream separator(s) upstream of the
separator-blending vessel may be adjusted to yield
polymer-enriched stream(s) that still contain(s)
enough low molecular weight component(s), such as
monomer(s) and optional inert solvent(s) to keepthe
viscosity of these streams much below that of the
essentially pure molten polymer(s) thus facilitating
the mixing of the blending polymer components in the
separator-blender. The separator(s) feeding the
separator-blending vessel may also serve as buffer
vessel(s) affording an improved control of the blend
ratio by compensating for the small but inevitable
fluctuations in the production of the individual
in-line blend components. The buffer capacity of these
vessels is defined by the volume between the maximum
and minimum levels of the separated polymer-enriched
lower phase. [00194] As opposed to using a cascade of
series reactors for the in-line blending of iPP and EP
copolymer, the blending processes disclosed herein
provide for the individual iPP and EP copolymer
components of the polymer blend to be made in a bank
of parallel reactors. Such direct blend production may
be advantageously achieved in polymerization processes
that operate in a homogeneous dense fluid phase, i.e.
above the fluid-solid phase transition limits. The
inventive process has at least one reactor train that
operates in the homogeneous dense fluid phase in its
supercritical state. Polymerization processes that
operate in a homogenous dense fluid phase use either
inert solvent(s) or monomer(s) or their mixtures as a
solvent/diluent in their liquid or supercritical
state. Hence, such parallel reactors operate with
polymerization systems in their homogeneous
supercritical or in their liquid state. In both the
supercritical and liquid operation modes, the process
shall be a bulk polymerization process operating with
less than 40 wt%, or less than 30 wt%, or less than 20
wt%, or less than 10 wt%, or less than 5 wt% of inert
solvent present in the reactor, and in some
embodiments, essentially free (less than 1 wt%) of
inert solvents. In one embodiment of the disclosed
process, the reactors operate at bulk homogeneous
supercritical conditions as has been disclosed in U.S.
Patent Application Nos. 11/433,889 and 11/177,004,
herein incorporated by reference in their
entirety.[00195] In another embodiment, one or more of
the reactors included in the parallel bank of reactors
operate in the homogeneous supercritical state and one
or more of the reactors included in the parallel bank
of reactors operate in the bulk solution state
(combination of bulk solution process and homogeneous
supercritical process reactors). Both solution and
homogeneous supercritical polymerization processes
provide polymers dissolved in a fluid state, which is
required for the downstream in-line blending of
polymers. Both solution and homogeneous supercritical
polymerization processes providing polymers in a
homogeneous fluid state may be performed in a bulk
monomer phase using essentially pure monomer(s) as
solvent. The solution process provides for a
polymer-containing liquid phase either in an inert
solvent or in the essentially neat monomer or in their
mixture in their liquid state. The homogeneous
supercritical process provides for the polymeric fluid
state by dissolving the polymeric product either in an
inert solvent or in the essentially neat monomer or in
their mixture in their supercritical state. [00196] In
another embodiment, one or more reactors included in
the parallel reactor bank operate in homogeneous
supercritical mode and one or more reactor trains
operate in the slurry mode (combination of slurry and
homogeneous supercritical or combination of slurry and
solution processes). The dense fluid phase(s) of the
slurry polymerization process(es) deployed in one or
more trains of the invention in-line blending process
can be either in its/their liquid or in its/their
supercritical state. Before bringing the effluent(s)
of the slurry train(s) to the separator-blending
vessel (high-pressure separator) of the in-line
blending process of the invention, the effluents are
treated to fully dissolve the slurried polymer blend
component. Aside this dissolution step, the other
aspects of the in line blending process disclosed
herein are not affected by having particle-forming
polymerization reactors in the reactor bank. This
embodiment may provide product advantages in certain
applications due to the ability of the slurry process
to produce certain highly crystalline isotactic PP
blend components, such asisotactic polypropylene made
with Ziegler-Natta catalysts. It is, however,
typically more expensive due to the added processing
and investment cost. The optimal choice between the
different reactor configurations of the invention
process depends on the target product slate or even on
some production sitespecific issues, like, for
example, the utilization of existing polymerization
facilities. The optimal configuration can be
determined by standard techniques well known in the
art of chemical engineering. [00197] The parallel
reactor configuration disclosed herein permits for
flexibility in independently controlling for each
reactor the residence time, monomer composition and
conversion, catalyst choice, and catalyst
concentration not available in a series reactor
configuration for blending of iPP and EP copolymer
blend components. It also makes the independent
control of reaction temperature and pressure easier
thus enhancing the control of the polymerization
processes yielding the individual in-line iPP and EP
copolymer blend components. [00198] U.S. Patent
Application Nos. 11/433,889 and 11/177,004 disclose a
flexible homogeneous polymerization platform for the
homogeneous supercritical propylene polymerization
process (also referred to herein as the "supercritical
process"). In the referred supercritical propylene
polymerization process, polymerization is carried out
in a substantially supercritical monomer medium, thus
it is a bulk homogeneous supercritical polymerization
process. The polymer is in a homogeneously dissolved
state in the reactor and in the reactor effluent thus
making the reactor effluent suitable for a direct
downstream blending operation prior to recovering the
polymeric products in their solid pelletized or baled
form. U.S. Patent Application Nos. 11/433,889 and
11/177,004 also teach that the supercritical
polymerization process provides an advantageous means
to the so-called solution processes in its ability to
produce highly crystalline, high molecular weight
(i.e. low melt-flow rate) isotactic iPP blend
components. Unlike gas phase and slurry polymerization
processes, the supercritical process may alsoproduce
ethylene-propylene copolymers and iPP blend components
with reduced tacticity, and thus reduced polymer
melting point without fouling. As previously
referenced, U.S. Patent Application Nos. 11/433,889
and 11/177,004 are incorporated by reference in their
entirety herein. [00199] Advantageous iPP-EP copolymer
blends are often composed of a blend of (a) highly
crystalline component(s) and (a) low crystallinity
component(s). Slurry and gas phase polymerization
processes may provide for high molecular weight,
highly crystalline polymers, but not for low
crystallinity products because the polymer pellets
stick together causing fouling of the reactor. Fouling
often makes the production of soft materials, such as,
for example, ethylene propylene copolymers
commercially impractical, particularly when the
ethylene content exceeds approximately 9 to 10 wt%. In
contrast, solution polymerization processes has no
such limitation and may provide for low crystallinity
products because the polymer is present in solution in
the reactor, and therefore cannot foul it. However,
the solution process has limitations in producing
highly crystalline, high molecular weight products
with higher melting point. One particularly relevant
limitation of the solution process is that it
typically cannot produce high MWproducts that also
have high melting point, and if it could, such
products tend to crystallize in the reactor and cause
fouling. In contrast, the homogeneous supercritical
process may provide for both high crystallinity/high
melting point and low crystallinity/low melting point
polymers without fouling. It also generates the
polymer blend components in a dissolved state in the
polymerization system allowing direct blending without
the need for a dissolution step. These attributes make
it a particularly advantageous polymerization process
for the in-line iPP-EP copolymer blending processes
disclosed herein. Notwithstanding, any combination of
polymerization processes operating with dense
polymerization systems may be deployed in the in-line
blending processes disclosed herein as long as at
least one of the reactor trains operates with a
homogeneous polymerization system. Homogeneous
operation isensured by operating above the solid-fluid
phase transition point, advantageously not lower than
10 MPa below the cloud point of the polymerization
system. [00200] The monomers for use in the bank of
parallel reactors disclosed herein are propylene,
ethylene, and optional one or more comonomers
comprising four or more carbon atoms. Non-limiting
exemplary optional one or more comonomers comprising
four or more carbon atoms include butene-1, pentene-1,
hexene-1, octene-1, decene-1, dodecene-1, and
combinations thereof. Exemplary, but not limiting,
non-polymerizing (inert) fluid components serving as
diluents/solvents include light paraffinic and
aromatic hydrocarbons and their blends, such as
butanes, pentanes, hexanes, heptanes, octanes,
toluene, xylenes, cyclopentane, cyclohexane,
fluorocarbons, hydrofluorocarbons, etc. [00201] The
conditions in the polymerization reactors of the
aforementioned olefin polymerization process may be
established such that the entire reactor content,
including the monomer(s), optional non-polymerizing
fluid, catalyst system(s), optional scavenger(s) and
polymeric products, is in a homogeneous fluid, and
advantageously in a single homogeneous fluid state. In
one form, the conditions in at least one of the
reactors of the aforementioned process are set such
that the contents are in their supercritical fluid
state, and advantageously in a single homogeneous
supercritical fluid state. [00202] The upper limit for
temperature is determined by the product properties
that are strongly influenced by the reaction
temperature. Since often polymers with higher
molecular weights and/or higher melting points are
desired, high polymerization temperatures (>250C) are
generally not advantageous. Increased temperatures can
also degrade most known catalytic systems, providing
another reason for avoiding excessive polymerization
temperatures. At the current state of the art of
polymerization, polymerization temperatures above
35O0C are not recommended. For the slurry
polymerization processes, the upper temperature limits
of polymerization are also influenced by the
solid-fluid phasetransition conditions since running
near the solid-fluid phase transition line leads to
fouling. For that reason, slurry operations not higher
than 5C below the solidfluid phase transition are
advantageous, not higher than 100C below the
solid-fluid phase transition are particularly
advantageous. [00203] The lower limits of reaction
temperature are determined by the desired polymer
properties. Lower temperatures generally favor higher
crystallinity and higher molecular weight. For
homogeneous polymerization processes, the lower limits
of reaction temperature are also determined by the
solid-fluid phase transition temperature. Running the
reactors below the solidfluid phase transition
temperature of the reaction mixture may lead to
operation problems due to fouling. For the production
of highly crystalline polypropylenes (melting peak
temperatures >150C) in bulk homogeneous supercritical
polymerization processes, the minimum operating
temperature is about 95 to 1000C. In the production of
lower melting copolymers, such as ethylenepropylene
copolymers, significantly lower reactor temperatures,
e.g., 900C or even lower, may be readily used without
fouling. The application of certain inert solvents may
further reduce the minimum operation temperature of
the foulingfree operation regime, although, as
discussed earlier, the substantial presence of inert
solvents also tends to limit the product molecular
weight and often the melting peak temperature. It also
increases production cost due to the need for solvent
handling. [00204] The critical temperature and
pressure of the polymerization systems are different
from the critical values of pure components, and thus
supercritical operations at temperatures lower than
the critical temperature of pure propylene and C4 plus
monomers (e.g., 92C for propylene) are possible and
disclosed herein. Additionally, near-amorphous and
amorphous materials with low melting points may be
produced without fouling even below the critical
temperature of the reactor blends, i.e., at
temperatures that correspond to the condensed liquid
state of the polymerization system in the reactor. In
these instances, the operationtemperature may be below
the bubble point of the reaction mixture and thus the
reactor operates at what is often referred to as
liquid-filled conditions. In some instances, such
operation mode could be desired to achieve high
molecular weight (MW) and thus low melt flow rate
(MFR), particularly in the manufacture of copolymers,
such as propylene-ethylene copolymers. Thus, reactor
operations under conditions at which the polymeric
products are dissolved in the monomer or monomer blend
present in its liquid state, also known as bulk
solution polymerization, are also disclosed herein.
Total Monomer Conversion for Homogeneous Fluid Phase
Polymerizations: [00205] Increasing the conversion of
the total monomer feed in a single-pass in the
individual reactor trains of the parallel reactor bank
can reduce the monomer recycle ratio thus can reduce
the cost of monomer recycle. Increasing monomer
recycle ratios (i.e., the ratio of recycled/total
monomer feed to the reactor train) require the
treatment and recycle of larger monomer volumes per
unit polymer production, which increases production
cost. Therefore, higher monomer conversion (lower
recycle ratios) often provides for improved process
economics. However, because high polymer content in
the polymerization system, particularly in homogeneous
polymerization systems, yields high viscosities, which
correspondingly may make reactor mixing, heat
transfer, and downstream product handling difficult,
the monomer conversion in a single pass has practical
operation limits. The viscosity of monomer-polymer
blends and thus the practical conversion limits can be
readily established by standard engineering methods
known in the art (M. Kinzl, G. Luft, R. Horst, B.A.
Wolf, J . Rheol. 47 (2003) 869). Single-pass
conversions also depend on operating conditions and
product properties. Therefore, monomer conversion may
also be constrained by the desire to increase the
molecular weight of the blend component made in the
given reactor train. Exemplary, but not limiting,
total monomer single pass conversions are below 90%,
more particularly below 80% and still more
particularly below 60%. Total monomer conversion is
defined as the weight ofpolymer made in a reactor or
in a reactor train divided by the combined weight of
monomers and comonomers in the feed to the reactor or
reactor train. It should be understood that while high
total monomer conversion is often limited by product
viscosity or by product property targets, the
conversion of some highly reactive monomer components
present in some monomer feed blends may be higher than
90%. For example, the single-pass conversion of
ethylene in ethylene-propylene or in ethylene-higher
olefin feed blends may be nearly complete (approaching
100%) and is disclosed herein. [00206] As mentioned
above, another factor limiting the total monomer
conversion is the MW-decreasing effect of conversion.
Therefore, the production of polymer blend components
with high MW requires the moderation of monomer
conversion in a single pass beyond that of what
viscosity and other practical operation considerations
would dictate. Hence, for the production of blend
components with high molecular weight (particularly
those with higher than >200 kg/mol weight-averaged
molecular weight -Mw), the total monomer conversion
may need to be below 30%. Again, the conversion of
some highly reactive components in a monomer feed
blend may be higher, and may even approach 100%.
[00207] The single-pass conversion in the
polymerization reactors disclosed herein may be
adjusted by the combination of catalyst concentration
and total feed flow rate. The total feed rate
determines the average residence time (in a backmixed
reactor equal to the reactor volume divided by the
total volumetric flow rate of the effluent). The same
conversion may be achieved at lower residence time by
increasing the catalyst concentration in the feed and
vice versa. Lower catalyst concentration may reduce
catalyst cost, but may also reduce volumetric
productivity thus requiring higher residence times,
and ultimately a larger reactor and thus higher
investment cost for the same polymer production
capacity. The optimum balance between residence
time/reactor volumes and catalyst concentration may be
determined by standard engineering methods known in
theart. A wide-range of iPP and EP copolymer blend
components may be produced in the reactors disclosed
herein at reactor residence times ranging from 1 sec
to 120 min, particularly from 1 sec to 60 min, more
particularly from 5 sec to 30 min, still more
particularly from 30 sec to 30 min, and yet still more
particularly from 1 min to 30 min. In yet another form
of the in-line blending process embodiments disclosed
herein, the residence time in the reactors disclosed
herein may be less than 120, or less than 60, or less
than 30, or less than 20, or less than 10, or less
than 5, or less than 1 minute(s). [00208] In certain
embodiments, at least one of the reactor trains of the
disclosed process operates at supercritical conditions
advantageously at homogeneous supercritical
conditions, or bulk homogeneous supercritical
conditions. The residence times in the supercritical
polymerization reactors, particularly in the bulk
homogeneous supercritical reactors disclosed herein
are generally lower than the residence times in
solution, gas phase, and slurry processes due to the
high reaction rates achieved at the conditions of the
supercritical polymerization process. In-line blending
processes disclosed herein applying bulk homogeneous
supercritical polymerization often choose residence
times between 1 and 60 min, and more particularly
between 1 and 30 min. [00209] The polymerization
reactors of the in-line blending processes disclosed
herein may be grouped into reactor(s) making a single
blending component, called the reactor train. The
reactors of the parallel reactor trains producing all
the polymer blend components are referred to as
reactor bank. The reactors in the individual trains
and in the entire bank can be of any type useful for
making polymers (for a review of different
polymerization reactors see Reactor Technology by B.L.
Tanny in the Encyclopedia of Polymer Sci. and Eng.,
Vol. 14, H.F. Mark et al., Eds., Wiley, New York,
1988, and JBP Soares, LC Simon in the HANDBOOK OF
POLYMER REACTION ENGINEERING, T. Meyer and J.
Keurentjes, Eds., Wiley-VCH, Weinheim, 2005, p.
365-430.) and can be constructed the same way or can
be different. The optimal reactor type
andconfiguration can be determined by standard
techniques well known in the art of polymer reactor
engineering. [00210] It should be recognized that the
catalytic activity and thus the volumetric
productivity in the individual reactors may be
different. If the reactor effluents for in-line
blending are directly blended, the catalytic activity
and the volumetric productivity may determine the
reactor sizes required for the production of the
individual polymer blend components. In order to
reduce cost, a single plant may need to produce
several polymer blends with different polymer
components blended over a range of blend ratios.
Consequently, a parallel reactor bank will often have
reactors of different sizes allowing for a flexible
and thus more cost effective configuration for the
production of different polymer blend grades. The
optimal reactor volumes may be determined from the
combination of the composition of the target polymer
blends and the volumetric reactor productivity data
using optimization methods known in the art of
chemical engineering. [00211] In commercial practice,
reactor productivity tends to vary to some degree,
which in turn may lead to the corresponding level of
variability in polymer blend ratios. In one
embodiment, buffer tanks may be added to the process
downstream of the reactors comprising the bank of
parallel reactors, but before the polymer mixing or
blending point to compensate for the fluctuations of
the volumetric productivity in each reactor train
producing the individual blend components (see for
example FIG. 4). The buffer tanks may improve the
compositional control of the final product blends by
homogenizing the individual reactor effluents and by
allowing a more independent metering of the polymer
blend components. When an individual reactor train
effluent is stored in the buffer tank in its liquid
state at a pressure below its bubble point,
essentially the entire volume of the buffer tank is
available for compensating for the differences in the
blending and production rates. However, when the
individual reactor effluent is stored in the buffer
tank in its supercritical state or in its liquid state
butat pressures above its bubble point, the dense
liquid or supercritical fluid fills the entire tank.
In such operation modes, the buffering capacity, i.e.
the capacity to deviate from the instant reactor flow
rate, is more limited and is associated with the
pressure/density changes allowed in the buffer tank
and with the size of the buffer tank. In the latter
case, the process streams may be driven by a gradual
pressure drop downstream of the reactor to avoid the
cost of installing and operating booster pumps.
However, booster pumps may be alternatively installed
and operated within the process to increase the
pressure range and thus the buffering capacity of the
system. When no booster pumps are deployed, the
pressure of the buffer tank should be lower than that
of the reactor, but higher than that of the lines
downstream of the blending point. [00212] Apparently,
while feasible, controlling this kind of buffer system
is difficult and it is not very efficient. Thus, in
another embodiment, when the individual reactor
effluent is stored in the buffer tank in its
supercritical state or in its liquid state but at
pressures above its bubble point, the conditions in
the buffer tanks may be set to achieve fluid-fluid
phase separation (separator-buffer tank operation).
Buffering in this mode can be achieved by allowing the
fluid level of the denser polymer-rich phase to move
up and down between the minimum and maximum levels
allowed for the desired level of separation while
taking the monomer-rich upper phase out of the
separator buffer via a pressure control valve. One
skilled in the art can see that this operation mode is
analogous to the operation of a buffer tank filled
with a liquid phase containing the polymeric product
and a vapor phase containing the more volatile
components, such as monomer(s) and solvent(s). In the
supercritical regime, the upper phase is a
polymer-lean supercritical fluid, while the lower
phase is a polymer-rich supercritical fluid, the
latter of which can be withdrawn for blending at a
controlled rate required for making a constant blend
ratio, independent of the short-term fluctuations in
the production ratios of the individual blend
components. A similar analogy may be derived for
liquid-filled operations. Thepolymer content, and thus
the viscosity of the polymer-rich phase can be
controlled by properly adjusting the temperature at
constant pressure or by adjusting the pressure at
constant temperature in the separator-buffer tank(s).
In this embodiment, the polymer-rich effluent(s) of
the separator-buffer tank(s) are combined with the
direct, unseparated effluent of one of the reactor
trains upstream of the separator-blending vessel that
recovers the monomer of the direct reactor effluent as
a supernatant and the in-line polymer blend as the
bottom phase. In this particular embodiment, one of
the separators serves as a separatorblender, while the
rest of the separators serve as separator-buffers.
[00213] In another embodiment of the processes
disclosed herein, polymer additives may be added to
the iPP-EP copolymer blend at ratios of up to 40 wt%,
or up to 30 wt% , or up to 20 wt%, or up to 10 wt%, or
up to 5 wt% to further improve product quality and
product properties. Exemplary, but not limiting
polymer additives, include specialty polymers
including polar polymers, waxes, polyalfaolefins,
antioxidants, plasticizers, clarifiers, slip agents,
flame retardants, heat and uv stabilizers,
antiblocking agents, fillers, reinforcing fibers,
antistatic agents, lubricating agents, coloring
agents, foaming agents, tackifiers, organically
modified clays such as are available from Southern
Clay, and masterbatches containing above components.
Hence, one or more polymer additive storage tanks
containing liquid, molten, or dissolved polymer
components and polymer additives may be added to the
processes disclosed herein. If solvent(s) is used in
these polymer additive storage tanks, it may be
advantageously the same as used in the polymerization
reactors previously described in order to avoid an
increase in separation costs in the solvent recovery
and recycle section of the process. For example, when
the polymer synthesis process is performed in
supercritical propylene, the off-line produced polymer
additives may also be advantageously dissolved in
supercritical propylene. However, other solvent(s) or
solvent-free introduction may be used with the polymer
additives. Solvent-free introduction of the polymer
additive components may be used when the additive
component isbrought into its molten state or when the
additive component is a liquid at ambient
temperatures. [00214] The homogeneous supercritical
polymerization and the solution polymerization
processes are particularly suitable for providing the
product polymer in a dissolved fluid state. In one
particular embodiment, the supercritical
polymerization process is performed in the substantial
absence of an inert solvent/diluent (bulk homogeneous
supercritical polymerization) and provides the product
in a dissolved supercritical state for the downstream
in-line separationblending process. More particularly,
the supercritical polymerization of propylene is
performed in the substantial absence of an inert
solvent/diluent (bulk homogeneous supercritical
propylene polymerization) and provides the product in
a dissolved supercritical state for the downstream
in-line separation-blending process. [00215] The total
amount of inert solvents is generally not more than 40
wt% in the reactor feeds of the invention process. In
some embodiments, where the feed essentially comprises
the monomer or monomer blend, like for example, bulk
slurry, or bulk supercritical, or bulk solution
polymerizations, the minimization of solvent use is
desired to reduce the cost of monomer recycling. In
these cases, the typical solvent concentration in the
reactor feed is often below 40 wt%, or below 30 wt%,
or below 20 wt%, or below 10 wt%, or below 5 wt%, or
even below 1 wt%. In one form disclosed herein, the
polymerization system comprises less than 20 wt%
aromatic hydrocarbons and advantageously less than 20
wt% toluene. In another form disclosed herein, the
polymerization system comprises less than 40 wt%, or
less than 30 wt%, or less than 20 wt% saturated
aliphatic hydrocarbons and advantageously less than 40
wt%, or less than 30 wt%, or less than 20 wt% of
decanes, or nonanes, or octanes, or heptanes, or
hexanes, or pentanes, or butanes, or propane, or their
mixtures.FLUID PHASE IN-LINE BLENDING PROCESS
CONFIGURATION [00216] The fluid phase in-line iPP-EP
copolymer blending process disclosed herein may have
different detailed process configurations. For
example, the number of parallel reactor trains and
their configurations in the parallel reactor bank may
be varied. Typically, each reactor train serves to
produce either the iPP or the EP copolymer blend
component. A given train of the parallel reactor bank
may be configured as a single reactor or two or more
reactors in series. From a practical commercial plant
design standpoint, however, there should be a minimum
number of reactors for a given train of the parallel
reactor bank in order to make a given polymer blend
component. Generally, not more than ten series
reactors are utilized and more particularly not more
than three series reactors are generally utilized in a
given reactor train. The number of parallel trains in
the parallel reactor bank may be two, three, four or
five or more. The number of reactors in the parallel
reactor bank may be any number, although for economic
reasons the number of reactors should be maintained as
low as the desired product grade slate and plant
capacity allows. The optimum number of parallel
reactor trains (also referred to as legs of the
reactor bank) may be determined by standard chemical
engineering optimization methods well known in the
art. Most typically, the polymerization-blending plant
will have two or three parallel polymerization reactor
trains or legs in the reactor bank producing product
blends with the corresponding number of in-line
polymer blend components. However, more than three
parallel reactors/legs may be employed if the
production of the target product blends so requires.
Besides the in-line polymer blend components, the
final polymer blends often contain additives and
modifiers that are not produced within the same
polymerization process. Therefore, it should be
understood that the number of components in the final
product blend typically is higher than the number of
reactor trains or the number of in-line polymer blend
components.[00217] The fluid phase in-line iPP-EP
copolymer blending process disclosed herein may also
optionally incorporate other polymers, and polymer
additives that were produced outside the reactor bank
of the processes disclosed herein. The optional other
polymer and polymer additive components may first be
transferred into solution or molten fluid state before
being blended with the in-line produced polymer blend
components. These other polymer and polymer additive
components may be stored in polymer additive storage
tanks containing liquid, molten, or dissolved polymer
components and polymer additives prior to being
transferred and metered to the separation-blending
vessel or to a mixing point upstream or downstream of
the separation-blending vessel. Polymer and polymer
additive components may be accurately metered to the
blending vessel or to another mixing point by one or
more pumps or if the downstream pressure' is lower,
through the use of one or more pressure letdown
valves. The optional additives and modifiers can be
mixed into the product upstream of or directly in the
separator-blending vessel or downstream of the
separator-blending vessel of the processes disclosed
herein. In order to simplify monomer treatment in the
monomer recycle train and thus to reduce the cost of
monomer recycle, it is often advantageous to add the
additives and modifiers downstream of the
separatorblending vessel. In such embodiments, the
additives and modifiers may be mixed with the in-line
produced polymer blend in dedicated pieces of
equipment or in the hardware of the product finishing
section of the processes disclosed herein, for
example, in the devolatizer extruders. [00218]
Referring to FIG. 2, in one exemplary embodiment of
the fluid phase in-line iPP-EP copolymer blending
process disclosed herein, the effluents of all
parallel reactor trains in the reactor bank are
brought into a single separatorblending vessel (also
referred to as a high-pressure separator). The
separatorblender separates some or most of the low
molecular weight components, such as monomer(s),
optional solvent(s), and product lights (monomer-rich
phase) from the polymer-rich phase, but also blends
the iPP and EP copolymer blendcomponents made in
different reactor trains of the invention process
forming a polymer-rich blend effluent. This mode is
also referred to as single separation vessel
operation. The number of reactor trains in the
parallel bank may be 2, 3, 4, and up to n. The
effluents of the different reactor trains and thus the
individual polymer components are combined upstream of
the separation vessel after individual pressure let
down valves, which function to bring the reactor train
effluents to the common pressure of the
separator-blending vessel. Catalyst killing agent(s)
may be optionally introduced prior to or into the
separatorblending vessel to minimize further
polymerization outside the polymerization reactors.
Optionally, one or more static mixers positioned
before the separatorblending vessel, but downstream of
the mixing point, may also be utilized to enhance
mixing between the reactor train effluents.
Optionally, some or all reactor train effluents may be
heated before the pressure letdown (not shown in FIG.
2) in order to maintain the temperature in the
downstream lines and in the separation-blending vessel
at the desired value, i.e., above the solid-fluid
phase transition temperature of the polymer-rich phase
of the separator-blender, but below the cloud point of
the combined effluents entering the separator-blending
vessel to allow the formation of a polymer-rich denser
fluid phase and a monomer-rich lighter fluid phase.
[00219] After the combined reactor train effluent
streams enter the separatorblending vessel, monomer
recycle (monomer-rich phase) emerges from the top of
the separator-blending vessel and a polymer-rich blend
emerges from the bottom of the vessel. The
polymer-rich blend may then be conveyed to a
downstream finishing stage for further monomer
stripping, drying and/or pelletizing. As described
earlier, modifiers and additives may also be
introduced either before or into the
separator-blending vessel or downstream of it. A
downstream introduction of these modifiers and
additives typically simplifies monomer recycle, and is
thus advantageous. In this embodiment, the single
separatorblending vessel serves as both a separator
and a blender. One advantage of thisexemplary
embodiment is the utilization of a single
separator-blending vessel, which provides for process
simplicity because it functions for both separation
and blending purposes. One disadvantage of this
exemplary embodiment is that because all reactor train
effluent streams are combined, the recovered monomer
stream from the separator-blending vessel may need to
be separated prior to recycle to the individual
reactor trains in the parallel bank of reactors. In
summary, this embodiment may be simpler and thus lower
cost in the separator section, but may be more costly
in the monomer separation and recycling loop section
of the process. [00220] FIG. 3 depicts an alternative
exemplary embodiment of the fluid phase in-line iPP-EP
copolymer blending process disclosed herein in which
each reactor train has a dedicated separator vessel
with the exception of one reactor effluent train where
all polymer-rich phases from the other reactors are
combined in a high-pressure separator that also serves
as a blending vessel (also referred to as multiple
separation vessel operation). In this embodiment, for
all but one of the reactor trains (all but train n in
FIG. 3), the single-stream high-pressure separator
serves as a separator to separate a polymer-enriched
phase from a monomer-rich phase in the reactor
effluent stream. In order to keep the content of low
molecular weight components higher and thus to keep
the viscosity of the polymer-enriched phase lower, the
single-stream high-pressure separators dedicated to
the individual reactor trains often operate at a
somewhat higher pressure than the one downstream
high-pressure separator that serves both as a
separator and as a blender (separator-blender).
Therefore, there is an optional pressure letdown
between these separators and the separator-blender.
For the one high-pressure separator
(separator-blender) where the other polymer-rich
phases are combined and the reactor train effluent
from one of the reactor trains is introduced (reactor
train n in FIG. 3), the separator serves both iPP-EP
copolymer blending and product-feed separating
functions. Catalyst killing agent may be optionally
introduced prior to or into each separator vessel,
including the separator-blenderto minimize further
polymerization outside the polymerization reactors.
Optionally, one or more static mixers positioned
before the separator-blending vessel, but downstream
of the mixing point may be utilized to enhance mixing
between the polymer-rich phases of the reactor trains
and the reactor train effluent of the reactor train
associated with the separator-blender. Optionally,
some or all reactor train effluents may be heated
before the first pressure letdown (not shown in FIG.
3) in order to maintain the temperature in the
downstream lines and in the separators, including the
separation-blending vessel, at the desired value,
i.e., above the solid-fluid phase transition
temperatures of the polymer-rich phases but below the
cloud point of the streams entering the separators,
including the separator-blender, to allow the
formation of polymer -enriched or polymer-rich denser
fluid phases and monomer-rich lighter fluid phases.
The process of this embodiment may be advantageous in
the production of polymer blends that include
different homopolymers or homopolymer(s) and
copolymer(s) as blend components. In this embodiment,
the homopolymerization train(s) has/have its (their)
own separator(s) and the copolymerization train (or
one of the copolymerization trains in case of more
than one copolymer trains used) serves as a blender.
The monomer(s) recovered in the separator(s) dedicated
to individual reactor train(s) may be recycled to the
corresponding reactor train(s) without the complex
separation from other monomers as was associated with
single 



separation-blending vessel operation previously
described. Hence, one advantage of this embodiment is
that monomer recycle is simplified and thus affords
lower cost in the monomer recycle loop. While multiple
separation vessel operation increases cost in the
separator section, it adds flexibility in the monomer
recycle loops. In summary, this embodiment may be more
complicated and higher cost in the separator section,
but may be simpler in the monomer recycle loops.
[00221] Since both embodiments of FIG. 2 and 3 serve
the same function of polymer blending and separation
of the polymer-rich from the monomer-rich phases, the
choice between them is driven by the economics of a
given plantproducing a given product slate and may be
determined by standard engineering optimization
techniques known in the art. [00222] FIG. 4 presents
another alternative exemplary embodiment of the fluid
phase in-line iPP-EP copolymer blending process
disclosed herein in which is provided a dedicated
buffer tank in which no phase separation occurs for
each reactor train and in which the reactor train
effluents are combined in a single separator-blending
vessel (also referred to as single separation vessel
operation with buffer tanks). Each of the n parallel
polymerization reactor trains in the reactor bank is
provided with its own buffer tank to enable the
fine-tuning of the mixing ratio of the blend
components. Pressure let down valves may be positioned
on the inlet and outlet side of each buffer tank to
control the in-line polymer blend component flow.
Optionally, the reactor effluents may be heated to
maintain the desired temperature in the downstream
separator-blender as described above. Catalyst killing
agent may be optionally introduced prior to or into
each buffer tank to minimize further polymerization
outside the polymerization reactors. Optionally, one
or more static mixers positioned after the mixing
point but before the separation vessel for blending
may be utilized to enhance mixing between the reactor
effluents being fed from the buffer tanks. In
comparison to the single separation vessel operation
of FIG. 2, this alternative exemplary embodiment
allows for more precise control of the blend ratio and
quality but without the benefit of dedicated monomer
recovery provided by the configuration depicted in
FIG. 3. As previously discussed, this embodiment may
improve the control of product blend ratio and hence
product quality, but its buffer capacity may be
limited. [00223] An alternative design employing
buffering capability is depicted in FIG. 5. FIG. 5, a
variation of the multiple separation vessel operation
depicted in FIG. 3, and an advantageous version of the
buffer-only operation shown in FIG. 4, presents yet
another alternative exemplary embodiment of the fluid
phase in line iPP-EP copolymer blending process
disclosed herein. In this exemplaryembodiment the
single-stream high-pressure separators dedicated to
the individual reactor trains also serve as buffer
tanks. Referring to FIG. 5, for all reactor trains but
n, the reactor train effluent is fed to a dual-purpose
separator-buffer for both separation of the
polymer-rich phase from the supernatant monomer-rich
phase and storage of polymer-rich phase prior to
conveyance to a downstream blending separator. These
single-stream separators dedicated to individual
reactor trains afford buffering by allowing the level
of the denser polymer-rich phase to move between an
upper and a lower limit. This buffer capacity allows
for the correction in the potential fluctuations in
the production rates of the individual in-line blend
components and thus provides a means for a more
precise control of the polymer blend ratio. For
reactor train n, the high-pressure separator
(separator-blender) functions to separate the
polymer-rich phase from the monomer-rich phase for the
reactor effluent from reactor n and also to blend the
polymer-rich phases from all reactors (1, 2, through n
in FIG. 5). From a blend control point of view, there
is no buffering for the in-line component n, and thus
all other blend component flows to the
separator-blending vessel, and ultimately their
production rates, are controlled by the production
rate in reactor train n in order to maintain the
desired blend ratios. Catalyst killing agent may be
optionally introduced prior to or into each separator
vessel to minimize further polymerization within the
separator. Optionally, one or more static mixers
positioned before the separation vessel for blending
may be utilized to enhance mixing between polymer-rich
phases of the reactors and the reactor effluent of the
reactor associated with the blending separator. For
heat and pressure management, the same considerations,
configurations, and controls may be applied as
described for the previous embodiments. As in all
process configurations, optional modifiers and
additives may be introduced either prior or into the
separator-blending vessel or downstream of it. [00224]
FIG. 6 presents yet another exemplary embodiment of
the fluid-phase in-line iPP-EP copolymer blending
process disclosed herein in which one of theparallel
polymerization trains (train 1 in FIG. 6) produces the
polymer blending component (iPP or EP copolymer) in
the form of solid pellets, i.e. operates in the slurry
polymerization regime. Thus in order to bring the
polymer into a dissolved state before in-line
blending, the reactor effluent is brought into a
heated stirred vessel. In order to keep the entire
reactor effluent in a dense fluid phase, the pressure
of the reactor effluent is increased by a slurry pump.
Slurry polymerization typically operates at lower
temperatures than supercritical and solution
polymerizations and thus may afford products with
higher molecular weight and melting peak temperatures,
which may provide advantages in certain polymer blend
applications. However, the dissolution of polymer
pellets adds cost and tends to be prone to fouling and
other operational issues. Other aspects of the in-line
blending process disclosed herein, such as catalyst
killing, additive blending, heat and pressure
management, as described in the previously described
embodiments, apply hereto as well. [00225] FIG. 7
presents still yet another exemplary embodiment of the
fluid phase in-line iPP-EP copolymer blending process
disclosed herein in which one or more optional polymer
and/or more polymer additive storage tanks may be
added to the process for the storage and metering of
other fluid polymers and polymer additives to the
blending vessel. Optional pump(s) may be used to
convey the polymer(s) or polymer additive(s) to the
separator vessel for blending. Note that FIG. 7
presents the particular embodiment wherein the one or
more optional polymer and/or more polymer additive
storage tanks are added to the single
separation-blending vessel operation with buffer tanks
configuration of FIG. 4. However, the one or more
optional polymer and/or one or more polymer additive
storage tanks may be added to the processes depicted
in FIG. 2, FIG. 3, and FIG. 5 without deviating from
the spirit of the fluid phase in-line blending process
disclosed herein. Similarly, optional off-line
produced polymers, modifiers and additives may be
introduced in any part of the polymer finishing
section or in a dedicated section prior to the product
finishing section of the process disclosedherein.
Other aspects of the in-line blending process
disclosed herein, such as catalyst killing, additive
blending, heat and pressure management, as described
in the previously described embodiments, apply hereto
as well. [00226] As will be appreciated by one skilled
in the art of chemical engineering, the process
schematic details of the design of the fluid phase
in-line blending process in terms of reactor
configuration, separator configuration, valving, heat
management, etc. may be set differently without
deviating from the spirit of the fluid-phase in-line
blending process disclosed herein. The choice between
different embodiments of the processes disclosed
herein will be driven by product performance
requirements and process economics, which can be
readily determined by standard engineering techniques.
However, the in-line blending processes disclosed
herein are advantageous relative to the prior art by
the virtue of reduced blending cost due to savings in
investment and operation costs, and enabling
well-controlled and cost-effective molecular-level
blending to yield enhanced polymer blend performance.
[00227] The processes disclosed herein provide an
effective recycle pathway for homogeneous
supercritical olefin polymerization, an example of
which is bulk homogeneous supercritical propylene
polymerization (SCPP). As will be discussed in more
detail below, the efficient separation of monomer and
polymer is achieved by advantageously utilizing the
cloud point pressure and temperature relationships for
the relevant (polymer/olefinic monomer) or
(copolymer/olefinic monomer blend); e.g.
(polypropylene/propylene monomer), (ethylene-propylene
copolymer/ethylene-propylene monomer blend), etc.
mixtures. [00228] For illustration, cloud point curves
are shown in FIGS. 8 to 22 for three different
polypropylene samples having different molecular
weights and crystallinities dissolved in propylene (at
18 wt%). (Achieve 1635 PP is a commercially available
metallocene-catalyzed isotactic polypropylene having a
Melt Flow Rate, MFR, (I10/I2-ASTM 1238, 2300C, 2.16
kg) of 32 g/10 minavailable from ExxonMobil Chemical
Company, Houston, Texas. ESCORENE PP 4062 is a
commercially available isotactic polypropylene having
an MFR of 3.7 g/10 min, available from ExxonMobil
Chemical Company, Houston, Texas. PP 45379 is an
isotactic polypropylene having an MFR of 300 dg/min
produced using a supported metallocene in a slurry
polymerization process. Monomer Recycle To Parallel
Reactor Trains : [00229] As disclosed in U.S. Patent
Application No. 60/905,247, filed on March 6, 2007,
incorporated herein in its entirety by reference, some
forms of the present disclosure also provide for
simplified recycle methods for the monomers emerge
unconverted from the parallel reactor trains. In
particular, the simplified monomer recycle methods are
applicable for use with said fluid-phase in-line
polymer blending processes in which each monomer
component fed to a first group of one or more reactor
trains of the said in-line blending processes (GJ) is
also present in the feed of a second group of one or
more trains of the said in-line blending processes
(G2) so that when the monomer pool of the said first
group of trains (Gl) is combined with the monomer pool
of the second group of trains (G2), the said combined
monomer pool and the monomer pool of the second group
of trains (G2) are the same. Stating it differently,
when the effluents (or reduced effluent streams
derived from the effluents) of the said first group of
reactor trains (Gl) are combined with the effluents of
the said second group of reactor trains (G2), the
combined effluent stream essentially contains only
monomers that are present in the feed of the said
second group of reactor trains (G2). Stating it yet
another way, the effluents (or reduced effluent
streams derived from the effluents) of the said first
group of reactor trains (Gl) essentially do not
introduce new monomer components into the recycled
effluents of said second group of reactor trains (G2)
when the effluent streams of Gl and G2 are combined.
In a mathematical form, these conditions can be
described as follows: N(Gl +G2) =N(G2) and N(Gl)
N(G2)where N(Gl +GI) is the number of monomers in the
combined monomer pool of the first and second group of
reactor trains of the in-line fluid phase polymer
blending process; N(Gl) and N(G2) are the number of
monomers in the monomer pool of the first (G/) and
second (GI) group of reactor trains of the in-line
fluid phase polymer blending process, respectively.
The monomer pools present in the individual reactor
trains of Gl can be the same or different. However,
the monomer pools present in the individual reactor
trains of G2 are always the same, although the monomer
concentrations or monomer ratios may be different (but
may also be the same). The number of reactor trains
both in the first and in the second groups of reactor
trains (Gl and GI) can be one or more than one. In
practice, the number of reactor trains belonging to
the first group of reactor trains of the in-line fluid
phase polymer blending process (Gl) can be one, two,
three, four, five, or more. Similarly, the number of
reactor trains belonging to the second group of
reactor trains of the in-line fluid phase polymer
blending processes (GI) can also be one, two, three,
four, five, or more. It should be understood that as
all reactor trains of the in-line fluid phase polymer
blending processes disclosed herein, the one or more
reactor trains of Gl are configured in parallel
relative to the one or more reactor trains of GI The
Gl and G2 reactor trains are also fluidly connected to
one another. When the above-stated conditions for the
monomer pools are met in the in-line fluid phase
polymer blending processes disclosed herein, the
simplified monomer recycle methods disclosed in U.S.
Patent Application No. 60/905,247 are applicable to
the present disclosure. In all embodiments of the
simplified recycle processes, the monomer recycle
streams recovered from the product streams of Gl
before mixing them with any of the effluents of G2 are
recycled to Gl while the monomer recycle streams
recovered from the mixed polymer-containing streams of
Gl and G2 are recycled to G2. Since the mixed streams
that contain monomers originated both from Gl and G2
are recycled to G2, the simplified monomer recycle
methods also ensure that the monomer component recycle
rates in the recycle stream originated from the
combined Gl and G2 product-containing streams and sent
to G2 are nothigher than the desired monomer component
flow rates in the composite feed of G2. [00230] The
simplified recycle methods described above and in U.S.
Patent Application No. 60/905,247 are particularly
advantageous to the in-line blending processes for
producing iPP and EP copolymer blends disclosed herein
because the propylene monomer is present in each of
the two or more parallel reactor trains. For example,
if one parallel reactor train polymerizes isotactic
polypropylene, and a second parallel reactor train
polymerizes ethylene-propylene copolymer, the
unreacted propylene monomer from the first reactor
train may be combined with the unreacted propylene and
ethylene monomers from the second parallel reactor
train and recycled back to the second parallel reactor
train using the simplified monomer recycle methods
disclosed herein. ISOTACTIC PP AND EP COPOLYMER
CATALYST SYSTEM OVERVIEW [00231] The in-line process
for blending iPP and EP copolymer blend components
disclosed herein may utilize any number of catalyst
systems (also referred to as catalysts) in any of the
reactors of the polymerization reactor section of the
process. The in-line process for blending polymers
disclosed herein may also utilize the same or
different catalysts or catalyst mixtures in the
different individual reactors of the reactor bank of
the present invention. It should be understood that by
using different catalyst systems we mean that any part
of the catalyst system can vary and any combination is
allowed. For example, the invention process may use
unsupported catalyst systems in some trains while
using supported catalyst systems in other trains. In
other embodiments, the catalyst systems in some
reactor trains may comprise aluminoxane (for example,
MAO) activator, while comprising non-coordinating
anion activators in some other trains. In another
embodiments, the catalyst systems in some reactor
trains may comprise Ziegler-Natta catalysts, while the
catalyst systems in other reactor trains of the
invention process may comprise metallocenes or
nonmetallocenemetal-centered, heteroaryl ligand
catalyst compounds (where the metal is chosen from the
Group 4, 5, 6, the lanthanide series, or the actinide
series of the Periodic Table of the Elements)
activated by aluminoxane or non-coordinating anion
activators or any combinations thereof. While the
number of different catalyst systems deployed in the
invention processes can be any number, the use of no
more than five different catalysts and more
particularly, no more than three different catalysts
in any given reactor is advantageous for economic
reasons. The deployment of no more than ten catalysts
or the deployment of no more than six catalysts in the
reactor bank of the polymerization process is
advantageous for economic reasons. The one or more
catalysts deployed in the reactors may be
homogeneously dissolved in the fluid reaction medium
or may form a heterogeneous solid phase in the
reactor. In one particular embodiment, the catalyst(s)
is (are) homogeneously dissolved in the fluid reaction
medium. When the catalyst is present as a solid phase
in the polymerization reactor, it may be supported or
unsupported. [00232] The process disclosed herein may
use any combination of homogeneous and heterogeneous
catalyst systems simultaneously present in one or more
of the individual reactors of the polymerization
reactor section, i.e., any reactor of the
polymerization section of the present invention may
contain one or more homogeneous catalyst systems and
one or more heterogeneous catalyst systems
simultaneously. The process disclosed herein may also
use any combination of homogeneous and heterogeneous
catalyst systems deployed in the polymerization
reactor section. These combinations comprise scenarios
when some or all reactors use a single catalyst and
scenarios when some or all reactors use more than one
catalyst. The one or more catalysts deployed in the
process disclosed herein may be supported on
particles, which either can be dispersed in the fluid
polymerization medium or may be contained in a
stationary catalyst bed. When the supported catalyst
particles are dispersed in the fluid reaction medium,
they may be left in the polymeric product or may be
separated from the productprior to its crystallization
from the fluid reactor effluent in a separation step
that is downstream of the polymerization reactor
section. If the catalyst particles are recovered, they
may be either discarded or may be recycled with or
without regeneration. [00233] The catalyst may also be
supported on structured supports, such as for example,
monoliths comprising straight or tortuous channels,
reactor walls, and internal tubing. When the catalysts
are supported, operation may take place on dispersed
particles. When the catalyst is supported on dispersed
particles, operations may take place without catalyst
recovery i.e., the catalyst is left in the polymeric
product. In another embodiment, unsupported catalysts
may be dissolved in the fluid reaction medium. [00234]
Catalyst systems may be introduced into the reactor by
any number of methods. For example, the catalyst may
be introduced with the monomercontaining feed or
separately. Also, the catalyst(s) may be introduced
through one or multiple ports to the reactor. If
multiple ports are used for introducing the catalyst,
those ports may be placed at essentially the same or
at different positions along the length of the
reactor. If multiple ports are used for introducing
the catalyst, the composition and the amount of
catalyst feed through the individual ports may be the
same or different. Adjustment in the amounts and types
of catalyst through the different ports enables the
modulation of polymer properties, such as for example,
molecular weight distribution, composition,
composition distribution, and crystallinity. [00235]
FIG. 24 is a plot of turnover frequency as a function
of catalyst concentration in homogeneous supercritical
propylene polymerization with MAO-activated
(m-dimethylsilyl)bis(2-methyl-4-phenylindenyl)zirconiu
m dichloride (Q-Zr-MAO) at 120-1300C and 10 or 20 kpsi
total pressure. The figure shows that turnover
frequency independent of catalyst concentration
suggesting first kinetic order for catalyst in
homogeneous supercritical propylenepolymerization with
MAO-activated (m-dimethylsilyl)bis(2-methyl-
4-phenylindenyl)zirconium dichloride (Q-Zr-MAO).
Stated differently, the monomer conversion rate is
proportional to the concentration of the metallocene
component (expressed as Zr-concentration) of the
catalyst system comprising the
(m-dimethylsilyl)bis(2-methyl-4-phenylindenyl)zirconiu
m dichloride catalyst precursor compound and the MAO
activator (the latter employed in a 400:1 Al/Zr
ratio). Catalyst Compounds and Mixtures: [00236] The
processes described herein may use any polymerization
catalyst capable of polymerizing the monomers
disclosed herein if that catalyst is sufficiently
active under the polymerization conditions disclosed
herein. Thus, Group-3-10 transition metals may form
suitable polymerization catalysts. A suitable olefin
polymerization catalyst will be able to coordinate to,
or otherwise associate with, an alkenyl unsaturation.
Illustrative, but not limiting, olefin polymerization
catalysts include Ziegler-Natta catalyst compounds,
metallocene catalyst compounds, late transition metal
catalyst compounds, and other nonmetallocene catalyst
compounds. [00237] Distinction should made between
active catalysts, also referred to as catalyst systems
herein, and catalyst precursor compounds. Catalyst
systems are active catalysts comprising one or more
catalyst precursor compounds, one or more catalyst
activators, and optionally, one or more supports.
Catalytic activity is often expressed based on the
concentration of the catalyst precursor compounds
without implying that the active catalyst is the
precursor compound alone. It should be understood that
the catalyst precursor is inactive without being
contacted or being treated with a proper amount of
activator. Similarly, the catalyst activator is
inactive without combining it with a proper amount of
precursor compound. As will become clear from the
following description, some activators are very
efficient and can be used stoichiometrically, while
some othersare used in excess, and in sometimes large
excess, to achieve high catalytic activity as
expressed based on the concentration of the catalyst
precursor compounds. Since some of these activators,
for example methylaluminoxane (MAO), increase
catalytic activity as expressed based on the
concentration of the catalyst precursor compounds,
they are sometimes referred to as "cocatalysts" in the
technical literature of polymerization. [00238] As
disclosed herein, Ziegler-Natta catalysts are those
referred to as first, second, third, fourth, and fifth
generation catalysts in the PROPYLENE HANDBOOK, E.P.
Moore, Jr., Ed., Hanser, New York, 1996. Metallocene
catalysts in the same reference are described as sixth
generation catalysts. One exemplary non-metallocene
catalyst compound comprises nonmetallocene
metalcentered, heteroaryl ligand catalyst compounds
(where the metal is chosen from the Group 4, 5, 6, the
lanthanide series, or the actinide series of the
Periodic Table of the Elements). [00239] Just as in
the case of metallocene catalysts, these
nonmetallocene metal-centered, heteroaryl ligand
catalyst compounds are typically made fresh by mixing
a catalyst precursor compound with one or more
activators. Nonmetallocene metal-centered, heteroaryl
ligand catalyst compounds are described in detail in
PCT Patent Publications Nos. WO 02/38628, WO 03/040095
(pages 2 1 to 51), WO 03/040201 (pages 3 1 to 65), WO
03/040233 (pages 23 to 52), WO 03/040442 (pages 2 1 to
54), WO 2006/38628, and U.S. Patent Application Serial
No. 11/714,546, each of which is herein incorporated
by reference. [00240] Particularly useful metallocene
catalyst and non-metallocene catalyst compounds are
those disclosed in paragraphs [0081] to [01 11] of
U.S. Serial No. 10/667585 and paragraphs [0173] to
[0293] of U.S. Serial No. 11/177004, the paragraphs of
which are herein incorporated by reference.[00241] An
exemplary family of suitable catalysts for producing
both the iPP and EP blend components is known in the
art as bridged bisindenyl metallocenes. As described
by many papers (see for example, W. Spaleck et al.,
Organometallics, 13 (1994) 954, W. Spaleck et al.,
"New Isotactic Polypropylenes via Metallocene
Catalysts" in Ziegler Catalysts,
Fink/Mulhaupt/Brintzinger, Eds., Springer, Berlin,
1995, and L. Resconi et al., J. Am Chem. Soc. 120
(1998) 2308). This family of metallocene catalysts can
provide both high and low stereo regularity for
propylene incorporation depending on the substitution
on the bisindenyl scaffold. For example, the
unsubstituted parent (such as for example, the Hf
version, dimethyl (m-dimethylsilyl)bis(indenyl)hafnium
activated by MAO or borate non-coordinating anion
activators) may provide for low stereoregularity, and
thus reduced crystallinity, while some substituted
derivatives, particularly the 2,4-substituted versions
(such as, for example, the Zr version, dimethyl
(m-dimethylsilyl)bis(2-methyl-4-naphthylindenyl)zircon
ium), afford high stereoregularity. The latter thus is
particularly useful for producing highcrystallinity
iPP blend components. [00242] The processes disclosed
herein can employ mixtures of catalyst compounds to
tailor the properties that are desired from the
polymer. Mixed catalyst systems prepared from more
than one catalyst precursor compounds can be employed
in the in-line blending processes to alter or select
desired physical or molecular properties. For example,
mixed catalyst systems can control the molecular
weight distribution of isotactic polypropylene when
used with the invention processes or for the invention
polymers. In one embodiment of the processes disclosed
herein, the polymerization reaction(s) may be
conducted with two or more catalyst precursor
compounds at the same time or in series. In
particular, two different catalyst precursor compounds
can be activated with the same or different activators
and introduced into the polymerization system at the
same or different times. These systems can also,
optionally, be used with dieneincorporation to
facilitate long chain branching using mixed catalyst
systems and high levels of vinyl terminated polymers.
[00243] As disclosed herein, two or more of the above
catalyst precursor compounds can be used together.
Activators and Activation Methods for Catalyst
Compounds: [00244] The catalyst precursor compounds
described herein are combined with activators for use
as active catalysts herein. [00245] An activator is
defined as any combination of reagents that increases
the rate at which a metal complex polymerizes
unsaturated monomers, such as olefins. An activator
may also affect the molecular weight, degree of
branching, comonomer content, or other properties of
the polymer. A. Aluminoxane and Aluminum Alkyl
Activators: [00246] In one form, one or more
aluminoxanes are utilized as an activator in the
in-line blending processes disclosed herein. Alkyl
aluminoxanes, sometimes called aluminoxanes in the
art, are generally oligomeric compounds containing
-Al(R)-O-- subunits, where R is an alkyl group.
Examples of aluminoxanes include methylaluminoxane
(MAO), modified methylaluminoxane (MMAO),
ethylaluminoxane and isobutylaluminoxane.
Alkylaluminoxanes and modified alkylaluminoxanes are
suitable as catalyst activators, particularly when the
abstractable ligand is a halide. Mixtures of different
aluminoxanes and modified aluminoxanes may also be
used. For further descriptions, see U.S. Patent Nos.
4,665,208, 4,952,540, 5,041,584, 5,091,352, 5,206,199,
5,204,419, 4,874,734, 4,924,018, 4,908,463, 4,968,827,
5,329,032, 5,248,801, 5,235,081, 5,157,137, 5,103,031
and European and PCT Patent Publication Nos. EP 0 561
476 Al, EP 0 279 586 Bl, EP 0 516 476 A, EP 0 594 218
Al and WO 94/10180, all of which are herein
incorporated by reference in their entirety.[00247]
When the activator is an aluminoxane (modified or
unmodified), some embodiments select the maximum
amount of activator at a 5000-fold molar excess Al/M
over the catalyst compound (per metal catalytic site).
The minimum activator-to-catalyst-compound is
typically a 1:1 molar ratio. B. Ionizing Activators:
[00248] It is contemplated to use an ionizing or
stoichiometric activator, neutral or ionic, such as
tri(n-butyl)ammonium tetrakis
(pentafluorophenyl)boron, a trisperfluorophenyl borone
metalloid precursor or a trisperfluoronaphtyl borone
metalloid precursor, polyhalogenated heteroborane
anions (PCT patent publication no. WO 98/43983), boric
acid (U.S. Patent No. 5,942,459) or combination
thereof as an activator herein. Also contemplated for
use herein are neutral or ionic activators alone or in
combination with aluminoxane or modified aluminoxane
activators. [00249] Examples of neutral stoichiometric
activators include tri-substituted boron, aluminum,
gallium and indium or mixtures thereof. The three
substituent groups are each independently selected
from alkyls, alkenyls, halogen, substituted alkyls,
aryls, arylhalides, alkoxy and halides. The three
groups are independently selected from halogen, mono
or multicyclic (including halosubstituted) aryls,
alkyls, and alkenyl compounds and mixtures thereof,
particularly advantageous are alkenyl groups having 1
to 20 carbon atoms, alkyl groups having 1 to 20 carbon
atoms, alkoxy groups having 1 to 20 carbon atoms and
aryl groups having 3 to 20 carbon atoms (including
substituted aryls). Alternately, the three groups are
alkyls having 1 to 4 carbon groups, phenyl, naphthyl
or mixtures thereof. Alternately, the three groups are
halogenated, advantageously fluorinated, aryl groups.
Alternately, the neutral stoichiometric activator is
trisperfluorophenyl boron or trisperfluoronapthyl
boron. [00250] Ionic stoichiometric activator
compounds may contain an active proton, or some other
cation associated with, but not coordinated to, or
onlyloosely coordinated to, the remaining ion of the
ionizing compound. Such compounds and the like are
described in European patent publication Nos. EP-A-O
570 982, EP-A-O 520 732, EP-A-O 495 375, EP-Bl-O 500
944, EP-A-O 277 003 and EP-A-O 277 004, and U.S.
Patent Nos. 5,153,157, 5,198,401, 5,066,741,
5,206,197, 5,241,025, 5,384,299 and 5,502,124 and U.S.
patent application No. 08/285,380, filed Aug. 3, 1994,
all of which are herein fully incorporated by
reference. C. Non-Ionizing Activators: [00251]
Activators are typically strong Lewis-acids which may
play either the role of ionizing or non-ionizing
activator. Activators previously described as ionizing
activators may also be used as non-ionizing
activators. [00252] Abstraction of formal neutral
ligand may be achieved with Lewis-acids that display
an affinity for the formal neutral ligand. These
Lewis-acids are typically unsaturated or weakly
coordinated. Examples of non ionizing activators
include R (R1 )3, where R10 is a group 13 element and
R1 1 is a hydrogen, a hydrocarbyl, a substituted
hydrocarbyl, or a functional group. Typically, R11 is
an arene or a perfluorinated arene. Non-ionizing
activators also include weakly coordinated transition
metal compounds such as low valent olefin complexes.
[00253] Non-limiting examples of non-ionizing
activators include BMe3, BEt3, B(iBu) 3, BPh3,
B(C6F5)3, AlMe3, AlEt 3, Al(JBu)3, AlPh3, B(C6F5)3,
aluminoxane, CuCl, Ni(l,5-cyclooctadiene) 2. [00254]
Additional neutral Lewis-acids are known in the art
and will be suitable for abstracting formal neutral
ligand. See in particular the review article by E.
Y.-X. Chen and T. J. Marks, "Cocatalysts for
Metal-Catalyzed Olefin Polymerization: Activators,
Activation Processes, and Structure- Activity
Relationships", Chem. Rev., 100, 1391-1434
(2000).[00255] Suitable non-ionizing activators
include R10 R 11 , where R10 is a group 13 element and
R1 1 is a hydrogen, a hydrocarbyl, a substituted
hydrocarbyl, or a functional group. Typically, R1 1 is
an arene or a perfluorinated arene. [00256] Other
non-ionizing activators include B(R 12)3, where R12 is
an arene or a perfluorinated arene. Alternately,
non-ionizing activators include B(C6Hs)3 and B(C6Fs)3.
Another non-ionizing activator is B(C6Fs)3.
Alternately, activators include ionizing and
non-ionizing activators based on perfluoroaryl borane
and perfluoroaryl borates such as PhNMe2H+ B(C6Fs)4 ,
(C6H5)3C+ B(C6F5 , and B(C6Fs)3. [00257] Additional
activators that may be used with the catalyst
compounds disclosed herein include those described in
PCT patent publication No. WO 03/064433Al, which is
incorporated by reference herein in its entirety.
[00258] Additional useful activators for use in the
processes disclosed herein include clays that have
been treated with acids (such as H2SO ) and then
combined with metal alkyls (such as triethylaluminum)
as described in US Patent No. 6,53 1,552 and EP Patent
No. 1 160 261 Al, which are incorporated by reference
herein. [00259] Activators also may be supports and
include ion-exchange layered silicate having an acid
site of at most -8.2 pKa, the amount of the acid site
is equivalent to at least 0.05 mmol/g of
2,6-dimethylpyridine consumed for neutralization.
Non-limiting examples include chemically treated
smectite group silicates, acid-treated smectite group
silicates. Additional examples of the ion-exchange
layered silicate include layered silicates having a
1:1 type structure or a 2:1 type structure as
described in "Clay Minerals (Nendo Kobutsu Gaku)"
written by Haruo Shiramizu (published by Asakura
Shoten in 1995). [00260] Examples of an ion-exchange
layered silicate comprising the 1: 1 layer as the main
constituting layer include kaolin group silicates such
as dickite,nacrite, kaolinite, metahalloysite,
halloysite or the like, and serpentine group silicates
such as chrysotile, lizaldite, antigorite or the like.
Additional nonlimiting examples of the ion-exchange
layered silicate include ion-exchange layered
silicates comprising the 2:2 layer as the main
constituting layer include smectite group silicates
such as montmorillonite, beidellite, nontronite,
saponite, hectorite, stephensite or the like,
vermiculite group silicates such as vermiculite or the
like, mica group silicates such as mica, illite,
sericite, glauconite or the like, and attapulgite,
sepiolite, palygorskite, bentonite, pyrophyllite,
talc, chlorites and the like. The clays are contacted
with an acid, a salt, an alkali, an oxidizing agent, a
reducing agent or a treating agent containing a
compound intercalatable between layers of an
ion-exchange layered silicate. The intercalation means
to introduce other material between layers of a
layered material, and the material to be introduced is
called as a guest compound. Among these treatments,
acid treatment or salt treatment is particularly
advantageous. The treated clay may then be contacted
with an activator compound, such as TEAL, and the
catalyst compound to polymerize olefins. [00261] In
another form, the polymerization systems comprise less
than 5 wt% polar species, or less than 4 wt%, or less
than 3 wt%, or less than 2 wt%, or less than 1 wt%, or
less than 1000 ppm, or less than 750 ppm, or less than
500 ppm, or less than 250 ppm, or less than 100 ppm,
or less than 50 ppm, or less than 10 ppm. Polar
species include oxygen containing compounds (except
for alumoxanes) such as alcohols, oxygen, ketones,
aldehydes, acids, esters and ethers. [00262] In yet
another form, the polymerization systems comprise less
than 5 wt% trimethylaluminum and/or triethylaluminum,
or less than 4 wt%, or less than 3 wt%, or less than 2
wt%, or less than 1 wt%, or less than 1000 ppm, or
less than 750 ppm, or less than 500 ppm, or less than
250 ppm, or less than 100 ppm, or less than 50 ppm, or
less than 10 ppm.[00263] In still yet another form,
the polymerization systems comprise methylaluminoxane
and less than 5 wt% trimethylaluminum and or
triethylaluminum, or less than 4 wt%, or less than 3
wt%, or less than 2 wt%, or less than 1 wt%, or less
than 1000 ppm, or less than 750 ppm, or less than 500
ppm, or less than 250 ppm, or less than 100 ppm, or
less than 50 ppm, or less than 10 ppm. [00264] The
in-line blending processes disclosed herein may use
finely divided, supported catalysts to prepare
propylene/ 1-hexene copolymers with greater than 1.0
mole% 1-hexene. In addition to finely divided
supports, in-line blending processes disclosed herein
may use fumed silica supports in which the support
particle diameter may range from 200 angstroms to 1500
angstroms, small enough to form a colloid with
reaction media. Catalyst Supports : [00265] In another
form, the catalyst compositions of fluid phase in-line
blending processes disclosed herein may include a
support material or carrier. For example, the one or
more catalyst components and/or one or more activators
may be deposited on, contacted with, vaporized with,
bonded to, or incorporated within, adsorbed or
absorbed in, or on, one or more supports or carriers.
[00266] The support material may be any of the
conventional support materials. In one form, the
supported material may be a porous support material,
for example, talc, inorganic oxides and inorganic
chlorides. Other support materials may include
resinous support materials such as polystyrene,
functionalized or crosslinked organic supports, such
as polystyrene divinyl benzene polyolefins or
polymeric compounds, zeolites, clays, or any other
organic or inorganic support material and the like, or
mixtures thereof. [00267] Useful support materials are
inorganic oxides that include those Group 2, 3, 4, 5,
13 or 14 metal oxides. In one form, the supports
include silica,which may or may not be dehydrated,
fumed silica, alumina (PCT patent publication No. WO
99/60033), silica-alumina and mixtures thereof. Other
useful supports include magnesia, titania, zirconia,
magnesium chloride (U.S. Patent No. 5,965,477),
montmorillonite (European Patent No. EP-Bl 0 5 11
665), phyllosilicate, zeolites, talc, clays (U.S.
Patent No. 6,034,187) and the like. Also, combinations
of these support materials may be used, for example,
silicachromium, silica-alumina, silica-titania and the
like. Additional support materials may include those
porous acrylic polymers described in European Patent
No. EP 0 767 184 Bl, which is incorporated herein by
reference. Other support materials include
nanocomposites as described in PCT WO 99/47598,
aerogels as described in WO 99/48605, spherulites as
described in U.S. Pat. No. 5,972,510 and polymeric
beads as described in WO 99/503 11, which are all
herein incorporated by reference. [00268] The support
material, for example an inorganic oxide, has a
surface area in the range of from about 10 to about
700 m2/g, pore volume in the range of from about 0 to
about 4.0 cc/g and average particle size in the range
of from about 0.02 to about 50 mm. Alternatively, the
surface area of the support material is in the range
of from about 50 to about 500 m2/g, pore volume of
from about 0 to about 3.5 cc/g and average particle
size of from about 0.02 to about 20 mm. In another
form, the surface area of the support material is in
the range is from about 100 to about 400 m2/g, pore
volume from about 0 to about 3.0 cc/g and average
particle size is from about 0.02 to about 10 mm.
[00269] Non-porous supports may also be used as
supports in the processes described herein. For
example, in a one embodiment the nonporous, fumed
silica supports described in U.S. Pat. No. 6,590,055
may be used and is incorporated by reference herein.
[00270] While supported catalysts may be used in the
disclosed in-line blending processes for making iPP-EP
blends, unsupported catalysts are moreadvantageous due
to their better handling properties under homogeneous
polymerization conditions. ISOTACTIC PP & EP COPOLYMER
POLYMERIZATION SCAVENGERS [00271] Compounds that
destroy impurities are referred to as scavengers by
one skilled in the art of polymerization. Impurities
may harm catalysts by reducing their activity.
Scavengers may be optionally fed to the reactor(s) of
the in-line blending process disclosed herein.
Catalytic activity may be defined many different ways.
For example, catalytic activity can be expressed as
turnover frequency, i.e., the number of moles of
monomers converted to the product in a unit time by
one mole of catalyst precursor employed in preparing
the active catalyst system. For a given reactor
operating at the same residence time, catalytic
activity may also be measured in terms of catalyst
productivity, customarily expressed as the weight of
polymer made by a unit weight of catalyst precursor
with or without the weight of the activator. [00272]
The scavengers for use in the processes disclosed
herein may be different chemical compound(s) from the
catalyst activator. Non-limiting exemplary scavengers
include diethyl zinc, and alkyl aluminum compounds,
such as trimethyl aluminum, triethyl aluminum,
tri-isobutyl aluminum, and trioctyl aluminum. The
scavenger may also be the same as the catalyst
activator and is generally applied in excess of what
is needed to fully activate the catalyst. These
scavengers include, but are not limited to,
aluminoxanes, such as methyl aluminoxane. The
scavenger may also be introduced to the reactor with
the monomer feed or with any other feed stream. In one
particular embodiment, the scavenger is introduced
with the monomer-containing feed. The scavenger may be
homogeneously dissolved in the polymerization reaction
medium or may form a separate solid phase. In one
particular embodiment, scavengers are dissolved in the
polymerization medium.ISOTACTIC PP AND EP COPOLYMER
POLYMERIZATION REACTOR CONFIGURATION [00273] The
polymerization processes of the fluid phase in-line
process for iPP and EP copolymer blending disclosed
herein may be carried out in two or more reactors
making the iPP and EP copolymer for downstream
blending. In one embodiment, PP homopolymer and EP
copolymer blends are made by using two reactor trains
in a parallel configuration. In another form, the PP
homopolymer and EP copolymer blends are made by using
three, or four, or five, or six reactor trains in a
parallel configuration. [00274] As previously
described, the in-line blending iPP and EP copolymer
blend components are produced in a reactor bank
composed of at least two parallel reactor trains. A
reactor train of the parallel reactor bank may include
one or more reactors that may be configured in series
configuration. The number of parallel reactors trains
or branches in a parallel bank may be any number, but
for practical reasons, is generally limited to less
than ten, alternatively not more than six parallel
reactor trains, alternatively not more than five or
not more than four reactor trains, alternatively not
more than three parallel reactor trains, and
alternatively not more than two parallel reactor
trains. The number of series cascade reactors
constituting a given reactor train or branch of a
parallel configuration may be any number, but for
practical reasons, is generally limited to not more
than ten reactors in series, alternatively not more
than six reactors in series, alternatively not more
than three reactors in series, and alternatively not
more than two reactors in series. [00275] In one
embodiment, the polymer-containing effluents from two
or more reactor trains configured in a parallel
configuration are combined yielding a polymer blend
comprising the polymeric products of the individual
reactors without first recovering the polymeric
products of the individual reactors in solid forms.
The two or more reactor trains constituting the
parallel configuration generally include a single
reactor, or alternatively, two or more reactors in
series.[00276] The reactors of the polymerization
system for the fluid phase in-line process for iPP and
EP copolymer blending disclosed herein may be stirred
or unstirred. When a reactor train comprises two or
more reactors, the members of the reactor train are
not necessarily constructed the same way, for example,
the individual members of a reactor train may be
stirred, unstirred, or a combination thereof. The
individual reactors may also be of equal or different
size. The same is true for the reactors in the entire
reactor bank. The optimal reactor configuration and
sizes may be determined by standard engineering
techniques known to those skilled in the art of
chemical engineering. [00277] Any type of
polymerization reactor may be deployed in the fluid
phase in-line process for blending disclosed herein.
The optimal reactor design may be determined by
standard engineering techniques known to those skilled
in the art of chemical engineering. Non-limiting
exemplary reactor designs include stirred tank with or
without an external loop, tubular reactor, and loop
reactor. The reactors may operate adiabatically or may
be cooled. The cooling may be achieved within the
reactor, or through the reactor jacket, or dedicated
heat exchange loops may be applied. ISOTACTIC PP AND
EP COPOLYMER POLYMERIZATION REACTORS [00278] The fluid
phase in-line process for iPP and EP copolymer
blending disclosed herein relates to processes to
polymerize isotactic polypropylene and EP copolymer
comprising contacting propylene, ethylene and optional
one or more C or higher olefins with suitable catalyst
compounds and activators in a fluid reaction medium
comprising one or two fluid phases in each parallel
reactor. The polymerization system for at least one
parallel reactor train producing either the iPP or EP
copolymer is in its supercritical state. Catalyst
compound and activator may be delivered as a solution
or slurry, either separately to the reactor, mixed in
line just prior to the reactor, or mixed and pumped as
an activated solution or slurry to the reactor. For a
given reactor train of the parallel
configuration,polymerizations may be carried out in
either single reactor operation, in which monomer,
comonomers, catalyst(s)/activator(s), scavenger(s),
and optional solvent(s) are added continuously to a
single reactor or in series reactor operation, in
which the above components are added to two or more
reactors connected in series. The catalyst components
may be added to the first reactor in the series. The
catalyst component may also be added to each reactor
in the series reactor train. The fresh catalyst feed
if added to more than one reactor in the series train
may be the same or different to each reactor and their
feed rates may be the same or different. [00279]
Polymerization processes of the fluid phase in-line
process for blending disclosed herein also comprehend
high-pressure reactors where the reactor is
substantially unreactive with the polymerization
reaction components and is able to withstand the high
pressures and temperatures that occur during the
polymerization reaction. Withstanding these high
pressures and temperatures may allow the reactor to
maintain the fluid reaction medium in its
supercritical condition. Suitable reaction vessel
designs include those necessary to maintain
supercritical or other high-pressure ethylene
polymerization reactions. Nonlimiting exemplary
reactors include autoclave, pump-around loop or
autoclave, tubular, and autoclave/tubular reactors.
[00280] The polymerization processes of the fluid
phase in-line process for blending disclosed herein
may operate efficiently in autoclave (also referred to
as stirred tank) and tubular reactors. Autoclave
reactors may be operated in either a batch or
continuous mode, although the continuous mode is
advantageous. Tubular reactors always operate in
continuous mode. Typically, autoclave reactors have
length-to-diameter ratios of 1:1 to 20:1 and are
fitted with a high speed (up to 2000 RPM) multiblade
stirrer and baffles arranged for optimal mixing.
Commercial autoclave pressures are typically greater
than 5 MPa with a maximum of typically less than 260
MPa. The maximum pressure of commercialautoclaves,
however, may become higher with advances in mechanical
and material science technologies. [00281] When the
autoclave has a low length-to-diameter ratio (such as
less 



than four), the feed streams may be injected at one
position along the length of the reactor. Reactors
with large diameters may have multiple injection ports
at nearly the same or different positions along the
length of the reactor. When they are positioned at the
same length of the reactor, the injection ports are
radially distributed to allow for faster intermixing
of the feed components with the reactor content. In
the case of stirred tank reactors, the separate
introduction of the catalyst and monomer(s) may be
advantageous in preventing the possible formation of
hot spots in the unstirred feed zone between the
mixing point and the stirred zone of the reactor.
Injections at two or more positions along the length
of the reactor is also possible and may be
advantageous. In one exemplary embodiment, in reactors
where the length-to-diameter ratio is from 4 to 20,
the reactor may contain up to six different injection
positions along the reactor length with multiple ports
at some or each of the lengths. [00282] Additionally,
in the larger autoclaves, one or more lateral mixing
devices may support the high-speed stirrer. These
mixing devices can also divide the autoclave into two
or more zones. Mixing blades on the stirrer may differ
from zone to zone to allow for a different degree of
plug flow and back mixing, largely independently, in
the separate zones. Two or more autoclaves with one or
more zones may connect in a series reactor cascade to
increase residence time or to tailor polymer structure
in a reactor train producing a polymer blending
component. As previously described, a series reactor
cascade or configuration consists of two or more
reactors connected in series, in which the effluent of
at least one upstream reactor is fed to the next
reactor downstream in the cascade. Besides the
effluent of the upstream reactor(s), the feed of any
reactor in the series reactor cascade of a reactor
train can be augmented with any combination of
additional monomer, catalyst, or solvent fresh or
recycled feed streams.Therefore, it should be
understood that the iPP or EP copolymer blending
component leaving a reactor train of the process
disclosed herein may itself be a blend of the same
polymer with increased molecular weight and/or
compositional dispersion. [00283] Tubular reactors may
also be used in the fluid phase in-line process for
blending disclosed herein and more particularly
tubular reactors capable of operating up to about 350
MPa. Tubular reactors are fitted with external cooling
and one or more injection points along the (tubular)
reaction zone. As in autoclaves, these injection
points serve as entry points for monomers (such as
propylene), one or more comonomer, catalyst, or
mixtures of these. In tubular reactors, external
cooling often allows for increased monomer conversion
relative to an autoclave, where the low
surface-to-volume ratio hinders any significant heat
removal. Tubular reactors have a special outlet valve
that can send a pressure Shockwave backward along the
tube. The Shockwave helps dislodge any polymer residue
that has formed on reactor walls during operation.
Alternatively, tubular reactors may be fabricated with
smooth, unpolished internal surfaces to address wall
deposits. Tubular reactors generally may operate at
pressures of up to 360 MPa, may have lengths of
100-2000 meters or 100-4000 meters, and may have
internal diameters of less than 12.5 cm. Typically,
tubular reactors have length-to-diameter ratios of
10:1 to 50,000:1 and include up to 10 different
injection positions along its length. [00284] Reactor
trains that pair autoclaves with tubular reactors are
also contemplated within the scope of the fluid phase
in-line process for blending disclosed herein. In this
reactor system, the autoclave typically precedes the
tubular reactor or the two types of reactors form
separate trains of a parallel reactor configuration.
Such reactor systems may have injection of additional
catalyst and/or feed components at several points in
the autoclave, and more particularly along the tube
length. In both autoclaves and tubular reactors, at
injection, feeds are typically cooled to near ambient
temperature or below toprovide maximum cooling and
thus maximum polymer production within the limits of
maximum operating temperature. In autoclave operation,
a preheater may operate at startup, but not after the
reaction reaches steady state if the first mixing zone
has some back-mixing characteristics. In tubular
reactors, the first section of double-jacketed tubing
may be heated (especially at start ups) rather than
cooled and may operate continuously. A well-designed
tubular reactor is characterized by plug flow wherein
plug flow refers to a flow pattern with minimal radial
flow rate differences. In both multizone autoclaves
and tubular reactors, catalyst can not only be
injected at the inlet, but also optionally at one or
more points along the reactor. The catalyst feeds
injected at the inlet and other injection points can
be the same or different in terms of content, density,
and concentration. Catalyst feed selection allows
polymer design tailoring within a given reactor or
reactor train and/or maintaining the desired
productivity profile along the reactor length. [00285]
At the reactor outlet valve, the pressure drops to
begin the separation of polymer and unreacted monomer,
co-monomers, solvents and inerts, such as for example
ethane, propane, hexane, and toluene. More
particularly, at the reactor outlet valve, the
pressure drops to levels below that which critical
phase separation allowing for a polymer-rich phase and
a polymer-lean phase in the downstream separation
vessel. Typically, conditions remain above the polymer
product's crystallization temperature. The autoclave
or tubular reactor effluent may be depressurized on
entering the downstream high-pressure separator (HPS
or also referred to as a separator, separator vessel,
separation vessel, separator/blender vessel, or
separation/blending vessel). [00286] As will be
subsequently described in detail, the temperature in
the separation vessel is maintained above the
solid-fluid phase separation temperature, but the
pressure may be below the critical point. The pressure
need only be high enough such that the monomer may
condense upon contacting standard cooling water. The
liquid recycle stream may then be recycled to
thereactor with a liquid pumping system instead of the
hyper-compressors required for polyethylene units. The
relatively low pressure in separator reduces the
monomer concentration in the liquid polymer phase
which results in a lower polymerization rate. The
polymerization rate may be low enough to operate the
system without adding a catalyst poison or "killer".
If a catalyst killer is required (e.g., to prevent
reactions in the high pressure recycle) then provision
must be made to remove any potential catalyst poisons
from the recycled polymer rich monomer stream for
example, by the use of fixed bed adsorbents or by
scavenging with an aluminum alkyl. [00287] In an
alternative embodiment, the HPS may be operated over
the critical pressure of the monomer or monomer blend
but within the dense fluidfluid two phase region,
which may be advantageous if the polymer is to be
produced with a revamped high-pressure polyethylene
(HPPE) plant. The recycled HPS overhead is cooled and
dewaxed before being returned to the suction of the
secondary compressor, which is typical of HPPE plant
operation. The polymer from this intermediate or
high-pressure vessel then passes through another
pressure reduction step to a low pressure separator.
The temperature of this vessel is maintained above the
polymer melting point so that the polymer from this
vessel can be fed as a liquid directly to an extruder
or static mixer. The pressure in this vessel is kept
low by using a compressor to recover the unreacted
monomers, etc. to the condenser and pumping system
referenced above. [00288] In addition to autoclave
reactors, tubular reactors, or a combination of these
reactors, loop-type reactors may be utilized in the
fluid phase in-line process for blending disclosed
herein. In this reactor type, monomer enters and
polymer exits continuously at different points along
the loop, while an in-line pump continuously
circulates the contents (reaction liquid). The
feed/product takeoff rates control the total average
residence time. A cooling jacket removes reaction heat
from the loop. Typically feed inlet temperatures are
near to or below ambient temperatures to provide
cooling to the exothermic reaction in the
reactoroperating above the crystallization temperature
of the polymer product. The loop reactor may have a
diameter of 4 1 to 6 1 cm and a length of 100 to 200
meters and may operate at pressures of 25 to 30 MPa.
In addition, an in-line pump may continuously
circulate the polymerization system through the loop
reactor. [00289] The polymerization processes of the
fluid phase in-line process for blending iPP and EP
copolymer components disclosed herein may have
residence times in the reactors as short as 0.5
seconds and as long as several hours, alternatively
from 1 sec to 120 min, alternatively from 1 second to
60 minutes, alternatively from 5 seconds to 30
minutes, alternatively from 30 seconds to 30 minutes,
alternatively from 1 minute to 60 minutes, and
alternatively from 1 minute to 30 minutes. More
particularly, the residence time may be selected from
10, or 30, or 45, or 50, seconds, or 1, or 5, or 10,
or 15, or 20, or 25, or 30 or 60 or 120 minutes.
Maximum residence times may be selected from 1, or 5,
or 10, or 15, or 30, or 45, or 60, or 120 minutes.
[00290] The monomer-to-polymer conversion rate (also
referred to as the conversion rate) is calculated by
dividing the total quantity of polymer that is
collected during the reaction time by the amount of
monomer added to the reaction. Lower conversions may
be advantageous to limit viscosity although increase
the cost of monomer recycle. The optimum total monomer
conversion thus will depend on reactor design, product
slate, process configuration, etc., and can be
determined by standard engineering techniques. Total
monomer conversion during a single pass through any
individual reactor of the fluid phase in-line process
for blending disclosed herein may be up to 90%, or
below 80%, or below 60% or 3 to 80% , or 5 to 80%, or
10 to 80%, or 15 to 80%, or 20 to 80%, or 25 to 60%,
or 3 to 60%, or 5 to 60%, or 10 to 60%, or 15 to 60%,
or 20 to 60%, or 10 to 50%, or 5 to 40%, or 10 to 40%,
or 40 to 50%, or 15 to 40%, or 20 to 40%, or 30 to 40%
or greater than 5%, or greater than 10%. In one
embodiment, when producing isotactic polypropylene and
long-chain branching (LCB) of thepolypropylene is
desired (g'  0.97 based on GPC-3D and using an
isotactic polypropylene standard), single pass
conversions may be above 30% and alternatively
single-pass conversions may be above 40%. In another
embodiment, when isotactic polypropylene essentially
free of LCB is desired (0.97 < g1< 1.05), single-pass
conversions may be not higher than 30% and
alternatively single-passconversions may be not higher
than 25%. To limit the cost of monomer separation and
recycling, single-pass conversions may be above 3%, or
above 5%, or above 10%. It should be understood that
the above exemplary conversion values reflect total
monomer conversion, i.e., the conversion obtained by
dividing the combined conversion rate of all monomers
by the total monomer feed rate. When monomer blends
are used, the conversion of the more reactive monomer
component(s) will always be higher than that of the
less reactive monomer(s). Therefore, the conversion of
the more reactive monomer component(s) can be
substantially higher than the total conversion values
given above, and can be essentially complete,
approaching 100%. PRODUCT SEPARATION AND DOWNSTREAM
PROCESSING [00291] The iPP and EP copolymer reactor
effluents of the processes disclosed herein are
depressurized to a pressure significantly below the
cloud point pressure. This allows separation of a
polymer-rich phase for further purification and a
monomer-rich phase for optional separation and recycle
compression back to the reactor(s). The reactor
effluents may be optionally heated before pressure let
down to avoid the separation of a solid polymer phase,
which causes fouling of the separators and associated
reduced-pressure lines. The separation of the
polymer-rich phase and the monomer-rich phase in the
processes disclosed herein is carried out in a vessel
known as a high-pressure separator (also referred to
as an HPS, separator, separator vessel, or separation
vessel). The high-pressure separator located after the
mixing point of the polymer-containing product streams
of all reactor trains of the parallel reactor bank is
also referred to as, separatorblender,
separator-blender vessel, or separation-blending
vessel recognizing itsdual function of blending the
said polymer-containing product streams while also
separating a monomer-rich phase from a polymer-rich
phase, the latter of which comprises the polymer blend
of the in-line blending processes disclosed herein.
[00292] In certain embodiments, single-stream
high-pressure separators employed to partially recover
the monomer(s) and optional solvent(s) from the
effluent of a single reactor train before sending the
polymer-enriched stream to the downstream
separator-blender. In such embodiments, the
separator-blender blends one or more polymer-enriched
stream with one or more unreduced reactor train
effluent to yield a monomer-rich phase and a
polymer-rich phase, the latter of which comprises the
polymer blend of the in-line blending process
disclosed herein. In another embodiment, the
single-stream high-pressure separator placed upstream
of the separator-blender also functions as a buffer
vessel (separatorbuffer vessel) by allowing the fluid
level of the polymer-enriched phase vary in the
separator-buffer vessel. Such buffering enables a more
precise control of the blend ratios by compensating
for the momentary fluctuations in the production rates
in the individual reactor trains of the in-line
blending process disclosed herein. [00293] The polymer
rich phase of the separator-blender may then be
transferred to one or more low-pressure separators
(LPS also referred to as a lowpressure separation
vessel) running at just above atmospheric pressure for
a simple flash of light components, reactants and
oligomers thereof, for producing a low
volatile-containing polymer melt entering the
finishing extruder or optional static mixer. The one
or more low-pressure separators are distinguished from
the one or more high-pressure separators in generally
operating at lower pressures relative to the
high-pressure separators. The one or more low-pressure
separators also are located downstream of the one or
more high-pressure separators including the
separator-blender. Moreover, the one or more
low-pressure separators may function to separate light
from heavy components comprising the polymer blend of
the in-line blending process disclosed herein, whereas
the one or more highpressure separators may function
to separate light from heavy components upstream of
the low-pressure separator (i.e. monomer-rich phase
from polymerrich phase) and may function to blend the
polymer-rich phases from two or more parallel reactor
trains or may function as buffers. As previously
stated, a highpressure separator may be alternatively
referred to herein as an HPS, separator, separator
vessel, separation vessel, separator-blender vessel,
or separationblending vessel, or separator-blender.
The use of the term "pressure" in conjunction with
low-pressure separator and high-pressure separator is
not meant to identify the absolute pressure levels at
which these separators operate at, but is merely
intended to given the relative difference in pressure
at which these separators operate. Generally,
separators located downstream in the in-line blending
processes disclosed herein operate at lower pressure
relative to separators located upstream. [00294] In
one embodiment of the fluid phase in-line process for
blending iPP and EP copolymer blend components
disclosed herein, polymerization is conducted in two
or more reactors of a type described herein above
under agitation and above the cloud point for the
polymerization system. Then, the polymer-monomer
mixtures are transferred into a high-pressure
separationblending vessel, where the pressure is
allowed to drop below the cloud point. This
advantageously results in the denser, polymer-rich
phase separating from the lighter monomer-rich phase.
As may be appreciated by those skilled in the art, it
may optionally be necessary to increase the
temperature before or in the high-pressure separation
vessel to prevent the formation of a solid polymer
phase as the polymer becomes more concentrated. The
monomer-rich phase is then separated and recycled to
the reactors while the polymer-rich phase is fed to a
coupled devolatilizer -such as a LIST dryer (DTB) or
devolatizing extruder. [00295] The recycle runs
through a separator, where the pressure depends on the
pressure-temperature relationship existing within the
reactor. For example, supercritical propylene
polymerization can be carried out under agitation in
thesingle-phase region in the reactor at 40 to 200 MPa
and 95 to 1800C (see FIG. 18). The product mixture can
be discharged into a separator vessel, where the
pressure is dropped to a level of 25 MPa or lower, in
which case, the mixture is below its cloud point,
while the monomer has not yet flashed off (again, see
FIG. 18). Under such conditions, it would be expected
from Radosz et al., Ind. Eng. Chem. Res. 1997, 36,
5520-5525 and Loos et al., Fluid Phase Equil. 158-160,
1999, 835-846 that the monomer-rich phase would
comprise less than about 0.1 wt% of low molecular
weight polymer and have a density of approximately 0.3
to 0.6 g/mL (see FIG. 19). The polymer-rich phase
would be expected to have a density of approximately
0.5 to 0.8 g/mL. [00296] Assuming that the pressure is
dropped rapidly enough, for example, greater than or
equal to about 6 MPa/sec, the phases will separate
rapidly, permitting the recycle of the monomer-rich
phase as a liquid, without the issue of having the
monomer-rich phase return to the gas phase. As may be
appreciated by those skilled in the art, this
eliminates the need for the energy-intensive
compression and condensation steps. [00297] The
polymer-rich phase is sent directly to a coupled
devolatilizer. Suitable devolatilizers may be
obtained, for example, from LIST USA Inc., of
Charlotte, North Carolina. The devolatilization is a
separation process to separate remaining volatiles
from the final polymer, eliminating the need for steam
stripping. Working under low vacuum, the polymer
solution flashes into the devolatilizer, exits the
unit and is then transferred on for further
processing, such as pelletization. [00298] Any low or
very low molecular weight polymer present in the
monomer-rich phase to be recycled may optionally be
removed through "knock out" pots, standard hardware in
reactors systems, or left in the return stream
depending upon product requirements and the
steady-state concentration of the low molecular weight
polymer fraction in the product.[00299] In solution
reactor processes, present practices employed by those
skilled in the art typically effect separation by
flashing monomer and solvent or accessing the
high-temperature cloud point. [00300] In another form,
polymerization is conducted at conditions below the
cloud point, with the polymer-monomer mixture
transported to a gravimetric separation vessel, where
the pressure could be further lowered if desired to
enhance phase separation of the polymer-rich and
monomer-rich phases. In either of the forms herein
described, the monomer, for example, propylene, is
recycled while staying in a relatively high density,
liquid-like (supercritical or bulk liquid) state. Once
again, one or more knock-out pots may be employed to
aid in the removal of low molecular weight polymer
from the recycle stream. [00301] As may be
appreciated, there are possible and optimal operating
regimes for reactors and for the gravity (lower
critical solution temperature (LCST)) separator.
Referring now to FIG. 20, for reactors operating in a
single liquid phase regime, a possible region for
operation is just above the LCST and vapor pressure
(VP) curves. The optimal region (shown within the
shaded oval) for operation occurs at temperatures just
above the lower critical end point (LCEP) and at
pressures slightly above the LCST curve. [00302]
Referring now to FIG. 21, for reactors operating
within a two-phase fluid-fluid regime, the possible
region for operation occurs basically anywhere below
the LCST curve. The optimal region (again, shown
within the shaded oval) occurs just below the LCST and
above the VP curve, although, as may be appreciated,
many factors could have a bearing on what actually is
optimal, such as the final properties of the desired
product. As recognized by those skilled in the art,
the two-phase liquid-liquid regime is the economically
advantageous method if polypropylene is to be produced
with a revamped HPPE plant.[00303] Referring now to
FIG. 22, for the case where polymerization is
conducted at conditions below the cloud point and the
polymer-monomer mixture transported to a gravimetric
LCST separator, the possible region of operation is
anywhere below the LCST curve and above the VP curve.
The optimal region (again, shown within the shaded
oval) occurs within that portion that is below the
spinodal, but not too low in pressure, as shown.
Operating in this regime assures that the energy use
is optimized. It is also desirable to avoid operation
in the region between the LCST and spinodal curves in
order to obtain good gravity settling performance.
Moreover, it is desirable that the separation is
effected at sufficiently high temperatures, so that
crystallization does not occur in the polymer-rich
phase. This may require that the temperature of the
mixture in the separator be higher than the
temperature in the reactor(s). [00304] Advantageously,
the liquid monomer-rich recycle stream can be recycled
to the reactor using a liquid pumping system instead
of a hypercompressor, required for conventional
polyethylene units. ISOTACTIC PP AND EP COPOLYMER
POLYMERIZATION CATALYST KILLING [00305] The use of the
processes disclosed herein and the relatively low
pressure in the separator vessel greatly reduces the
monomer concentration in the liquid polymer-rich
phase, which, in turn, results in a much lower
polymerization rate. This polymerization rate may be
low enough to operate this system without adding a
catalyst poison or "killer". If no killing compounds
are added then the killer removal step may be
eliminated. [00306] If a catalyst killer is required,
then provision must be made to remove any potential
catalyst poisons from the recycled monomer-rich stream
(e.g. by the use of fixed bed adsorbents or by
scavenging with an aluminum alkyl). The catalyst
activity may be killed by addition of a polar species.
Non-limiting exemplary catalyst killing agents include
water, alcohols (such as methanol andethanol),
sodium/calcium stearate, CO, and combinations thereof.
The choice and quantity of killing agent will depend
on the requirements for clean up of the recycle
propylene and comonomers as well as the product
properties, if the killing agent has low volatility.
The catalyst killing agent may be introduced into the
reactor effluent stream after the pressure letdown
valve, but before the HPS. The choice and quantity of
killing agent may depend on the requirements for clean
up of the recycle propylene and comonomers as well as
the product properties, if the killing agent has low
volatility. POLYMER ADDITIVES [00307] The in-line iPP
and EP copolymer blends produced by the process
disclosed herein may be also blended with other
polymers and additives using the in-line blending
process for other polymers and additives depicted in
FIG. 7, in an extrusion process downstream of in-line
polymerization/separation/blending processes disclosed
herein, or blended in an off-line compounding process.
[00308] Tackifiers may also be blended either in-line
by the processes disclosed herein (see FIG. 7),
in-line via an extrusion process downstream of in-line
polymerization/separation/blending processes disclosed
herein, or in an off-line compounding process.
Examples of useful tackifiers include, but are not
limited to, aliphatic hydrocarbon resins, aromatic
modified aliphatic hydrocarbon resins, hydrogenated
polycyclopentadiene resins, polycyclopentadiene
resins, gum rosins, gum rosin esters, wood rosins,
wood rosin esters, tall oil rosins, tall oil rosin
esters, polyterpenes, aromatic modified polyterpenes,
terpene phenolics, aromatic modified hydrogenated
polycyclopentadiene resins, hydrogenated aliphatic
resin, hydrogenated aliphatic aromatic resins,
hydrogenated terpenes and modified terpenes, and
hydrogenated rosin esters. In some embodiments the
tackifier is hydrogenated. In other embodiments the
tackifier is non-polar. Nonpolar tackifiers are
substantially free of monomers having polar groups.
The polar groups are generally not present; however,
if present, they are not present at morethat 5 wt%, or
not more that 2 wt%, or no more than 0.5 wt%. In some
embodiments, the tackifier has a softening point (Ring
and Ball, as measured by ASTM E-28) of 8O0C to 14O0C,
or 1000C to 1300C. In some embodiments the tackifier
is functionalized. By functionalized is meant that the
hydrocarbon resin has been contacted with an
unsaturated acid or anhydride. Useful unsaturated
acids or anhydrides include any unsaturated organic
compound containing at least one double bond and at
least one carbonyl group. Representative acids include
carboxylic acids, anhydrides, esters and their salts,
both metallic and non-metallic. The organic compound
may contain an ethylenic unsaturation conjugated with
a carbonyl group (-C=O). Non-limiting examples include
maleic, fumaric, acrylic, methacrylic, itaconic,
crotonic, alpha-methyl crotonic, and cinnamic acids as
well as their anhydrides, esters and salt derivatives.
Maleic anhydride is particularly useful. The
unsaturated acid or anhydride may be present in the
tackifier at about 0.1 wt% to 10 wt%, or at 0.5 wt% to
7 wt%, or at 1 to 4 wt%, based upon the weight of the
hydrocarbon resin and the unsaturated acid or
anhydride. [00309] The tackifier, if present, is
typically present at 1 wt% to 50 wt%, based upon the
weight of the blend, or 10 wt% to 40 wt%, or 20 wt% to
40 wt%. Generally however, tackifier is not present,
or if present, is present at less than 10 wt%, or less
than 5 wt%, or at less than 1 wt%. [00310] In another
form, the polymer blends produced by the processes
disclosed herein further comprise a crosslinking
agent. The crosslinking agent may be blended either
in-line by the processes disclosed herein (see FIG.
11), in line via an extrusion process downstream of
in-line polymerization/separation/blending processes
disclosed herein, or in an off-line compounding
process. Useful crosslinking agents include those
having functional groups that can react with the acid
or anhydride group and include alcohols, multiols,
amines, diamines and/or tramlines. Non-limiting
examples of crosslinking agents useful include
polyamines such as ethylenediamine,diethylenetriamine,
hexamethylenediamine, diethylaniinopropylamine, and/or
menthanediamine. [00311] In another form, the polymer
blends produced by the processes disclosed herein,
and/or blends thereof, further comprise typical
additives known in the art such as fillers, cavitating
agents, antioxidants, surfactants, adjuvants,
plasticizers, block, antiblock, color masterbatches,
pigments, dyes, processing aids, UV stabilizers,
neutralizers, lubricants, waxes, nucleating agents
and/or clarifying agents. These additives may be
present in the typically effective amounts well known
in the art, such as 0.001 wt% to 10 wt%. These
additive may be blended either in-line by the
processes disclosed herein (see FIG. 11), in line via
an extrusion process downstream of in-line
polymerization/separation/blending processes disclosed
herein, or in an off-line compounding process. [00312]
Useful fillers, cavitating agents and/or nucleating
agents include titanium dioxide, calcium carbonate,
barium sulfate, silica, silicon dioxide, carbon black,
sand, glass beads, mineral aggregates, talc, clay and
the like. Nucleating agents of the non-clarifying type
include, but are not limited to, sodium benzoate,
Amfine NA 11, Amfine NA 21, and Milliken HPN 68.
[00313] Useful antioxidants and UV stabilizers include
phenolic antioxidants, such as Irganox 1010, Irganox
1076 both available from Ciba-Geigy. Oils may include
paraffinic or naphthenic oils such as Primol 352, or
Primol 876 available from ExxonMobil Chemical France,
S.A. in Paris, France. The oils may include aliphatic
naphthenic oils, white oils or the like. [00314]
Plasticizers and/or adjuvants may include mineral
oils, polybutenes, phthalates and the like. The
plasticizers may include phthalates such as
diisoundecyl phthalate (DIUP), diisononylphthalate
(DINP), dioctylphthalates (DOP) and polybutenes, such
as Parapol 950 and Parapol 1300 available
fromExxonMobil Chemical Company in Houston Texas.
Additional plasticizers include those disclosed in
WOOl 18 109Al, U.S. Patent Application No. 10/640,435,
and U.S. Patent Application No. 11/177,004, which are
incorporated by reference herein with regard to
plasticizer compositions and blending thereof. [00315]
Useful processing aids, lubricants, waxes, and/or oils
include low molecular weight products such as wax, oil
or low Mn polymer, (low meaning below Mn of 5000, or
below 4000, or below 3000, or below 2500). Useful
waxes include polar or non-polar waxes, functionalized
waxes, polypropylene waxes, polyethylene waxes, and
wax modifiers. [00316] Useful functionalized waxes
include those modified with an alcohol, an acid, or a
ketone. Functionalized means that the polymer has been
contacted with an unsaturated acid or anhydride.
Useful unsaturated acids or anhydrides include any
unsaturated organic compound containing at least one
double bond and at least one carbonyl group.
Representative acids include carboxylic acids,
anhydrides, esters and their salts, both metallic and
non-metallic. The organic compound may contain an
ethylenic unsaturation conjugated with a carbonyl
group (-C=O). Non-limiting examples include maleic,
fumaric, acrylic, methacrylic, itaconic, crotonic,
alpha-methyl crotonic, and cinnamic acids as well as
their anhydrides, esters and salt derivatives. Maleic
anhydride is particularly useful. The unsaturated acid
or anhydride may be present at 0.1 wt% to 10 wt%, or
at 0.5 wt% to 7 wt%, or at 1 to 4 wt%, based upon the
weight of the hydrocarbon resin and the unsaturated
acid or anhydride. Examples include waxes modified by
methyl ketone, maleic anhydride or maleic acid. Low Mn
polymers include polymers of lower alpha olefins such
as propylene, butene, pentene, hexene and the like. A
useful polymer includes polybutene having an Mn of
less than 1000 g/mol. An example of such a polymer is
available under the trade name PARAPOL(tm) 950 from
ExxonMobil Chemical Company.PARAPOL(tm) 950 is a
liquid polybutene polymer having an Mn of 950 g/mol
and a kinematic viscosity of 220 cSt at 1000C, as
measured by ASTM D 445. [00317] Useful clarifying
agents include, but are not limited to, the
benzalsorbitol family of clarifiers, and more
particularly dibenzalsorbitol (Millad 3905),
di-p-methylbenzalsorbitol (Milliad 3940), and bis-3,4-
dimethylbenzalsorbitol (Milliad 3988). EXAMPLES
Disclosure propylene polymerization examples at
supercritical conditions: [00318] All polymerizations
were performed in bulk polymerization systems (i.e.,
without using solvent, except for what was introduced
with the catalyst solution, which did not exceed 10
wt%) and without monomer recycle. [00319] All
polymerization experiments were performed in a
continuous stirred tank reactor (CSTR) made by
Autoclave Engineers, Erie PA. The reactor was designed
for operating at a maximum pressure and temperature of
207 MPa (30 kpsi) and 2250C, respectively. The nominal
reactor volume was 150 mL with a working volume of 127
mL (working volume lower due to reactor internals).
The reactor was equipped with an electric heater and
with a stirrer with a magnetic drive. A pressure
transducer located on the monomer feed line measured
the pressure in the reactor. The temperature was
measured inside the reactor using a type-K
thermocouple. The reactor was protected against
overpressurization by automatically opening an
air-actuated valve (High Pressure Company, Erie, PA)
in case the reactor pressure exceeded the preset
limit. A flush-mounted rupture disk located on the
side of the reactor provided further protection
against catastrophic pressure failure. All product
lines were heated to ~150C to prevent fouling. The
reactor body had two heating bands that were
controlled by a programmable logic control device
(PLC). The reactor did not have cooling capability.
Once the reactor lined out during polymerization, its
temperature was controlled manually by adjusting the
flow rates of the monomerand catalyst feeds. No
external heating was necessary in most experiments,
i.e. the reactor temperature was maintained by
controlling the heat released by the polymerization
process. [00320] Two independent lock-hopper
assemblies were used to manage the effluent flow from
the reactor: one for waste collection during start up
and shut down, and the other one for product
collection during the balance period at lined out,
steady state conditions. Each lock-hopper consisted of
two air-actuated valves bracketing a short piece of
high-pressure tubing. Changing the internal diameter
and/or the length of the lock-hopper tube allowed the
adjustment of the volume of the lock-hoppers. Aliquots
of the reactor content were taken out continuously by
running the lock-hopper valves in cycles. One
lock-hopper cycle consisted of first opening and
closing of the valve between the lock-hopper tube and
the reactor followed by opening and closing the
downstream valve. Adjustments in the frequency of the
lock-hopper cycles allowed maintaining the desired
reactor pressure at a preset feed rate. The volume and
the frequency of the two lock-hoppers were always set
the same to allow switching between the lockhoppers
without affecting the steady state condition of the
reactor. A drain port on the bottom of the reactor was
used to empty the reactor after each experiment.
[00321] The application of lock-hoppers for product
removal afforded robust reactor operations independent
of the properties of the polymer made and/or the
polymer concentration in the effluent. This operation
mode, however, introduced short-term fluctuations both
in the pressure and the temperature of the reactor.
Typical pressure and temperature fluctuations caused
by the operation of the lockhopper at 207 MPa (30
kpsi) reactor pressure were less than 20.7 MPa (3
kpsi) and 1.5C, respectively. The reported reaction
pressure and temperature values were obtained by
calculating the averages of the pressure and
temperature data acquired during the entire time of
product collection, which can be referred to as
balance period.[00322] Propylene was fed from
low-pressure cylinders equipped with a dip leg for
liquid delivery to the reactor. Heating blankets
provided heat to increase the cylinder head pressure
to deliver the monomer to the feed pump at a pressure
above the bubble point of the feed. The low-pressure
monomer feed was also stabilized against bubble
formation by cooling the pump head using chilled water
running at 1O0C. The monomer feed was purified using
two separate beds in series: activated copper (reduced
in flowing H2 at 225C and 1 bar) for oxygen removal
and molecular sieve (5A, activated in flowing N2 at
2700C) for water removal. The purified monomer feed
was fed by a diaphragm pump (Model MhS 600/1 1,
ProMinent Orlita, Germany) through the stirrer head
into the reactor. The monomer flow rate was measured
by a Coriolis mass flow meter (Model PROline Promass
80, Endress and Hauser) that was located downstream of
the purification traps on the low-pressure side of the
feed pump. The pressure fluctuation in the reactor
caused some minor fluctuation in the feed rate. The
reported feed flows were determined by averaging the
flow rate during the entire balance period. [00323]
The catalyst feed solution was prepared inside an
argon-filled dry box (Vacuum Atmospheres). The
atmosphere in the glove box was purified to maintain <
1 ppm O2 and < 1 ppm water. All glassware was
oven-dried for a minimum of 4 hours at 12O0C and
transferred hot to the antechamber of the dry box.
Stock solutions of the catalyst precursors and the
activators were prepared using purified toluene and
stored in amber bottles inside the dry box. Aliquots
were taken to prepare fresh activated catalyst
solutions before each polymerization experiment.
Catalyst concentrations of the catalyst feed were
adjusted to maintain the target reaction temperature
at feed rates that introduced not more than 3 to 8 wt%
of catalyst solvent (toluene) into the reactor. Due to
the small scale and daily start-ups of our reactor,
impurity levels were difficult to stabilize, thus
catalytic activities varied from run to run.
Nonetheless, catalytic activities were very high,
particularly with non-coordinating anion
activators,typically requiring catalyst concentrations
on the order of 10 to 100 mol ppb in the combined feed
to the reactor. [00324] In a typical experiment, the
reactor was preheated to ~10 to 150C below that of the
desired reaction temperature. During the line-out
period, the catalyst feed and lock-hopper rates were
adjusted to reach and maintain the target reaction
temperature and pressure. Once the reactor reached
steady state at the desired conditions, product
collection was switched from the waste collection to
the on-balance product collection vessel. The reactor
was typically run onbalance between 30 to 90 min,
after which the effluent was redirected to the waste
collection vessel and the reactor was shut down. The
products were collected from the on-balance vessel.
The products were vacuum-dried overnight at 700C
before characterization. The conversion and reaction
rates were determined based on the total feed used and
the product yield during the balance period. [00325]
Catalyst productivity, expressed as g product per g
catalyst, is the product of catalyst activity and
residence time. In order to generate a scaleable
kinetic characterization parameter for catalytic
activity, we also determined the turnover frequency
(TOF), expressed as mol monomer converted per mol
catalyst in one second. TOF was calculated by dividing
the average monomer conversion rate with the average
catalyst inventory in the reactor. The latter in turn
was determined by multiplying the catalyst feed rate
with the residence time of the reaction medium. The
residence time was derived from the reactor free
volume and the volumetric flow rate of the reaction
medium. The total mass flow was generated by summing
of the individual feed flows. In order to convert mass
flows into volumetric flows, the density of the
reaction medium was calculated using a proprietary
thermodynamic software. The software enabled the
calculation of the density of polymer-containing
blends at reactor conditions. [00326] Anhydrous
toluene from Sigma-Aldrich was used in catalyst
preparation and for reactor flushing. Initially, it
was used as received (18-literstainless steel vessels,
N2 head pressure) for reactor rinsing and flushing.
Later, copper and molecular sieve traps were installed
in the toluene feed line, the description of which is
given earlier for the gas feed (vide supra). Propylene
Grade 2.5 (BOC) was obtained in #100 low-pressure
cylinders. The methylaluminoxane (MAO) activator (10
wt% in toluene) was purchased from Albermarle
Corporation and was used as received.
Tri-isobutylaluminum (Sigma-Aldrich) was used for
aestivating the feed line and the reactor if they were
exposed to air during maintenance. [00327] Tables Ia,
Ib, and Ic list the catalyst precursor compositions,
activators, MFR and NMR results (see also the
footnotes of the tables). Tables 2a and 2b list the
thermal properties (crystallization and melting data)
and molecular weight data for the disclosed
polypropylenes made at the conditions described in
Tables Ia, Ib, and Ic. Note that each disclosed
product listed in these tables is identified by a
unique sample ID in the first column in Tables Ia, Ib,
and Ic. These ID numbers are the same as those listed
in Tables 2a and 2b. Melting and crystallization data
listed were obtained at a cooling rate of 10C/min
using differential scanning calorimetry (DSC). Details
of the experimental conditions are described later
(vide infra). Heat of fusion of the melting
endothermic listed in the column indicated by DHf is
converted to % crystallinity as described later (vide
infra). The difference between melting peak
temperature (Tmp) and crystallization peak temperature
(Tcp) is listed in the column indicated as
supercooling range (Tmp-Tcp). Supercooling limit (SCL)
is calculated using SCL = 0.907Tmp -99.64 where SCL is
the limiting Tmp-Tcp separating comparative and novel
polypropylenes. Comparative polypropylenes have
experimental Tmp-Tcp values larger than the SCL
values, while the Tmp-Tcp values for the novel
polypropylenes are equal or fall below the SCL values.
Molecular weight (Mw, Mn, Mz) listed in these tables
are obtained via GPC (details given later - vide
infra).[00328] Figure 1 shows a plot of supercooling
range (Tmp-Tcp) (data from Tables 2a and 2b) plotted
against peak melting temperature (Tmp). Also plotted
in this figure are comparative polypropylene products
obtained from solution and slurry processes. As Fig. 1
demonstrates, the novel polypropylenes, from a variety
of catalysts, cluster separately from the comparative
products, showing a reduced supercooling range for
products with the same melting peak temperature. This
in turn affords better crystallization properties for
the novel disclosure products compared to comparative
polypropylenes with identical melting peak
temperatures. Tables 3 and 4 describe the process
conditions and characterization data for the
comparative solution products, while Tables 5, 6 and 7
show the corresponding details of the comparative
slurry products. Note that in comparison,
polypropylenes made with the process described herein
show lower supercooling ranges(i.e., are at or fall
below the SCL values) than comparative products. At a
given peak melting temperature these products show
higher peak crystallization temperature (lower values
of supercooling Tmp - Tcp) than comparative products.
The higher crystallization temperature (Tcp) implies
faster crystallizability, without the need for
external nucleating agents, versus the comparative
polypropylene products from other processes. This is a
desirable attribute for end-use articles such as
films, fibers and fabrics, molded parts.Ligands: 1 =
rac-dimethylsilyl-bis(2-methyl, 4-phenylindenyl), 2 =
racdimethylsilyl- bis(2-isopropyl, 4-naphthylindenyl),
3 = rac-dimethylsilyl-bis(2- methyl,
4-naphthylindenyl), and 4=
rac-dimethylsilyl-bis(2-methyl, 4-(3',5'-ditert- buty
1-phenyl)indeny1) . Activators: MAO=
methylaluminoxane, Bl N5Ndimethylaniliniumtetrakis(
pentafluorophenyl)borate, and C=
N,Ndimethylaniliniumtetrakis(
heptafluoronaphthyl)borate.Table Ib. Process
Conditions, MFR, and NMR Results for Inventive
Polypropylenes Ligands: 1=
rac-dimethylsilyl-bis(2-methyl, 4-phenylindenyl), 2 =
racdimethylsilyl- bis(2-isopropyl, 4-naphthylindenyl),
3 = rac-dimethylsilyl-bis(2- methyl,
4-naphthylindenyl), and 4
rac-dimethylsilyl-bis(2-methyl, 4-(3',5'-ditert-
butyl-phenyl)indenyl). Activators: MAO=
methylaluminoxane, Bl = N,Ndimethylaniliniumtetrakis(
pentafluorophenyl)borate, and C=
N5Ndimethylaniliniumtetrakis(
heptafluoronaphthyl)borate.Table Ic. Process
Conditions, MFR, and NMR Results for inventive
Polypropylenes Ligands: 1 =
rac-dimethylsilyl-bis(2-methyl, 4-phenylindenyl), 2 =
racdimethylsilyl- bis(2-isopropyl, 4-naphthylindenyl),
3 = rac-dimethylsilyl-bis(2- methyl,
4-naphthylindenyl), and 4
rac-dimethylsilyl-bis(2-methyl, 4-(3',5'-ditert-
butyl-phenyl)indenyl). Activators: MAO=
methylaluminoxane, Bl = N,Ndimethylaniliniumtetrakis(
pentafluorophenyl)borate, and C= N
Ndimethylaniliniumtetrakis(
heptafluoronaphthyl)borate.Table 2a. Thermal
Characterization and GPC results for Inventive
Polypropylenes Supercooling Limit (SCL) given by SCL =
0.907x- 99.64, where x is Tmp In the above examples Sl
to S46, branching index (g' )values ranged between
0.874 to 1.074.Table 2b. Thermal Characterization and
GPC results for Inventive Polypropylenes Supercooling
Limit (SCL) given by SCL = 0.907x- 99.64, where x is
Tmp. In the above examples S47 to S87, branching index
(g' )values ranged between 0.874 to 1.074. Solution
polymerization (comparative examples); [00329] All the
solution polymerizations were performed in a liquid
filled, single-stage continuous stirred tank reactor
(CSTR). The reactor was a 0.5-liter stainless steel
autoclave and was equipped with a stirrer, a water
cooling/steam heating element with a temperature
controller, and a pressure controller. Solventsand
propylene were first purified by passing through a
three-column purification system. The purification
system consisted of an Oxiclear column (Model # RGP-Rl
-500 from Labclear) followed by a 5A and a 3A
molecular sieve column. Purification columns were
regenerated periodically whenever there was evidence
of lower activity of polymerization. The purified
solvents and monomers were then chilled to about -15 C
by passing through a chiller before fed into the
reactor through a manifold. Solvent and monomers were
mixed in the manifold and fed into reactor through a
single tube. All liquid flow rates were measured using
Brooksfield mass flow meters or Micro-Motion
Coriolis-type flow meters. [00330] The metallocene
catalyst precursors shown in Table 3 were
pre-activated at a precursor/activator molar ratio of
about 1:1 in toluene. All catalyst solutions were kept
in an inert atmosphere with <1.5 ppm water content and
fed into the reactor by a metering pump through a
separate line. Contact between catalyst and monomer
took place in the reactor. [00331] As an impurity
scavenger, 250 mL of tri-n-octyl aluminum (TNOAl) (25
wt% in hexane, Sigma Aldrich) was diluted in 22.83 kg
of hexane. The TNOAl solution was stored in a
37.9-liter cylinder under nitrogen blanket. The
solution was used for all polymerization runs until
about 90% of consumption, then a new batch was
prepared. Pumping rates of the TNOAl solution varied
from run to run, typically ranging from 0 (no
scavenger) to 4 mL/min. [00332] The reactor was first
cleaned by nitrogen purge and solvent wash. After
cleaning, the reactor was heated/cooled to the desired
temperature using water/steam mixture flowing through
the reactor jacket and controlled at a set pressure
with controlled solvent flow. Monomers, catalyst
solutions and scavenger solution were then fed into
the reactor. An automatic temperature control system
was used to control and maintain the reactor at a set
temperature. Onset of polymerization activity was
determined by observations of a viscous product and
lower temperature of water-steam mixture. Once the
activity wasestablished and system reached
steady-state, the reactor was lined out by continuing
operating the system under the established condition
for a time period of at least five times of mean
residence time prior to sample collection. The
resulting mixture, containing mostly solvent, polymer
and unreacted monomer, was collected in a collection
box after the system reached a steady-state operation.
The collected samples were first air-dried in a hood
to evaporate most of the solvent, and then dried in a
vacuum oven at a temperature of about 90 C for about
12 hours. The vacuum-dried samples were weighed to
obtain yields. All reactions were carried out at a
pressure of about 2.41 MPa gauge.Table 3. Catalyst
systems used for generating Comparative Polypropylenes
from Solution Polymerization Example Catalvst
Activator SOl 1 Bl SO2 1 Bl 



SO3 1 Bl SO4 1 Bl SO5 1 Bl SO6 1 B2 SO7 1 B2 SO8 1 C
SO9 1 C SOlO 1 C SOU 1 C SO12 1 C SO13 3 Bl SO14 3 Bl
SO15 3 Bl SO16 3 C SO17 3 C SO18 3 C SO19 4 C SO20 4 C
SO21 4 C SO22 4 C Notes: Catalysts: 1 =
(rac-dimethylsilyl)bis(2-m dimethyl, 3
(rac-dimethylsilyl)bis(2-methyl-4-naphthylindenyl)zirc
onium dimethyl, and 4 =
(rac-dimethylsilyl)bis(2-methyl-4-(3,'5'-di-tertbuty
lpheny l)indeny l)zirconium dimethyl . Activators: B l
= dimethylaniliniumtertrakis(pentafluorophenyl)borate,
B2 = trityltertrakis(pentafluorophenyl)borate, and C =
dimethylaniliniumtertrakisCheptafluoronaphthyOborate.[
00333] Table 4 below describes the Examples for
comparative solution-polymerized propylene
homopolymers, against which the disclosed novel
propylene homopolymers were compared.Table 4.
Solution-polymerization conditions and product
properties Example Reactor Cat feed GPC (T)RI) DSC
data (second heating) Temp rate Mw Tmp Tcp Tmp -Tcp
SCL (0C) (mol/min) (kg/mol) (0C) (0C) 0C (0C) SOl 110
2.83E-07 29.4 139.5 105.4 34.1 26.9 SO2 105 2.13E-07
36.6 141.0 106.9 34.1 28.2 SO3 100 2.13E-07 47.5 144.1
104.9 39.2 31.0 SO4 95 2.13E-07 57.0 146.1 109.2 36.9
32.9 SO5 90 2.13E-07 71.9 148.3 110.2 38.1 34.9 SO6 90
2.83E-07 59.6 144.8 108.0 36.8 31.6 SO7 80 2.83E-07
91.7 149.9 109.7 40.2 36.3 SO8 120 2.83E-07 35.2 136.2
100.8 35.4 23.9 SO9 110 2.83E-07 60.0 141.5 108.1 33.4
28.7 SOlO 100 2.83E-07 96.3 146.4 110.4 36.0 33.1 SOU
90 2.3E-07 158.0 151.0 112.0 39.0 37.3 SO12 80
2.83E-07 -300 151.6 112.2 39.4 37.8 SO13 110 7.12E-07
32.1 142.7 108.5 34.2 29.8 SO14 100 1.68E-07 56.8
151.6 111.1 40.5 37.9 SO15 90 5.98E-08 60.9 155.8
109.6 46.2 41.7 SO16 120 2.67E-07 30.5 144.2 110.4
33.8 31.1 SO17 110 2.24E-08 113.6 153.4 112.6 40.8
39.5 SO18 100 2.24E-08 156.9 151.3 112.0 39.3 37.6
SO19 120 1.29E-07 32.1 146.1 110.5 35.5 32.9 SO20 110
1.29E-07 50.4 149.5 112.4 37.1 35.9 SO21 100 1.29E-07
81.1 153.2 114.0 39.2 39.3 SO22 90 1.29E-07 -108 155.7
113.8 41.9 41.6 Examples SOl to SO12: C3 monomer feed
14g/min, hexane solvent 90 ml/min Examples SO13 to
SO22: C3 monomer feed 14 g/min, hexane solvent 80
ml/min Supercooling Limit (SCL) given by SCL = 0.907 x
- 99.64, where x is Tmp.Slurry-polymerized
polypropylenes (comparative examples) [00334] Tables
5, 6 and 7 describe prior-art bulk slurry-polymerized
propylene homopolymers and their preparation
conditions. The technology for manufacturing propylene
homopolymers via bulk slurry polymerization is well
documented in the literature for both conventional
Ziegler-Natta catalysts as well as supported
metallocene catalysts. [00335] ACHIEVE(tm) 1605, 3854
and 6025G1 are commercial homopolymers available from
ExxonMobil Chemical Co., Houston, TX, made in
commercial reactors. Slurry Examples SLl to SL4 are
similar to these ACHIEVE products. They were
manufactured in similar commercial reactors, but the
process conditions were adjusted to reach different
MFR and molecular weight (Mw by GPC) values, as shown
in Table 6. Table 5. Catalysts used for the production
of Slurry-polymerized Polypropylenes Example Ligand
Activator SLl 1 B l SL2 1 B l SL3 1 B l SL4 1 B l SL5
4 B l SL6 4 B l Catalysts: 1 =
(rac-dimethylsilyl)bis(2-methyl-4-phenylindenyl)zircon
ium dimethyl, 4 =
(rac-dimethylsilyl)bis(2-methyl-4-(3,'5'-di-tertbutylp
henyl) indenyl)zirconium dimethyl. Activator: Bl
dimethylaniliniumtertrakis(pentafluorophenyl)borate.
All catalysts supported on silica; Triethylaluminum
(TEAL) used as impurity scavenger.Table 6. Slurry
product properties for unmodified reactor granules
Example Nominal GPC (DRT) DSC data (second heating ')
MFR Mw Tmp Tcp Tmp - Tcp SCL e/10 min (ke/mol) (0C
(0C) (0C) (0C) ACHIEVE 1605 30 162.1 148.4 108.1 40.3
35.0 ACHIEVE 3854 23 N/A 148.3 104.9 43.4 34.9 ACHIEVE
3854 23 N/A 148.0 106.1 41.9 34.6 ACHIEVE 6025G1 400
105.2 151.2 111.7 39.5 37.5 SLl 150 117.3 151.4 110.6
40.8 37.7 SL2 40 162.6 151.8 110.5 41.3 38.0 SL3 214
107.5 151.6 111.9 39.7 37.9 SL4 240 106.3 151.8 110.2
41.6 38.0 SL5 5 239.5 157.6 115.0 42.6 43.3 SL6 100
129.1 157.1 113.6 43.5 42.8 Supercooling Limit (SCL)
derived by SCL = 0.907 x - 99.64, where x is Tmp.
[00336] Examples SL5 and SL6 were polymerized in a
bulk liquid-phase pilot line, involving two
continuous, stirred-tank reactors, operated in series.
The reactors were equipped with jackets for removing
the heat of polymerization. The catalyst, described in
Table 5 above, was fed as a 20% solution in mineral
oil and flushed into the lead reactor using propylene.
Key process settings employed for the polymerization
of Examples SL 5 and SL6 are described in Table
7.Table 7: Process Parameters for Polymerization of
Examples SL 5 and SL6 Example SL5 Example SL6 Catalyst
feed rate (g/hr) 4.9 3.4 Scavenger (TEAL) feed rate
(ml/min) 4.6 4.5 (2 wt% in hexane) Lead reactor
temperature (C) 74 74 Lead reactor pressure (psig)
471.6 474.6 Lead reactor C feed (kg/hr) 79.5 79.6 Lead
reactor H gas concn (mppm) 1156 2986 Tail reactor
temperature (0C) 68 68 Tail reactor pressure (psig)
421.7 421.2 Tail reactor C3 feed (kg/hr) 29.5 29.5
Tail reactor H2 gas concn (mppm) 1314 3613 Lead
reactor production rate (kg/hr) 28.5 22.7 Tail reactor
production rate (kg/hr) 10.7 11.8 Total production
rate (kg/hr) 39.1 34.5 Lead reactor residence time
(hr) 2.56 2.85 Tail reactor residence time (hr) 1.87
1.86 Total residence time (hr) 4.4 4.7 Polymer was
discharged from the reactors as granular product. Key
characterization data on the reactor granules of
Examples SL5 and SL6 are shown in Table 6. Disclosure
ethylene-propylene (EP) copolymer synthesis examples
using continuous stirred tank reactor (CSTR) [00337]
All polymerizations were performed in bulk
polymerization systems (i.e., without using solvent,
except for what was introduced with the catalyst
solution, which did not exceed 10 wt%) and without
monomer recycle. [00338] Propylene Grade 2.5 (Airgas,
Piscataway, NJ) was obtained in #100 low pressure
cylinders equipped with dip leg for liquid delivery to
the monomerblending station. Ethylene Grade 4.5
(Airgas, Piscataway, NJ) was obtained in high-pressure
cylinders. [00339] Custom blends containing ethylene
and propylene were prepared in house. The monomer
blend was fed to the reactor from the monomer blend
vessel. [00340] Gas samples were analyzed using a
HP6890N (Agilent Technologies) gas chromatograph (GC)
equipped with flame ionization detector (FID), gas
sampling valve, and pressure control compensation. The
analysis was performed with a 30 m 0.53 mm ID HP AL/M
megabore capillary column (film thickness 15 micron).
The carrier gas was helium. The temperature program
started at 700C, held initially for 3 min, ramped to
1500C at 20C/min. Total analysis time was 7 minutes.
The data were acquired and processed by ChromPerfect
software (Justice Laboratory Software). Calibration
standards containing ethylene, propane and propylene
were purchased from DCG Partnership, Pearland, TX. The
FID response factors were based on these calibration
standards and were also checked against the results
published by J.T. Scanlon, D.E. Willis in J. Chrom.
Sci. 23 (1985) 333 and by W.A. Dietz in J. Gas Chrom.
(1967) 68. For our mass balance calculations, propane,
a trace impurity in the propylene feed (Air Gas),
served as internal standard. [00341] The monomer blend
feed was purified using two separate beds in series:
activated copper (reduced in flowing H2 at 225C and 1
bar) for O2 removal, and molecular sieve (5 A,
activated in flowing N2 at 2700C) for water removal.
The flow rate and density of the feed were measured by
a Coriolis mass flow meter (Model PROline promass 80,
Endress and Hauser) that was located downstream of the
purification traps on the low-pressure side of the
feed pump. The purified monomer blend was fed by a
diaphragm pump (Model MhS 600/1 1, ProMinent Orlita,
Germany).[00342] For effluent gas sampling, a
laboratory gas pump (Senior Metal Bellows, Model
MB-21) was used to continually remove a gas stream
from the product collection vessel. This stream of
reactor effluent was sent to the GC gas sampling port
and through the GC sampling loop. The GC was
programmed to acquire a new sample every 10 minutes
during the run. The off-line feed and on line effluent
analysis results provided the compositional input for
the mass balance calculations. The total feed mass
flow was generated by summing the monomer feed flow
rate measured by the mass-flow meter and the catalyst
flow rate measured by the weight drop in the catalyst
feed vessel. [00343] Catalyst solutions were prepared
in an Ar-filled glove box by using toluene stock
solutions of the catalyst precursor and the activator,
and were delivered to the reactor by a continuous
high-pressure syringe pump (PDC Machines, Inc.,
Warminster, PA). The pump rate directly afforded the
catalyst solution feed rate for the mass balances.
[00344] Material balances were calculated from two
independent composition data sets. One of them relied
on effluent gas analysis and propane internal
standard. The other one was based on product yield and
13C NMR and IR compositional analyses of the product
polymer. The on-line analysis provided conversion,
yield, and product composition data, therefore allowed
to monitor and control those process parameters.
[00345] Tables 7 and 8 below provide examples for
process conditions applied and product compositions
obtained by processes of the current disclosure.Table
7. Exemplary process conditions for producing
ethylene-propylene random copolymers of about 20 g/10
min MFR and 14-15 wt% ethylene content by disclosure
processes Table 8. Exemplary process conditions for
producing ethylene-propylene random copolymers of
about 9-16 g/10 min MFR and 11-12 wt % ethylene
content by disclosure processes [00346] The products
obtained by the bulk homogeneous process disclosed
herein were compared with a comparative product made
with the same catalyst via a solution polymerization
process (designated COMl). The catalyst precursor used
was dimethyl (m-dimethylsilyl)bis(indenyl)hafhium and
the catalyst activator used was
dimethylaniliniumtetrakis(heptafluoronaphthyl)borate.
The comparative COMl product and the products made by
the inventive processdisclosed herein were selected to
have the same MFR and ethylene content. The
microstructural differences between COMl made by the
comparative solution process and products of similar
(15 wt%) ethylene concentration and MFR (about 20
g/min) made by the inventive processes disclosed
herein (designated samples 25230-124 and 25230-149)
are illustrated in Table 9 below. Table 9. A
comparison of the microstructure and randomness of
prior art and current disclosure ethylene-propylene
copolymer products of ~15 wt% ethylene and -20 g/10 mn
MFR *Averageof two NMR tests *Average of four NMR
tests [00347] As it is demonstrated in Table 9, both
the comparative and the inventive products contain
randomly distributed ethylene in the polymer chains:
the Cluster Indices are essentially equal to 10 and
the R E R P products are near 1.0. Unexpectedly,
however, the total regio defects in the continuous
propylene segments in the polymer chains are
substantially different, namely, the total regio
defects in the ethylene-propylene random copolymers
made by the inventive processes disclosed herein are
54% and 67% higher for the 25230-124 and 25230- 149
samples, respectively, than that in the comparative
product (COMl) made by the solution process with the
same ethylene content and MFR. Regio defect
concentrations by 13C NMR [00348] Carbon NMR
spectroscopy was used to measure stereo and regio
defect concentrations in the polypropylene. Carbon NMR
spectra were acquired with a 10-mm broadband probe on
a Varian UnityPlus 500 spectrometer. The samples were
prepared in l,l,2,2-tetrachloroethane-c? 2 (TCE).
Sample preparation(polymer dissolution) was performed
at 1400C. In order to optimize chemical shift
resolution, the samples were prepared without chromium
acetylacetonate relaxation agent. Signal-to-noise was
enhanced by acquiring the spectra with nuclear
Overhauser enhancement for 6 seconds before the
acquisition pulse. The 3.2 second acquisition period
was followed by an additional delay of 5 seconds, for
an aggregate pulse repetition delay of 14 seconds.
Free induction decays of 3400-4400 coadded transients
were acquired at a temperature of 1200C. After Fourier
transformation (256 K points and 0.3 Hz exponential
line broadening), the spectrum is referenced by
setting the dominant mmmm meso methyl resonance to
21.83 ppm. [00349] Chemical shift assignments for the
stereo defects (given as stereo pentads) can be found
in the literature [L. Resconi, L. Cavallo, A. Fait,
and F. Piemontesi, Chem. Rev. 2000, 100, pages
1253-1345]. The stereo pentads (e.g. mmmm, mmmr, mrrm,
etc.) can be summed appropriately to give a stereo
triad distribution (mm, mr, and rr), and the mole
percentage of stereo diads (m and r). Three types of
regio defects were quantified: 2,1-erythro, 2,1-threo,
and 3,1- isomerization. The structures and peak
assignments for these are also given in the reference
by Resconi. The concentrations for all defects are
quoted in terms of defects per 10,000 monomer units.
[00350] The regio defects each give rise to multiple
peaks in the carbon NMR spectrum, and these are all
integrated and averaged (to the extent that they are
resolved from other peaks in the spectrum), to improve
the measurement accuracy. The chemical shift offsets
of the resolvable resonances used in the analysis are
tabulated below. The precise peak positions may shift
as a function of NMR solvent choice.[00351] The
average integral for each defect is divided by the
integral for one of the main propylene signals (CH3,
CH, CH2), and multiplied by 10000 to determine the
defect concentration per 10000 monomers. Differential
Scanning Calorimetry for Measuring Crystallization and
Melting Temperatures (Tcp and Tmp) and Heat of Fusion
(AHf): [00352] Peak crystallization temperature (Tcp),
Peak melting temperature (Tmp) and heat of fusion (Hf,
or AHf) were measured using Differential Scanning
Calorimetry (DSC) on reactor samples (with no
nucleating agent added). This analysis was conducted
using either a TA Instruments MDSC 2920 or a Q2000
Tzero DSC. The DSC was calibrated for temperature
using four standards (Tin, Indium, cyclohexane, and
water). Heat of fusion of Indium (28.46 J/g) was used
to calibrate the heat flow signal. The reproducibility
of peak melting temperature for polypropylene is
within  0.30C and heat of fusion is within 2%.
Typically about 3 to 5 mg of polymer from the reactor
was sealed in a standard aluminum pan with flat lids
and loaded into the instrument at room temperature.
Sample was cooled to -700C and heated at 10C/min to
2100C to acquire the melting data (first heat). This
first heating provides the melting behavior for
samples made in the reactor. Since thermal history
influences melting and crystallization behavior, the
sample was held for 5 minutes at 2100C to destroy its
thermal history. This was followed by cooling this
sample to -7O0C at a cooling rate of 10C/min to
analyze its crystallization behavior at this cooling
rate. The exothermic peak of crystallization was
analyzed using the software provided by the vendor and
the peak of crystallization (Tcp) is reported. The
sample was held at this lowtemperature of -700C for
about 10 minutes to equilibrate it and then heated
back to 2100C at 10C/min to analyze the melting
behavior (second heat). This gave the melting behavior
of samples crystallized under controlled cooling
conditions (10C/min). The melting temperature reported
is obtained by the analysis of the melting peak using
the software provided by the vendor and corresponds to
the peak of the melting transition (Tmp). All samples
reported in this work showed relatively narrow, single
melting peaks and the breadth of melting did not show
any significant change for different catalysts. Area
under the melting curve was used to determine the heat
of fusion (DHf) in J/g using the software provided by
the vendor. This heat of fusion is used to calculate
the degree of crystallinity. The percent crystallinity
is calculated using the formula: percent crystallinity
= [area under the curve (J/g) / 207.14 (J/g)] x 100%.
A value of 207.14 J/g or 8700 J/mol is the equilibrium
heat of fusion for 100% crystalline polypropylene and
is obtained from Ref: B. Wunderlich in "Thermal
Analysis" Academic Press, page 418, 1990. Melt-Flow
Rate Measurements: [00353] The Melt-Flow Rates (MFR)
of polymers were determined by using Dynisco Kayeness
Polymer Test Systems Series 4003 apparatus following
the method described in the Series 4000 Melt Indexer
Operation manual, Method B. The method follows ASTM
D-1238, Condition L, 2.16 kg and 23O0C. All samples
were stabilized by using Irganox 1010. Molecular
weights (Mw, Mn and Mz) by Gel-Permeation
Chromatography (GPC): [00354] Molecular weight
distributions were characterized using Gel-Permeation
Chromatography (GPC), also referred to as
Size-Exclusion Chromatography (SEC). Molecular weight
(weight average molecular weight, Mw, number average
molecular weight Mn, Viscosity average molecular
weight, Mv, and Z average molecular weight, Mz) were
determined usingHigh-Temperature Gel-Permeation
Chromatography equipped with a differential refractive
index detector (DRI) to measure polymer concentrations
(either from Waters Corporation with on-line Wyatt
DAWN "EOS" and Waters GPCV viscometer detectors, or
Polymer Laboratories with on-line Wyatt mini-DAWN and
Viscotek Corporation viscometer detectors.
Experimental details on the measurement procedure are
described in the literature by T. Sun, P. Brant, R. R.
Chance, and W.W. Graessley, Macromolecules, Volume 34,
Number 19, 6812- 6820 (2001). [00355] The analysis was
performed using a Waters GPCV 2000 (Gel Permeation
Chromatograph) with triple detection. The three
detectors were in series with Wyatt DAWN "EOS" MALLS
18 angle laser light scattering detector first,
followed by the DRI (Differential Refractive Index)
then Differential Viscometer detector. The detector
output signals are collected on Wyatt' s ASTRA
software and analyzed using a GPC analysis program.
The detailed GPC conditions are listed in Table 8
below. [00356] Standards and samples were prepared in
inhibited TCB (1,2,4-trichlorobenzene) solvent. Four
NBS polyethylene standards were used for calibrating
the GPC. Standard identifications are listed in the
table below. The samples were accurately weighed and
diluted to a -1.5 mg/mL concentration and recorded.
The standards and samples were placed on a PL Labs 260
Heater/Shaker at 1600C for two hours. These were
filtered through a 0.45 micron steel filter cup then
analyzed. [00357] The concentration, c, at each point
in the chromatogram is calculated from the
baseline-subtracted DRI signal, IDRI, using the
following equation: c = KDRI IDRI/(dn/dc) where KDRI
is a constant determined by calibrating the DRI, and
(dn/dc) is the same as described below for the LS
analysis. Units on parameters throughout
thisdescription of the SEC method are such that
concentration is expressed in g/cm3, molecular weight
is expressed in g/mole, and intrinsic viscosity is
expressed in dL/g. [00358] For the light-scattering
detector used at high temperature, the polymer
molecular weight, M, at each point in the chromatogram
is determined by analyzing the LS output using the
Zimm model for static light scattering (M.B. Huglin,
Light Scattering from Polymer Solutions, Academic
Press, 1971): J L = + 2Acc DR (Q) MP(Q) C Here, DR(Q)
is the measured excess Rayleigh scattering intensity
at scattering angle q, c is the polymer concentration
determined from the DRI analysis, A2 is the second
virial coefficient, P(q) is the form factor for a
monodisperse random coil (described in the above
reference), and Ko is the optical constant for the
system: 4p2n2 (dn/dc) 2 "O l4N, in which NA is
Avogadro's number, and (dn/dc) is the refractive index
increment for the system. The refractive index, n =
1.500 for TCB at 135C and l = 690 nm. In addition, A2
= 0.0006 for propylene polymers and 0.0015 for butene
polymers, and (dn/dc) 0.104 for propylene polymers and
0.098 for butene polymers. [00359] A high temperature
Viscotek Corporation viscometer was used, which has
four capillaries arranged in a Wheatstone bridge
configuration with two pressure transducers. One
transducer measures the total pressure drop across the
detector, and the other, positioned between the two
sides of the bridge, measures a differential pressure.
The specific viscosity, hs, for the solution flowing
throughthe viscometer is calculated from their
outputs. The intrinsic viscosity, [h] ;, at each point
in the chromatogram is calculated from the following
equation: [h]i hsi/ Q where the concentration, Q was
determined from the DRI output. [00360] The branching
index (g1) is calculated using the output of the
SEC-DRI-LS-VIS method as follows. The branching index
g' is defined as: Sample measured [h] / calculated
theoretical [h] of a linear polymer, where the
calculated theoretical [h] of a linear = k Ma where k
= 0.0002288 and a = 0.705 for propylene polymers.
[00361] Mv is the viscosity average molecular weight
based on molecular weights determined by
light-scattering (LS) analysis. The viscosity average
molecular weight, Mv, of the sample is calculated by:
Mv = {Sh Mi /S hj} l/a M = molecular weight for each
time slice, hi, from the chromatogram, and the
summations are carried out over all chromotographic
slices, i.e., between the integration limits.Table 8 :
Gel Permeation Chromatography (GPC) measurement
conditions Monomer sequence distribution and
composition by 13C NMR: [00362] Carbon NMR
spectroscopy was used to measure monomer sequence
distribution, composition, clustering, and regio
defect concentrations in the propylene sequences.
Carbon NMR spectra were acquired with a 10-mm
broadband probe on a Varian UnityPlus 500
spectrometer. The samples wereprepared in
l,l,2,2-tetrachloroethane-c( 2 (TCE). Sample
preparation (polymer dissolution) was performed at
1400C. In order to optimize chemical shift resolution,
the samples were prepared without chromium
acetylacetonate relaxation agent. Signal-to-noise was
enhanced by acquiring the spectra with nuclear
Overhauser enhancement for 10 seconds before the
acquisition pulse. The 3.2 second acquisition period
was followed by an additional delay of 4 seconds, for
an aggregate pulse repetition delay of 17 seconds.
Free induction decays of 3400-4400 coadded transients
were acquired at a temperature of 1200C. After Fourier
transformation (256K points and 0.3 Hz exponential
line broadening), the spectrum is referenced by
setting the upfield peak of the TCE to 74.054 ppm.
Figure 25 depicts a typical 13C NMR spectrum of a C2
=-C3 = copolymer with high ethylene content. [00363]
The Journal of Applied Polymer Science article by Di
Martino and Kelchtermans (J. Applied Polymer ScL 56
(1995) 1781) provides an accessible tabulation of the
chemical shift assignments for the peaks in the
spectrum. The review article by Randall and Rucker (J.
C. Randall and S. P. Rucker, Macromolecules 27(8)
(1994) 2120) gives an overview of the procedure for
converting the peak areas to the monomer sequence
triads that define the chain microstructure. The
measured integrals are converted into monomer triad
and chain defect concentrations through a linear
algebraic matrix system y = Ax which relates the two.
The matrix system employs the integrals as the
dependent y vector, the triad/defect concentrations as
the x vector, and the number of carbons (intensity)
contributed by each triad or defect structure to each
integral region as the transfer matrix, A. The
nomenclature adopted for the analysis is tabulated
below:PROCESS FOR MAKING LOW COLOR POLYVINYLALCOHOL
Claim for Priority This application is based upon
United States Provisional Patent Application Serial
No. 61/008,791 (Attorney Docket No. C-7286), filed
December 21, 2007 of the same title, the priority of
which is hereby claimed and the disclosure of which is
incorporated herein by reference. Background of the
Invention Vinyl acetate monomer is the primary raw
material used in the manufacture of polyvinyl alcohol.
Polyvinyl alcohol may be manufactured by
polymerization of the vinyl acetate monomer to form
polyvinyl acetate which is then partially hydrolyzed.
The process of hydrolysis is based on the partial
replacement of ester groups in the polyvinyl acetate
with hydroxyl groups and may be completed in the
presence of aqueous sodium hydroxide. Following
gradual addition of a saponification agent, the
polyvinyl alcohol may be precipitated, washed and
dried. The degree of hydrolysis is determined by the
time point at which the saponification reaction is
terminated. The vinyl acetate monomer is available in
a variety of different grades which in turn may be
used to manufacture multiple grades of polyvinyl
alcohol. In fact, depending upon the intended
application of the polyvinyl alcohol product, one
grade may actually be more advantageously used than
another. A general overview of vinyl acetate products
and their various uses is provided in Dow, "product
safety assessment (PSA: vinyl acetate)". The Dow
safety assessment discloses that the inhibitor,
hydroquinone, is added to minimize vinyl acetate
polymerization under ambient conditions, allowing
longer storagetimes. The brochure also discloses that
vinyl acetate may be used as a raw material in the
manufacture of polyvinyl alcohol for use in textiles,
adhesives, paper sizing and fibers. Also disclosed is
the use of vinyl acetate as a raw material in the
manufacture of polyvinyl butyral for use as
interlayers in safety glass for automotive and
architectural applications. One particular application
for the polyvinyl acetate raw material is as a
composite interlayer for laminated glass as generally
described in U.S. Patent No. 6921509 to Moran et ah,
the disclosure of which is incorporated by reference.
In Moran composite interlayers suitable for use in
laminated glass, include a layer of plasticized
polyvinyl butyral, sandwiched between second and third
polymeric layers. In a preferred embodiment, at least
one and preferably both of the second and third layers
are less than 5 mils thick and formed of polyurethane.
U.S. Patent No. 7452608 to Fukatani et al.,
incorporated by reference, discloses a laminated glass
and an intermediate film for laminated glass which is
characterized as having high performance for
mitigating external impact when, for instance, a head
comes into collision due to the occurrence of a
personal accident. The interlayer film for the
laminated glass is not particularly limited but it is
provided with a plasticizer in an amount of about 30
parts by weight or more, per 100 parts by weight of
polyvinyl acetal resin interlayer. Certain
applications for polyvinyl alcohol, however, are
particularly sensitive to the color of the polyvinyl
alcohol product.Summary of the Invention Disclosed
herein is a process for manufacturing polyvinyl
alcohol having an APHA color of less than or equal to
about 10 for color sensitive applications, by feeding
a purified vinyl acetate composition containing
ultra-low levels of inhibitor to the polyvinyl acetate
polymerization reactor. The purification of the vinyl
acetate was made by using two distillation columns
that remove the impurities, by products, and, in
particular, all or substantially all remaining
inhibitor from the vinyl acetate just prior to
polymerization. Specifically, the level of inhibitor
is reduced to about 10 ppm or less, preferably about 5
ppm or less, even more preferably about 3 ppm or less,
such as about 1ppm or less. It is noteworthy, however,
that a wide variety of methods for removing impurities
and, in particular, inhibitors from a vinyl acetate
stream prior to use to manufacture polyvinyl alcohol
may be acceptable. Other means that may be acceptable
to remove impurities and in particular inhibitors
include washing the vinyl acetate with a sodium
hydroxide solution or using any of a wide variety of
ion exchange resins. In the inventive process, fresh
or purified vinyl acetate substantially free of
impurities and inhibitors is fed directly to a
suitable reactor. By using vinyl acetate substantially
free of inhibitors, notable quality improvements may
be achieved in the manufacture of polyvinyl alcohol
grades for color sensitive applications. This process
change may be particularly advantageous when employed
in combination with other process controls already
known for achieving color improvements in polyvinyl
alcohol. It has been found that the use of vinyl
acetate having a level of inhibitor of equal to or
less than about 10 ppm, preferably less than about
5ppm, more preferably less than about 3 ppm, even more
preferably less than about 1 ppm, may result in a
final polyvinyl alcohol product having an APHA color
of about 10 or less. It has been found that raw
materials used in the manufacture of polyvinyl alcohol
may be significant sources of color formation in the
polyvinyl alcoholproduct. In particular, inhibitors
and other heavy-end by-products from the vinyl acetate
raw material stream may contribute to color formation
in a polyvinyl alcohol product. Polyvinyl alcohol
product made according to the present invention,
typically may be characterized as having an APHA color
of less than or equal to about 10. Polyvinyl alcohol
produced by conventional means typically may have an
average APHA color of about 20 to 25. The lower the
APHA color value, the more colorless the polyvinyl
alcohol. The procedure for determining the APHA color
number is set forth in ASTM D1209-62T and E202-62T.
This method considers the intensity of the light and
measures absorption in the yellow region of the
visible spectra. APHA color is calibrated against
distilled water, which is assigned an APHA value of
zero and differing dilutions of platinum-cobalt (Pt
Co), stock solution. The Pt Co solutions are yellow as
were the waste water solutions which APHA was
originally designed to evaluate. With respect to
polyvinyl alcohol, low color values means polymers
having stable APHA colors of less than or equal to
about 10. Measurement of the APHA color of the
polyvinyl alcohol is conducted on a 4 % solution of
polyvinyl alcohol in water. Also to be considered in
the measurement of APHA color, is the length of the
cuvette (10, 20 or 50 mm). Other color tests are
available and may be conducted based on testing of
solid polyvinyl polymers instead of polyvinyl alcohol
in solution, and based against a standard yellowness
index. Vinyl acetate is historically shipped in liquid
form and with an inhibitor, such as hydroquinone or
one or more quinine-based inhibitors. For applications
requiring polyvinyl alcohol having a low color, there
is a need to purify the vinyl acetate just prior to
polymerization to form polyvinyl acetate to remove or
minimize the presence of impurities, which may cause
undesired color in the finalpolyvinyl alcohol product.
Examples of such impurities include inhibitors, heavy
ends, resins, and alcohol by products. Detailed
Description of the Invention The quality of polyvinyl
alcohol products useful for a wide variety of
applications is significantly dependent on the color
of the polyvinyl alcohol used to make the products. In
turn, as mentioned above, the color of the polyvinyl
alcohol is significantly dependent on the color of the
vinyl acetate monomer that may be polymerized to make
polyvinyl acetate which is then hydrolyzed to make the
polyvinyl alcohol product. In this regard, a variety
of impurities have been investigated in the past to
determine their effect on the color of polyvinyl
alcohol products that may be used in a wide variety of
applications in which low color is required. Among the
impurities typically found in vinyl acetate monomers
used as raw materials in the manufacture of polyvinyl
alcohol, in addition to hydroquinone are ethyl
acetate, methyl acetate, acetone, acetaldehyde,
crotonaldehyde, benzene and even water. Acetone is not
believed to be an impurity that may cause color or
other problems in polyvinyl alcohol products. Ethyl
acetate is essentially a "pass through" in the
polyvinyl alcohol process. It is essentially inert in
the polymerization of the vinyl acetate monomer. Most
of the ethyl acetate entering the paste stripper is
sent overhead and accumulates in the recycle vinyl
acetate monomer. At some point, it will move through
the paste stripper and react with phosphoric acid
added to the column to be converted to ethanol. This
ethanol exits the base of the column and passes
through the saponification step and acetic acid
recovery system. In most or all conventional
processes, it then reacts with the polyvinyl acetate
polymer in thesaponification step (as does methanol),
to form ethyl acetate again. Any ethyl acetate from
the saponification will pass into the acetic acid
recovery system. Ethyl acetate entering the acetic
acid recovery system is converted to ethanol and
ultimately builds up in the methanol solvent, recycled
in the process. Methyl acetate present in the vinyl
acetate monomer converted to polyvinyl alcohol, is of
little or no concern because methyl acetate is a
byproduct which manufacturers conventionally allow to
be recycled with the recycled methanol in the
manufacturing process to save energy costs.
Acetaldehyde, another so-called impurity contained in
vinyl acetate monomer, is known to be a color
promoting impurity in the final polyvinyl alcohol
product. It is known however, that acetaldehyde can be
converted to crotonaldehyde and higher aldol
condensation oligomers, which are known to be good
chain transfer agents, limiting molecular weight which
is desirable in special grades of polyvinyl alcohol
requiring lower molecular weight. While benzene
content in vinyl acetate monomers used to make
polyvinyl alcohol is of concern regarding the color of
the final polyvinyl product, it is generally known
that higher levels of benzene in the final polyvinyl
product cannot be tolerated. As to water, it has been
found that the water content in the vinyl acetate
should be as close as possible to the solubility
limits of vinyl acetate monomer so as not to affect
the quality of the polyvinyl alcohol. From among the
above impurities, it has been found that, according to
the present invention, the inhibitors are typically
used to stabilize the vinyl acetate from degradation
from the time it is manufactured until it is
polymerized to form polyvinyl acetate. Hydroquinone is
probably the dominant color causing inhibitor used to
stabilize vinyl acetate, but other quinine-based
materials are also usedcommercially, including
hydroquinone monomethyl ether and benzoquinone. These
inhibitors which are generally present during shipping
and storage of the vinyl acetate, should be reduced to
the lowest possible level, prior to polymerization of
the vinyl acetate to form polyvinyl acetate to reduce
the color of the final polyvinyl alcohol product to
the lowest possible level. Various methods have been
disclosed for removing impurities from vinyl acetate
as disclosed for instance in U.S. Patent No. 4487959
to Dickerson, incorporated by reference. The
impurities included acetic acid, coloration agents,
water and or cations and anions. The acetic acid may
be removed by azeotopic distillation. The low color
polyvinyl alcohol of the present invention may be
useful for numerous applications where low color is
important. For instance, polyvinyl alcohol is a main
material for manufacturing polyvinyl butyral which is
used as an adhesive for making laminated glass for
automotive windshields, storm windows and doors, and
in ballistic windows. Low color polyvinyl alcohol is
also used as polarized film in liquid crystal display
window applications. High color in polyvinyl alcohol
such as APHA color values in excess of about 10, will
affect the color of polyvinyl butyral and products
made from it. High polyvinyl alcohol color values will
also lead to poor aesthetic appearance and weathering
resistance in polyvinyl alcohol polarized film
applications. The following examples are illustrative
only and are not to be considered in any way as
limiting the scope of the present invention which is
set forth in the appended claims. Example 1 This
example is provided to illustrate how vinyl acetate
may be purified to remove any inhibitors. As mentioned
in the above Specification, low inhibitor levels in
vinyl acetate monomer are essential for reduction of
high color inpolyvinyl alcohol such as APHA color
values. The boiling points of vinyl acetate and water
are 162 degrees and 212 degrees fahrenheit
respectively. In this example, an azeotrope of vinyl
acetate and water are formed, having a boiling point
of 151 degrees fahrenheit. The vinyl recovery column
is operated in the range of 2 psig and 185 degrees
fahrenheit. The vinyl acetate water azeotrope is
distilled overhead, condensed, and phase separated in
the accumulator. Vinyl acetate is returned to the
column as reflux. The water and low boiling impurities
are removed through the aqueous phase in the overhead
accumulator. The high boiling impurities are removed
through the column residue. The purified vinyl acetate
is vapor fed to the redistillation column from the
bottom of the vinyl recovery column. The
redistillation column ensures that no entrained liquid
containing impurities or inhibitors go into the
polymerization reaction. Example 2 A stream of clean,
clear vinyl acetate paste was prepared using purified
vinyl acetate monomer, wherein the composition was
more than 85 % distilled, making the impurity content
equal to or less than about 1 ppm. This vinyl acetate
stream was used to prepare a control sample. In the
study four different impurities: Acetaldehyde ("AH"),
Hydroquinone ("HQ"), Hydroquinone Acetate ("HQDA"),
and other acetic acid heavies such as Triacetene
(herein collectively "HE-acid"), were added to the
clean, clear paste, to measure color of the finished
product. The Table below indicates color to be
associated with higher levels of inhibitor.TABLE As
shown in the Table above, samples of polyvinyl alcohol
made according to the present invention exhibited very
favorable, low color properties in comparison to the
control samples. Further experiments were conducted on
vinyl acetate streams having different levels of
hydroquinone. Samples of vinyl acetate having high
(approximately 20 ppm), medium (approximately 10 ppm),
low (trace ppm), and no levels of hydroquinone, were
studied by gas chromatograph. The detection level of
the gas chromatograph was about 1ppm hydroquinone. It
was concluded that hydroquinone type inhibitors in
vinyl acetate streams, cause color or haze formation
in the final polyvinyl alcohol product. Our
conclusions with regard to the color-causing effect of
hydroquinone-type inhibitors do not exclude the
possibility that other types inhibitors may also cause
color formation and hence effect clarity in the
polyvinyl alcohol products. These and other
modifications and variations to the present invention,
may be practiced by those skilled in the art, without
departing from the spirit and scope of the present
invention, which is more particularly set forth in the
appended claims. In addition, it should be understood
that aspects of the various embodiments may be
interchanged in whole or in part. Furthermore, those
skilled in the art will appreciate that the foregoing
description is by way of example only,and is not
intended to limit the invention as further described
in such appended claims.WHAT IS CLAIMED IS: 1. A
process for the manufacture of polyvinyl alcohol
having an APHA color of equal to or less than about
10, comprising polymerizing vinyl acetate monomer,
having a level of inhibitor of about 10 ppm or less to
form polyvinyl acetate and then hydrolyzing the
polyvinyl acetate to form polyvinyl alcohol. 2. The
process of Claim 1, wherein the level of inhibitor is
about 5 ppm or less. 3. The process of Claim 2,
wherein the level of inhibitor is about 3 ppm or less.
4. The process of Claim 3 wherein the level of
inhibitor is about 1ppm or less. 5. A process for the
manufacture of polyvinyl alcohol having an APHA color
of equal to or less than about 10, comprising
polymerizing vinyl acetate monomer, having a level of
hydroquinone inhibitor of about 10 ppm or less , to
form polyvinyl acetate and then hydrolyzing the
polyvinyl acetate to form polyvinyl alcohol. 6. The
process of Claim 5 wherein the level of hydroquinone
is about 5ppm or less. 7. The process of Claim 6
wherein the level of hydroquinone is about 3 ppm or
less. 8. The process of Claim 7 wherein the level of
hydroquinone is about 1 ppm or less.9. A process for
the manufacture of laminated glass products, requiring
low color, which comprises using a polyvinyl alcohol
having an APHA color of less than or equal to about
10. 10. The process of Claim 9 wherein the intended
application for the glass product is an automotive
windshield. 11. The process of Claim 9 wherein the
intended application for the glass product is selected
from storm windows and doors. 12. The process of Claim
9 wherein the intended application for the glass
product is ballistic windows. 


