WO 2007/ 144474 PCT/ F12007/ 050357 1 Process for the manufacture of olefin
oligoners Technical field 5 The invention relates to the production of
hi gh-grade_base oils and to selective dinerization of n-olefns using a

solid and WOMPUI¥EHal yst. Particularly, the inven- tion B&/HR20E 10 a

process wherein n-olefns are dinmerized in a catalytic distilla- tion
apparatus, followed by hydrogenation to give polyolefins. 10 State of the
art Saturated olefinic oligoners are a slignificant group of high-grade
synthetic base oils. Poly-al pha-ol efins known as PAGs are typically
produced by oligonerization 15 of alpha-olefins in the presence of
honogeneous Friedel -Crafts catal ysts, such as boron trifluoride (BF3) and a
pronoter at sl iPgdtesyfocthewahafdetiBe 3f @efimtigpness and t enper at ures bel ow 100 C
Water or an al cohol normally serves as the pronoter. In the PAO process,
1-decene is typically used as the feedstock, mainly giving trinmers and
tetraners of the feedstock olefin as the product. 20 Base oils may al so be
produced by dil¢ehnicalfielh of n- ol efi ns heavier than decene. Base oils of the
PIO (poly(knternal olefin)) group are produced by dimerization of internal
n-olefins, typically Cl15-Cl6 n-ol efns, using BF3 catal ysts. Anong the
products of t Hhe Riventioocaatss talthegpredwtien pfihighaudder bage wils taad lte sélewtitet ocks f or

b 25 oi | duct. i t al.yst | tep is..al i
PAG and PO prBtaLate SErAlT R e & Sl el R 8 e i Y "
n-ol ef i ns ref gion igditdctdas aPrédess@h&tinln-slefds ¢ Sinidbized ida BAale Gisfilkan one

branch, that is, to sli %ht l'y hranched ol efins. WO 2007/ 144474
PCT/ F12007/ 0598 2ppapatus, Tollowed by hydrogenation to give polyolefins.

10
State of the art

Saturated olefinic oligomers are a significant group of high-grade synthetic base
oils. Poly-alpha-olefins known as PAOs are typically produced by oligomerization
15  of alpha-olefins in the presence of homogeneous Friedel-Crafts catalysts, such as
boron trifluoride (BF3) and a promoter at slightly elevated BF3; pressures, and
temperatures below 100 °C. Water or an alcohol normally serves as the promoter.
In the PAO process, 1-decene is typically used as the feedstock, mainly giving
trimers and tetramers of the feedstock olefin as the product.
20
Base oils may also be produced by dimerization of n-olefins heavier than decene.
Base oils of the PIO (poly(internal olefin)) group are produced by dimerization of
internal n-olefins, typically C;s-Ci¢ n-olefins, using BF; catalysts. Among the
products of the PIO process, dimers are particularly suitable feedstocks for base

25  oil production.

A catalyst separation step is always necessary in PAO and PIO processes using

homogeneous catalysts.

30 As is known, n-olefins refer to linear olefins or linear olefins with no more than

one branch, that is, to slightly branched olefins.



A igonerization refers to a reaction where nol ecul es of at | east one type
react wth each other resulting in the increase of the nol ecul ar wei ght,

sai d i ncrg@sgo7A%4729 the added nol ecul ar wei ght of at | qagtphddvm6s5P! ecul es.
A igomerization may be illustrated with the follow ng equation: 5 xA + yB
-* AXBY where A may be identical wth or different fromB, x is 0 or an
integer, y is 0 or an integer, x+y > 2, Ex = n, Ey = m A and B are
olefinic nolecules, and n and m 10 aré integers. The termoligoner refers
to a repetitive conmbination of nononmeric units of at |east the one type, the
nunber of said units ranging from3 to 100. The termdi nerization refers to
a reaction ViPkgamerigptiqnureders &9 ageaqtiop yhegnmolegyles of ahlepstygnertypaeqictot her
resulting i My] z | @, i bl =y s ease being
{ho added i g b8 ERle Wl e BUERM Bind BoBRlier SRI Bid Bl e he

i |lustrated winghthehmldéd modeoutay vexjghetaf o least-threeABole2@lesHRligomerizatjonbe
identical with or..different .fr B. A and B being olefinic nole- cules. The
term di nmer rr@?’éﬁ%‘“ﬁ"ﬁtmﬁed;:‘gﬁmlﬁﬁﬁ%%m%Fq'{ “nononeric units of at |east one
type. Thesterm polyolefmrefers to a conbination conprising at |east two
olefinic 25 n ric.units of at |east one type. Several alternative

het er ogeneou’é’{rgé&:%yé’tc% for the dinerization of heavy olefins are known
e.g. frompatents US 4,417,088, US 5,053,569, US 5,453,556 and US

6,703,356. In addition to the desired dinerization reaction, the use of said
hetero 30 geWhasad may de identira} tith eri differonfcipm B, 845 8 of@v imtegarsy tssded ted i n
cracking and _ispm_eri ion. reactions qf, the,feedstock olefins, as well as
or mat | on-of “HEREPeFbF 2 Vb gy 1 Fa A AT RIS bEus? “F4h dihar s, "ai ni v
trinmers pod 4retintageed. SThe Radnt bhigdnidr| ryfefbarbral repdtitiae combiRtion 8f mefom&ac- tions of
the feedstock .ol efins include reactions yielding products that may not be

di meri zed, sWls o8t laash e e, the mumhenaf saig upityyangipg fiem Hies0oi | are | ower ed
by the

The term dimerization refers to a reaction where molecules of at least one type
react with each other resulting in the increase of the molecular weight, said in-
15  crease being the added molecular weight of at least two molecules. Dimerization

may be illustrated with the following equation:

A+B=> AB

20 where A may be identical with or different from B, A and B being olefinic mole-

cules. The term dimer refers to a combination of two monomeric units of at least

one type.

The term polyolefin refers to a combination comprising at least two olefinic

25 monomeric units of at least one type.

Several alternative heterogeneous catalysts for the dimerization of heavy olefins
are known e.g. from patents US 4,417,088, US 5,053,569, US 5,453,556 and US
6,703,356. In addition to the desired dimerization reaction, the use of said hetero-
30 geneous acid catalysts disclosed in said documents resulted in cracking and isom-

erization reactions of the feedstock olefins, as well as formation of heavier oli-



cracking products forned as well as naphthenes resulting fromthe

i sonerization 5 of nononeric ol efins. Because relatively valuable olefin are
used as t f eedst ock, any undesirable side re i of al so
have a cJﬁ§F§§?§%?§ inpact on the feasibility of the p?§§§§§§7@'egﬁocunent
US 5, 053,569 discloses the dinerization of ct-olefins using an 10 acidic
calciumnontnorillonite catal yst. The ﬁocunent US 6, 703, 356 di scl oses an

ol i goneri zati on process of al pha-ol efins using al pha-olefins with a carbon
nunber rangi ng between 10 and 30, or a mi xture thereof as the feedstock.
The catalyst is specified as a crystal catalyst having a constraint index
of |ess thanganersyimainly trimens and tetramgeseRarficularlyngetdmertaloisomerizaipn Erget
selectivity t C t : ] |

1-tetradece ntggng Y E ﬁie- %é a(y gcorlleeddg rl%ﬁﬁ%e%%ﬁgﬁggg@%o%régﬁg(%g@gg gm 22,

MCM 56, USY, diletized, fishtai daphtitbneOtaimalleGieldy of thsleade aid areclaweled by she | n t he

exanpl es of the.abov ocunents US 5, 0 569 a US 6, 703, 356, hi ghest 20
conver si ons %f?%%‘?%%rag?‘&s rmed ay el 25 pARIeFs Wé‘é\l\%g ?'io@? ﬁﬁs‘é%ﬁr%tmn
het er ogeneoust rendinerizadlefings BecaakeredativetyanthaBlé dlefinfare aivdasSthe prédessc| ear |y

bel ow 100 % ay be attri p-, ed.to the formatjon of naphthenes from
f eedst ock ol @F‘#Pé’i We‘.“tﬁf"ﬂ i,ets‘%’ﬁeé?tf?éﬁ thergq lalfg hé%’a?rﬁ?‘g%‘ieéﬁ%lq wPagocunent US

5, 053, 569 comﬁg%gib;m%gp{hgp@&gssheavi er oli- goners in a total anount of 47
% which is not desirable for the properties of the 25 base oil product.
Selectivity for diners is higher (70 % in the exanple described in the
docunent US &, 703, 356 i i, copver.sion. (87 99, t high anmounts of
cracked prodﬁl& OqupoR ‘ﬁﬁ@ggﬁ?%:yhsgg’“ ﬁ’g g.s “‘é'épaqfﬁ’%&ﬁfs‘{s”l%l%ﬁi on refers
gener al | 10 t oadidie c416ihI/M ahtiokil16hitecatlfi The ldocudikent €304, 70373 38 didtldsbearpr oduct
separation. The reaction and product_separation are car- ried out together
in an i nsepafligomerizgipngirocess efalphagalefinsisiog plphaoiedins Mitha carhes nysber

- s s - mnsing betwieh 40244 336?'&7a4mm ledd? 5 ArORadsrdbic. TR J:a)fal%?rig)r | Ses a
distillation c%llnﬁrm I ncorporating one or nore catalytic zones.” In said

cat al yti c zospesified tap @aomystdl rcotalyst bpung 4 cebtraiat gldew of dsatlency. Thieecodi sti |l | ati on

straint index is a measure of the product selectivity of the catalyst. In the exam-

15  ples, 1-hexadecene, 1-tetradecene and I1-octadecne are used as feedstocks,
whereas MCM-22, MCM-56, USY, Beta, ZSM-12 and WO,/on ZrO, are used as

catalysts.

In the examples of the above documents US 5,053,569 and US 6,703,356, highest
20  conversions attained in the dimerization of heavy olefins using heterogeneous acid
catalysts are 92 % and 87 %. A conversion of clearly below 100 % may be attrib-
uted to the formation of naphthenes from feedstock olefins. The product obtained
in the examples of the document US 5,053,569 contained trimers and heavier oli-
gomers in a total amount of 47 %, which is not desirable for the properties of the
25  base oil product. Selectivity for dimers is higher (70 %) in the example described
in the document US 6,703,356, having a high conversion (87 %), yet high

amounts of cracked products (4 %) were obtained.

The term catalytic distillation refers generally to the combination of a chemical
30 reaction with the product separation. The reaction and product separation are car-

ried out together in an inseparable manner. A catalytic distillation apparatus nor-



colum are treated to give desired reaction products. Thereafter, the
product streamis fractionated using a distillation neans. Said catalytic

zone nmay d within or outside the distillation industri al
appl i cat i‘gﬁsz,ﬁoﬁé'?@?yti c distillation is used in the pr oguct?ogrll/bg(})fag‘};t her s,

sai d process being al so known e.g. for dehydration of alcohols, and
oxydation of paraffins. Use of the catalytic distillation is also known in
the oligonerization process. US 10 4, 635,577 discl oses an ol i gomeri zati on
process wherein al pha-olefins having from 3 to 12 carbon atons are passed
to a distillation colum containing Lews acid catalyst for the reaction.
The t enper atmally ofmprisss eatisiillptionccadumn incorporaing Hpp or mare catslytingonedr e t han
about 150 C ..t ' e ' e r r ' 50 C. A
conbi nati on Ié‘a{agdl St’/%@&'ﬁ‘gk%@g’d{ @%gﬁg&ﬁg@eﬁcﬁ%tl?‘gﬁgg%ﬁgﬁ {tl}g ,dl?sg'}hgt%erl‘ccor d 15

i ngly, a unidolimu ard ereatepanagive desifedt deactioavprodiadts. dlhereafier, tthe ipeadpet i ng to t he

distilla- tion appapatus i's an essential part qf.the apparatus US 2,198, 937
di scl oses ans“ffﬁ‘_ﬂaga_frﬁ“snoeﬁ r‘lsglﬁnab%&u Lo, g‘F%ﬁSi %ﬁldcf)”}%ﬁlﬁﬁg%ﬂﬁe Ui ¥e reactor
for the ppl ypReéddamitiiR Or Biitsidy tHeQhiailla@stSmeahls SIndRMREra WplitaonEcaitpicat ed 20

under conditions simlar to those in catalytic distillatjon. The docunent FlI

96852 di scl odigtillagiop ivesed dn thecpreductprpel elhars spidrpregesy beig plse KEOWDHE-Ef i ns. I n
this processforg:éiy(&ggio | 841 cBB018 andbld4 oftﬂaﬁfﬁﬁg are passed to a catalytic
foe ol'ef

di stillation system where the toc NS are contacted with a
catal yst at a 25 tenperature of above 150 C, thus yielding a product

t ai ni ' .. The ,.catal yst d in_this. inl i sts of
ool tto. " heUNPoEmE catbaf AiiMaling wtam uttd HiePReon sy Einc . The
cat al yti ¢ di 4,934,571 dieclosey ah eligsnseidatich frbesPwhereinedsharGlyfi| aeing Erom

distillation_colum for the product separation, connected to at  |east one
side reactor3 é%ﬁgéiam%gatqrﬁ% ar@agaaquSt? a <§Q§11Latlgn column containing Lewis acid
““““““ catalystfor the reaction.” THe temperatufe” of the ¥talgHO ﬁ{sﬂiﬂét{’o?l%ﬁﬁﬂ{u!s: 007/ 050357
5 Based on above teachings it may be seen that "there is an obvious need for
a novel inpnomed thanabew 501°C; the typiced wptration teimpewityre rafge bsingrbelown- ol ef i ns,
id I

said nove 50 °C. A combination catalyst is used in the distillation apparatus, and accord-

15  ingly, a unit for the separation of the Lewis acid prior to recycling to the distilla-

tion apparatus is an essential part of the apparatus

US 2,198,937 discloses an apparatus comprising a distillation column and a side
reactor for the polymerization of hydrocarbons. The apparatus may be operated

20  under conditions similar to those in catalytic distillation.

The document FI 96852 discloses a process and an apparatus for oligomerizing
olefins. In this process, C3-Cyp olefins or mixtures thereof are passed to a catalytic
distillation system where the feedstock olefins are contacted with a catalyst at a

25  temperature of above 150 °C, thus yielding a product containing oligomers. The
catalyst used in this process mainly consists of zeolite, the products formed being
middle distillates and lubricants. The catalytic distillation system used in the proc-
ess may also be a distillation column for the product separation, connected to at
least one side reactor containing the catalyst.

30



process elimnating or at |east substantially reducing problens and deficits
associ- ated with the solutions of the state of the art. 5 (bjects of the

i nventi onwdho@Ri@sts of the invention is to provide a prqogassadodnsdsse
production of polyolefins fromn-olefins. 10 Anot her object of the
invention is to provide a process for the production of poly- olefins from
n-ol efins using a solid acidic catalyst. Still another object of the
invention is to provide a process for the production of 15 polyolefins from
C8-C30 n-olefins using a solid acidic nesoporous catalyst. Further, an
object of the invention is to provide a process for the dinerizatjon of

Cg- C30 n- ol eBased ongbews tgachingsdt may by teerthabibereds an ehyigps/agedfer aypayel

pol yol efi ns. . Lect t i i i I ) Af roduci ng a
Pase of | conina ARLEEIoP ind BRAKENF Wi, B BEREE S Ahvel o1 s

cat al yti c di ptocéss alimonating paatdeast substantially eedibicimgpratdems andodeficitohssddins,

particul arly - n-ol efin 25 An_object of the invention is also to
provi de di -ngt%g%ﬁ%“@g‘ﬁ?f‘yﬁbﬁsme 6&? enti- cal or different n-olefins
havi ng cagbon chain |l engths of C8-C30. Summary of the invention 30 The
present invention relates to a process for produci ng high-grade products
use- ful as ORiectspfithe lyygntioke il conponents fromn-ol efins using a solid
and acidic WO 2007/ 144474 PCT/ F12007/ 050357 6 catalyst, by dinerizing an
n-olefin or a mxture of n-olefins in a catalytic distilla- tion apparatus,
wher ei n t he Aatohjegsof theinykatiomds taprovide alprocess ifertthe produdtiomof pelyblefins a  si de

react or out s'trde tqegdsi stillation colum, followed by hydrogenation of the

product. In ngnﬁ?(ei“&s of the invention, the feedstock conprising an
n-olefinier a 5 mxture of n-olefins, is dimerized in the presence of a

solid acidic catal yst b passi.ng, the feedstock to a catalyti¢ distillation
appar at us ei fieiher P)élfhﬁdn‘éF)mlS IS8 REAVIfiSta RIACSS$ %Oétg‘?grpfimt@flio RO¥nl um and a

reactor havi ggfigd frbf@asdlefRCusit £do¥id heidic catalyst,

Still another object of the invention is to provide a process for the production of

15 polyolefins from Cs-C3g n-olefins using a solid acidic mesoporous catalyst.

Further, an object of the invention is to provide a process for the dimerization of

Cs-Csp n-olefins using a solid acidic mesoporous catalyst to give polyolefins.
20  An object of the invention is also a process for producing a base oil component.

Yet another object of the invention is the use of a catalytic distillation apparatus

for the dimerization of n-olefins, particularly Cg-Csp n-olefins.

25  An object of the invention is also to provide di-n-olefins consisting of two identi-

cal or different n-olefins having carbon chain lengths of C8-C30.
Summary of the invention

30 The present invention relates to a process for producing high-grade products use-

ful as base oils and base oil components from n-olefins using a solid and acidic



| ayer, or b) a distillation colum connected to one or nore side reactors
having at |east one catal yst |ayer, recovering the unreacted n-olefmat the
upper par P' O distillation colum or the combi natj 2ho7bBs7

di still atﬁgﬁzfo?:é gﬁn:!‘ and the reactor as a side-streamto ge COH}BI ned with
the feedstock, whereas the reaction product fromthe dinerization is

hydr ogenated. Inpurities still present in the dinerization product or final
product rmay optionally be renoved usi né an additional distilla- tion step.
15 The invention and sone alternative enbodi nents thereof are illustrated by

ap- pended figures 1, 2 and 3, however, without wishing to limt the

i Rventi on ';Tgca;(;z_ﬂw,eby ﬁg@dﬁmg_@d reotiii bm:amliﬁurezg nfilefinses atljiagnlu‘tie.dlist'@leherrati cal I235/
shows an e i ment .o e.invention. far praoduci. oi |. conponent.
Flgure 2 scnahmratatty, vai AL i licefl b o eflon SBREW Swinb " he

di neri zat i onsiéé réuctol efutside the distiltationl coluinni, Holbowedt by Wiy drogetiation lolf alie on
apparatus with the at al yst in separat i de reactors. Figyre 3

schemati cal | prodplide t %P@ﬁ%ﬁdﬁfﬁlﬁﬂfw 1°’[‘=H_E° feﬁgsé '@W%’é‘gépﬁ"iiﬁ@ orFo _

di meri zat 5 onppftR- & Rblefifls, 1§ dRREAARHTEGhd PreSerie® ¥R iaNIdORINRE caHbiShy | | ation
colum and a reactor. WO 2007/144474 PCT/F12007/050357 7 Figure 1 is a
schemat i c pr paseing 4h¢ faedssock trea isatslytic distillatiasrappratuseeithay eomprisingod)cess.  The
f eedst ock of c . reaid: Qi ng.. Cg- -0l ef i or a

m xture t he?cgergl?mﬁ{sogoeftséfdhsg@at?r o‘(r?n a %gg@%{%ﬁﬁ@ﬁ% %ﬁt(c);\%n%“{bﬁlgtc}%%w?gur e).
Stream 4 r eclayer; erlb) adistilfetiongpmnpanhectdd ta ode st mboteadidoreactotsthavinBat s conbi ned
wth stream 1. Strearrf ]1%5 and 4 quﬁ%her f%rmtgg Sstream 2, V\/ry h is passed
to side reacltt ORe CHAS 1oV sy CRECTIng inITsActsd gole R 4F theriPPeiiart of they D,
Stream 31ps aRtiRdtidadoRtnn diehPEABIRAtioflof tHeIidklldSon Ednah ahd the réicdast ream 3
containing Cs-C30 n-olefin mononmers and as reaction products nainly dineric
products. St Asidersgean tpbsseombinpdawith shei fepdatackn wheneasrthegreaction product

from the dimerization is hydrogenated. Impurities still present in the dimerization

product or final product may optionally be removed using an additional distilla-

tion step.

15
The invention and some alternative embodiments thereof are illustrated by ap-
pended figures 1, 2 and 3, however, without wishing to limit the invention to these
presented embodiments.

20 Figures

Figure 1 schematically shows an embodiment of the invention for producing a

base oil component.

25 Figure 2 schematically shows an embodiment of the invention wherein the
dimerization of n-olefins is carried out in a catalytic distillation apparatus with the

catalyst in separate side reactors.

Figure 3 schematically shows an embodiment of the invention wherein the
30 dimerization of n-olefins is performed in a combination of a distillation column

and a reactor.



where Cs-C30 n-olefin nononers rise to the upper part of said distillation
colum 10 B, followed by recycling the n-ol efin nononer fraction thus

obt ai ned as to the side reactor Ain the react t ream 5
ARG, elehges”

is removed of the distillation colum B, sai FRAS

cont ai ni ng corrponents of non-di nmerizable nononer fraction in the upper part
of the distillation colum. Wth stream5 the accunul ation of the
conponent s of non-di neri zabl e nmononer ffracti on such as 15 branched conmpounds
is prevented in the catalytic distillation apparatus. The prod- uct in the
formof a product stream 6 mainly consisting of diners is obtained from the
bot t om of t h€igitest islal sshématicquésgntati®) ofthe Hasid schaion®fities ingenpivs peatesso a hydr o-

genation rea Ln the h dro e atl n reacto efins are hydrogenated
U0 "0l ve 1 ho ThY Bafitec Reum mBteh 2 S S bob e Cina SR 0BGy ¢ e
renoval of  gred@ishbpdinsduedm brfesd thﬂil@(nbt’ﬂfo%ﬁﬁlﬁiel ré)ee@éam 4 cecasertdie product

stream7. In figure 2, a preferable solution of t process of the invention
i s shown. | n2thE dppes perof érﬁhSt a"é%f’c ealypp B ’ﬂlcngmF‘hﬁltbﬁtraﬁ'ﬁdr gieAnhhyi ng

diner i zat §on afl Rlgilr hAnd ésd?eanﬁ@%%mkgsedd L RERAIA! £ ShilfiidgRRE! 07 S A and

B is used. Th stock of the proc or stream 1, contdining Cs-C30
n- ol ef i ns or dimerization catalysé tayof / bed lbt&tmamédwbtemd as the pdoduahdéf thesile shown i n

the figure) Stre%m eggveged tat thg ggpp e? of a distill {;1t| on col umm
Cis conbinelFAKir kb SAidSRT 3 Sppaining G- 89’8?rh°é’?er7 8P fHE"L r eam 2
bei ng eit her ppadase thaindy difi¢riteprodaas. Stredm @ isPasted e acdigillation SSlu@aB 2 i s
passed to the si de {:eactgéqcont ai ni pg fresh cat al yst, or regenerat ed

catal yst. Si Rierede- won?mesa'@ﬁéort § jUBRer PaE OF §7id it 12l AR exhaust ed

catal yst aoor B, mlo%a%we%gch the AL A1 YRR AtRHon HIEbBafied af Wheasi 4l reactors
in the system and acc g y, it 1s WO 2007/144474 PCT/ F12007/ 050357 8

not necessar Yo the sideureactiswh in the 1}9&@@9§@gdl§§w@m 8] mmﬂed:@ttthbm Qfﬂi@t ivity.
3 cont i ni ng SRHIRSGERRR o 3ur SibRC: SukReSoPRaGREN pokaller@ug, o

3 cont ai ni ng

di meric produtihsmeStrictidmin he @p@ﬁpaedf the di?stﬂlaﬁdrl édlahn OWith Gltredm SGhmher e
C8-C30 n-olefin nomersrlsetotheSU%e3 rt of sajd distillation
column C, foPf 199 9f s CPIAgPeRiTe Ol dmerzablr, MoRRImeT FAsHONHCR BEis obt ai ned

as streans4 bonkh@ RhiPpeuiRaspRVeedPh the tataljtedisiiRGion apparatus. The prod-
uct in the form of a product stream 6 mainly consisting of dimers is obtained from
the bottom of the distillation column B, said stream 6 being passed to a hydro-
genation reactor C. In the hydrogenation reactor C, olefins are hydrogenated to
give the product, suitable as a base oil component, followed by the removal of

20  said product from the hydrogenation reactor C as the product stream 7.

In figure 2, a preferable solution of the process of the invention is shown. In this
solution, a catalytic distillation apparatus having dimerization catalyst layers D
and E placed in separate side reactors A and B is used. The feedstock of the proc-
25  ess, or stream 1, containing Cs-Csp n-olefins or a mixture thereof is obtained from
a feed tank (not shown in the figure). Stream 4 recovered at the upper part of a
distillation column C is combined with stream 1. Streams 1 and 4 together form
the stream 2 being either passed to a side reactor A or side reactor B, Stream 2 is
passed to the side reactor containing fresh catalyst or regenerated catalyst. Simul-
30 taneously, the other side reactor contains the exhausted catalyst, or the catalyst is

being regenerated. There are two side reactors in the system, and accordingly, it is



tion stage. Stream5 is renoved at the upper part of the distillation colum
C, said stream containing conponents of non-dinerizable nononer fraction at
the uppery the distillation colum C. Accumnul ati nponent S
of non 10 épﬂbi/}‘g?;gl e nononer fraction such as branched ‘?Q@%‘{ﬁ@?’?ﬁ
catalytic distil- lation apparatus is prevented by stream5. Fromthe I ower
part of the distillation colum C, a groduct stream 6 mainly consisting of
di mers, subsequently passed to a hydrd&genation reactor for hydrogenation
(not shown in the figure), and a bottom product 7 are obtained. 15 Figure 3
shows anot her preferable solution of the inventive process, using a cata-

| ytic distilnejtieenssatp trashut dewm theipreceshduedp dawared enjalxtin agtiyiy. Steepr3 B pl aced

i nside the Q'o%udédaa%'t HRH TP Sld-gl‘g i€ oS B! ?c{T%]tIeaﬁPﬁP&H éhlﬂgmc@ C30
n-olefins or a mxture It’hereo 'S Conbi néd wr t n-o onmer

fracti on 4 fE€am-olefin nomomerstand adirsac@6h piothais mamly:dnhwmn pﬁodmtsgSﬁv@na stream 2

f [ h istj.l]l I f th I
ayer B 1n o Ropired P BHOREp i Gneth Criun trefe e hGrontt bardodh o yo © "

layer B, §n upjes Ipahhef dalaﬁdlstﬂahb@rtormpb aBl1dWddn by @éﬁﬁﬁgdﬁe ntdlefihe
catal yst layer B, n-olefin nmponomer is in the form of vapour/liquid m xture

and the ||qmoaomeroﬁr@rlpwhvéﬁbwdmgwIFPethuﬁlﬁﬁr%acf@ﬁ&Qﬂ Hoikereact or ned from
the 25 catal y§f stafl. Qb:E4rh B iTRARIVES a{tﬁ@ﬁ%ﬂee?Ean%ofﬁlegmlﬁhﬁ@l%ofhfmt bgg top of the

distillation colum A said fraction g split to give a nonomer fraction
4 to be recystreat eaptainihg con;amems ofaunu-danmblmommeemtwn addlamppent i on of

non- .d' r’rer! ZaBAr? o?(r)tggodlstﬂﬁﬁ&r? c8 e r@&ﬁ%fatlgﬂ %?ttbg Lomp oﬁgn?s o?tnony tic

distillationTapparatus 1S pr even renoval nononer Stream 5.
The prodil@t dimeriagblé aromomer ﬁacmnoﬁeuc}satsrbeamhaﬁcoﬁxpoandmnahmmﬂalifﬁwdistilhe bottom

of the disti|[lation colum A said stream 6 be a d t
r eact or I(no![ aé‘ﬁ’é:ﬂﬂpqr'ﬁ“f II?ePrFYﬁ‘QEﬁdgy q@pm@?;w%g%ahga%g@dgﬁuﬂg rogenation
PCT/ F12007/ 0883m4 C, 9 Tmct:ﬁfeam iGinf &hhlkﬁ@tdﬂmaepﬁsﬁhum@quuws ei t her

a) a combination of a distilla- tion colum and a reactor having at |east
one cat al yst ahpdregenatipn tepcter fir dydogenation (not shawmin demfge)eand abattom or nor e

si de react Orﬁrogﬁ&'fqﬁegﬁtafngfﬁ one catal yst | ayer.
15

Figure 3 shows another preferable solution of the inventive process, using a cata-
lytic distillation apparatus having the dimerizing catalyst layer B plaéed inside the
distillation column A. The feed stream 1 comprising Cg-C3g n-olefins or a mixture
thereof is combined with the n-olefin monomer fraction 4 from the top of the dis-
20 tillation column A to give a stream 2 for passing to the distillation column A, to
the upper part of the catalyst layer B. In the distillation column A, the feed passes
to the catalyst layer B, in which the dimerization reaction mainly proceeds. In the
catalyst layer B, n-olefin monomer is in the form of a vapour/liquid mixture and
the liquid n-olefin monomer washes the dimers and oligomers formed from the
25  catalyst. n-olefin monomer fraction 3 is obtained from the top of the distillation
column A, said fraction being split to give a monomer fraction 4 to be recycled to
the reactor, and a monomer stream 5. Accumulation of non-dimerizable compo-
nents of the monomer fraction in the catalytic distillation apparatus is prevented
by removal of said monomer stream 5. The product in the form of a dimer stream
30 6 is obtained from the bottom of the distillation column A, said stream 6 being

passed to a hydrogenation reactor (not shown in the figure) for hydrogenation.



5 Detail ed description of the invention It was surprisingly found that the
use of a catalytic distillation apparatus with a solid acidic catalyst

aIIovvsfo ctive dinerization of n-olefins to gi gﬁ i.l useful
as a |ubri é%ﬂ’g” %‘F’%‘base oi | conponent, with an excell entﬁ((ge/:v gﬂe’foﬁ'giég may 10
even be above 95 % In the process of the invention, the dinerization of
n-olefins or n-olefin mxtures to yield diners is performed in a catalytic
distillation appara- tus conprising either a) a conbination of a
distillation colum and a reactor com prising at |east one catal yst |ayer,

or b) a distillation columm connected to one or nore side reactors
conpri si ng atThe eatalytiodistitiaticnl appbratuayempriseakeither a) akymbinbomef 4 distillae 15 si de

reactor outside t di s |IIa n col In t rature of the
ot ot o P Sl bl BHRE o s o5, ot YD o B BOE ¢ o
pre- venting cblafnfcann@iddad ofé ofmbietsiR R0 hvergaH idabibne fcatalyetlgdrs -
Dinmerization is followed by hydrogenatl on to produce the base oil

conponent. Optionally after the dinerization and/ or hydrogenation, the

product ngy, ]jega,%gqﬁ§§§l;%n SanPasehGod © 20 a distillation apparatus where

any nononer residues are renoved fromthe dinmer- ized product, or the diners
are separated from heavi er tr| mers and tetranmers. The quality of the base

oi | and/or e oi | |ned r ct use ul_.as a

Cubr cant. aft 8r RRFORER 2om RRL R DEErTE shirE RY Mo e A gs, 1 ow
25 nunber of solidigsidic abdaByst a&msl ﬁﬂﬁle s¢lective dindrixatss oOi-olefifts topiedibdson, n-ol ef m
or a mxture of n-olefins, is passed,to a catalytic djstillation apparatus

where the si 99Iueubay 8 lurisantoPr base ol cREPAREL tyeth ayexeghenf vidddthabmagd. The
term si ngpe eoéhvsar@aoqe 95-%%%& aota@omgweﬁﬁant@fdlaenihtéﬂ o@h%téﬂast o give

anot her conpound during the reaction stage ngl e conversion of n- olefin
monomers i s @ehioledth mixtires tooyield mrsmtfmmad?m apgplpricxtigitlateoaiara- 10 Si ngl e

conver st on Ol bchhSliuk RS Gribiflicn SPLOMIRLARELEL MY relliglBhLnS [0t he

f eedst ock prlor reaction s - prop oreion ns 1'n the
product aft etisinpat leastodneantadtsa g, br by aadn@mttatmn cofuntir @inaédtedsto anetone
feedstock prior tq the reac- tion ? age. . —
more side reactors comprising at least™one catalyst layer, said catalyst being in the
15 side reactor outside the distillation column. In this way, the temperature of the
dimerization reaction may be maintained low, typically below 150 °C, thus pre-
venting the formation of naphthenes and cracking of products. Dimerization is
followed by hydrogenation to produce the base oil component. Optionally after
the dimerization and/or hydrogenation, the product may, if necessary, be passed to
20 adistillation apparatus where any monomer residues are removed from the dimer-

ized product, or the dimers are separated from heavier trimers and tetramers.

The quality of the base oil and/or base oil component obtained as the product use-
ful as a lubricant, after hydrogenation is excellent due to, among other things, low

25 number of undesirable reactions.

In the process of the invention, n-olefin or a mixture of n-olefins is passed to a
catalytic distillation apparatus where the single conversion of n-olefins may be
suitably controlled. The term single conversion refers to the conversion of an n-
30 olefin to give another compound during the reaction stage. Single conversion of n-

olefin monomers is defined as follows:



5 In the process of the invention, it is preferable to use recycling of the
nononeric olefins particularly in enbodi nents where the catalyst is placed

in a sidewW Rl a7 | N this case, total conversion and didBihé@lsas

selectivity are I1nproved by effi- cient recycling of the nmononeric ol efins.
A requirenent for the efficient recycling 10 of the nononeric olefins is the
adj ustnent of the reaction conditions ;Q val ues preventing undesired side
reactions such as cracking and isonerization of the nononer resulting in
napht henes. Moreover, relatively |ow single conversion between 5 and 50 %
is another requirement for high dinerizatjon selectivity neaning

sel ectivity Bl ennversionndi nraletin ynasemersdPo) 501 Uhy (mroportien of ntdlefingibcess 15 of

the inventio i Ver S angi g ¢ . % is
attained w ll:aﬁ3 %%@g%%ﬁrtgg&cﬁﬁg@%ré s;}? {;@9%#]19%@%% eq% gf?\% ég%vt(/ single
conver si on. [kftér the smaction gaged / progortienofn-blefins intthe etlgtntk pdorrtetheakdcag i s such
t hat between 50 and 95 % of the original nononmer stream contacts the

cat al yst Iayélf’nﬁfﬁgeé t han once. Extent of recycling refers to the |evel of
the stream passed fromthe separation step to the 20 catal yst |ayer.

D nmensi oni ng_of the co nents of the apparatus, and thys the investnent
cost s dependl’bﬂ‘etﬂli%cef"%&g'?‘e dpveatipny it Pmﬁﬁmuqeﬁs% 13§ ef" thedBangmsHt e ext ent

of recycling o$inPp&tiShIARY 6o ERbodiRbAks wﬁxﬁﬁﬁasd%é1¥§i9§ bBiced ¥nSOsi & REGYr, CONSUND-
tion of the process is influenced by the extent of recycling. 25 Single

conver si on i $n 8§ geseetptalcoaversion abd dimerizatoroselackiwitp ass gnpovedhly effic bon num

2e tormati oot HTipB P UE R et Ktk P ey B R BRE o 1 har

i's | ess tloan of #k MoRdmériteolefihals theondmbtiieANoDhe trb:tioh tonditims 0l wiliess i s due
to side reactions, Reduced formation of heavy oligoners has a positive
i npact on t h@SYEHEE indssireg sidgreqctgny,such asi qragkingyard isomkrzationgighet he

deactivati on pfdbfeP resultfgCaY ﬁi?ﬁ%nes. nsreOver, Latdivaiy o &ifibROQAEsERS7 11 The
process of the invention'is now described in nore detail. In the process,
the feedstodktwesnfasndkd0t® i amther yequiempnir for thigh dimerizptiore seledtivity | at i on

apparatus. el gt SBOY St HE bR RmaleRYSEiwich 8 ool RE Rk Wher e

the feedstock mg
15  of the invention, high total conversion, ranging between 95 and 100 %, is attained

with efficient recycling, in spite of the relatively low single conversion. Efficient
recycling means that the extent of recycling is such that between 50 and 95 % of
the original monomer stream contacts the catalyst layer more than once. Extent of
recycling refers to the level of the stream passed from the separation step to the
20  catalyst layer. Dimensioning of the components of the apparatus, and thus the
investment costs depend on the level of said stream, and therefore, reasonable
extent of recycling is preferable for said investment costs. Also energy consump-

tion of the process is influenced by the extent of recycling.

25  Single conversion is adjusted to a suitable value on the basis of the carbon num-
ber. Suitable single conversion means that the extent of side reactions such as
formation of heavier oligomers and cracking is adjusted to be low, that is less than
10 % of the total conversion of the monomeric olefins is due to side reactions.
Reduced formation of heavy oligomers has a positive impact on the properties of

30 the base oil product, and retards the deactivation rate of the catalyst.



the catalyst layer, or to a catalyst layer in a side reactor, followed by
passi ng the 5 reaction m xture to a distillation colunmm or to a | ower part
of the digs col - um where the nononer fraction a hi gher
part of th 4‘ 4‘?7Pat| on col- um, and any inpurities p&rg‘ﬁ?&o /?lsogv%e nononer
| i ghter than the nononers in the distillation range |eave the distillation
colum at the top thereof or may be re- noved in a subsequent separation
unit downstream of the distillation collum, and 10 any inpurities present in
t he nononer heavi er than the nononers in the distilla- tion range are

removed fromthe colum at the bottomor may be renoved from the bottom
product in aThepacess ef depiavettioors now tdesciibed i mereideadil. dm thegaotesytheand sone

si mul t aneous .ol i goneri zat i on dinth st bed. nNoNoNeri ¢
oot o oucfest R b &R 1O RREE ftel B iRl reg s Ehg 260 ¢ /
1 atm risesaboVe ttecdtalydtMayensn b iestilliin @lusOWBeRand feed ok thigriteoto t he
feeding plate and is renoved fromthe distillation colum, typi- cally at

the top t her tsfcaialyshlagerer tora eadlystdayse it 2 sige reagtonfallewsmPhBdSHELhE t he
f eedst ocks T&‘ictfﬁﬁgﬁgm&é ?fgq%ﬁua'font Furki Pt 1Bra019%xt o rEofthe ilRiG] ¢d). M Orates

20 downward 1nt st ation co f ol y separation of the diner
stream at aummnélerqﬂac unmhmleeﬁﬁctw@mlgmrto zahugh@hpzpt oﬂﬂmtdl&tﬂﬂahora@lm8+ ol efin

i s obtained as e botto t. Str react |ns and

i de reacts ontmtrdng b FE bR i P riBinet RefE Gt BT Rs P hononer
with respect dis@llattiloﬁlrangballebmtherdistﬂlaﬁomeqiumﬁtat e topttaéﬂeyf an/maszlebé re-

accunul ation theyeof |n the process streans 25 wever event ed by
removi ng par F‘%‘TJ‘PWE?“ ?eéléc%ttsg FHongmH, OWéitSF@F‘éHHE%/amt‘ IOBFS‘BBH‘“ ‘5)‘{ of the

di still af¢ onagoinpuRitie &%V%e%o@&byﬁélblemﬂéh@ﬁ&mﬂﬁ&n% inedeRstie- t he

feedstock, thus retarding deacti- vation of the dinerization catalyst. The
sol vent is sHbernee ansmgved, Bpwcthe belHmn aBdleélﬁﬁhma@ mayhe samaved fromsopar af i ns

and aromati cy; RY e noved fromthe distillation
columm as a r%g ec |\§/°edugh§ass%£r%%tr§$w 1o§§16*:| ng to a WO 2007/ 144474
PCT/ F12007/ 050357 12 separation unit where the solvent is separated from

the reaction duct . . The spl ent al so bF recycl.ed in the l(1:at alytic
di sti | | at | onTHpReEkifion Featishend SO 3imiytgncous ofigomerization proceed in t

15  catalyst bed. A monomeric fraction such as n-hexadecene with a boiling point

between 280 and 290 °C / 1 atm, rises in the column as the lighter component
upwards from the feeding plate and is removed from the distillation column, typi-
cally at the top thereof as a side stream to be recycled and combined with the
feedstock. The dimer produced as the raw product, e.g. Cs; olefin, migrates
20 downward in the distillation column, followed by separation of the dimer stream
at a lower part thereof. Oligomerization product such as Cqz+ olefin is obtained as
the bottom product stream. In case unreacted olefins and side reactions such as
formation of naphthenes corresponding to monomers with respect to their carbon
number may not be totally avoided, accumulation thereof in the process streams
25 may, however, be prevented by removing part of the side stream to be recycled at

the upper part of the distillation column.

A solvent or solvent mixture may be added to the feedstock, thus retarding deacti-
vation of the dimerization catalyst. The solvent is selected among hydrocarbons
30 such as n-paraffins, isoparaffins and aromatic solvents. The solvent may be re-

moved from the distillation column as a respective side stream via cooling to a



separation unit. 5 The feedstock nmay be optionally dried for renoval of any

wat er and other inpuri- ties present therein. Drying may be carried out with

knovvn dry]j uch as with cormmercially avail able rL.Sleves
zeol W}gzogi?‘%p;ul ar sieve used for drying hydr oca%ﬁﬁw@rsoﬁg ng

ot her sui t abl e known nethods. 10 Process feedstock conprises at |east one

n-ol efin selected fromthe group consist- ing of Cs-C30 n-ol efins. Exanples

of suitable n-ol efins include 1-decene,?nixture of decenes, 1-dodecene,

m xture of dodecenes, 1-hexadecene, m xture of hexade- cenes, 1-octadecene,

m xture of octadecenes, and C20-C22 1-ol efns, preferably |- hexadecene, or a

m xt ure of hemzawimnmit whsrﬂlmfsmvsntﬁayepamt@yﬁmmehd maciioafp'rn@ct)rThtPoObI efi ns of

bi ol ogi cal or| uced om bi gl.ogi ¢cal.,,startin

vegetabi o of ey Ried AThe Bt SRuntef bbbt CPouR pRHED Ao s
wher e the catsepaystioniumitpl aced in a side reac- tor outside the distillation
colum is used in the dinerization step of the process of 20 the invention,
the feedstock such as 1-hexadecene is directly introduced into the catalyst
llayer in the Hed6dsRaie ifay belplichalfly %E’@for kémdVaPE 9 dvatdr MBd RERE apurst r eam of
said side reactor is passed to a distillation colum where the nononer
fraction sudies present itotein dowing may be garsied ot withgkneavnrdryingtmgsas sedtsand 290 C
/1 atmw || tion

coi umm' 1 om oAl FEuREBIDATb Tk Ser SR BT SARMIREISEY b "o e
colum as a sfblddrymtgmamabdnsr enwngcdtbdshitabﬂdialoamdﬁeth@act or. The dimer forned
as the reaction product such as C32 ole- fin mgrates dowward in the
distillation colum, the diner stream being sepa- rated at a |ower part
thereof. 18N Qro@eyREdstSIK Rbh V\Bﬁl’s&ddﬂiéastsdiﬁhl -Glefif ekt fBdrh e SrouPbdmisned as the
bot t om pr oduct stream 30 2007/ 144474 PCT/ F12007/ 0503 13 The di ner
product obt aiirgef Gbbeen-glefing. Fxapples ofsytableurelefnoimaludel 1decenge migfurepr oduct
are hydrogenajr@dedyBs . 43(1%&&9%3&&9 fﬁB@e@%&%ef -AbGHe RO LM gs%yexa _bat ch

wi se in ithe presencé o rogen nown rogenation catal ysts contai ning
net - cenes, l-octadecene mlxture of octadecenes, and Cy-C2, 1-olefins, preferably 1-

hexadecene, or a mixture of hexadecenes. n-Olefins may be synthetic olefins or
15  olefins of biological origin, produced from biological starting materials such as

vegetable oil and animal fats.

In case a catalytic distillation apparatus where the catalyst is placed in a side reac-
tor outside the distillation column is used in the dimerization step of the process of

20 the invention, the feedstock such as 1-hexadecene is directly introduced into the
catalyst layer in the side reactor where a dimer is produced. The product stream of
said side reactor is passed to a distillation column where the monomer fraction
such as n-hexadecene having a boiling point between 280 and 290 °C / 1 atm will
rise upward as the lighter component in the distillation column from the feeding

25  plate and is removed, typically at the top of the column as a side stream and recy-
cled to the side reactor. The dimer formed as the reaction product such as Cs; ole-
fin migrates downward in the distillation column, the dimer stream being sepa-
rated at a lower part thereof. An oligomerization product such as Cas+ olefin is
obtained as the bottom product stream.

30



als fromthe groups VIII and/or VIA of the Periodic Systemof the Elenents
may 5 be used. Preferable hydrogenation catalysts include supported Pd, Pt,

Ni, or CoMb catal ysts, the support bei n al unm na
and/ or sﬂ%&%’@éu % q’CFF 1%0% /99’135/7

e hydrogenation step is carried out at a pressure of 5 to
100 bar, preferably at 10 to 70 bar, and at a tenperature of 100 to 400 C
preferably at 150 to 250 C. 10 In the ?I neri zation step of the process of
the invention, the tenperature in the Histillation colum or in the
catal yst layer of the side reactor ranges between 25 and 200 C, preferably
bet ween 50 and 150 C. Pressure range varies according to the carbon nunber
of the feedsﬂ“b@ﬂilmrcprpdmbpb@hledehpwmdmle botierd preduch groducddeas the byat i on of

t he catal yst t. tihc di ion tatu a side
Foac 15 tor PGt hiubpnal iR st ibedianbh iR bR RBRIRLNTy B pifh 2 Thic
varies from wse mlttfeqﬂesahwﬁhydmgém Kaloomdiydrbgpiiation datalysts thitaiping3netsr € may vary
between 0.00 1 nbar, and ferab 5 bar a bar, artl cularly
preferably b&sfEooht Wwﬁ%d@é% of kwgwggc %E%PF@ %8? 3bn t he
basis of %hepgius&l. PreRMbES ﬁ&&@ge%@ﬁ’on Qﬁﬁ?h& VdlddRNsuppbedPd ) P Nialcal yst. WHSV
typically ranges between 0.1 and h-1" 20 wth respect to t he feedstock

preferably ber&eHMR or GﬁMOZ@taﬂYS'EFa thseumorﬁ eningpreferably plusyng anddir silhe .
di meri zati 0“5{&‘3’%{6‘\% ﬁ)ﬁ?ig%?ezlaqo %%)Clts' eé?BuM?% FESTRE RS b lf{)@gérsalgcen rated in

the table 1 e vap our pressure o as a

function of hﬂwl&)tb@ﬁﬂﬁr,ahwaatempemaseoﬂlmet@e@o 16 preferablyiad @50 R56°Et ure 25 in
the catal yst layer of the catalytic distillation apparatus is 50 C, the
pressure is selected to be 11 nbar, or in case the desired tenperature in

the catahystyg a»éealm%zatrolaestg%eihx ntyrscegu &ft ik i dnBn, RO A igtueSin khO C, the
pressure Is selected to 0 WO 2007/ T44474 "PCT/ F12007/ 050357

14 Table 1. Vispiationprodys peinthe tatdbysiclageraaf thid sifle reagtor rangpe betwaerne2s
Temperature /an&;l(ﬁ{ ﬁ‘é’ pretgra{)lyrgégween %8 a%cil' 1501‘%? P%essure range varies according to
the carbon number of the feedstock and reaction temperature, and further, the lo-
cation of the catalyst either in the catalytic distillation apparatus or in a side reac-
15  tor has an impact on the pressure range. The pressure range thus varies from re-
duced pressures to elevated pressures. The pressure may vary between 0.001 mbar
and 50 bar, preferably 0.5 bar and 30 bar, particularly preferably between 1 mbar
and 20 bar. WHSYV is properly adjusted on the basis of the single conversion and
deactivation rate of the catalyst. WHSV typically ranges between 0.1 and 50 h™!
20  with respect to the feedstock, preferably between 0.5 and 20 hl.

Selection of the pressure of the dimerization reaction as a function of the tempera-
ture is illustrated in the table 1 below. Table 1 shows the vapour pressure of 1-
decene as a function of the temperature. In case the desired reaction temperature
25 in the catalyst layer of the catalytic distillation apparatus is 50 °C, the pressure is
selected to be 11 mbar, or in case the desired temperature in the catalyst layer of
the catalytic distillation apparatus is 150 °C, the pressure is selected to be 580

mbar.

30



150 580 If a catalytic distillation apparatus where the catalyst is placed
in a side reactor is used, the pressure of the reactor is selected to give
t he produ j re, in liquid 5 phase. Hi gh-grade base g e oil
conponent gerag/ﬂoz/tgu‘|g?40duced by the process of the inventi€¢1+/rgg0r%%ﬁ?§l§efi ns
using a solid and acidic catalyst not requiring parts of the catalyst to be
subsequent|ly separated and recycled to the distillation apparatus. 10

Mor eover, solid acidic catal ysts al vvay§4resul t in isonerization of double
bonds. Particularly suitable solid acidic catalysts include catalysts

havi ng a nesopore surface area of above 100 nR/g as neasured by nitrogen
adsor pti on afdblkdl ¥apeurpreswirelof 1decenelat diffenentBémipexqimtes on: 15 Vp =

r,, XAV'/ (r" +A2 FAZ2X - X—S e j HApHFPp—phere——=—h to n-1;

= 2pr/rp,( Y, izﬂlﬂfﬁﬁﬂfﬁﬁgs_di_aaeéer of thn’i}:q’?sﬂ?,éém.l’@rti e, Ais surfaﬁg
area and n is élg.nher_oi__uLLr_oge.n_La.)LeL&_a.dsaLlﬂnd 20 Suitable sqglid acidic
catal yst mater|il80s include materials having [dldesopore sur- facd area based
on the BJH equdtfon of nore than 100 n?/g, prs@ferably nore than| 300 nR/g.

Such materials conprise anorphous alum niumsilicates, preferably acidic

anor phous al ym ni.ym sil l.cat es, and rticul arly.preferably acidi c anor-
phous al um nmﬁ%ﬁ‘i&%ﬂﬁ%‘iﬁ\m’ﬁﬂpﬁﬁ%g’gg& thoFc"ragql%Q{éqp Ii.’l@“sf‘% lﬂé‘oﬁYthrS%cfgorﬁ ef erably
deal u 25 m nateddthé pr&hiet Sfthe AABLOFRSLROER US gNB R pdlfictwhixird i Bgllid ar  por ous
structure, <containing silicon and al um nium anong whi ch nesoporous

nol ecul ar7si 8988 with inserted zeolite are preferable. The zeolite is
preferably ZSM 5, beta-zeolite or MCM 22, whereas the nesoporous nol ecul ar

sieve is MCM41 with a regular - ----------- WO 2007/ 144474
PCT/ F1200710Higbgrads basendibowd hasesilrapotponent nibyebeguodiiced dylthelpmatsalof st

ial i ticularl fer abl . | | ar._ sj i th
nbedded vovizInuspf Frof BpfenEs fithe e dRE SRRy PhE Sl RSt ecul ar
si eve i mbeddegt datallyt #Esd dubSequeitBl spdr@tedandreSrticll t¥ e distllafign BHRHEDR. OUS

nol ecul ar_si eve structure,and zeolitic structure in the
10  Moreover, solid acidic catalysts always result in isomerization of double bonds.

Particularly suitable solid acidic catalysts include catalysts having a mesopore
surface area of above 100 m*/g as measured by nitrogen adsorption and calculated

with the following BJH equation:

where j = 1 to n-1; A, = 2xVp/rp, V is volume, r is diameter of the pore, t is time,

A is surface area and n is number of nitrogen layers adsorbed.

20  Suitable solid acidic catalyst materials include materials having a mesopore sur-
face area based on the BJH equation of more than 100 m%/g, preferably more than
300 m?/g. Such materials comprise amorphous aluminium silicates, preferably
acidic amorphous aluminium silicates, and particularly preferably acidic amor-
phous aluminium silicates with Bronsted acidic sites; zeolites, preferably dealu-
25 minated Y zeolites; and mesoporous materials with a regular porous structure,
containing silicon and aluminium, among which mesoporous molecular sieves
with inserted zeolite are preferable. The zeolite is preferably ZSM-5, beta-zeolite

or MCM-22, whereas the mesoporous molecular sieve is MCM-41 with a regular



sanme material and where said nmesoporous nol ecul ar sieve structure and
zeolitic structure are bonded together through a chem cal bond. The

mesopor ou 4-4 ar sieve with inbedded zeolite, and L on
t her eof i?@é’?ﬁ%&‘é‘% in the pat- ent application FI 2004%@&&6@8%%2

al um nium content of the catalyst material varies between 0.2 and 30 % by
wei ght as determ ned by al um ni um contepnt assays, while the | evel of the
acid sites varies between 50 and 500 gﬁollg as determ ned by the anal ysis
according to the NH3-TPD nethod. Suitable catalyst materials have Bronsted
acidity, the 15 level thereof being nore than 10 pnol/g as neasured by the
proton NVR nitolpstlar styyrsurpeElspanidic solid eatalyst metasial isfpartieularin prefpeablynmt eri al  as

cal cul at ed dcbooffis BkcuBANRLE QR BdREEVCND K00 Gyl er abl y ror e

t han 300 ng/ yst al so conprises a support material to provide a
readi |y noul dable 20 catalyst with nechanical resistance. Said support

material is i call an i nor gani xi de such al. um or.siJica. In the
process of th"égiemrgﬁqrbmesqq%oqglrg«?lfeﬂ@ara%a/ei @@ﬁ%&? ‘Bfthltzﬁgﬁ%lr ?’an tn the
feed- stogk aaslyRiRVREINsYPEBEYmbREulardieetshactic Rt iz2ektidticRid Man@r | zed
fractions thus 25 produced are, obtained as products fromthe bgttomor as a

si de stream sime matesial gkl wherespid mesopgrousomolsswpioieyerstiugtirg, akeeolitic s hi gh,
preferably myggnibap %d%&trg)??lgr ﬂpéughfa%&nﬁglh%n@e T & fifesopfofnd RRAAL US

conprising 1) an optiona g neans for the stock, 2) a cata- 30
| ytic distil latsieye withpmbedded zedtprand thegpreductien thajeofiisalisdhisadiin thapatf a

distillation_col-;. ctor having at |east one catal yst |ayer, or
b) a distill §ﬁﬁa881‘%:5r‘n5§299%1%%7/ 144474 PCT/ F12007/ 050357 16 connected to

one or nipe side reactors having at |east one catalyst layer, 3) hy-
done ot r eam 1Bt S Rs<ORRh S8 R et i), SErisabelined G- Ak FpPBess  of
the inventi oRyeighRSl deRfthined bg ' divmnfim bRt i a8l ORhikd tHeUe 3 BrAnOhGR I NS. 5
sites varies between 50 and 500 pmol/g as determined by the analysis according
to the NH3-TPD method. Suitable catalyst materials have Bronsted acidity, the
15  level thereof being more than 10 pmol/g as measured by the proton NMR method.
The mesoporous surface area of the catalyst material as calculated with the BJH

equation is more than 100 m?/g, preferably more than 300 m%g.

The catalyst also comprises a support material to provide a readily mouldable
20  catalyst with mechanical resistance. Said support material is typically an inorganic

oxide such as alumina or silica.

In the process of the invention, the olefins and isomers of the olefins in the feed-
stock are preferably recycled, and the dimerized and oligomerized fractions thus
25 produced are obtained as products from the bottom or as a side stream. In this
manner, the total conversion in the process is high, preferably more than 95 %,

and more than 99 % at best.

An apparatus comprising 1) an optional drying means for the feedstock, 2) a cata-
30 Ilytic distillation apparatus comprising either a) a combination of a distillation col-

umn and a reactor having at least one catalyst layer, or b) a distillation column



Regeneration of the deactivated dinerization catalyst may be perfornmed in
the sanme reactor as the dinerization reaction. The regeneration is carried

out at anyweloeY s tenperature using a gaseous mxture 126@/365%9‘?“ ain
oxygen. During the regeneration, the tenperature is equa hi'gher than

that of the dinmerization 10 reaction. Thermal resistance of the catal yst and
the feasibility of the process are inLé uenced by the maxi mum regeneration
tenperature, |lower regeneration tem peratures being preferable with respect
to energy consunption. However, the re- generation tenperature should be
sufficiently high for the renoyal of coal, formed and any inpurities

adsor bed i n SefECElEd i gug or MEreTyde KAgISEvige of fRast E A 4YEE M diged wi t h

several advap{ag6sion TERtR =06 phonally £ QiRfillHER ESlunfpstBata M@/ IdBWAYS
production of The base oil conponent is possible vithout interruptions

typi cal for Bzgaghof thadwdiogenapion repctdneis shitablss for dhe pieeess ipfdhg inyentionhe r eact or
f eedst ock ma ad Jesi r S N e conposition may be
controlled vé?@fpreé#grtet?gd%fm?ﬁgdnsq & é&ﬁ?ﬁg p't he dis- tillation columm. It
is thus ppssible to provide the reactor with a streamcontaining only a
nmononer fraction w.thout a .dghter or heavier fracfions due .t ossi bl e
unsel ective REEOEIAHAL ,°¥§}éﬁ agqcllbﬂ?‘{aﬁmbernzﬂé%v?aéaﬁysf PXet %R?%Wﬁdf’?’lbé)pr oduct s
with un- 25 gasd fabb af tHeldimeriHoa rSactioh. THE feBénck ARG ik @ArrRHaME at &ESi r ed
conpositions are obtained as the reactor products since the outlet sites for

t he product scl¥dfed empsralire Aging Phgasepus P et Mayycogtadt grygen. PHERS where a

m xture of g I i I r L he
f eedst ock. 3816%?%%%% %ﬂi%@%@fgo u7a}3 g%%ggefwél}gﬁ%foﬁé@ﬁeﬁ%?flé?ngl y found

that sel é@t i veactiomrdhermal ireststanice of de satalyst apd thei fdasibibiy of the processcme
tenperature %ﬁ{ oweé 0 %‘ﬁ Selieﬁti ve %Ir el itzatg onrenzans her er%.oditgeri za- tion
selectivity UTPE Phias BE 8D ReY %fgl HUPLpIUre, %‘T‘rkrggﬁf | ah i nce any
unreact ed nDEaaﬁfesweﬁge;%fe'rdblet With F€sPEdt it® BnapgyD corstimpiion. Boweey thec@-t 0 t he
feed- 5 stock for, the reactor by adj#,sti rfg I he r%cycl e ratti 0,
generation temperature should be sufficiently high for the removal of coal formed

and any impurities adsorbed in the catalyst.
15

The process of the invention is endowed with several advantages. The process is

continuous, and thus continuous production of the base oil component is possible

without interruptions typical for batch reactors.

20 In the process of the invention, the reactor feedstock may be adjusted as desired
since the composition may be controlled very precisely at the side exit of the dis-
tillation column. It is thus possible to provide the reactor with a stream containing
only a monomer fraction without any lighter or heavier fractions due to possible
unselective reactions, said lighter or heavier fractions yielding products with un-

25  desirable carbon numbers during the reaction stage.

Desired compositions are obtained as the reactor products since the outlet sites for
the products may be selected. This is particularly useful in cases where a mixture
of n-olefins having different carbon numbers serves as the feedstock.

30



Reactive conponents may be imedi ately separated in the distillation colum,
and thus side reactions detrinental to the process may be qui ckly stopped.
Q her se LN its e.g. two distillation colums ar essary in
t he procegﬁég%*ﬂfﬂugoncentration of the feedstock and thgcﬂggﬁgﬁ%ﬁﬁﬁroduct
since the concentration of the product and fractionation of the feedstock
may be carried out in the sanme col- um, which accordingly results in a

si npl er apparatus and | ower investnent ldosts. In addition, the regeneration
of the dinmerization catalyst may be perfornmed in the sane reactor as the
reaction. 15 The invention is nowillustrated with the follow ng exanpl es

wi t hout wi shilhgvas surprisingly fonrd theb peleative rdimoérizatiom op blefins 20pExidadlabal

(conparative ex e i meri zatd.qp, of, qlefins.in a batch reactor

Di meri zati on rﬁ?‘%@@?ﬁ%@%@?#’gﬁ#&d Ej;r gelg‘gﬁ'gtdgﬂer ﬁ%’f @Falﬁg’ieﬁga Yeidecene 25
(Neodene 16( rtjoh. selEbsivifr OCM6R thQiTRE VA Differ Wedds?06 rémarkitly h@Acdie dapessur e
being 20 bar. The anmount of the feedstock was 50 g and that of the

catal yst 2 g.umeqeted mpangmer present i thej ragetign Prosuctmay be resyplsd e Meifesd-avai | abl e

Y zeol it e s( TQR{H 6:0he reactdfbadifing iiRrebybid3alib.Co- ) and a nmesoporous materi al
MCM 41 (produced ac- cording to a nethod disclosed in Catalysis Letters 36

(1996) 103) were used as 30 catalysts. Total Cl6 conversion (= conversion of

1, 1,52 ey e 8 S T PR

havi ng a carbon nuner rent redction
prod- ucts araadshoevwidd readtivas tethilnen@] toethe pwroctshhay Be qiitkie sioppdd. @hearf

1- hexadecene in a.batch reactaqr . .Catal t Beta Beta Y H-. 41 Tatal Cl16
o SR CHIrG £i §v FisyTRGE ooy g i eggstary!in the process B

10 concentration of the feedstock and the reaction product since the concentration of

the product and fractionation of the feedstock may be carried out in the same col-
umn, which accordingly results in a simpler apparatus and lower investment costs.
In addition, the regeneration of the dimerization catalyst may be performed in the

same reactor as the reaction.

15
The invention is now illustrated with the following examples without wishing to
limit the scope thereof.
Examples

20

Example 1 (comparative example)

Dimerization of olefins in a batch reactor

Dimerization process was performed in a batch reactor using 1-hexadecene
25 (Neodene 16®). The process temperature was 200 °C, the reactor pressure being
20 bar. The amount of the feedstock was 50 g, and that of the catalyst 2 g. The
total reaction time was 24 hours. Commercially available Y zeolite (TOSOH Co.),
beta-zeolites (TOSOH Co.) and a mesoporous material MCM-41 (produced ac-
cording to a method disclosed in Catalysis Letters 36 (1996) 103) were used as

30 catalysts. Total Ci¢ conversion (= conversion of Cis hydrocarbons to give prod-



i ght products (< Cl16) 18.1 14.3 0.8 3.2 Cb-C3Z 24.1 19.8 0.4 0.0 diners
47.8 52.2 83.4 62.6 triners 8,8 10.7 15.0 30.4 heavier (> C48) 1.2 2.9 1.2
3.8 5 D gry16hds@sy of 1-decene was al so perfornmed in a f@ffRod7 or. The
process tem perature was 120 C, the reactor pressure being 20 bar.
Commercially available alumniumsilicate catalyst (N kki Chem cal Co. Ltd)
was used as the catalyst, in an am)unt1 of 4 % by weight of the feed. The
results are shown in the figure 4. The fo results indicate that the

di meri zation selectivity was clearly lower in the batch reactor in
conparison to the selectjvity of the process of the invention. Exanple 2

Di meri zat i on YK havings eardonypiess of i6) gnd seleptivities for; differgpisrepgtion or

apparatus, c H?aﬁminﬁ L 1EB ion in a flowreactor and distillation
a) Dineri zatiq%%sal}%sa f g?\l/%rtggg?gr%?{' Hexadecene (Neodene 16(r)) was
introduced at a rate of 10 g/h into a flow reac- tor (1 bar (a)). The flow
react or was e i th.b5,. | um ni um skl |cat atalyst 20 (N kki

Cheni cal Co. pﬁ%gﬁﬂ\yuﬁe"az%ng?gin%'ﬁf%a%ﬁeﬁt'%ﬁtba{o@ rfgct); by wei ght, the nunber of
acid sites ofCatgRsgnol /g, and nesopBetaus sufBetce ar gy > 300 [HRMCM-4l ljut ed
wi th silicon TailCgRoavdrsioha(%3t) (483(S O)|7.9l: 3), |febl owed|By; the dijmeri -
zation react |Qiecavit@/ (RYPErat ure off 120 Cijn the redctor. Thg dinmerization
product was|j FoddR @g)a prodygg jcontaipey . Resylgts of [
di meri zati onjc Ll 1s, tot al" WO 20044 {44474 BT/ F120Q 4 05035}, 5 19 CL6
conver si on ar’hcfgsfectivities for di rent rgaction

the table 3| below Table 3. Dirreri§§’ ion o

(120 Q) Tinmg LHD) (4§ 6 24 48 TC
5

@g_gduc_t S 'r_ showr in
flO - hexfad(-fg@ne i nﬁ) | ow r gact or
’3I Cl6 cfé'"lver Si crf.2 2.6 4a3_ 41.7

o
[

Dimerization of 1-decene was also performed in a batch reactor. The process tem-
perature was 120 °C, the reactor pressure being 20 bar. Commercially available
aluminium silicate catalyst (Nikki Chemical Co. Ltd) was used as the catalyst, in'
an amount of 4 % by weight of the feed. The results are shown in the figure 4. The
10 results indicate that the dimerization selectivity was clearly lower in the batch

reactor in comparison to the selectivity of the process of the invention.

Example 2
Dimerization in a system corresponding to a catalytic distillation apparatus, com-

15  prising dimerization in a flow reactor and distillation

a) Dimerization in a flow reactor

1-Hexadecene (Neodene 16®) was introduced at a rate of 10 g/h into a flow reac-

tor (1 bar (a)). The flow reactor was packed with 5 g of aluminium silicate catalyst
20  (Nikki Chemical Co. Ltd) with an aluminium content of 13 % by weight, the

number of acid sites of 120 pmol/g, and mesoporous surface area > 300 m%g,

diluted with silicon carbide (V(catalyst) : V (SiC) = 1:3), followed by the dimeri-

zation reaction at a temperature of 120 °C in the reactor. The dimerization product

was collected into a product container. Results of the dimerization, that is, total



Selectivity / (9% light products (< Cl6) 0.0 0.0 0.0 Cl16-C32 0.0 0.0 0.0
dinmers 82.1 84.4 86.5 trinmers 14.5 13.0 11.7 heavier > C48) t 3.5 2.6 1.7
S TGS = tigg am The conversion of the Cl16 hydroca ed the
| onger the cggi?ééﬁprenalned in the hydrocarbon strean1£§§@§ﬁgﬁ§?¥2n of
heavy hydrocarbon oligoners in the catalyst (coke formation) was a reason
to the reduced conversion. 10 b) [jstilbation of the products The experi nent
of a) was repeated, and the products ob?ai ned from the experi- nments (1766
g) were pool ed. The unreacted nononer fraction (1103 g), mddle fraction
contai ni ng C20-C33 hydrocarbons (9 g), dimer fraction (452 g) and heavy 15
bot t om pr odu&ts gonyersipn M@leffwapsaf%dhﬁqr@mrm@n peviuely ase syt in thy
distillationgyedy ycling of the nonomers / dinerization The nononer
fraction obtalned above was used as the feedstock in dinerization. The
distilled nononer fraction nalnly consisted of internal Cl16 olefins. The

bel ow i 't e 1ePBnDpegep o of LibaTRERE B BpBaeador R0 305", " 17C 1 €

GC- M5- anal ysvlqmemppﬂl 144474 PCT 120077089457 20]4g@bl e 4. ]Conposition of
t he distill ed—romer—fraction ofponent—%Lbr =m‘he¢I—GJ=4—9Lef-i ns 0.1
1-tetr adecengqtﬂlCm PRIWQFS“"H %)\al "5216 ol efi r46 4L.Ans- 2.t et radecene 0.1
branched C16 Selestivitys/ (Go)

light products (< C16) 0.0 0.0 0.0

Ci16-C32 0.0 0.0 0.0

dimers 82.1 84.4 86.5

trimers 14.5 13.0 11.7

heavier (> C48) 3.5 2.6 1.7

5 TOS = time of stream

The conversion of the Cy¢ hydrocarbons declined the longer the catalyst remained
in the hydrocarbon stream. Accumulation of heavy hydrocarbon oligomers in the
catalyst (coke formation) was a reason to the reduced conversion.
10
b) Distillation of the products
The experiment of a) was repeated, and the products obtained from the experi-
ments (1766 g) were pooled. The unreacted monomer fraction (1103 g), middle
fraction containing C30-C3g hydrocarbons (9 g), dimer fraction (452 g) and heavy
15  bottom product (199 g) were separated from said pooled products by distillation.

¢) Recycling of the monomers / dimerization

The monomer fraction obtained above was used as the feedstock in dimerization.

The distilled monomer fraction mainly consisted of internal C;¢ olefins. The com-
20 position of the distilled monomer fraction is shown in the table 4 below in the

form of surface area percentages as measured by GC-MS-analysis.



1- hexadecene 13.6 other internal Cl6 olefins * 60.7 trans-2-hexadecene 9.8
ci s-2-hexadecene 3.5 branched C13 olefins 0.9 1-octadecene 0.3 other

i nternal i fhns * 1.4 trans-2-octadecene 0.2 cis- 0.1
1-ei cocengo?og{/ édr'ﬂi nternal C20 ol efins 0.1 other conpounds %@?}6@??’3
guantitative anal yses of cis- and trans-2-olefins are carried out separately
Dinmerization of the distilled nononer é action was carried out in a flow
reactor 5 (120 C) as described in section a) of the present exanple. Total
Cl16 conversion and selectivities for different reaction products are shown
in the table 5 below. Table 5. Dinperization of recycled C16 hydrocarbons
Time (TOS) / Tablg4olompositign of theddistiled manomer, frggtian o5 6 12. 2 Selectivity /

(% 1ight pt @gMpbrent~ C10) 0.0 0.0 0.0 CI§C32 0.0 0.010.0 dimers 86.1
88.5 90.6 Bﬂaﬁr&%&(}-inlg‘ﬁds”: 27879 hneavier gy A8y 2.4 13 0.6 10 Exanple 3
Hydr ogenat i o Iad&]:éﬁﬁ armerTzedproducts; -of the produced base
oi | product—yYOo 200+ t444 74 RCH 1200065035+ —21—TFhe—dhneri zed product of
exanpl e 2 Q%lmﬁmll [y o,l¢ﬁhS;*D’| RGN (FH hott om
' Ttrans-2-tetradecéne . |0.1

branched C¢ olefins 8.7

1-hexadecene 13.6

other internal Cys olefins *) 60.7

trans-2-hexadecene 9.8

cis-2-hexadecene 3.5

branched C;3 olefins 0.9

1-octadecene 0.3

other internal C,g olefins *) 1.4

trans-2-octadecene 0.2

cis-2-octadecene 0.1

1-eicocene + other internal Cyg olefins 0.1

other compounds 0.1

*) quantitative analyses of cis- and trans-2-olefins are carried out separately
Dimerization of the distilled monomer fraction was carried out in a flow reactor
5 (120 °C) as described in section a) of the present example. Total Cy¢ conversion

and selectivities for different reaction products are shown in the table 5 below.

Table 5. Dimerization of recycled C;¢ hydrocarbons

Time (TOS)/ h 6 24 48
Total Cy¢ conversion / (%) 36.3 25.6 12.2
Selectivity / (%

light products (< C16) - 0.0 0.0 0.0
Ci16-Cs2 0.0 0.0 0.0
dimers 86.1 88.5 90.6
trimers 11.5 10.2 8.9
heavier (> C48) 2.4 1.3 0.6

10 Example3
Hydrogenation of the dimerized products, and properties of the produced base oil

product



product of the distillation were hydrogenated as separate batches in a batch
reactor wusing a heterogeneous nickel catalyst. In the hydr ogenati on, the
reacti on 0 BoWas4742 hours, the tenperature was 200 C, /1%1 ERSpUr e was
50 bar. e properties 5 of t he hydrogenated di ner and the ottom pr oduct
are present ed in table 6 below. Table 6. Hydrogenated di mer and

hydr ogenat ed bottom product Property /,unit Method Hydrogenated Hydrogenated
di mer product bottom product Lighter %lhan the dinmer / % by weight ASTM
D2887 0.2 0.0 Dimer / % by wei ght ASTM D2887 99.6 49.9 Trimer / % by

wei ght ASTM D2887 0.2 39.7 Tetraner _and heavier / % by wei ght ASTM D2887
0.0 10.4 Vi E@oémeym%d pmggctcof examp %%TwmaMQJY4d1§Qihatlen,91@ thv boitedii ty at 40 C
/ ¢St ASTM 7 Noac
evapor at on Toaat Cpe Sistinion ote 3Gk e e Bhadd R ool Lo nt 1
ASTM D2887 - using emetmmpus micked cﬂebyetn&rthc hyhogsatidne theateadtionttimewashe

di neri zati on,accor to.exa he hydr.oc on reamwas stopped
after 96 hou% urﬁ’ﬁ@?%&f e%alture n§2§%tg1 %ﬂgttﬁ?/\%gs ffr‘&%sgg(ﬁ}?atrhﬁrtﬁ YPBYER stream
(30 1/ h) 3 orofth&hyRegcnatetl dR2R& agd titbottba peslaiciue p@séited cabl€gdBlewat i on, the

nitrogen 15 streamwas replaced wth a streamof synthetic air (8 1/h). The
reactor was heated from200 Cto 500 Cwith the tenperature elevation rate

of 1.5 U m nyqpipe. Ig&&*ﬂfg@ﬁit@é'cﬂﬂex‘/‘@n’il Kb emu?ed H‘o%n?%.hmw at 500 C. Then,

e alr stream was

the tenpera re- duced again to
repl aced wi aﬂrqnetﬁydgelt st r eanj¥ethod1/ h) f HydmghmIed iHyslrogematesh was carri ed
out using the regenerated catplyst in a 2@inidrgxodwdct|dottoiprodhctas| descri bed
i n exanpl e 2Lighter thae thealimet 5 pre shown in table

% by weight ASTM D2887 0.2 0.0

Dimer / % by weight ASTM D2887 [99.6 49.9

Trimer / % by weight ASTM D2887 (0.2 39.7

Tetramer and heavier /

% by weight ASTM D2887 0.0 10.4

Viscosity at 100 °C /cSt |ASTM D 445 |4.241 6.916

Viscosity at 40 °C/cSt |ASTM D445 |18.27 36.85

Viscocity index (VI) ASTM D 2270 |142 150

Noac evaporation loss/

% by weight CECL-40-93-B |7.9 not determined

Pour point / °C ASTM D2887 |[-24 -12

Example 4

10  Regeneration of the catalyst

In the dimerization according to example 2 a), the hydrocarbon stream was
stopped after 96 hours. Thereafter, the catalyst was purged with nitrogen stream
(30 I/h) for 1.5 hours at 200 °C. At the beginning of the regeneration, the nitrogen

15 stream was replaced with a stream of synthetic air (8 I/h). The reactor was heated
from 200 °C to 500 °C with the temperature elevation rate of 1.5 °C/min. The
regeneration was continued for 2 hours at 500 °C. Then, the temperature was re-
duced again to 200 °C, and the air stream was replaced with nitrogen stream (30
I/h) for 1 hour. Dimerization was carried out using the regenerated catalyst in a

20 flow reactor (120 °C) as described in example 2 a). The results are shown in table
7 below.



7 bel ow. WD 2007/ 144474 PCT/ F12007/ 050357 22 Table 7.
1- hexadecene Tine (TOS) / h 6 24 Total

Di

nmeri zati on of

Cl16 conversion 47.0 40.4

Sel ect i Vi ZoofPh4adsl gt products (< C16) 0.0 0.0 Cl16- C3g19rP009p053sfli mers
triners 3.5 13.4 heavier > (48 3.5 3.4 Exanple 5 Dinerization

5 A flow reactor was packed

81.5 83.3

in a flow reactor using a nmesoporous catal yst

with a fresh nesoporous H MV 4MAR2- 2Al,gat al yst

enbedded with zeolite,
application FI

the production ©
20041675) (5 9) haV|ng an alum nium con- tent of 2.2 % by

which is

(mesopor ous nol ecul ar sieve

descri

bed in the patent

wei ght, nunbgr. of acid.sites prol / g, and nesoporous sur 10 face area
of > 700 er,%ﬁPlFJtﬁﬂ“%‘ﬁ'i"’glolfﬁ&%a 4P de (support) (V (catalyst) : V (SiQ
= 1:3). D mgmigeiros) A 1-hexadecee was perfpjqred using |t he mesopor ous
H MV AMAR2- ’i‘;‘yta‘f@ﬁﬁaéo\ﬂ%rsldﬁ/t(% fTo7ieactor (IgPyC) as dgscribed in the ex-
anple 2 a). g, are SHowm - the tabt¢ 8 betow—15 Tabl e 8.
D nmerizati ong: ? e Tine (OT(pS) / h 6 6 48 Totgl C16 conversion
57.6 44.1 31 el ec I (% ht produ¢ '8 (< C16) |0.0 0.0 0.0
Cl6-C32 0.0 lll‘z(ljeﬁ 0 di msrs 89.3 9]31 93.3 8:%3

trimers 3.5 13.4

heavier (> C48) 3.5 3.4

Example 5

10

15

Dimerization in a flow reactor using a mesoporous catalyst

A flow reactor was packed with a fresh mesoporous H-MM-4MW22-2A]1 catalyst

(mesoporous molecular sieve embedded with zeolite, the production of which is

described in the patent application FI 20041675) (5 g) having an aluminium con-

tent of 2.2 % by weight, number of acid sites of 180 pmol/g, and mesoporous sur-

face area of > 700 m?, diluted with silicon carbide (support) (V (catalyst) : V

(SiC) = 1:3). Dimerization of 1-hexadecene was performed using the mesoporous

H-MM-4MW22-2A1 catalyst in the flow reactor (120 °C) as described in the ex-

ample 2 a). The results are shown in the table 8 below.

Table 8. Dimerization of 1-hexadecene

Time (TOS)/h 6 24 48
Total Ci conversion / (%) 57.6 44,1 31.8
Selectivity / (%)

light products (< C16) 0.0 0.0 0.0
C16-C32 0.0 0.0 0.0
dimers 89.3 91.6 93.3
trimers 10.0 7.7 6.0
heavier (> C48) 0.6 0.7 0.7
Example 6

Regeneration of the H-MM-4MW22-2A] catalyst



triners 10.0 7.7 6.0 heavier

> C48 0.6 0.7 0.7

Exanpl e 6 Regeneration of

the H MM 4MA22- 2A1 cat al yst WO 2007/ 144474 PCT/ F12007/ 050357 23 The

I—I-MVL4M/\P\gb% A& lyst used in exanple 5 was regenerat ‘f’ﬁTHﬁio?g/ gOE
regenerating treatnment described in exanple 4. Dinerization o 3 exadecene

was perforned using this nesoporous H M 4MA22- 2A1 cat al yst
(120 C as described in the eig}arrple 2 a).

table 9. 5 Table 9. Dinerization of 1-

(TGS) / h 6 24 48 Total

react or

i ght products (< Cl16
92.5 tri merBhegtgViM-

riydr ogenat | qefierding ufbdiRhi dabh

i

rom exanpl e

product 10 uct

LRSS

&

pool ed pr odurstformehnsing thiimEGpporonsdiMMRANIEIR-2A1 catedyst épthe dlowcreswor

distillatio fromth
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hydr ogenat ed according to exanple 3. Table 15 10 shows the conposition and

properties of the hydrogenated bottom product.

bot t om pr oduEablef oBimnerizatiop of 1-hexadesepetiy @ floyeres

Tabl e 10. Hydrogenated
€8 bot t om pr od-

in the fl ow
The results are shown in
exadecene in a flow reactor
Cl16 conversion 53.5 36.9 31.5 Selectivity / (%
0.0 0.0 0.0 C16-C32 0.0 0.0 0.0 djners 89.2 92.0
VE2-2 Ak eajplast used ayedample Sovas eenergtsdy Hying the
D Htd t base oil
Dl RIARE %c%i%feg&b W

wer e pool e

Ti me

From t he

Time (TOS) / h 6 24 48
Total Cy¢ conversion / (%) 53.5 36.9 31.5
Selectivity / (%)

light products (< C16) 0.0 0.0 0.0
C16-C32 0.0 0.0 0.0
dimers 89.2 92.0 92.5
trimers 9.9 7.5 6.5
heavier (> C48) 0.9 0.5 0.9
Example 7

Hydrogenation of the dimerization products, and properties of the base oil product
10

Products from examples 6 and 7 were pooled (1448 g). From the pooled product,

unreacted C¢ fraction (980 g) was separated by distillation, and from the bottom

product containing dimers (462 g) middle fraction (6 g) was separated. The bot-

tom product containing dimers was hydrogenated according to example 3. Table

15 10 shows the composition and properties of the hydrogenated bottom product.

Table 10. Hydrogenated bottom product

Property / unit Method Hydrogenated bottom prod-
uct containing dimers

Lighter than the dimer / wt.% |ASTM D2887 0.0

Dimer / wt.% ASTM D2887 90.8

Trimer / wt.% ASTM D2887 8.3

Tetramer and heavier / wt.% [ASTM D2887 0.9

Viscosity at 100 °C / ¢St ASTM D 445 4.577

Viscosity at 40 °C / ¢St ASTM D 445 20.41

Viscocity index (V) ASTM D 2270 144

Noac evaporation loss / wt.% | CECL-40-93-B 7.4

Pour point / °C ASTM D2887 -21




uct containing diners Lighter than the dinmer / wt.% ASTM D2887 0.0 Diner /
wt. % ASTM D2887 90.8 Trinmer / wt.% ASTM D2887 8.3 Tetraner and heavier /

W . % ASTMMgZR87144R Viscosity at 100 C/ cSt ASTM D 445%d/do07/08035€0Si ty at
40 C/ ¢St ASTM D 445 20.41 Viscocity index ASTM D 2270 144 Noac

evaporation loss / w.% CECL-40-93-B 7.4 Pour point / C ASTM D2887 -21 WO
2007/ 144474 PCT/ F12007/ 050357 24 Exaqple 8 Dinmerization of 1-decene in a
catalytic distillation reactor Dimerization of 1-decene was carried out in a
catalytic distillation reactor where 5 the catalyst was placed inside a
distillation,col t he amount of the catalyst being 4 % by wei ght based
on the amount®™JPP¥ decene. An aluminiumsilicate catalyst (Nikki Chenical

Co. Ltd.) wepimeR@ti@sof heecend il dytalyticiditlletich @aaghi cal |y shows the
conparison of the reactions either carried out in a batch reactor at a
tenperature of 120 C, or in a catalytic distillation reactor at the sane

tenpera 10 tDPirferiza@SPEE11d¥&Y wis ichdiel B8t R EatAMiAlNSMation FERIR hitele | €VEl . As
can be seen from figure 4, with the sanme conversion, a diner selectivity of

nor e t hand 90thepcatalysbavas placgd irsifleua distjllation aaodumyn, i the amonnt ofathe satalyshar at us,
whi | | ectividises i i ment b % at i denti cal
1€ selec ”%{ﬁ%?eﬁéx‘%ﬂ‘ﬁ’f’gﬁbpﬁﬁf Rn tﬁé?ﬁ&bﬂ{%} 1-Y&cefre. eQ@{nﬁ}BurA ﬁﬁc[a'g: f’ﬂ :aca

t enper at ur es. ect of pressure on t I'mer yle
catal ytic di edtalydt {Nildw ChppaabhCo.sLtd Diwas useibdsi the cathlydt- Bnend graphicallyr ri ed out

i talytic distillati f t t al | aced insid
ARETRE St b i e D R e s
(Ni kki Chem féﬁifeﬁﬂnre ¥ d20 °C! Beinad R4td1ytid Histil@fon REactdr@ te SnRWteMpéght based on

t he anmount of decene. The conversion of 1-decene
10 ture, respectively using the same catalyst / feedstock level. As can be seen from

figure 4, with the same conversion, a dimer selectivity of more than 90 % may be
attained using a catalytic distillation apparatus, while selectivities in the batch

experiment were below 80 % at identical temperatures..

15 Example 9

Effect of pressure on the dimer yield in a catalytic distillation apparatus

Dimerization of 1-decene was carried out in a catalytic distillation apparatus
where the catalyst was placed inside a distillation column, the catalyst being
20  amorphous aluminium silicate (Nikki Chemical Co. Ltd.), the amount thereof be-
ing 4 % by weight based on the amount of 1-decene. The conversion of 1-decene
was raised to the desired level by adjusting the pressure of the catalytic distillation
apparatus. During the experiment, the pressure was adjusted to values ranging
between 0.17 and 1 bar, the temperature at the bottom of the distillation column
25 elevating from 80 to 300 °C. Dimer selectivity for all conversion levels was >80

%. Base oil yield was 92 % for the decene conversion of 94 %.

Example 10
Dimerization of 1-hexadecene in a catalytic distillation reactor
30



was raised to the desired | evel by adjusting the pressure of the catalytic
distillation apparatus. During the experinent, the pressure was adjusted to
val ues rage Redptveen 0.17 and 1 bar, the tenperature girphbg7paf5pm of the
distillation co1unn 25 elevating from80 to 300 C. Dinmer selectivity for al
conversion levels was >80 % Base oil yield was 92 % for the decene
conversion of 94 % Exanple 10 D nerizgion of 1-hexadecene in a catalytic
distillation reactor 30 WD 2007/144474 PCT/ F12007/ 050357 25 Dineri zation
of 1-hexadecene was perfornmed in a catalytic distillation apparatus where

t he catal yst_was, pl.aced.in distillatjon colum, the unt of the catalyst
boi ng. 6.5 o6 BYnGZR ohi-pHlekerons reomied Bk SYLte NsCTAND ABRGHLE ol it ni i
silicate (N lkbreheratalgst Wi plided in a disHBathQDRIMIE thiahHieht o thesR)st NENt was
0.002 5 bar, the tenmperature at the bottom bejng elevated from I30 C to 235
C as the di heing 8at%dy veight ofothexadecersydhe caplyst wararserpheystajumigiuny |
conversion | G%%ﬁ' 9 i i L : and 82 %
respectivel y,ﬁylg%‘? t el ﬁ}g%gi? “%%‘E%ﬁ@ ?gkefgc?%r%gﬂﬁg %ﬂg.%%@)ny%%%a%g@ns 1.
Process fbr parpthedemgerpture all the iboom damgidveted Az 180 PGab 235 PEedshock

conprising at.|least one n-olefi .ected from.th roup. cansisting of 5
B B30° n- o1 efimsEgonFege i prabesied TRt St L Sl s R B e Srper o
ture rangi ng>petsVBase Aba@mePPields week Fo %and B2 I6 UeHetinly, Tk thehapgen 0. 001
nbar and 50 bar in the presence of a solid acidic catalyst by pass- ing the
f eedst ock t odecepamenversian ofi9983i%] ati on apparatus conprising either a) a
conbination of a distillation columm and a reactor conprising at 10 | east
one catal yst bed, or b) a distillation colum connected to one or nore side
reactors conprising at |east one catalyst |ayer conprising solid acidic
catalyst material with a nesoporous surface area of nore



than 100 nR2/g, an al um nium content between 0.2 and 30 % by weight, the
anount of the acid sites of the material rangi ng between 50 and 500 15

nol /g, and the nmaterial being selected fromthe group consisting of

anor phous al um niunsilicates, zeolite8 and nesoporous naterials con-
taining silicon and alum nium recovering the unreacted n-olefin at the
upper part of the distillation colum or at the upper part of the conbi-
nation of the distillation colum and the reactor as a side streamto be 20
conbined with the feedstock, and the reaction product fromthe dineri-
zation is hydrogenagggms2- Process according to claim1l, characterized in
that the feedstock conprises at |east one n-olefin selected fromthe group
consisting of 1- 25 decene, m xtures of decenes, 1l-dodecene, m xtures of

dodecenes, 1 hexade tur s .of ece te ce

1- oct adecene, m xtﬁﬁ%ﬁéeﬁ BcR] ‘é“d%@ yé]ﬁﬂ 6’@?‘&“&“&&? E’ﬁﬁlﬁﬂo% xt ur es
thereof. 3. Processcogsdifd B0lch& cﬁﬂeaﬂ-ﬂl'eﬁn @éle@ted‘fﬁﬁr'i Red gfo'ué%nh&lﬂM the
catalyst 30 layer conprisées solid acidic cata%nst mat erial selected from

the group consi stiGgCof n-aliftisor amixpimotthe neatemsumdgmerizedtab s terapaait-uni nat ed
Y 27 zeolites, nesopor ous Iecul Ve edded with zeol. said zeo-
lite being pref erab WF?P 2{3'6‘?4 foé)@?m%& @%W%Faé’ﬁglgtl?%wé%soporous
mol ecul ar sieve is @@Y? M&‘S@bﬁﬁﬂ% redBRLE6EY &5 a"‘cﬁdﬂ:"é&t'dfﬁt lffpﬁs- Process
according to any one of clains 1 - aracteri z MESOpPOr ous

surface area of themgathalfga;istonhttelalcatalytm dmﬂkatmhappms cnﬁipglsmg(bltﬁer Pr ocess
according to any on§ of c al s har ac in that catal
s

eriz
material is anorpho r}?itlﬁ’tlnoglal ‘ihété]faé'owcf’ ﬁ’é aprg?garscorgmsfl%é area of
nore thap 300 nR/g.1efst d?feo&d?aﬁ%t%ﬁo&dﬁ)nag disB1& DA S1EmAT corhtd tolone &b

characterized in that
more side reactors comprising at least one catalyst layer comprising
solid acidic catalyst material with a mesoporous surface area of more
than 100 m%/g, an aluminium content between 0.2 and 30 % by weight,
the amount of the acid sites of the material ranging between 50 and 500
15 pmol/g, and the material being selected from the group consisting of
amorphous aluminiumsilicates, zeolites, and mesoporous materials con-
taining silicon and aluminium, recovering the unreacted n-olefin at the
upper part of the distillation column or at the upper part of the combi-
nation of the distillation column and the reactor as a side stream to be

20 combined with the feedstock, and the reaction product from the dimeri-

zation is hydrogenated.

2. Process according to claim 1, characterized in that the feedstock
comprises at least one n-olefin selected from the group consisting of 1-
25 decene, mixtures of decenes, 1-dodecene, mixtures of dodecenes, 1-
hexadecene, mixtures of hexadecenes, 1-tetradecene, 1-octadecene,

mixtures of octadecenes, and Cyp-Cy, 1-olefins and mixtures thereof.

3. Process according to claim 1 or 2, characterized in that the catalyst
30 layer comprises solid acidic catalyst material selected from the group

consisting of acidic amorphous aluminium silicates, dealuminated Y




15 part of the side streamis renoved fromthe distillation colum or the
conbi nation of the distillation colum and the reactor at the upper part
thereof. 7. Process according to any one of clains 1 - 6, characterized in
that a 20 solvent or a solvent m xt@7e selected fromthe group of
hydrocarbons is added to the feedstock. 8. Process according to any one of
clains 1 - 7, characterized in that the feedstock is subjected to drying.
25 9. Process according to any one of clains 1 - 8, characterized in that
the dinerization is perforned at a tenperature rangi ng between 50 and 150

G, and at a pressubgiidaol8hyRefRoRaPsibals bR VAR zedlle, Mlid RooCesS

according to any one o a , Characterized in tha
hydr ogenati on i s péitd beimgdpmferablprZ3Mtf, etaarplitey ob VIWAE225 wherka@8he 100 bar

preferably between 10 and 70 har, and at rature rang- i et ween 100
and 400 C, pref er aBISfORELHR &P i%%afaﬁave?%?@wf iR %F@Eﬁc@oggugr
hydrogenati on cat akygétyred 11. Process according to any one of clainms 1 - 10,

characterized in that the feedstock conprises 1l-decene. 12. Process
accordirfg to any one of clains 1 - 10, characterized in that the feedstock

conprises 1-hexadegene. 10 13..Process acconrding t ny one. of .cl.ainms 1 -
12, characterized |9’h .rqcﬁgs[ actc%dl?%god%qyo%qg.ogtg Sg]eégbf?]é%aﬁgﬂgﬁ th?:‘ al origin
produced from bi okiggifesdpordidy durfabe BRA VTitRe Satalybt MdteriBl RCAGER tAEE300li Ng to
any one of clainms 1 _- 13, characterized in that distillation is carried out

after the dinerizaf'@ or the hydrogena- tion or after both. 15. Process
according to any one of clains 1 - 14, characterized in

10 5. Process according to any one of claims 1 - 4, characterized in that
catalyst material is amorphous aluminium silicate with a mesoporous

surface area of more than 300 m%/ g.

6. Process according to any one of claims 1 — 5, characterized in that
15 part of the side stream is removed from the distillation column or the
combination of the distillation column and the reactor at the upper part

thereof.

7. Process according to any one of claims 1 — 6, characterized in that a
20 solvent or a solvent mixture selected from the group of hydrocarbons is
added to the feedstock.

8. Process according to any one of claims 1 — 7, characterized in that

the feedstock is subjected to drying.

25
9. Process according to any one of claims 1 — 8, characterized in that
the dimerization is performed at a temperature ranging between 50 and
150 °C, and at a pressure ranging between 0.5 bar and 30 bar.

30 10. Process according to any one of claims 1 — 9, characterized in that

the hydrogenation is performed at a pressure ranging between 5 and




20 that base oil or base oil conponent is produced with said process. 16.
Use of an apparatus conprising 1) an optional drying neans for the
feedstock, 2) a catalytic distillation apparatus conprising either a) a
conbi nation of a distillation columy@nd a reactor conprising at |east 25
one catal yst bed of a solid and acidic catalyst, or b) a distillation col-
umm connected to one or nore side reactors conprising at | east one catalyst
bed of a solid and acidic catalyst, 3) hydrogenation reactor and optionally
a distillation colum downstreamof the catalytic distillation apparatus

and/ or hydr ogenat i pgy | £aCtor. oM BLORFSR 768, Sh8%: & erdiiferniafl. L e
ing between 100 and 400 °C, preferably between 150 and 250 °C, in

the presence of a hydrogenation catalyst.

5 11. Process according to any one of claims 1 — 10, characterized in

that the feedstock comprises 1-decene.

12. Process according to any one of claims 1 — 10, characterized in
that the feedstock comprises 1-hexadecene.

10
13. Process according to any one of claims 1 — 12, characterized in
that the feedstock comprises olefins of natural origin produced from

biological starting materials.

15 14. Process according to any one of claims 1 — 13, characterized in
that distillation is carried out after the dimerization or the hydrogena-

tion or after both.

15. Process according to any one of claims 1 — 14, characterized in

20 that base oil or base oil component is produced with said process.

16. Use of an apparatus comprising 1) an optional drying means for the
feedstock, 2) a catalytic distillation apparatus comprising either a) a
combination of a distillation column and a reactor comprising at least
25 one catalyst bed of a solid and acidic catalyst, or b) a distillation col-
umn connected to one or more side reactors comprising at least one
catalyst bed of a solid and acidic catalyst, 3) hydrogenation reactor and
optionally a distillation column downstream of the catalytic distillation
apparatus and/or hydrogenation reactor, in a process according to any
30 of the claims 1 — 15,




