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INTEGRATED CRUDE REFINING WITH
REDUCED COKE FORMATION

FIELD OF THE INVENTION

G301 This invention is generally related to refining processes for whole or partial

crude oils.

BACKGROUND

660621 Refineries for processing of crude oils {or crude oil fractions) currently face
a variety of challenges. For example, crude refining is the most energy intensive
industry in the United States. As a result, refineries have implemented energy
conservation prograras, as well as energy integration and efficiency projects. However,
even though these programs have resulied in lower energy consumption, the reality is
that most existing refinerics were built between the 1950s and 1970s, when energy was
cheap and the products could be directly sent to market without the need for further

Procossing.

[(083] Refinerics also face pressure due to the increasing requirements on the
spectfications for vanious products. These product specifications maay be driven by
cither government regulation or by the demands of the marketplace. The standard
response from the industry to date has largely consisted of adding carbon rejection
and/or hydrogen addition steps downstream of existing processes. This has placed
further strain on the hydrogen needs of cxisting refineries. This also tends to
exacerbate the problems of energy usage, as large process energy consumers have been

wtroduced that are needed to meet product quality specifications.

[6064| The above problems have also contributed to increasing profitability
concerns for refineries. Due in part to the price of crude oil, the expense of complying
with additional product specifications, and changes in marketplace demand, it is
mcreasingly froportant for a refinery to improve or maximize the number of carbon

atorns that are incorporated 10to higher value products. Pending CO» legislation would
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further increase refining costs, if enacted. Based on the variety of challenges facin

¥
O

refineries, improved methods of refining crude oils are desirable.

[3805] .S Patent No. 3,617,501 describes an integrated process for refining a
whole crude. The entire crude {(inchading naphtha) is inttially hydrotreated, followed by
separation in an atmospheric distillation tower. The naphtha and distillate portions are
used for fuels. The heavier portions are cither separated using a vacuum distiliation

tower or are sent to a hydrocracker for extinction recycele.

[6006] U.S Patent No. 5,851,381 describes methods of refining crude oil. The
various methods include flashing a crude ol to frutially separate out a naphtha and
lighter portion from the remainder of the crude oil. The remaining portion of the crude
i3 then hydrodesulfurized and/or hydrotreated. At some pownt, the remainiog portion 18
separated by what is described as an atmospheric distillation tower. However, thig
tower 15 alse described as generating a heavy gas ol fraction with a boiling range of
371°C 10 472°C. Separation of such a heavy gas oil fraction in a conventional
atmospheric distillation tower would be expected to result in substantial coke
formation. As aresult, generating such a fraction is normally indicative of the use of a

vacuum distillation techuique.

166671 U.S. Published Patent Application US 2010/0025291 describes a process for
treatment of heavy oils using light hydrocarbon components as a diluent.
Hydrotreatment is performed on a heavy crude by processing the whole crude,
mncluding the naphtha and distillate fractions. A portion of the naphtha and/or distillate
after hydrotreatment is also recycled to achieve a desired relative amount of lighter
hydrocarbons to heavy oil. The catalyst for hydrotreatment is described as a supported
NiMo catalyst, but no description is provided regarding the pore sizes of the support.
The atmospheric residue portion of the whole crude is desulfurized to a level of about

5600 wppro in one example.

[6008] U.S. Published Patent Apphication US 2010/0025293 describes a process for
sequential hydroconversion and hydrodesulfurizaton of whole crude oil. A bimodal

catalyst with one mode of pore sizes greater than at least 2000 angstroms is used for the
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hydroconversion. The reactors for hydroconversion and hydrodesutfurization are

described as preferably being ebullating bed reactors.

SUMMARY OF THE PREFERRED EMBODIMENTS OF THE INVENTION

LHERY! In various aspects, methods are provided for processing a crude oil,
ncluding: separating a crude oil feedstock to form at least a naphtha fraction and a
heavier crude oil fraction, a first cut point temperature for separating a lighter crude oil
fraction coraprising the naphtha fraction from the heavier crude ol fraction being a
temperature from about 250°F (121°C) to about 400°F (204°C}, the heavier crude oil
fraction including a portion having a boiling point greater than 1050°F (566°C);
hydrotreating the naphtha fraction ander effective naphtha hydrotreating conditions to
form a hydrotreated naphtha offluent; exposing the heavier crude oil fraction to a
hydroconversion catalyst under effective hydroconversion conditions to form a
hydroconverted efftuent, the effective hydroconversion conditions being effective for
conversion of at least about 30% of the portion of the heavier crude oil having a boiling
point greater than 1050°F (566°C); separating the hydroconverted effluent to form at
least a distiliate fraction and a botioms fraction, a second cut poeint teraperature for
separating the distillate fraction from the bottoms fraction being a temperature from
about 650°F (343°C) to about SO0°F (427°C); and hydrotreating the distillate fraction

under effective hydrotreating conditions to form a hydrotreated distiitate effluent.

{6016} Optionally, a portion of the liquid effluent frorma hydroconversion can be
recycled for use as a solvent for hydroprocessing of the heavier crude oil fraction.
Exarnples of recycled portions include a portion of the distillate fraction from
hydroconversion or a portion of the RO0°F+ fraction from hydroconversion.

Optionally, the hydroconversion can be performed under conditions where some
thermal cracking of the feed also occurs 1u the presence of the hydroconversion catalyst
and hydrogen. Such conditions include a temperature of at least about 360°C and a
hydrogen partial pressure of about 1000 psia (6.9 MPa) or less. Optionally, the
hydroconversion catalyst can be a small pore catalyst with a median pore diameter of

about 85 A to about 120 A.



WO 2013/033294 PCT/US2012/052983

BRIFF DESCRIPTION OF THE DRAWINGS

(6011} The attached Figures represent alternative embodiments of the overall
wvention, as well as coraparative examples. The Figures pertaining to the ioveuotion
arc intended to be viewed as exemplary embodiments within the scope of the gverall

invention as clammed.

(6012} FIG. 1 shows an cxample of 4 refinery configuration that inclades a vacuum

distillation tower, a fluid catalvtic cracking unit, and a coker.

[6613] FIG. 2 shows an example of a refinery configuration according to an aspect

of the invention for fuels production.

[6014] FIG. 3 shows an example of a refinery configuration according to an aspect

of the invention for fuels and hubricant base oils production.

DETAILED DESCRIPTION

Intreduction

[(815] in various aspects, methods are provided for processing of whele or partial
crudes in a refinery setting while reducing or climinating the use of some conventional
energy wtensive refinery processes. Tu other aspects, methods are provided for
processing of whole or partial crudes while reducing or eliminating triple or quadruple
processing of streams within a refinery. Additionally, production of low value
products, such as coke, is reduced or minimized. This allows for production of fucls, or
a combination of fuels and hubricants, with reduced costs and therefore improved

profitability.

6616} Within a refinery, crude distillation (and in particular vacuom distillation),
reforming, catalytic cracking, and coking account for most of the energy used in the
refinery. Thus, one solution for reducing the energy usage n a refinery 1s to reduce or

minimize the portion of a crude oil feedstock that is processed using these processes.
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[6617] Within a refinery, a variety of process schemes are used that fuvolve
subjecting a given stream within a refinery to three or more processes, and sometimes
four or more processes. For exarmaple, one method for producing naphtha in a refinery
is to distill a feed to produce a distillate boiling range feed; hydroprocess the feed to
remove sone contaminants; crack the teed such as by using a fluid catalvtic cracker;
and then hydroprocess the feed again to produce naphtha. Optionally, the above
process flow can also include allkylation to improve the octane rating of the naphtha,
resulting in a five step process flow. Such multiple step process flows are costly,

making the marginal value of the resulting product lower.

[6018] Within a refinery, heavy oil fractions that contain polynuclear aromatic
hydrocarbons (PNA) represent a potential sink of substantial quantitics of hydrogen.
Due to the multiple aromatic rings in PNA hydrocarbons, conversion of these
molecules into products suitable for use as a motor fuel requires addition of a large
proportion of hydrogen. While some conversion of heavy portions of a feed 1
desirable, finding an alternative usc for at least some PNA hydrocarbons while still

forming higher value products 18 even more economically beneficial.

[6019] One conventional alternative for handling difficult molecules such as PNA
hydrocarbons is to include such molecules in a feed stream that is sent to a coker. In
addition to being energy intensive, a substantial portion of the products generated by a
coker correspond to coke. Due to the extreracly low market value of coke relative to
other petroleum feeds and products, any generation of coke as the output from a

refinery process is a loss to overall refining profitability.

[6020] Based on these identified difficulties, methods are provided herein for
processing crude oil feeds with reduced or minimized energy usage, reduced or
minimized numbers of processing steps, improved allocation of hydrogen, and reduced
or rawnimized formation of low value products. First, the novel methods herein avoid
the use of vacuum distillation, and in many aspects avoid the use of both atmospheric
and vacuum distillation. This provides a benefit in reducing the energy required for

processing large quantttics of a petroleum feed 1n a reduced pressure environment.
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{6621 Next, fluid catalviic cracking and other catalytic cracking processes without
a pressurized hydrogen atmosphere are eliminated. Coking processes are also
eliminated. In addition to being cnergy mtensive, catalytic cracking processes and
coking processes typically generate products which still require further processing to be
useful as a product or another refinery stream. As a result, coking and/or catalytic
cracking processes are relatively expensive methods for making the resulting products.
Additionally, catalytic cracking and coking processes generate substantial amounts of
lower value products. Of course, coke s one of the main products formed during
coking, and is gencrally undesirable as coke is a low value refinery product. Coke is
also a significant product of flnd catalytic cracking, as typically 4-5 wit% of a feed to a
fluid catalytic cracking unit is converted into coke. With regard to catalytic cracking,
gasoline is the typical majority product. Traditional refineries were configured fo
produce more gasoline than diesel fuel. However, for a typical fluid catalytic cracking
unit, feedstocks contain 10 wt% to 25 wt% of the feedstock mto the fluid catalytic
cracking unit will boil at less than 650°F (343°C). This portion of the feedstock that
boils at less than 650°F (343°C) primarily corresponds to diesel feedstock type
molecules. More recently, refinery spreads for gasoline production have continued to
decrease as worldwide demand for gasoline is reduced while distillate demand, such as
diesel, continues to grow. This current practice of cracking potentiaily higher value
diesel feedstock molecules into lower value naphtha and Cy- molecules can contribute

to reduced profitability.

{3622} In some aspects of the invention, one feature that enables the climination of
vacuurn distiliation, catalytic cracking, and coking processes is the ability to effectively
hydroprocess heavier feed fractions. This is accomplished in part by hydroprocessing
the tighter distillate portions of a feedstock along with the beavier portions i a single
process. It is also accomplished in part by recycling the 800°F+ (427°C+)
hydroconversion products back to the hydroprocessing reactor. This allows the lighter
distillate portions of a feedstock and the 800°F+ products to act as a diluent for the
virgin vacuurn resid portion (1050°F+, S66°C+), improving the overall performance of

the process and improving the lifetime for the hydroprocessing catalyst. Optionally, a
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portion of the hydroprocessed distillate can be recycled for mixing with the input to the

hydroprocessing reaction in order to provide additional diluent.

[6623] Iu still other aspects of the invention, configurations and methods are
provided for full conversion crude oil refining that reduce encrgy consumption by more
than 30% versus conventional refining without producing coke. Full conversion
retining is defined starting with a feed or crude slate that contains at least 1.5 wi%
sulfur and at least 40 wt% of molecules boiling at greater than 650°F (343°C) and
producing a product slate containing at least 60 wt% of fuels in the form of gasoline

and diesel and a regular sulfur fuel oil with g sulfur content of less than about 1 wit%.

[(3024] Various aspects of the invention are enabled by the discovery that the
fraction of crude oil botling above the distillate fuel vange (190 of 650°F, 343°Chas
advantageously cracked into 800°F- (427°C-) botling range products by coprocessing it
with the 400°F-800°F (204°C—427°C) boiling range components of the refinery crude
otl feedstock. In a preferred aspect, the refinery can process crude oil without the use
of crude oil atrnospheric and vacuurm distiliation towers, without an FCC unit and
associated alkylation unit and unsaturated gas plant, and without a coker. Traditional
crude distillation s replaced by much less energy intensive flash towers/vessels.
Preferably, the crude oil is flashed to provide a bottoms stream with a TS between
400°F (204°C) and 425°F (216°C). Because it is a rough flash, between 10% and 20%
of the overhead virgin naphtha stream boils at a temperatare of 400°F+ (204°C+).
Naphtha streams where 10%-20% of the naphtha stream boils at 460°F+ (204°C) are

kuown by those skilled 1o the art to be suitable feeds to naphtha reformers.

[B025] The ehimination of atmospheric and vacuum distillation of the initial crude
otl feedstock is also facilitated by use of an atmospheric distillation or flash of the
liquid product from the high severity hydroconversion reactor. Because the stream is
hydroprocessed, the distillation or flash tower can be operated at higher T without
fouling, and the gas products can be used to strip the heavy liquids at the bottom of
distillation tower/flashpot. Combining these techniques enables an effective cutpoint
for separating a bottoms fraction from the rest of the feed of about 800°F (427°C) vs.

the traditional 650°F (343°C) cutpoint for an atroospherie distillation tower. This
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allows the liguids produced 1o the hydroconversion reactor to be separated futo rough
boiling cuts of 400°F- (204°C-), 400°F-800°F (204°C-427°C), and S00°F+ {(427°C+).
In configurations for fucls production, the 800°F+ (427°C+) bottors are recycled to the
hydroconversion reactor. The naphtha fraction is sent to the reformer, and the 400°F~
8O0°F (204°C-427°Chitraction 18 sent to a distillate hydrotreater. The distillate
hydrotreater is used to reduce the sulfur content to less than about 10 wppm and to meet
all other clean diesel specifications. The rough 400°F-800°F (204°C-427°C) distillate
hydrotreater feedstock includes too great a weight percentage of 650°F+ (343°C+)
material 0 meet most clean diesel specifications, However, it has been discovered,
surprisingly, that processing the 400°F-8Q0°F (204°C-427°C) fraction of the preferre
embodiment of the invention results in substantial conversion of the 650°F+ (343°C+)
coraponents of the feed because the mitrogen-containdog compounds, sulfur-containing
compounds, and aromatic compounds converted in a distillate hydrotreater are highly
concentrated in the 650°F+ (343°C+) feed componcnts. It is noted that rernoval of
nitrogen-containing and sulfur-containing compounds and hydrogenation of aromatic

rings results in substantial boiling point reduction.

13026} In some embodiments of the invention, reference is made to conversion of a
feedstock relative to a conversion terperature T. Counversion relative to a temperature
T is defined based on the portion of the feedstock that boils at a teraperature greater
than the conversion temperature T. The amount of conversion during a process {or
optionally across multiple processes) is defined as the weight percentage of the
feedstock that 1s converted from boiling at a temperature above the conversion
temperature T to boiling at a temperature below the conversion teraperatare T, For
cxample, consider a feedstock that includes 40 wt% of components that botls at 1050°F
{566°C) or greater. By definition, the remaining 60 wt% of the feedstock boils at less
than 1050°F (566°C). For such a feedstock, the amount of conversion relative to a
conversion temperature of 1050°F (566°C) would be based only on the 40 wi% that
initially botls at 1050°F (566°C) or greater. If such a feedstock 15 exposed to a process
with 30% conversion relative to a 1050°F (566°C) conversion temperature, the
resulting product would include 72 wt% of components boiling below 1030°F (566°C)

and 28 wt% of components boiling above 1050°F (S66°C).
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Fxamnple of Traditional Relinery Processing — Prior Art

[6627] The following example is provided to iHustrate traditional concepts for
refining of a crude oil. The folowing example 1s not intended to represent any

particular refinery currently in existence.

[G828] FIG. 1 schematically shows a general schematic of a typical conventional
refinery configuration of the prior art including traditional methods for processing of a
whole crude oil feed. The configaration shown in FIG. 1 is designed for production of
tuels. In FIG. 1, a pipestill 110 1s used for fractionation of an incoming crude oil feed
10. The pipestill 110 has the ability to perform both atmospheric and vacoum
distillation. The pipestill 110 can generate a variety of output streams, include a light
ends streara 109, a naphtha stream 112, optionally a kerosene, jet fuel, or other light
distillate streams 114, a diesel or other medium distillate streams 116, and one or more
atmospheric and/or vacuum gas oil streams 118, The bottoms 119 can correspond to a
vacuum resid stream, although for some feeds the bottoms may stili be suitable as a

heavy vacuum gas oil.

[(3029] The various outputs from pipestills 110 are processed independently,
although some integration of output strearns is performed. In the exarople shown in
FIG. 1, the bottoms 119 are passed into a coker 125, The coker generates a variety of
output strearns, including a coker gas o1l 122, a coker olefin stream 124, a coker
naphtha stream 126, and coke 129. The coke 129 represents a final, albeit somewhat
undesirable, product from the coker. The coker naphtha 126 can be added to the
gasoline output stream or pool 179 along with other naphtha generated by the refinery.
The coker olefin stream 124 can be passed into an unsaturated gas plant 141 for further
processing. The coker gas otl may conventionally be used in several ways. In FIG. 1,
the coker gas o1l 18 passed into hydrotreater 131 for eventual processing in catalytic
cracker (such as a fluid catalytic cracker) 135, Alternatively, the coker gas oil may be
suitable for inclusion in diesel output stream or pool 1359, or the coker gas oil can be

used as heating oil.
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[6036] In FIG. 1, the atmospheric and vacuum gas oils 118 are hydrotreated 131
the presence of a hydrogen stream 103 to remove contaminants such as metals, sulfur,
and nitrogen. The hydrotreated gas ot effluent can then be sent to a catalytic cracker
135, which results in production of a catalytic olefin gas stream 134, coker naphtha
136, a catalytic gas 01l 132, and a catalytic bottoms product 139, This catalytic bottorns
product 139 is typically sold as a fuel oil product. The catalytic olefin gas stream 134
is passed into the unsaturated gas plant 141, The coker naphtha 136 1s added to
gasoline pool 179. The catalytic gas o1l 132 may be added to dicsel pool 159 as shown,

or the catalytic gas otl may be sold as heating oil.

16831} The coker olefin stream 124 and catalytic olefin stream 134 are recovered in
unsaturated gas plant 141 for use in an alkylation unit 145, A butane strcam 186 from
saturated gas plant 185 can also be processed in alkylation unit 145, The alkylation
unit 145 produces an alkylate stream 143 that is useful as an additive for gaseline pool
179. The alkylation unit 143 also geoerates a butane output 188 and a liguid petroleum

gas output 147 that can be added to a liguid petroleum gas output 187,

6632} The diesel output 116 from the pipestill is hydrotreated 155 in the presence
of hydrogen 105 to produce a low sulfur diesel product 159, Other suitable botling
range products may be added to low sulfur diesel product 159 to form the overall diesel
pool. Similarty, the kerosenc cutput 114 from the pipestill can be treated to make a
suttable kerosene or jet fuel product 169, For example, the kerosene output 114 can be

treated with caustic 165 or hydrotreated to reduce the sulfur content.

[6633§ The naphtha output 112 is hydrotreated 171 in the presence of hydrogen 107
to reduce the sulfur content. The hydrotreated naphtha can then be reformed 175 to
umprove the octane rating before being added to gasoline pool 179, The reformer 175

also generates an output stream of hydrogen 177.

[(3834] The light ends output 109 is processed in a saturated gas plant 185, The
saturated gas plant generates 4 butane output 186, a liquid petroleur gas strearn 187,

and a fuel gas stream 189. The saturated gas plant also separates out a hydrogen sulfide
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stream 192 that 1s processed i a Claus plant 195, The Claus plant generates a residual

sulfur output 199,

[3035] Iu a refinery having a configuration similar to the configuration shown in
FIG. 1, the combined yicld of coke and light gases (3 or 4 carbons or less) would be
about 15%. By contrast, in a refinery that removes catalytic crackers and cokers, it is

believed that the yield of coke and light gases can be reduced to about 4% to 5%.

Processing Overview of Embodiments of the Invention

[6036] The remaining sections herein will be dedicated to describing variouns

embodiments of the present invention.

[6037] In contrast to the configuration shown in FIG. 1, a crude ol can be
processed to form various fuels products without the use of a vacuum distillation tower,
a catalytic cracker, or a coker. Briefly, a desalted crude oil is fed to a flash tower or
other separator where light ends and naphtha are separated out from a remaining
heavier portion. The light ends and naphtha are separated 1o a gas plant and amne
treater, resulting in product streams of straight run naphtha, fuel gas, liquid petroleum
gas, and butanes, while sour gas 1s disposed 1n a sulfur unit. The straight run naphtha is
then hydrotreated and reformed to obtain a high octane gasoline compounent. The
preflash bottoms or heavy portion from the flash tower are then routed to a
hydroconversion unit. In this untt, thermal cracking of the crude takes place in a fixed
bed reactor in the presence of hydrogen. The process utilizes commercial hydrotreating
catalyst. The product is separated into individual fractions 1 an atmospheric tower,
such as an atmospheric flash tower. Preferably, the atmospheric tower can generate
three rough fractions corresponding to a 400°F- (204°C-) fraction, a 400°F-R800°F
204°C-427°C) fraction and an 800°F+ {(427°C+) fraction. Preferably, at least a
portion of the offgas products from the hydroconversion unit can be used to strip heavy
tiquids from the atmospheric tower bottoms. The naphtha fraction from the
atmospheric tower is combined with the straight run naphtha for reforming. The H,S
and C4 product from the atmospheric tower are routed to a conventional Satarated Gas

Plant to produce LPG and C4 molecules. The sour gas can be disposed in a convention
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Claus untt. A distilate fraction from the atmospheric tower can be further
hydrodesulfurized in a fixed bed reactor using commercial desulfurization catalyst.
The distillate fraction can be sent to storage in the kerosene distillation range
(250°F-450°F) and diesel distillation range (456°F-700 °F). Preferably, the
hydrodesulfurization, hydrodenitrogenation, and sromatic saturation of the distillate
fraction also results in a sufficient shift in the boiling point curve of the distillate
fraction that the product can be sold as diesel fuel without further distillation.
Optionally, part of the distillate fraction can be recycled back to the hydroconversion

unit. The atmospheric fractionation bottoms can be sold as reduced sulfur fuel o1l

6838} As an alternative, if it is desirable to make lubricant base oils, the
production of fuel oil can be eliminated. Optionally, the recycle of distillate fraction to
the hydroconversion unit may be eliminated. H lubricants are desired, the atmospheric
fractionation tower can be operated so that the atmospheric bottoms produced are in the
650°F+ (343°C+) range. This bottoms stream is first deasphalied using a solvent such
as pentane. The deasphalted oil (DAQ) 1s hydrotreated using a conventional
desulfurization catalyst and then processed in a dewaxing unit using a dewaxing
catalyst. The effluent from the dewaxing unit is then fractionated into naphtha, diesel,

and lubes.

Initial Processing — Desaltine and Flash Separation

[(6839] As an nitial step, a crude oil for processing can be desalted. Thisisa
typical pre-processing step for a crude oil to reduce the armount of metals or metal salts
within the crude oil. The crude oil can be desalted at any convenient location or time,
cither prior to reaching the refinery or at the refinery, such as immediately prior to

procossing.

[6846] After desalting, the crude oil can be separated into one or more lighter
fractions and a heavier fraction by flashing the crude oil in a flash tower or separator.
In a flash separator, lower boiling components such as light ends and naphtha are
separated as gases while the remaining portion of the crude exits the flash separator as a

hiquid effluent. The flash separator can be operated at a pressure of about 25 psig (172
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kPag) to about 60 psig (414 kPag), such as about 30 psig (207 kPag) to about 50 psig
(345 kPag). The cut point temperature of the flash separator can be about 250°F
{121°C) or less, or about 300°F (149°C) or less, or about 330°F (166°C) or less, or
about 360°F (182°C) or less, or about 400°F (204°C) or less. This cut point
temperature corresponds to a cut point for separating naphths and lower boiling

fractions from distillate and other heavier or higher boiling fractions.

{6041} In the discussion below, reference will be made to the highter portion (i.c.,
tower botling portion} of the crude oil from the flash separator and the heavier portion
{i.¢., higher botling portion) of the crude oil from the flash separator. Such refercnces
are made for convenience in understanding the nature of the invention. Of course,
separators other than g tlash scparator may also be used in addition to and/or 1n place of
a flash separator to form a lighter crude oil fraction and a heavier crude oil fraction

based on boiling point.

Treatment of Naphtha and Light Ends

[6042] The hght products from the flash tower or separator are passed into a gas
plant and amine treater. The gas plant aliows for separation of naphtha from a variety
of highter products, including fuel gas, propane, butane, and sour gas (including H,S).
For example, a conventional saturated gas plant can be used for separating out the
varipus fractions that arc gasscs at room teraperature. The naphtha fraction is also
separated out. The naphtha fraction can be hydroprocessed to meet requirements for
use as motor gasoline, such as by reducing the sultur and/or nitrogen content to suitable
levels. For example, the sulfur content of the naphtha can be reduced to 10 wppm or
less, preferably 8 wppm or less. After hydrotreatment, the naphtha fraction can be

subjected to a reforming process to improve the octane rating.

6843} Suitable catalysts for hydrotreating naphtha include catalysts that arc
comprised of at {east one Group VI metal oxide {Columns 8-10 of IUPAC periodic
table), preferably an oxide of a metal selected from selected from Co and/or Ni, more
preferably Co; and at least one Group VI metal oxide (Cohumn 6 of IUPAC periodic

table), preferably an oxide of a metal selected from Mo and W, more preferably Mo, on
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a support material, sach as silica or alumina. Other suitable hydrotreating catalysts
inchade zeolitic catalysts, as well as noble metal catalysts where the noble metal s
sclected from Pd and Pt |t 1s within the scope of the present invention that more than
one type of hydrotreating catalyst be used in the same reaction vessel. The Group VIH
metal oxide of a selective hydrodesulfurization catalyst can be present in an amount
ranging from about 0.1 to about 20 wt%, preferably from about 1 to about 12%. The
Group VI metal oxide can be present in an amount ranging from about 1 to about 50
wits, preterably from about 2 to about 20 witS. All ruetal onde weight percents are on
support. By “on support” we mean that the percents are based on the weight of the
support. For exarople, if the support were to weigh 100 g then 20 wits Group VHI

metal oxide would mean that 20 g of Group VHI metal oxide is on the support.

(844} The hydrodesuifurization catalysts are preferably supported catalysts. Any
suitable refractory catalyst support material, preferably inorganic oxide support
materials, can be used as supports for the catalyst of the present invention. Non-
limiting examples of suitable support materials include: zeolites, alumina, silica, titania,
calcium oxide, strontium oxide, barium oxide, carbons, zirconia, magnesia,
diatomaceous carth, certum oxide, lanthanide oxides, chromia, thorium oxide, urania,
niobia, tantala, tin oxide, zinc oxide, and alurmnum phosphate. Preferred are alumina,
silica, and silica~alumina. It is understood that the support material can also countain
small amounts of contaminants, such as iron, sulfates, silica, and various metal oxides
that can be introduced during the preparation of the support material. These
contaminants arc present i the raw materials used to prepare the support and will
preferably be present in amounts less than about 1 wi%, based on the total weight of the
support. It is more preferred that the support material be substantially free of such
contaminants. o another embodiment, about 0 to about S wt%, preferably from about
(3.5 to about 4 wt%, and more preferably from about 1 to about 3 wt% of an additive
can be present in the support, which additive is selected from the group cousisting of
phosphorus and metals or metal oxides from Group 1A {(alkali metals) of the Periodic

Table of the Flements.
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[3045] Generally, hydrodesalfuorization conditions can inchude temperatures from
about 425°F (218°C) to about 8O0°F {427°C), preferably from about 500°F (260°C) to
about 650°F (343°C). Other sclective hydrodesulfurization conditions can include a
pressure of from about 60 psig (414 kPa) to about 800 psig (5516 kPa), preferably from
about 100 psig (1379 kPa) to about 500 psig (3447 kPa), more preferably from about
250 psig {1724kPa) to about 400 psig (2758 kPa). The hydrogen feed rate can be from
about 30 standard cubic feet per barrel (sef/b) (8.4 m’/m’) to about 1000 scf/b (169
m/m’), preferably from about 100 sef/b (17 w'/m’) to about 200 sef/b (34 m*/m’). The
liquid hourly space velocity can be from about of about 0.5 hr' to about 15 hr'',
preferably from about 8.5 hr'!' to about 10 e, more preferably fror about 1 hr'! to

about 5 hr''.

[3046] The hydrodesulfurized naphtha effluent can then be reformed to increase the
gctane rating of the naphtha. The reforming catalyst and conditions of reforming may
be conventional conditions for reforming a naphtha boiling range feed to improve
octane rating. The catalyst may be mono-functional or bi-functional (metallic and
acidic catalytic sites). Suitable catalysts mclude, but are not necessartly tunited to,
catalysts comprising one or more metals, preferably a precious metal selected from the
group consisting of Pt, Ir, Re, Ry, Sn and Pd, so as fo be a mono- or bi- and/or poly
metallic-functional catalysts. Suitable catalysts also include, but are not necessarily
lirnited to, catalysts coraprising a support, preferably a support selected from the group
consisting of alumina, silica, silica-alumina zeolites, chlorided alumina, fluorided
alurmina, bromided aluminag, or a mixture thercot. In some aspects, the catalyst may be
metallic-acidic bifunctional catalyst wherein one type of catalytic site is metallic and
another is an acidic non-metallic site. The reforming conditions can include a reactor
wilet teraperature n the range of from about 450°C to about 565°C; a pressure 1 the
range of from about 50 psig (343 kPa) to about 500 psig (3447 kPa), such as from about
50 psig (343 kPa) to about 200 psig (1379 kPa); and a flow rate in the range of from

about 0.8 ™' to about 3.0 h™', such as from about 1.0 i to about 2.0 1™\,
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Hydroconversion of Heavy Crude OGi Portion

[6047] After removal of the light ends and naphtha, the reruaining portion of the
crude oil 18 exposed to a hydroprocessing catalyst under conditions suitable for
hydroconversion. The hydroconversion conditions allow for conversion of a portion of
the feed that boils above 1050°F (566°C) to molecules that boil below 1050°F (566°C).
Converting these heavier molecules to a lower boiling range increases the potential uses
and value of these molecules. In various aspects, the hydroconversion process can be
used to convert at least 30 wit% of the 1030°F+ (566°C+) portion of the input feed to
the hydroconversion unit, such as at least 40 wt%, or at least 50 wit%. It is noted that
the unconverted portion of the 1050°F+ (566°C+) feed is only modestly desulfurized
during the hydroconversion process. In 4 preferred aspect where fuels production is
desired, the feed to the hydroconversion unit is converted to Cy- gas, Cs-400°F (204°C)
naphtha, 400°F- 800°F (204°C-427°C) distillate, and 800°F+ (427°C+) low sulfur fuel
oil having less than about 1wt sulfur. In various aspects, the hydroconversion
process can be used to convert at least about 30 wit% of the 800°F+ (427°C+) portion of
the wnput feed to the hydroconversion unit, such as at least about 40 wit% or at least

about 50 wit%.

[B048] In some aspects, processing of the entire heavier fraction from the flash
scparator provides an advantage for conversion of 1050°F+ (566°C+) molecules to
molecules that boil below 1050°F (566°C). The entire heavier fraction will typically
include 10 wt¥% to 30 wit% of distillate or diesel boiling range molecules, such as
molecules having a bouling point of at least about 400°F (204°C), or at least about
450°F (232°C), and about 8O0°F (427°C) or less, or about 756°F (399°C) or less.
Optionally, kerosene boiling range meolecules can also be included as part of the diesel
boiling range molecules, such as molecules having a boiling point of at least about
250°F (121°C), or at least about 300°F (149°C), or at least about 330°F (166°C). In
such an option, the upper end of the kerosene range can correspond to the lower end of
the distillate range. The amount of kerosene included in the distillate or diesel boiling

range can be determined based on the separation temperature of the flash separator.
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Optionally, a portion of the hydroconverted ROG°F+ (427°C+) effiuent can also be

recycled.

[3049] The distillate boiling range molecules in the crude oil, and optionally the
additional recycled distillate botling range molecules, facilitate the conversion of the
heavier rmaolecules 1o the crade oil, such as by acting as a solvent. Additionally, any
recycled portion of the hydroconverted 800°F+ (427°C+) can also act as a solvent
relative to the unconverted 1050°F+ (566°C+) portion of the input feedstock, This
solvent effect can be beneficial for hydroconversion of the heavy portion of the crude
o1l using a conventional large pore catalyst for processing of heavy oils, such as a
catalyst with a median pore diameter of 150 A or greater. Additionally, the solvent
cffect can also be benceficial for enabling hydroconversion of the heavy portion of the
crude oif with a smaller pore catalyst, such as a catalyst with a median pore diameter of

about 85 A to about 120 A.

HHIR In some aspects, the amount of distillate boiling range molecules relative to
the armount of heavier botling molecules 1s determined by the coraposition of the fnutial
crude oil and the cut point of the flash separator. For example, if kerosene boiling
range molccules are present in the initial foed, some adjustracnt of the amount of dicsel
boiling range molecules can be provided by adjusting the cut point temperature of the
flash separator used for initial separation of the crude oil feedstock. For example,
additional kerosene can be included in the heavy oil feed by selecting a flash cutpoint
temperature of less than 400°F (204°C), such as a temperature of at least 350°F
{(177°C) or at least 375°F (190°C). Alternatively, the amount of distiliate could be
reduced by selecting a higher flash cutpoint temperature for separation of a naphtha
{and lower) boiling range portion of the feed from a distillate (and higher) botling range

portion of the feed.

6051} In some other aspects, the amount of diesel boiling range molecules relative
to the amount of heavier boiling molecules can be selected by recycling a distillate
boiling range portion of the efftuent from the hydroconversion reaction. Optionally, the
recycled distillate botling range portion that s recycled can be hydrotreated prior to

recycling. The amount of the recyeled distillate fraction can be at least about 5 wt% of
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the combined weight of the input to the hydroconversion unit (¢.g.,the cormnbined weight
of the recycled distillate fraction and heavier portion from the flash separator), such as
at lcast about 10 wt%. Preferably, the amount of recycled distillate fraction 1s 25 wt%
or less of the combined weight of the input to the hydroconversion unit, such as 20 wt%

or less.

[6052] Recycling a distiliate boiling range portion for use as part of the input feed
to the hydroconversion unit can allow for sclection of the composition of the nput feed.
For example, the input feed to the hydroconversion reaction can be comprised of from
30wt % to 95 wt % of heavy hydrocarbon molecules that boil higher than the dicsel
boiling range (i.c., higher boiling than 750°F or 399°C, such as higher boiling than
S00°F or 427°C) and from 5 wi % to 70 wt % of diesel boiling range molecules based
on total weight of the input feed. Alternatively, the input feed to the hydroconversion
reaction can comprise from 40 wt% to 80 wt% of the heavy hydrocarbon boiling range
component and from 10 wit% to 68 wi% of the diesel boiling range component, based
on total weight of the input feed. In aspects where distillate boiling range material is
returned to the input feed for the hydrocouversion reaction, the recycled diesel boiling
range molecules can be combined with the heavier portion of the crude oil from the
flash separator within the hydroconversion vessel or hydroconversion zoue, ot the
recycle stream can be added to the input feed prior to the input feed entering the

hydroconversion vessel or hydroconversion zone.

6053} The catalysts used for hydroconversion of the heavy portion of the crude oil
frorn the flash separator can include conventional bydroprocessing catalysts, such as
those that comprise at least one Group VIHE non-noble metal {(Columns 8-10 of IUPAC
periodic table), preferably Fe, Co, and/or Ni, such as Co and/or Ni; and at least one
Group VI metal {Column 6 of IWPAC periodic table), preferably Mo and/or W. Such
hydroprocessing catalysts optionally include transition metal sulfides that are
impregnated or dispersed on a refractory support or carrier such as alumina and/or
sitica. The support or carrier itself typically has no significant/measurable catalytic
activity. Substantially carrier- or suppori-free catalysts, corroonly referred to as bulk

catalysts, generaily have higher volumetric activitics than their supported counterparts.
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[6054] The catalysis can either be in bulk forro or in supported forra. In addition to
alumina and/or silica, other suitable support/carricr materials can inchide, but are not
himited to, zeolites, titania, silica-titania, and titania-alumina. It 1s within the scope of
the present invention that more than one type of hydroprocessing catalyst can be used

in one or multiple reaction vessels.

[B055] The at least one Group VHI non-noble metal, in oxide form, can typically be
present in an arsount ranging from about 2 wi% to about 30 wt%, preferably from
about 4 wt% to about 15 wt%. The at least one Group Vimetal, in oxide form, can
typically be present in an amount ranging from about 2 wit% to about 60 wit%,
preferably from about 6 wi% to about 40 wit% or from about 10 wt% to about 30 wit%.

These weight percents are based on the total weight of the catalyst.

6056} A vessel or hydroprocessing zone in which catalytic activity occurs can
include one or more hydroprocessing catalysts. Such catalysts can be mixed or stacked,

with the catalyst preferably being in a fixed bed in the vessel or hydroprocessing zone.

[B057] The support can be impregouated with the desired metals to form the
hydroprocessing catalyst. In particular impregnation embodiments, the support is heat
treated at temperatures i a range of frorn 400°C to 1200°C (752°F to 2192°F), or from
450°C 1o 1000°C (842°F to 1832°F), or from 600°C to 900°C (1112°F to 1652°F),

prior to impregnation with the metals.

[B058] In an alternative embodiment, the hydroprocessing catalyst is comprised of
shaped extrudates. The extrudate diameters range from 1/32nd to 1/8" inch, from
1/20™ to 1/10™ inch, or from 120™ to 1/16™ inch. The extrudates can be cylindrical or

shaped. Nou-limiting exaroples of extrudate shapes include trilobes and quadralobes.

[(059] The process of this invention can be ctfectively carried out using a
hydroprocessing catalyst having any median pore diarocter effective for
hydroprocessing the heavy ol component. For example, the median pore diameter can
be in the range of from 30 to 1000 A (Angstroms), or 50 to 500 A, or 60 to 300 A.

Pore diameter is preferably determined acoording to ASTM Method D4284-07 Mercury
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Porosimetry. lu a particular aspect, the hydroprocessing catalyst has a maedian pore
diameter in a range of from 50 to 200 A. Alternatively, the hydroprocessing catalyst
has a median pore diameter in a range of from 90 to 180 A, or 100 t0 140 A, or 11010
130 A. In another aspect, the hydroprocessing catalyst has a median pore diameter
ranging from 50 A to 150 A. Alternatively, the hydroprocessing catalyst has a median
pore diameter in a range of from 60 A to 135 A, or from 70 A to 120 A. The process of
this invention is also effective with hydroprocessing catalysts having a larger median
pore diameter. For example, the process can be effective using a hydroprocessing
catalyst having a median pore diameter in a range of from 180 to 500 A, or 200 to

300 A, or 230 t0 250 A,

[6060] In still other aspects, the hydroprocessing catalyst has a median pore
diameter of at least 85 A, such as at least 90 A, and a median pore diameter of 120 A or
less, such as 105 A or less. This can correspond, for example, to a catalyst with a
median pore diameter from 85 A to 120 A, such as from 85 A to 100 A or from 85 A to

98 A.

6061 it is preferred that the hydroprocessing catalyst have a pore size distribution
that is not so great as to negatively impact catalyst activity or selectivity. For example,
the hydroprocessing catalyst can have a pore size distribution in which at least 68 vol%
of the pores have a pore diameter within 45 A, 35 A, or 25 A of the median pore
diameter. lo certain embodiments, the catalyst has a wedian pore diameter in a range
of from 50 to 180 A, or from 60 A to 150 A, or from 85 A to 120 A, with at [cast 60
vol% of the pores having a pore diameter within 45 A, 35 A, or 25 A of the median

pore diameter.

(6862} Pore volume should be sufficiently large to further contribute to catalyst
activity or selectivity. For cxample, the hydroprocessing catalyst can have a pore
volume of at least 0.3 em’/g, at least 0.7 cm’/g, or at least 0.9 em’/g. In certain
embodiments, pore volume can range from 0.3-0.99 em’/g, 0.4-0.8 em’/g, or 0.5-0.7

Y
cm /g,
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[6063] In certain embodiments, the catalyst exists in shaped forras, for exarple,
pellets, cylinders, and/or extrudates. The catalyst typically has a flat plate crash
strength 1n a range of from 50-300 N/cm, or 60-400 N/cm, or 100-350 N/em, or 2060-
300 N/cm, or 220-280 N/cm.

[6064] Contacting condifions i the contacting or hydroconversion zone can
include, but are not Himited to, temperature, pressure, hydrogen flow rate, hydrocarbon
teed flow rate, or combinations thereof. Contacting conditions i some embodiments
are controlled to yield a product with specific properties. For example, one option is to
sclect processing conditions that result i an 800°F+ (427°C+) products that contains
less than 1 wit¥s of sulfur and at least 25 wt% of aromatic carbons as measured

by *C NMR. Reaction temperatures of greater than about 780°F (416°C) and reaction
pressures of about 1000 psig (6.9 MPag} or less can be used to generate this desired

product,

[3865] The hydroconversion is carried out in the presence of hydrogen. A
hydrogen stream 1s, therefore, fod or injected into a vessel or reaction zone or
hydroprocessing zone in which the hydroprocessing catalyst is located. Hydrogen,
which is contained in a hydrogen “treat gas,” is provided to the rcaction zone. Treat
gas, as referred to in this invention, can be either pure hydrogen or a hydrogen-
containing gas, which is a gas stream containing hydrogen in an amount that is
suthicient for the mtended reaction{s), optionally including one or more other gasses
{(c.g., nitrogen and light hydrocarbons such as methane), and which will not adversely
mterfere with or affect either the reactions or the products. Impurities, such as H»S and
NHj are undesirable and would typically be removed from the treat gas before it is
conducted to the reactor. The treat gas stream fntroduced into a reaction stage will
preferably contain at least about 58 vol% and more preferably at least about 75 vol%

hydrogen.

6066} Hydrogen can be supplied at a rate of from about 100 SCF/B (standard
cubic feet of hydrogen per barrel of feed) (17 Nm’/m’) to about 10,000 SCF/B (1683
Nm'/m’). Preferably, the hydrogen is provided in a range of from about 200 SCF/B (34

Nm’/m’) to about 3000 SCF/B (305 Nm'/m’). Hydrogen can be supplicd co~currently
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with the input feed to the hydroconversion reactor and/or reaction zone or separately

via g separate gas conduit to the hydroprocessing zone.

[6667] Temperature m the countacting zone can range from 550°F (28R°C) to
1000°F (538°C), or from 600°F (316°C) to 950°F {(510°C), or from 650°F (343°C) 1o
S60°F (482°C). In some embodiments, temperature in the contacting zone can range
from 650°F (343°C) to 950°F (510°C). Total pressure in the contacting zone can range
trorn 500 psig (3447 kPa-g) to 2000 psig (13790 kPa-g), preferably from 700 psig
{4826 kPa-g) to 1200 psig (8273 kPa-g). Liquid hourly space velocity (LHSV) of the

input foed will generally range from 0.1t0 108, or 0.5 h T to S h 7%

(G068} In other aspects, the hydroprocessing conditions correspond to
hydroprocessing counditions that also result in at least some thermal cracking of a feed
in the presence of a catalyst and hydrogen. The temperature in the contacting zone can
¢ at lcast about 680°F (360°C), such as at least about 700°F (371°C), and preferably at
feast about 716°F (3RO°C), such as at least about 750°F (399°C) or at least about 788°F
(420°C). Additionally or aliernately, the teraperature in the contacting zone can be
about 950°F (5310°C) or less, such as about 900°F (482°C) or less, and preferably about

S69°F (465°C) or less or about 842°F {(450°C) or less.

[6069] Under hydroprocessing conditions that also result in at least some thermal
cracking of a feed, total pressure in the contacting zone can range from 400 psig (2758
kPa-g} to 3000 psig (20684 kPa-g}, such as from 650 psig (4482 kPa-~g) to 2000 psig
{13790 kPa-g), or from 800 psig (5516 kPa-g) to 1500 psig (10342 kPa-g). Preferably,
a heavy oil can be hydroprocessed under low hydrogen partial pressure conditions. In
such aspects, the hydrogen partial pressure during hydroprocessing can be from about
400 psig (2758 kPa-g) to about 1000 psig (6895 kPa-g), such as from 500 psig (3447
kPa-g) to about 800 psig (5516 kPa-g). Additionally or alternately, the hydrogen
partial pressure can be at least about 400 psig (2758 kPa-g), or at least about 300 psig
(3447 kPa-g), or at least about 600 psig (4137 kPa-g). Additionally or alternately, the
hydrogen partial pressure can be about 1000 psig (6895 kPa-g) or less, such as about
900 psig (6205 kPa-g) or less, or about 830 psig (5861 kPa-g) or less, or about RO psig

{5516 kPa-g) or less, or about 750 psig (5171 kPa-g) or less. In such aspects with low
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hydrogen partial pressure, the total pressure in the reactor can be about 12060 psig (R274
kPa-g) or less, and preferably 1000 psig (6895 kPa-g) or less, such as about 900 psig

{6205 kPa-g) or less or about 800 psig (5516 kPa-g) or less,

[B076] Under hydroprocessing conditions that also result in at least some thermal
cracking of a feed, the liquid hourly space velocity (LHSV) of the combined heavy
hvdrocarbon oil and any recycle components will generally range from 0.1 to 30 h ™', or
048 1020h L or0.5t0 10h . In some aspects, LHSV is at feast 15 b, or at least
10k, oratlcast S ', Alternatively, in some aspects LHSV is about 2.0 h™! or less, or
about 1.5 ' or less, or about 1.0 i or less.  The hydrogen treat gas rate can be any of

the hydrogen freat gas rates described above.

{6071} In an embodiment, covtacting the input feed to the hydroconversion reactor
with the hydroprocessing catalyst in the presence of hydrogen to produce a
hydroprocessed product is carried out in a single contacting zone. In another aspect,

contacting is carried out in two or more contacting zones.

[6672] Relative to the heavy portion of the crude o1l from the flash separator, the
hydroconverted product or effluent will be a material or crude product that exhibits
reductions i such properties as average molecular weight, boiling point range, density
and/or concentration of sulfur, nitrogen, oxygen, and metals. For example, in some
aspects, the hydroconverted product has g total Nv/V/Fe content of at most 50%, or at
most 10%, or at most 5%, or at most 3%, or at most 19 of the total NI/V/Fe countent of
the heavy portion of the crude otl from the flash separator. In cortain aspects, the
fraction of the hydroconverted product that has a boiling point of 650°F (343°C} and
higher {i.c., 650°F+ (343°C+) product fraction) has, per gram of 650°F+ (343°C+)
product fraction, a total Ni/V/Fe content in a range of from 1x107 grams to 2x1¢7
grams (0.1 to 200 ppm), or 3x 107 grams to 1x10™* grams (0.3 to 100 ppm), or 1x107°
grams to 1107 grams (1 to 100 ppm). In certain aspects, the 650°F+ (343°C+)

product fraction has not greater than 4x 10~ grams of Ni/V/Fe (40 ppm).

[6673) In certain aspects, the hydroconverted product has an API gravity that is

100-160%, or 110-140% of that of the heavy portion of the crude o1l from the flash
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separator. Additionally or alternately, in some aspects the amount of hydrogen used to
saturate aromatic rings in the 800°F+ (427°C+) product is reduced or minimized. In
some preferred aspects, the aromatic content of the 800°F+ portion of the product from
hydroconversion is lower than the aromatic content of the 80G°F+ portion of the feed

prior to conversion by about S wit% or less, such as by about 3 wit% or less.

[6674] In certain aspects, the 400°F+ (204°C+) portion of the hydroconverted
product has a viscosity of at most 90%, or at most 80%, or at most 70% of that of the
heavy portion of the crude oil from the flash separator. In some aspects, the viscosity
of the hydroconverted product 1s at most 30% of the viscosity of the heavy portion from
the flash separator, while the API gravity of the hydroconverted product is 100-160%,
or 105-155%, or 110-150% of that of the heavy portion frorm the flash scparator. Inan
alternative aspect, the 650°F+ (343°C+) product fraction can have a viscosity at 100 °C
of 10t 150 cst, or 15 to 120 cst, or 20-100 cst. Most atmospheric resids of crude oils
range frovo 40 to 200 cst. In certain aspects, 650°F+ (343°C+) product fraction has a
viscostty of at most 90%, or at most 50%, or at most 5% of that of the heavy portion

frorn the flash separator.

[B075] In sorne aspects, the hydroconverted product has a total heteroatorn (e,
S/N/O) content of at most 30%, or at most 25%, or at most 13% of the total heteroatom
content of the heavy hydrocarbon oil component. In some aspects, the sulfur content of
the hydrocounverted product 1s at most 50%, or at most 23%, or at most 10% of' the
sulfur content of the heavy portion of the crude oil from the flash separator. The total
ottrogen content of the hydroconveried product is at most 80%, or at most 60%, ot at

most 40% of that of the heavy portion from the flash separator.

Senaration of Hvdroconverted Effluent

[8676] After hydroconversion, the hydroconverted effluent 15 separated such as by
atmospheric distillation. This results in a variety of hydroconverted product streams.
A light ends strearn is processed in a manner similar to the light ends portion from the
initial flash separator. Similarly, a naphtha botling range fraction is added to the

straight run naphtha for desulfurization and reforming. A distillate product (kerosene
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plus diesel boiling range molecules) is also generated. H the goal of the process 1s to
make fuels, the bottoms from the atmospheric distillation can be used as a reduced
sulfur fuel oil. If the goal of the process is to also make some lubricants, the bottoms

can undergo some further processing,

166771 The cut poiot temperature for separating the naphtha boiling range fraction
from the distillate fraction can be about 250°F (121°C) or less, or about 300°F (149°C)
or less, or about 330°F (166°C) or less, or about 360°F {(182°C) or less, or about 400°F
{204°C) or less. This cut point temperature can be the same as the cut point
temperature used for the initial flash separator, or a different cut point femperature can
be used for the upper boiling point for naphtha / lower boiling point for distillate
torrmed from the hydroconverted effluent. The cut point temperature for separating the
distillate boiling range fraction from the bottoms fraction can be dependent on the type
of processing desired for the bottoms fraction. If the bottoms fraction will be used as
fuel oil, the cut point temperature for separating the distillate fraction and the botioms
fraction can be from about 650°F (343°C) to about 800°F (427°C), such as at lcast
700°F (371°C) and/or less than about 750°F (399°C. If the bottoras fraction will be
used for forming lubricant base oils, the cut point temperature can be selected to
mcrease the amount of material available for lubricant production. n this type of
configuration, the cut point temperature for separating the distillate fraction from the
bottoms fraction can be from about 625°F (329°C) to asbout 700°F (371°C), such as

about 6735°F or less (357°C) or about 650°F or less (343°C).

[6678] Iu the above description of the products frow the atroospheric tower,
reference was made to a naphtha product and a distiliate product. This is for
convenicnce in describing the nature of the mvention. H desired, a plurality of scparate
naphtha products and/or a plarality of separate distillate products could be formed.
Simntlarly, one or more additional heavy distillate products could be added to the

bottoms of the atmospheric distiliation tower if desired.
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Desulfurization of Distillate (Kerosene and Diesel) Product from Hydroconversion

[6679] After separation, such as by atmospheric flashing or distiliation, the
distillate fraction corresponding to the kerosene and diesel boiling range fractions can
be hydrotreated or otherwise desulfurized to form low sulfur fuel products. Optionally,
a portion of the distilate fraction can be recycled for inclusion as part of the wmput feed

to the hydroconversion unit.

[6080] The catalysts used for hydrotreatruent of the heavy portion of the crude ol
trorn the Hash separator can include conventional hydroprocessing catalysts, such as
those that comprise at least one Group VI non-noble metal (Columus 8-10 of TUPAC
periodic table}, preferably Fe, Co, and/or Ni, such as Co and/or Ni; and at least one
Group VI wetal (Colamn 6 of IUPAC periodic table), preferably Mo and/or W. Such
hydroprocessing catalysts optionally include transition metal sulfides that are
mmpregnated or dispersed on a refractory support or carrier such as alumina and/or
sitica. The support or carrier tiself typically has no significant/measurable catalytic
activity. Substantially carrier- or support-free catalysts, comroonly referred to as bulk

catalysts, generally have higher volumetric activities than their supported counterparts.

6081} The catalysts can either be 1n bulk form or in supported form. I addition to
alumina and/or silica, other suitable support/carrier materials can include, but are not
limited to, zeolites, titania, silica-titania, and titania-alumina. It is within the scope of
the present invention that more than one type of hydroprocessing catalyst can be used

ir onc or multiple reaction vesscels.

[3082] The at least one Group VHI non-noble metal, in oxide form, can typically be
present iy an amount ranging frow about 2 wit% to about 30 wis, preferably from
about 4 wt% to about 15 wt%. The at least one Group VI metal, in oxide form, can
typically be present in an amnount ranging from about 2 wi% to about 60 wt%%,
preferably from about 6 wt% to about 40 wt% or from about 10 wit% to about 30 wit%.
These weight percents are based on the total weight of the catalyst. Any convenient
size, shape, and/or pore size distribution for a catalyst suitable for hydrotreatment of a

diesel or distillate boiling range feed 1n a conventional manner mav be used.
el 7
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{6883} A vessel or hydrotreatraent zone in which catalytic activity occurs can
inclade one or more hydroprocessing catalysts. Such catalysts can be mixed or stacked,

with the catalyst preferably being in a fixed bed i the vessel or hydroprocessing zone.

[(3084] The hydrotreatment is carried out in the presence of hydrogen. A hydrogen
strearn is, therefore, fed or injected 1uto a vessel or reaction zoune or hydroprocessing
zone in which the hydroprocessing catalyst 18 located. Hydrogen, which is contained in
a hvdrogen “treat gas,” 1s provided fo the reaction zone. Treat gas, as referred to in this
invention, can be etther pure hydrogen or a hydrogen-containing gas, which is a gas
strearn containing hydrogen in an amount that is sutficient for the intended reaction(s),
optionally including one or more other gasses {€.g., nitrogen and light hydrocarbons
such as methane), and which will not adversely interferc with or affect either the
reactions or the products. Impurities, such as H» S and NH; are undesirable and would
typically be removed from the treat gas before it is conducted to the reactor. The treat
gas strearn introduced into a reaction stage will preferably contain at least about 50

voi% and more preferably at least about 75 vol% hydrogen.

[6085] Hydrogen can be supplied at a rate of from about 100 SCF/B (standard
cubic feet of hydrogen per barrel of feed) (17 Nm’/m’) to about 7500 SCE/B (1265
Nm'/m’). Preferably, the hydrogen is provided in a range of from about 400 SCF/B (6%
N’ /e’y to about 4800 SCF/B (808 Nm'/m’). Hydrogen can be supplied co-currently
with the 1nput feed to the hydrotreatroent reactor and/or reaction zone ot separately via

a separate gas conduit to the hydrotreatment zone.

{6086 Temperature for the hydrotreatment of the distiliate fraction can range from
4G0°F (204°C) to 800°F (427°C), or from 500°F (260°C) to 750°F (399°C). Total
pressure for the hydrotreatment of the distillate fraction can range from 300 psig (2068
kPa-g) to 2000 psig (13790 kPa-g), preforably from 400 psig (2758 kPa-g) to 1500 psig
(10342 kPa-g). Liquid bourly space velocity (LHSV) of the 1oput feed will generally

range from 0.1 to 10, or 05 h ' 102 ",
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T ubricant Production — Deasphaliine of Atmospheric Tower Bottoms

60871 In aspects where a lubricant product 18 desired, at least a portion of the
bottoms from the atmospheric tower are not used as fuel o1l Instead, at least a portion
of the atmospheric bottoms are deasphalted. This results in a deasphalted bottoms

fraction and an asphalt or asphaltene fraction.

[GO88] Solvent deasphalting is a solvent extraction process. Preferred solvents
mclade alkanes or other hydrocarbons containing about 3 to about 6 carbons per
molecule. Exaraples of suitable solvents include propane, n-butane, isobutene, and
u-pentane. Alternatively, other types of solvents may also be suitable, such as
supercritical fluids. During solvent deasphalting, a feed portion is mixed with the
solvent. Portions of the feed that are soluble m the solvent are then extracted, leaving
behind a residue with little or no solubility in the solvent. Preferred solvent
deasphalting conditions mclude mixing a feedstock fraction with a solvent 1o a weight
ratio of from about 1:2 o about 1:10, such as about 1:8 or less. Preferred solvent
deasphalting temperatures range from about 100°F (38°C) to about 400°F (204°C).
The pressure during solvent deasphalting can be from about 50 psig (345 kPag) to

about 500 psig (3447 kPag).

[B089] The portion of the feedstock that is extracted with the solvent is often
referred to as deasphalted oil. In various aspects, the bottoms from the atmospheric
distillation is used as the feed to the solvent deasphalter, so the portion extracted with
the solvent can also be referred to as deasphalted bottoms. The yicld of deasphalted oil
from a solvent extraction process varies depending on a variety of factors, including the
nature of the feedstock, the type of solvent, and the solvent extraction conditions. A
tighter melecular weight solvent such as propane will result in a lower yield of
deasphalted oil as compared to n-pentane, as fewer components of the heavy otl will be
soluble in the shorter chain alkane. However, the deasphalied oil resulting from
propanc deasphalting is typically of higher quality, resulting in expanded options for
use of the deasphalied oil. Under preferred deasphalting conditions, ncreasing the
temperature will also usually reduce the yield while increasing the quality of the

resulting deasphalted o1l In various embodiments of the processes herein, the vield of
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deasphalied oil from solvent deasphalting can be about 85 wit¥s or less of the feed to the
deasphalting process, or about 75 wt% or less. Preferably, the solvent deasphalting
conditions are selected so that the yield of deasphalted o1l is at least about 25 wi%, such

as at least about 45 wi% or at least about 65 wi%.

[6696] After the deasphalting process, the yield of deasphalting residue s
preferably at least about 15 wt% of the feed to the deasphalting process and can be as
much as about 73 wt% or less, but 18 preferably about 33 wt?6 or less. The

deasphalting residue can be used, for example, for making various grades of asphalt.

Lubricant Production — Hydroprocessing of Deasphalied Bottoms Fraction

[6091] After deasphalting, the deasphalted bottoms are hydroprocessed to further
remove hetercatoms and to improve the cold flow properties of the deasphalted
bottorns. In a first reactor or stage, the deasphalted bottoms can be desulfurized to
reduce the sulfur content to a destrable amount. The desulfurized effluent is then

dewaxed under catalytic dewaxing conditions.

6692} The processing conditions for desulfurization of the deasphalted bottoms
can be similar to the ranges of conditions and catalysts described as potential ranges
and catalysts for the distillate desulfurization. Although the same types of conditions
and catalysts are suitable for both distiliate desulturization and the deasphalted bottoms
desulfurization, 1 a given aspect there 1s vo requirement of a particular refationship
between the conditions for distillate desulfurization and deasphalted bottoms

desulfurization.

[6093] The hydrodesulfurized effluent is then dewaxed n the presence of a
dewaxing catalyst. Suitable dewaxing catalysts can inchude molecular sieves such as
crystalline aluminosilicates (zeolites). In an aspect, the molecular sieve can coraprise,
consist essentially of, or be ZSM-3, ZSM-22, Z8M-23, ZSM-35, ZSM-48, zeolite Beta,
or a combination thereof, for example Z8M-23 and/or ZSM-48, or ZSM-48 and/or
zeolite Beta. Optionally but preferably, molecular sieves that are selective for

dewaxing by isomerization as opposed to cracking can be used, such as Z5M-48,
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zeolite Beta, ZSM-23, or a combination thereof. Additionally or alternately, the
molecular sieve can comprise, consist essentially of, or be a 10-member ring 1-D
molecular sicve. Optionally but preferably, the dewsxing catalyst can include a binder
for the molecular sicve, such as alumina, titania, silica, silica-alumina, zirconia, or a
combination thercof, for exarple alumina and/or titanda or silica and/or zircounia and/or

{itania.

[6094] One characteristic that can impact the activity of the molecular sieve 18 the
ratio of silica to alumina {(St/Al, ratio) in the melecular sieve. In an embodiment, the
molecular sieve can have a silica to alumina ratio of about 200:1 or less, for example
about 150:1 or less, about 120:1 or less, about 100:1 or less, about 90:1 or less, or about
75:1 or less. Additionally or alternately, the molecular sieve can have a silica to
alumina ratio of at least about 30:1, for example at least about 40:1, at least about 50:1,

or at least about 65:1.

[3895] Astde from the molecular sieve(s) and optional binder, the dewaxing
catalyst can also optionally but preferably inelude at least one metal hydrogenation
component, such as a Group VHI metal. Suitable Group VI metals can include, but
are not limited to, Pt, Pd, Ni, or a combination thercof, When a metal hydrogenation
component is preseut, the dewaxing catalyst can include at least about 0.1 wt% of the
Group VI metal, for cxample at least about 0.3 wt%, at lcast about 0.5 wt%, at least
about 1.0 wi%, at least about 2.5 wt%, or at least about 5.0 wit%. Additionally or
alternately, the dewaxing catalyst can include about 10 wt% or less of the Group VIl
metal, for example about 5.0 wi% or less, about 2.5 wi’% or less, about 1.5 wit% or less,

or about 1.0 wi% or less.

[3896] In some embodiments, the dewaxing catalyst can inclode an additional
Group VIB metal hydrogenation component, such as W and/or Mo. In such
erobodiments, when a Group VIB metal is present, the dewaxing catalyst can include at
least about 8.5 wt% of the Group VIB metal, for example at icast about 1.0 wi%, at
teast about 2.5 wt%, or at least about 5.0 wt%. Additionally or alternately in such
embodiments, the dewaxing catalyst can inchude about 20 wt% or less of the Group

VIB metal, for example about 15 wt% or less, about 10 wi% or less, about 5.0 wi% or
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tess, about 2.5 wi% or less, or about 1.0 wi¥% or less. In one preferred embodiment, the
dewaxing catalyst can include Pt and/or Pd as the hydrogenation metal component. In
another preferred embodiment, the dewaxing catalyst can include as the hydrogenation

metal components Nt and W, Ni and Mo, or Ni and a combination of W and Mo.

(6697} Catalytic dewaxing can be performed by exposing a feedstock to a
dewaxing catalyst under effective (catalytic) dewaxing conditions. Effective dewaxing
conditions can include can be carried out at temperaturcs of about 550°F (288°C) to
about 840°F (449°C), hydrogen partial pressures of from about 300 psig to about 2000
psig (2.1 MPag to 13.8 MPag), and hydrogen treat gas rates of frora 17 m’/m’ to 169
m/m” (100 SCF/B to 1000 SCF/B). In other embodiments, the conditions can include
temperatures in the range of about 630°F (343°C) to about 800°F (427°C), hydrogen
partial pressures of from about 500 psig to about 1500 psig (3.4 MPag-10.3 MPag), and
hydrogen treat gas rates of from about 17 m’/m’ to about 51 m’/m’ (100 SCF/B to 300
SCF/B). The hiquid hourly space velocity (LHSV) of the feed exposed to the dewaxing
catalyst can also be characterized. The LHSV of the feed relative to only the dewaxing
catalyst can be at Jeast about 0.5 b, or at least about | br'. Additionally or
alternately, the LHSV of the hydrocracker feed relative to only the dewaxing catalyst

. ‘ 1
can be about 10 hr'! or less, or about 5 hr'! or less.
Feedstocks

[(3398] In various aspects, the feedstock for processing corresponds to a crude oil,
such as a heavy crude oil, or a blend of one or more crude oils. The crude oil can be
derived from any conventent source, including non-conventional sources such as crude
otls dertved from oil sands, tar sands, or coal. Partial crude otls, where some fraction of
the crude ot has already been separated out, can also be used.  Optionally, the crude

o1l and/or one or more intermediate streams formed from the crude oil can be blended

with another feed that has already been partially processed at another location.

[3399] In some aspects of the invention, at least about 20 wt% of the crude o1l
feedstock can have a botling point greater than 1050°F, such as at least about 25 wt%,

or at least about 30 wi%.
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[G8100]  Another option for describing a crude oil feedstock 1s to describe the boiling
point for various portions of the feedstock. For example, a T10 value for a feedstock
corresponds to a temperature at which 10 wit% of the teedstock will boil. Thus, a
feedstock with 25 wi% of molecules that have a boiling point of 1050°F (566°C} or

greater would have a T75 value of 1050°F (566°C).

(68161 Some crude oils can be relatively high in total acid number (TAN). Inone
aspect, a crude oil used as a feedstock can have a TAN of at least 0.025, such as at least

(.1, or at least (.5,

{81021 Some crude oils can also have a high metals content, such as a high countent
of nickel, vanadium, and/or iron. In some aspects, a crude oil used as a feedstock can
contain at least 0.00007 grams of Ni/V/Fe (10 ppm), such as at least $.00005 grams of
Ni/V/Fe (50 ppm} or at least 0.0001 grams of Nv/V/Fe (100 ppm} per gram of crude oil,

on a total clemental basis of nickel, vanadium and fron.

{66103}  Contaminants such as nitrogen and sulfur are found in crude oils, often in
organically-bound form. Nitrogen content can range from about 50 wppm to about
5000 wppim clemental nitrogen, or about 75 wppm to about 800 wppm clemental
nitrogen, or about 100 wppro to about 700 wppro, based oun total weight of the heavy
hydrocarbon component. The nitrogen containing compounds can be present as basic
or non-basic nitrogen species. Examples of basic nitrogen specics include quinolines
and substituted quinolines. Examples of non-basic nitrogen species inchude carbazoles

and substituted carbazoles.

[30104] The sulfur content of a crude oil can range from about 500 wppm to about
100,000 wppm elemental sulfur, or from about 1000 wppm to about 50,000 wppm, or
from about 1000 wppm to about 30,000 wppm, based on total weight of the crude o1l
Sulfur will usually be present as organically bound sulfur. Examples of such sulfur
compounds include the class of heterocyclic sulfur compounds such as thiophenes,
tetrahydrothiophenes, benzothiophenes and their higher homologs and analogs Other
organically bound sulfur compounds include aliphatic, naphthenic, and aromatic

mercaptans, sulfides, di- and polysulfides.
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{81051 Crude otls can also contain n-pentanc asphaltenes. In an aspect, the crude
oil can contain at least about 3 wit% n-pentane asphaltenes, such as at least about 5 wt%

or at lcast about 10 wit¥s n-pentane asphaltenes.
P P

Products

[38106] Processing a crude oil according to one of the various aspects described
herein results in production of a varicty of products. A typical product slate from a
crude ol will 1nclude at icast a hight ends output (roolecules with 4 carbon atoms or
less), one or more naphtha products, one or more distillate (kerosene and diesel)
products, and HaS. If fuels production is desired, the product slate can alse inclade
reduced sulfur fuel oil. If fubricants production is desired, the product slate can also

melude a lubricant base oil product and an asphalt product.

[668107] The percentage of sulfur generated will depend on the amount of sulfur in
the original feed. For example, for a feed coutaining 2.8 wi% of sulfur, a portion of the
sulfur may remain in an asphalt or fuel oil product, such as about or 0.3 wt% of the
original sulfur n the feed. The remaining 2.5 wt¥s of sulfur will represent a product

generated during processing.

[G8108]  Typically the amount of light ends generated will be 5 wt% or less of the
feed. The relatively low amount of light ends generated 1s duc to climnination of
catalytic cracking and coking processes that tend to generate additional light ends. The
sulfur content of the light ends can be about 20 wppm or less, such as about 10 wppm
ot less. The uiirogen content can also be less than about 10 wppm, and the metals

content can be a trace amount, such as 1 wppim or less.

{68109 The amount of naphtha generated during processing will depend on the
nature of the feed, including the amount of naphtha boiling range molecules alrcady
present in the feed. The amount of reformed naphtha geverated by processing can be
about the weight percentage of naphtha in the feed plus an addition 10 wit% t0 25 wt%
of naphtha generated during processing. Additionally, if a lubricant producti is

co-produced, the catalytic dewaxing process can generate an additional 1 wt% to 3 wt%
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of naphtha. The sulfur content of the reformed naphtha and/or the additional naphtha
from lubricant production can be about 10 wppim or less, such as about 5 wppm or less.
The nitrogen content can also be less than sbout 10 wppm, and the metals content can

be a trace amount, such as 1 wppm or less.

[66118] The amount of kerosene and distillate generated can depend ov the natare of
the feed and whether fuels or lubricants production is desired. If lubricant production is
desired, the atmospheric separation performed after hvdroconversion can have a lower
temperature cut point for forming the atmospheric bottoms, resulting in inclusion of
additional distillate boiling range material in the atmospheric bottorns. By contrast,
when fuels production is desired, the cut point for the atmospheric bottoms can be
ncreased sinee the atraospheric bottoms is likely to be used as lower value fuel oil.

The amount of distillate (kerosene and diesel} product formed during processing can be
from about 30 wt% to 60 wt%, depending on the nature of the crude oil and whether
fuels or lubricant processing is performed. The sulfur content of the distillate product
{kerosenc and diesel) can be about 15 wppm or less, such as about 10 wppm or less,
preferably 8 wppm or less. The nitrogen content can also be less than about 10 wppm,

and the mectals content can be a trace amount, such as T wppm or less.

[B8111] I fuels production is performed, about 10 wit% to 20 wit% of the feed can
result in production of fuci otl. The sulfur content of the firel oil can depend on the
nature of the feed. A substantial portion of the sulfur content 1 the fuel oil can
correspond to molecules that were not converted during the hydroconversion process.
As a result, the sulfur coutent of the fuel oil may be 85% or less of the sulfur content of
the desalted crude oil feedstock, such as about 75% or less. Because the sulfur
corresponds to unconverted molecules n the crude ol feedstock, the sulfur content of
the fuel ot can be at least about 25% of the sulfur content of the crude oil feedstock,
such as at least about 40%, or at least about 50%. The nitrogen content of the fuel o1l
fraction can be reduced relative to the crude oil feed, such as a nitrogen content of 100
wpprn or less or 50 wppm or less. With regard to metals content, typically a crude ol
will be desalted and/or demetallated prior to entering the flash separator. Any metals

remaining in the crude o1l feedstock will typically be concentrated in the heavier
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portions of the crude oil. These wetals may rewain 1o the fuel o1l fraction after
processing, with little or no metal removal occurring in the processes after the flash
scparator. As a result, the concentration of mactals in the fuel o1l product may be
proportional to the amount of metals present in the crude oil feed. For example, if the
tuel oil product corresponds to 20 wi% of the crude o1l feed, the metals concentration in
the fuel oif product may be roughly 5 times greater than the metals concentration in the

feed.

[G8112] It lubricants production is performed, about 5 wit% to 20 wt% of the feed
can result in production of lubricant base oils, while another 5 wit% to about 15 wt% of
the feed can result in production of asphalt. The sulfur content of the fubricant base ol
can be about 1S wppm or less, such as about 10 wppm or less, preferably § wppm or
fess. The nitrogen content can also be less than about 10 wppm, and the metals content

can be a trace amount, such as | wppm or less.

681131 The suifur content of the asphalt can be similar to the sulfur content of fuel
o1l as described above. Thus, the sulfur content of the asphalt may be 85% or less of
the sulfur content of the desalted crude oil feedstock, such as about 75% or less.
Because the sulfur corresponds to unconverted molecules in the crude oil feedstock, the
sulfur content of the asphalt can be at least about 25% of the sulfur content of the crude
oil feedstock, such as at least about 40%, or at least about 50%. The nitrogen content
of the asphalt fraction can be reduced relative to the crude otl feed, such as a nitrogen
content of 100 wppm or less or 50 wppm or less. With regard to metals content,
typically a crude oil will be desalied and/or demetallated prior to entering the flash
separator. Any metals remaining in the crude oil feedstock will typically be
concentrated in the heavier portions of the crude o1l These metals may remaio in the
asphalt fraction after processing, with kitie or no metal removal occurring in the
processes after the flash separator. As a result, the concentration of metals n the
asphalt product may be proportional to the amount of metals present in the crude oil
feed. For example, if the asphalt product corresponds to 10 wit% of the crade o1l feed,
the metals concentration n the fuel ou product may be roughly 10 times greater than

the metals concentration in the feed.
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Fxamnle of Refinery Configuration — a Fuels Processing Embodiment

[60114] FIG. 2 shows an example embodiment of a refinery configuration according
to the invention suitable for forming fuels from a crude oil feedstock. M FIG. 2, 4
crude oil feed 20 1s passed into a flash separator 201 or another type of separator for
forming a highter crude od portion 282 and a heavier crude oil portion 213, Typically
the crude ol feed 20 will be desalted and/or demetallated prior to entering the flash
separator 201, The lighter crude oil portion 282 from the flash separator 1s passed into
a separator 285, such as a saturated gas plant and amine treater. Optionally, the lighter
crude ol portion can be combined with other refinery strcams, such as a light ends
stream 209 from hydroconversion unit 210 prior to entering separator 285, Separator
285 producces a sour gas strearn 292, a fuel gas stream 289, a stream suitable for use as
a liquefied petroleum gas 287, a butane stream 288, and a bottoms portion 212 that
corresponds to a naphtha boiling range stream. The sour gas streanm 292 can be
processed in a Claus plant 295 to form sulfor 299, along with other strearns containing

H, 8, such as sour gas stream 284 from atmospheric tower 210.

[68115] The naphtha boiling range stream 212 can be hydrotreated 272 in the
presence of hydrogen 207 to form a low sulfur naphtha stream. The low sulfur naphtha
streamn is then reformed 275 to improve the octane rating for the eventual naphtha
gutput 279, which is suitable for addition to the gasoline pool. Reformer 275 also
generates an output strears of hydrogen 277, which can optionally be used as part of the

hydrogen input for other processes shown in the configuration.

[68116] The heavier portion of the crude oil 213 can optionally (but preferably) be
combined with a recycle stream 211 of distillate boiling range roaterial. Alternatively,
the recyele stream 211 can be drawn from the total liquid effluent portion of effluent
237 produced by hydroconversion reaction 233, Still another option 18 to recycle both a
portion of the total hiquid effluent and a portion of the distilate boiling range matenal.
Y et another option is to not incorporate recycled material. The heavier portion of the
crude o1l 213 18 hydroconverted 233 in the presence of hydrogen 204, The resulting
hydroconverted effluent 237 is then fractionated, such as by using an atrmospheric

distillation tower 210, This results 1n a sour gas strcam 284, a light ends and naphtha
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stream 209, a distillate boiling range (keroseue and diesel) strearn 217, and a fuel oil
streamn 239, A portion of distillate boiling range stream 217 can be used to form
recycle stream 211, The distillate botling range strearn 217 can then be hydrotreated
2553 in the presence of hydrogen 2035 to form low sulfur distillate products, such as

kerosene boiling range product 269 and diesel botling range product 259,

Example of Refinery Confiouration — a Lubes Processing Embodiment

(661171  FIG. 3 shows an example embodiment of avother type of refinery
configuration according to the invention for processing a crude oil feedstock 30 to forra
fuels and fubricant base oils. Elements with the sarme number between FIGS. 2 and 3
represent elements that are common to both configurations. In FIG. 3, the atmospheric
distillation tower 310 may be operated differently than the corresponding atmospherie
distillation tower 210 in FIG. 2. In order to increase the amount of lubricant base oil
production, it aay be desirable for bottoms fraction 338§ to correspond to a 650°F+
{343°C+) fraction. By countrast, in FIG. 2, bottoms fraction 239 corresponds to a fuel
o1l product, so it may be desirable to have the bottoms fraction 239 correspond to a
TOO°F+ (371°C+) or 750°F+ (399°C+) fraction in order to increase the amount of
distillate production. Although not shown, one or more recycle streams can also be
combined with the input feed 213 into hydroconversion reaction 233, such as by
recycling a portion of the total liquid effluent from hydroconversion reaction 233, a

portion of the distillate fraction 217, or a combination thereof,

[66118] Bottoms fraction 338 1s deasphalied 342, This generates an asphalt fraction
or product 398 and a deasphalted bottoms stream 397, The deasphalied bottoms stream
18 then hydrotreated 356 and dewaxed 357 in the presence of hydrogen 306, This
results in various low sulfur content output streams, inchiding a hubes naphtha fraction

333, a lubes diesel fraction 337, and a lubricant base ol product 358,

Process Example 1 — Processing of a Bitumen Feed

[G8119] A small scale reactor was used for processing of a heavy crude oil. A 56 cm

length of Y4 inch S5 tubing was used as a reactor. The middle 34 cm of the reactor was
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held at a near-isothermal temperature of 425°C during the course of the experiment.
The volume of the hot zone was 6 cc’s. The 6 cc hot zone was loaded with 80 vol% of
an 80 mesh (approximately 177 pm or less) silica and 20 vol% of a commercial NiMo
oxide on alumina hydrotreating catalyst. The cold zones were also filled with the same

80 mesh silica.

[68126] A feedstock comprised of 95% of a paraffin froth treated bitumen and 5%
ot a partially hydrogenated 1-racthylnapthalene (0.97 g/ce at 60°F, 16°C) was used for
the expertiment. The paraffin froth treated bitumen included 4.5 wit% sulfur, a total Ni
plus V metals content of 225 ppm, and a 9@ APL About 65 wt% of the paraffin froth
treated bitumen corresponded to molecules with a boiling point of 800°F (427°C) or
greater. The input feed to the reaction zone was a blend of 18 wi% of the mixture of
paraffin treated bitumen and solvent, and 82 wt% of the C5+ liquid product produced

by the unit.

[68121]  The feedstock was pumped through the reactor at 21 co/br {about 3 LHSV
for the 18 wi% of new fecdstock relative to the 1.2 co’s of catalyst in the hot zone).
Hydrogen was cofed through a mass flow controlier at 42 scem. The reactor was held
at 425°C and 800 psig. The effluent from the reactor was split into gas and hquid
products at 0°F {(~18°C) and 1 atm pressure {101 kPa) by flowing through a chilled
knock-out pot. Close to 97% of the mass of the liguid feed was collected as liquid
product from the knock-out pot. The dominant gas product was HzS. The liquids and
gasses were analyzed by conventional means. The reactor ran at constant conditions

for 25 days.

[68122]  After fractionation, the liquid product from the reaction included about 4%
H- S, about 7% Cs~ gases, about 14% naphtha (Cs to 204°C), about 50% distillate
(204°C-427°C}, and about 25% of 427°C+ products. The suifur content of the 427°C+

fraction was 1.8 wi%.

[3081231 The above bitumen is believed to be a more challenging feedstock than a
typical crude oif processed at a refinery. The sulfur content, metals level, and

ercentage of 800°F+ (427°C+) molecules in the biturmen are all higher than a typical
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crude. The results from the above experiment were theo used as the basis for

sinnulating processing of a whole crude in configurations similar to FIGS. 2 and 3.

Process Example 2 — Simulated Progessing of a Crude O

[68124]  Simulations were performed for processing a crude o1l based on the
configurations shown in FIGS. 2 and 3. The simulations were based on a combination
of copirical and kanctic models for simulating the various processes in a refinery,
meluding the results from processing of a bitumen as described above i Example 1.
The crude oil feedstock in the simulations corresponded to an existing desalted crude
otl. The AP gravity of the feedstock was 30.4. The sulfur coutent was 2.8 wt%, the
nitrogen content was about 1600 wppm, and the metals content was 48 wppm of
vanadivrg and 12 wppm of mickel for a total of 60 wppm. The boiling point profie of
the desalted crude oil included a initial boiling point of 0°F (-18°C); a T10 of 212°F
(106°C); a T30 of 470°F (243°C); a T30 of 700°F (371°C); and a T77 of 1050°F
{566°C).

[B6125]  In one simulation, the desalted crude oil was processed in a fuels production
configuration similar to the configuration shown in FIG. 2. The conditions for
conversion of the 400°F+ (204°C+) bottoms from the mitial flash tower included a
pressure of 800 psig (5515 kPag), a temperature of 425°C, and an LHSV of about 3.
The ratio of fresh 400°F+ feedstock to recyeled hguid product from hydroconversion

was 20 to 80,

[38126]  The simulation of the configuration 1u FIG. 2 resulted 1n the product details

shown in Table 1.
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Table 1 — Simulation of Fuels Production

A B C D E K
Flow, t/h 100 4 29 50.5 14 2.5
Sulfur, ppm 28000 19 Nil < 20,0600
Nitrogen, ppm 1600 10 Nil <R 30
Metals, ppm 60 - - - 430

(661271 Colurnn A corresponds to the desalted crude feedstock. Column B is the
{4~ light ends product. Column C is the reformed naphtha product. Column D is the
combined kerosene and dicsel (distillate) product. In this simulation, this corresponds
to products baving a boiling range from 330°F (166°C) to 800°F (427°C). Coluron Eas

an 800°F+ (427°C+) fuel oil product. Column K is the amount of H,»S generated.

[68128] Asshown in Table 1, only 4 wt% of the desalted crude oil input was lost as
light ends. Thus, light ends were less than about 5 wit% of the hydroconverted effluent
in the simulation. By using the atmospheric bottoms as a fuel oil, production of coke
was avoided. Additionally, using the atmospheric bottoras as fuel otl reduced the
aroount of PNA species that were cracked and then hydrogenated to form diesel or

naphtha, thus saving on hydrogen usage.

[66129]  In the second simulation, the desalted crude ol was processed in a lubes
production configuration similar to the configuration shown in FIG. 3. The conditions
for conversion of the 400°F+ (204°C+) bottorns from the mitial flash tower included a

pressure of 800 psig (5515 kPag), a temperature of 425°C, and an LHSV of about 3.

[68130] The simulation of the configuration in FIG. 3 resulted in the product details

shown in Table 2.
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Table 2 — Simulation of Lubes Production

A B C D F G H J K
Flow, t/h 100 4 29 40 11 2 2 10 2.5
Sulfur, ppm 28000 10 Nil <¥ <§ <R | <B {20,000
Nitrogen, ppm 1600 10 Nil <8 <8 <8 | <8 45
Metals, ppm 60 - - - - - - 600

(601317 Column A corresponds to the desalted crude feedstock. Column B is the
(4~ light ends product. Column C s the reformed naphtha product. Column D is the
combined kerosene and diesel (distillate) product. In this simulation, this corresponds
to products having a boiling range frora 330°F (166°C) to 800°F (427°C). Column F s
the hubricant base oil product. Columns G and H correspond respectively to the
distillate (650°F-750°F) and naphtha products gencrated during hydroprocessing of the
deasphalted bottorns to form the lubricant base oil product. Column I is the asphalt

product. Column K is the amount of H»S generated.

[68132]  Asshown in Table 2, only 4 wt% of the desalted crude oil input was lost as
light ends. Thus, light ends were less than about 5 wt% of the hydroconverted effluent
in the stimulation. Again, production of coke is avoided by using the atmospheric

bottorns for lubricant base o1l production and asphalt production.

Additional Embodiments

[681337 Embodiment 1. A methed for processing a crude oil, comprising: separating
a crude oil feedstock to form at least a naphtha fraction and a heavier erude ol fraction,
a first cut point temperature for separating a lighter crade oil fraction comprising the
naphtha fraction from the heavier crude otl fraction being a temperature from about
250°F (121°C) to about 400°F (204°C), the heavier crude oil fraction including a
portion having a botling point greater than 1050°F (566°C); hydrotreating the naphtha
fraction under ctfective naphtha hydrotreating conditions to form a hydrotreated

naphtha effluent; exposing the heavier crude oil fraction to a hydroconversion catalyst
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under effective hydroconversion conditiouns to form a hydroconveried efftuent, the
effective hydroconversion conditions being effective for conversion of at least about
30% of the portion of the heavier crude oil having a boiling point greater than 1050°F
{566°C}); separating the hydroconverted effluent to form at least a distiliate fraction and
a bottoras fraction, a sccond cut point temperature for separating the distillate fraction
from the bottoms fraction being a temperature from about 650°F (343°C} to about
800°F (427°CYy; and hydrotreating the distillate fraction under effective hydrotreating

conditions to form a hydrotreated distillate effluent.

[30134] Embodiment 2. The method of Embodiment 1, wherein at lcast one of
separating the crude oil feedstock or separating the hydroconverted effluent comprises

perforrning a separation using a flash tower or tlash vessel.

{66135} Embodiment 3. The method of any of the above embodiments, wherein
cxposing the heavier crude oil fraction to a hydroconversion catalyst comprises
exposing the heavier crude oil fraction and a recycle fraction to the hydroconversion
catalyst, the recyele fraction corresponding to at least about 10 wit%% of the combined

heavier crude ol fraction and recycle fraction.

[66136] Embodimeont 4. The method of Ervbodiment 3, further comprising sphitting
at least one of the distillate fraction or the hydrotreated distillate effluent to form a

distillate fuel fraction and the recyele fraction.

[66137] Embodiment 5. The method of Embodiment 4, further comprising
separating the distitlate fuel fraction to form a kerosene boiling range fraction and a

diesel boiling range fraction.

[33138] Embodiment 6. The method of any of the above embodiments, wherein the
sccond cut point teraperature for separating the distillate fraction from the bottoms

fraction 1s frora about 7SG°F (399°C) to about 8OO°F (427°C).

[66139] Embodiment 7. The method of any of Embodiments 1-3, further comprising;

deasphalting the bottoms fraction to form a deasphalted bottoms fraction and an asphalt
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fraction; and exposing the deasphalted bottors fraction to a dewaxing catalyst under

effective catalytic dewaxing conditions to form a lubricant base oil fraction.

[68140] Embodiment 8. The method of Embodiment 7, further comprising
hydrotreating the deasphalted bottoms to form a hydrotreated deasphalted bottoms
effluent, wherein exposing the deasphalied bottoms to the dewaxing catalyst comprises

exposing the hydrotreated deasphalted bottoms effluent to the dewaxing catalyst.

(66141} FEmbodiment 9. The method of Ernbodiment 7, wherein the second cut point
temperature for separating the distillate fraction from the bottorns fraction 1s from sbout
650°F (343°C) to about 750°F (399°C}, such as from about 650°F (343°C) to about
TOOCF (371°C).

[33142] Embodiment 13, The method of any of the above embodiments, wherein
the hydroconversion catalyst comprises a catalyst with a median pore diameter of about

835 A to about 120 A, such as about 85 A to about 100 A.

[60143] Embodiment 11, The method of Embodiment 10, wheren at lcast 60% of
the pore volume of the hydroconversion catalyst corresponds to pores having a

diameter within 45 A of the median pore diameter.

{66144} Embodiment 12. The method of any of the above embodiments, wherein
the portion of the heavier crude ol fraction having a boiling point greater than 1050°F

(566°C) comprises at least about 20 wt% of the crude oil feedstock.

[66145] Embodiment 13. The method of any of the above embodiments, wherein
the effective hydroconversion conditions comprise a temperature of at least about
360°C, such as a teraperature of frore about 385°C to about 460°C, optionally at least
about 420°C, and a hydrogen partial pressure of about 1000 psia (6.9 MPa) or less,

such as a hydrogen partial pressure of about 800 psia (5.5 MPa) or less.

[66146] Embodiment 4. The method of any of the above embodiments, wherein

separating the crude oil feedstock coraprises formung the highter crude oil fraction that
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comprises the vaphtha fraction, the wethod further comprising separating the lighter

crude oil fraction to form the naphtha fraction and one or more additional fractions.

[66147] Embodiment 15, The method of any of the above embodiments, wherein
separating the hydroconverted effluent further comprises forming a second naphtha

fraction.

[60148] Embodiment 16, The method of Embodiment 15, wherein the second
naphtha fraction is formed by separating the second naphtha fraction from a higher
boiling portion of the distillate fraction using a cut point teraperature corresponding to

the first cut point temperature.

[66149] Embodiment 17. The method of any of the above embodiments, wherein the
heavier crude oil fraction contains at least 300 wppm elemental sulfur, based on total

weight of the heavy hydrocarbon o1l component.

[33156] Embodiment 18, The method of any of the above embodiments, wherein the
heavier crude oil fraction contains at least 5 wi 9% n-pentane asphalienes, based on total

weight of the heavier crude oil fraction.

[66131] Embodiment 19. The method of any of the above embodiments, wherein

the hydroconverted effluent comprises about 5 wit% or less of light ends.

[68152] The principles and modes of operation of this invention have been deseribed
above with reference to various exemplary and preferred embodiments. As understood
by those of skill in the art, the overall invention, as defined by the claims, encompasses

other preferred embodiments not specifically enumerated herein.
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CLAIMS:

I A method for processing a crude oil, comprising:

separating a crude oil feedstock to form at least a naphtha fraction and & heavier
crade oil fraction, a first cut point temperature for separating a highter crude ol fraction
comprising the naphtha fraction from the heavier crude oil fraction being a temperature
from about 230°F (121°C) to about 400°F (204°C), the heavier crude ol fraction

including a portion having a boiling point greater than 1050°F (566°C});

hydrotreating the naphtha fraction under effective naphtha hydrotreating

conditions to forrn g hydrotreated naphtha effluent;

exposing the heavier crude oil fraction to a hydroconversion catalyst under
effective hydroconversion conditions to form a hydroconverted effluent, the effective
hydroconversion conditions being cffective for conversion of at least about 30 wi% of

the portion of the heavier crude oil having a boiling point greater than 1050°F (566°C);

separating the hydroconverted effiuent to form at least a distillate fractionand a
bottoms fraction, a sccond cut point temperature for separating the distillate fraction
from the bottoms fraction being a temperature {rom about 650°F (343°C) to about

8OO°F (427°C); and

hydrotreating the distillate fraction under effective hydrotreating conditions to

form a hydrotreated distillate effluent.

2. The method of claim 1, wherein at least one of separating the crude oil
feedstock or separating the hydroconverted effluent comprises performing a separation

using a flash tower or flash vessel.

]

3. The method of any of the above claims, wherein exposing the heavier

crude oil fraction to a hydroconversion catalyst comprises exposing the heavier crude
otl fraction and a recycle fraction to the hydroconversion catalyst, the recycle fraction
corresponding to at least about 10 wt% of the combined heavier crude o1l fraction and

recycle fraction,
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4. The method of claim 3, further comprising splithing at least one of the
distillate fraction or the hydrotreated distiilate effluent to form a distillate fuel fraction

and the recycle fraction.

5. The method of any of the above claims, wherein the second cut point
temperature for separating the distillate fraction from the bottoms fraction is from about

750°F (399°C} to about 800°F (427°C).

6. The rocthod of any of claims T — 4, further comprising:

deasphalting the bottors fraction to form a deasphalted bottoms fraction and an

asphalt fraction; and

exposing the deasphalted bottoms fraction to a dewaxing catalyst under

cffective catalytic dewaxing conditions to form a lubricant base o1l fraction.

7. The method of claim 6, further comprising hydrotreating the deasphalted
bottoms to form a hydrotreated deasphalted bottoms effluent, wherein exposing the
deasphalted bottorns to the dewaxing catalyst comprises cxposing the hydrotreated

deasphalted bottoras efftuent to the dewaxing catalyst.

8. The racthod of claira 6, wherein the sccond cut point femperature for
separating the distillate fraction from the bottoms fraction is from about 650°F (343°C}

to about 750°F (399°C).

8. The method of any of the above claims, wherein the hydroconversion
catalyst comprises a catalyst with a median pore diameter of about 85 A to about 120
A, and optionally at least 60% of the pore volume of the hydroconversion catalyst

corresponds to pores having a diamcter within 45 A of the median pore diameter.

10, The method of any of the above claims, wherein the portion of the
heavier crude oil fraction baving a botling poiut greater than 1030°F (566°C) corprises

at least about 20 wi%% of the crude oil feedstock.
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11. The method of any of the above claims, wherein the effective
hydroconversion conditions comprise a temperature of at least about 360°C and a

hydrogen partial pressure of about 1000 psia (6.9 MPaj or less.

12, The method of any of the above claims, wherein separating the

hydroconverted efffuent further comprises forming a second naphtha fraction.

13, The method of claim 12, wherein the second naphtha fraction is formed
by separating the second naphtha fraction from a higher boiling portion of the distillate

fraction using a cut point temperature corresponding to the first cut point temperature.

14, The method of any of the above claims, wherein the heavier crude oil
fraction contains at least 500 wppra elemental sulfur, based on total weight of the heavy

hydrocarbon oil component.

15, The method of any of the above claims, wherein the heavier crude oil
fraction contains at least 5 wt % n-pentane asphaltenes, based on total weight of the

heavier crude oi} fraction.



