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HYDROCONVERSION PROCESS FOR
MAKING LUBRICATING OIL BASESTOCKS

FIELD OF THE INVENTION

This invention relates to a process for preparing lubricating oil
basestocks having a high saturates content, high viscosity indices and low volatilities.

BACKGROUND OF THE INVENTION

It is well known to produce lubricating oil basestocks by solvent
reﬁning. In the conventional process, crude oils are fractionated undér atmospheric
pressure to produce atmospheric resids which are further fractionated under vacuum.
Select distillate fractions are then optionally deasphalted and solvent extracted to
produce a paraffin rich raffinate and an aromatics rich extract. The raffinate is then
dewaxed to produce a dewaxed oil which is usually hydrofinished to improve
stability and remove color bodies.

Solvent refining is a process which selectively isolates components of
crude oils having desirable properties for lubricant basestocks. Thus the crude oils
used for solvent refining are restricted to those which are hlghly parafﬁmc in nature
' 'as aromatics tend to have lower viscosity indices (VI), and are therefore less
- desirable in lubricating oil basestocks. Also, certain types of aromatic compounds

can result in unfavorable toxicity characteristics. Solvent refining can bro&uce |
 lubricating oil basestocks have a VI of about 95 in good yields.

~ Today more severe operating conditions for aut_oniobile engines have
resulted in demands for basestocks with lower volatilities (while femining low
viscosiﬁés) and lower pour points. These improvements can only be achieved with
basestocks of more isoparaffinic character, i.e., those with VI's of 105 or greater.



WO 99/45084" k ' ' | PCT/US99/03173

-2- .

| Solvent reﬁmng alone cannot economlcally produce basestocks havmg a VIof 105
with typical crudes. Nor does solvent reﬂmng alone typlcally produce basestocks
with high saturates contents. Two altemative approaches have been developed fo E
produce high quality lubricating oil basestocks; (1) wax 1somenzatlon and (2) |
hydrocracking. Both of t_he methods involve high capital investments. In some
locations wax isomerization economics can be adversely impacted when the raw
stock, slack wax, is highly valued. Also, the typically low quahty feedstocks used i in
hydrocracking, and the consequent severe conditions requu'ed to achieve the desn'ed _

. viscometric and volatility propertles can result in the formation of undesirable (toxxc)

SpCCICS These species are formed in sufficient concentranon that a further

processing step such as ext_racnon is ncede_d to achieve a non-toxic base ‘stock.

An article by S, Bull and A. Marmin entitled “Lube Oil"Mannfecture
Volume 4, Developments in Lubncatlon, PD 19(2), pag_es 221-228, describesa
process wherein the extraction unit in solvent refining is replaced by a hydrotreater. -

U.S. Patent 3,691,067 describes a process for producmg amedium
and high VI oil by hydrotreating a narrow cut lube feedstoc‘;k. The hydrotreating step
involves a single hydrotreating zone. U.S. Patent 3 7'3"2-,"1'54 discloses'hydroﬁnishing
the extract or raffinate from a solvent extraction process The feed to the hydro- '-
ﬁmshmg step is denved froma lnghly aromatic source suchasa naphthemc e

distillate. U.S. Patent 4,627, 908 relates to a process for 1mprov1ng  the bulk oxidation

| stability and storage stability of lube oxl basestocks derived from hydrocracked bright |
stock. The process involves hydmdemtnﬁcanon ofa hydrocracked bnght stock
' followed by hydroﬁmshmg. L ' ' :

USS. Patent 4,636,299 drscloses a process for reducmg the pour pomt
of a feedstock contammg mtrogen and sulﬁ:r-contammg compounds wherein the
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feedstock is solvent extracted with N-methyl-2-pyrrolidone to produce a raffinate,
the raffinate is hydrotreated to convert the nitrogen and sulfur containing compounds
to ammonia and hydrogen sulfide, stripped of ammonia and hydrogen sulfide and
stripped effluent cat dewaxed.

It would be desirable to supplement the conventional solvent refining
process so as to produce high VI, low volatility oils which have excellent toxicity,
oxidative and thermal stability, fuel economy and cold start properties without
incurring any significant yield debit which procéss requires much lower investment
- costs than competing technologies such as hydrocracking. |

SUMMARY OF THE INVENTION

This invention relates to a process for producing a lubricating oil
basestock meeting at least 90% saturates by selectively hydroconverting a raffinate
produced from solvent refining a lubricating oil feedstock which comprises:

(a) conducting the lubricating oil feedstock to a solvent extraction zone and
separating therefrom an aromatics rich extract and a paraffins rich raffinate;

(b) solvent dewaxing the raffinate under solvent dewaxing conditioné to obtain a
dewaxed oil feed;: '

(©) passmg the dewaxed oil feed to a first hydroconversion zone and processing
the dewaxed oil feed in the presence of a non-acidic hydroconversion catalyst
at a temperature of from 340 to 420°C, a hydrogen partial pressure of from |
1000 to 2500 psig, space velocity of 0.2 to 3.0 LHSV and a hydrogen to feed
ratio of from 500 to 5000 Scf/B to produce a first hydroconverted dewaxed oil;
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(d) passing the hydroconvemed dewaxed oil from the ﬁrst hydroconversmn zone to

©

a second hydroconversmn zone and processmg the hydroconvexted dewaxed -
oil in the presence of a non-ac_ldlc hydroconversion catalyst at a temperature of
from 340 .to 400°C priivided that the temperature in second hydroconversion is
not greater than the temperature in the first hydroconversmn zone, a hydrogen

 partial pressure of from 1000 to 2500 psig, a space veloc1ty of from 0.2 to 3.0

LHSVanda hydrogen to feed rauo of from 500 to 5000 Scf/B to produce a
second hydroconverbed dewaxed 011 - : :

passing the second hydroconvemed dewaxed oiltoa hydroﬁmshmg zone and

conducting cold hydroﬁmshmg of the second hydroconverted dewaxed oil in
the presence of a hydrofinishing catalyst at a temperatureof from 260 to 360°C, -
a hydrogen partial pressure of from 1000 to 2.5.00 psig, a space velocity of from
0.2 to 5 LHSV and a hydrogen to feed ratio of from 500 to 5000 Scf/B to

. producea hyd_roﬁn_i_s_hed dewaxed oil;

®

®

passmg the hydroﬁmshed dewaxed 011 to a separauon zone to remove products
havmg a bollmg less than about 250°C and

passing the hydroﬁnishéd dewaxed oil from step () toa dewaxing zone and
catalyucally dewaxmg the hydroﬁmshed dewaxed 011 under catalytrc dewaxmg

| condmons in the presence of hydrogen and a catalyhc dewaxmg catalyst

compnsmg a metal hydrogenatlon component and a crystallme 10 or 12 nng .

. molecular sieve.

In another embodlment, ﬂns invention relates to a process for

producing a lubricating oil basestock meetmg at least 90% saturates by selectively
hydroconverting a raffinate produced from solvent refining a lubncahng ol - . .
feedstock which comprises:
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{a) conducting the lubricating oil feedstock to a solvent extraction zone and
separating therefrom an aromatics rich extract and a paraffins rich raffinate;

(b) solvent dewaxing the raffinate under solvent dewaxing conditions to obtain a
dewaxed oil feed;

(c) passing the dewaxed oil feed to a first hydroconversion zone and processing
the dewaxed oil feed in the ;iresence ofa n(')il_-acidic hydroconversipxi catalyst
at a temperature of from 340 to 420°C, a hydrogen partial pressdfe of from
1000 to 2500 psig, space velocity of 0.2 to 3.0 LHSV and-ahydrogen to feed
ratio of from 500 to 5000 Scf/B to produce a first hydroconverted dewaxed oil;

(d) passing the hydroconverted dewaxed oil from the first hydroconversion zone to
a second hydroconversion zone and processing the hydroconverted dewaxed
oil in the presence of a non-acidic hydroconversion catalyst at a temperature of
from 340 to 400°C provided that the temperature in second hydroconversion is
not greater than the temperature in the first hydroconversion zone, a hydrogen
partial pressure of from 1000 to 2500 psig, a space velocity of from 0.2 to 3.0
LHSV and a hydrogen to feed ratio of from 500 to 5000 Scﬁ'B to produce a
second hydroconverted dewaxed 011

(e passmg the second hydroconverted dewaxed oxl toa separahon zone to remove
products having a boiling less than about 250°C -7 '

(f) passingthe stripped second hydroconverted dewaxed oil from step () to a
dewaxing zone and catalytically dewaxing the stripped second hydroconverted
 dewaxed oil under catalytic dewaxing conditions in the presence of hydrogen
and a catalytic dewaxing catalyst comprising a metal hydrogenation component
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andaerystallme 10 or 12 ring molecular sreve to produce acatalyucally
dewaxedorl,and o e N e e e

(g}  passing ﬂle camlyucally dewaxed orl toa hydroﬁmshmg zone and conductmg
cold hydrofinishing of the catalytically dewaxed oil in the presence ofa
hydrofinishing catalyst at a temperature of from 260 to 360°C a hydrogen
partial pressure of from 1000 to 2500 ps1g, a space velocrty of from 02t0 5 N

| LHSV andahydrogentofeed ratio of from 5000 5000 8B, -

The process accordmg to the mvennon produces in good y1elds a
basestoek wlnch has VI and volatrhty properues meenng future mdusny engme oil
standards wlnle achrevmg good oxidation stabxhty cold smrt, fuel economy, and

‘thermal stability properties. In addition, toxicity tests show that the basestock has -~ - "

excellent toxicological properties as measured by tests such as the FDA(c) test.
 BRIEFDESCRIPTION OF THEDRAWINGS -

- Figure 1is aplot of NOACK volatility vs. viscosity for a lOON
basestock. | |

Figure 2 is a schematic flow diagram of the hydroconversion process.

Figure Jisa graph showing VI HOP vs corr\ierSiorr at different

pressures.

| Frgure 4 is a graph showing temperature in the first hydroconversron
zone as a function of days on oil at a fixed pressure.
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Figure 5 is a graph showing saturates concentration as a function of
reactor temperature for a fixed VI product.

Figure 6 is a graph showing toxicity as a function of temperature and
pressure in the cold hydrofinishing step.

Figure 7 is a graph showing control of saturates concentration by
varying conditions in the cold hydroﬁnishiﬂg step.

Figure 8§ is a graph showing the correlation between the DMSO
screener test and the FDA (c) test. ' '

Figure 9 is a graph showing the catalytic dewaxing of dewaxed oil and
total liquid products.

Figure 10 is a graph showing the comparison catalytic dewaxing a
total liquid product vs. solvent dewaxing to the same pour point.

DETAILED DESCRIPTION OF THE INVENTION

~ The solvent refining of select crude oils to produce Iubricating oil
basestocks typically involves aunosphegic distillation, vacuum disﬁﬂation,
extraction, dewaxing and hydrofinishing. Because basestocks having a high
isoparaffin content are characterized by having good viscosity index (VI) properties
and suitable low temperature properties, the crude oils used in the solvent refining -
process are tf/pically paraffinic crudes. One method of classifying lubricating oil
basestocks is that used by the American Petroleum Institute (API). API Group II
basestocks have a saturates content of 90 wt% or greater, a sulfur content of not
more than 0.03 wt% and a viscosity index (VI) greater than 80 but less than 120,
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API Group m basestocks are the same as Group i basestocks except that the VI is
greater than or equal to 120. ' o . c

Generally, the high boiling petroleum fractions from atmospheric
distillation are sent to a vacoum distillation unit, and the distiilaﬁdn'frecfibnsﬁf'r'bm '
this unit are solvent extracted. The resndue from vacunm distillation which may be
deasphalted is sent to other processing. Other feeds to solvent ex(ractlon include

waxy streams such as dewaxed oils and foots oxls

The solvent extraction process selectively dissolves the aromatic
components in an extract phase while leaving the more paraffinic componentsina
raffinate phase. Naphthenes are distributed between the e)ctract and raffinate phases.
Typical solvents for solvent extraction include phenol, furfural and N-methy] -
pyrrolidone. By controlling the solvent to oil ratio, extraction temperature and |
~ method of contacting distillate to be extracted with solvent, one can control the
degree of sepaxatmn between the extract and raffinate phases .

In recent years, solvent extraction has been replaced by hydrocracking
as a means for producing high VI basestocks in some refineries. The hydrocrackmg
process utilizes low quality feeds such as feed distillate from the vacuum distillation ~
unit or other refinery streams such as vacuum gas oil§ and coker gas oils. The
catalysts used in hydrocracking are typically sulfides of Ni, Mo, Co and W ori an
acidic support such as silica/alumina or alumina containing an acidic promoter such
as fluorine. Some hydrocracking catalysts also contain highly acidic zeolites. The
hydrocracking process may involve hetero-etom removal, aromatic ring saturation,
dealkylation of aromatics rings, ring opening, straight chain and side-chain cracking,
and wax isomerization depending on operating conditions. In view of these reac-
tions, separation of the aromatics rich phase that occurs in solvent extraction is an

unnecessary step since hydrocracking reduces aromatics content to very low levels.

[11]: &1
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By way of contrast, the process of the present invention utilizes a
three step hydroconversion of the solvent dewaxed oil produced from the raffinate
from the solvent extraction unit under conditions which minimizes hydrocracking
and passing waxy components remaining in the dewaxed oil through the process
without wax isomerization. Thus, dewaxed oil (DWO) and low value foots oil
streams can be added to the raffinate feed to the solvent dewaxer whereby hard
waxes are removed from the solvent dewaxer and the residual wax molecules in the
solvent dewaxed oil pass unconverted through the hydroconversion process.
Removing hard wax from the raffinate feed to the hydroconversion units lessens the
load on the hydroconversion units and preserves the wax as a valuable hy-pfodﬁct.
Moreover, unlike hydrocracking, the present hydroconversion process takes place
without disengagement, i.e., without any intervening steps involving gas/liquid
products separations. The product of the subject three step process has a saturates
content greater than 90 wi%, preferably greater than 95 wt%. Thus product quality
is similar to that obtained from hydrocracking without the high temperatures and
pressures required by hydrocracking which results in a much greater investment
expense.

The raffinate from the solvent extraction is preferably under-extracted,
i.e.; the extraction s carried out under conditions such that the raffinate yield is
maximized while still removing most of the lowest quality molecules from the feed.
Raffinate yield may be maximized by controlling extraction c.onditions, for example,
by lowering the solvent to oil treat ratio and/or decreasing the extraction temperature.
The raffinate from the solvent extraction unit is solvent dewaxed under solvent
dewaxing conditions to remove hard waxes from the raffinate from the .solvent
extraction unit. |
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Solvent dewaxing typically involves mixing the raffinate feed from the
solvent extraction unit with chilled dewaxing so_lvént to form an oil-solvent solution
and precipitated wanx is thereafier separated by, for example filiration. The tefnpera-"
ture and solvent are selected so that the ol is dissolved by the chllled solvent while
ﬂxewax:spreclpltated. | ST e L

A partlcularly suitable solvent dewaxmg process mvolves the useofa
cooling tower where solvent is prechllled and added mcrementally at several pomts
along the height of the cooling tower. The oﬂ-solvent mlxture lS agntated duritig the
 chilling step to permit substantially mstanmneous mixing of the prcclulled solvent
with the oil. The prechilled solvent is added incrementally along the length of the
cooling tower so as to maintain an average chilling rate at or below 10°F/minute,
usually between about 1 to about 5°F/minute. The final temperature of the oil- - -
solvent/precipitated wax mixture in the cooling tower will usually be between 0 and
50°F (-17.8 to 10°C). The mixture may then be sent to a scraped surface chiller to
separate precipitated wax from the mixture.

In -genexal, the amount of solvent added will be sufficient to provide a
liquid/solid weight ratio between the range of 5/1 and 20/1 at the dewaxing tempera-
ture and a solvent/oil volume ratio between 1.5/1 to 5/1. The solvent dewaxed oil is
typidally dewaxed to an intermediate pour point, preferably less than about +10°C. .

Represenﬁﬁve dewaxing solvénts are ahphatlc ketones havfng 3-6
carbon atoms such as methyl ethyl ketone and methyl isobutyl ketone, low molecular
weight hydrocarbons such as propane and butane, and mixtures thereof. The
solvents may be mixed with other solvents such as benzeixe, toluene or xylene.
Further descriptions of solvent dewaxing process useful herein are disclosedin U.S.
Patents 3,773,650 and 3,775,288 which are incorporated herein in their entirety.

BT
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The dewaxed oil feed is then sent to a first hydroconversion unit
containing a hydroconversion catalyst. This dewaxed oil feed has a viscosity index
of from about 85 to about 105 and a boiling range not to exceed about 650°C, prefer-
ably less than 600°C, as determined by ASTM 2887 and a viscosity of from 3 to 15
cSt at 100°C.

_ Hydroconversion catalysts are those containing Group VIB metals
(based on the Periodic Table published by Fisher Scientific), and non-noble Group
Vil metgls, i.e., iron, cobalt and nickel and mixtures thereof. These metals or
mixtures of metals are typically present as oxides or sulfides on refractory metal
oxide supports. ' | | o

It is important that the metal oxide support be non-acidic so as to
control cracking. A useful scale of acidity for catalysts is based on the isomerization
of 2-methyl-2-pentene as described by Kramer and McVicker, J. Catalysis, 92,
355(1985). In this scale of acidity, 2-methyl-2-pentene is subjected to the catalyst to
be evaluated at a fixed temperature, typically 200°C. In the presence of catalyst
sites, 2-methyl-2-pentene forms a carbenium ion. The isomerization pathway of the
carbenium ion is indicative of the acidity of active sites in the catalyst. Thus weakly
acidic sites form 4-methy}-2-pentene whereas strongly acidic sites result in a skeletal
rearrangement to 3-methyl-2-pentene with very strongly acid sites forming 2,3-
diﬁleﬂlyl-2-butene.' The mole ratio of 3-methyl-2-pentene to 4-methyl-2-pentene
can be correlated to a scale of 5cidity. This acidity scale ranges from 0.0 10 4.0,

Very weakly acidic sites will have values near 0.0 whereas very strongly acidic sites -
will have values approaching 4.0. The catalysts useful in the present process have -
acidity values of less than about 0.5, preferably less than about 0.3. The acidity of
metal oxide supports can be controlled by adding promoters and/or dopalits, or by
controlling the nature of the metal oxide support, e.g., by controlling the amount of
silica incorporated into a silica-alumina support. Examples of promoters and/or
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dopants include halogen, espec_iaﬂy fluorine, phosphorus, bofon: ytiria, rare-earth
oxides and magnesia. Promoters such as halogens generally increase the aCi&i{y"Of
metal oxide supports while mildly basic dopants such as ytlna or magnes1a tend to i
decreaseﬂxeacldxtyofsuchsupports R ' '

Suitable metal oxide supports include low acidic oxldes such as silica,

alumina or titania, preferably alumina. Preferred alummas are porous alummas such
as gamma or eta having average pore sizes from 50 to 2004, preferably 75 to ISOA, a
surface area from 100 to 300 m’/g, preferably 150 to 250 m /g and a pore volume of

from 0.25 to 1.0 cm™/g, preferably 0.35 to 0.8 cm’/g. The. supports are preferably not -

promoted with a halogen such as fluorine as this generally increases the acidity of .
the support above 0.5. '

Preferred metal catalysts include cobalt/molybdenum (1-5% Co as
oxide, 10-25% Mo as oxide) nickel/molybdenum (1-5% Ni as oxide, 10-25% Co as
oxide) or nickel/tungsten (1-5% Ni as oxide, 10-30% W as oxide) on alumina.
Especially preferred are nickel/molybdenum catalysts such as KF-840.

Hydroconversion conditions in the first hydroconversion unit include
a temperature of from 340 to 420°C, preferably 350 to 400°C, a hydrogen partial
preséure of from 1000 to 2500 psig (7.0 to 17.3 mPa), preferably 1000 to 2000 psig
- (7.0 to 13.9 mPa), a space velocity of from 0.2 to 3.0 LHSV, preferably 0.3 to 1.0 -
LHSV, and ahydrogen to feed ratio of from 500 to 5000 Scf/B (89 to 890 m*/m’),

preferably 2000 to 4000 Scf/B (356 to 712 m /m’)

The hydroconverted dewaxed oil from the first hydroconversion unit
is conducted to a second hydroconversion unit. The hydroconverted dewaxed oil is
preferably passed through a heat exchanger located between the first and second

hydroconversion units so that the second hydroconversion unit can be run at cooler

BT
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temperatures, if desired. Temperatures in the second hydroconversion unit should
not exceed the temperature used in the first hydroconversion unit. Conditions in the
second hydroconversion unit include a temperature of from 340 to 400°C, preferably
350 to 385°C, a hydrogen partial pressure of from 1000 to 2500 psig (7.0 to 17.3
Mpa), preferably 1000 to 2000 psig (7.0 to 13.9 Mpa), a space velocity of from 0.2
to 3.0 LHSV, preferably 0.3 to 1.5 LHSV, and a hydrogen to feed ratio of from 500
to 5000 Scf/B (89 to0-890 m*/m>), preferably 2000 to 4000 Scf/B (356 to 712 m*/m’).
The catalyst in the second hydroconversion unit can be the same as in the first
hydrocoﬁversion unit, alﬂlough a different hydroconversion catalyst may be used.

The hydroconverted dewaxed oil from the second hydroconversion
unit may then conducted to a cold hydrofinishing unit. Alternatively, cold hydro-
finishing may be deferred until after the catalytic dewaxing step. A heat exchanger
is preferably located between these units. Reaction conditions in the hydrofinishing
unit are mild and include a temperature of from 260 to 360°C, preferably 290 to
350°C, more preferably 290 to 330°C, a hydrogen partial pressure of from 1000 to
2500 psig (7.0 to 17.3 mPa), preferably 1000 to 2000 psig (7.0 to 13.9 mPa), a space
velocity of from 0.2 to 5.0 LHSV, preferably 0.7 to 3.0 LHSV, and a hydrogen to
feed ratio of from 500 to 5000 SCF/B (89 to 890 m*/m"), preferably 2000 to 4000
Scf/B (356 to 712 m*/m’). The catalyst in the cold hydrofinishing unit may be the
same as in the first hydroconversion unit. However, more acidic camlysf supports
such as silica-alumina, zirconia and the like may be used in the cold hydrofinishing

unit.

In order to prepare a finished basestock, the hydrofinished oil from the
hydrofinishing unit is conducted to a separator, e.g., a vacuum stripper (or fractiona-
tion) to separate out low boiling products if the separator is followed by a catalytic
dewaxing step. Such products may include hydrogen sulfide and ammonia formed
in the first two reactors. If desired, a stripper may be situated between the second
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hydroconversion unit and the hydroﬁmshmg umt, but this is not essentlal to produce |
basestocks accordmg to the invention, P : Ci

The hydroﬁmshed dewaxed 011 separamd from the separator isthen
conducted to a dewaxmg unit. Camlyhc dewaxmg, solvent dewaxmg ora combma- |
tion may accomphsh dewaxmg thereof . |

The catalets useful in the catalyhc deWaxing stép include crystalline
10 and 12 ring molecular sieves and a metal hydrogenatlon component Clystalhne '
molecular sieves mclude alummo sxhcates and aluminum phosphates. Examples of
crystal]me alumino silicates include zeohtes such as ZSM-5, ZSM-11, ZSM-12,
theta-1 (ZSM-22), ZSM-23, ZSM-35 femente ZSM-38, ZSM-48, ZSM-57, beta,
mordenite and offretite. Examples of cxyslalhne alummum phosphates include
SAPO-11, SAPO-41, SAPO-3 1, MAPO-11 and MAPO-31. Preferred moleculat
sieves include ZSM-5, theta-1, ZSM-23, ferrierite and SAPO-11.

The dewaxmg catalyst may also contam an amorphous component.
The acidity of the amorphous component is preferably from 0.3 to 2.5, preferably
0.5 to 2.0 on the Kramer/McVicker acidity scale described above. Examples of
amorphous materials include silica-alumina, halogenated alumina, acidic clays,
silica-magnesia, yttria silica-alumina and the hke Especlally prefcn‘ed is silica-

alumina.

If the dewaxing catalyst contains an amorphous component, the
crystalline molecular sieve/metal hydrogenation component/amorphous component
may be composited together. The hydrogenation metal can be deposited on each
component separately or can be deposited on the composited catalyst. In the alterna-
tive, the crystalline molecular sieve and amorphous component can be in a layered
configuration. Preferably, the top layer in the reaction vessel is the amorphous

e it
]
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component and the lower layer is the crystalline molecular sieve, although the
configuration can be reversed with the top layer as the molecular sieve and the
bottom layer as the amorphous component. In the layered configuration, the
hydrogenation metal should be deposited on both the molecular sieve and the

amorphous component.

The metal hydrogenation component of the dewaxing catalyst may be
at least one metal from the Group VIB and Group VIII of the Periodic Table
(published by Sargent-Welch Scientific Company): Preferred metals are Group VIII
noble metals, especially palladium and platinum.

The dewaxing catalyst may contain, based on the weight of total
catalyst, from 5 to 95 wt% of crystalline molecular sieve, from 0 to 90 wt% of
amorphous component and from 0.1 to 30 wt% of metal hydrogenation component
with the balance being matrix material.

The dewaxing catalyst may also include a matrix or binder which is a
material resistant to process conditions and which is substantially non-catalytic
under reaction conditions. Matrix materials may be synthetic or naturally occurring
materials such as clays, silica and metal oxides. Matrix materials which are metal
oxides include single oxides such as alumina, binary compositions such as silica-
magnesia and ternary compositions such as silica-alumina-zirconia..

Process conditions in the catalytic dewaxing zone include a tempera-
ture of from 240 to 420°C, preferably 270 to 400°C, a hydrogen partial préssure of -
from 3.45 to 34.5 mPa (500 to 5000 psi), preferably 5.52 to 20.7 mPa, a liquid
hourly space velocity of from 0.1 to 10 v/v/hr, preferably 0.5 to '3.0, and a hydrogen
circulation rate of from 89 to 1780 m*/m® (500 to 10000 scf/B), preferably 178 to
890 m*/m’,
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The final catalytic dewaxmg stepmay be'foll'owed.'hy a second cold :
hydroﬁmshmg step under the cold hydroﬂmshmg condlttons descnbed above. Th1s
second cold hydroﬁmslnng step would be used in those mstances where needed to"
meet product quality requirements such as color or light stabrhty ' "

' Inan alternative embodiment, hydroconverted dewaxed oil from the
second hydroconverston unit is conducted to a separator to separate low boﬂmg
components such as ammonia and hydrogen sulfide. The stnpped hydroconverted
dewaxed oil is then sent to a catalytic dewaxmg umt and catalytrcaﬂy dewaxed under
the conditions set forth above. The catalyhcally dewaxed oil ﬁ'om catalync dewax-
ing can then be cold hydroﬁmshed as described above o

The lubricating oil basestock produced by the process -according to the
invention is characterized by the following properties: viscosity index of at least
about 100, preferably at least 105 and saturates of at least 90%, preferably at least
95 wit%, NOACK volatility improvement (as measured by DIN 51581) over solvent
dewaxed oil feedstock of at least about 3 wt%, preferably at least about 5 wt%, at
the same viscosity within the range 3.5 to 6.5 ¢St viscosity at 100°C, pour point of "
-15°C or lower, and a low toxicity as determmed by IP346 or phase 1 of FDA (c)
IP346 is a measure of polycyclic aromatlc compounds Many of these compounds

are carcinogens or suspected carcmogens, especlally.ﬂlose with so—called bay regions

[see Accounts Chem. Res. 17, 332(1984) for further details]. The present process
reduces these polycyclic aromatic compounds to such levels as to pass carcino-
genicity tests. The FDA (c) test is set forth in 21 CFR 178.3620 and is based on
ultraviolet absorbances in the 300 to 359 nm range.

As can be seen from Figure 1, NOACK volatility is related to VI for
any given basestock. The relationship shown in Figure 1 is for a light basestock

1118
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(about 100N). If the goal is to meet a 22 wt% NOACK volatility for a 100N oil,
then the oil should have a VI of about 110 for a product with typical-cut widh, e.g.,
5 10 50% off by GCD at 60°C. Volatility improvements can be achieved with lower
VI product by decreasing the cut width. In the hmit set by zero cut width, one can
meet 22% NOACK volatility at a VI of about 100. However, this approach, using
distillation alone, incurs significant yield debits.

Hydrocracking is also capable of prodﬁcing high V1, and consequently
low NOACK volhtility basestocks, but is less selective (lower yields) than the
“process of the invention. Furthermore both hydrocracking and processes such as
wax isomerization destroy most of the molecular épecies responsible for the
solvency properties of solvent refined oils. The latter also uses wax as a feedstock
whereas the present process is designed to preserve wax as a product and does little,

if any, wax conversion.

The process of the invention is further illustrated by Figure 2. The
feed 8 to vacuum pipestill 10 is typically an atmospheric reduced crude from an
atmospheric pipestill (not shown). Various distillate cuts shown as 12 (light), 14
(medium) and 16 (heavy) may be sent to solvent extraction unit 30 via line 18.

These distillate cuts may range from about 200°C to about 650°C. The bottoms from
vacuum plpesull 10 may be sent through line 22 toa coker a visbreaker or a
deasphalting extraction unit 20 where the bottoms are contacted with a deasphalting
solvent such as propane', butane or pentane. The deasphalted oil may be combined
with distillate from the vacuum pipestill 10 through line 26 provided that the
deasphalted oil has a boiling point no greater than about 650°C or is preferably sent -
on for further processing through line 24. The bottoms from deasphalter 20 can be
sent to a visbreaker or used for asphalt production. Other refinery streams may also
be added to the feed to the extraction unit through line 28 provided they meet the
feedstock criteria described previously for raffinate feedstock.
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In extraction unit 30, the distilate cuts are solvent extracted with
N-methyl pyrrolidone and the extractlon unit is preferably operated in countercmrent
mode. The solvent—to-oﬂ ratio, extractlon temperature and percent water in the -
solvent are used to control the degree of extrachon, i €., separatlon mto a parafﬁns
rich raffinate and an aromatics rich extract. The present process permits the extrac-
tion unit to operate to an “ander extracuon mode, i.e,a greater amount of aromatlcs
in the pamﬂins rich raffinate phase The aromancs rich extmct phase is sent for
further processing through line 32. The raffinate phase 1s conducted through 11ne 34
to solvent stripping unit 36. Stnpped solvent is sent ihrough line 38 for recyclmg
and stripped raffinate is con_ducted through line 39 to solvent dewaxing unit 40. -

| Solvent dewaxing unit 40 is a cooling tower wherein chilled solvent is

added at several points along the height of the unit 40 through line 41. Precipitated -
- wax is removed through line 45 while dewaxed 011 is sent to first hydroconversion
umt42throughhne43 S o e

The first hydroconversion unit 42 eohtaihs KF-840 catalyst which is
nickel/molybdenum on an alumina support and available from Akzo Nobel.
Hydrogen is admitted to unit or reactor 42 through line 44. Gas chromotographic
comparisons of the hydroconverted dewaxed oil indicate that almost no wax

 isomerization is takmg place. While not wishing to be bound to any particular

~ theory since the precise mechamsm for the VI increase which occurs in this stage is.
not known with certainty, it is known that heteroatoms are being removed, aromatlc 2
rings are being saturated and naphthene rings, particularly multi-ring naphthenes are -
selectively eliminated.

Hydroconverted dewaxed oil from hydroconversion unit 42 is
conducted through line 46 to heat exchanger 48 where the hydroconverted dewaxed




" WO 99/45084 : " PCT/US99/03173

-19-

oil stream may be cooled if desired. The cooled hydroconverted dewaxed oil stream

is conducted through line 50 to a second hydroconversion unit 52. Additional
hydrogen, if needed, is added through line 53. This second hydroconversion unit is
operated at a lower temperature (when required to adjust product quality) than the

first hydroconversion unit 42. While not wishing to bound to any theory;, it is

believed that the capability to operate the second unit 52 at lower temperature shifts
the equilibrium conversion between saturated species and other unsaturated hydro-
carbon species back towards increased saturates concentration. In this way, the
concentration of saturates can be maintained at greater than 90 wt% by appropriately -
controi]ing the combination of temperature and space velocity in second hydro-

conversion unit 52.

Hydroconverted dewaxed oil from unit 52 is conducted through line
54 to a second heater exchanger 56. Alternatively, hydroconverted dewaxed oil
from unit 52 can be sent directly through line 55 to separator 68. After additional
heat is removed through heat exchanger 56, cooled hydroconverted dewaxed oil is
conducted through line 58 to cold hydrofinishing unit 60. Temperatures in the
hydrofinishing unit 60 are more mild than those of hydroconversion units 42 and 52.
Temperature and space velocity in cold hydrofinishing unit 60 are controlled to
reduce the toxicity to low levels, i.e., to a level sufficiently low to pass standard
 toxicity tests. This may be accomplished by reducing the concentration of poly-
" muclear aromatics to very low levels. | g

Hydrofinished dewaxed oil is then conducted through line 64 to
separator 68. Light liquid products and gases are separated and removed through
line 72. The remaining hydrofinished dewaxed oil is conducted through line 70 to
catalytic dewaxing unit 74. Catalytic dewaxing involves selective hydrocracking
with or without hydroisomerization as a means to create low pour point lubricant
basestocks. Finished lubricant basestock is removed through line 76. If hydro-
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converted raffinate from unit 52 is sent directly to separator 68 through line 55, then * -
basestock removed through line 76 can be sent to cold hydrofinishing (not shown).

While not wishing to be bound by any theory, the_ factors affecting -

saturates, VI and toxicity are discussed as follows. The term “saturates” refers to the
sum of all saturated rings, paraffins and isoparaffins. In the present raffinate hydfo'- -

conversion process, xmder-exn'acted (e.g,92VI) hght and medmm raﬁinates

| including isoparaffins, n-paraffins, naphthenes and aromatlcs havmg from 1 to about

6 rings are processed over a non-acidic catalyst which primarily operates to (a)
hydrogenate aromatic rings to naphthenes and (b) convelt ring compounds to leave
isoparaffins in the lubes boiling range by either dealkylation or by ring opening of
naphthenes. The catalyst is not an isomerization catalyst and therefore leaves
paraffinic species in the feed largely unaffected. ngh melting paraffins and

isoparaffins are removed by a subsequent dewaxing step. Thus other than residual -

wax the saturates content of a dewaxed oil product is a function of the irreversible

conversion of rings to isoparaffins and the reversible formation of naphthenes from =~

aromatic species.

To achieve a basestock viscosity index target, e.g., 110 VI, for a fixed
catalyst charge and feed rates, hydroconversion reactor tempetatm‘e is the primary
driver. Temperature sets the conversion (arbltran]y measured here as ﬂle conversion
to 370°C-) which is nearly linearly related to the VI increase, urespectwe of
pressure. This is shown in Figure 3 relating the VI increase (VI HOP) to conversion.
For a fixed pressure, the saturates content of the product depends on the conversion,

ie., the VI achieved, and the femperature required to achieve conversiqn. At start of -

run on a typical feed, the temperature required to achieve the target VI may be only
350°C and the corresponding saturates of the dewaxed oil will normally be in excess
of 90 wt%, for processes operating at or above 1000 psig (7.0 mPa) H,. However,
the catalyst deactivates with time such that the temperature required to achieve the
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same conversion (and the same VI) must be increased. Over a 2 year period, the
temperature may increase by 25 to 50° C depending on the catalyst, feed and the
operating pressure. A typical deactivation profile is illustrated in Figure 4 which
shows temperature as a function of days on oil at a fixed pressure. In most
circumstances, with process rates of about 1.0 v/v/hr or less and temperatures in
excess of 350° C, the saturates associated with the ring species left in the product are
determined only by the reactor temperature, ie., the naphthene population reaches
the equilibrium value for that temperature.

Thus as the reactor temperature increases from about 350°C, saturates
will decline along a simooth curve defining a product of fixed VI. Figure 5 shows
three typical curves for a fixed product of 112 VI derived from a 92 VI feed by
operating at a fixed conversion. Saturates are higher for a higher pressure process in
accord with simple equilibrium considerations. Each curve shows saturates falling
steadily with temperatures increasing above 350°C. At 600 psig (4.24 mPa) H,, the
process is incapable of simultaneously meeting the VI target and the required
saturates (90+ wt%). The projected temperature needed to achieve 90+ wi%
saturates at 600 psig (4.24 mPa) is well below that which can be reasonably achieved
with the preferred catalyst for this process at any reasonable feed rate/catalyst
charge. However, at 1000 psig H, and above, the catalyst can snnulmneously
achieve 90 wt% saturates and the target V1.

An important aspect of the invention is that a temperature staging ‘.
strategy can be applied to maintain saturates at 90+ wt% for process pressures of
1000 psig (7.0 mPa) H; or above without disengagement of sour gas and without the
use of a polar sensitive hydrogenation catalyst such as massive nickel that is |
employed in typical hydrocracking schemes. The present process also avoids the
higher temperatures and pressures of the conventional hydrocracking process. This
is accomplished by separating the functions to achieve VI, saturates and toxicity
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usmg a Cascadmg temperature proﬁle over 3 reactors without ﬂle expenswe msertlon
of stripping, recompressmn and hydrogenahon steps API Group T and )i g base- o
stocks (API Publication 1509) can be produced ina smgle stage temperatm-e SR
controlledprocess ' SR . CET i

Toxxclty of the basestock is ad_]usted in the cold hydroﬁmshmg step c

Fora grven target VI, the tox1clty may be adjusted by contro]lmg the temperature
and pressure. This is illustrated in Figure 6 which sho_ws ﬂu}t higher pressures
allows a greater temperature range to correct toxicity,. =

The invention is further illustrated by the following non-limiting -

examples.
EXAMPLE 1

| Th1s example summarizes flmcuons of each reactor A, Band C.
Reactors A and B affect VI though A is controllmg Each reactor can contnbute to .

saturates, but Reactors B and C may be used to control saturates. Tox_tclty is
controlled primarily by reactor C. .

Product Parameter Reactor A Reactor B | Reactor C

Saturates ._ o X _ X
Toxicity X
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EXAMPLE 2

This example illustrates the product quality of oils obtained from the
process according to the invention. Reaction conditions and product quality data for
start of run (SOR) and end of nn (EOR) are summarized in Tables 2 and 3.

As can be seen from the data in Table 2 for the 250N feed stock,
reactors A and B operate at conditions sufficient to achieve the desired viscosity
index, then, with adjustment of the temperature of reactor C, it is possible to keep
saturates above 90 wi% for the entire run length without compromising toxicity (as |
indicated by DMSO screener result; see Example 6). A combination of higher
temperature and lower space velocity in reactor C (even at end of run conditions in
reactors A and B) produced even higher saturates, 96.2%. For a 100N feed stock,
end-of-run product with greater than 90% saturates may be obtained with reactor C
operating as low as 290C at 2.5 v/v/h (Table 3).



Reactor
A
B
C

TABLE 2
SOR
Temp. LHSV Temp.
O o | CQ
352 0.7 400
352 12 400
290 25 290

EOR coameer

LHSF
(v/v/hr)
0.7

12
2.5

+ Other Conditions: 1800 psig (12.5 mPa) Hy inlet pressure, 2400 scffb (427 m3/m3)

Dewaxed Qil Properties

100°C Viscosity, cSt
40°C Viscosity, cSt
Viscosity Index
Pour Point, °C
Saturates, wt%
DMSO Screener for
toxicity(2)

370°C Yield, wt. on
raffinate feed

250N()
Feed

7.34

5441
18
583

030

100

(1) 93 VI under extracted feed.
(2) Maximum ultra-violet absorbance at 340 to 350 nm.

SOR
5.81
34.28
111
-18
100
0.02

87

553

3126 °

1s -
16

852
006

81

81

EOR EOR ——meme
Temp. LHSV | Temp. LHSV
€O (vivfhr) Q) (v
400 07 | 400 07
" 400 12 400 12
350 25 |- 350 L0

EOR - "EOR

© 541 562

- -30.63 3208

s 1140
-18 19

T 962

010 - 0,04

p80SH/66 OM

ELISO/66SIALO
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TABLE 3
——SOR 7o) Q——

Temp. LHSV | Temp. LHSV
Reactor (&(8)] (v/vihr) °Q) (vivhn)

A 355 07 | 394 07
B 355 12 | 3% 12
C 290 25 | 290 25

* Other Conditions: 1800 psig (12.5 mPa) H, inlet pressure, 2400 scf/B (427 m3/m3).

Dewaxed Oil Properties 100N (1) ,

| ' Feed SOR EOR
100°C Viscosity, cSt . 435 : 3.91 3.83
40°C Viscosity, cSt 22.86 18.23 17.36
Viscosity Index 95 108 112
Pour Point, °C -18 -18 -18
Saturates, wi% 64.6 99 93.3
DMSO Screener for 0.25 0.01 0.03
toxicity (2)
370°C+ Yield, wt% on 93 80 75
raffinate feed

(1) 95 VI under extracted feed.
(2) Maximum ultra-violet absorbance at 340 to 350 nm.

EXAMPLE 3

The effect of temperature and pressure on the concentration of
saturates (dewaxed oil) at constant VI is shown in this example fm: processing the
under extracted 250N raffinate feed. Dewaxed product saturates equilibrium plots
(Figure 5) were obtained at 600, 1200 and 1800 psig (4.24, 8.38 and 12.5 mPa) Hy
pressure. Process conditions were 0.7 LHSV (reactor A + B) and 1200 to 2400

SCF/B (214 to 427 m*/m®). Both reactors A and B were operating at the same
temperature (in the range 350 to 415°C).
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Ascan be seeu from the ﬁgurert is not possible to achieve 90 wit%
saturates at 600 psig (4 14 mPa) hydrogen partral pressure. While in theory, one -
could reduce the temperature to reach the 90 wt% target, the space velocity would be
1mprac11ca11y low The mlmmum pressure to achleve the 90 wt% at reasonable
space velocrtres 1s about 1000 ps1g (7 0 mPa) Increasmg the pressure increases the
temperature range whlchmaybe usedmtheﬁrsttworeactors (reactorA and B) A
practlcal upper hmrt to pressure is set by lugher cost metallurgy typrcally used for -

hydrocrackers Whlch the process of the invention can avoid.
EXAMPLE 4

) The catalyst deacnvanon proﬁle as reﬂected by temperature requ:red
to maintain product quality is shown in this example Figure 4isa typlcal plot of
isothermal temperature (for reactor A, no reactor B) requlred to maintain a Vi '_
increase of 18 points versus time on stream. KF840 catalyst was used for reactors A
and C. Over a two year period, reactor A temperatures could increase by about -
50°C. This will affect the product saturates content. Strategies to offset a decline in
product saturates as reactor A temperature is increased are shown below. |

EXAMPLE 5

This example demonstrates the effect of temperature staging between
the first (reactor A) and second (reactor B) hydroconversion units to achieve the
desired saturates content for a 1400 psig (9.75 mPa) H; process with a 93 VI
raffinate feed. |

HirF
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TABLE 4
Base Temperature
Reactor Sequence: Case Staged Case
Reactor T LHSV T LHSV
CC) (vivh) Q) (vvh)
A 390 0.7 390 0.7
B 390 1.2 350 0.5
C 290 25 290 25
Dewaxed Oil Viscosity _ - 114 115
Index '
Dewaxed Oil Saturates, wt% 80 96

A comparison of the base case versus the temperature staged case
demonstrates the merit of operating reactor B at lower temperature and space
velocities. The bulk saturates content of the product was restored to the
thermodynamic equilibrium at the temperature of reactor B.

EXAMPLE 6

The effects of temperature and pressure in the cold hydrofinishing unit
(reactor C) on toxicity are shown in this example. The toxicity is estimated usinga
dimethyl sulphoxide (DMSO) based screener test developed as a surrogate for the
FDA (c) test. The screener and the FDA (c) test are both based on the ultra-violet
spectrum of a DMSOI extract. The maximum absorbance at 345 +/-5 nm in the
screener test was shown to correlate well with the maximum absorbance between
300-359 nm in the FDA (c) test as shown in Figure 8. The upper limit of acceptable
toxicity using the screener test is 0.16 absorbance units. As shown in Figure 6,
operating at 1800 psig (12.7 Mpa) versus 1200 psig (8.38 Mpa) hydrogen partial
pressure allows the use of a much broader temperature range (e.g., 290 to ~360°C
versus a maximum of only about 315°C when operating at 1200 psig H; (8.35 Mpa))
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in the cold hydrofinisher to achieve a ndn-tdxib product. The next example
demonstmtes that hxgher saturates, non-toxic products can be made when reactor C

is operated at hxgher temperature.

EXAMPLE7

| This example is directed to the use of the cold hydrofinishing (reactor
C) unit to optimize saturates content of the oil product. Reactors Aand B were
operated at 1800 psig (12.7 mPa) hydrogen partial pressure, 2400 Scf/B (427 m3/m )
treat gas rate, 0.7 and 1.2 LHSV respectlvely and at a near end-of -run (EOR) |
temperature of 400° C on a 92 VI 250N raffinate feed. The effluent from reactors A
and B contains just 85% saturates. Table 5 shows the condmons used in reactor C
needed to render a product that is both hiéher saﬁiretes content and is non-toxic. Af |
350°C, reactor C can achieve 90+% saturates even at space velocmes of2.5 v/v/hr

At lower LHSV, saturates in excess of 95% are achleved.

TABLE 5
. RUNS

Run Number 1 ' 2 3
Temperature, °C o - 290 330 . 350
LHSV, viv/hr 2.5 25 25
H2 Press,psig = .. . 1800 1800 1800
Treat Gas Rate, SCF/B | 2400 2400 2400
DWO VI 115 114 115
DWO Saturates, wt% 85 88 91
DMSO Screener for Toxicity(D) 0.06 0.05 0.10

(1) Maximum ultra-violet absorbance at 340-350 nm

-~

1350
1.0
1800
2400
114
96
0.04

Figure 7 further illustrates the flexible use of reactor C. As shown in
Figure 7, optimization of reactor C by controlling temperature and space velocity

gives Group 1I basestocks

‘.
NIE:
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EXAMPLE 8

This example demonstrates that feeds in addition to raffinates and
dewaxed oils can be upgraded to higher quality basestocks. The upgrading of low
value foots oil streams is shown in this example. Foots oil is a waxy by-product
stream from the production of low oil content finished wax. This material can be
used either directly or as a feed blendstock with under extracted raffinates or
dewaxed oils. In the example below (Table 6), foots oil feeds were upgraded at 650
psig (4.58 mPa) H, to demonstrate their value 'in the context of this invention.
Reactor C was not included in the processing. Two grades of foots oil, a SO0N and
150N, were used as feeds.

TABLE 6
500N 150N
Feed Product Feed Product
Temperature, °C (Reactor A/B) - 354 - 354
Treat Gas rate (TGR), Scf/B, (m*/m”) - 500 (89) - 500 (89)
Hydrogen partial pressure, psig (mPa) - 650 (4.58) - 650 (4.58)
LHSV, v/iv/hr (Reactor A+B) - 1.0 - 1.0
wit% 370°C - on feed 022 3.12 1.10 2.00
370°C+ DWO Inspections
40°C viscosity, cSt 71.01 43.80 25.01 17.57
100°C viscosity, cSt 8.85 727 477 401
V1/ Pour Point, °C 97/-15. 10917  111/8  129/-9®
Saturates, wt% : 734 82.8® 7903 8857
GCD NOACK, wi% 42 80 - 198 233
Dry Wax, wt% T 667 679 ~ 836 83.3
DWO Yield, wt% of Foots Oil Feed 332 31.1 162 15.9

O Saturates improvement will be higher at higher hydrogen pressures
@ Excellent blend stock

Table 6 shows that both a desirable basestock with significantly higher
VI and saturates content and a valuable wax product can be recovered from foots oil.
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In general, since wax molecules are neither consumed or formed in this process,
inclusion of foots 011 streams as feed blends provndes a means to recover the valuable
wax while i 1mprovmg the quahty of the resultant base 011 product |

EXAMPLE 9

This example ﬂlustmtes ﬂ:e advantage of catalyuc trim dewaxinga
solvent dewaxed hydrotreated raffinate. The trim catalyuc dewaxed products, even
| though they have lower VI, have much better low temperature properties ( products
as defined by lower Brookfield Viscosity ) than the corresponding solvent dewaxed
feed. Trim dewaxing refers to the process of solvent dewaxing followed by catalytic

dewaxing,

A raffinate product made under the conditions in Table 7 was topped
at 370°C to give a 370°C+ product which was solvent dewaxed using MIBK in a 3:1
solvent to raffinate product ratio and a filter temperature of -21°C to make a
dewaxed oil having the properties shown in Table 8.

TABLE 7
Process Conditions
R1 Conditions :
Pressure, psig - 1800 (12.4 mPa)
TGR, scf/B 2500 (445 m’/m’)
Space Velocity, v/vh 0.7
Temperature, °C 375
R2 Conditions
Pressure, psig 1800
TGR, scf/B 2400 (427 m*/m’)
Space Velocity, v/v/h 25
Temperature, °C 290

Byt
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TABLES

Product Properties
Viscosity, ¢St at 100°C,

Viscosity, ¢St at 40°C,
SUS, cP at 100°F

VI

Pour Point, °C

Brookfield Viscosity, at -40°C

PCTNUS99/03173

4.182
20.495
107.7
106
-19

39900

This dewaxed oil was then 6atalytically dewaxed over a 0.5 wt% Pt
TON (zeolite) / Pt Silica-alumina (25:75 wt/wt, zeolite: silica-alumina ) mixed
powder composite catalyst under the conditions shown in Table 9 and to produce the
products , after fractionation at 370°C, shown in Table 9.

TABLE 9
Process Conditions
Pressure, psig 1000 1000 (7.0 mPa)
TGR, scf/B 2500 2500 (445 m*/m)
Space Velocity, v/v/h 1.0 1.0
Temperature, °C 295 303
Yield, wt% 67 60
Product Properties
Viscosity, cSt at 100°C, 4.150 4.122
Viscosity, cSt at 40°C, . 20.634 20.441
SUS, cP at 100°F 108.4 107.5
Vi 101.7 101.3
Pour Point, °C -33 -40

Brookfield Viscosity, cP at -40°C 32100 22900

The dewaxed oils, both feed and products from the catalytic dewaxer
were formulated as Automatic Transmission Fluids using a Ford type ATF ad pack
(22 wt% treat rate of ATF ad pack, 78 wt% dewaxed oil) and Brookfield Viscosities
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at -40°C measured. The:Broo_kﬁe_ld Viscosities for both feed and products are
shown in Tables 8 and 9 respectively.

EXAMPLE 10

This example illustrates the advantage of cataljrﬁc dewaxmg a total
liquid product produced from hydrotreating a raffinate over the process described in
Example. 9. Catalytic dewaxing is shown to give a product with iinproved VI over
that obtained by solvent dewaxing at the same pour points. In addition, the catalytic
dewaxed products have much better low temperatute properties (as defined by lower
Brookfield Viscosity ) than the corresponding solvent dewaxed product. o

A hydrotreated raffinate product was made under the conditions listed

in Table 10.
TABLE 10
Process Conditions
R1 Conditions
Pressure, psig 1800 (12.4 mPa)
TGR, scf/B 2400 (427 m’/m’)
Space Velocity, vivh 07 "
Temperature, °C 382
R2 Conditions :
Pressure, psig 1800
TGR, scf/B 2400
Space Velocity, v/v/h 25
Temperature, °C 290

The hydrotreated raffinate total liquid product made under the condi-
tions in Table 10 was topped at 370°C to give a 370°C+ product which was solvent

HET



' WO 99/45084 ' ' PCT/US99/03173

-33-

dewaxed using MIBK in a 3:1 solvent to raffinate product ratio and a filter tempera-
ture of -21°C to make a dewaxed oil having the properties shown in Table 11.

TABLE 11
Product Properties
Viscosity, cSt at 100°C, 3.824
Viscosity, cSt at 40°C, 17.5
SUS, cP at 100°F 93.5
VI 109.3
Pour Point, °C -19
Yield on TLP, wt% 65.5

Brookfield Viscosity, cP at -40°C 26800

The total liquid product from this step was then catalytically dewaxed
over a 0.5 wt% Pt TON (zeolite) / Pt Silica-alumina (25:75 wt/wt, zeolite:silica-
alumina) mixed powder composite catalyst under the conditions shown in Table 12
and to produce the products, after topping at 370°C, shown in Table 11.

TABLE 12
Process Conditions
Pressure, psig 1000 1000 1000 (7.0 mPa)
TGR, scf/B 2500 2500 2500 (445 m*/m’)
Space Velocity, v/iv/h 1.0 1.0 1.00
Temperature, °C - 304 306 314
~ Yield, wt% ' 482 46.3 335
Product Properties
Viscosity, ¢St at 100°C 3.721 3.672 3.593
Viscosity, ¢St at 40°C, 16.511 16.256 15.925
SUS, cP at 100°F 89.0 87.8 86.4
VI 112.6 1m 107.0
Pour Point, °C -20 -23 -39

Brookfield Viscosity, at -40°C 13640 12740 10600
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The dewaxed oxls both solvent dewaxed and the products from the _

catalytic dewaxer were formulated as Automatlc Transm1ss1on Fluids using a Ford
type ATF ad pack (22 wt’% treat rate of ATF ad pack, 78 W% dewaxed oil) and
‘Brookfield Viscosities at -40°C measured. The Brookﬁeld Vlscosmes for both feed
and products are shown in Tables 5 and 6 respectnvely ;_ _' :

Figure 9 shows the beneﬁt of catalytic dewaxmg both the DWO and
total liquid products. Companng the data in Examples 9 and 11 (Tables 9 and 12)
shows a further benefit for dewaxing a TLP vs. a DWO in tha_t the former results in
products having a higher VI at the _same pour point. Catalytic dewaxing also
improves the VI of the products from dewaxing a.TLP over that obtained by solvent
dewaxing. '

EXAMPLE 11

This example further illustrates the advantage of catalytic dewaxing a
toml liquid product versus solvent dewaxmg to the same pour point. Catalytic
dewaxing is shown to give a product with improved VI over that obtained by solvent
dewaxing at the same pour points. In additidﬁ, the catalytic dewaxed products have
much better low temperature propetties (as defined by lower Brookﬁeld Viscosity )
than the corresponding solvent dewaxed product

A hydrotreated raffinate product was made under the conditions listed
in Table 10.

NE3
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TABLE 13
Process Conditions
R1 Conditions
Pressure, psig 1800 (12.5 mPa)
TGR, scf/B 2400 (427 m*/m’)
Space Velocity, v/v/h 0.7
Temperature, °C 382
R2 Conditions : :
Pressure, psig 1800
TGR, scf/bbl 2400
Space Velocity, v/v/h 25

Temperature, °C 290

The hydrotreated raffinate total liquid product made under the condi-
tions in Table 4 was topped at 370°C to give a 370°C+ product which was solvent
dewaxed using MIBK in a 3:1 solvent to raffinate product ratio and a filter tempera-
ture of -21°C to make a dewaxed oil having the properties shown in Table 14.

TABLE 14
Product Properties
Viscosity, ¢St at 100°C, 5.811
Viscosity, cSt at 40°C, 34.383
SUS, cP at 100°F 177
VI ' 1106 -
Pour Point, °C 21
Yield on TLP, wt% 64.6
Brookfield Viscosity, cP at -40°C 148200

The total liquid product from this step was then catalytically dewaxed
over a 0.5 wit% Pt TON ( zeolite ) / Pt Silica-alumina ( 25:75 wt/wt, zeolite: silica-
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TABLE 15
Process Conditions Lo I .
Pressure, psig 1000 1000 1000 (7.0mPa)
TGR, scf/B | - 2500 2500 2500 (445 m*/m’)
Space Velocity, v/v/h , 1.0 Lo - 1.00
Temperature, °C 304 306 - 314 - |
Yield, wt% | 482 463 335 : :
Product Properties g | S
Viscosity, ¢St at 100°C, 5309 5.261 5115
Viscosity, cSt at 40°C, 28.899 28.552 27.364
SUS, ¢P at 100°F 148.9 1472 1412
VI 117.6 1170 1164 .
Pour Point, °C - -13. =20 -18 i
Brookfield Viscosity, at -40°C 47150 35650 38150

WO 99/45084 | ' PCTIUS99/03173
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alumina ) mixed powder composite catalyst under the conditions shown in Table 15
and to produce the products , after topping at 370°C, shown in Table 11.

The dewaxed oils, both solvent dewaxed and the products from the
catalytic deWaxer, were formulated as Automatic Transmission Fluids using a Ford
type ATF ad pack (22 wt% treat rate of ATF ad pack, 78 wt% dewaxed oil) and
Brookfield Viscosities at -40°C measured. The Brookfield Viscosities for both feed
and products are showﬁ in Tables 14 and 15 respect.iilely.

* Figure 10 s a graphical illustration of the results from Example 11.
This example also illustrates the benefit of catalytic dewaxing versus solvent
dewaxing in that the VI of the products from catalytic dewaxing are higher than that
obtained by solvent dewaxing.

N



" WO 99/45084 : ' - PCT/US99/03173

-37-

cLADMS: | YRR A

1. A process for producing a lubricating oil basestock meeting at least

90% saturates by selectively hydroconverting a raffinate produced from solvent
refining a lubricating oil feedstock which comprises:

@

®)

©

(d)

©)

conducting the lubricating oil feedstock to a solvent extraction zone and
separating therefrom an aromatics rich extract and a paraffins rich raffinate;

. solvent dewaxing the raffinate under solvent dewaxing conditions to obtain a

dewaxed oil feed;

passing the dewaxed oil feed to a first hydroconversion zone and processing
the dewaxed oil feed in the presence of a non-acidic hydroconversion catalyst
at a temperature of from 340 to 420°C, a hydrogen partial pressure of from
1000 to 2500 psig, space velocity of 0.2 to 3.0 LHSV and a hydrogen to feed
ratio of from 500 to 5000 Scf/B to produce a first hydroconverted dewaxed oil;

passing the hydroconverted dewaxed oil from the first hydroconversion zone to
a second hydroconversion zone and processing the hydroconverted dewaxed
oil in the presence of a non-acidic hydroconversion catalyst at a temperature of
from 340 to 400°C provided that the temperature in second hydroconversion is
not greater than the temperature in the first hydroconversion zone, a hydrogen
partial pressure of from 1000 to 2500 psig, a space velocity of from 0.2 to 3.0
LHSYV and a hydrogen to feed ratio of from 500 to 5000 Scf/B to produce a
second hydroconverted dewaxed oil;

passing the second hydrocoﬁverted dewaxed oil to a hydrofinishing zone and
conducting cold hydrofinishing of the second hydroconverted dewaxed oil in
the presence of a hydrofinishing catalyst at a temperature of from 260 to 360°C,
a hydrogen partial pressure of from 1000 to 2500 psig, a space velocity of from
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0.2 to 5 LHSV and a hydrogen to feed ratio of from 500 to 5000 Scf/B fo

|, odwealydrofnighed deved oy

®

passing the hydrofinished dewaxed oil to a scparatton zone to remove products -'
hawngaboﬂmglessthanabout250°C and R : :

passing the hydrofinished dewaxcd oxl from step (Htoa dcwaxmg zone and
catalytically dewaxing the hydroﬁmshed dewaxed ol under catalytic dewaxing
conditions i in the presence of hydrogen and a catalyhc dewaxing catalyst o
comprising a metal hydrogenauon component and a cxystallme 10 or 12 mtg L

molecular sieve,

2. A process for producing a lubricating oil basestock meeting at least

90% saturates by s_ellcct__ivclylhydr_oconvclﬁng a raffinate produced from solvent
refining a lubricating oil feedstock which comprises: .

(@)

®)

©

@

conducting the lubricating oil feedstock to a solvent extraction zone and
separating therefrom an aromatics rich extract and a paraffins rich raffinate;

solvent dewaxing the raffinate under solvent dewaxing conditions to obtain a
dewaxed oil feed;

passing the dewaxed oil feed to a first hydroconversion zone and processing
the dewaxed oil feed in the presence of a non-acidic hydroconversion catalyst
at a temperature of from 340 to 420°C, a hydrogen partial pressure of from
1000 to 2500 psig, space velocity of 0.2 to 3.0 LHSV and a hydrogen to feed
ratio of from 500 to 5000 Scf/B to produce a first hydroconverted dewaxed oil;

passing the hydroconverted dewaxed oil from the first hydroconversion zone to
a second hydroconversion zone and processing the hydroconverted dewaxed
oil in the presence of a non-acidic hydroconversion catalyst at a temperature of

A
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from 340 to 400°C provided that the temperature in second hydroconversion is
not greater than the temperature in the first hydroconversion zone, a hydrogen
partial pressure of from 1000 to 2500 psig, a space velocity of from 0.2 to 3.0
LHSV and a hydrogen to feed ratio of from 500 to 5000 Scf/B to produce a
second hydroconverted dewaxed oil; |

passing the second hydroconverted dewaxed oil to a separation zone to remove
products having a boiling less than about 250°C;

passing the stripped second hydroconverted dewaxed oil from step (€) toa
dewaxing zone and catalytically dewaxing the stripped second hydroconverted
dewaxed oil under catalytic dewaxing conditions in the presence of hydrogen
and a catalytic dewaxing catalyst comprising a metal hydrogenation component
and a crystalline 10 or 12 ring molecular sieve to produce a catalytically
dewaxed oil; and

passing the catalytically dewaxed oil to a hydrofinishing zone and conducting
cold hydrofinishing of the catalytically dewaxed oil in the presence of a
hydrofinishing catalyst at a temperature of from 260 to 360°C, a hydrogen
partial pressure of from 1000 to 2500 psig, a space velocity of from 0.2 to 5
LHSYV and a hydrogen to feed ratio of from 500 to 5000 Scf/B.

3. The process of claim 1 wherein there is no disengagement between

the first hydroconversion zone, the second hydroconversion zone and the
hydrofinishing reaction zone.

4. The process of claims 1 or 2 wherein the basestock contains at least

95 wt% saturates.

R
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5. The process of claims 1 or 2 wherein the raffinate is under-
extracted. L e e

6. The process of claims 1 or 2 wherem 1he'hon-’ébidi¢ hYdro; -
conversion'camlyst is cobalt/molybdenum, hicgeVﬁiol)'?bdenuxﬁ or nickel/timasten on

alumina,

7. The process of claims 1 or 2where1n the hydrogen parual pressure
in the first hydroconversxon zone, the second conversmn zone or the hydroﬁmshmg .
zone is from 1000 t0 2000 psig (7.0 to 12.5 mPa)

8 The process. of clanns 1 or 2 wherein the non-acldlc hydro-
conversion catalyst has an acidity less than about 0.5, said acidity being determined
by the ability of the catalyst to convert 2-methyl—2-pentene to 3-methyl-2-pentene
and 4-methyl-2-pentene and is expressed as the mole ratio of 3 methyl-Z-pentene to
4-methyl-2-pentene ' ’ - B

9. The process of claims 1 or 2 wherein the dewaxing catalyst is a
zeolite selected from ZSM-5, ZSM-11, ZSM-12, Theta-1, ZSM-23, ZSM-35;
ferrierite; ZSM-48, ZSM-57, beta, mordenite and oﬂ'rehte '

10. The process of claims 1 or 2 wherein the dewaxing catalyst is an
aluminum phosphate selected from SAPO-11, SAPO-31 and SAPO-41. |

11. The process of claims 1 or 2 wherein the dewaxing catalystis a
composite of a crystalline molecular sieve and an amorphous component.

AU R




" WO 99/45084 PCT/US99/03173

-41-

12. The process of claims 1 or 2 wherein the dewaxing catalyst is

layered catalyst containing a first layer of amorphous component and a second layer
of crystalline molecular sieve.

13. The process of claims 1 or 2 wherein the metal hydrogenation

component of the dewaxing catalyst is at least one of a Group VIB and Group VI
metal.

14. The process of claim 1 wherein the catalytic dewaxing step is
followed by a cold hydrofinishing step.

15. The process of claims 1 or 2 wherein the amorphous component of
the dewaxing catalyst is selected from silica-alumina, silica magnesia, halogenated
alumina, yttria silica-alumina and mixtures thereof.

16. The process of claim 13 wherein the metal hydrogenation
component is at least one of Pt or Pd.

17. The process of claims 1 or 2 wherein solvent dewaxing comprises
mixing the raffinate with a chilled solvent to form an oil-solvent solution mixed |
with precipitated wax, separating precipitated wax from the oil-solvent solution, and
separating the solvent from the solvent-oil solution ﬂlereby forming a solvent
dewaxed oil.

18. The process of claim 17 wherein the solvent is at least one of
propane, butane, methyl ethyl ketone, methyl isobutyl ketone, benzene, toluene and

. R



