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Selektivitit und Ausbeute in Wirbelschichtreaktoren. '




25 To circunvent this problem attenpts have been nmade to carry out the
reaction in a fluidized catal yst bed as described, for exanplgagay 20058JS
5,300, 684, where cooling tubes are |located directly in the fluidized-bed
reactor tor A further devel opnent of the process is described

WBVE heat .
in WO 00/ 1404Y0 QR/38528v ant age of the fluidized-bed prRESAERF/PEwsri bed 30
there has hitherto been that the oxi dation of ethane to acetic acid still -

et eeeao-- ﬁo&%k%ariﬁg‘g@ﬁ §§m with a low selectivity and a | ower

space-tine yield thanin a fi reactor. It is therefore an object of
the present invention to provide a process for the oxidation of ethane to
acetic acid in a fluidized-bed reactor which can be operated with higher
sel ectivity Bageription with a higher yield than the processes described
hitherto. Accordingly, an aspect of the present invention provides a
process for preparing acetic acid by oxidation of ethane by neans of

mol ecul a® oxTlye invientian frélatsl #28 f LGl erein the
particle di ar}ﬁt er -OL at | east 7&&?%#%%2%&%%@%?8%@ ?&9?"3/30’\‘3@%%0'1 gf | ess
than or equdfiNgae BithdHgh srlectivisang irohighhyielddn fuidizedsbed irsa@srsused in t he
fluidized-bed reactor is in the range from500 kg /M3 to 6 000 kg /M3, the
fluidized bed index is greater than or equal to 1 and the gas volune flow

i s sel ect ed The eatalytic gasiphiaskaxitiaioht &ethd !,Féq{é' Lxture fed in
in the flui ?)ieze - bed &g'ac or is less than q%ﬁig%r{ n t%@&ggg@ce%'éi%ention,-
it gats_ sur pbl ?;;B %Wfs P % L. Jdes Feagtion Hatir:?}ﬂmqadeb%ﬁriﬁﬁ? byQﬁethbl
oxi dati p@ ObheicbaIfehdi 2 AT G n, the size o e gas bubbl es
ih the fluidized catea?‘ﬁf élc%)ﬁecgt.ﬁrféhql?)lgﬁ#)ﬁaﬂ%éfﬁ?”yb%Ptﬁl“'r' selectivity aithecm are
advant ageougeaqignt i gemerqlr atetiersoid is farm ohfy BEDY-BrodiRY] Wlile dndi amet er
f <5 : , ’
© M main product is ethylene which may, under some circumstances, be

oxidized further to carbon dioxide.

15 DE 196 30 832 A1, DE 196 20 542 A1, DE 197 45 902 A1, WO 98/47850
and WO 98/47851 describe a process for preparing acetic acid by partiaf
oxidation of ethane using Mo.PdpX.Yy as catalysts in a fixed bed. The
catalyst has a high stability and a high selectivity in the oxidation of ethane to
acetic acid. However, difficulties are presented in the process by the fact that

| 20 the oxidation of ethane to acetic acid is strongly exothermib. Particularty in
) - relatively large fixed-bed reactors, the heat of reaction can be removed only
unsatisfactorily. This results in an increase in the temperature in the reactor

and thus a reduction in the selectivity of the reaction. |

25 To circumvent this probiem, attempts have been made to carry out the
reaction in a fluidized catalyst bed as described, for example, in
US 5,300,684, where cooling tubes are located directly in the fluidized-bed
reactor to remove heat. A further development of the process is described
in WO 00/14047. A disadvantage of the fluidized-bed process as described
30 there has hitherto been that the oxidation of ethane to acetic acid still




At a given average particle size of the catalyst used, the size of the

bubbl es can be set by controlling the volune flow of gas. Bu&)ﬂl e 8 es of
<12 CM can only be achieved by use of catalyst particles havi n&yg an
dianeter of less than or equal to 80 Wi, 9 May 2005 2a An enbodi nent may
accordingly provide a process for.ghe direct catalytic oxo)ddation of

ethane to acetic acid in a fluidized bed conprising up to 70% of catal yst
to 80 pm The fluidized

partic i laneter of | ess than or equal )

bed pr@f@?%y@b%i'g\"&%q ¢ ghel A lowarspase-tisae vield hendaw fikedr  particle
si ze obeflmeatdp to 60 pm and the distribution of the particle sizes
shoul d be such that 10-60% of the particles have a dianeter of |ess than
60 pm Particular preference is given to a distribution of the particle
sizes such that catalyst particles are present in a dianeter range of

10- 40 y qbodi ment, the dj f 20-50%
of theﬁgﬁhg:r@s‘?{@aﬁgﬁé‘%faﬁﬁéé"?%r@gg'er{"rﬁﬁﬂ?ﬁ@%ﬁéw ntﬂdvéwﬁe. orthe The 11 u di zed
cop | aadation bbotitnel 1 acéloadliafich AORIAIBET | Bab P it Bafling’2s | Vel ool

set to mnjnumfluidization velocit above I'S” means that
the fIONEHREE)witbqhigherepleelivity amed thusi witht at kighét yielgrihaauite of 16 bar

and a%&ag@é : the mninmum fluidization velocity at a particle
5 di anet er O?%&‘égﬁ]&qﬁﬁgg&g nm's. The fluidized bed index is preferably in
the range froml to 12. As catalysts, it is possible to use all catalysts
knownad@rdih s arnsddbbl ' : . Cat al ysts whi C|{‘| have been found to be
advant ageoﬁtgﬁar e Cat lgﬁ%{%'%g&t frﬁfe&goqcﬁ@vp§§ FIYQregg Jor preparing acetic acmd._

by oxidation of ethane by means of molecular oxygen in a fluidized bed of catalyst

particles, wherein the particle diameter of at least 70% of the catalyst particles used is

less than or equal to 80 um, the density of the catalyst particles used in the fluidized-bed

reactor is in the range from 500 kg/m® to 6 000 kg/m?®, the fluidized bed index is greater

than or equal to 1 and the gas volume flow is selected so that the bubble diameter of the

reaction gas mixture fed in in the fluidized-bed reactor is less than 12 cm.

In the present invention, it has surprisingly been able to be shown that the
selectivity of the oxidation of ethane to acetic acid depends on the size of
the gas bubbles in the fluidized catalyst bed. In particular, bubble sizes of
<12 cm are advantageous. Particular preference is given to bubbles having

a diameter of <5 cm.

At a given average particle size of the catalyst used, the size of the bubbles

- can be set by controlling the volume flow of gas. Bubble sizes of <12 cm
can only be achieved by use of catalyst particles having a mean diameter
of less than or equal to 80 um.




MoaPdb&yd (1) where X is one or nore elenents selected fromthe group
consisting of Cr, WM, No, B, Ta, Ti, V, Te, Wand Re and Y iSMen20@ nore
el enents selected fromthe group consisting of B, 15 A[, Ga, In, Pt, Zn,
Cd, Bi, Ce, Co, Rh, Ir, Cu, Ag, Au, Fe, Ru, Cs, M, Ca, Sr, Ba, Li, K Na,
Rb, Be, Nb, Zr, Hf, Ni, P, Pb,28b, Si, Sn, Tl and U The indices a, b, c
and d are the gramatomratios of the corresponding elenents, where, based
on_a =120 bisinthe range fromO0.0001 to 0.01, preferably from 0.0001

- 0.00%, c is in the range from0O. 1 to | and dis in the range fromO
to 1. X and/or Y may al so represent a plurality of elenents, in which case
t he mambpdj@@nénmcaogomlaaswm alpfdoess far theditess catalytigi f f er ent el ement s.
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Mol . ofifidizedobeéd \icrefSrshdy @aamonallyca@nﬁhin smaller particles having a
Mol . ooPdo 00075V0, s5NbO. 03ShO. A Cao. 0
Mol . 90@'6@5!7(5"%!\%t%@@b@n,oam!&&@ﬂlstnbutmn of the particle sizes

Mbi ~°§§’3@d %Og@bﬁ%mgg ésgfoth%' @@cﬁs have a diameter of less than

60 um. Particular preference is given to a distribution of the particle sizes
such that catalyst particles are present in & diameter range of 10-40 um. In
a particularly preferred embodiment, the diameter of 20-50% of the catalyst
pariicles is less than 40 um.




Mol . ooPdo. 00075Vo. , 55Nbo. ogSbho. O, Cao. 01 10

. Mol () oPdo. Doo8Vo. 50Nbo. ;, sTeo. G, Cao. 01  Mpj . ooPdo- 00075VO. 50N P98 O
Pdo. 0003 Apart fromthe reaction gases ethane and oxygen, the reaction gas

m xture may further conprise water vapor and inert gases such as nitrogen

or 15 carbon dioxide. It is also possrBl-e to enploy a reaction gas

conposition -above the explosive limt in the fluidized-bed reactor.

vt o1 andl or |65 nanezed bed MIAORR KerRRE MRl haP R 168 el ol e o

wat er .and/.or. et hane.. Water vapor acc
acetic aci d elogihesetdq gainineun fluidization delocity) tefs tetiwmasove 1eThid Regnand t hus

results in Ncse Ln the selectivity to acetic acid. The process
is prefer abf{&aég?ef Flg@hﬁf qu has t%ﬂb?’éﬁ E{Mgstat%w 2 Ppeswewrfets bacr ease

t he sel ecti vankd aak oK dpbs r Wols MR FIR : et | Ld, A
temperature ranae op T Doy BB ARl BBl VoIt A% PR £ om 1
to 50 baP i Hlipgmetesraf &P umtie Sfeinyg. The tloiizat béd FideRas prafepsbigantiee i n the

range from 60 g /M3 . To carry out the process, it 1s possible
to use, forﬁgag%rgﬁoén qgo 1Erui di zed-bed reactor as is described in US

5,300, 684. 30 The process of the invention has a high selectivity, and

I ncreased space- tinme yields can accordingly be achieved in the oxidation
of- ethane tq acetic 9 May 2005 acid at noderate tenperatures in a

1 ui di zed- bé§ satalystss It isposablety use aflastalysterknoivr focthosb Hkillesi inahgnabl es

t roubl esone ] 1% t eactants, in the fluidized bed to be
reduced. Thlﬁds)t(?l %’gné tg'glvﬁégﬁsé%g og%ﬁp Fq%g?@ag%éggﬁmt@%?% @je Gatalyas okact i on,
resul tity i theformoty @pse in the space- 5 tinme yield of acetic acid.

MoaPduXcYa (1)

where X is one or more elements selected from the group consisting of Cr,
Mn, Nb, B, Ta, Ti, V, Te, W and Re and

Y is one or more elements selected from the group consisting of B,
15 Al, Ga, In, Pt, Zn, Cd, Bi, Ce, Co, Rh, Ir, Cu, Ag, Au, Fe, Ru, Cs,
Mg, Ca, Sr, Ba, Li, K, Na, Rb, Be, Nb, Zr, Hf, Ni, P, Pb, Sb, Si, Sn,

Tiand U.

The indices a, b, c and d are the gram atom ratios of the corresponding
elements, where, based ona = 1

20 b is in the range from 0.0001 to 0.01, preferably from 0.0001 to
0.001,

cis in the range from 0.1 to 1 and
d is in the range from 0 to 1.

X and/or Y may also represent a plurality of elements, in which case the
25 - indices ¢ and d may assume different values for different elements.

The catalyst particularly preferably comprises at least one of the following
compositions in combination with oxygen:




In a particul ar enbodi nent, especially when high ethane conversions are
desired, the reaction can be carded out in a nultistage fl ui djjagedabms
reactor- with dedicated introduction of gas.into each stage. Bubble growh
10 commences afresh in each stage, so that the bubble size is on average
smal l er than in a single-stage fluidizedbed. The small bubbles can al so be
achi eved by neans of internals, e.g. neshes, in the fluidized bed. To

achi eve hi gh et hane conversio atp t he time as a high selectivity to
acetic acid, an additional di \I)léI ?F(?Or?f"fsgg%l?odﬁ of .oxygen into individual

15 stages can be .advant ageous.M;m% é@?@%@?ﬁgﬁggﬁ sizes in a fluidized

bed and the corresponding reaction %r m ned from
measured results obtained in MoweBPthgasVonNbesShae Calakyhi ¢ gas- phase

-oxi dation of ethane in a fixed,bed. 20 The kinetic paraneters determ ned
therefromfor the reactions i%@-wggo-@%blo-sé\'ﬁm&@mpﬁo@ﬂ g.la and 1b. The
catal yti & gas-phase oxi dati on pgh, £PH vi. 8 t zed by two different
catalytically active sites Z and1'0(>3( o(?i&5 ﬁeo"r’s(':\gt%e?%% 0.1520' 's a site where all

oxi dation steps occur, nanmely MheoBsdesVyasNdgkShle0as@t i on of ethane, the

partial and conpl ete oxidatiopg. of he ang of acetic acid. Xis a

position on the catal yst whi CMCBQE%%@W%@&?@@-OS H@-q;ciﬂnw he presence of

wat er. The activated form of Md,&wa?wb@ﬂﬁ,s bG%Rf'é(oerSi on of ethene into
{o t he cker”

acetic acid via a mechanismsimlar t er-reaction. The formation
of acetic acid thus proceeds WoaoctRf.oowtsYdseNbaseSbearden paths - via the

pa'rtial-lgxi dation of ethene aj,.th osi i oR,.Z (s‘%QJ 2in fig. i a) and
‘vijja a mechanismsinmlar to th’éﬂ%ﬁ@l@t‘mﬁ’ &@ﬁbéﬁglgq‘)m @01t i on X (step3 in
fig. 1la). The necessary ki net Mo y#Hddgs74\Q shNB, oo p jates at the
catalytically active surface in the stéa 3‘/5 st%%gcg&o\?i ‘zﬁg% 9 May 2005 -6

Apart from the reaction gases ethane and oxygen, the reaction gas mixture

may further comprise water vapor and inert gases such as nitrogen or
15 carbon dioxide. It is also possible to employ a reaction gas composition

above the explosive limit in the fluidized-bed reactor. However, the reactor

is preferably operated using an excess of inert gas, water and/or ethane.

Water vapor accelerates the oxidation of ethane to acefic acid at the

expense of the oxidation of ethane to ethylene and thus results in an
20 increase in the selectivity to acetic acid.

) _ The process is preferably carred out at low temperatures. Low
temperatures increase the selectivity of the oxidation reaction in favor of
acetic acid. A temperature range of from 100 to 500°C at a reactor

25 pressure of from 1 to 50 bar is preferred.

The density of the catalyst particles can be in the range from 500 to 6000
kg/m°. To carry out the process, it is possible to use, for example, a
fluidized-bed reactor as is described in US 5,300,684.

30

The process of the invention has a high selectivity, and increased space-
time yields can accordingly be achieved in the oxidation of ethane to acetic




Z-OH2, Z-O Z-CH2H4, X-OHOH and X-O, were determ ned analytically and are

~given in table X The values deternmned in this way were useddgappond ate
.the fluidized-bed 5 reactor according to the bubble assenbl age nodel (BAM
(K. Kato, C.H Wn, Chem Eng. Sci. 24,1351-1368 (1969)). The nodel

~ describes the flui d| zed bed as a two- ph%e system whi ch consists of a
bubbl e phase which is low in catalyst a a catalyst-rich enul sion phase;

10 the two-phase structure of such a reaction m xture conprising particles

in a fluidizeidead mﬁbrﬂestdnmaiﬂtmﬂﬁ@tﬂwdmﬂﬁ-ﬁeﬁ eRiRtdre Rigtherinete, Wi t h

t he naked eye. Since .the |on hase contains a high proportion of
solid, the dadustion of rqu% ttFrittiesape | Rackmixing oy the

reaction tak t tration of
the catal yti ?é?r@ Q&le'q th' E’ﬁqgé@tﬂt?ﬁl Rpﬁt 'ﬁéaw::%gl ﬁz’éegﬁg\ggw @%&%% EE'l erefore
“has to descriifreabed selertivity obthe ramtibantesuiting iv & iwdrsafeiniRnspdre-bubbl e
phase and_t he. emul hase and at the same tine take account of the
‘growt h of2th "lﬁjlﬁ'ﬁfdsgp ti¢ agidhcr easi ng di stance fromthe gas distributor,

an effect which is well known fromfluidized beds. For this reason, the
fluidized bed was di vi ded into 20 segnents with a hei ght correspondi ng to

t he | ocal bl e di arr‘e@t er. e bubbl eaﬁ“amet er, the'velocity of the
bubbl es, the R wlar gm mﬁ@& agpgcially wheyt hioh, sthane sanversiens as t he

phases were t he t h Eng.
Sci. 47 (9- 19%%5@1@%‘“5%@) g‘ga'ﬂ%ﬂrray '??é d“'}'f{}ﬁ%% hﬁ?'zeﬁ . Mech.
21, 465 (196aa)ctuernht:tadma:mmm¢Msacﬂ mmt@mbblmagmmle@owsegnent
was deSC{ bed as an |d stirr §§é 8 he good heat renoval
from f1 uitti ZERMPEAIGES {Qﬁi‘gm 8 %P geat80 thatigey [SiZeel§c®M G@VORRGRIi t i ons
can be achi e t r l ' er mal
for the pur p%@glslerg @fan nﬂeqss'hg@gﬂggyﬂ%{fﬁé& The'@all b et alsd P’

achieved by means of internals, e.g. meshes, In the fluidized bed. To

achieve high sthane conversions at the same time as a high selectivity 1o

acetic acid, an additional divided introduction of oxygen into individual

- 15 slages can be advantageous.

The advantageous bubble sizes in a fluidized bed and the corresponding
reaction parameters were determined from measured results obtained in
investigations of the catalytic gas-phase oxidation of ethane in a fixed bed.

20  The kinetic parameters determinad therefrom for the reactions involved are
summarized in fig.1a and 1b. The catalytic gas-phase oxidation of ethane

is catalyzed by two different catalytically active sites Z and X on the
catalyst. Z is a site where all oxidation steps occur, namely the oxidative
dehydrogenation of ethane, the partial and complete oxidations of ethene

25 and of acetic acid. X is a position on the catalyst which becomes active
only in the presence of water. The activated form of X (X-OHOH) leads to

- conversion of ethene into acetic acid via a mechanism similar to the
Wacker reaction. The formation of acetic acid thus proceeds via two
different reaction paths - via the partial oxidation of ethene at the position Z

30 (step 2 in fig. 1a) and via a mechanism similar to the Wacker reaction at
position X {(step3 in fig. 1a). The necessary kinetic values to the
intermediates at the catalytically active surface in the steady state, viz. Z,




-7 The masé equation for the two phases is given by the follow ng
equations: Enul sion phase: 0 ArU.f [CEJ, k-1 kV8' k I CH .k CEX May¥ 2006RE,

" CEJA 1+ ZNQE ,k(1 )P.IVEEk Ef 5 Eq | Bubbl e phase: 0 '41U (Uk Uf
Jca.i.k-] CBk KE, kvB,I [Cl1J,k CE. I, Eq. 2 10 The equations can be
sol ved for each reaction conponent i aﬁ@ ‘each segnment k, for exanple by
nmeans of the Wegstein nethod. The mass transfer between the bubbl e phase

and the enul ZiOH,, I3 &-OMyH NXEOHON BhE 96 wite ldafermRb FafAbaliERIk. can
‘be determ ned qu,gntltat %Iy by 15 neans of a correlation og)ﬁgt and G ace
(S.P., Sit, gegvepiniableXem Eng. Sci. 36, 327-335 (1981)). The ni ni num

flui di zation velocity unf is derived as described in Wn et af] (C. Y. Wn,

Y. H Yu, AIChE J. 12, 610 (1966)). The direct catal ytic oxidation of
ethane to acetic acid in a fluidized bed can 20 be described to a good

degree of acthe aabuebﬂatemsnedfmtthle \Adeere dewe ltoRfHuRES the ﬁﬁl@lzbﬁfb&d s are
ures and tables is the nodified

EBS\CAQ !unr% 8’%8&”@5309%"9.&85!16% @ﬁ?%’ln%'igenﬁ@gehlﬁ@AVal(ManECfHow under
Tunction of o Be g e i 2o 1B I0RTT for aifrerent particle
di aneters of 60.urn and 80 pm 9 May 2005
The model describes the fluidized bed as a two-phase system which consists
of a bubble phase which is low in catalyst and a catalyst-rich emulsion phase;
10  the two-phase structure of such a reaction mixture comprising particles in a
fluidized bed with gas being passed through it can be verified with the naked
eye. Since the emulsion phase contains a high proportion of solid, the
catalytic reaction takes place there, while virtually no reaction takes place in
the bubble phase owing to the low concentration of the catalytic material. The
15 model of the fluidized-bed reactor therefore has to describe the transfer of
reactants and products between the bubble phase and the emulsion phase
and at the same ftime take account of the growth of the bubbles with
increasing distance from the gas distributor, an effect which is well known
from fluidized beds. For this reason, the fluidized bed was divided into
20 segments with a height co?responding to the local bubble diameter. The
bubble diameter, the velocity of the bubbles, the expansion of the bed and
the local volume fractions of the phases were calculated by the methods of
Werther (J. Werther, Chem. Eng. Sci. 47 (9-11), 2457-2462 (1992)) and
Murray (J.D. Murray, J. Fluid. Mech. 21, 465 (1965)). For both bubble phase
25 - and emulsion phase, each segment was described as an ideal stirred tank.
Owing to the good heat removal from fluidized-bed reactors, approximately
isothermal reaction conditions can be achieved: for this reason, the reactor

-{).

was regarded as isothermal for the purposes of modeling.




Fig. 3 shows the conversion selectivity curves and fig. 4 shows the yield

. of acetic acid as a function of the residence tine for.vari AUdaP2003 Cl e
and bubble, dianeters under the follow ng reaction conditions: T = 2600C,

Ptot =1 6 bar, feed conposition C21-16; 02: H20: N2 = 40: 8: 20: 32. 5

Fig. 5 shows the conversion sel ectivity7curves and fig. 6 the yield of

acetic acid as a function of the residence tine for nultistage fluidized

beds(see abPhemadshyurtiontsr iHadWeRH g)wgpp@,} ' r}d:@q!%{ t of each

stage (reaction conr?lti ons: T = 260%%:9?&%? t =1 6‘%92@’,"8‘8;0 = ité’!’rﬁg feed . .-

conposition C2H6 : 02 : H20 : N2 =40 : 8 : 20 32 (in the case of divided

i ntroduction of 10 oxygen in the first stage: 40 : 1.6 20 : 32)). Fig. 7

shows the CO@I‘ﬁ%fS?(SfP@hé .ectivity curves and fig. 8 the yield of acetic
acid as a function of the residence tine for a fixed bed, single-stage

fluidized beg_ -stage fupdiged bed w yhslivided i ntyoduction of
_oxygen; theﬁipg?fg’tfgcﬁf'hﬂi g%{'f‘!e”f%éﬁ@ cﬁ}ﬁbgf{-fikl’hzg‘ff.j’fshfé &t #a'ch each stage
(reaction 15 conditions: T 2600C, Ptt =16 bar, dp = 601im feed conposition
C21-16 :502 : H2EQNA = 40 : 16 20 : 32 (in the case of divided introduction
of oxygen in the first stage: 40 3.2 : 20 : 32)). Exanples 20 The present
cal cul ations were carried out under the assunption of a reactor dianeter
D of 4 m Bupbid phase:si ze of 60 gmor 80 gm (according to the Geldart
classification A, density of the particles of 3100 kg/m 3 and a

[

a
porosity of Ghdh} i duzdds naactorl-ded wilen, 5 at,Jt he minimum f1 ui di zati on
vel ocity. The corresponding mininmumfluidization velocity was 3.3 nis 25

Q_(,EO gm or 5.85 BAs2(at 80 itm. To achi eve conparable fluid-dynanc
conditions in the reactor in the sinulation, the fluidized bed index u/unf
in thel®eactor was kept constant at 8.0 for all sinulation conditions
(different _tenperature, different conposition of the gas streamfed in) by
adj usting The equations can be solved for each reaction component i and each

segment k, for example by means of the Wegstein method. The mass
transfer between the bubble phase and the emulsion phase, which is
‘expressed by the coefficient Kgg4, can be determined quantitatively by
15 means of a correlation of Sit and Grace (S.P., Sit, J.R. Grace, Chem. Eng.
Sci. 36, 327-335-(1981)). The minimum fluidization velocity u.y is derived
as described in Wen et al (C. Y. Wen, Y. H. Yu, AIChE J. 12, 610 (1966)).

) | The direct catalytic oxidation of ethane to acetic acid in a fluidized bed can
20 be described to a good degree of accuracy by means of the model
developed here. ‘

The results are shown in figs. 2 to 7. 1, in the figures and tables is the

modified space-time given by the quotient of catalyst mass and volume
25 flow under the respective reaction conditions.

- Fig. 2 shows the bubble diameter as a function of the height above the gas
feed point for different particle diameters of 60 #m and 80 um.




the gas velocity at the reactor inlet accordingly in the range from4.67
nmB/s 30 to 5.40 nB/s. As gas distributor, a nozzle plate distgmaypess havi ng
- 800 orifices per m2 was assumed. 9 May 2005 -9 In the calculation for
the nultistage fluidized-bed reactor wthout divided introduction of _
oxygen, each stage was nodel ed as an in@ividual fluidized- bed reactor with
its own gas distributor. In the case of a nultistage fluidized bed with
oxygen,, the sang fl ow of oxygen is added 5 to the

- g;\s” Ste ?e;nmtgg%gééé%{rﬁ Sversipn sglaclivily cup@staneig.& shaws dhe yishd ot age t o

stage, so thatetichacid asda Fenttioadof ﬂﬁ@ke?i?@hﬁ@&ﬁ(ﬁje gb'r %ﬁgui fﬂ%}uﬂé@'iﬁ?\d ot hg. 5.
Ul Ze I N

TGl e ot g afReaE Lkfer 18 YoldlinG HaPhid ondiions i %6076 Bt on

resul ts for alb basdeed compesitiah GiHee @ heH.O1 W40t @: 200082, t he sane

condi tions a}E_e i ven for conparison (abbreviation: PLF). 'The nodi f i ed
resi denc® t i 8- O showssthecsanversiom selestivity ounesaand fig & e yiefthehdeetic s

[ t ¥ 18t redidil ; f. react or
Tl et under t%‘ﬁ%@??é%‘%“é@c% {gﬁ roSiaghEe U rdr uBAEE ARl head ed] 227 0

particle si ZP¥RRuIG POIIE indicatg: then sompositionr at e autlet @f eadh glaigeer ent
“particl e di dresiotion,conditions60 =pEBEAT] Q) -aB bar df, BSE ARE 186d LBRBRiBA

articles, m“. bubhl.es _havig,a. L mum di aneter, of 4 cmwere forned,
\a/hi le in the 2cz?s’gts?of Hfﬁé%%g&' a‘r%@cgg:(fnnﬁ\?o‘fﬂs@s"ft@\mﬁg intredustionaf of up
to 12 cit®ar @xyeeminitheiirstistagef4@ct.of20e82Yr nmass transfer and reduced
backmi xi ng in the case of small bubbles on the selectivities and the yield

of acetic afi®i 7apows dhe convarsignrsaledivityratirdes and digd Bttheryjelliaf ercetic 3 and 4
show that akcil BubE! RindligHrel SheOfesiore! tirtd Mol BCriR6d R DLiRgLhgs become
the same a5, b8 BRG 5-8t3G8 fltidized bed with divided introduction of oxygen;
the points indicate the composition at the outlet of each stage (reaction
15 conditions: T = 260°C, Pi;x =16 bar, d, = 60 um, feed composition
CoHs 1 O2: Hz0 : Np = 40: 16 : 20 : 32 (in the case of divided introduction

‘of oxygen in the first stage: 40 : 3.2 : 20 : 32)).

Examples

20 The present calculations were carried out under the assumption of a

reactor diameter D; of 4 m, a particle size of 60 um or 80 um (according to

U : the Geldart classification A), a density of the particles of 3100 k m3 and a
)

porosity of the fluidized reactor bed of 0.5 at the minimum fluidization
velocity. The corresponding minimum fluidization velocity was 3.3 m/s

25 (60 pm) or 585 m/s (at 80 um). To achieve comparable fluid-dynamic
conditions in the reactor in the simulation, the fluidized bed index Wume in

the reactor was kept constant at 8.0 for all simulation conditions (different
temperature, different composition of the gas stream fed in) by adjusting

- the gas velocity at the reactor inlet accordingly in the range from 4.67 m¥s

30 to 5.40 m¥s. As gas distributor, a nozzle plate distributor having 800

- 2
orifices per m”~ was assumed.




Furthernore, the results show that at constant conversion, the selectivity
- to 25 acetic acid increases with decreasing bubble sizes. |n cagdybogsm, when
the particle dianmeter becones smaller, the yield of acetic aci d YHoac and
also the space-tinme yield increase (fig. 4). The exanple shows that at a
maxi mum bubbl e size da of | cm virtualby identical results in respect of
the selectivity to acetic acid and the space-tine 30 yield are obtained in

the fluidized-phed rea nd the f{ixed-bed reactor, 9 May 2005 since at
. thies bﬂiobl ee'g" '%Pf?i!PP Ohdhe HRvEistagen luidizesseed reagor witheutsdidedubbl es

and enul si oqngbagg,d}pgpé deabﬁ‘ Wa% 093@5”%%@% ‘Zpégﬂg&g‘?egelt can,

t hus be shown that the eI ectivity and space- ast
partly attribad &ac@r‘t\mtfuﬁsiemnrgdﬂ distribuiton. Xn tig ¢asd biea Mukliglage dulpggnd to

Pends to- olAbRRhHhyifea BRETistGa iy GeRoleysqme floyof ARmerie addas on
“phase. |8 a8dhéiga8 stiealt BBIGIX AR HARSCTHS BbiA B hEs HBAES feads to

i ncreased carbon dioxide fornation a resu unse ecti her_
oxi dat i on ofStagrto slegei go éﬁcﬂtdhaﬂdld!m bed irdeeidumsdses slightihfroacebite acid

o |
osei bl o wagb1 T8 SAire AenL Wb oRPRe thal bR utTiged BochiBder Ui mea bod

is, apart ftigeniddiedtade ontherfluidiged@delii§Be Ssi ze, the use of a nmultistage
f|UI di zed-bed reactor. As a result of the gas distributors at the 15

begi nni ng_ofn GAGMGaSE ihd NmBltioAdfodtitalldt & dilﬁggié?%otm&n@ég%ﬁgﬁ oed

reactor is smalle anlnasmgestage
gjowt h 1&¢ are@t@w ure@ef the ssaad condilions Birg given ﬁ)raimm;farisbnvqabb%waiﬁjﬂ ts for

Various mul e flu ed reactors: 20 e "3SC - ta

f I ui di zed- bE!ﬁ ‘? 8?04#{‘!73 %‘?‘%”‘i?f HiQe: Tioy SPECHiIREdN th@ﬂ’lgﬁfeSoan in the
appendix is defined as the mass of catalyst divided by the volume flow at
the reactor iniet under the given reaction conditions.

15 Example 1: Influence of the particle size

Simulation calculations were carried out for two different particle diameters,
- viz. 60 um and 80 ym. In the case of the 60 yum particies, smaller bubbles

having a maximum diameter of 4 cm were formed, while in the case of the
80 um particles, bubbles having a diameter of up to 12 cm are formed.

) 20  The effect of better mass transfer and reduced backmixing in the case of small
bubbles on the selectivities and the yield of acetic acid are shown in figures 3

and 4. In addition, figures 3 and 4 show that at a bubble diameter of dg = 1

~cm, the achievable yields become the same as those in the fixed-bed reactor.

Furthermore, the resuits show that at constant conversion, the selectivity to

25 acetic acid increases with decreasing bubble sizes. In addition, when the
particle diameter becomes smaller, the yield of acetic acid Yuos and also
the space-time yield increase (fig. 4).

The example shows that at a maximum bubble size ds of 1 cm, virtually
identical results in respect of the selectivity to acetic acid and the space-time
30 vield are obtained in the fluidized-bed reactor and the fixed-bed reactor,




the fluidized bed per stage = 1.04 rn O "5St" - 5-stage fluidized-bed
reactor with 10 1 of catal yst/stage, height of the fluidized Wapdequer stage
" = 0.53rn 0 "5St,vert" - 5-stage fluidized-bed reactor with divided

i ntroduction of 25 oxygen and 0 15 t of catal yst/stage, height of the
fluidized bed per stage = 0.78 rn For -cldhpari son, the results for the

singl e-stage fluidized-bed reactor (BAM and the ideal fixed-bed reactor

(PILF) are al; ' | . d 6. 05 t | qw et hane
conversi ons,aénzéf)efn%tP gﬁ‘eg ?Lgb&l%%fr%eg%m%@swgﬂvﬁpﬁﬁﬁt%@”ﬁsﬁﬁ{é‘?‘"&?@%@&"?gﬂ ty in
the 5-stage Hubbilel andielmetsion phast véeled and rrmhdiﬁdrf?ba@lﬁm&mqg@rred&&&ﬂ in the
other fluidized bed reactors. This is attributable to the 1ow oxygen

concent r at i qicam kOB SAGHN thAL tthBﬁFseﬁééi]E‘rf?g iag.iarzgggp%iet@'ig giew'f's at @h{f erences

in the selectivities between the various actors are |ow,
(<2% . The agiheattribigabledoatidgsisablehackmixingin the fiidizéd bed- &retito slewct or Of

i roduct ofor° BRYer et Bide3te and ehuslh vdseriin edier si on
the sel ecti \dxggem frdnhehéi bitbideanfesioWly delting (S the emdsidh é@%@ﬁﬂr esults

in figure 5 show that use of a nultistage fldidized bed enab e
space-ti me Wdditien; @ Bigh A¥ygeis eaneenjrationcianthey bubbiparledds doainsieaged st age

o a1 educt P dpRBeCRaIo BE o reuf ot LiEdectle EBNE! 8lon AR

pressure r edoeticsatitlandahes tooa rediiction MRy &sbticicidsalettivaty, r eactors. 15 The
simul ati on of the 5-stage fluidized-bed reactor with divided introduction

.0f oxypen was repeated for a higher oxygen concentration which allows a
‘hi gher ethane conversion and thus a higher acetic acid yield. Onvng to the

hi gher  oxygRampRs bi RLIRIRRSHiGizellbod RREIJON rate is increased. As before,

t he catal yst
An additional possible way of reducing the undesirable backmixing in the

fluidized bed is, apart from a reduction in the particle size, the use of a
multistage fiuidized-bed reactor. As a result of the gas distributors at the

15  beginning of each stage, the average bubble size over the fluidized-bed
reactor is smaller than in a single-stage fiuidized bed, since bubble growth
starts afresh in each stage.

Figures 5 and 6 show the results for various multistage fluidized-bed reactors:

20 e« 351" - 3-stage fluidized-bed reactor with 20 t of catalyst/stage, height of
the fluidized bed per stage = 1.04 m

» “55t" - 5-stage fluidized-bed reactor with 10 t of catalyst/stage, height of
the fluidized bed per stage = 0.53 m-

o “5Stvert” - 5-stage fluidized-bed reactor with divided introduction of
25 oxygen and

e 15t of catalyst/stage, height of the fluidized bed per stage =0.78 m

For comparison, the results for the single-stage fluidized-bed reactor (BAM)
-and the ideal fixed-bed reactor (PLF) are also shown in figures 5 and 6.




mass is 15 t/stage. The results of .the sinulation are shown in figures 7
and 8. 20 In contrast to the results obtained with the Iom/oxmggpzoos

" concentration (figures 5 and 6), the conversion-selectivity curves in
figures 7 and 8 show nore significant differences between the single-stage
flui di zed-bed reactor and the 5-stage f1uidized-bed reactor. As a resul t
of the divided introduction of oxygen, a significantly higher selectivity

e- st fl UI i zed-, ed rea,c or is
bbtar ned at AhISRRGAE, EhlcibonS B 1t Winee Wik SoifccRohSt 65 4
% or SHO, , ¢, Selectivity ifXhé SstagEhiuidizedsoed witdl GMdSe\d' ﬁwrouacﬂdheoif bigm%r?eo' bed

dt he fixed bed is relatively small
gg;rg?ree thg ﬁc’@ ﬁ]err@t@ﬁreﬂﬁ'd@?ﬂabﬂ‘édeﬂpms dhis !Bs@ttrlhutabwmmltbe lofv oxygen

E LFd‘é?e?he“‘”@%SFEC’FQ‘?%@Eﬁ‘J i i eoitash SEOR YW Cometsionts e
ev

fol | owi n@ tachﬂf@'ensesm tthe stidctivitios I@étbvebngweeﬁand'@é?\‘I@ldked%ﬁfﬁéa%t&% alnd
select|V|ty dat Jl_flu,e ce of the ubble size and the particle
di aneter (i h'g §lgacetlia @WMM@M@C@MWSH@C

| 19. 39
égggosg.o-gzl %azt'gé}r?téjf% dlﬁ 26%({_ égq’yt%@b@ﬁo@]eo%fd&%@ﬁ# (5%% 3‘318 5. 92
58.88 1.17 Hided 25troeluctml4w mygen7(at3xczasg78 6242 BAR NS 4ar&0FARENS. 51

96 27.13
85.52 2. 47 E8ni&isioh, e saleRtvity in the fixat-bad reactor is Shoac = 77.5 %.

: ) 10 The results in figure 5 show that use of a multistage fluidized bed enables
the space-time yield to be increased significantly compared to a singe-
stage fluidized bed. On the other hand, the divided introduction of oxygen
leads to a reduction in the space-time yield, since the lower oxygen partial
pressure reduces the reaction rate compared to the other reactors.

15 The simulation of the 5-stage fluidized-bed reactor with divided introduction of
oxygen was repeated for a higher oxygen concentration which allows a higher
ethane conversion and thus a higher acetic acid yield. Owing to the higher
oxygen partial pressure, the reaction rate is increased. As before, the catalyst
mass is 15 t/stage. The results of the simulation are shown in figures 7 and 8.

20 In contrast to the results obtained with th'é low oxygen conceniration
D (figures 5 and 6), the conversion-selectivity curves in figures 7 and 8 show
| more significant differences between the single-stage fiuidized-bed reactor
and the 5-stage fluidized-bed reactor. As a result of the divided introduction
of oxygen, a significantly higher selectivity to acetic acid compared to the
25 single-stage fluidized-bed reactor is obtained at the same ethane
conversion (at Xczms = 16 %: Syoac,1-st = 65.4 % or SHoacs-st = 69.7 %). The
loss of selectivity in the fluidized bed compared to the fixed bed is relatively
small (Shoac,pLr = 73.6 %). As before, the space-time yield obtained with
divided introduction of oxygen is reduced compared to the fixed-bed

30  reactor; however, it is at the level of the single-stage fluidized-bed reactor.




301591 9.66 97.30 3.11 69.61 27.27 Particle diamer = 80, um 4250 0.69 6. 44
0.38 81.25 18.37 8499 1.31 12.43 0.27 80.00 19.74 16998 2. 3avap205 0. 25

- 77.97 21.78 33996 3.65 35.94 1.01 74.89 24.10 50995 4.37 43.48 1.50 73.28
125.22 84991 5.29 53.10 1.98 71.69 26.33 127487 6.06 61.14 2.30 70. 66
27.04 169982 6.64 67.00 2.52 70.02 27.1®% 254973 7.50 76.11 2.81 69.24
27.95 Bubble dianeter |i ited, d 3 1 cm4250 0.72 6.59 0.69 81.99 17.32
8499 1.41 1 46 8 7.79 16998 2.73 25.55 0.27 81.12 18.60 33996
5.11 48.46 0'%%“%9 Eﬁmﬁhs<§b§y% datadfor git fiogres. 26 78.55 21. 19 84991 9. 40
91.07 1.72 75.55,22. 74 127487 1, 2,57 74,10 23 33 F

conpari son: 133%5? iw— DYRESHN ﬁeécﬁ‘ggé‘?%tﬁzfﬁrg@ ‘QH”%CQL@ L&’E’@ﬁ) 0.72

6.54 0.98 82.48 16. 54 5848 hedtarkideMWafe g)9 May 2005 -13
1,6998 2.78 25,74 0 27 81.93 17, 79 33996%(§§ §§n§g'g9 18 80. 52 19. 30

Tn [ kg'-s-m Xoons %  Xoz2/% | Scona /% Swoac /% Scoz /%

Particle diameter = 60 ym
7 540 1.19 11.19 0.28 80.33 19.39
15 080 2.22 .21.29 0.22 78.80 20.99
30 159 3.88 '37.99 0.30 76.67 23.03
60 318 5.92 58.88 1.17 73.79 25.04
) 90 477 7.13 71.35 1.77 72.28 25.94
150 795 8.51 85.62 2.47 70.78 26.75
226 193 9.31 93.75 2.91 69.96 27.13
301 591 0.66 97.30 3.11 69.61 27.27

Particle diameter = 80 um

4 250 0.69 6.44 0.38 81.25 18.37
8 499 1.31 12.43 0.27 80.00 19.74
16 998 2.36 22.78 0.25 77.97 21.78
33 996 3.65 35.94 1.01 74.89 24.10
50 995 4.37 43.48 1.50 73.28 2522
84 991 529 53.10 1.98 71.69 26.33
127487 | 6.06 61.14 2.30 70.66 = 27.04
169 982 6.64 67.00 2.52 70.02 27.46

) 254973 | 750 7611 | 281 6924  27.95
Bubble diameter limited, dg = 1 cm

4 250 0.72 6.59 069 8199  17.32

8 499 1.41 1306 | 046 8175  17.79

16 898 2.73 25.55 0.27 81.12 18.60
33 996 5.1 48.46 0.19 79.80 20.01
50 995 7.07 67.91 0.26 78.55 2119
84 991 9.40 81.07 1.72 75.65 22.74

127 487 10.16 98.61 | 257 74.10 23.33
For comparison: Plug-Flow-Reactor

1700 0.28 2.48 252  81.21 16.27
4 250 0.72 6.54 0.98 82.48 16.54
8499 - 1.42 1298 | 0.51 82.53 16.96




50995 7.24 69.06 0.26 79.
9.63 92.70 1.82 75.97 22.
- Multistage fluidized-bed

introduced into the first
X02 NO SC2H4 NO SHoac /% SC02 / %

60318 5.91 58.88 1.17 73.
26.06 Stage 3 180954 9
_reactor Stage 1 36888 3
0.88 74.90 24. 2233 8bgge
9.14 90.64 2.20
Tabl e "3: NUItist%@@gglu
oxygen (the oxyggnhgesnve
Fig. 6) Tm/ kg-
oxygen concentr
90477 3.02 57.9327.48F 7

)

2L M

Kg?%@%% X%%'ﬁgs 59@03 4% §’é i

19 20.55 67993 8.75 84.07 0.93 77.52 21.55 84991
22 127487 10.28 99.18 2.58 74.65 23 Maydetg e 2:  °
reactors without side streans (all oxygen is
stage) (Fig. 5 and Fig. 6) 5 TMkg.s.m XCH6 /%
3-sta@e flui di zed-bed reactor Stage 1

79 25.04 Stage 2 120636 8.55 85.61 2.09 71.86

49 95.22 2.71 704 82 26.48 5-staqge fluidized- bed

8R.78. 98 RBB476| 60.28. 03 8508ge 21BFHLS 6.56 65.11 - .

3 99477 8. 42332§1 5 age 4 120636

24.9
45 Stage 5 150 gglbé g%&%g 9%.?871 73 25.69
di 2€4- bed G%88t o W-2% d| viHdg i nt 28&5cti on of

r8.p8 X02 gaspral [culpaged per7§2age) 21 15@/ (()/F'g 5 and
0 ow

6 Stage 2

D. $0.281. 45 99SI8gg 32158716 74.88 57 22.73. 13 72.16

22.71

Tabie 2: Muttistage fluidized-bed reactors without side streams (all
oxygen is introduced into the first stage)

(Fig. 5 and Fig. 6)
T/ k@'s'm™® | Xcang/%  Xoo/% | Scora /% Shioss /% Scop /%
3-stage fluidized-bed reactor

Stage 1 60 318 5.91 58.88 1.17 73.79  25.04

Stage 2 120 636 8.55 85.61 2.08 71.86  26.06

Stage 3 180 954 9.49 95.22 2.71 70.82 26.48

5-stage fluidized-bed reactor

Stage 1 30 159 3.88 37.98 0.30 76.67  23.03

Stage 2 60 318 6.56 65.11 0.88 7490 2422

Stage 3 90 477 8.23 81.65 1.59 73.42 24.99

Stage 4 120 636 9.14 90.64 220 7236 2544

_ Stage 5 150 795 9.62 95.30 2.57 7173  25.69

)
Table 3: Multistage fluidized-bed reactor with divided introduction of
oxygen (the oxygen conversion Xoz is calculated per stage)
10 (Fig. 5 and Fig. 6)
Tm / l'(g's‘m-3 X02H6 /% XO2 /% SC2H4 /% SHOac /% SCOZ /%
_ low oxygen concentration

| Stage 1 45 239 1.33 59.38 13.49 66.45 20.06
Stage 2 00477  3.02 - 57.95 7.90 7064 2145

Stage 3 135716 | 4.88 57.39 5.13 72,16 22.71




9 May 2005 -14 Stage 4 180954 6.73 .06 3.62 72.48 23.90 Stage 5 226193
8.62 557 273 6 72.22 25.05 increased oxygen concentration Stgggy 2008239

" 2.47 58.47 5.99 72.77 21.24 Stage 2 90477 5.67 56.38 2.66 73.98 23. 36
Stage 3 135716 9.10 55.10 1.42 73-09 25.49 Stage 4 180954 12.56 54.20 0.87
71.51 27.62 Stage 5 226193 15.96 53. 49140- 60 69.69 29.72 ~Table 4:
Conversion and selectivity data for the increased proportion of oxygen; as

a conparison w.th the 5-stage §luidi zed-bed reactor w th divided N
'intrgPi-uct- i on gtﬂ%‘%&g?n,"aﬁ%ﬂh ed BoeH reapﬁ%%agﬁ 8.62ngl e7248ge 23.90
fluidi zed- bed Stagesof 226 HOW) hgez  (Figpgy ahd ZFY. 8)78-,9 T8k 5
kg-s-m 31 XC2H6 /*70 X0Z NO T, SCZHA 1 17U SHOAC 70™S =
f| ui d| Zed- bed reactor.- 7058 .1 r$a§9\d QWQ?W"EZ?“@'@“QUL 14115 2.90 14.18
0.11 77,15 22STage P8P31VH238 2b. 9% 47 08 748087 25. 9&994234675_.—&?7 356_% 0.07
71.82 28.11 61.9 O?I; 4% 26 D). 056%0 29 %% 64 184692 11.71 .35°0.16
68. 35 31. 49 %ﬁazllgel 4 12%%780. 11 0-863 66. PP-3B. 4o 2661730 713987 08388 1.00
64.89 34.02 Stage3 135 716 9.10 55.10 1.42 73.09 25.49
Stage 4 180 954 12.56 54.20 0.87 71.51 27.62
Stage 5 226 193 15.96 53.49 0.60 69.69 29.72

Table 4: Conversion and selectivity data for the increased proportion of
oxygen; as a comparison with the 5-stage fluidized-bed reactor
with divided introduction of oxygen, the fixed-bed reactor and

—_—

5 single-stage fluidized-bed reactor are shown here.
(Fig. 7 and Fig. 8)

"L'm_/ kg-s-m'3 Xcsz 1% on /% SczH4 % SHOac /% Scbz /%

_ single-stage fluidized-bed reactor
7058 1.52 7.25 0.16 79.33 20.51
14 115 2.90 14.18 0.11 77.15 22.74
28 231 5.33 26.91 0.08 74.00 25.92
_ 42346 7.37 38.02 0.07 71.82 28.11
‘-) 56 461 9.09 47.56 0.07 70.29 29.64
84 692 11.71 62.35 0.16 68.35 31.49
141 154 14.85 80.11 0.63 66.17 33.19
211730 16.77 90.97 1.09 64.89 34.02
282 307 17.64 95.91 1.35 64.29 34.36

Piug Flow Reactor

2 823 0.61 2.77 0.95 8256 16.48
7 058 1.58 7.27 0.37  82.56 17.07
14 115 3.10 14.43 0.19  81.81 18.00
28231 6.04 28.64 0.10  80.10 19.80
56 461 11.18 5478 0.06 7694  23.01
84692 | 1522 76.56 0.06 7438 2558
112923 | 1800 9200 | 032 7228  27.39
141154 | 1911 98148 | 095 7086  28.19




282307 17.64 95.91 1.35 64.29 34.36 Plu.q Fl ow Reactor 2823 0.61 2.77 0.95
82.56 16.48 7058 1.58 7.27 0.37 82.56 17.07 14115 3.10 14. 43v8y 46p581. 81
18.00 28231 6.04 28.64 0.10 80.10 19.80 56461 11.18 54.78 0.06 76.94
23.01 84692 15.22 76.56 0.06 74. 36 2? 58 112923 18.00 92,00 Q.32 72.28
27.39 141 154 19.11 98.18 0.95 70.86198.19 9 May 2005 2800RB4WR ~d ai s
1 . A proc&daim®r preparing acetic acid by oxidation of ethane by-nmeans of
nol ecul:ar oxygen. in a fluidized bed of catal yst particles, wherein the
particle.dianeter of at |east 70% of the catal yst particles used is |ess
than or equal to 80 gm the density of the catalyst particles used in the

~ flui di zed- hedA precdsy for prépaririicataiogeit T o0k oM BtHapethyP Ribafg 4B, the
fluidized bed index is greater than or equal to | and the ‘gas volune flow
i s sel ected dBolesHtartMygenpivl @ fuidined diedoof catalyst artices,gwhergintthee fed in

b Tl hetoReeneter B of Basf35% g elbdin doRE URRE CRsBL o= 1

claiml1l, whereln

the reaction tyas oriegual fo BEGim,thesddrdwy dfAe caﬁalg@paﬁﬁclés Ris@@aR%has clai med
inclaiml or 2, wherein the particle dianeter of from 10%to 60% of the

catal yst  par tfuidized-pediresstor imin e gmge from 500 kg/m® to 6 000 kg/m®, the
' fluidized bed index is greater than or equal to 1 and the gas volume flow
is selected so that the bubble diameter of the reaction gas mixture fed
in in the fluidized-bed reactor is less than 12 cm. o

2. A process as claimed in claim 1, wherein the gas volume flow is set so
that the bubble diameter of the reaction gas mixture fed in is less than
5 cm.

3. A process as claimed in claim 1 or 2, wherein the particle diameter of
from 10% to 60% of the catalyst particles is less than 60 um. | |

_ 4. A process as claimed inany of claims 1 to 3, wherein from 20 to 50% of
) the particles have a diameter of less than 40 pm.

5. A process as claimed in any of claims 1 to 4, wherein the catalyst
particles are within a particle diameter range from 10 ym to 40 pm.

6. A process as claimed in any of the preceding claims, wherein the
fluidized bed index is in the range of from 1 to 10.

7. A process as claimed in any of the preceding claims, wherein the
catalyst used has the formula (1), |
AMENDED SHEET




4. A process as clainmed irFany of clains 1 to 3, wherein from20 to 50% of
the particles have a dianmeter of less than 40 lam 5. A pr ocesdap20ad ai-med
Yinany of clains 1 to 4, wherein the catalyst particles are within a
particle dianmeter range from10 /imtqg 40 lam 6. A process as clainmed in
~any of the preceding clains, wherein t8e  f1uidized bed index is in'the
range of from1 to 10. 7. A proceM9BEuXs¥%i ndl) i n any of the preceding

cl ainms,- wherein the catalyst used has the fornula (1), AMENDED SHEET 9 My
. 2005 16 nOaPgb&’l (1) where X is .one or nore elements selected fromthe

. group consisting of Cr, M, Nb, Ta, B, Til V, Te, Re and W Y is one or
mor e el ement sXd4®baetardndreciembrtssaleqteddranshe geoupl cdhsisting of@r, Mm, Pt, Zn,

- Cd, Bi, Ce, . - , , Fe, Ru, Cs, My, Ca, Sr, Ba, Li, K Na,
Ro, Be, Nb, %P:%@Nﬁ V&fePé,%aS@, Si, Sn, Tl and U and the indices a, b,
c and d are the gramatomratios of the corresponding elenents, where,
based on a = Y is ©NeOr Motehelemanie selested frony the graytpocansisting esBj Alit he range

- Y
“from0.1 to n | &1 Pt %0 Ox 1, NE.Or~.Y may
represent a é‘?%r g]’ﬂ:t)tyggf &gr %@%2@8’8&%\%%’%&@ %@,{Eé'gﬁé(fe(ag’i moamProf t he
precedi ng cl &mBa, M4, Na) Rif\Be, NB, Hry Bi, N PytFb, §P( i, &EW 5 Vuad Noand 2
" Mol . ooPdo. wozi Vo. 45Nbo. 03Sbo. o, Cao. ol .

Mol . 00Pdo. 00qRYandisdbe; B3SRAA GROHHR KRaridiom ratios of the corresponding

” elements, where, based on a = 1, b is in the range from 0.0001 to 0.01, -
' J ¢ is in the range from 0.1to 1 and d is in the range from 0 to 1, where X
and/or Y may represent a plurality of elements.

8. A process as claimed in any of the preceding claims, wherein the
catalyst is

Mo oPdo.0005Vo.25Nbo 12

Mo01.00Pdo.0005Vo.45NPo.03500.01Ca0.01
Mo+ 00Pdo.0005Vo.45NBo.03Sb0.01C20.01Ko.015
Mo01.00Pdo.00075V0.4sNbo.03Sb0.01Ca0.01
Mo1.00Pdo.00075V0.55ND0.03SDe.01Ca0.01

) M01.00Pdo.00075V0.45ND0,06S00.01C 20,01
Mo1.00Pdo.0008V0.55MND0.06Sb0.01C 80,01
MO1.00Pdo.0008s Vo.55NDo.06S0.01Ca0.01
Mo01.00Pdo.00075V 0.55NbD0.09Sb0.01Ca0.01
Mo1.00Pdo.0008Vo.50NDo.15T €0.01Ca0.01
Mo+ 00Pdo.00075V0.50Nbo.0sWo.01Pdo.0003.

- 9. A process as claimed in any of the preceding claims, wherein the
* reaction is carried out at a temperature in the range from 100 to 500°C.

AMENDED SHEET




Mol . () oPdo. 00075Vo. 45Nbo. 03Sbo. ol Cao. ol

,Yl\/bl . DoPdo. oDo7sVo. 5sNbo. 03Sho. o, Cao. oi 9 May 2005
Mol . GoPdo. ODO7. 5VO. 45NbO. 06Sbo. o, Cao. ol

Mol . ooPdo. 00ooBVo. ssNbO. 06Sbo. o, Cao. oi

17
%: :ggggg' Oﬁa,?gég @%gggsoﬁ cgutagpyopf the preceding claims, wherem the
Mol . () GPdo. Oomwmb%llréaeeutoapﬁoréﬁctoﬂ gk@é% 9%%93&?@)40 reR1NgOPIVO. O]

PdO. 0003. 9. A process as clainmed in any e. precedi al nms, wherein
the reactionb0datarried out at a tenperature in the range from 100 to
5000C. AMENDED SHEET 9 May 2005 17 10. A process as clained in any of the
preceding clains, wherein the reaction is carried out at a reactor
pressure in the range from1l to 50 bar. 1 1.A process as clained in any of

the precedingAcHicESs aghfdinied IRAINYOS] the BidtahBRIMS) WRGHeH ndXvagn but
al so an mertqi?as carbon di oxi de” and/ or water vapor. are present “in the

reacti on gas r and 1molepular cuyygenasuic Rlsonsd inartaggs,otanbps gdiosistiedi ng

.clai ms, wher €j [ t Of I |ty of reaction
stages or rea H?fggﬁ’az%”egg% égéjﬁpe%gggﬁga@‘ J?affflin%@g"*ﬁ&é%y of the preceding.
clains, wherein one or nore reactants or water are fed into various zones
or stages of a single- stage or nmultistage reactor. AVENDED SHEET

12.A process as claimed in any of the preceding claims, wherein the
) - fluidized-bed reactor has a piurality of reaction stages or reaction
zones.

13.A process as claimed in any of the preceding claims, wherein one or
more reactants or water are fed into various zones or stages of a single-
~ stage or multistage reactor.

- AMENDED SHEET




