
Title: METHOD FOR PRODUCING ACETIC ACID   Abstract: The invention relates
to a method for producing acetic acid by oxidizing ethane in fluid bed
reactors with high  selectivity and high yields.  9 May 2005  WO 02/38526
PCT/EP01/12001  Process for preparing acetic acid Description  5 The
invention relates to a process for preparing acetic acid by oxidation of
ethane with high selectivity and in high yield in fluidized-bed reactors.
The catalytic gas-phase oxidation of ethane to ethylene and acetic acid has
been known for a long time. The reaction is influenced essentially by the
10 choice of reaction conditions; this is particularly true of the
selectivity of the reaction. In general, acetic acid is formed only as
by-product, while the  main product is ethylene which may, under some
circumstances, be  oxidized further to carbon dioxide. 15 DE 196 30 832 Al,
DE 196 20 542 Al, DE 197 45 902 Al, WO 98/47850  and WO 98/47851 describe a
process for preparing acetic acid by partial  oxidation of ethane using
MoaPdbXcYd as catalysts in a fixed bed. The  catalyst has a high stability
and a high selectivity in the oxidation of ethane to  acetic acid. However,
difficulties are presented in the process by the fact that 20 the oxidation
of ethane to acetic acid is strongly exothermic. Particularly in
relatively large fixed-bed reactors, the heat of reaction can be removed
only  unsatisfactorily. This results in an increase in the temperature in
the reactor  and thus a reduction in the selectivity of the reaction. 



25 To circumvent this problem, attempts have been made to carry out the
reaction in a fluidized catalyst bed as described, for example, in  US
5,300,684, where cooling tubes are located directly in the fluidized-bed
reactor to remove heat. A further development of the process is described
in WO 00/14047. A disadvantage of the fluidized-bed process as described 30
there has hitherto been that the oxidation of ethane to acetic acid still -
--- ---------- 9 May 2005  .2 proceeds with a low selectivity and a lower
space-time yield than in a fixed- bed reactor. It is therefore an object of
the present invention to provide a process for the  oxidation of ethane to
acetic acid in a fluidized-bed reactor which can be  operated with higher
selectivity and thus with a higher yield than the  processes described
hitherto. Accordingly, an aspect of the present invention provides a
process for preparing acetic acid  by oxidation of ethane by means of
molecular oxygen in a fluidized bed of catalyst  particles, wherein the
particle diameter of at least 70% of the catalyst particles used is  less
than or equal to 80 pm, the density of the catalyst particles used in the
fluidized-bed  reactor is in the range from 500 kg /M3 to 6 000 kg /M3, the
fluidized bed index is greater than or equal to 1 and the gas volume flow
is selected so that the bubble diameter of the  reaction gas mixture fed in
in the fluidized-bed reactor is less than 12 cm. In the present invention,
it has surprisingly been able to be shown that the  selectivity of the
oxidation of ethane to acetic acid depends on the size of  the gas bubbles
in the fluidized catalyst bed. In particular, bubble sizes of  <12 cm are
advantageous. Particular preference is given to bubbles having  a diameter
of <5 cm. 



At a given average particle size of the catalyst used, the size of the
bubbles  can be set by controlling the volume flow of gas. Bubble sizes of
<12 CM  can only be achieved by use of catalyst particles having a mean
diameter  of less than or equal to 80 Wn, 9 May 2005  2a An embodiment may
accordingly provide a process for the direct catalytic  oxo)ddation of
ethane to acetic acid in a fluidized bed comprising up to 70% of  catalyst
particles having a diameter of less than or equal to 80 pm- The  fluidized
bed preferably additionally contain smaller particles having a  particle
size of from 10 to 60 pm, and the distribution of the particle sizes
should be such that 10-60% of the particles have a diameter of less than
60 pm. Particular preference is given to a distribution of the particle
sizes  such that catalyst particles are present in a diameter range of
10-40 lam. In  a particularly preferred embodiment, the diameter of 20-50%
of the catalyst  particles is less than 40 pm. 9 May 2005  -3 The fluidized
bed index to be set (the fluidized bed index is the ratio of gas  velocity
set to minimum fluidization velocity) has to be above 1. This means  that
the fluidized bed has to be in the fluid state. At a pressure of 16 bar
and a temperature of 2800C, the minimum fluidization velocity at a particle
5 diameter of 80 gm is 5.85 mm/s. The fluidized bed index is preferably in
the  range from I to 12. As catalysts, it is possible to use all catalysts
known to those skilled in the  art. Catalysts which have been found to be
advantageous are catalysts of  J 10 the formula (1): 



MoaPdb&yd (1) where X is one or more elements selected from the group
consisting of Cr,  Mn, Nb, B, Ta, Ti, V, Te, W and Re and Y is one or more
elements selected from the group consisting of B,  15 A[, Ga, In, Pt, Zn,
Cd, Bi, Ce, Co, Rh, Ir, Cu, Ag, Au, Fe, Ru, Cs,  Mg, Ca, Sr, Ba, Li, K, Na,
Rb, Be, Nb, Zr, Hf, Ni, P, Pb, Sb, Si, Sn,  TI and U. The indices a, b, c
and d are the gram atom ratios of the corresponding  elements, where, based
on a = 1 20 b is in the range from 0.0001 to 0.01, preferably from 0.0001
to  0.001, c is in the range from 0. 1 to I and  d is in the range from 0
to 1. X and/or Y may also represent a plurality of elements, in which case
the  25 indices c and d may assume different values for different elements.
The catalyst particularly preferably comprises at least one of the
following  compositions in combination with oxygen: 9 May 2005  -4
Moj.oPdo.ooosVo.25Nbo.12  Mol.ooPdo.ooo5Vo.45Nbo.03Sbo.o,Cao.01
Mol.ooPdo.0005Vo.45NbO.03Sbo.o,Cao.O,KO.015
Mol.ooPdo-00075VO.45Nbo.03Sbo.o,Cao.01
Mol.ooPdo.ooo75Vo.s5NbO.03SbO.OlCao.01
Mol.ooPdO.00075VO.45Nbo.o6Sbo.o,Cao.01
Moi~ooPdo.ooo8Vo.s5Nbo.or,Sbo.oiCao.01
Mol.ooPdo.00085VO.55Nbo.o6Sbo.oiCao.oI  



Mol.ooPdo.ooo75Vo.,55Nbo.ogSbo.O,Cao.01 10
Mol.()oPdo.Doo8Vo.5oNbo.,sTeo.O,Cao.01  Moj.ooPdo-00075VO.5oNbO.09WO.0j
Pdo.0003 Apart from the reaction gases ethane and oxygen, the reaction gas
mixture  may further comprise water vapor and inert gases such as nitrogen
or  15 carbon dioxide. It is also possible to employ a reaction gas
composition above the explosive limit in the fluidized-bed reactor.
However, the reactor  is preferably operated using an excess of inert gas,
water and/or ethane.  Water vapor accelerates the oxidation of ethane to
acetic acid at the  expense of the oxidation of ethane to ethylene and thus
results in an  20 increase in the selectivity to acetic acid. The process
is preferably carried out at low temperatures. Low  temperatures increase
the selectivity of the oxidation reaction in favor of  acetic acid. A
temperature range of from 100 to 5000C at a reactor  2~ pressure of from 1
to 50 bar is preferred. The density of the catalyst particles can be in the
range from 500 to 6000  kg /M3 . To carry out the process, it is possible
to use, for example, a  fluidized-bed reactor as is described in US
5,300,684. 30 The process of the invention has a high selectivity, and
increased space- time yields can accordingly be achieved in the oxidation
of ethane to acetic 9 May 2005  acid at moderate temperatures in a
fluidized-bed reactor. Furthermore,  reduction of the bubble size enables
troublesome backmixing of the  reactants in the fluidized bed to be
reduced. This likewise leads to an  increased selectivity of the reaction,
resulting in an increase in the space- 5 time yield of acetic acid. 



In a particular embodiment, especially when high ethane conversions are
desired, the reaction can be carded out in a multistage fluidized-bed
reactor with dedicated introduction of gas into each stage. Bubble growth
10 commences afresh in each stage, so that the bubble size is on average
smaller than in a single-stage fluidized bed. The small bubbles can also be
achieved by means of internals, e.g. meshes, in the fluidized bed. To
achieve high ethane conversions at the same time as a high selectivity to
acetic acid, an additional divided introduction of oxygen into individual
15 stages can be advantageous. The advantageous bubble sizes in a fluidized
bed and the corresponding  reaction parameters were determined from
measured results obtained in  investigations of the catalytic gas-phase
oxidation of ethane in a fixed bed. 20 The kinetic parameters determined
therefrom for the reactions involved are  summadzed in fig.1a and 1b. The
catalytic gas-phase oxidation of ethane  is catalyzed by two different
catalytically active sites Z and X on the  catalyst. Z is a site where all
oxidation steps occur, namely the oxidative  dehydrogenation of ethane, the
partial and complete oxidations of Othene 25 and of acetic acid. X is a
position on the catalyst which becomes active  only in the presence of
water. The activated form of X (X-OHOH) leads to  conversion of ethene into
acetic acid via a mechanism similar to the  Wacker reaction. The formation
of acetic acid thus proceeds via two  different reaction paths - via the
partial oxidation of ethene at the position Z 30 (stGp 2 in fig. i a) and
via a mechanism similar to the Wacker reaction at  position X (step3 in
fig. 1a). The necessary kinetic values to the  intermediates at the
catalytically active surface in the steady state, viz. Z, 9 May 2005  -6 



Z-OH2, Z-O, Z-CH2H4, X-OHOH and X-O, were determined analytically and  are
given in table X The values determined in this way were used to simulate
the fluidized-bed  5 reactor according to the bubble assemblage model (BAM)
(K. Kato, C.H.  Wen, Chem. Eng. Sci. 24,1351-1368 (1969)). The model
describes the fluidized bed as a two-phase system which consists  of a
bubble phase which is low in catalyst and a catalyst-rich emulsion phase;
10 the two-phase structure of such a reaction mixture comprising particles
in a fluidized bed with gas being passed through it can be verified with
the naked  eye. Since the emulsion phase contains a high proportion of
solid, the  catalytic reaction takes place there, while virtually no
reaction takes place in  the bubble phase owing to the low concentration of
the catalytic material. The 15 model of the fluidized-bed reactor therefore
has to describe the transfer of  reactants and products between the bubble
phase and the emulsion phase  and at the same time take account of the
growth of the bubbles with  increasing distance from the gas distributor,
an effect which is well known  from fluidized beds. For this reason, the
fluidized bed was divided into 20 segments with a height corresponding to
the local bubble diameter. The  bubble diameter, the velocity of the
bubbles, the expansion of the bed and  the local volume fractions of the
phases were calculated by the methods of  Werther (J. Werther, Chem. Eng.
Sci. 47 (9-11), 2457-2462 (1992)) and  Murray (J.D. Murray, J. Fluid. Mech.
21, 465 (1965)). For both bubble phase 25 and emulsion phase, each segment
was described as an ideal stirred tank.  Owing to the good heat removal
from fluidized-bed reactors, approximately  isothermal reaction conditions
can be achieved; for this reason, the reactor  was regarded as isothermal
for the purposes of modeling. 9 May 2005  



-7 The mass equation for the two phases is given by the following
equations:  Emulsion phase: 0 ArU.f [CEJ,k-I kV8'k ICHj.k CEJ,k I+ kRE,
CEJA 1+ ZVQrEj,k(1 )P.IVE.k  Ef  5 Eq. I Bubble phase: 0 '41UI (Uk U-f
Jca.i.k-] CBjk kE,kVB,I [CIIJ,k CE.I,k  Eq. 2 10 The equations can be
solved for each reaction component i and each  segment k, for example by
means of the Wegstein method. The mass  transfer between the bubble phase
and the emulsion phase, which is  expressed by the coefficient KBEjk, can
be determined quantitatively by 15 means of a correlation of Sit and Grace
(S.P., Sit, J.R. Grace, Chem. Eng.  Sci. 36, 327-335 (1981)). The minimum
fluidization velocity umf is derived  as described in Wen et a[ (C. Y. Wen,
Y. H. Yu, AlChE J. 12, 610 (1966)).  The direct catalytic oxidation of
ethane to acetic acid in a fluidized bed can 20 be described to a good
degree of accuracy by means of the model  developed here. The results are
shown in figs. 2 to 7. Tm in the figures and tables is the  modified
space-time given by the quotient of catalyst mass and volume  25 flow under
the respective reaction conditions. Fig. 2 shows the bubble diameter as a
function of the height above the gas  feed point for different particle
diameters of 60.urn and 80 pm. 9 May 2005  



Fig. 3 shows the conversion selectivity curves and fig. 4 shows the yield
of  acetic acid as a function of the residence time for various particle
and  bubble, diameters under the following reaction conditions: T = 2600C,
Ptot  =1 6 bar, feed composition C21-16: 02: H20: N2 = 40: 8: 20: 32. 5
Fig. 5 shows the conversion selectivity curves and fig. 6 the yield of
acetic  acid as a function of the residence time for multistage fluidized
beds(see  above); the points indicate the composition at the outlet of each
stage  (reaction conditions: T = 2600C, Ptot =1 6 bar, dp = 60 gm, feed
composition  C2H6 : 02 : H20 : N2 = 40 : 8 : 20 32 (in the case of divided
introduction of  10 oxygen in the first stage: 40 : 1.6 20 : 32)). Fig. 7
shows the conversion selectivity curves and fig. 8 the yield of acetic
acid as a function of the residence time for a fixed bed, single-stage
fluidized bed and 5-stage fluidized bed with divided introduction of
oxygen;  the points indicate the composition at the outlet of each stage
(reaction 15 conditions: T 2600C, Ptt =16 bar, dp = 601im, feed composition
C21-16 : 02 : H20 N2 = 40 : 16 20 : 32 (in the case of divided introduction
of oxygen in the first stage: 40 3.2 : 20 : 32)). Examples  20 The present
calculations were carried out under the assumption of a  reactor diameter
Di of 4 m, a particle size of 60 gm or 80 gm (according to  the Geldart
classification A), a density of the particles of 3100 kg/m 3 and a
porosity of the fluidized reactor bed of 0.5 at the minimum fluidization
velocity. The corresponding minimum fluidization velocity was 3.3 m/s 25
(60 gm) or 5.85 m/s (at 80 itm). To achieve comparable fluid-dynamic
conditions in the reactor in the simulation, the fluidized bed index u/umf
in  the reactor was kept constant at 8.0 for all simulation conditions
(different  temperature, different composition of the gas stream fed in) by
adjusting  



the gas velocity at the reactor inlet accordingly in the range from 4.67
m3/s 30 to 5.40 m3/s. As gas distributor, a nozzle plate distributor having
800  orifices per m 2 was assumed. 9 May 2005  -9 In the calculation for
the multistage fluidized-bed reactor without divided  introduction of
oxygen, each stage was modeled as an individual fluidized- bed reactor with
its own gas distributor. In the case of a multistage fluidized  bed with
divided introduction of oxygen, the same flow of oxygen is added 5 to the
gas stream before each stage. The volume flow thus increases from  stage to
stage, so that the fluidized bed index increases slightly from 7.5 to  8.5.
The volume flow was chosen so that the fluidized bed index u/umf in  the
middle stage of the fluidized bed is 8. In the figures, the simulation
results for an ideal isothermal fixed-bed  10 reactor under the same
conditions are given for comparison (abbreviation:  PLF). The modified
residence time -rmod specified in the figures and in the  appendix is
defined as the mass of catalyst divided by the volume flow at  the reactor
inlet under the given reaction conditions. 15 Example 1: Influence of the
particle size Simulation calculations were carried out for two different
particle diameters,  viz. 60 pm and 80 gm. In the case of the 60 pm
particles, smaller bubbles  having a maximum diameter of 4 cm were formed,
while in the case of the  80pm particles, bubbles having a diameter of up
to 12 cm are formed. 20 The effect of better mass transfer and reduced
backmixing in the case of small  bubbles on the selectivities and the yield
of acetic acid are shown in figures 3  and 4. In addition, figures 3 and 4
show that at a bubble diameter of dB = 1  cm, the achievable yields become
the same as those in the fixed-bed reactor.  



Furthermore, the results show that at constant conversion, the selectivity
to 25 acetic acid increases with decreasing bubble sizes. In addition, when
the  particle diameter becomes smaller, the yield of acetic acid YHoac and
also  the space-time yield increase (fig. 4). The example shows that at a
maximum bubble size da of I cm, virtually  identical results in respect of
the selectivity to acetic acid and the space-time  30 yield are obtained in
the fluidized-bed reactor and the fixed-bed reactor, 9 May 2005  since at
this bubble size Virtually no inhibition of mass transfer between  bubbles
and emulsion phase occurs and, in addition, backmixing is reduced.  It can,
thus be shown that the low selectivity and space-time yield is at least
partly attributable to undesirable backmixing in the fluidized bed and to
slow 5 mass transfer between the bubble phase and emulsion phase which
leads to  oxygen from the bubbles only slowly getting into the emulsion
phase. In  addition, a high oxygen concentration in the bubbles leads to
increased  carbon dioxide formation as a result of unselective further
oxidation of the  acetic acid and thus to a reduction in the acetic acid
selectivity. 10 Example 2: Multistage fluidized-bed reactor An additional
possible way of reducing the undesirable backmixing in the  fluidized bed
is, apart from a reduction in the particle size, the use of a  multistage
fluidized-bed reactor. As a result of the gas distributors at the 15
beginning of each stage, the average bubble size over the fluidized-bed
reactor is smaller than in a single-stage fluidized bed, since bubble
growth  starts afresh in each stage. Figures 5 and 6 show the results for
various multistage fluidized-bed reactors:  20 e "3SC - 3-stage
fluidized-bed reactor with 20 t of catalyst/stage, height of  



the fluidized bed per stage = 1.04 rn 0 "5St" - 5-stage fluidized-bed
reactor with 10 1 of catalyst/stage, height of  the fluidized bed per stage
= 0.53 rn 0 "5St,vert" - 5-stage fluidized-bed reactor with divided
introduction of  25 oxygen and 0 15 t of catalyst/stage, height of the
fluidized bed per stage = 0.78 rn For comparison, the results for the
single-stage fluidized-bed reactor (BAM)  and the ideal fixed-bed reactor
(PILF) are also shown in figures 5 and 6. 9 May 2005  At low ethane
conversions, ethylene is formed with significantly higher  selectivity in
the 5-stage fluidized bed with divided introduction of oxygen  than in the
other fluidized bed reactors. This is attributable to the low  oxygen
concentration. In contrast, at higher ethane conversions, the 5 differences
in the selectivities between the various fluidized-bed reactors  are low,
(<2%). The highest acetic acid selectivity after the fixed-bed  reactor Of
SHOac = 72.2 % is obtained in the 5-stage fluidized bed with  divided
introduction of oxygen (at XC2H6= 8.6 %). At the same ethane  conversion,
the selectivity in the fixed-bed reactor is SHOac = 77.5 %. 10 The results
in figure 5 show that use of a multistage fluidized bed enables  the
space-time yield to be increased significantly compared to a singe- stage
fluidized bed. On the other hand, the divided introduction of oxygen  leads
to a reduction in the space-time yield, since the lower oxygen partial
pressure reduces the reaction rate compared to the other reactors. 15 The
simulation of the 5-stage fluidized-bed reactor with divided introduction
of  oxygen was repeated for a higher oxygen concentration which allows a
higher  ethane conversion and thus a higher acetic acid yield. Owing to the
higher  oxygen partial pressure, the reaction rate is increased. As before,
the catalyst  



mass is 15 t/stage. The results of the simulation are shown in figures 7
and 8. 20 In contrast to the results obtained with the low oxygen
concentration  (figures 5 and 6), the conversion-selectivity curves in
figures 7 and 8 show  more significant differences between the single-stage
fluidized-bed reactor  and the 5-stage fluidized-bed reactor. As a result
of the divided introduction  of oxygen, a significantly higher selectivity
to acetic acid compared to the 25 single-stage fluidized-bed reactor is
obtained at the same ethane  conversion (at XC2H6 = 16 %: SHOac,l-st = 65.4
% or SHO,,c,5.,,t = 69.7 %). The  loss of selectivity in the fluidized bed
compared to the fixed bed is relatively  small (SHoac,PLF = 73.6 %). As
before, the space-time yield obtained with  divided introduction of oxygen
is reduced compared to the fixed-bed 30 reactor; however, it is at the
level of the single-stage fluidized-bed reactor. 9 May 2005  -12 The
following tables show the data for all figures. Table 1: Conversion and
selectivity data for the influence of the bubble  size and the particle
diameter (fig. 3 and fig. 4) ,rm kg-s-m-3 XC2H6 NO X02 NO SC2H4 NO SHOac
/0/0 SCO2 /%  Particle diam er = 60 /im 7540 1.19 11.19 0.28 80.33 19.39
15080 2.22 0.22 78.80 20.99  30159 3.88 37.99 0.30 76.67 23.03  60318 5.92
58.88 1.17 73.79 25.04  90477 7.13 71.35 1.77 72.28 25.94  150795 8.51
85.52 2.47 70.78 26.75  226193 9.31 93.75 2.91 69.96 27.13  



301591 9.66 97.30 3.11 69.61 27.27  Particle diam er = 80,um 4250 0.69 6.44
0.38 81.25 18.37  8499 1.31 12.43 0.27 80.00 19.74  16998 2.36 22.78 0.25
77.97 21.78  33996 3.65 35.94 1.01 74.89 24.10  50995 4.37 43.48 1.50 73.28
25.22  84991 5.29 53.10 1.98 71.69 26.33  127487 6.06 61.14 2.30 70.66
27.04  169982 6.64 67.00 2.52 70.02 27.46  254973 7.50 76.11 2.81 69.24
27.95  Bubble diameter li ited, d,3 1 cm 4250 0.72 6.59 0.69 81.99 17.32
8499 1.41 13.06 0.46 81.75 17.79  16998 2.73 25.55 0.27 81.12 18.60  33996
5.11 48.46 0.19 79.80 20.01  50995 7.07 67.91 0.26 78.55 21.19  84991 9.40
91.07 1.72 75.55 22.74  127487 10.16 98.61 2.57 74.10 23.33  For
comparison: P g-Flow-Reactor 1700 0.28 2.48 2.52 81.21 16.27  4250 0.72
6.54 0.98 82.48 16.54  8499 1.42 12.98 0.51 82.53 16.96 9 May 2005  -13
1,6998 2.78 25.74 0.27 81.93 17.79  33996 5.23 49.22 0.18 80.52 19.30  



50995 7.24 69.06 0.26 79.19 20.55  67993 8.75 84.07 0.93 77.52 21.55  84991
9.63 92.70 1.82 75.97 22.22  127487 10.28 99.18 2.58 74.65 22.76 Table 2:
Multistage fluidized-bed reactors without side streams (all  oxygen is
introduced into the first stage) (Fig. 5 and Fig. 6)  5 TM kg.s.m' XC2H6 /%
X02 NO SC2H4 NO SHoac /% SC02 /%  3-staae fluidized-bed reactor Stage 1
60318 5.91 58.88 1.17 73.79 25.04  Stage 2 120636 8.55 85.61 2.09 71.86
26.06  Stage 3 180954 9.49 95.22 2.71 70.82 26.48  5-staqe fluidized-bed
reactor Stage 1 30159 3.88 37.98 0.30 76,67 23.03  Stage 2 60318 6.56 65.11
0.88 74.90 24.22  Stage 3 90477 8.23 81.65 1.59 73.42 24.99  Stage 4 120636
9.14 90.64 2.20 72.36 25.44  Stage 5 150795 9.62 95.30 1 2.57 71.73 25.69
Table 3: Multistage fluidized-bed reactor with divided introduction of
oxygen (the oxygen conversion X02 is calculated per stage)  10 (Fig. 5 and
Fig. 6) Tm / kg-s-m3 I XC2H6 /% X02 /% SC2H4 NO SHOac /% SCO2 /%  low
oxygen concentr ion Stage 1 45 239 1.33 59.38 13.49 66.45 20.06  Stage 2
90477 3.02 57.95 7.90 70.64 21.45  Stage 3 135716 4.88 57.39 5.13 72.16
22.71 



9 May 2005  -14 Stage 4 180954 6.73 .06 3.62 72.48 23.90  Stage 5 226193
8.62 557 273 6 72.22 25.05  increased oxygen concentration Stage 1 45239
2.47 58.47 5.99 72.77 21.24  Stage 2 90477 5.67 56.38 2.66 73.98 23.36
Stage 3 135716 9.10 55.10 1.42 73-09 25.49  Stage 4 180954 12.56 54.20 0.87
71.51 27.62  Stage 5 226193 15.96 53.49 0.60 69.69 29.72  Table 4:
Conversion and selectivity data for the increased proportion of oxygen; as
a comparison with the 5-stage fluidized-bed reactor  with divided
introduction of oxygen, the fixed-bed reactor and 5 single-stage
fluidized-bed reactor are shown here.  (Fig. 7 and Fig. 8) 0 0  Tm
kg-s-m'31 XC2H6 /*/0 X02 NO I SC2H4 / /0 SHOac /0 S602 /%  single-staqe
fluidized-bed reactor 7058 1.52 7.25 0.16 79.33 20.51  14115 2.90 14.18
0.11 77,15 22.74  28231 5.33 26.91 0.08 74.00 25.92  42346 7.37 38.02 0.07
71.82 28.11  56461 9.09 47.56 0.07 70.29 29.64  84692 11.71 62.35 0.16
68.35 31.49  141 154 14.85 80.11 0.63 66.17 33.19  211730 16.77 90.97 1.09
64.89 34.02  



282307 17.64 95.91 1.35 64.29 34.36  Plu.q Flow Reactor 2823 0.61 2.77 0.95
82.56 16.48  7058 1.58 7.27 0.37 82.56 17.07  14115 3.10 14.43 0.19 81.81
18.00  28231 6.04 28.64 0.10 80.10 19.80  56461 11.18 54.78 0.06 76.94
23.01  84692 15.22 76.56 0.06 74.36 25.58  112923 18.00 92.00 0.32 72.28
27.39  141 154 19.11 98.18 0.95 70.86 28.19 9 May 2005  200at24.wo  Claims
1 . A process for preparing acetic acid by oxidation of ethane by means of
molecular oxygen. in a fluidized bed of catalyst particles, wherein the
particle diameter of at least 70% of the catalyst particles used is less
than or equal to 80 gm, the density of the catalyst particles used in the
fluidized-bed reactor is in the range from 500 kg/m3 to 6 000 kgIM3, the
fluidized bed index is greater than or equal to I and the gas volume flow
is selected so that the bubble diameter of the reaction gas mixture fed  in
in the fluidized-bed reactor is less than 12 cm. 2. A process as claimed in
claim 1, wherein the gas volume flow is set so  that the bubble diameter of
the reaction gas mixture fed in is less than  5 cm. 3. A process as claimed
in claim 1 or 2, wherein the particle diameter of  from 10% to 60% of the
catalyst particles is less than 60 gm. 



4. A process as claimed irFany of claims 1 to 3, wherein from 20 to 50% of
the particles have a diameter of less than 40 lam. 5. A process as claimed
in any of claims 1 to 4, wherein the catalyst  particles are within a
particle diameter range from 10 /im to 40 lam. 6. A process as claimed in
any of the preceding claims, wherein the  fluidized bed index is in the
range of from 1 to 10. 7. A process as claimed in any of the preceding
claims, wherein the  catalyst used has the formula (1), AMENDED SHEET 9 May
2005  16 mOaPdb&Yd (1)  where X is one or more elements selected from the
group consisting of Cr, Mn,  Nb, Ta, B, Til V, Te, Re and W, Y is one or
more elements selected from the group consisting of B, Al,  Ga, In, Pt, Zn,
Cd, Bi, Ce, Co, Rh, Ir, Cu, Ag, Au, Fe, Ru, Cs, Mg, Ca,  Sr, Ba, Li, K, Na,
Rb, Be, Nb, Zr, Hf, Ni, P, Pb, Sb, Si, Sn, TI and U and  the indices a, b,
c and d are the gram atom ratios of the corresponding  elements, where,
based on a = 1, b is in the range from 0.0001 to 0.0.1,,  c is in the range
from 0.1 to 1 and d is in the range from 0 to 1, where X  and/or Y may
represent a plurality of elements. 8. A process as claimed in any of the
preceding claims, wherein the  catalyst is Moj.oPdO.OD05VO.25Nbo.12
Mol.ooPdo.woziVo.45Nbo.o3Sbo.o,Cao.oI
Mol.ooPdo.ooosVo.4sNbo.o3Sbo.oiCab.oiKo.oi5  



Mol.()oPdo.ooo75Vo.45Nbo.o3Sbo.olCao.oI
Mol.DoPdo.oDo7sVo.5sNbo.o3Sbo.o,Cao.oi
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PdO.0003. 9. A process as claimed in any of the preceding claims, wherein
the  reaction is carried out at a temperature in the range from 100 to
5000C.  AMENDED SHEET 9 May 2005  17 10.A process as claimed in any of the
preceding claims, wherein the  reaction is carried out at a reactor
pressure in the range from 1 to  50 bar. 1 1.A process as claimed in any of
the preceding claims, wherein not only  ethane and molecular oxygen but
also an inert gas, carbon dioxide  and/or water vapor are present in the
reaction gas mixture. 12. A process as claimed in any of the preceding
claims, wherein the  fluidized-bed reactor has a plurality of reaction
stages or reaction  zones. 13.A process as claimed in any of the preceding
claims, wherein one or  more reactants or water are fed into various zones
or stages of a single- stage or multistage reactor. AMENDED SHEET 


