. PRODUCTI N o?’ "METHYLAM NES BACKGROUND cﬁ 54&5 15§

| NVENTI ON Field of the Invention 5 The present ianﬁgfon

relates to a process for produci ng met hyl am nes, utili ziing=t he

vapor phase catal ytic - reacti on between met hanol and ammonia. Mre

particularly, the present invention relates to a process for
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high dimethylamine selectivity characteristic of zeolite
catalysts.
Dimethylamine is an important chemical intermediate
useful as the starting material of various solvents,
15 pharmaceuticals, rubber chemicals, surface active agents
and the like.
Related Art
Typically, dimethylamine is produced by allowing

methanol to react, in a gaseous phase, with ammonia at a
20 high temperature (approximately 400°C) in the presence of
a solid acid catalyst, such as alumina or silica alumina,
capable of causing dehydration and amination. In addition
to dimethylamine (hereinafter referred to as "DMA"),
monomethylamine (hereinafter referred to as "MMA") and
25 trimethylamine (hereinafter referred to as "TMA") are
produced as by-products by this reaction. The demand for
these by-product methylamines is much smaller than that for
DMA. For this reason, after being separated from the
reaction product, these by-products are recirculated in the
30 reaction system and reused.

Separation of dimethylamine from the methylamines is
conducted by means of distillation. However, TMA forms a
complicated azeotropic system together with ammonia, MMA
and DMA, so that a very intricate large-scale distillation

35 process is needed. As a result, the cost for energy
consumed by the DMA-recovering process becomes extremely

high. Exambles of the recovery process are shown in
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equation (1) considerably higher than that of DMA formation. For
instance, in the case where the reaction temperature is
15 400°C and the ratio of ammonia to methanol at the inlet of
a reactor is 1l:1 (weight ratio), the equilibrium weight
ratio of the amines produced, calculated thermodynamically
is MMA : DMA : TMA = 0.284 : 0.280 : 0.436. In this case,
the DMA selectivity defined by the following equation (1)
20 is only 28.4%.

DMA selectivity (%)

(2 ® Wy/Dy,)/(Wy/My, + 2 x W,/Dy, + 3 x W,/T,,) x 100 @®
wherein W,, W, and W, are the proportions by weight of MMA,
DMA, and TMA produced, respectively, and M,,, D,, and T,

25 represent the molecular weights of MMA, DMA and TMA,
respectively.

For this reason, it is necessary to continually
separate a large amount of MMA and TMA, and to recirculate,
in the reaction system, these two methylamines along with

30 a large amount of excess ammonia which is allowed to exist
so that the reaction can proceed advantageously to DMA from
the viewpoint of equilibrium.

In recent years, a variety of zeolite catalysts have
been proposed aiming at solving the above problem. For

35 example, there can be mentioned those catalysts Which are

described in the following patent publications: Japanese
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obtained by treating a specific zeolite with
tetraethylorthosilicate or the like; Japanese Laid-Open
Patent Publication No. 002740/1995 which relates to
mordenite modified by a silylating agent; Japanese
Laid-Open Patent Publications Nos. 46846/1981, 210050/1984,
049340/1983 and 9510/1994 which relate to mordenite whose
DMA selectivity is improved by other wvarious methods of
modification; and U.S. Patent No. 3,384,667 which relates
to zeolite X, Y and L, levynite, analcite, chabazite,
gmelinite, erionite, ptilolite, ferrierite, clinoptilolite
and the 1like.

Unlike the conventional amorphous catalysts such as
silica alumina, all of the above zeolite catalysts give DMA
selectivities higher than the thermodynamical equilibrium
value. For instance, Japanese Laid-Open Patent Publication
No. 210050/1984 discloses a process for selectively
producing DMA, using mordenite. According to this process,
when a 1:1 (weight ratio) mixture of ammonia and methanol
is subjected to reaction which is carried out, for
instance, by using mordenite catalysts having various
cation compositions at a reaction temperature of 270 to
360°C, DMA selectivities of approximately 50% to
approximately 60% are obtained. These selectivities
correspond to values of approx. 2.0 to approx. 3.0 when
converted to DMA equilibrium factors defined by fhe
following equation (2):

DMA equilibrium factor =
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DVA equilibriuW?%ﬁEt@Fe:fed from the reactor to the recovery process.

This effect can be shown by comparing flow rates per unit
15 process defined by the following equation (3):
flow rate per unit process =

(total flow rate of materials to be fed from reactor to

recovery process (kgmol/hr))/(amount. of DMA
manufactured (kgmol/hr)) (3)
20 The flow rate per unit process can be adjusted by

controlling the amount of materials to be recycled from a

recovery system to a reactor, in particular, the amount of

ammonia. The degree of recycling of ammonia correlates

with the atomic ratio N/C (the ratio of the number of

25 nitrogen atoms to that of carbon atoms), that is, the

atomic ratio between N and C contained in all +those

materials which are fed from the reactor to the recovery

process. In order to reduce the load on the recovery

process, it is necessary to decrease the flow rate per unit

30 process as much as possible, that is, to lower the N/C

ratio. However, it is unfavorable to drastically lower the

N/C ratio from the view points of impurities produced as
by-products, and the like.

The previously-mentioned zeolite catalysts are

35 characterized in that they can decrease the flow rate per

unit process without drastically lowering the N/C ratio as
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In this case, the essential purpose of the use of a
zeolite catalyst is to make the flow rate per unit process
20 lower, as much as possible, than at least the above-shown
value of 18, which is the most typical flow rate per unit
prodess when the conventional catalyst is used. However,
it was found that when the zeolite catalyst is placed in an
insulated reactor which has been used with the conventional
25 catalyst, and a reaction is initiated at a temperature
which is made low as much as possible (the inlet
temperature of the catalyst bed: 250 - 260°C) so as to
prevent the formation of coke materials, the catalyst is
rapidly deactivated as will be shown later in Comparative
30 Examples, giving rise to a very serious problem in
practical use. The catalyst deactivation can be indicated
by degeneration constant (p) according to the definitions
represented by the following equations (4) and (5):
k. = k, * exp(-pt) : _ (4)
35 wherein p: degeneration constant,

k.: reaction rate constant when t days have passed,



35 characterized in that they can decrease the flow rate per uni t
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-b5- conpared Wi th the conventional catalysts of thernodynam ca
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13 15 Zeolite (2) 2.2 10 I n
this case? the essent B HRAHEENPRThe use of a zeolite catalyst is

to make the flow rate qper P o Talo] ower, as much as possible,
than at |east the abo&ﬁisﬁ%ﬁ%ﬁn&ﬁlq%%ﬁﬁégg%u%%, which is the nost typica

flow rate per unit P, : priodesis wWpenrttild gamesnirieond meaihalnggt, i s used.

However, V: volume of catalyst,

X: conversion rate of methanol.

10 When a fixed bed reactor is used as in the case of the
above process, it is necessary, from the commercial point
of view, that a catalyst can be continuously used at least
for one year, desirably for two years or longer. If a
catalyst has initial catalytic activity reasonably high

15 enough for commercial use, it can be used until the
catalytic activity is lowered to approximately half of the
initial activity. In this case, the deterioration constant
corresponding to a catalyst 1life of one year is
approximately 0.0021. However, in the case where a zeolite

20 catalyst is used with a reactor of conventional type, any
zeolite catalyst shows a deterioration constant of 10 times
or more the above-mentioned threshold value, as will be
shown later in Comparative Examples. It is thus extremely
difficult to continuously use a zeolitic catalyst for the

25 commercial scale of production.

Thus, a principal object in this technical field is to
develop a process for producing methylamines, in which a
zeolite catalyst can be continuously used for a prolonged
period of time.

30 SUMMARY OF THE INVENTION

An object of the present invention is to provide a
process for producing methylamines wusing a zeolite
catalyst, in which process the deactivation of the zeolite
catalyst is suppressed so that the zeolite catalyst can be

35 continuously used for a prolonged period of time.

We made earnest studies in order to develop the



It was found that when the zeolite catalyst is placed in an I nsul at ed
reactor which has been used with the conventional 25 catal yst, and a
reaction is initiated at a tenperature -which is nade | ow as nuch as
possi ble (the inlet © tenperature of the catalyst bed: 250 - 260[err]C)
So as to prevent the formation of cok% materials, the catalyst is

rapidly deactivated as will be shown latér‘in Cbnparatlve 30 Exanghes,
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life of the catalyst can be drastically improved, and the
above object can thus be attained. The present invention
10 has been accomplished on the basis of this finding.

Thus, the present invention relates to a process for
producing methylamines, comprising contacting methanol and
ammonia, or methanol, a mixture of methylamines and
ammonia, or a mixture of methylamines and ammonia, in a

15 gaseous phase, with a bed of a zeolite catalyst, wherein,
the catalyst bed is divided into two or more sub-beds
connected in series and/or parallel and the difference
between the inlet and outlet temperatures of each catalyst
sub-bed is kept in the range of approximately 5°C to

20 approximately 70°C while the reaction is carried out.

BRIEF DESCRIPTION OF THE DRAWING

In the drawings,

Fig. 1 is a diagrammatic flow sheet showing a process
for producing methylamines according to the present
25 invention; and
Fig. 2 is a diagrammatic flow sheet showing another
process for producing methylamines according to the present
invention.

DETAILED DESCRIPTION OF THE PREFERRED

30 EMBODIMENT OF THE INVENTION

The present invention will now be explained by
referring to the accompanying drawings. A process in which
a catalyst bed is divided into three sections or sub-beds
connected in series as shown in Fig. 1 can be mentioned as

35 one embodiment of the present invention.

Starting materials, methanol and ammonia (line<3), are
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cat al yst, X: conversion rate of nmethanol. 10 When a
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devel op the mentioned ones. Among these, mordenite, chabazite and

modified mordenite are most preferable. At the first

15 section (S1), the starting materials and the recycle
material react with each other. The outlet gas of the
first section (line(D—l) is fed to the second section (S2)
of the catalyst bed, and the outlet gas (line ©-2) of the
second section is fed to the next section (S3). The

20 unreacted starting materials and recycle material contained
in the outlet gas react with each other at each section of
the catalyst bed.

The reaction is carried out by controlling the inlet
and outlet temperatures of each catalyst bed so that the

25 difference between them will be kept in the range of
approx. 5°C to approx. 70°C, preferably approx. 10°C to
approx. 50°C, more preferably approx. 20°C to approx. 40°C.
Temperature differences larger than 70°C would lead to
shorter catalyst life, and temperature differences smaller

30 than 5°C would result in difficulty in obtaining desired
methanol conversion.

In order to prevent the formation of impurities such as
coke, it is desirable that the inlet temperature of the
catalyst bed be approximated to the minimum temperature for

35 initiating the reaction at a reasonable rate. It. is
desirable to control the inlet temperature to generally

approx. 200°C to approx. 350°C, preferably approx. 220°C to
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that the difference between the i nl et; and outlet tenperatures of each
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the catal yst bed.i s _divi degt iﬁgto t WO gﬁeém%grskub- ed connected in

eds
series and/or PSPESEC aRl SdPPFE? SRR SN FETPRTS T U] O f
out | et tenper attineesadialysth best alaystlso be sabibgdcbadkeped.n t he range of

approxi mately 5[er p I oAt /0l ern] C while the reacti S
carried out. The beile gg%R{:%é %&%&?{Jﬁ‘?ﬁ\% II'V‘I% mﬁén%r @
In the drawi nggsing a refripgegations mgddiuagsasimeisc aflirowndizegeshgaisngra
process 10 EQkahl, 0d¥CHPda MELLY @:EEH'&@@&.COVA@*J&daCEiU&gQV Q‘%x%nho%§in

t" show ng anct her

i nvention; and Fig. 2 is a diagrammatic flow she ]
process for prBéuEPﬁgoHE%ﬁgI%ﬁ?n%%nd%%cﬁ%qﬂfif@ e diresadyy feedipgy&hei on.

DETAI LED DESCRIrBychNeOmabdr iBRERHIAS2 83Cbart of the startinEVRARPEMEN]OF
THE | NVENTI ON T r nt invention will now be explai ned by
referring to ttﬁglacggnﬁﬁﬂéf’%gagsa\ghonﬁ e R‘%&S&Feggsi'n WAPCcFooLling, ofpithey st
bed is divi dedoutfiett baseisadia datter sahnbedss particularly useful from
15 the viewpoints of heat recovery and reduction in the cost
of equipment.

The outlet gas (line ()) of the last section (S3) is
heat-exchanged with the 1line for feeding the starting
materials and the 1like, and then fed to the recovery

20 process (P). At the recovery process, methylamines are
respectively separated, by a plurality of distillation
columns, from unreacted ammonia, water produced by the
reaction, etc., and recovered. Unreacted ammonia, MMA and
TMA are returned to the reactor as the recycle material

25 (line @).

It is preferable that the catalyst bed be divided into
2 to 10 sections, preferably 2 to 7 sections. When the
effects of the present invention, the cost of equipment,
and operating characteristics are taken into consideration,

30 it is particularly preferable to divide the catalyst bed
into 3 to 5 sections/sub-beds.

Further, with respect to the reaction at each catalyst
sub-bed, it is preferable to control the reaction so that
the difference between the conversion rates of methanol at

35 the outlet and at the inlet of each sub-bed based on the
conversion rate of methancl at the inlet of the first sub-

bed will be in the range of 10% to 60%, preferably 15 to



connected in series as shown in Fig. 1 can be nentioned as 35 one

enbodi nent of the present-invention. Starting materials, nethanol
and anmonia (line [err]), are :

- 8- joined with recycle material (line [err]; gas and/or |iquid)
consisting essentially of unreacted amoni MVA and TMA, com ng from
recovery process (P). These materials, whi are in the gaseous

state, are fedsgy ne e 1ond Gddfeddd onfers 55! 1M ohSH endh 108 he

catal yst bed at rature vra
evapor at i on, h§§?ttﬁﬂg,nv@thﬁr gf catalysbl Stll? baﬂal y@tuﬂﬁa\hmglﬁm to be

equi | ibrium fa%k%bs%ftvél% H{gher rég?fleclngoﬁﬁfééﬂﬁigxz.%yirp%p '3:% usegused
as a catalys eCi fi1CT exanples of such a zeolite catalyst |ncI Slde

10  nor deni teWhléﬁ’ab‘dgﬁ’E‘etheF Agfhanel copyeredormés bigherethmn 60%, thg 1,

erionite, 5 ZSNh&alysZSMﬁé wouZ&Nbal,llkezsf 50 baNdhorter.montnorillonite,
and zeolites obtai EF‘E QZBWPC]I fa/l n nti oned ones. Anmong t hese,
'f [

nordeni te, chabaz t@& ﬁﬁFﬂ@n‘Pf the SYRRGT Sfefdtzpoen
At the first latomsetbi ﬁhat(ﬁﬂ)carlbdﬁe a b | IJTrg R Qfatdlgfs‘lﬁlméd e rieaycle

mat eri al react t utl e of the r.st ction
(line [err]-1) WB f{ héleéfe%%andfgeg %jontl 218, o‘f‘ofﬁepfglfglrﬁz Ybed,
and the outl et fgeg él 2n§0[ @r 2} - 2Thef Nt/ﬁeratlo lgwevnc&thsacﬂl.6nwpslﬁede*ad t he

next sechigon (g3) prod{58€1§§ of %51[?1? &G54 afd 'Hl%r{@} Rl O{éh d %%CLIZCh

mat eri al cont ai ned gas react” wth eac at e
section of ratife fﬁfc&%rys?hﬁﬁd3 0 WOUld regeiliteatn | dRCreassr rivdtbet by

control ling thembGhetof recydlingukh&t ihegRer at HeesrobneapPacatakyakeled so
that the The reaction pressure is, in general, from normal
pressure to 200 atom.

15 Further, a process shown in Fig. 2 can be mentioned as
another embodiment of the present invention. In this
process is used a multiple-tube reactor (R), in which a
plurality of reaction tubes are provided in parallel, and
gas is made to flow outside the tubes. Starting materials,

20 methanol and ammonia (line (D), are joined with recycle .
material consisting essentially of unreacted ammonia, MMA
and TMA (line CD, coming from recovery process (P). These
materials, which are in the gaseous state, are fed (line
@) at a predetermined temperature to the multiple-tube

25 reactor from the lower part of the external shell thereof,
via the steps of evaporation, heating, and the like. This
gas 1is heat-exchanged, through the tube walls, with gas
passing through the catalyst beds placed in the reaction
tubes, flowing in the counterdirection thereto.

30 Thereafter, the gas is circulated in the upper part of the
reactor, and introduced, from the top of the tubes, to the
catalyst beds (S, .. S.), thereby causing a reaction. After
the gas thus fed is heat-exchanged with gas in the external
shell of the reactor, it is fed as reaction product gas

35 (line @D to the next step, the recovery step (P), from the

lower part of the reactor. At the recovery process,



25 di fference between themw ||l be kept in the range of appr ox.

Blerr]C to approx. 70[err]C, preferably approx. 10[err]C to appr ox.
50[err]C, nore preferably approx. 20C to approx. 40[err]C.

Tenperature differences |larger than 70C would lead to shorter
catalyst life, and tenperature differences smaller 30 than 5[err] C woul d

result in difficulty in obtaining desired 11 nmet hanol conver si on.

In order to prevent .the formation of urltless h Cc Lt Jds
desirabl e that mfa%g‘yﬁﬁf“éf’e%n%ﬁ? atrﬁ‘rsé)eoqp S8y Sesd aFgﬁysftr%medug’gé’aCted
appr oxi nat ed t emtnbeim, ni waltrerenpzeo@uue@ flmsr 3the imeadEidmg tatE .o edoti @n at

a reasonable raghgrg ll_LttXJ Aesiinalhg oo Ceaimhst he d{4 et [LegRerauure
to generally X. 200[err Cto ap&%)@rSSO efr]C, preferably

approx. 220[er pp@:eﬁ@ted ammonia, MMA ang BITRITIC afortPpreryras y

approx. 230[ er kheek-9a2PR1%%e @) to S exréal&or. It is preferable
that the outlet gas of the catal e fed to the next catalyst

bed after cool ed. BRerRtionas c%qlmn& f%ﬁp%PéFuFé“Qﬁdﬁn}?é‘Ea‘t’é‘Fﬁ)st hged
can be readil ycatalys&djsuﬁt—ﬁddsaﬁdnﬁé@t@@eiratpmiIrEl kmplb’igﬁ‘.thﬁsame or
t enperature of

- Gt a s eok}can also b eas ]txogga &3 g &
The outl et gasS¢BA-B& cc?ol 1Y° PEONHRNE erRg Hgen
refrigeration wmtthurlrheuclatasysrtr subl—bedgenogaecmedlﬁln setrdam uodelsg ahleeat

eXChange& byAIESER@% E? at&gﬂscggkgggere wit fthgelg%EF§ al%ﬁgnge

conduct e direct e mat er part of
the starting naterPapsof the %@VG@EWW @Oltlot‘%%@%tqeetusg?@s aSTﬁé\e

cooling of thecatalys@Utf&t Gae i Feddeid@lterrganner gbsipablibc g y tweef ul
from difference between the inlet and outlet temperatures of the
catalyst bed be small. It is therefore preferable to carry
15 out the reaction by keeping the above difference in the
range of approx. 5°C to approx. 70°C, preferably approx.
5°C to approx. 30°C, more preferably approx. 5°C to approx.
20°C.

In order to prevent the formation of impurities such as

20 coke, it is desirable that the inlet temperature of the
catalyst bed be approximated to the minimum temperature for
initiating the reaction at a reasonable rate. It is
desirable to adjust the inlet temperature to generally from.
approx. 200°C to approx. 350°C, preferably from approx.

25 220°C to approx. 330°C, more preferably from approx. 230°C
to approx. 310°C.

The number of the reaction tubes is 2 or more,
preferably 10 or more, more preferably 50 or more. 1In the
case where this process is industrially employed, the

30 number of the reaction tubes is from several hundreds to
approximately 2,000, although it depends on the scale of
production.

The total conversion rate of methanol at the catalyst
lavers is 80% or more, more preferably 85% or more.

35 The N/C ratio (the ratio of the number of. nitrogen
atoms to that of carbon atoms) in the catalyst bed is from

0.8 to 3.0, preferably from 1.0 to 2.5, more preferably



15  the viewpoints of heat recovery and reduction in the cost of

equi pnent . The outlet gas (line [err]) of the |ast section (S3)
i's heat - exchanged with the |ine for feeding the starting

materials and the like, and then fed to the recovery 20 process (P). At
the recovery process, nethylam nes are respectively separated, by a
plurality of distillation col ums, ~ Ho’m unreact ed amoni a, water
produced by th reactiogn, etc., and recovered. Unreacted amoni a,
MVA and $ﬁﬁmarlé2r g:{%urrzﬁ%d to the reactor as the recycle material 25
(line [err]). The reactiopr gr@sshine that tire genhekgdt beEdbie ndirwiaded
into 2 torbQs38et itN2ooPReLarably 2 to 7 sections. Wen the
effects of the present invention, the cost of equipnent, and

operating charact efP8t i P¥esent alkiglvemtiPoriéi Her aBP¥n, bgo speciifdcally

particul ad y pegbakabe b9 £éFdeeindecs ahel ¥6118RIng examplids 3 HBwever,
secti ons/ sub- bg:gls. £, i Further, with respect tcﬁ Lhe reactj Qn at. each
cat al yst f- RIELSTRT | $DYPREPRDI 5 t 8ot T8} P&¢%he P¥eaths of OddoMie
t he differenceebempdes.t he conversion rates of nethanol at 35 t he outl et

and at the inlet of each sub-bed based conversion rate of
nmet hanol at the inlet of the first sub-%ﬁbsed wll be in the range of

10% to 60% prefatablygtssused> - 10
0% When,the nethap r.than 10%t he

total nur}g)er of cafalyst sub-%llé'agg%u%fsﬂligg %?Eé%ﬁtBngteamlnge?Eegglo\;gly
hi gher, resultifny BA bompkeint grenudppacdt asdiameter ofhiapprowientely 5
met hanol convegsion is higher than 60% the
z2: Cation-form mordenite containing 0.7% by weight
of K and 0.7% by weight of Ca in granules of a diameter of
15 approximately 5 mm.
Z3: Mixture of Chabazite and erionite in granules
of a diameter of approximately 5 mm.
A: Amorphous silica*alumina containing
approximately 70% of silica in granules of a diameter of
20 approximately 5 mm.
Examples 1 to 5

Two or three reaction tubes provided in series as shown
in Fig. 1 (an insulated reactor having a total capacity of
approximately 20 m’) were filled with a zeolite catalyst.

25 Gas between sections/sub-beds S1 and S2 was cooled by
recycle material (liquid and gas) from recovery process
(P), and gas between sections/sub-beds S2 and S3 was cooled
by both the recycle material (liquid and gas) and air.
Methanol and ammonia were fed at rates of 161 kgmol /hour
30 and 87 kgmol/hour, respectively. Thus, a continuous
reaction (for 2 weeks to one month) was carried out to
obtain MMA, DMA and TMA at production rates of 20
kgmol/hour, 60 kgmol/hour and 7 kgmol/hour, respectively.
The deterioration constant of the cataiyst, shown in Table
35 1, was obtained from the change in the conversioh rate of

methanol, in accordance with the previously-mentioned



. 5 catalyst life would be likely to be shorter. The N C rati o,

viz. the ratio of the nunmber of nitrogen atons to that of carbon
atons, in the catalyst bed is from 0.8 to 3.0, preferably from1.0 to
2.5, nore preferably - froml1l.2 to 2.2. The NNCratio |lower than 0.8
woul d [ ead 10 to production of by- produch in higher anobunt, and the N C
ratio higher than 3.0 would result in increase in the anount of
recycling and in the siz f a arat us used. The reaction
pressure is, ir?%éleanéroé’ls, Eif"lo)o":m 03. I* pressure to 200 atom 15
Further, a pro&ssgpdlesmd e Big. 2 can be nentioned as anot her

enbodi ment of the g (Y i S ptQc S

mul ti pl e-tube reactéz(re ;%) ,%%n%i%#%oa&&i%lﬁqu%???fl (E)? ?‘2‘38 i(;cﬁ’%%u gjsr are
provi ded in paf@ure| ,reagtion tybes,s nedeht o Hawmdut si dedisreetebes of
Starting rater b@b$oxdhatdiBt HaRAbhANGe PANRIARe&LLE: f B3 ddJes Aldhd Yed i th
recycl e material consisting essentially of unreacted ammoni a,” MVA

and TMA (1ine [FBFfr|FP2SDPREVEEDm FRR o db@shr e s 8ade)  to Thesecooled, a
material s, whi chnaisuonst heagasenusxpeatidents § ford 2( hicdks to dn@y mohtd) a
pr edet er m ned twcarsrpera&trureal tott he | ti p&(la:tube 25 eactor fromthe | ower
part of the ext'@rndl® Sh& Ther eatiPC® 037 PTRECET eP8S 0P eV EFOVEL Yo
heati ng, and t lreclkickéngThrecessesgashe $olidatvieychbangeditibdnowgdh prepatriglde
wal I's, w ga assi t h st.. b . h
reaction 1! t§1 ﬂgeg S o8 %lgo&nglr?ggrt%%%gnbt ﬁ‘gccgtrgc%n%jgr %ﬁ%e%ltu %%%glttqﬁgé‘r %thc?.t 30
Thereafter, thEO§hs TRCRVIEY aNed FerYhbingpbadpdreenft done in adyaocer-,

and i ntroducedpufk8Byrt hentORaOF dd@akebese hQatissipatféh é’xSturBﬂ:dﬁas
(S[err] .. S[err]), thereby causing a reaction. After the gas thus fed

i s heat - exchan§88™MWitH g’ ithihePeRFesfal equal diee| thet the redwt boviet | s

fed as reactioaxamggugt gﬁ& aarfafélb&eth@r&bfckﬁrtn%snﬁéthh%atehEe It

:gggz§:§1 ?ggegg%’cagyyfﬁé% by Exgmgiegagtagd % %ﬂ&ggc%gé'proégsgeg in
these examples were similar to each other.

Composition of Starting Material

(mol%)
Ammonia | Methanol MMA TMA
20 Examples 6 & 7 60 30 8 2
Example 8 59 31 7 3




-

- 11 - met hyl am nes are respectively separated from unreacted
‘ammoni a, water produced by the reaction, etc. by a ii E%- et

distillation colums, and recovered. - Unr eact e aﬁﬂw%
TVA are returned as the recycle 5 nmaterial (line [er]]) td?EHié\CEBactor'
Operational conditions for this enbodi nent )ivith t he T catalyst sub-Deds
connected in parallel may be the same or~ 12 - Similar to those for the
previ ously mentioned enbodi nent with the catal yst sub-beds connected
in series unless the 10 former conditions interfere with the latter

condi tions. The @usulftst ldbtabimed des dihiehbedaveoHxaew lesn beudedres

t he catalyt f or, t reacltlon It is desirable that the

di fference bet I.fhe |rﬁ and outlet tenperatures of the cat al yst
bed be small. It is therefore preferabl él‘athia:drry 15 out the reaction by
keepi ng t he abeve—ei-Hferenee—in an of—qp ferr ;o
approx. 70 err] @-:‘a“}ﬁcef%?’aé"ﬁ'l ) B et Temp. 5[ efP¥C toNa %Iroox B?%G_'e'P ' | nore
preferably appfox. 5[lerr]C o GQbprioxof *1 | Diffeaeer 12¢. / | Rate | Constj g ef to
prevent the fofmation of inpswideiisds Oh ds 20c) cqke, |it3 ilsgdes) [Bdoloe| t hat

the inlet tenpgraturg of the catal yst| bed be dpproxi ndted tolfhe
m ni mum t enper @t unne flor z1 initijatiazsg the re@cti gqm.@t a rleagdnapl 82r at e.
It is desilrabl e |t o qdj bst st heg i sgt  tlenpegpat urfer 1 ¢ gener akl y f3.om
approx. 200[erd] C_to [appr ox 3§0[err] prief ergbly H_p pprog 2p ,
220[ err] C to afppr Ox. SS@Ee 1 C” nmore Peferabl frqm approx QO[ arr'fC
to approx. 310[lerd] C.| Z2 2The nudtBer |of tHe rdakfilod tjubdd i 250
nor e, 1o preflerably] 1Qoor | none, [norsoprgferaply J301.D11 morje. 0bn | h23
case Where thig procegss. s |ndystrfially enploygd, tlhg;3049 [nugler|of,the
reaction tubes|is frdm Sevefal “hundreds tdg apfr oxi mately,%,O)O
al though it depends dn the scaPe of 200 dr odu Wtion 17 U Ithe t%?a
conversion ratg ofg w%t haaol | at 4t he casll yqt 25 151 7 0.8 2.3
15 *1 Each Catalyst Sub-bed
*2 between [nlet and Outlet of Each Catalyst Sub-bed
*3 Per Unit Process
Comparative Examples 1 and 2
20 An adiabatic reactor having a capacity of approximately

10 m® was filled with the silica alumina catalyst (A). To
this were fed methanol and ammonia at rates of 120
kgmol/hour and 65 kgmol/hour, respectively. Thus, a
continuous reaction was carried out to produce MMA, DMA and

25 TMA at production rates of 15 kgmol/hour, 45 kgmol/hour and
5 kgmol/hour, respectively. The deterioration constant of
the catalyst in this case is shown in Table 2.

Comparative Examples 3 and 4

A continuous reaction was carried out in the same

30 manner as in Example 1, except for the change that the
gases between the catalyst sub-beds were not cooled. This

run may thus correspond to one where an adiabatic reactor

as in Comparative Example 1, the number of catalyst sub-

beds being one, is used. The deterioration constant of the

35 catalyst in this case is shown in Table 2.
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dayers is 80%or nore, nore preferably 85% or nore. 35 The NNCratio

(the ratio of the nunber -of nitrogen atons to that of carbon atons) in
the catal yst bed is from 0.8 to 3.0, preferably from1.0 to 2.5, nore
preferably - 12 - from1l.2
to 2.2. The reaction pressure is 5|n general , from normal
pressure to 200 atom The presen} I nvention will now Ibe
specifically p%&%j e ferri o the foll ow ng exanpl es.

ngever &am AL EAIES Hag?tt limted by the follow ng

exanpl es. A continuous reactionExMfLESrried efhatdhnystheusegre 10
Z1: H-f or mpagindenide theatadhy Séeag;;@&?@t féQO[t@{er ]cg'lange thak ‘?the

hours i n granul es of gedlaneter of appr.oxi ma

Cat i on-f or m moP@SRiSt ePEEHEE NI TR 0.CAKY Site| §HP beds BETK d’rfdt 0 CPmliegd -

wei ght of 5Ca i Fugttien!,esnobraetli edetde Qi'lelﬁeata@ﬂé@%ﬂ)é@i&bbesr WAHit gas
Z3: M xture of glatbaZLte nd erionite in a di aneter of

approxi mately § R PIOCESSy pﬁ%ggl t%l thad. a?-’&m‘?ﬁ? above
cont ai ni ng COHI@pp‘laCt)iIVEBt Bkygmp0&s pf e | curdfacy adl eshof rediwdet ¢asof

heated. It was confirmed by Comparative Examples 4 and 5
that the processes in these examples were similar to each
10 other. These runs correspond to one where an adiabatic
reactor as in Comparative Example 1, the number of catalyst
sub-beds being one, is used. The deterioration constant of

the catalyst in this case is shown in Table 2.

15 Composition of Starting Material
{mol%)
Ammonia | Methanol MMA TMA
Comparative 60 30 8 2
Examples 5 - 7

20

The results obtained in the above Comparative Examples
1 to 7 are shown in Table 2.



. 20

Two or three

in Fig.
ty of approxi mat el y 20¥ SHEE] HASrBEEN"
. Gas between section$/ sub- RERIACED and
e materl al (l-iﬂé” d and gas) ,

rom 7 ECOVETY
ub- beds S2 and S3 was cool ed

approximately 5 nm ~ Exanples 1 to 5
reaction tubﬁﬁss}feevmmgehm@gcédes as shown

react or havi ng g HH"

filled with a
S2 was cool ed

process (P), and gas bet ween secti ons
by both the recycle nmaterial (liquid anq, oL %) and air. Met hanol and
ammoni a were fed at rates of 161 kgrml/hour 3& and 87 kgnol / hour,
respectively. c(,lmus CatddysC PN, rwo filet Temp. |l €aGhp.on |( oI FowNEBKSO1L L
nont h) was carf 73& out to (f}) | e :@}@ N TIyA q{atepr&qgcs ogq tes
of 20 kgrpl PH6ur| 60 kgnol/ hour "and 7 g hoturd spectiv ¥
The deteriorat HPUbTEES lcat@ystf, sk qubl*é bEXlU N | Faos
obt ai ned from h-er-SerA—fat-e Cf methanol—Hn
accordance with tHe i otrdd 60 20 0871 10
- 13 - bquat i 340 Exdfpl es| B7tjo1@ 0.8 1Byt he
use of a produftian I N qwhi ch 450r eq or 100 i@tr 11 rleagyi o 5.t Wibes,
each having a 4di pr dx 'mﬂ ly 11 c\% wer, cnnggci ed
in series, andgas ifr thé space"bet vieen etub s| mede {o”be
cool ed, a i dn eXPerijmentlq f or 7 Jedks| t @2ong #dn{ h)
was carrii@d ouf. pracesls hzs nd reazwvery] and 8 zecyching
processes, the fol7l o] n%comoqition was Arepagged | 171 11 23 20
*1 Each Catalyst Sub-bed
*2 between Inlet and Outlet of Each Catalyst Sub—bed
15 *3  Per Unil Process
[Consideration - the case where a catalyst bed is divided
into sections/sub-beds connected in series]
Comparative Examples 1 and 2 are the case where a
20 reaction was carried out by a conventional adiabatic
reactor, using silica alumina, a conventional catalyst of
thermodynamical equilibrium regulation type. The
deterioration constant of the catalyst in this case was
0.8, which corresponds to a catalyst life of 2 years or
25 longer. Comparative Examples 3 to 7 are the case where a
reaction was carried out by the same equipment as in
Comparative Examples 1 and 2, wusing wvarious =zeolitic
catalysts. Although the inlet temperature of the catalyst
layer was kept at as low as 250°C to 260°C, which was
30 approximately the minimum temperature for initiating the
reaction at a reasonable rate, so as to prevent side
reactions such as the formation of coke, the deterioration
constant of the catalyst was surprisingly found to be at an
extraordinarily high level of 17 to 24. Such a high value
35 means that the life of the catalyst is only one or two

months. This is a very unsatisfactory result from the

practical point of view. In general, zeolite catalysts



10 and used as the starting material on the supposition that bot h

recovery and recycling had been done in advance. Further, in order to
make the heat dissipation per unit gas -quantity in this process equal
to that in the above - exanpl es, the surface of the reactor was kept

heated. It 15 was confirmed by Exanples 3 and 6 that the processes in
these exanples were simlar to each other. -

mp()s' ti O-T-M(Z\f St art | ngﬁspt%i{f%aslgpaﬂ.l porgg as com§6red wﬂ?}rg amorpl\éetuhsagOI
Exanpl e 8 catalys®s, so thht their chAtalytic agtivities are readily
-14- e results obtained in the above a egeé t r
shown i n Tabl eaffechc d’ %y coﬁe magerlals epos:.tg&(_l_r%r}e %u%rtaaceé

Exanpl e Cat al ysthesofof [Thidest fﬁaqwnsiﬁan@d to be tRe rFlseen BEgerpuch an

DVA tisfact 1¢f Wik optiflkkgrence *2 / Rat e

Const . [er;i E&nsa isfac Orf}yésu e S -béds (%err]ca ([err] O C
*3 (X10[err]) Pacithye contrary,q Examplesyi to are theyggse wherg @
2.0 11 YAction wak Zarried out 2under @e samelconditddBs as in 50
i‘; g ]f:oglparativeg: 2‘Zu"xamples ex%:ept t%\]ét the3 follo%zSi%g were 35

conducted in accordance with the process of the present
10 invention: the zeolite catalyst bed was divided into 2 to
4 sections/sub-beds connected in series, and the difference
between the inlet and outlet temperatures of each catalyst
bed was kept in the range of 25°C to 60°C while the
reaction was carried out. As a result, it was surprisingly
15 found that the deterioration constant of the catalyst was
lowered to 7 to 11. Such a value corresponds to a catalyst
life of 1 - 2 years or longer. It can thus be confirmed
that the life of the catalyst is dramatically improved to
a period long enough to employ the present process for the
20 industrial scale of production.

Examples 9 to 11

A multiple-tube reactor of heat-exchanger type (Fig. 2)

in which 6 reaction tubes, each having a diameter of 1/2
inches, were provided in parallel was used. Each reaction

25 tube in the reactor was filled with 25 ml of a zeolite
catalyst to form catalyst sub-beds. To this was fed a
starting material composition consisting of 61 mol% of
ammonia, 29 mol% of methanol, 8 mol% of MMA and 2 mol$% of

TMA through the external shell of the reactor at a feed

30 rate of 300 g/hour in the counterdirection to the flow of
gas entering into the sub-beds through line @ and passing
through the catalyst sub-beds (S, .. S;), thereby carrying

out a reaction for two weeks. The difference between the
inlet and outlet temperatures of the catalyst sub-beds was

35 15°C on the average. The results are shown in Table 3.



A Z2 2 250 60 1.7 8 19—t
5 Z2 3 250 40 1.7 8 | THIQ.BHEFT HAS BEE&T
6 Z1 3 250 35 1.7 9 1.0 REPLACELR.2 -
7 Z3 3 260 30 1.7 11 32 2 2. 0

8 Z2 4 260 25 é@e 0.8 2.3
15 *1 Each Catal yst Sub-bed +2 belfeen InI et and Qutlet of Each
Cat al yst Sub- bed *3 Per Unit Pr ocess Conpar ative Exanples 1
and 2" 20 An adi abatic reactor havi r‘% & Capacity of approxi mately

10 nferr] was E)!aluﬁlg Whafalystt | Qlosbﬂ || Gfer Fedpn| N MeBizal

were fed nethapol and ammonj at nat €5+1 of 80 o

kgnol / hour, rpspectilvely. ﬁ: a AR

out to produce|l MVA, DVA and S25-*’"»“81I\/lﬁ\(é?t) pf odu@®i on

45 kgnol / hour préd S5-kig rm' lhdur

constant of 9% he c4tal yst n [t hiZ0 case i $sho

Conpar ati ve Expnplles |3 &hd ¢4 6 270 A[con®$ nuo

out in the sanp 3Q |mapper| asgi n|Exagpl e|1,

gases between fhe cafal yst [sub-beds were

thus correspond to one where an adi abatic reactor as 1 n Conparative

Exanpl e 1, the*nwabeCadfst Sdt@liyst sub- beds being one, is used. The
deterioration epnst@ntip kst he 35 catalyst in this case is shown in Table
2.

10 Comparative Examples 8 and 9

An adiabatic reactor having a diameter of one inch was
filled with 100 ml of a zeolite catalyst. To this was fed
a starting material composition consisting of 61 mol% of
ammonia, 29 mol% of methanol, 8 mol% of MMA and 2 mol% of
15 TMA from the lower part of the reactor at a rate of 200
g/hour, thereby carrying out a reaction for two weeks. The
difference between the inlet and outlet temperatures of the
catalyst bed was 90°C on the average.
Comparative Examples 10 to 12

20 An adiabatic reactor of a diameter of one inch having
an outer shell was used. The inner tube of the reactor was
filled with 100 ml of a zeolite catalyst. To this was fed
a starting material composition consisting of 61 mol$% of
ammonia, 29 mol% of methanol, 8 mol% of MMA and 2 mol% of

25 TMA through the external shell of the reactor at a rate of
200 g/hour in the counterdirection to the flow of gas
passing through the catalyst bed, thereby carrying out a
reaction for two weeks. The difference between the inlet
and outlet temperatures of the catalyst bed was 70°C on the

30 average.

The results obtained in the Comparative Examples 8 to

12 are shown in Table 4.

This Sheet Has Been Replaced
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was carried ou
change that th
5 Further, i
quantity in th
Exanpl es, the
Conpar ati ve EXx
were simlar t
adi abatic

sub- beds bei ng
catalyst in th
Composi tion of
(ol %9
Conparati&%

20 Th
to 7 are shown

10

15

20

Conparative Exanples 5 to 7 A continuous reaction
t in the sane manner as in Exanple 6, except for the
e gases between the catal yst sub-beds were not cool ed.
n order 'to nake the heat dissipation per unit gas _

I's process equal to that in Rge above Conmparative
surface of the reactor was™ -

anples 4 and 5 thattﬁﬁﬁﬁpgpcesses i n these exanpl es
o each 10 ot her . These S ‘correspond to one where an

one, ip used| T det er.i or
il s™¥%se] i s showﬁgﬁn TaﬁﬁePZ.
Srawle hg Mat ¢Sibabeds [ (°C)

A ni
B

860l Z1 | 3¢ | 0 g

ICgpvi%igrrxl S a7nt [9;1fle Const. pt hgq.
(%) C *2 (X107%) | Factor

nol Y

T
97 2 17| 1 Ekamdl e 80- |7

b résul t s Z8bt i néd i te® aﬂove %bnpawavivezE%anples 1.9
i nigfabl e Z3. 1 250 96 171 10 12 2.1
11 z2 1 250 95 171 9 9 2.2
12 73 1 260 94 171 11 10 2.0

*1 Each Catalyst Sub-bed

*2 Per Unit Process

[Consideration - the case where a catalyst bed is divided
into sections/sub-beds connected in parallel]

Comparative Examples 8 and 9 are the case where
methylamines were synthesized on a single bed of a zeolite
catalyst by using a small-size equipment which was of the
same type as a conventional adiabatic reactor used for the
production of methylamines. Although the inlet temperature
of the catalyst bed was kept at as low as 240°C to 260°C,
which was approximately the minimum temperature for

initiating the reaction at a reasonable rate, so as to

- prevent side reactions such as the formation of coke, the

25

30

35

deterioration constant of the catalyst was found to be at
an extraordinarily high level of 20 or more. Such a level
corresponds to a catalyst life of only about one month, and
is far from the level suitable for practical use.
Comparative Examples 10 and 11 are the case where a
single bed of a zeolite catalyst was provided in the inner
tube of a double-tube reactor, and a reaction was allowed
to proceed with heat-exchange of feed gas with gas passing
through the catalyst bed, flowing in the counterdirection
to the feed gas. In this case, the deterioration constant
of the catalyst is approximately 10. Although this value
is slightly improved as compared with Comparative Examples

8 and 9, it is still far from +the ievel useful for

heated. It was confirned by

CoRpLt DCat@fst || NNCQRPPRMRL T, [EXaviOre 1T N HemdeefiooT sk 3l yst
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- 16 - Table 2 Conmpa-

Catalyst No. of Inlet Tenp. Tenp. N Flow Degen. DIVA
rative Cat . of *1 Difference-*2 |/ Rate Const.[err] Eq.
Exanpl e Sub-beds ([err]C ([err] O C *3 (X10[err])

Fact or 5 1 A 1 350 60 2.0 18
0.8 1.0 2 A 120 - 340 70 1.7

16 0.8 0 3 Z1 1 250 100

2.0 11  practidal ysg. 4 71 1 250 110
1.7 9 22 On the2cPntrary, Exadples 9o 11 &re the 2@ wherelH)
1.7 9 2 : . . i th

17 3 2%eactn.cm w%tsgc&:prled ou't6,7 in acéégdancilwu: th%g)grocess %%85
1.7 11 2%he present gnvention,* pyEgc Ruddiplestubeh heed-exchanger-
betveen | et aggeQirbbeol Rasthdahalyadi - batalse “dnbeh Wid Beasess
[ Consi deration - the case where a cataly bed divi de

secti ons/ sub- b8d¥idEAnet &y ?ns§€ft|18§‘]s/su}° _beds c%?ﬁ%%li‘/@ B@&”ﬁﬂﬂ@é 1

and 2 are the qash rbedegss &mg ﬁa@ttl-astcnaag@armeﬂ il JAsA rigP RneBliganal
adi abatic pLeactor Irﬂne%r ica alumn a_conventi onal . cat al ysth of
iu

t her modynam caltPCe FaTES Aih 17 ypae countgpdirection to
deteriorati on fersdt gas.of Ashe catalystit rwatshlssurmfsmqﬂy found t&,atvvlthéh

correspoqgsttodgtggtlgk %3t ohi £8 mﬂgfcagtyg@ré)eoea%élysltoaggrim O@c% Loyt he

Exanpl es are the case on was car
same equi pnent 2aswhach was edmpaital/ € Bfaitppésin Qﬁapéra@svﬁgEmmpé%,

zeolitic at@halyht shel 1Hosgh thhpetrhat-of SPEERLU rc%t%flyté%e 584 alust
| ayer was kept_ at %S,_. I as 250[err}:C to 260[err] C, which was
mtg\?ﬁ\

appr oxi mat el y PhEb t'ier B UPeMPBFathVe| BKPRELERe SUCh a value

corresponds to a catalyst life of 1 to 2 years. The
15 present process can thus be adequately employed for the
industrial scale of production. '

According to the process of the present invention, the
life of a zeolite catalyst for use in the production of
methylamines can be remarkably improved, and the catalyst

20 can be continuously used in the production for a long
period of time at a low reaction temperature of 300°C or
lower. The production of methylamines can thus be

advantageously conducted in the industrial scale.
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.feaction at a reasonable rate, so as to prevent side reactions such

as the formation of coke,- the deterioration constant of the catal yst
was surprisingly found to be at an extraordinarily high Ievel of 17
to 24. Such a high value 35 means that the life of the catalyst is only
one or two months. This is a very ugsatisfactory result fromthe
practical point of view. |In general, zeol te catal ysts

- 17 - he\égl%t_renel y small pores as conpared with anorphous

catal ysts, so that their catalytic activities are readily af fected by

coke materi al sideposit &d @rpﬁdm@fb&cproduciﬁ@eﬁ@&{ylmrseé,S_c@ﬁ%i-ii@qrngd to
be the reason %yl u satisfactor.é resul t . was .obt ai ne

h :
On the contrary, E)%g(r%r:ﬁpgg mf%{) gngialaéldt REMORE QRefEtRanol, g mixityre,of
carried out undethyhemiase eoddammonsapsorrna mixti Gt atdthsy 1ExEmRIseand

except that th . QW re 0 ed in_.accor,dance with the,
procgss of thegging?g%f 2%)\/\%. %sr’ﬁ?%%: Bg%%te;ep‘fﬁlg éat%?@spfbe% \f/&?ﬁd‘it\% ded
into 2 to catadysitonFheyinpaty esemieotheicch coepybses abide t heedbfff ehence

bet ween the inkgbi1apd OuthelstCoRSs ANHEInf c@%ﬁtﬂﬁg%t%a%s dividedd i WR3
kept in the range of 25[err]C to 60[err]C while the reaction was

carried out. AS"Q PESHPES FbrkedsuFpPRSLighy 1nsseriggnargiar phgallel,

deterioration anast ate of dibeceahsbySthamifeen theWeredehtO 7ah® 1butPdeh a
val ue correspog_ds Lo_a cata years or longer. It can

| yst | f e of - 2
thus be confirmear - “EHst °¥h%a?ﬁlf%aj6?{¥%’é %‘é?‘aﬁ%%tlﬁ LeRigy ithg Fpnge
i mproved to of aaperowindbaly erfoUyh tbo epproyiméeepyesEhic pmidddss ftae t he

20 industrialogeak8nof sPEQENELEOB Y.

2. The process according to claim 1, wherein the
zeolite catalyst is one which can give a dimethylamine
-selectivity of 1.2 times or more the thermodynamical
equilibrium value at a temperature at which the zeolite

catalyst is used.

3. The process according to claim 1, wherein the
zeolite catalyst is selected from the group consisting of
mordenite, chabazite, levynite, zeolite rho, =zeolite A,
FU-1, erionite, ZSM-5, ZSM-11, ZSM-21, ZK-5 and
montmorillonite, and zeolites obtained by modifying the

mentioned ones.

4. The process according to claim 1, wherein the inlet
temperature of the catalyst sub-bed is in the range of

approximately 200°C to approximately 350°C.

5. The process according to claim 1, wherein the N/C
ratio which is a ratio of the number of nitrogen atoms to
that of carbon atoms in the catalyst sub-bed is in the

range of 0.8 to 3.0.

6. The process according to any one of claims 1 to 5,

RO D A



Exanples 9 to 11 A multiple-tube reactor of heat-exchanger type

(Fig. 2) in which 6-reaction tubes, each having a dianmeter of 1/2

i nches, were provided in parallel was used.- Each reaction 25 tube in the
reactor was filled with 25 mM of a zeolite catal yst to form catal yst
sub- beds. To this was fed a starting material conposition consisting
of 61 nol % of amoni a, 29 nol % of netfranol , 8m)l%of M\/AandZm)I%

of TMA th h X hel f the reactor t eed rate
of 300 g/ hour F"Rgg%ekcgtk}%t Ee’:r%%g{flL ct%r oHLt_gefihé fF8t'/\1/n8Fte% in §§r€fﬁtserr ng i nto
t he sub- beds through Irne [err] and passing through the cat al yst

sub- beds (9 er .. r] t hereb t reacti f or
weeks. The dif er ence F\A%r?lc?%% ae’cora#ﬂ{%t aﬁaaﬂjﬁt et” ﬁqtﬁ’ t he
cat al yst sub- beQSleSOSSthelst[ﬂefb¢® omf tites anesraglgest BHEE dle)SlddCB iay €rshown

in Table 3. 2 to - 18 -
Table 3 Exarrpl e Catal yst No. of Inlet Tenp. Me CH N Flow
Degen. DVA Cat . of *1 Conversion /
Rat e Const . gerr] bed ( | ; (%
C %7 (XlO[Err]) %Ee Process accorq}ng t%189a1m % J a gasgg
1.7 9 1. 7which is?2 fed from 40 giverZ2catalfst sul2Hed +to thed5
i-; g %sgbsequent %a%al?st subJdded co&ggcted f% seri£%§98 coole%4

9. The process according to claim 6, wherein a gas

having undergone the reaction is treated so that the
desired methylamine formed is recovered from the gas and at
least a part of the remaining gas is recycled to the
process and wherein a gés which is fed from a given
catalyst sub-bed to the subsequent catalyst sub-bed
connected in series is cooled by using recycle gas or
liquid from purification process, or a part of starting

material, ammonia or methanol.

10. The process according to claim 6, wherein the
reaction at each catalyst sub-bed is so controlled that the
difference between the conversion rate of methanol at the
outlet and the inlet of each catalyst sub-bed based on the
conversion rate of methanol at the inlet of the first

catalyst sub-bed will be in the range of 10% to 60%.

11. The process according to claims 1 to 5, wherein the
catalyst bed is divided into sub-beds in parallel inside a

reactor.

12. The process according to claim 11, wherein the

conversion rate of methanol is approximately 80% or more.

13. The process according to claim 11, wherein the
total number of the sub-beds is 2 to 2, 000.

Hllllll HIIH IIIH ] H Illl
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. *1 Each Catal yst Sub-bed *2 Per Unit Process 1Q Conparative
Exanples 8 and 9 . An adi abatic reactor havi ng mlmﬁ‘e{;\s)ggm
inch was filled with 100 M of a zeolite catalyst. 0 Rbpisaoeps |

a starting material conposition consisting of 61 nol %d e Q
nmol % of met hanol, 8 nol % of MVA and 2 nol %%of 15 TMA fromthe | ower part

of the reactor at a rate of 200 g’h thereby carrying out a
reaction for two weeks. The di fng3 n& etween the inlet and outl et
tenperatures of the cat al yst bed—wgs—gﬁ{tﬂerr]c on the average.

Conpar ati ve ExanpllEsdi®bdesl iz 26 improvempnadinbatprocesstior cfatalditaimet er
of one inch haV|n out he was_used. The i ner tube of the
reactor was ‘ﬂﬁﬁlioé"d \ﬂrkt hmf%gyinambf’eﬁ 7500t eIt nii(; ﬁﬁ?s Was fed
a starting mtn@ﬂredn@,msaixﬂfr@mlrﬁétmml&és o, or a aEEHIrRe 29
nmol % of met hanol, 8 nol % of MVA and 2 nol % of 25 TVA t3hr ough t he external
shel | of %he rfadmedihykamines @nst NH,, in2gogFees Phasde RNt rkEF f i on

to the flow of; g3so1ite é@@eslgwcthmaga the cahalystmbad, ﬂsheltﬁﬁité c@id yi ng

out a reaction for two weeks. The difference between the inl et
and outlet terffFErifedsst 1thEivaCey iPtBelvRas™ 7PE? rf P RE he 3R the
aver age. _dlffeﬂa’rﬁ:é esativsenbitaendchliat tdied Coupaeat ivempbxarnphes &f 0
12 are shown | n 'La aetaé_llyst sub-bed is kept in the range of approx1mately 19 -
10 5°C to approximately 70°C while the reaction is carried
out.
FIGURE 1
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. Table 4 Conmpa- Catalyst No. of Inlet Tenp. MeCH N Fl ow
Detriol. DVA rative Cat . of *1 Conversion / Rate
Const.[err] Eq. Exanpl e Sub-beds ([err]Q (9 C *2
(X10[err]) Factor -5 8 Z1 1 240 97
1.7 11 2.0 9 Z3 1 250 95
1.7 12 20 1.9 /. / Z1 1 250 06
1.7 10 12 2.1 11 Z2 1 250 95
1.7 9 9 2.2 12 Z3 1 260 94
1.7 11 10 2.0 10 *1 Each Catal yst Sub-bed *2 Per
Unit Process [ Consi deration - the case where a catalyst bed is
di vi ded 15 i nto sections/[sub-beds connected in paralll el]

Conparative Exanples 8 and |9 are the—e ere met hyl am nes were
synt hesi zed on a single bed of a zed cat al y§t by using a
smal | -si ze equi pnent whi ch jwas of sane type |las a conventi onal
adi abatic reactor used for [the 20 oduclti on of nethyl am nes. Al though
the inlet tenperature of the talyst bed was kgpt at as | ow as
240[err]C to 260[err]C, whi ¢ apjpr oxi mat el y |t he m ni num
tenperature for initifati ng thetreactji on at a regsonable rate, so as
to prevent side reactlions su of coke, the 25
deterioration constant of tlhe ga dl at an
extraordinarily high | elrve+-o#— — orresponds to
a catalyst life of only abqut one e | evel
suitable for practical luse. 11 are
the case where a 30 sli nglle bed of Ia zeolj vided in the
i nner t ube of a doublle-tube r ior, al | oned
to proceed with heat-exbha-ng_e: f-fedd gas withigas passi ng t hr ough
the catal yst bed, flowijng in tﬁe’ ount erdirectijon 8)to the feed gas. In
this case, the deteri o@& i dn constagtl
!
@
|
|
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N
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L : REPLACEMENT SHEET
35 -+ of the catalyst is approximately 10. Although this val ue ’ﬁé@g g
slightly inproved as conpared with Conparative Exanpl es 8 ar s {3&”
is still far fromthe | evel useful for2 i2F)
- 20 - practical use. ®h the contrary, Exanples 9 to 1
are the case where a reaction was _carried out, in accordance with the
process of the presenPRORUGKION-OF METHRAAMINES t ube heat - exchanger -
5 type reactor using a zeolite catalyst which had been divided into
6 sections/sub-beds connected in par aIé@E’T_"ﬂT with feed gas being
heat - exchanged w ph s@a3®sRasSisNant Rhg¥Blement ihh8 SRbELYStrbLIcatd DML 1N
the counterdirection to the feed gas. As a result, it was
surprisingly Peedgctisn t pé 10ethgépmingsat Fpamcorethanobf antk ddhal yor was

inproved to 1 t , j 1/10 of at..in Conparative
Exanpl es, me%glatnl%tjgﬁa t"\#é{ﬁq%eet ggnhn%@?%%%éle D ?’%’1‘2 ég{’algﬁs{?b%ldxme
hi gher than tlbdt methGoapdnals wedExapl 6. a gSWebus pR&EE, over &WB&LSPONds
to a catalyst life of 1 totzleatrs. The ]};5 _F‘resent 8roc,ess gan t hus be
adequat el y enfl o$TY-1BF (RE2LYST nHREFFI atPR cAFRTOVEPREEUcET offat the
Accordi ng to theapyescedbedofist Hévpdedenhtontent oonpotraesub-bedsf eamd #he

zeolite catal f.ar e | p uGty o) : h ] b

remar kably i n%ritg\feeg,eng%d %%te&%%? af:ggt (\i%{)l%ﬂ: c%rrlld bgyg(ﬁ)'r%{ti #&g{?ﬁqiasc&%% i‘%ft he
production foeagh eagalyst pebibedots themrt din &heowangacef cropeprmpratiede of
300[err]ig or sec dPVREproxiNELtePyOFWC Qfhid +HE! bybariBgs iLathriiuts be
advant ageousl %u%onduct ed in the industrial scale.
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=z 21 - CLAIMS: 1. In a process for produci ng met hyl am nes, 5”‘6”& g
conpr|5|ng contacting net hanol and anmonia or ne C lof

met hyl ani nes and amoni a, or a m'xture of nethyl MEMCEAEEM Eﬁ PD‘S
gaseous phase, with a bed of a zeolite catalyst,{the |rrpr overrent |ch
conprises the use of the zeolite catalyst such tha @eﬁ ed is
divided into two or nore sub-beds connected in ser or par I el, and
the difference between the inlet and out ¥ Tenpﬁr tt+-es—of—eact’ cpat al yst
sub-bed is kept in the range of approximately 5[¢rr]C to appr oxi ely
70[err]C while the reaction is carried out. 2. T The process accord| ng
to claim1, whereffhet resnddki bbteahelyih theonbowki Exapgieg Jete 8 are
dlnethylanlne gbgpéhy%%£l o& 1.2 times or nore the thernodynam ca

equi librium va ue af  a terrperature at which the zeolite catalyst is used.
3. The process according to claim I‘abﬁﬁeﬂel n the zeolite catalyst is

ool i to o, FEBIPE MR 2o oo U TPD: | B 5. | DSWLL] ey A | 2k 5
and rmontnoril]onite] and zeoﬂllt e< obft A n(=8if§95?ﬂ%ﬁ'a| fyi hBate heoprhli dded ones.
Sub-beds °O) °C) C *3 | (X10%) | Factor
1 Z1 2 250 40 20| 11 14 22
2 Z1 2 250 50 1.7 9 1.9 22
3 21 3 250 35 171 9 1.0 22
4 z2 2 250 60 1.7 8 1.9 23
10 5 Z2 3 250 40 1.7 8 0.9 23
6 Z1 3 250 35 1.7 9 1.0 2.2
7 Zﬁ- 3 260 30 171 11 1.2 2.0
8 72 4 260 25 1.5 7 0.8 23
15 *1 Each Catalyst Sub-bed
*2 between Inlet and Outlet of Each Catalyst Sub-bed
*3 Per Unit Process
Comparative Examples 1 and 2 _
20 An adiabatic reactor having a capacity of approximately
10 m® was filled with the silica alumina catalyst (A). To
this were fed methanol and ammonia at rates of 120
kgmol/hour and 65 kgmol/hour, respectively. Thus, a
continuous reaction was carried out to produce MMA, DMA and
25 TMA at production rates of 15 kgmol/hour, 45 kgmol/hour and
S kgmol/hour, respectively. The deterioration constant of
the catalyst in this case is shown in Table 2.
Comparative Examples 3 and 4
A continuous reaction was carried out in the same
30 manner as in Example 1, except for the change that the

gases between the catalyst sub-beds were not cooled. This

run may thus correspond to one where an adiabatic reactor

as in Comparative Example 1, the number of catalyst sub-

beds being one, is used. The deterioration constant of the
35 catalyst in this case is shown in Table 2.



4.~ The process according to claim1, whereip the inlet tenpesrature of

“the catalyst sub-bed is in the range: of apprOX|TREPLACBWENErsmEEﬁo

approxi mately 350[err]C. 5. * The process ag¢ t-ng—to—ctrarm L, wherein
the NNCratio which is a ratio of the nunber of jnitraq .ﬂﬁ@é&ﬁg to t hat

carbon atons in the catal yst sub-bed is in the fangé
The process according to any one of clai 1 tol5
- 22 - wherein the catal yst sub-bed is: connectTd in series. 7.
process according to claim®6, MhEFEInT%qutQta|

t he catal yst
claim 6, whel €bmpaa |g@asalysh| clio. o6 [flaet Temom a "@my-en cat gIRest | S88RHedPMA |t
subsequent c

10

15

20

25

30

35

3. P.

hed divided is from2 to 1 The pracess accordi

At aliwest] sub-bed gennectoeel i 1N H@kdn@S<d |S /CQOta®d} Const. p | Eq.
Example Sub-beds O (°C) C *3 | (X10% | Factor

350 60 20 8] 08 | 10
340 70 L7 16 | 08 | 10
250 100 20| 11| 17 | 22
250 110 v 9 | 2 | 22
250 110 7] 9 2 | 22
250 | 120 17| 8 24 | 23
260 105 17| n | 23 | 20
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*1 Each Catalyst Sub-bed
*2 between Inlet and Outlet of Each Catalyst Sub-bed
*3 Per Unit Process

[Consideration - the case where a catalyst bed is divided
into sections/sub-beds connected in series]

Comparative Examples 1 and 2 are the case where a
reaction was carried out by a conventional adiabatic
reactor, using silica alumina, a conventional catalyst of
thermodynamical equilibrium regulation  type. The
deterioration constant of the catalyst in this case was
0.8, which corresponds to a catalyst life of 2 years or
longer. Comparative Examples 3 to 7 are the case where a
reaction was carried out by the same equipment as in
Comparative Examples 1 and 2, using various =zeolitic
catalysts. Although the inlet temperature of the catalyst
layer was kept at as low as 250°C to 260°C, which was
approximately the minimum temperature for initiating the

reaction at a reasonable rate, so as to prevent side

reactions such as the formation of coke, the deterioration:

constant of the catalyst was surprisingly found to be at an
extraordinarily high level of 17 to 24. Such a high value
means that the life of the catalyst is only one or two
months. This is a very unsatisfactory result from the
practical point of view. In general, zeolite catalysts

of
6.

The

L beds of

ng to
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reaction is treated so that the desirted nethyl

fromthé gas-and at |east a part’ of the rewainiﬁﬁﬂlgbgwgﬁﬂ;SﬂgE to the
process and wherein a gas which is fed froma di Men catal yst siyibjbed to the
subsequent catal yst sub-bed connected in serie g recycle
gas or liquid frompurification process,,@r_a garft of starting terial,
anmoni a or met hanol . 10. The process accorjdin erein the
reaction at each catal yst sub-bed is %%bﬁ%ngrolled that_th rence
between the conversion rate of nethanol at the outlet and the inlet of each
catal yst sub{ bagpldmeyan tNBEofC QN MahR) I MeOHOT | Rt hawel| péqdnheDMAl pt  of
the first cafalyst |sub-bed wl!| ibe dn tihe - of 1)%QEC(§§%T' Jii. The
: _ f cd @({?ﬁ& f ° -
process accofding to clalns%% tg 5?°mhe ern the dafa yst be $% I Vi ded
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10 Comparative Examples 8 and 9
An adiabatic reactor having a diameter of one inch was
filled with 100 ml of a zeolite catalyst. To this was fed
a starting material composition consisting of 61 mol% of
ammonia, 29 mol% of methanol, 8 mol% of MMA and 2 mol% of
15 T™MA from the lower part of the reactor at a rate of 200
g/hour, thereby carrying out a reaction for two weeks. The
difference between the inlet and ocutlet temperatures of the
catalyst bed was 90°C on the average.
Comparative Examples 10 to 12
20 An adiabatic reactor of a diameter of one inch having
an outer shell was used. The inner tube of the reactor was
filled with 100 ml of a zeolite catalyst. To this was fed
a starting material composition consisting of 61 mol% of
ammonia, 29 mol% of methanol, 8 mol% of MMA and 2 mol% of
25 TMA through the external shell of the reactor at a rate of
200 g/hour in the counterdirection to the flow of gas
passing through the catalyst bed, thereby carrying out a
reaction for two weeks. The difference between the inlet
and outlet temperatures of the catalyst bed was 70°C on the
30 average.

The results obtained in the Comparative Examples 8 to
12 are shown in Table 4.

The process according to claim®6, wherein a gas havi ng undergone the
' overed



