
PROCESS FOR THE SELECTIVE HYDROGENATION OF ALKYNES
AND/OR DIENES INAN OLEFIN-CONTAININGHYDROCARBON STREAM
BACKGROUND OF THE INVENTION The present invention
relates to a process for the removal of alkynes and/or
dienes from gas or liquid streams of olefm-containing
hydrocarbons, e.g., those derived from steam cracking
or refinery processes. The manufacture of unsaturated
hydrocarbons usually involves cracking various types
of hydrocarbons and often produces a crude product
containing hydrocarbon impurities that are more
unsaturated'than the desired product. These highly
unsaturated hydrocarbon impurities are often very
difficult to separate by fractionation from the
desired olefin product. The most common example is
ethylene manufacture, in which alkynes are common
by-products. For example, the effluent from steam or
thermal cracking processes for the production of
ethylene typically contains, as unwanted impurities,
significant amounts of acetylene and C to C diolefins
and acetylenics. Acetylene is difficult to separate
from ethylene by fractionation, and conversion by
hydrogenation is usually accompanied by a substantial
amount of ethylene conversion to 



ethane. In a similar way, hydrogenation OfC3H4 (methyl
acetylene or allene), propadiene and butadiene results
in the production of their olefin analogs, but also
significant production of C and/or C4 paraffins as a
result of over reaction. It has often been difficult
industrially to remove such undesirable, highly
unsaturated hydrocarbons byhydrogenation so that no
significant hydrogenation of desired olefin
hydrocarbon takes place. Two general types of
selective hydrogenation processes for removing
undesired, unsaturated hydrocarbons have come into
use. One, known as "front-end" hydrogenation, involves
passing the crude gas in vapor phase from the initial
cracking step, after removal of steam and condensable
organic material, over a hydrogenation catalyst. This
gas typically contains substantial quantities of
hydrogen as a result of the cracking step. "Front End"
is characterized as hydrogenation before hydrogen has
been removed from the balance of the hydrocarbon gas.
Despite the large hydrogen content of such gas, which
is very greatly in excess of the amount necessary to
hydrogenate the alkynes and, therefore, sufficient to
hydrogenate a substantial part of the olefin present,
operation with sufficient selectivity to produce
olefins of polymerization quality is well established
and catalyst lives of many years are obtained. In
addition, there is a "front end" application involving
a catalytic distillation unit and a vapor phase
reactor system where the reaction 



occurs both in the vapor and liquid phases. In the
other type of selective hydrogenation, known as
"tail-end" hydrogenation, the crude gas is
fractionated and the resulting concentrated product
streams are individually reacted with removed hydrogen
in a slight excess over the quantity required for
hydrogenation of the highly unsaturated hydrocarbons
which are present. This process can occur in either
the gas or liquid phase dependent upon the pressures
utilized. By controlling the amount of hydrogen, the
reaction selectivity to olefins can be maximized.
However, this requires a multiplicity of reaction
systems since followingfractionation, there are
individual streams of C2' s (ethylene, ethane and
acetylene), C3' s (propylene, propane, methyl
acetylene, andpropadiene), C4' s (butenes, butadiene,
Ethyl acetylene, vinyl acetylene, and butanes), each
requiring a reactor system. This results in increased
capital and operating costs. BRIEF SUMMARY OF THE
INVENTION Aprocess is provided herein for the
selective hydrogenation of alkyne and/or diene present
in an olefin-containing hydrocarbon feed. The process
comprises contacting the hydrocarbon feed containing
at least about 10,000 ppm by weight alkyne content
and/or diene with a catalyst in a first reaction zone
under selective hydrogenation conditions, said
catalyst including palladium and at least one Group IB
metal 



incorporated into an inorganic support, wherein the
surface area of the support is from about 2 to about
20 m2/g and a pore volume greater than about 0.4 cc/g,
wherein at least about 90% of the pore volume is
contained in pores with pore diameters larger than
about 500 A, and wherein the pore volume of the pores
with a pore diameter from about 500 to about 1,000 A
comprise from about 1 to about 2% of the total pore
volume. The process advantageously provides greater
selectivity for the hydrogenation of alkynes and
higher olefins. BRIEF DESCRIPTION OF THE DRAWINGS
Various embodiments are described below with reference
to the drawings wherein:FIG. 1 is a flow diagram
illustrating the present invention; FIG. 2 is a flow
diagram similar to FIG. 1 but illustrating another
embodiment of the present invention; FIG. 3 is a flow
diagram of an alternate embodiment of the present
invention; FIG. 4 is a flow diagram illustrating an
alternate embodiment of the process of FIG. 3; FIG. 5
is a flow diagram similar to FIG. 1but illustrating an
alternate embodiment 



of the present invention; and, FIG. 6 is a flow
diagram illustrating a vapor phase front end system
embodiment of the invention. DETAILED DESCRIPTION OF
THE INVENTION This invention relates to selective
hydrogenation of alkynes and/or dienes present in an
olefin-containing hydrocarbon raw gas feed such as the
effluent from a cracking unit or to the selective
hydrogenation of alkynes and/or dienes in an
olefin-containing hydrocarbon stream that has
undergone minimal fractionation to remove certain
heavy components but still contains substantial
amounts of hydrogen and highly unsaturated components.
A particular purpose of the process is to selectively
hydrogenate C2 to C6 alkynes and/or dienes to their
olefin analogs starting with a cracked gas effluent
mixture containing, e.g., acetylene and a significant
amount of higher (C3 to C6) diolefins andpossibly
other acetyleiiics in the presence of one or more
olefins, hydrogen and trace quantities of other
impurities. In particular, raw gas feed typically
contains, in addition to acetylene, over 10,000 ppm of
methyl acetylene, propadiene, 1,3-butadiene, ethyl
acetylene, vinyl acetylene, isoprene and other C5
dienes. These impurities are often hard to hydrogenate
out of the feed and can only be completely
hydrogenated after a 



substantial amount of ethylene is hydrogenated to
ethane. The process of the present invention is based
on an improved high pore volume and unique pore volume
distribution catalyst developed by Sud-Chemie,
Louisville, KY (hereinafter, "Sud Chemie catalyst" or
"improved catalyst"). The preferred Sud Chemie
catalyst for use in the process described below is
based on a low surface area inorganic oxide support
impregnated by Pd and modified by Ag or other Group IB
metal compound. More particularly, the preferred Sud
Chemie catalyst for use in the process of the
invention includes a low surface area catalyst
carrier, such as alumina, silica-alumina, zinc oxide,
nickel spinel, titania, zirconia, ceria,
chromia-alumina, magnesium oxide, cerium oxide and
mixtures thereof. The preferred carrier is an alumina
carrier. To qualify as a "low surface area" carrier,
the carrier has a surface area less than about 20 mVg,
preferably from about 2 to about 20 tn2/g, more
preferably from about 2 to about 10 mVg, and most
preferably from about 3 to about 5 mVg as measured
using the nitrogen method of determining surface area.
The pore volume of the carrier is greater than about
0.4 cc/g, preferably greater than about 0.45 cc/g, and
most preferably greater than about 0.5 cc/g. In
addition, the carrier is selected such that at least
about 90%, preferably at least about 95%, and most
preferably at least about 98% of the pore volume, is
contained inpores with pore diameters greater than
about 500 A, and wherein the pore volume of 



pores with pore diameters from about 500 to about
1,000 A is from about 1to about 2% of the total pore
volume. It is important that carrier materials be
selected containing this particular pore volume and
pore volume distribution to provide catalysts with
enhanced performance, particularly enhanced
selectivity and minimal loss of desired hydrocarbons,
especially for selective hydrogenation reactions. The
catalyst carrier can be formed in any suitable shape,
such as a sphere, cylinder, trilob, tablet and the
like. In one preferred embodiment, the catalyst
carrier is a sphere. The catalyst carrier can also be
formed in any suitable size, preferably a sphere with
a diameter from about 1 to about 5mm, and more
preferably from about 1 to about 3 mm. The palladium
can be introduced into the catalyst earner by any
conventional procedure which produces the desired
palladium loading. One preferred technique involves
impregnating the catalyst carrier with an aqueous
solution of a palladium compound such as palladium
chloride. Preferably, the depth of penetration of the
palladium compound into the carrier is controlled so
that at least about 90 percent of the palladium
compound is contained within about 250 microns of the
surface of the catalyst carrier. Any suitable method
can be used to control the depth of palladium
penetration 



such as that disclosed in U.S. Patent Nos. 4,484,015
and 4,404,124, the contents of which are incorporated
herein by reference. After palladium impregnation, the
impregnated material is calcined at a temperature from
about 1000C to about 6000C, preferably for at least
about three hours.The palladium compound contained in
the palladium catalyst precursor is then reduced,
preferably by wet reducing, using a suitable wet
reducing medium such as sodium formate, formic acid,
hydrazine, alkali metal borohydrides, formaldehyde,
ascorbic acid, dextrose or other known or conventional
wet reducing agent. Once the precursor catalyst
material has been reduced, it is washed with deionized
water to remove any halides, such as chlorides, to a
level of less than about 100 ppm. The reduced catalyst
composition is then dried at about 1000C to about
600C. The palladium impregnated precursor catalyst is
then further impregnated with one or more Group IB
metal compounds such as Ag, Cu and Au, as an additive
or additives. These compounds are preferably selected
from silver salts, gold salts and/or copper salts or
mixtures thereof. Preferably, the metal additive is
silver impregnated in the form of a silver salt. The
Group IB additive can be impregnated in the palladium
impregnated precursor catalyst by any
conventionalprocess such as by soaking or spraying the
palladium impregnated precursor catalyst with an
aqueous solution of the 



Group IB metal compound. For example, if the Group IB
metal is silver, in one preferred embodiment the
aqueous solution can be a silver nitrate solution.
After impregnation, the palladium impregnated catalyst
material with the Group IB metal additive is then
calcined at a temperature from about 100 to about
6000C for at least about three hours. The catalyst is
then reduced, preferably by heat treating with
hydrogen, e.g., for about 1 hour at about 80 to about
1200C. The amount of palladium present on the catalyst
can range from about 0.01 to about 0.1 weight percent,
preferably from about 0.01 to about 0.05 weight
percent andmost preferably from about 0.01 to about
0.03 weight percent, based on the total weight of the
catalyst. The amount of the Group IB metal additive,
preferably silver, that maybe added can range from
about 0.005 to about 0.6 weight percent, preferably
from about 0.01 to about 0.3 weight percent, and most
preferably from about 0.01 to about 0.12 weight
percent based on the total weight of the catalyst. The
ratio of the Group IB additive present on the catalyst
to the palladium is from about 0.5:1 to about 6:1,
preferably about 1:1 to about 6:1 and most preferably
from about 1:1 to about 4:1. Following final drying,
the palladium catalyst with Group IB metal additive is
ready for use in a selective hydrogenation reactor,
for example, one suitable for the selective
hydrogenation of impurities such as butadiene, alkynes
(acetylenics) and 



diolefins, particularly in a taw gas feed stream,
without separation of individual components. The
palladium catalyst with the Group IB additive employed
in the process of the invention is designed primarily
for the selective hydrogenation of impurities, such as
acetylenics and diolefins, in admixture with other
hydrocarbons, H2and CO, particularly in a raw gas feed
stream. When the process is front end selective
hydrogenation of a raw gas feed stream, the feed
stream without separation normally includes
substantial quantities of hydrogen, methane, C2,C3,
C4, C and trace quantities of higher hydrocarbons,
small quantities of carbon monoxide and carbon
dioxide, as well as various impurities, such as
1,3-butadiene, acetylenics and diolefins, and may be
wet or dry. The goal of the selective hydrogenation
reaction is to reduce substantially the amount of
theimpurities present in the feed stream without
substantially reducing the amount of desired
hydrocarbons that are present. In use, the palladium
catalyst with Group IBmetal additive is placed in a
reactor. The inlet temperature of the feed stream in
the reactor is raised to a level sufficient to
hydrogenate the acetylene. Any suitable reaction
pressure can be used. Generally, the total pressure is
in the range of about 600 to about 6,750 kPa with the
gas hourly space velocity (GHSV) in the range of about
1,000 to about 14,000 liters per liter of catalyst per



hour. The catalyst of the invention can be used for
gas phase, liquid phase or combination gas and liquid
phase applications. Regeneration of the catalyst may
be accomplished by heating the catalyst in air at a
temperature, preferably not in excess of 5000C, to
burn off any organic material, polymers or char. The
subject catalyst exhibits improved hydrogenation of
impurities, such as methylacetylene, butadiene, and
isoprene, in comparison to prior art catalysts. The
presence of these higher acetylenics and diolefins
improves the recovery of ethylene. The improved
performance characteristics is not obvious from
performance testing in the absence of impurities such
as methylacetylene (MA), propadiene (PD), butadiene
(BD), isoprene, and the like. The process of the
invention can advantageously be used for the following
applications:1. Front End Catalytic distillation with
trim reactor. The catalyst described herein can
advantageously be used in a selective hydrogenation
process and system as described in U.S. Patent
Application Publication US 2004/00 19245Al (U.S.
Patent application Serial No. 10/202,702 filed July
24, 2002) entitled "Olefin Plant Recovery System
Employing a Combination of Catalytic 



Distillation and Fixed Bed Catalytic Steps", which is
herein incorporated by reference in its entirety. The
fixed bed trim reactor is essential to achieve 100%
acetylene hydrogenation of the catalytic distillation
overhead. The overall objective of front-end catalytic
distillation-hydrogenation unit is the conversion of
acetylene, methyl acetylene, propadiene, butadiene,
and C diolefins to corresponding mono-olefms while
mirmizing all propylene and ethylene losses. The
hydrogenation occurs primarily in the liquid phase
within the catalytic distillation unit although some
small amount occurs in the vapor phase. In order to
achieve an ethylene gain, small amounts of acetylene
as well as other dienes and acetylenics remain
unconverted from the catalytic distillation unit. The
catalytic distillation unit typically operates at a
temperature of 85 to 130C and at pressures from 5 to
15 kg/cm2. A trim reactor operating in the gas phase
is placed downstream from the catalytic distillation
unit in order to treat the overhead product and
achieve the acetylene specification required for
polymer grade ethylene (which is 0 ppm). The operation
of the combined catalytic distillation unit and trim
reactor will typically be accompanied by carbon
monoxide (CO) disturbances, variations in diene and
acetylenic feed concentrations, catalyst deactivation,
as well as other foreseeable processing
upsetsresulting from both variations in the cracking
operation as well as from process upsets. . 



In particular, CO concentration swings can lead to
thermal excursions in front end reactors. Changes in
CO feed concentration from the design mole percent of
about 0.05% up to a maximum of about 0.2%, as expected
on a weekly cycle for a typical ethylene cracker, will
lower the activity of any catalyst and thus will lower
the hydrogenation of the alkynes and dienes.
Maintaining stable conversion of the alkynes and
dienes without hydrogenating the olefins is extremely
difficult without the presence of fixed bed reactors.
A fixed bed (trim) reactor has the ability to quickly
adjust the inlet temperature. This provides more
efficient handling of increases or decreases in CO
than having to modify the operation of the catalytic
distillation. With the use of the trim reactor,
significant ethylene gains of about 0.2%, representing
nearly about 35% ethylene selectivity with 100%
acetylene conversion and 5000 ppm or less total outlet
C and heavier dienes and acetylenics, is possible. 2 .
Raw gas "front end" acetylene converter. In
conventional ethylene plant technology, LPG crackers
can produce raw gas feed streams from cracking
facilities containing C2, C C , Cs, and trace
quantities of C6 and higher hydrocarbons as well as
hydrogen and methane. These raw gas feeds can also
contain significant impurities such as 1,3-butadiene,
methyl acetylene, propadiene, 



acetylene, isoprene, and trace quantities of other
hydrocarbon impurities. The present application can be
used in "front end" hydrogenation systems used to
remove acetylene, while at the same time the other
impurities are also hydrogenated to useful olefinic
components.In a typical "front end raw gas converter",
the cracked gas from the compression section and acid
gas removal section is fractionated to remove heavy
highly unsaturated materials ( methyl acetylene,
propadiene, butadiene, for example). The reaction
takes place in the vaporphase over a fixed bed (or
series of fixed beds) with intercooling. It is well
known in the industry that if the concentration of the
acetylenes and/or dienes exceed 10,000 ppm, then the
adiabatic temperature rise as a result of the hydro
genation will be such that a runaway reaction will
occur. Typically, the hydrogen gas concentration is
greater than the stoichiometric amount needed for
complete hydrogenation of the impurities that are
present in the crude gas. To minimize the risk of the
excess hydrogen gas hydrogenating ethylene in the feed
stream, the hydrogenation catalyst must be very
selective and have a high tolerance for CO variations.
If the catalyst is not selective or tolerant, then a
greater amount of hydrogenation will take place,
destroying olefins. Further, this greater amount of
hydrogenation in the vapor phase will release
additional heat raising the temperature of 



the reaction and thus increasing the rate of
hydrogenation even further. This will ultimately
result in a runaway unless controlled. It is also
important to achieve this high selectivity not just at
the low start of run (SOR) temperature but in as wide
a temperature range as possible, since temperature
variations are necessitated for controlling the
conversion during CO spikes as well as by catalyst
deactivation end of run (EOR) conditions. A low
selectivity of acetylene to ethylene at higher
temperatures can lead to reaction runaways, since both
ethylene and hydrogen are in great excess. This can
beespecially true when CO is reduced from a spike back
to a normal level or as the end of the run is
approached. Typical reaction conditions for selective
hydrogenation include a temperature of from about 600F
to about -2000F, a pressure of from about 100 psig to
about 250 psig, and a space velocity of from about
1,000 to about 5,000 GHSV. Under typical processing
conditions and using a conventional Pd Catalyst all
the acetylene and a substantial portion of the higher
dienes and acetylenics are hydrogenated only when a
substantial portion of ethylene is hydrogenated to
ethane. Referring now to FIG. 1 in one embodiment of
the present invention, the charge gas 10, an effluent
from a cracking process, is compressed at 12 to
between 150 and250 psig and then fed to the catalytic
distillation column 14. The charge gas may or may not 



be preheated to match column temperatures. The charge
gas would typically pass through one or more guard
beds 15 to remove such poisons as lead (Pb), arsenic
(As) and mercury (Hg). These are known catalyst
poisons and the guard beds would be employed in a
known manner to protect the catalytic distillation
catalyst. Entering the catalytic distillation column,
the 8% to 20% by weight diene and acetylenic feed is
hydrogenated in catalyst beds 16 and 18 located in the
rectification section 20 of the column. The catalytic
beds include the Sud Chemie catalyst as described
above. The catalyst used within a catalytic
distillation column consists of either a single
catalyst or several catalysts of the same type with
different metal loadings to adjust activity located in
different portions of the column. Referring again to
the selective hydrogenation process and system as
described in U.S. Patent Application Publication US
2004/001 9245Alentitled "Olefin Plant Recovery System
Employing a Combination of Catalytic Distillation and
Fixed Bed Catalytic Steps", it is possible (Figure 3)
within the lower sections of the catalytic
distillation tower or in the fixed bed pre-reactor
(78) preceding the catalytic distillation tower, or
both, to include a catalyst that is not of the Sud
Chemie type described above but one that has a
functionality to tolerate and remove selective poisons
such as mercaptans prior to their contacting the Sud
Chemie catalyst without departing from the invention
since the bulk of the reaction will occur over the Sud



Chemie catalyst. The hydrogenation occurs in the
liquid phase in catalytic distillation fashion.
Although only two reactive catalytic beds 16 and 18
are shown, this is only by way of example and could be
any number of beds depending on the requirements of
any particular plant or the desire to adjust catalyst
activity through the use of more complex catalyst
systems. Fractionation internals 22 and 24, which may
be trays or packing, are provided in the rectification
section 20. Additional fractionation internals could
be located between the catalyst beds 16 and 18. The
stripping section 26 contains fractionation internals
28. The overhead 42 from the column is cooled in the
overhead condenser 44 with cooling water or with
refrigeration as needed and the resulting vapor and
liquid are separated in the reflux drum 46. The
resulting liquid from reflux drum 46 is fed through
line 48 back into the column as reflux. The overhead
vapor 50 contains most of the C5 and lighter compounds
while the liquid phase 48 is used to reflux the
column. The vapor overhead 50 however does not pass
into subsequent fractionation but into a vapor
phasefixed bed reactor system consisting of one or
more beds of catalyst with provision for heating
and/or cooling the vapor feed. Overhead 50 is first
exchanged against final fixed bed reactor system
effluent 74 to recover heat. It then passes to heater
66 where the 



temperature of the vapor entering the first fixed bed
reactor 68 (containing the Sud Chemie catalyst) is
controlled. In reactor 68, some portion of the C2
acetylene as.well as some portion of the C3 and
heavier alkynes and dienes that were not converted in
the catalytic distillation column are hydrogenated.
The conditions and the number of fixed bed reactors
employed are such that the C2 acetylene is completely
removed from effluent stream 74 with no loss of
ethylene and propylene over the entire system
(catalytic distillation plus fixed bedxeactors). The
addition of the fixed bed reactor system to the
catalytic distillation column dramatically increases
both the performance of the entire system and the
ability of that system to respond to process
variations and catalyst deactivation. The operating
criteria for the rectification section of the
catalytic distillation column is that conditions be
created wherein the unsaturated hydrocarbons are
hydrogenated to the extent possible without any
hydrogenation of ethylene and propylene. This is
accomplished by: 1. Operating the column such that
ethylene and propylene in the liquid phase is
minimized, and 2. Operating the catalytic distillation
column such that there are still unconverted 



C to C alkynes and diolefins remaining in column
overhead 50.3. Utilizing the Sud Chemie catalyst to
achieve high selectivity Tn the catalytic distillation
operation of the present invention, the distillation
function is designed and operated to distill
essentially all of the C5 and lighter components as
overhead and essentially all of the C6 and heavier
components as bottoms. Alternately, the split could be
at the C4 carbon number where essentially all of the C
and lighter components go overhead and the C5 and
heavier components leave as bottoms. In order to
selectively hydrogenate the acetylene, the C3 alkynes
and dienes, and the C and heavier alkynes, dienes and
olefins while leaving the ethylene and propylene
unhydrogenated, the rectification section 20 is
operated such that there is a substantial
concentration gradient of C4 and C5 materials relative
to C2 and C3 materials hi the liquid phase where the
majority of the hydrogenation reaction occurs. This
can be controlled by variation of reboiler duty and
reflux rate to achieve the desired overhead and
bottoms composition. The choice of operation of the
catalytic distillation column as either a depentanizer
or a debutanizer will be a function of both the
composition of the feed and the desired hydrogenation
requirements for the products. The preferred operating
conditions for a depentanizer will be a pressure of
from about 75 psig to about 350 psig 



and a catalyst bed temperature of from about 5O0C to
about 150C. Similarly, the preferred operating
conditions for a .debutanizer column will be a
pressure of from about 100 psig to about 400 psig and
a catalyst bed temperature of from about 3O0C to about
130C.I Q.addition to controlling the overall
fractionation, the temperature and composition
profiles over the reactive sections can be controlled
by adjusting the rates of heat removal over the column
and by recirculation of liquid within and/or around
the catalyst beds. As shown in FIG. 2, trays 30 and 31
collect the descending liquid which is withdrawn as
side streams 32 and 34. These streams may or may not
pass through the intercoolers 36 and 38 and then be
reinjected back into the column through the
distribution headers 40. This permits a portion of the
heat of reaction to be removed in the intercoolers. By
arranging the intercoolers in this fashion, the
cooling medium can be water while the cooling in the
overhead condensers may need to be at least partly
provided by mechanical refrigeration. Hence, the use
of the intercoolers can significantly reduce the
portion of the heat of reaction which needs to be
removed by mechanical refrigeration. The hydrogenation
in the column 14 occurs in the liquid phase over the
Sud Chemie catalyst. The extent of the reaction is
dependent upon the relative reactivity of the 



various components and the concentration of these
components in the liquid phase at any particular point
in the column. The C2 and C3 alkynes and dienes are
far more reactive than ethylene and propylene so that
they react first and rapidly. However, the relative
reactivities of ethylene, propylene and the C4 and
heavier olefins, dienes and alkynes are very close. In
order to react a significant quantity of the C4 and
heavier olefins, dienes and alkynes without any
significant loss of ethylene and propylene, the
concentration of the ethylene and propylene in the
liquid phase must be minimized and the concentration
and temperature profiles from top to bottom must be
controlled. Since this stage of thehydrogenation
occurs in a fractionation column, this control can be
accomplished by adjusting the overhead reflux produced
by the overhead condenser 44 and the side stream
reflux from the intercoolers 36 and 38. The liquid
compositions of ethylene and propylene can be kept low
in the reactive zones through increases in the flow of
reflux 4 8 and/or increased interbed cooling at 36 and
38. The system described herein provides the
flexibility to have both uncooled and cooled
pumparounds in the catalyst zones 16 and 18 within the
rectification section 20. This improvement permits the
desired temperature and composition control with
minimal disturbance to the overall distillation. This
is accomplished by drawing offpumparound liquid
immediately below the catalyst beds as stream 52
and/or 54 from withdrawal points 



53 and 3 1 respectively and returning it through
thepump 56 and heat exchanger 58 to the top of the
same bed as streams 60 and/or 62. Alternatively, the
liquid can be drawn from the bottom most catalyst bed
and returned to the highest bed via stream 62. Cooling
at 58 can be used, if necessary, to provide combined
composition adjustment and intercooling between
reactive beds. For example, while withdrawal
intercooling stream 34 from point 31, cooling that
stream in exchanger 38 and returning the flow to
distribution system 4 1 will cool the liquid but not
change the composition. However, withdrawing the same
liquid from 31, passing it via line 54 through pump 56
to exchanger 58, cooling the liquid and returning it
to liquid distributor 40 above the catalyst bed will
change the composition profile within the column. This
design flexibility can be used to maximize the
efficiency of the hydrogenation. In this fashion, the
option of cooling against a warmer cooling medium
available in the prior art is maintained with the
modifiedpumparound/intercooler reducing the expensive
low level cooling required in the overhead system.
Further, the heat removed by these pumparound streams
can be utilized elsewhere in the ethylene plant to
reduce energy consumption. Another advantage of the
pumparound scheme is that it allows for relatively
large liquid flow without affecting the overall column
separation performance due to heavies in the overhead
as- in the prior art. With the large liquid flows, the
pumparound can provide the necessary liquid loading 



over the catalyst without the need for additional
reflux. This permits operation of the catalytic
distillation column at lower reflux ratios than
previously possible without the penalty in
distillation efficiency observed with the prior art.
Reflux ratios in the range of from about 0.5 to about
1.8 by weight are satisfactory for producing the
necessary catalyst liquid wetting where values as high
as about 5 were required with the prior art. Ih
addition to the obvious reduction in
energyrequirements, higher hydrogen partial pressures
due to the lower reflux ratios will be available in
the present invention resulting in lower required
catalyst volumes . . In a catalytic distillation
column, it is critical to keep the catalyst wetted at
all times to insure that the reaction occurs in the
liquid phase. The selectivity of a catalytic
distillation system relies in part on the reaction
taking place in the liquid phase while certain
components that the operator wishes to remain
unreacted such as ethylene remain in the highest
concentration in the vapor phase. Mamtaining a certain
liquid traffic down the column is critical to keeping
the catalyst wetted. If the liquid traffic is greater
than 800 Ib liquid/hr/ft2 of column cross-section, the
catalyst will be highly wetted and reaction
selectivity will be maintained.A secondary control
variable would be variation in the reflux with
associated variation in reboiler duty. In this way,
both catalyst bed temperature and composition 



may be altered to achieve the desired hydrogenation.
Additionally, a variable feed location allowing for
amain feed point below the stripping section 22 will
provide some separation of any heavy components
present in the feed before reaching both the catalyst
bed 16 and the side stream 52 for the first
pumparound. In this way, circulating the heavy,
potentially fouling components over the catalyst bed
is eliminated. In addition, feed points above the
first catalyst bed can be incorporated to allow for
turndown operation and thus avoid the problems of
excess catalyst and resultant selectivity loss under
these lower flow conditions. The bottoms 63 from the
column 14 are sent for further processing as desired.
As shown in FIG. 1, the fixed bed trim reactor system
provides further hydrogenation of stream 50. This
system is typically two reactors with an intercooler
but could be a series of reactors with intercoolers
between successive reactors. The fixed bed reactor
system provides four advantages: 1. The catalytic
distillation column no longer needs to operate for
high levels of hydrogenation but can be operated for
the maximum productivity from the Sud Chemie catalyst,
a net ethylene gain with high acetylene,
methylacetylene, and propadiene conversion while
maintaining acetylene C2 specification. 



2. Changes in the catalytic distillation overhead
concentration of acetylenics and dienes resulting from
catalyst deactivation, carbon monoxide content
increase, or feedstock change can be accommodated.3.
Hydrogen removal can be maintained during temporary
upsets and/or catalyst deactivation or poisoning thus
stabilizing performance of downstreamrefrigeration
systems. If the quantity of hydrogen from the system
were to vary, the partial pressures of the downstream
distillation system would change and the required
quantity of refrigeration would vary. This could
create undesirable process upsets. 4 . Opportunity is
provided for catalyst regeneration by the use of spare
fixed bed reactors, thus extending onstream operating
life of the entire system. In addition to control of
the temperature and composition profile over the
column, it is important to operate with less than
complete conversion of the alkynes and dienes over the
catalytic distillation column. By doing so, ethylene
and propylene gains can be achieved. Further, this
operation requires less catalyst than the full
hydrogenation of the prior art thus maximizing
catalytic distillation catalyst productivity.
Operation with a fixed bed reactor system following
the column allows this to occur. If the column were to
be operated such that there is no more than
approximately 1% ethylene liquid concentration in the
reactive beds, hydrogenation in excess of about 



95% of the C2 to C5 and heavier dienes can be
achieved. This results in from about 5,000 to about
7,500 ppm dienes and acetylenics in the vapor stream
50 from the reflux drum 46 and a minimum ethylene loss
of about 1%. To make 100% acetylene conversion,
ethylene losses would even be higher. This operation
coincides to a hydrogen removal of approximately
30-35% depending upon the feed composition. However,
when the overall conversions of the C2 to C5 and
heavier dienes and acetylenics are reduced to between
approximately 80 and 95% resulting in about 10,000 to
about 20,000, and typically about15,000, ppm C2 to C5
diene and acetylene in the outlet stream 50, ethylene
gains can be achieved. With fixed bed reactors located
after the catalytic distillation column 14, and with
the catalyst of the invention described above,
acetylene breakthrough with about 10,000 to about
55,000, and typically about 20,000, ppm combined C3
and heavier dienes and alkynes can be tolerated from
the catalytic distillation column. A typical system
with two fixed bed hydrogenation reactors with
intercooing has been shown to hydrogenate 100% of the
acetylene entering the fixed bed reactor system and
approximately 75% of the combined C and heavier dienes
and alkynes entering the fixed bed reactor system.
This results in from about 2500 to about 14,000 and
typically only about 5000 ppm breakthrough of dienes
and acetylenics from the combined system. This
represents 



approximately 97% hydrogenation of the total C and
heavier alkynes and diolefins in the feed. Such
operation allows for substantial overall ethylene
gains of up to about 0.5% with about 70% overall
acetylene selectivity toward ethylene at 100%
acetylene conversion. This is a substantial
improvement over the prior art. The specific
hydrogenation reactivity of ethylene is just slightly
lower than the specific reactivity of propadiene. Thus
close observation of the C3 diene conversion provides
a reliable indication of the stability of the ethylene
gain and can be used as a control point for the
system. For the catalytic distillation system alone,
when C3 diene conversion is between 40 and 60% and
typically 45%, ethylene losses are observed. However,
when operating at conditions where the C3 diene
conversion in the catalytic distillation column is
between 10 and 35% and typically about 20%, ethylene
gains fromabout 0.2% to about 0.5% are possible. With
the present system, the propadiene conversion can be
increased substantially while still maintaining
ethylene gain. During the normal operation of an
ethylene unit, variations in the carbon monoxide
content of charge gas 10 is typical. In addition,
feedstock quality or operating severity may be changed
that will impact the acetylenic and diolefm content of
charge gas. For a fixed catalyst volume in the
catalytic distillation column, increases in carbon
monoxide or inlet diene and acetylenic concentrations
typically result in lower conversion 



and thus higher releases of these undesired products
into stream 50. In the process including a fixed bed
reactor system, the temperature of the vapor 50
entering the fixed bed reactor system can be adjusted
to either increase or decrease reactivity of the
reactor system and thus follow changes in catalytic
distillation reaction activity and maintain complete
C2 acetylene removal and high hydrogen removal
efficiency. Finally, a fixed bed hydrogenation reactor
system is designed to include not only operating
reactors but also spares. Catalyst deactivation will
occur in both the fixed bed system and the catalytic
distillation system. It is not possible to regenerate
the catalytic distillation catalyst without shutting
down the process or installing a parallel column. Both
options are costly. However, a spare fixed bed vapor
phase reactor is a relatively inexpensive option. By
utilizing a fixed bed reactor system with a spare
instead of the single column concept of the prior art,
onstream life of the process can be substantially
improved. hi the fixed bed hydrogenation system, the
net overhead 50 from the catalytic distillation passes
through the cross flow heat exchanger 64 and inlet
heater 66 into thefirst fixed bed reactor 68. The
effluent from the first reactor 68 goes through the
intercooler 70 to the second fixed bed hydrogenation
in reactor 12. A series of fi x ed beds followed by
intercoolers can be used in the same fashion in order
to achieve the necessary 



heat transfer when required. The effluent from the
last reactor 72 then goes back through the cross flow
heat exchanger 64 where heat is extracted and the feed
50 to the fixed bed reactors is heated. The inlet
temperature to the fixed bed reactors can be quickly
changed to either increase or decrease the extent of
hydrogenation in the fixed bed reactors. Such control
is necessary to successfully handle changes in carbon
monoxide or diene and acetylene feed concentration. Up
to a maximum adiabatic temperature rise of 800F. total
for both beds, a stable fixed bed operation with no
ethylene loss is possible. A typical adiabatic rise of
about 35F. is expected for normal operation. With an
adiabatic temperature rise of from about 70 to about
80 and typically about 8O0F., handling of about 35,000
to about 58,000, and typically about 43,000, ppm
alkynes and dienes from the catalytic distillation
results in from about 9,000 to about 30,000, and
typically about 10,000, ppm C3 and heavier dienes and
acetylenics in the final product stream 74 while
maintaining 100% C2 acetylene conversion primarily to
ethylene. In a similar fashion, the temperature
control on the inlet to the fixed bed reactors can
provide for compensation for catalyst deactivation
providing the typical start-of-run and end-of-run
operating temperatures to the fixed bedsystem. hi the
prior art, this could only be done by a temperature
correction in the catalytic distillation column. This 



requires a pressure change in the column and thus the
fractionation conditions will be altered. With both
the catalytic distillation column and fixed bed
reactor system of thepresent invention the catalytic
distillation column can operate at constant
fractionation conditions and lower temperature
corrections for the fixed bed system will be required.
This improves system stability and allows for longer
life of the catalyst. FIG. 2 presents an alternate
embodiment of the present invention. Instead of
catalytic distillation column overhead stream 42
passing to exchanger 44 and then to reflux drum 44,
overhead stream 42 is passed directly to cross-flow
exchanger 64 and into the fixed bed reactor system.
Following the fixed bed reactor system, the effluent
is cooled at 65 and the reflux 48 for the column is
separated at 67 as a condensed liquid 69 and returned
to the column. Since the stream entering the fixed bed
reactor system still contains all of the reflux for
the column, the operating temperature of the fixed bed
reactors will be somewhat higher to insure complete
vapor flow. This will change the design catalyst
activity and space velocity to insure stable
operation. The advantage of this approach will be a
higher mass flow of hydrocarbon that will minimize
temperature rise across the fixed beds, a reduced
hydrogen partial pressure that will improve
selectivity, and a higher space velocity that will
both improve selectivity and decrease catalyst costs. 



FIG. 3 illustrates an alternate embodiment of the
present invention incorporating a pre-reactor. This
arrangement is advantageous for bulk selective
hydrogenation of feeds high in dienes and alkynes.
Following compression at 12 and possible treatment in
a guard bed (not shown), the vapor phase feedstock is
admixed with recirculation liquid 76 from the pump 56
of column 14 and the two phase mixture passed
co-currently through a fixed bed reactor 78.
Hydrogenation occurs and the presence of liquid serves
to controlthe temperature rise through vaporization.
Hydrogenation reactor 78 can be designed as an
operating reactor plus a spare to allow for extending
the onstream operation of the system. Following the
pre-reactor, the liquid/vapor mixture can be either
sent to the column directly as a mixed feed or
separated in a separation drum and the liquid and
vapor fed separately to the column. The latter is
preferred since any oligomers formed in the initial
hydrogenation will be in the liquid phase and can be
fed to the column below the catalyst beds thus
reducing fouling. Performing the fixed bed
hydrogenations before the catalytic distillation
column 14 will allow for possibly higher catalyst
utilization without experiencing ethylene loss for
that portion of the hydrogenation due to the large
amount of preferentially absorbed dienes and alkynes
of higher reactivity available for hydrogenation. At
higher catalyst utilization, lower catalyst volumes
would be necessary making the process more 



economical. A catalytic distillation unit is still
required following a pre-reactor to reach
hydrogenation specifications. It is anticipated that a
maximum of 50% and typically 20% of the hydrogenation
duty can be accomplished in the pre-reactor. Another
advantage of a fixed bed hydrogenation reactor before
the catalytic distillation column 14 is that the
reactor can be used as a guard bed for catalyst
poisons. A still further advantage is that the
external pre-reactor system could have a spare and
thus allow for regeneration without the requirement
for shutting the entire plant down for catalyst
replacement. Alternately, as shown in FIG. 4, the
liquid 76 from pump 56 can flow downwards through the
fixed bed 78 and the vapor stream from the compressor
12 can flow upwards.Liquid from the bottom of the
fixed bed reactor 78 then flows to a lower portion of
column 14 and vapor flows to a higher entry point The
advantage of this counter-current process sequence is
that oligomers resulting from polymerization reactions
of the unsaturated hydrocarbons are removed from the
catalyst bed as formed and do not pass over the
remaining portion of the catalyst bed. Also this
liquid is sent to column2 6 at a lower entry point,
minimizing anypotential contamination of the catalyst
in column 14. Oligomers which can foul the catalytic
distillation catalyst are easily separated and do not
rise in the column to contaminate the catalyst.
Further, as in the co-current flow 



option, the pre-reactor catalyst bed can have a spare,
allowing for regeneration while the rest of the system
is operating. The ability to easily regenerate on-line
will increase system cycle lengths as the catalyst
zone at the feed inlet is expected to have the highest
fouling rate. To minimize fouling in the fixed bed
pre-reactor, liquid flow rates need to be sufficient
to minimize local hot spots due to the high heat of
hydrogenation and to wash any oligomers formed off the
catalyst. The operation of these beds is preferably in
the vapor continuous zone. For cracked gas feeds that
exhibit extreme fouling tendencies, operating in the
liquid continuous zone is also possible. FIG. 5
illustrates a further embodiment of the present
invention which incorporates fixed bed reactors within
the liquid purnparound or intercooler streams that are
withdrawn from the column 14. The fixed bed
hydrogenation reactors 82 and 84 are placed in the
side stream from collecting tray 30 and the side
stream from collecting tray 31, respectively. These
fixed beds 82 and 84 are in addition to the reactive
hydrogenationsections 16 and 18 in the hydrogenation
sections 16 and 18 in the catalytic distillation
column 14. A mass transfer zone 85 in the form of
structured packing or trays is also added above the
withdrawal point and below the catalyst bed. This zone
allows for hydrogen to be saturated into the liquid
phase and thus provide the hydrogen required for 



the hydrogenation of the alkynes and dienes in the
withdrawn liquid. The ability of the present invention
to remove from about 30 to about40% of the hydrogen
from the charge gas prior to chilling and condensation
steps lowers the energy consumption and reduces
capital cost. The ability to hydrogenate 100% of the
acetylene irrespective of the carbon monoxide
concentration without any C2 or C3 olefin losses was
not possible with the prior art. The combined fixed
bed and catalytic distillation steps provide superior
handling of system upsets while maintaining stable
diene/allcyne hydrogenation and hydrogen removal. Fig.
6 illustrates a vapor phase front end system
embodiment of the present invention. In a conventional
front-end selective catalytic hydrogenation reactor
system, the acetylene reactors precede the
demethanizer in the process. There are two options in
current practice. One is a front end de-ethanizer and
the other is a front end depropanizer. In the
front-end de-ethanizer design variation, the
de-ethanizer is the first distillation column and the
reactors are on the overhead stream. Thus, the feed
contains a C2 and lighter stream. Similarly, in a
front-end depropanizer unit, the initial distillation
column is the depropanizer. As the acetylene reactors
are used to treat the overhead of 



this column, the feed to the reactors is composed of
C3 and lighter hydrocarbons. Thereactor system is a
combination of reactors with an intercooler between
each reactor pair. The intercoolers are used to limit
the temperature rise and achieve the required
selectivity, i.e. limit the ethylene loss to ethane.
in the conventional de-ethanizer and depropanizer
designs, C2 and higher dienes have to be limited to a
low amount, typically less than about 10,000 ppm.
Importantly, there can be minimal amounts of any C4
acetylenes or dienes in the overhead product. These
would be present in the feed as a result of less than
perfect separation. Using conventional catalysts, this
low feed level of total dienes and acetylenics is
required in order to achieve 100% acetylene conversion
without excessive reactor temperature rise. Note that
the primary objective is to remove acetylene to levels
of < 1 ppm in the outlet. The conversion of higher
hydrocarbon acetylenes and dienes does not necessarily
have to be essentially 100%. However, the higher the
conversion, the more process advantages result. Since
hydrogen and olefins are in excess in these feeds,
catalyst selectivity is important. The reaction of
olefins with hydrogen represents a loss in
selectivity, for example, ethylene loss to ethane or
propylene loss to propane. In addition these reactions
will cause additional heat generation due to the
exothermic heat of reaction. In these reactions, the
total hydrogen conversion indicates the total reaction
and hence the 



heat generated. Excessive heat generation (in any
reactor before intercooling) will lead to excessive
temperature rises across the reactor, which in turn
leads to temperature runaways hi practice, the
temperature rise across any reactor is limited. If the
system is operated with a low temperature rise,
selectivity is improved since the extent of reactionor
hydrogen conversion is limited. For a given hydrogen
conversion this will require more reactors than if the
design temperature rise is higher. Higher temperature
rise across any reactor will allow non-selective
reactions to occur with greater frequency. Thus a
designer optimizes the number of reactors against loss
of selectivity. While it is possible to hydrogenate
higher levels of acetylenes and dienes in conventional
vapor phase systems when using conventional catalysts,
a large number of costly reactors and intercoolers
have to be used to avoid runaways and/or selectivity
losses. For feedstocks with more than 10,000 ppm total
acetylenes and dienes and especially if the initial
fractionation system was a de -butanizer and the
resultant feed contained C4 and lighter alkynes and
dienes in excess of 20,000 ppm, three or more reactor
systems are required. In the current improved process
(FIG. 6), the compression system is followed by a
distillation tower which operates as a de-propanizer.
The bottom product containing C4 5S 



and higher hydrocarbons is further processed in order
to remove the C4 and higher dienes and alkynes usually
with a combination of trickle bed reactors and
distillation columns. The overhead of the depropanizer
tower product which includes C acetylene as well as
methylacetylene and propadiene, totaling more than
about 10,000 ppm, can be treated with a series of
front end reactors loaded with the improved SCI
catalyst. While in FIG. 6, a series of 3 fixed bed
vapor phase reactors with intercooling has been shown,
in many case, due to the improved catalyst
selectivity, processing can take place with less than
three reactors and two intercoolers. With this reactor
system C2 and C3 dienes and alkynes can be removed
without ethylene or propylene losses and without
temperaturerunaways as a result of the higher vapor
phase selectivity at equivalent hydrogen conversions
(or heat generation). The following examples
illustrate aspects of the invention as well as
comparisons between the catalyst used in the process
of invention and the use of commercially available
catalysts. Examples 1-10 illustrate a gas phase
operation process and Examples 11-14 illustrate a
liquid phase operation. EXAMPLE 1 (COMPARATIVE) This
is a comparison example demonstrating the properties
of a commercially available catalyst that is not
within the scope of the invention. The commercially 



available catalyst can be obtained from Sd-Chemie Inc.
of Louisville, KY under the product name of G-83C.
Analysis shows that the catalyst contains 0.018 weight
percent of palladium and 0.07 weight percent of silver
on an alumina carrier. The carrier for the catalyst
has a BET surface area of about 4.3 m2/g. The catalyst
has a total pore volume of 0.295cc/g and a pore volume
distribution in A as follows:005/024628 EXAMPLE 2 This
example illustrates the preparation and properties of
the Sud Chemie catalyst used in the process of the
present invention. The catalyst is prepared by
immersing 25 grams of commercially available alumina
spheres (size) with a BET surface area of about 3.5
m2/g using the nitrogen method in a palladium chloride
solution of sufficient concentration to yield
apalladium loading of 0.018 weight percent with
apalladium depth of penetration controlled to wherein
at least about 90 percent of the palladium is within
about 250 microns of the surface of the spheres. After
palladium impregnation, the catalyst is calcined at
250C for about 3 hours. The catalyst is then wet
reduced in a 5 percent aqueous sodium formate solution
heated to a temperature of about 17O0F (760C) for
about one hour. The catalyst is then washed free of
chlorides (less than lOOppm) with deionized water at
about 1600F (71 0C). The catalyst is then dried at
about 25O0F 



(121 0C) for about 18 hours. The palladium containing
precursor catalyst is then impregnated with silver by
dipping the catalyst spheres in a silver nitrate
solution of sufficient concentration to yield a silver
loading of 0.05 weight percent. The catalyst is then
calcined at 4540C for three hours. The resulting
catalyst has a total pore volume of 0.51-9 cc/g and
apore volume distribution in A as follows:EXAMPLES 3
(COMPARATIVE) and 4 The Sud Chemie catalyst of Example
2 was placed in a metal tube reactor and tested under
gas phase hydrogenation conditions. Gas samples of the
feed and product were collected at specified time
intervals in sample bags and analyzed off-line by Gas
Chromatography. Total pressure in the reactor was kept
at 150 psig. Typical GHSV used was 5500. The
temperature range tested was 140F to 19O0F. The
catalysts tested were (1) the commercial front end
palladium/silver on alumina catalyst of comparative
Example 1, and (2) the catalyst of the invention of
Example 2. The feed composition in gas phase is given
in Table 1. This feed represents normal CO level as
well as high diolefin and acetylenic loads (35,000 ppm
of total dienes and alkynes). Table 1 Example I Gas
Phase Feed CompositionResults showing the comparative
performance between the conventional catalyst, 



G83-C (Comparative Example 3), nd the Sud Chemie
catalyst employed in the process of the invention
(Example 4) are provided in Table 2. Table 2 600 -ppm
CO ResultsA comparison of the results from Comparative
Example 3 and Example 4 shows that at 176F the
acetylene conversion of the improved catalyst (Example
4) is higher 5 than the conventional catalyst
(Comparative Example 3) with much lower losses of
ethylene. This occurs at even a lower net overall
hydrogen conversion. Thus, Example 4 would show a
higher selectivity at a lower heat generation. This
permits the use of fewer reactors if desired. At this
temperature, the catalyst of Example 4 made acetylene
specification of 0 ppm with less than 1% ethylene loss
while the conventional catalyst of 10 Comparative
Example 3 allowed 42 ppm of acetylene in the product
with 2.6 % ethylene loss. The advantage of the
improved catalyst is either the higher reactivity
(hydrogen conversion) at the same selectivity of the
C3, C4 and C dienes at similar acetylene conversions
or the higher selectivity at the same conversion
(Table 2). Example 4 data 15 show about 3,000 total
outlet ppm of the higher dienes compared to about
7,500 outlet ppm for the conventional catalyst
(Example 3). Since the hydrogen conversion for 



Example 4 is in fact lower, this translates into much
higher selectivity. This provides an advantage for the
catalytic distillation with trim reactor applications
where more than 10,000 ppm of higher alkynes and
dienes are present in the feed along with the
acetylene. 20.. . The advantage of using a catalyst
with such higher C3, C4 and C5 reactivity is that
theacetylene-free product will require lesser
processing or may not require any further processing
steps to purity from C , C4 and C dienes and
acetylenic impurities. The improved catalyst provides
a wider temperature window of operation than the
Example 3 catalyst. The window of operation is defined
as the difference between the temperature where there
are significant ethylene losses and the initial
temperature where acetylene specification is achieved.
Reaction temperature is used commercially in these
type of systems as the main control parameter to keep
making on spec product through periods of feed
composition variation. Temperature is also raised
during CO spikes and during the duration of the run as
the catalyst deactivates in order to keep product
spec. It is very important to use a catalyst with a
wide window of high acetylene selectivity to ethylene
so that the product quality can be consistent. In
addition, when the temperature is raised and the
ethylene to ethane hydrogenation reaction is
preferred, temperature runaways can result from a
narrow temperature window catalyst. The temperature
window of the Example 4 catalyst is much wider than
that of the catalyst employed in 



Example 3. Thus, the data show that the improved
catalyst of Example 4 can be used at up to 176F with
minimum losses but the catalyst of Example 3 cannot be
used at that temperature without making
off-specificationproduct. EXAMPLES 5 (COMPARATIVE) AND
6 h addition to the low CO feed, a high CO feed
simulating a CO spike condition was used for some of
the experiments. The only difference between the high
CO feed and the feed in Table 1 is that the CO is
0.12% on a volumetric basis. Total pressure inthe
reactor for all gas phase experiments was kept at 150
psig. The temperature range tested was 140 to 19O0F .
Results showing the comparative performance between
conventional catalyst GS3-C and the improved catalyst
as provided in Table 3 below, wherein Example 6
illustrates the invention and Example 5 is presented
for comparison purposes and is outside the scope of
the invention. Table 3 1,200 ppm CO ResultsThe high CO
performance at higher temperature is important since
during the periodic CO spikes temperatures will be
raised in order to achieve the desired acetylene
specification. At the end of the CO spike before
temperature can be reduced there is high probability
for temperature runaways. Catalysts with wide
temperature windows which overlap between periods of
low and high CO are ideal for CO tolerant performance.



Table 3 shows that the improved catalyst made
acetylene spec at 185 F while the conventional
catalyst still allowed 2 1 ppm acetylene in the
outlet. The selectivity of acetylene to ethylene was
higher for the catalyst system of Example 6 than that
obtained with the catalyst of Example 5, the latter
resulting in 6.8 % ethylene losses of less than 1%.
The example also shows that the hydrogen conversion
for the conventional catalyst was over 17% compared to
8 % for the catalyst of the process. The high
conversion for the conventional case reflects the high
loss of ethylene to ethane and represents not only an
economic penalty but a potential runaway situation due
to the high amount of heat generated. At the same time
the improved catalyst again provided much lower total
C3, C4 and C dienes and acetylenics in the outlet
(3,200 ppm versus 4,900 ppm for G83-C)making it a
superior catalyst for this application. At this higher
temperature and CO level, the MA/PD selectivity to
propylene for the catalyst of Example 6 is 92%
compared to 78% for the catalyst of Example 5. Also
the butadiene selectivity to butenes for the Example 6
catalyst is 98% compared to 89% of the Example 5
catalyst. Both of these selectivities of dienes and
acetylenics to olefins are important for the product
quality since olefin (propylene and butene) losses
lead to loss of valuable product. EXAMPLES 7 to 10 



In these examples, o acetylene or CO were used in the
feed. Table 4 sets forth the feed composition. Total
pressure in the reactor for these experiments was kept
at 60 psig and GHSV used were in the 30,000-200,000
range. The temperature range tested was 1400F to
2000F. The catalysts tested were the commercial front
end G83-C catalyst (Comparative Example 1) and the Sud
Chemie catalyst employed in the process of the
invention (Example 2). Results showing the comparative
performance between . conventional catalyst G83-C and
the improved catalyst are provided in Table 5 below
wherein Examples 8 and 10 illustrate the invention and
Examples 7 and 9 are presented for comparison purposes
and are outside the scope of the invention.Table 4 Gas
Phase Feed Composition Table 5 0 ppm COExamples 7 and
8 provide a comparison between G83-C and the catalyst
employed in the process of the invention at about
1450F. Examples 9 and 10 provide a similar comparison
at the higher temperature of about 202F. At both
temperature levels G83-C and the catalyst of the
invention have similar overall catalyst
productivities: 0.07 lb-moles H2/lbCat/h at 1450F and
0.17 IB moles H2/lbcat/h at 202 0F. This is also
reflected in nearly the same hydrogen conversion
levels. However, the selectivities of the catalysts 



for the desired reactions, i.e., the hydrogenations of
C3, C4 and C dienes and acetylenics, versus the
undesired competing parallel reaction of ethylene
hydrogenation, as expressed by the Kinetic Selectivity
Ratio, differ significantly. The kinetic selectivity
ratio ofButadiene (BD) vs. ethylene (ETH) is
calculated as ln(l-X BD)/ln(l-XETH), where XBD and X
ETH are the fractional conversions of butadiene and
ethylene respectively. The higher the ratio of kinetic
selectivity ratio of butadiene versus ethylene, the
more selective is the catalysis for the desired
hydrogenatiori of butadiene over ethylene. Based on
the results from Table 5, the two catalysts exhibit
significantly different selectivities. The catalyst of
the invention showed a ratio of 20.8 compared to 3.6
for G83-C at 1400F. The ratio for the improved
catalyst was 4.8 compared to 2.3 of G83-C at 202F.
Similar trends were observed for the selectivity
ratios of methyl acetylene, propadiene and isoprene
compared to ethylene, with the selectivity of the
catalyst of the invention being higher than that of
G83-C in all cases. This comparison shows that in the
absence of acetylene, the improved catalyst shows
higher reactivity for the C3, C4 and C5 dienes and
acetylenics compared to ethylene. This shows that the
selectivity advantage for the catalytic distillation
with trim reactor applications that the improved
catalyst provides spans the full range of possible CO
and alkyne compositions. EXAMPLES 11-14 



These examples illustrate a liquid phase operation
employing a known catalyst , designated G68-I of Sud
Chemie, and the Sud Chemie catalyst of Example 2.
Catalyst G6-8-I containsD,2 wt. %palladium and 0 1
wt.% silver on alumina and is supplied as 2.5 mm
extruded pellets. The liquid phase feed was a mixture
of C3's, C4's and C ' s saturated with hydrogen. A
predetermined amount of ethylene was also added to
this mixture before thefeed was passed over the
catalyst bed. . A typical feed composition is provided
in. Table 6. Gas samples of the feed and product were
collected at specified time intervals i n sample bags
and analyzed off-line by gas chromatography. Total
pressure in the reactor was maintained at 500 psig
which is a sufficiently high level to keep the mixture
in the liquid phase. The test temperature was 1800F.
Table 6 Results showing the comparative performance
between catalyst G68-I and the catalyst of the
invention (Example 2) are provided in Table 7 below
wherein Examples 12 and 14 illustrate the process of
the invention and Examples 11 and 13 are presented for
comparison purposes and are outside the scope of the
inventionTable 7Experiments 11 and 12 provide a
comparison between the performance of G68-I and the
improved catalyst at high hydrogen to diene and
acetylenic molar ratio of 1.3. Experiments 13 and 14
provide a similar comparison at the a lower ratio of
0.5. The 



improved catalyst showed much higher catalyst
productivity in the liquid phase compared to the
conventional catalyst. At the high hydrogen
stoichiometric ratio the improvedcatalyst showed a
productivity of 0.248 compared to 0.089 lb-mol H2/ h 1
/lbcat for the conventional catalyst. Similarly at the
lower hydrogen stoichiometric ratio the improved
catalyst productivity is 0.152 compared to 0.072
lb-mol H / h 1 /Ib cat for the conventional catalyst.
The improved productivity represents increased
activity for the improved catalyst under equivalent
conditions. The improved catalyst further allows the
use of a lower amount of catalyst thus saving capital
costs for the process. In terms of selectivity of the
improved catalyst, it clearly provides an advantage
over catalyst G68-I. The Kinetic Selectivity Ratio is
used here to express the catalyst selectivity for the
desired reactions, i.e., the hydrogenations of C3, C
and C dienes and acetylenics, versus the undesired
competing parallel reaction of ethylene hydrogenation.
Based on the results from Table 6, the improved
catalyst showed higher ratios compared to the ratios
of the catalyst G68-I for all conditions and all
competing reactions (MA, PD, BD and isoprene). In
particular for Example 14 (improved catalyst, low
hydrogen stoichiometric ratio) the BD to ethylene
kinetic selectivity ratio is 20, for MA 30, for PD 22
and for isoprene 11. These ratios can be contrasted to
the maximum ratio achieved for the catalyst G68-I
which is 6.6. 



In addition to the higher reactivity of this catalyst
to C3, C4 and C5 dienes and acetylenics, the improved
catalyst is more selective for diene hydrogenation to
olefins compared to the catalyst G68-I. Comparing
Examples 11 and 12 shows the improved catalyst has a
MA/PD selectivity to propylene of 24% compared to the
-30% for the catalyst G68-1 The selectivity of BD to
butenes is 91% for the improved catalyst compared to
73% for catalyst G68-I. Similarly comparing between
Examples 11 and 12shows MA/PD selectivity of 90% for
the improved catalyst compared to 34% for the catalyst
G68-I. Similarly, the selectivity of BD to butenes is
99% for the improved catalyst compared to 94 % for the
catalyst G68-I. While the above description contains
many specifics, these specifics should not be
construed as limitations of the invention, but merely
as exemplifications of preferred embodiments thereof.
Those skilled in fee art will envision many other
embodiments within the scope and spirit of the
invention as defined by the claims appended hereto.THE
CLAIMS: 1. Aprocess for the selective hydrogenation of
alkyne and/or diene present in an olefin-containing
hydrocarbon feed, the process comprising contacting
the hydrocarbon feed containing at least about 10,000
ppm by weight alkyne and/or diene content with a
catalyst in a first reaction zone under selective
hydrogenation conditions, said catalyst including
palladium and at least one Group IBmetal incorporated
into an inorganic 



support, wherein the support has a surface area of
from about 2 to about 20m /g and a pore volume greater
than about 0.4 cc/g, at least about 90% of the pore
volume is contained in pores with pore diameters
larger than about 500 A, and the pore volume of the
pores with a pore diameter from about 500 A to about
1,000 A comprises from about 1% to about 2% of the
total pore volume. 2. The process of Claim 1wherein
the catalyst includes from about 0.01 to about 0.1
weight percent palladium and from about 0.005 to about
0.6 weight percent of Group IB metal, the weight ratio
of the Group EB metal to the palladium ranging from
about 0.5:1 to about 6:1. 3. The process of Claim 2
wherein the Group IB metal is silver. 4. The process
of Claim 1 wherein the alkyne includes acetylene. 5.
The process of Claim 1 wherein the olefin includes
ethylene.6. The process of Claim 1 wherein the
selective hydrogenation conditions include a
temperature of from about 6O0F to about 2000F, a
pressure of from about 100 psig to about 250 psig, and
a space velocity of from about 1,000 to about 5,000
GHSV. 7. The process of Claim 1 wherein the first
reaction zone comprises a catalytic distillation unit.
8. The process of Claim 7 further comprising removing
a vapor phase overhead 



from the catalytic distillation unit. 9. The process
of Claim 8 wherein at least a portion of the vapor
phase overhead is introduced into a second reaction
zone under selective hydrogenation reaction conditions
in the presence of said catalyst. 10. The process of
Claim 9 wherein the second reaction zone comprises at
least one fixed bed reactor. 11. The process of Claim
1 wherein the feed is fractionated prior to contacting
with the catalyst in the first reaction zone to remove
at least a portion of the dienes and alkynes
possessing four or more carbon atoms and the resultant
feed contains at least 10,000 ppm alkynes and
dienes.12. The process of Claim 11 wherein the first
reaction zone comprises a fixed bed reactor. 13 . The
process of Claim 12 wherein the fixed bed reactor
comprises at least two catalyst beds with intercooling
means between the catalyst beds. 14. The process of
Claim 1 wherein the contacting of the hydrocarbon feed
with catalyst is performed under vapor phase
conditions. 15. The process of Claim 1 wherein the
contacting of the hydrocarbon feed with the catalyst
is performed under mixed vapor and liquid phase
conditions. 



16. The process of Claim 1 wherein the contacting of
the hydrocarbon feed with the catalyst is performed
under liquid phase conditions. 17. A process for the
selective hydrogenation of one or more alkyne and/or
one or more diene in a cracking effluent containing
olefin and hydrogen, the process comprising: feeding
the effluent into a catalytic distillation reaction
zone under selective hydrogenation reaction conditions
in the presence of a selective hydrogenation catalyst
wherein both gas and liquid phases are present and
wherein the effluent is in the vapor phase containing
at least about 10,000 ppm of alkyne(s) and/or
diene(s), said selectivehydrogenation catalyst
including palladium and at least one Group IB metal
incorporated into an inorganic support, wherein the
surface area of the support is from about 2 to about
20 m2/g, the pore volume is greater than about 0.4
cc/g, at least about 90% of the pore volume is
contained in pores with pore diameters larger than
about 500 A and the pore volume of the pores with a
pore diameter from about 500 A to about 1,000 A
comprise from about 1 to about 2% of the total pore
volume. 18. The process of Claim 17 wherein the
selective hydrogenation catalyst includes from about
0.01 to about 0.1 weight percent palladium and from
about 0.005 to about 0.6 weight percent Group IB
metal, the weight ratio of the Group IB metal to the
palladium ranging from about 0.5:1 to about 6:1. 



19. The process of Claim 18 wherein the Group IB metal
is silver. 20. The process of Claim 17 wherein the
catalytic distillation reaction zone comprises a
catalytic distillation unit operated as a debutanizer.
2 1. The process of Claim 20 wherein the catalytic
distillation unit is operated at a pressure of from
about 100 psig to about 400 psig and a catalyst bed
temperature of from about 300C to about 13O0C.22. The
process of Claim 17 wherein the catalytic distillation
reaction zone comprises a catalytic distillation
column operated as a depentanizer. 23. The process of
Claim 22 wherein the catalytic distillation column is
operated at a pressure of from between about 75rsig
and 350 psig and a catalyst bed temperature of from
about 5O0C to about 15O0C. 24. The process of Claim 17
wherein the catalytic distillation reaction zone
includes at least one fixed bed containing said
selective hydrogenation catalyst. 25. The process of
Claim 17 wherein the catalytic distillation reaction
zone includes at least two fixed beds with
intercooling means between the beds. 26. The process
of Claim 17 wherein the alkynes comprise one or more
of acetylene, methyl acetylene, ethyl acetylene and
vinyl acetylene and the dienes comprise one or more of
propadiene, butadiene and isoprene. 


