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PROCESS FOR THE SELECTI VE HYDROGENATI ON OF ALKYNES

AND/ OR DI ENES | NAN OLEFI N- CONTAI NI NGHYDROCARBON STREAM
wWeAGKGBROWND OF THE | NVENTI ON The present i nvenPCoOMS2005/024628

relates to a process for the renoval of al kynes and/ or

di enes fromgas or liquid streans of ol efmcontaining

hydr ocarbons, e.g., those derived from steam cracki ng

or refinery processes. The nanufacture of unsaturated

hydr ocar bons usual ly i nvol ves cracki ng various types

of hydrocarbons and often produces a crude product

cont ai ni NPROVESSEOR AHE Sipull CTTES BiYHR O&maN ATDON

unsat ur at ed' t h@F ADKYUES AND/PRAONES A hi ghly

unsat ur at egr ByiN-CONONINGIHY DR GSARBON STREANT Y

difficult to separate by fractionation fromthe

desired ol efin product. The nbst comon exanple is

€ t j i ch al kynes are conmon
Bﬁéﬁékaﬁkgi%%%%¢§§%¢@$ﬁ%e ef fl uent from steam or

thermal cracking processes for the production of )

et hyllhe peeseytghecatioy relees tei arocess foniherrmeqyal eialkynes @ad/or dienes

significant amounts of acetylene and C.to C diolefins
froaNghsasi oyl dedtieadms ofolefiycenmeinisg lididdarhdn, 4.9, hepadedved from

fromethylene by fractionation, and conversion by

Stegﬁ%m@ggtgﬁﬁrzﬁf&g@gg_y acconpani ed by a substanti al

anount O e conversion to

The manufacture of unsaturated hydrocarbons usually involves cracking varioui
types of hydrocarbons and often produces a crude product containing hydrocarbon

impurities that are more unsaturated than the desired product. These highly unsaturated

‘hydrocarbon impurities are often very difficult to separate by fractionation from the

desired olefin product. The most common example is ethylene manufacture, in which

~ alkynes are common by-products. For example, the effluent from steam or thermal

cracking processes for the production of ethylene typically contains, as unwanted
impurities, significant amounts of acetylene and C; to Cs diolefins and acetylenics.

Acetylene is difficult to separate from ethylene by fractionation, and conversion by

- hydrogenation is usually accompanied by a substantial amount of ethylene conversion to

ethane. In a similar way, hydrogenation of C3H, (methyl acetylene or allene), propadiene
and butadiene results in the production of their olefin analogs, but also significant
production of C; and/or C, paraffins as a result of over reaction. It has often been

difficult industrially to remove such undesirable, highly unsaturated hydrocarbons by
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ethane. In a simlar way, hydrogenation O C3H4 (nethyl
acetylene or allene), propadi ene and butadi ene results
wonodsmagproducti on of their ol efin anal ogs, buPCaIUS2005/024628
significant production of C and/or C4 paraffins as a
result of over reaction. It has often been difficult
industrially to renove such undesirable, highly
unsat urat ed hydrocar bons byhydrogenati on so that no
hysfogenation antth4tydrsigreficant ydregenaiiost ¢ledpsapdelefin hydrocarbon takes
hydr ocarbon takes place. Two general types of
]ﬂ§§!ective hydr ogenati on processes for renobving
undesi red, unsaturated hydrocarbons have come into

use..th Se%q,?‘éﬁ gﬂl}é 3 selb &l hvgg %%naﬁ%ﬂ ?9&%5‘5%5 if&%mbﬂﬁ? ihigif&ired,

passi ng e egas In phase fromthe ini

cracking step, after renoval of steam and..condensa .
e iR SRIORE DT TIHF o QBT BT Bafry gt Tyqogenation
gas typically contains substantial quantities of
inhyldesqyesing thezrrudssgastin vdpot hiase fipek thegnieberacking $ap, affggremoval
is characterized as hydrogenati on before hydrogen has

ofReem dneaveshshbeBride habiiceeph hiytimdepationcatahen Tesgas
Despite the | arge hydrogen content of such gas, which

w%ié%%gg%tagéiﬁ{o%%ngﬂkcﬁlﬁég%g ﬁglfly&gﬁemﬁulﬂ@ﬁﬁ§ SiatMng Sep.

gen therefore, sufficient to

Jydrogenate a substantjal part, of the ol efi

e e R A e
ol efins of polynerization %ual ity is well established :

the helancst el thys hydrpsasbongas Rerpity therlars ey densem porent of sach gas, which

addition, there is a "front end" application involving
is e redtiytih Gx st OF tHeatdoant nedtssargnd hadrogpmite fhealynes and,
reactor “system where-the reaction
therefore, sufficient to hydrogenate a substantial part of the olefin present, operation with
sufficient selectivity to produce olefins of polymerization quality is well established and
catalyst lives of many years are obtained. In addition, there is a “front end” application
involving a catalytic distillation unit and a vapor phase reactor system where the reaction
occurs both in the vapor and liquid phases.

Iﬁ the other type of selective hydrogenation, known as "tail-end" hydrogenation,
the crude gas is fractionated and the resulting concentrated product streams are
individually reacted with removed hydrogen in a slight excess over the quantity required
for hydrogenation of the highly unsaturated hydrocarbons which are present. This
process can occur in either the gas or liquid phase dependent upon the pressures utilized.

By controlling the amount of hydrogen, the reaction selectivity to olefins can be

maximized. However, this requires a multiplicity of reaction systems since following

-



occurs both in the vapor and liquid phases. In the

ot her type of selective hydrogenation, known as
woObeaidloiend” hydr ogenation, the crude gas is PCT/US2005/024628

fractionated and the resulting concentrated product

streans are individually reacted wth renoved hydrogen

in a slight excess over the quantity required for

ﬁ\%ti’&%ﬁ&? 3 dr@ Br O ai ARl behing Sl Bhglens éfﬂh/ﬁ@%@ﬁ&&ﬁéne) Cy's

are resent Thi s process can occur in either

ui.d .ph 0 S

pryFSenoay B GERS fot R PRI O0F k) B 8585 St e, B
reaction selectivity to olefins can be nHX|n1zed
apgiylence iyl pgesylensy and butenesieneh TSAMENE R TERCIPISY e, fhis Tesults in
systens since follow ngfractionation, there are
increhisad chpith] sidropermingfcod?' s (et hyl ene, ethane and
acetylene), C3' s (propyl ene, propane, nethyl

5 acetyl ene, andpropadi ene), C4' s (butenes, butadiene,
Ethyl acetylene, vinyl acetylene, and butanes), each

his results in increased

BRI S G B R SO b e SUWERY G The
I NVENTI ON Aprocess i s provided herein for
sel edtIroessh }Sd?re@éﬁéhr:@ﬁl o ﬂ‘élsﬁlfﬁ‘é"ed?ﬁﬂlf%%enﬂﬁ“@h‘éf hrme @pg/or
in an ol efin-containing hydrocarbon feed. The process
dieneprdsasn an blefintdontpinihg hjdrdeasioar feod  Theprocesscainpiisgg
at | east about 10,000 ppm by weight al kyne content
c&ﬁ%ﬁf tHd BRRoMrbdh fe§ BbRhMBL at Rad abbhSIO owgﬁm B9 weih€alkyne

under sel ective hydrogenation conditions, said

10 ofbghahdlor GGt Wi Wedt Ryl A6'h HIG A i s 381ePR oo OHicbdhnation

conditions, said catalyst inclu&ing palladium and at least one Group IB metal

incorporated into an inorganic support, wherein the surface area of the support is from
about 2 to about 20 m*/g and a pore volume greater than about 0.4 cc/g, wherein at least
about 90% of the pore volume is contained in pores with pore diameters larger than about
15 500 A, and wherein the pore volume of the pores with a pore diameter from about 500 to
about 1,000 A comprise from about 1 to about 2% of the total pore volume.
The process advantageously provides greater selectivity for the hydrogenation of

alkynes and higher olefins.

20  BRIEF DESCRIPTION OF THE DRAWINGS
Various embodiments are described below with reference to the drawings

wherein:
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i ncorporated into an inorganic support, wherein the

surface area of the support is fromabout 2 to about
waQoosigriand a pore vol ume greater than about @c#/usedog/24628

wherein at | east about 90% of the pore volune is

contained in pores with pore dianeters |larger than

about 500 A, and wherein the pore volune of the pores

corprid S B h TUpSRLERRY oale WRERRE, i Dore”
el 0BG aﬁ?? Ry RET A Bgerie: bt r%r“ak%%%g&&%%“ 3
hi gher ol efins. BRI EF DESCRI PTI ON OF THE DRAW NGS

etvbodimest efithopticspahinyentien; descri bed bel ow with reference
to the drawi ngs wherein:FIG 1 is a flow di agram

i || upta. atik BdloWBagth@ Sk altoMert dngibdidrdBof thel gresent | ow
d| agram simlar to FIG 1 but illustrating another

nSohodi ment of the present invention; FIG 3 is a flow
di ag am of an alternate enbodi nent of the present

BT oSt e SHES L B P g o

is aflowdiagramsimlar to FIG 1but illustrating an
FHI.t3er nat e enbodi nment

FIG. 5 is a flow diagram similar to FIG. 1 but illusirating an alternate embodiment
of the present invention; and,
FIG. 6 is a flow diagram illustrating a vapor phase front end system embodiment

of the invention.

DETAILED DESCRIPTION OF THE INVENTION

This invention relates to selective hydrogenation of alkynes and/or dienes present
in an olefin-containing hydrocarbon raw gas feed such as the effluent from a Icracking unit
or to the selective hydrogenation of alkynes and/or dienes in an éleﬁn-containing
hydrocarbon stream that has undergone minimal fractionation to remove certain heavy
components but still contains sub stantial amounts of hydrogen and highly unsaturated
components.

A particular purpose of the process is to selectively hydrogenate C, to C¢ alkynes
and/or dienes to their olefin analo gs starting with a cracked gas effluent mixture

1

containing, e.g., acetylene and a significant amount of higher (C; to Cs) diolefins and

-4-
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of the present invention; and, FIG 6 is a flow

diagramillustrating a vapor phase front end system
woenbadiipant of the invention. DETAI LED DESCRI PPCONSEN05/024628

THE I NVENTION This invention relates to sel ective

hydr ogenati on of al kynes and/ or di enes present in an

ol efi n-cont ai ni ng hydrocarbon raw gas feed such as the

effluent fr a cracking unit. or to th el ective
DRSTURY G P EHE 91 s PSR ] GRE o DA piieaparofeh and trace
ol efi n-contai ni ng hydrocarbon streamthat has .
quandisie of ethat imnvaities. rlagertewdar v gas feethivpisalbeeqnigips, in addition to
heavy conmponents but still contains substanti al
actye, Svef 10)00irmae of meilyhicghfish e prophdiend, & (B-butagdions rttsl
A particul ar purpose of the process is to selectively

adb¥d %&g ScdtdedeD is@?xeﬁé k¥DEeARY GRAJi BRES irﬁﬁ;r%tfé@ ia{e often hard

ol'efin analogs starting wth a cracked gas effluen

1 Xfure cont aj ni e.q.., acetylen n siani ficant
hnitneTaR i o e Mt S g oo BRies 0 InisBetied 452%

other acetyleiiics in _the presence of one or nore
subistemtinkameiyrd ob etliienmig hydeagenafediin sthanes T peegsay of the present
impurities. In particular, raw gas feed typically
ivefifiéi f¥basédoeddintproredthigtapat wolimes araveniqultoddGolpprdidtribution
nmet hyl acetyl ene, propadi ene, 1, 3-butadiene, ethyl

c%?l?&tﬂe@@ﬁﬁed’ by¥hd-ehehe BBGisvIIRORNCMEreflfeL 98] Chnie catalyst" or

nes. These inpuritiés are often hard to hydrogenate

"i(ﬁéjptapgf ‘ %?Eﬁ%%'%e&%lg ?ndeggr?e% SourH éhgrgiecc%{g%lff %o? luge in the process described

a

below is based on a low surface area inorganic oxide support impregnated by Pd and
modified by Ag or other G;oup 1B metal compound.

More particularly, the preferred Sud Chemie catalyst for use in the process of the
invention includes a low surface area catalyst carrier, such as alumina, silica-alumina,
zinc oxide, nickel spinel, titania, zirconia, ceria, chromia-alumina, magnesium oxide,
cerium oxide and mixtures thereof. The preferred carrier is an alumina carrier. To
qualify as a “low surface“ area” carrier, the carrier has a surface area less than about 20
m?/g, preferably from about 2 to about 20 m?*g, more preferably from about 2 to about 10
m?/g, and most preferably from about 3 to about 5 m?*g as measured using the nitrogen
method of determining surface area. The pore volume of the carrier is greater than about
0.4 cc/g, preferably greater than about 0.45 cc/g, and most preferably greater than about
0.5 cc/g. In addition, the carrier is selected such that at least about 90%, preferably at least

about 95%, and most preferably at least about 98% of the pore volume, is contained in

-5



substanti al amount of ethylene is hydrogenated to
et hane. The process of the present invention is based
wono@n1dTpr oved hi gh pore vol une and uni que poPETMISRA0SD24628
di stribution catal yst devel oped by Sud- Cheni e,
Louisville, KY (hereinafter, "Sud Chem e catalyst" or
“inproved catalyst"). The preferred Sud Chen e .
catalyst for use in the prqcess descrjbed belowis
DS ABthcRere diaaeiary EFEAISE TP CAPOR nfd Whetgie thepeysvplume of
i npregnated by Pd and nodified by Ag or other Goup IB
o atithommp diantkterh/iiom ghwut $QUbabbwt, 1,00(Ans &berabedt Btedabout 2%
Chemi e catalyst for use in the process of the
olf eaBal Hte vBSIY € istin]pRWaithidt 3681 R hfdderfodd 18 368dcted containing this
carrier, such as alumna, silica-alum na, zinc oxide,
ni L _spinel. . ti ' If E6QB.a; cerja,. .
PR oS8 e b Bk Burhle 8k Rionf ik vide saafyorswith enfanced
m xtures thereof. The preferred carrier is an alumna
5 peHpwRaFe, walfqlfﬁaix q@%ﬁgehﬁm@aﬁwéﬂe%-0?@%11:%@3'&00%011&
the carrier has a surface area | ess than about 20 nwg,
epeefally diml selectiverhpdroganation wactbhmat 20 tn2/ g, nore
preferably fromabout 2 to about 10 nmVg, and nost
pr ef anhabhiivkt @miaaHbe Jordak any siitaBNshase, FRESAY Libhere,

using the nitrogen nethod of determ ning surface area.

ne L.V t j ' _ o
cfifpeb ol Bt Endine B, E04] SbtehSa SRRk e A2 oRM corieris o
nost preferably greater than about 0.5 cc/g. In
seierar-t Fesrcatalig cHmier Fat Srabs Biwet Sy pbie e proely 2 sphere

about 90% preferably at |east about 95% and nost

10 vpthed dinmbley fram dtwasi tativut 5 888panfl mdre ppeferabiyokrameboutd to about 3
contai ned inpores with pore dianmeters greater than
nmgRout 500 A, and wherein the pore vol unme of

The palladium can be introduced into the catalyst carrier by any conventional
procedure which produces the desired palladium loading. One preferred technique
involves impregnating the catalyst carrier with an aqueous solution of a palladium

15  compound such as palladium chioride. Preferably, the depth of penetration of the
palladium compound into the carrier is controlled so that at least about 90 percent of the
palladium compound is contained within about 250 microns of the surface of the catalyst
carrier. Any suitable method can be used to control the depth of palladium penetration
such as that disclosed in U.S. Patent Nos. 4,484,015 and 4,404,124, the contents of which

20  are incorporated herein by reference.

After palladium impregnation, the impregnated material is calcined at a

temperature from about 100°C to about 600°C, preferably for at least about three hours.

-6-



pores with pore dianmeters from about 500 to about

1,000 A is from about 1to about 2% of the total pore
woaebesmae7iit is i nportant that carrier material 8ClAIS2005/024628

sel ected containing this particular pore vol une and

pore volune distribution to provide catalysts with

enrancgd.perfoanance, particul arly enhanced

selectivity and mninmal ] oss of .desired hydrocar.bans
B@meﬂadamwomaw%w&%m%mﬁﬁwag]@é% § %thééé?%"ﬁ & ﬁ%‘?’ﬁ*éed“"ed’

catal yst carrier can be fornmed in_any suitabl e shape,
mefehblydyaves piiering, oying ndeitabla wetirediciigmiediung prehiap godum

like. In one preferred enbodi nent, the catal yst

f?ﬁﬁité,%xrﬁﬁ 2@ dSRRREAne, Hleli eata byfinydAdds, esrmmatehades asdosbic acid,
ormed I n any suitable size, preferably a sphere with

(%F%%%;Bg%%r {céogv@ §€ g&lﬁve%ﬁ(%ngl g%gg:{luc%{%eﬁi}ﬂ e ng ;le | adi um
5 g gﬂv 2}eﬁc:e gtié;ﬁg%frggr Y )Zst %Qq%g%ﬂ%? %%%’f{:rggg{;%g Etd\g ﬁ\ia?lg%l with deionized

pal I adi um | oadi ng. One preferred techni gue invol ves
watgrte gemoveryythabden suihyastchipaifes, & a WPerfgﬁSSa*H%%tﬁ%“ 100 ppm.
sol ution of a palladi um conpound such as pal |l adi um

Bl 106 BE catBly8f @udfsitiontif el @t abowerDEr Caib iabout &0t e
pal I adi um conpound into the carrier is controlled so

that gt | east about - |, A :
conp d’aﬁgca‘cl% E 1 %g)evc\in%? %Gﬁ%gg%ag%#tgggﬁ% crons %eg?%tgd with
surface of the catal yst carri

r. Any suitabl e nmet hod
ror bereiSear B o FOPPURE HEBEHAGH ChAPLA i a4V or
penetration
10  additives. These compounds are preferably selected from silver salts, gold salts and/or

copper salts or mixtures thereof. Preferably, the metal additive is silver impregnated in
the form of a silver salt. The Group IB additive can be impregnated in the palladium
impregnated precursor catalyst by any conventional process such as by soaking or
spraying the palladinm impregnated precursor catalyst with an aqueous solution of the
15  Group IB metal compound. For example, if the Group IB metal is silver, in one preferred
embodiment the aqueous solution can be a silver nitrate solution. After impregnation, the
palladium impregnated catalyst material with the Group IB metal additive is then calcined
at a temperature from about 100 to about 600°C for at least about three hours. The
catalyst is then reduced, preferably by heat treating with hydrogen, e.g., for about 1 hour
20  at about 80 to about 120°C.
The amount of palladium present on the catalyst can range from about 0.01 to

about 0.1 weight percent, preferably from about 0.01 to about 0.05 weight percent and

-7-



such as that disclosed in U S. Patent Nos. 4,484,015

and 4,404, 124, the contents of which are incorporated
woeominotly reference. After palladi um i npregnabPComs2dobm24628

i npregnated material is calcined at a tenperature from

about 1000C to about 6000C, preferably for at |east

about three hours. The pal | adi um conpound contai ned in

t he pal | adium cat recursor.i.s _the e .
morerEPy hup pt 1Lt dgt 0T e iRl BREH e o weigi
reduci ng nedi um such as sodium formate, formc acid,
ofithdrcatalysie, Thelagarunt apthgIGrowp Bhinstal geditive. refarabbhspiyer, that may be
ascorbic acid, dextrose or other known or conventi onal

20RId daf St Mgnagmnt 0.008 ¢e atidut Oprweeigityercent padfymsbly from about 0.01
mat eri al has been reduced, it is washed with dei oni zed

th\?Dto%F 05 ?Vﬁri%fs@gx%eﬁ’tmfn o8 ShersbUF BoR b6 0201 BRfbout 012 weight

evel 0 t han about "100 ppm The reduced cat al yst

conposition. is then dried at .abo 1000 0 0 "

5 Do aRAwnEs foteT i le et ACGRR B additive
then further inpregnated with one or nore Goup |IB
presemtlondlomgatalysiso theaalladiumgs from zheyt ;1 taeba %gmrﬁﬁevély about
or additives. These conmpounds are preferably sel ected

1firenbsitl 6V E inds@bétprefgniblly Samtaboarid] ar atwapfér salts or
m xtures thereof. Preferably, the netal additive is

Si | veridh ?&2{%' A8 adifBafflysBwth | Bhp $RInletal B@itive i
Qougglll%‘piggggtgl veé ¢an egéﬁ?c&p%egna}tl ed in th% palei%di unlwve .

i npregnat ed precursor catalyst by.an .
AR JETET GHAFTHY B SEOgER N Bt o PhPRle: B Rihle fr e

pal | adi um i npregnated precursor catalyst with

10 seleuibohydrogenation @f ghpyriiees such as butadiene, alkynes (acet}?lgnics) and
diolefins, particular_ly in araw gas feed stream, without separation of individual
components.

The palladium catalyst with the Group IB additive employed in the process of the
invention is designed primarily for the selective hydrogenation of impurities, such as

15  acetylenics and diolefins, in admixture with other hydrocarbons, H.and CO, particularly
in a raw gas feed stream. When the process is front end selective hydrogenation of a raw
gas feed stream, the feed stream without separation normally includes substantial
quantities of hydrogen, methane, C;, Cs, C4, Cs and trace quantities of higher
hydrocarbons, small quantities of carbon monoxide and carbon dioxide, as well as various

20  impurities, such as 1,3-butadiene, acetylenics and diolefins, and may be wet or dry. The

goal of the selective hydrogenation reaction is to reduce substantially the amount of the
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G oup I B netal conmpound. For exanple, if the Goup IB
metal is silver, in one preferred enbodi nent the

waquesmas71sol uti on can be a silver nitrate sol uPCOMS2005/024628
After inpregnation, the palladi uminpregnated catal yst
material with the Goup IB netal additive is then
calcined at a tenperature from about 100 to about

. 600 C for . : I ' .
mpRY e§%rga%§ & hﬁ?sﬁdes;ﬁg%ﬂtw%ﬁb ?Eu ?a?xﬁé%)( .;Qég‘”@ﬂﬁ‘ﬁ 23dunt Bf desired
hydrogen, e.g., for about 1 hour at about 80 to about
hygpserbony Heat AFRIRREMbf pal | adi um present on the catal yst
can range from about 0.01 to about 0.1 weight percent,
pr ef lerab) e baltadivay oathlyst. With GoowgbBRmne®] adlitiws ightaced in a Teactor,
percent andnost preferably from about 0.01 to about )
TH 1Rt WeiahiReI e Heed BeadirOMe thRtor ¥ RlsedB gRVeldfuffidient to

catal yst. The amount of the Group IB netal additive,
refera r f
SR, B BBl A Gty e
from about 01 to bout 0. and
to{g} BrESFHEB wmfth%rfﬁna%%&aﬁboet o0 forbaptiars @ﬁl’i&z"’gﬁ Hgreas houﬁy space

percent based on the total weight of the catalg The
velariity GBS V)hie. tker munge ¢fibaddl, 000 & Proas ehO0bHtersnsT m@fyﬁalyst per
to the palladiumis fromabout 0.5:1 to about 6:1,
hoppeferably about 1:1 to about 6:1 and nost preferably
fron1about 1:1 to about 4:1. Follomﬁng final drying,
t he t. Lve 1S
read ‘é’éE(Tf :Eh% lgbésﬁz’%e\gfﬁ E%E#B %ﬁﬂﬂﬁ Eea%q@g (&:ltaébelrc,ﬁ
for exarrpl e, .one suitabl e for the sel ecti
compan stz iehh gyid phpsgrapplicationg. e&%ﬂ@ﬁ&?ﬁ&¥ @ﬁ&a’%%vﬁ%?e
(acetyl enics) and
accomplished by heating the catalyst in air at a temperature, preferably not in excess of

500°C, to burn off any organic material, polymers or char.

The subject catalyst exhibits improved hydrogenation of impurities, such as
methylacetylene, butadiene, and isoprene, in comparison to prior art catalysts. The
presence of these higher acetylenics and diolefins imi)roves the recovery of ethylene. The
improved performance characteristics is not obvious from performance testing in the
absence of impurities such as methylacetylene (MA), propadiene (PD), butadiene (BD),
isoprene, and the like.

The process of the invention can advantageously be used for the following

applications:
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diolefins, particularly in a taw gas feed stream

W t hout separation of individual conponents. The
wpabdsaddpum cat al yst with the G oup | B additi verempisoysa24628

in the process of the invention is designed primrily

for the selective hydrogenation of inpurities, such as

acetylenics and diolefins, in adm xture with ot her

hydr r bons rtd [.h a raw gas feed

stregﬁﬁbvﬁ@ﬁiF%%g@?gggggﬁgg&#€g%?&%%gh§eIective

hydr ogenati on of _.a raw gas feed stream the feed ..

st r ebhe oatelyehfesaisd DS AGY FRIPESPUFN OF yaRkm 2 selective

substantial quantities of hydrogen, nethane, C2,C3, .. .
hyddo gefatitioiptocassend wpsien bs ésscubechinghér Pripalr dpndicpiggrsPublication US

smal | quantities of carbon nonoxide and carbon
2642119845 &5 (WR. Pt ApPlibUE SefBUND ! 109802, 202chileaSuly 24, 2002)

1, 3- but adi ene, acetylenics and diol efins, and nay be

T t - i
oA Do R SRR k5 5 Copedanreione
ST IINLIR S AT SRS

hydrocarbons that are present. In use, the palladium
itcaitablyst The fikedbaiuipml Baserdb essnliality echigvepl (e @cetilere
reactor. The inlet tenperature of the feed streamin

h%cﬂ@ drBAGH OF tHeTataWjtiakktlIotiéh deyiRdads Afkiov@lltobjeotive of front-end
yd%ogenate t he acetyl ene. Any suitable reaction

S R S P R U

. gas hourly space vel gcj GHSV) in.the ra of . about. . .
pipatione. ouiasipe. ) GUBOITTLP SopERarting o R ol fifpmising

all propylene énd ethylene losses. The hydrogenation occurs primarily in the liquid phase
within the catalytic distillation unit although some small amount occurs in the vapor
phase. In order to achieve an ethylene gain, small amounts of acetylene as well as other
dienes and acetylenics remain unconverted from the catalytic distillation unit. The
catalytic distillation unit typically operates at a temperature of 85 to 130C and at
pressures from 5 to 15 kg/om’.

A trim reactor operating in the gas phase is placed downstream from the catalytic
distillation unit in order to treat the overhead product and achieve the acetylene
specification required for polymer grade ethylene (which is O ppm). The opgration of the
combined catalytic distillation unit and trim reactor will typically be accompanied by
carbon monoxide (CO) disturbances, variations in diene and acetylenic feed

concentrations, catalyst deactivation, as well as other foreseeable processing upsets

-10-
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hour. The catal yst of the invention can be used for
gas phase, liquid phase or conbination gas and liquid
woheaw@isqpl i cati ons. Regenerati on of the catal petr/usens/024628
be acconplished by heating the catalyst in air at a
tenperature, preferably not in excess of 5000C, to
burn off any organic material, polynmers or char. The
subj ect catal yst exhibjts inproved.@ydro qg&ion of
resfing frore Sothsissiptions Hehh (aglaBg OPEHLOT 35 %ﬁ? @ DIRGpss upsets. .
i soprene, in conparison to prior art catalysts. The
Ippasienlas G colvesteatiingtvengacetlgdddnitegmahek ctirhonsf infepnt end
i nproves the recovery of ethylene. The inproved :

rBRESOT FRAGRs fhAOFBEEEdrREhteion Fron0the@YikR w0l pervent of about 0.05%
performance testing in the absence of Inpurities such

t hyl acet . - .
FipT LRSI S0 pBRE0R 98Bl sty
ARG RS S NI TR R IR

trimreactor. The catal yst described herein can i .
tacinipieagad disnys. Neainsaning stablesesmsersion of Medrlsipes and dignes without
process and system as described in U S. Patent

okfAtoRe Slelhd BakiremelySliZRA%MIMokORE pAisehidd & fixed bed
atent application Serial No. 10/202,702 filed July

24, 20 titl " ' : ) o o
rﬁ%‘?%y?‘%‘eg%élgk%‘?’g artcgtgxf 1'1:% t ‘?&a{l?@ g&%ﬁfyyadﬁ’s‘é B hiet temperature.

Ion O

This provides more efficient handling of increases or decreases in CO than having to
modify the operation of the catalytic distillation. With the use of the trim reactor,
significant e%hylene gains of about 0.2%, representing nearly about 35% ethylene
selectivity with 100% acetylene conversion and 5000 ppm or less total outlet C; and
heavier dienes and acetylenics, is possible.

2. Raw gas “front end” acetylene converter.

irl conventional ethylene plant technology, LPG crackers can produce raw gas
feed streams from cracking facilities containing Cy, C3, Cs, Cs, and trace quantities of Cg
and higher hydrocarbons as well as hydrogen and methane. These raw gas feeds can also
contain significant impurities such as 1,3-butadiene, methyl acetylene, propadiene,
acetylene, isoprene, and trace quantities of other hydrocarbon impurities. The present
application can be used in “front end” hydrogenation systems used to remove acetylene,
while at the same time the other impurities are also hydrogenated to useful olefinic

components.
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Distillation and Fi xed Bed Catal ytic Steps", which is

herein incorporated by reference in its entirety. The
woOizsebibad trimreactor is essential to achi evectAs%205/024628

acetyl ene hydrogenation of the catalytic distillation

over head. The overall objective of front-end catalytic

di stillation-hydrogenation unit is the conversion of

acetyl ene t hyl acetyl ene ropad] ~ ' -
and B G Brar el nt ) FeldBnalhg o EHEH s ER( R Gompression
mrmzing all propylene and et h){l ene | osses. Th )
seRtjem arbiad BBTeBOrHrssctnn wdraciongied tpAempYLifaYy Hheidy unsaturated
Wi thin the catalytic distillation unit although sone
mstenibls (andhbyl acaylene, proprdidre, mapdiene frassampls).ol Hereachon takes
achi eve an ethylene gain, small anmounts of acetyl ene

plaSe Methé vasor hdtelovel £ARSEd B&(0r6&iey be AkEBbddeyWith intercooling. It is
unconverted fromthe catalytic distillation unit. T

he
al ytic.di.sti ' ' i | .
e Bthr g it s by e e e GRBIAE Imlr Biomes cxcecd
15 kg/cn2. A trimreactor operating i e s phase .
10,80 Pre sl tBrrGiabBs RIS A1SE 48 ATEY et thedtTadznnam willbe
unit in order to treat the overhead product and
suebhh&\aautdvenyacatiphevill aspeci fi cati on required for

pol ynmer grade ethylene (which is O ppm). The operation

of t repieARb et dfealots Esncehtsdtionliagrester thah theeicioitatric
reactor wll typically be acconpani ed by carbon

B Lo RS A SR ARty o cruc
as wel| as other foreseeab)e, proces

aagp Jhar minmiZeha sl R1cHRe BHRONS DUITPSRT A By THEsRtng Pl dn the feed

operati-on as well as from process upsets. . )
stream, the hydrogenation catalyst must be very selective and have a high tolerance for

CO variations. If the catalyst is not selective or tolerant, then a greater amount of
hydrogenation will take place, destroying olefins. Further, this greater amount of
hydrogenation in the vapor phase will release additional heat raising the temperature of
the reaction and thus increasing the rate of hydrogenation even further. This will
ultimately result in a runaway unless controlled. It is also important to achieve this high
selectivity not just at the low start of run (SOR) temperature but in as wide a temperature
range as possible, since temperature variations are necessitated for controlling the
conversion during CO spikes as well as by catalyst deactivation end of run (EOR)
conditions. A low selectivity of acetylene to ethylene at higher temperatures can lead to

reaction runaways, since both ethylene and hydrogen are in great excess. This can be

-12-



10

15

20

In particular, CO concentration swings can lead to

thermal excursions in front end reactors. Changes in
wGOQudemaghriconcentrati on fromthe design nol e peprceEmS2@6/024628

about 0.05% up to a maxi mum of about 0.2% as expected

on a weekly cycle for a typical ethylene cracker, wll

| ower the activity of any catal yst and thus wll | ower

t he dro I
cohi AL HECerBar £t Bo kOGRS ShEARElovel o as the end of

di enes w t hout hydrogenating the oleflns is extrenely
thgirpe isepproaghadhout t he presence of fixed bed reactors.

A fixed bed (trinm) reactor has the ability to quickly

adj uEipitileedctibe tordstiperiat seleetiva hydrogemetipelgwludsiagemperature of

efficient handling of increases or decreases in CO

bR R~ LELRIOIRY a bRGsaR %fﬁ{)inodboﬁf 100ssi€ &t oyt 230 psig, and
stl ation. Wth the use of the trimreactor,

ni ficant . ethy i noL:
e A G, 8 B RS2 e i
acetyl ene conversion and 5000 ppmor |ess total outl t1
caDditihs lhnd whing a@p@vp@@ogﬂd’da@aéqlwtéﬂlt@esacepgen&;g)glabqu stamfia portmn
Raw gas "front end" acetyl ene converter. In
o8 ViRt Glefds ot hyttplericp heuitydtezetated ogy wheRG subsfeitial portion of
can produce raw gas feed streans from cracking

etggl%hé 1stﬂya§og@ga5@£orumecz, CC, Cs, and trace

ntitres higher hydr ocar bons as mell as

hydr and h
cont QPR FOaRt Srbls PEpBeHERr hERFRgR A RUSE tho charge
met hyl acetyl ene, propadi ene,

gas 10, )a/m efﬂuenty from a crert)ckmr,)g process, is compressed at 12 to between 150 and 250

psig and then fed to the catalytic distillation column 14. The charge gas may or may not
be preheated to match column temperatures. The charge gas would typically pass through
one or more guard beds 15 to remove such poisons as lead (Pb), arsenic (As) and mercury
(Hg). These are known catalyst poisons and the guard beds would be employedina
known manner to protect the catalytic distillation catalyst. Entering the catalytic
distillation column, the 8% to 20% by weight diene and acetylenic feed is hydrogenated
in catalyst beds 16 and 18 located in the rectification section 20 of the column. The
catalytic beds include the Sud Chemie catalyst as described above. The catalyst used
within a catalytic distillation column consists of either a single catalyst or several
catalysts of the same type with different metal loadings to adjust activity located in
different portions of the column. Referring again to the selective hydrogenation process

and system as described in U.S. Patent Application Publication US 2004/0019245A1
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acetyl ene, isoprene, and trace quantities of other

hydr ocarbon inpurities. The present application can be
wo2ew/o19717f ront end"” hydrogenati on systens use8CTwS2005/024628

renove acetylene, while at the sane tinme the other

inmpurities are al so hydrogenated to useful olefinic

conponents.In a typical “"front end raw gas converter"

eﬁtﬁfedcfb"i‘%ﬂ 9% on Istsyagmcaf Sy | OoSEELEGNAOsaBsE d

as renova to renove heavy

h| hl.y unsat ur at
D t&%/ﬁt gietix g%@ 1cf epse,xt ﬁgﬁté%} Cet%§ene the lower
takes pl ace in the vapor phase over a fixed bed Sﬁ‘ézf
sestipnesf thé cdtalytd disalsondowrr orin éhfcﬁmd brsl pretregctor ) preceding
known in the industry that if the concentration of the

HRGAIAWHRIBRI RN eFwdl] &itRsh, ex tehde bEa00dkt fais o efitheded Chemie
adi abatic tenperature rise as a result of the hydro

t}%g r('i@éch% Wdve t{ﬁ? oﬁé"ﬁﬁt lg;ﬂ fuﬁctfo'ﬁﬁﬁt?@% t81686d ArteMbld selective

ccur. pl cal rogen gas concentration is

gr eater than t he st oi h| onet rl ded
PEERH WPl AHPEICABeRRPTY O ST 498 %Cﬂﬁérﬁrfﬁ“éf;@?e cilyst without
present in the crude gas. To mnimze the risk of the
depectisesirom deoigaentippssitngdhobidk af thegeaatiop vaoopy avibthe sid
stream the hydrogenation catalyst must be very
Chehecddtalgtand have a high tolerance for CO variations,
If the catalyst is not selective or tolerant, then a

gr eatg 1 2&8%%}5%185 0 é‘%ﬁ 3 E@ AkkQ Eﬂh&‘éel ih ctaﬁh%c%s%ﬁlﬁtlon fashion.

destroyl I'ns. I's greater anmount of
LR R L

example and could be any number of beds depending on the requirements of any

particular plant or the desire to adjust catalyst activity through the use of more complex
catalyst systems. Fractionation internals 22 and 24, which may be trays or packing, are
provided in the rectification section 20. Additional ﬁacttonation internals could be
located between the catalyst beds 16 and 18. The stripping section 26 contains
fractionation internals 28.

The overhead 42 from the column is cooled in the overhead condenser 44 with
cooling water or with refrigeration as needed and the resulting vapor and liquid are
separated in the reflux drum 46. The resulting liquid from reflux drum 46 is fed through
line 48 back into the column as reflux. The overhead vapor 50 contains most of the Cs
and lighter compounds while the liquid phase 48 is used to reflux the column. The vapor

overhead 50 however does not pass into subsequent fractionation but into a vapor phase
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the reaction and thus increasing the rate of

hydr ogenation even further. This wll ultimtely
woesasla9itm a runaway unless controlled. It is aC¥ws2005024628

i mportant to achieve this high selectivity not just at

the low start of run (SOR) tenperature but in as w de

a tenperature range as possible, since tenperature

varjations are necessitate [ L
e e e
deactivation_end of run (EOR) c Ltions. A low . )
heatingapflipr egolare the ¥pRATERR. %Veé‘%qﬁgggﬁ%h%ﬁ e¥flghesd against final fixed
tenperatures can |ead to reaction runaways, since both
bed tepbtonsyssemd effindnoeto meaver eayr Baltengpesses $0 hadiersotoulpere the
beespecially true when CO is reduced from a spi ke back

td@heRatRQ T Rhe V68 bn@Fin@fhels: B befl rdabRyr G8NcdrBaining the Sud
approached. Typical reaction conditions for selective

d ty ' [
s AR ARty Bk ARG, Al b AT AUIRP o
Samaytes ol sV Bt RSy B3R g n
conditions and using a conventional Pd Catal yst all

cithiptiadiatijibtorecaimon arshpbegenated| Thoearditionsfand e fyingftes of fixed
di enes and acetyl enics are hydrogenated only when a

bSURALBAL driblo PR drk QiciPthaethEITh 86ylbe 18X EPRsIRtaRoed from effluent

ethane. Referring nowto FIG 1 in one enbodiment of
o PSSR o 1 e LS55, 80 B i
10 dislehon wies SredbriAabn). THeRG T SR getrora Vs to e
cataiytic distillation column dramatically increases both the performance of the entire
system and the ability of that system to respond to process variations and catalyst
deactivation.
The operating criteria for the rectification section of the catalytic distillatilqn
15  column is that conditions be created wherein the unsaturated hydrocarbons are
hydrogenated to the extent possible without any hydrogenation of ethylene and propylene.
This is accomplished by:
1. Operating the column such that ethylene and propylene in the liquid phase is
minimized, and

20 2. Operating the catalytic distillation column such that there are still unconverted

C; to Cs alkynes and diolefins remaining in column overhead 50.
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be preheated to match colum tenperatures. The charge

gas woul d typically pass through one or nore guard
woed®/01%7170 renove such poi sons as | ead (Pb), aCcsas2@s/024628

(As) and nercury (Hg). These are known cat al yst

poi sons and the guard beds would be enployed in a

known manner to protect the catalytic distillation

catal yst. Entering the catalytic distillation colum,

t he 8% VilizogshnSwieClymic ghialyst tarpghigvehighspleetivibed i s

hydr ogenated in catal yst beds 16 and 18 | ocated in the

r ect ith tHeajataDyicsdieiliagion 3Perafion biethe praget.invidnéion athaldjstillation

beds include the Sud Chem e catal yst as descri bed

RO is %{él?gg%&‘ggﬁh éﬁ%raﬂé& el Qés-an%1§ﬁ£1166ﬂﬂlé €, and lighter

consi sts of er a single
catal yst or sev

ral catalysts .of the sane. type wt
CPPRE S THETIRRS FOLET LY LRl e SO, PER ety gopottoms.
different portions of the colum. Referring again to
Alernstelyetheisplhit ¢opdit byyairthe Coparpemawugberanre gsseraiallyall of the Cy4 and
described in U S. Patent Application Publication US
1i20RALSAARAAN @ritical and thelGfand hEhvdat coRgoaeues YeaSy &t bottoms. In
Enpl oyi ng a Conbi nation of Catalytic Distillation and

o%'le? ﬁ%&?‘:ﬁﬁﬁ%ﬁ@ﬁm&&%ewe&, thé Cp f;"ﬁg Bd el $d3he C4 and

r 'sections of the ca tic

distil]ation towe r. in.the fix re-yeactar
heaayr 3B enb o BEPA PRI Eetrbihs AivieRt SR8 She

both, to include a catalyst that is not of the Sud .
udhedrpgenatedethd eedtificaiéen %éwwtopewéedt gk thah thege 1s a substantial
functionality to tolerate and renpove sel ective poisons
cShRtragoBh et &G, adi@rmdteridihsilativean Caahd Og materiafinh the liquid
Chem e catal yst without departing fromthe invention

piAdAGEn D MMKriQ o riiEn R GEhhiftih MhdHonAeEME. PURcah b coHiFolled by

variation of reboiler duty and reflux rate to achieve the desired overhead and bottoms
composition.

The choice of operation of the catalytic distillation column as either a
depentanizer or a debutanizer will be a function of both the composition of the feed and
the desired hydrogenation requirements for the prodncts. The preferred operating
conditions for a depentanizer will be a pressure of from about 75 psig to about 350 psig
and a catalyst bed temperature of from about 50°C to about 150°C. Similarly, the
preferred operating conditions for a debutanizer column will be a pressure of from about
100 psig to about 400 psig and a catalyst bed temperature of from about 30°C to about

130°C.
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Chem e catal yst. The hydrogenation occurs in the

liquid phase in catalytic distillation fashion.
wolhudsmugh7only two reactive catal ytic beds 16 aow/ukB05/024628

are shown, this is only by way of exanple and coul d be

any nunber of beds depending on the requirenents of

any particular plant or the desire to adjust catalyst

activity through the use of nobre conpl ex catal yst

syst bnasiditimae conimelling Hhejaveml {zacsionsticay, @eéal}lpvmﬁ’éﬁ gy

be trays or packing, are provided in the rectification
cEBFdsith pofiledddirtthorabtife @etioranibe rontnsldrigl ijwting the rates of

be | ocated between the catal yst beds 16 and 18. The

h%g ?é@:wé'i‘ gv&%ﬁée g(g&mﬁ Bné BYLIRTIafibAGE igRAtHMin hil/6F 8hsd the

over 42 fromthe colum is cooled in the

over head condenser..44.w t h .cool,i ter or Wit S o
R BHTINGRT 0t B e G Ao 27 Selif e Redlihell fiopid which is
liquid are separated in the reflux drum 46. The
withduawni asgideisaams 32 and 34 Thsse greamsumay & may nphpass groush the
|ine 48 back into the colum as reflux. The overhead
int@pesledG6cad38ians thvndie reihjdcted b@bk amol tHel aphinan thronghothads
while the liquid phase 48 is used to reflux the

d1|%n HBn gg&fers\-’ﬁ? %?g%&ﬁﬁ@aa%o@@orh%_kf BEat@FeSactiOh tdBSmoved in

0 subsequent tionation but into a vapor

phasefi xed bed reactor.system consi st f :
BRSSP MR RO TAIR 8 Pt co

and/ or cooling the vapor feed. Overhead 50 .is L%éSt |
waee tdhilg dlae enpding & theioyaherq seaglontess gy Bess o b of a5t partly

effluent 74 to recover heat. It then passes to heater
pRfrid¥aeryanédnenical refrigeration. Hence, the use of the intercoolers can significantly
reduce the portion of the heat of reaction which needs to be removed by mechanical
refrigeration.

The hydrogenation in the column 14 occurs in the liquid phase over the Sud
Chemie catalyst. The extent of the reaction is dependent upon the relative reactivity of the
various components and the concentration of these components in the liquid phase at any
particular point in the column. The C; and C; alkynes and dienes are far more reactive
than ethylene and propylene so that they react first and rapidly. However, the relative
reactivities of ethylene, propylene and the C, and heavier olefins, dienes and alkynes are
very close. In order to react a significant quantity of the C4 and heavier olefins, dienes
and alkynes without any significant loss of ethylene and propylene, the concentration of

the ethylene and propylene in the liquid phase must be minimized and the concentration

and temperature profiles from top to bottom must be controlled. Since this stage of the
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tenperature of the vapor entering the first fixed bed
reactor 68 (containing the Sud Chem e catalyst) is
woandsoadiied. | n reactor 68, sone portion of thecTas2005/024628
acetylene as.wel|l as sone portion of the C3 and
heavi er al kynes and di enes that were not converted in
the catalytic distillation colum are hydrogenat ed. )
The conditions and the nunber of fixed bed reactors
hyspganption eecarsigeHradignatignecofmn dhis grael a8 be GrEmALEhsA by
removed fromeffluent stream74 with no | oss of
ac?hityig&ne oddiieqdrrofiyt producadery thbeverhedd eondymseefd and the side stream
catalytic distillation plus fixed bedxeactors). The

rfidigd? ﬁleQIate}da%lefré 40t TIRAGHAY cSipbRAdA D tkB/lene and

catalytic distillation colum dramatically increases

both the rformance of t.he_ enti

PR IoRE e RLIOC Pt s ST HiCu BRI e fow of reflux 48
vari ations and catal yst deactivation. The operatin

and/p1 ipreascigntertivd cpekng 40 dR- section of the )
catalytic distillation colum is that conditions be
cr eatTd sydian destribbéhemmairavidesitic fgibdittdbav botleuncooled and
hydrogenated to the extent possible w thout any

c51es ﬁglﬁ-%{%ﬁ% 10 fhceddmil £ REnRNG A ABYieHe thehkbiifidation section 20.
acco she : erating the columm such that

d by: 1.
-ethyl ene an i o i ' K ) ..
T R0 B B ERBER 2ol it i

colum such that there are still ungcon )
disturbance to the overall distiliation. This is accomp shé/d r}} de.rgmng off pumparound

liquid immediately below the catalyst beds as stream 52 and/or 54 from withdrawal points
53 and 31 respectively and returning it through the pump 56 and heat exchanger 58 to the
top of the same bed as streams 60 and/or 62. Alternatively, the liquid can be drawn from
the bottom most catalyst bed and returned to the highest bed via siream 62. Cooling at 58
can be used, if necessary, to provide combined composition adjustment and intercooling
between reactive beds. For example, while withdrawal intercooling stream 34 from point
31, cooling that stream in exchanger 38 and returning the flow to distribution system 41
will cool the liquid but not change the composition. However, withdrawing the same
liquid from 31, passing it via line 54 through pump 56 to exchanger 58, cooling the liquid
and returning it to liquid distributor 40 above the catalyst bed will change the
composition profile within the oolﬁmn. This design flexibility can be used to maximize
the efficiency of the hydrogenation. In this fashion, the option of cooling against a

warmer cooling medium available in the prior art is maintained with the modified
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Cto C alkynes and diolefins remaining in colum

overhead 50.3. Uilizing the Sud Chem e catalyst to
weachieauerihi gh sel ectivity Tn the catal ytic di seCiriuakoosn24628

operation of the present invention, the distillation

function is designed and operated to distil

essentially all of the C5 and |ighter conponents as

over head and essentially all of the C6 and heavi er,
penpponediintergeolporedaring the sxpengiredeyy levieh eoalpg reawsd 18 thee

at the C4 carbon nunber where essentially all of the C
ofdttledd Ghtenr. Fanthegnienheat gmaoeéd b tede padpartoendstreames can be utilized

heavi er conmponents | eave as bottons. In order to

REWEGE w&le%%%{e‘%g%ﬁ% SedubCerRES AnRtptid eAkSthed ddyffsge of the

and di enes, the C and heavier al kynes, dienes and

PRt ok SR b SN DR Y i ating e

operated such that there is a substantj al . .
overnl eplur seppraprurEmmagee due ta hgaess HdRepYahead g nhepgior art
to C2 and C3 materials hi the liquid phase where the

Wt Beilinge ditjuidnfoviy dieggemetound carpcividertheoeeessary figiid loading
can be controlled by variation of reboiler duty and

oggﬂt‘ tthg %ﬁl@&ﬁ%@ﬁw 248 1618 AR HAIEMnO VERiB 9ashieNeperation of the

~Conposition. The choice of operation of the
S5 BRSPS St Bphpispggienistc oo
AR s o S S8 & L0 B

conditions for a depentanizer will be a pressure of

filoin® 360D 015t to @boisl. § by weidhbare s@ifagpariy gor producing the necessary catalyst
liquid wetting where values as high as about 5 were required with the prior art. In
addition to the obvious reduction in energy requirements, higher hydrogen partial
pressures due to the lower reflux ratios will be available in the present invention resulting
in lower required catalyst volumes.

In a catalytic distillation column, it is critical to keep the catalyst Wetted at all
times to insure that the reaction occurs in the Hquid phase. The selectivity of a catalytic
distillation system relies in part on the reaction taking place in the liquid phase while
certain components that the operator wishes to remain unreacted such as ethylene remain
in the highest concentration in the vapor phase. Maintaining a certain liquid traffic down
the column is critical to keeping the catalyst wetted. If the liquid traffic is greater than

800 Ib liquid/hr/ft2 of column cross-section, the catalyst will be highly wetted and

reaction selectivity will be maintained.
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and a catal yst bed tenperature of from about 500C to

about 150C. Simlarly, the preferred operating
woanaidipans for a .debutanizer colum will be &CT/US2005/024628

pressure of from about 100 psig to about 400 psig and

a catal yst bed tenperature of from about 300C to about

130C. 1 Qaddition to controlling the overall

fractionation, the tenperature and conposition _

pr of A k&sndare cotithe vaealsis moaldlectaration aatheveflwowith gsdoedted

by adjusting the rates of heat renoval over the colum

; o Li i € N N
vaRaforh Igﬁcg}lsetrf‘a dSH} Q%SSQ;S ! Hdﬂlybﬂalgttgéﬂgt?ﬂ?gfaﬂﬂeaﬁ tdposition

e cat own in rays 30 and 31

col |l ect the descendjng liquid ich is wthdrawn as
may I&eeaelgef?‘ttﬁr?ﬁg’gﬁe ﬁ’ﬁdfei‘g‘?d hpﬁié%ggngfornéam may of may not
pass through the intercoolers 36 and 38 and then bbe
r ei nhdditientllyae kariabiefopn iocatipn e ving HgHmERdeed point below the
di stribution headers 40. This permts a portion of the
sthiithg Qoctib®aL ki Providdxnicessparation of driyeheavy ermupaieaispresgyt in the
arranging the intercoolers in this fashion, the

fe%c?@é . %ggﬁﬂ#g{e‘ﬂtﬁ AR euyabad 16VMd 18e b18R s684hisDdor the e

ver co nsers mey need to be at least partly
rovi ded _by .nechani cal. refrigeratj Yoy th
PLgFPa ‘Pﬂ?%i glgép%gay,ec}r§U%§Hg E3ghr? | |’?é{r$g fi§1/11 r eg il}g% c%ﬁEOﬁé%% overthe
portion of the heat of reaction which nggds 38 ﬁ b
catadysd bediistjimiaaipdnincsiditions feed apiats BHRVe #iF fﬁ*fd’% &4 Pgme
in the colum 14 occurs in the |liquid phase over the
inSst@ofeftdrtb allowifed tyuatdowhihgpermtiva rtd Gfus ameidrtbeproblems af excess
dependent upon the relative reactivity of the
catalyst and resultant selectivity loss under these lower flow conditions. The bottoms 63
from the column 14 are sent for further processing as desired.

As shown in FIG. 1, the fixed bed trim reactor system provides further
hydrogenation of stream 50. This system is typically two reactors with an intercooler but
could be a series of reactors with intercoolers between successive reactors. The fixed bed
reactor system provides four advantages:

1. The catalytic distillation column no longer needs to operate for high levels of
hydrogenation but can be operated for the maximum productivity from the Sud Chemie
catalyst, a net ethylene gain with high acetylene, methylacetylene, and propadiene
conversion while maintaining acetylene C; specification.

2. Changes in the catalytic distillation overhead concentration of acetylenics and

dienes resulting from catalyst deactivation, carbon monoxide content increase, or

feedstock change can be accommodated.
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various conponents and the concentration of these

conponents in the liquid phase at any particul ar point
wonodevamol uim. The C2 and C3 al kynes and di eneeTAIS2005/024628

far nore reactive than ethyl ene and propyl ene so that

they react first and rapidly. However, the relative

reactivities of ethylene, propylene and the C4 and

heavi er ol efins, dienes and ,a]%ft nes are veréps%%os?? Intl "

or dek. Hydrogsagemavalicah be et Swtg $m8PTah AT caalys

heavi er ol efins, dienes and al kynes w thout any .
deabtgniibh oapbisbuing thofs sebHizimgyerfmuapsapidosmetreqnyzefrigeration

concentration of the ethylene and propylene in the

syblefY] ¢ RO QSR 8t hﬁﬁoggﬁdﬂ zRGyeReth Whe t6 onyethe pattiabpressures of

and tenperature profilTes fromtop to bottom nust be
caontrol | ed,. Since thi LAgRR} f

A B S R e G
acconpl i shed by adjustipg the overhead refl| ux produced

re BTV Y. SO NLLReh AT TR PSR B P
reflux fromthe intercoolers 36 and 38. The I“&gid
conph Dpiopmsitpis motided frz catatysireaparetinn tahe B Wapare|fpigd bed
in the reactive zones through increases in the flow of

re%:%cgﬂs}l‘_ﬁgél eSeAddl OhstidAfT QREMhe1iTé 6f hedntiralyitag. at 36 and

system descri bed herein provides the

flexjibility to vie t
purmparsEieE o o e P leass St peRRktorlq over e colum.
~rectification sectj ?n 0. Thi iq i rovenent, p mis Lthe .
it éfciginostant terppeTadt WHB [opm dhag SRINBISIT PO CESH FdPe s 22
m ni mal di sturbance to the overall distillation. This
oves tirceenytid dikelihtion cdhvaw. By dfifp seqriindenscndipgenydene gams can be
i mredi ately bel ow the catal yst beds as stream 52
aAAE8 Funthel, tRROPEANEH AdRIred@Ed dasalyst than the full hydrogenation of the

prior art thus maximizing catalytic distillation catalyst productivity. Operation with a
fixed bed reactor system following the column allows this to occur.

If the column were to be operated such that there is no more than approximately
1% ethylene liquid concentration in the reactive beds, hydrogenation in excess of about
95% of the C, to Cs and heavier dienes can be achieved. This results in from about 5,000
to about 7,500 ppm dienes and acetylenics in the vapor stream 50 from the reflux drum
46 and a minimum ethylene loss of about 1%. To make 100% acetylene conversion,
ethylene losses would even be higher. This operation coincides to a hydrogen removal of
approximately 30-35% depending upon the feed composition. However, when the overall
conversions of the Cy to Cs and heavier dienes and acetylenics are reduced to between

approximately 80 and 95% resulting in about 10,000 to about 20,000, and typically about
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53 and 3 1 respectively and returning it through

t hepunp 56 and heat exchanger 58 to the top of the
weanw/hed7as streans 60 and/ or 62. AlternativelPyr/ush@s/ 024628

liquid can be drawn fromthe bottom nost catal yst bed

and returned to the highest bed via stream 62. Cooling

at 58 can be used, if necessary, to provide conbi ned

1O B CE R G MR A peet Pl W PGRR, it 29 WEGRne gains can be

i ntercooling stream 34 from point 31, cooling that

achigvedm i n exchanger 38 and returning the flow to
di stribution system4 1 will cool the liquid but not
changith fieeddmdpesidrs brateflafienibe catalytihdistiption ¢diems ddpand with
liquid from31, passing it via line 54 through punp 56

KENGNEE fnveRtioF @RbHNG 4bB%e, abetyicde BRAKIMESUEhRYifGabout 10,000
th%gatﬁ qui d d:instril%utor 40 aboe\:/ét g ?:at al ystdggbled Wil |

chan C osi.tion hl.e. W t hj g j

togR g POUE e p P ey o Bt sbblhehieS afiheier létel and
effici enc¥ of the hydr o%ien,at ion. In this fashi oE, the .,

allsynes ¢an be Qi@’@teﬁrf@f%lé‘&i vtig digiilatn colgmmn ot BeiRbHistem with two
available in the prior art is maintained with the

fi-zvanich i ty/d pagenatiomreat/t o twdthcok@oling Hecbarg shinen éxipetiegenste 100%
| ow | evel cooling required in the overhead system

of HE bR lend 'a_ﬁe ¢ FREPY&Lrchdtot fRRE PMIEPrOUREteS! 73868 the

can be utilized el sewhere in the ethylene plant to

d ' .
coE SRt SMERa ey piocitor(e Shehe BRA AR rbick dfom. This
large liquid flow wi thout affecting. the over%lb col umm
regliran frqme ADPEROBY Hreahort Hu@0G srddumicibsonly 2bei SJUEPABad

as- in the prior art. Wth the large liquid flows, the
briesiatheoughnd dizaes prdoceiyenics dronethessmbynddisystent. [Thzdieprgsents

approximately 97% hydrogenation of the total C, and heavier alkynes and diolefins in the
feed. Such operation allows for substantial overall ethylene gains of up to about 0.5%
with about 70% overall acetylene selectivity toward ethylene at IOQ% acetylene
conversion. This is a substantial improvement over the prior art.

The specific hydrogenation reactivity of ethylene is just slightly lower than the
specific reactivity of propadiene. Thus close observation of the C; diene conversion
provides a reliable indication of the stability of the ethylene gain and can be used as a
control point for the system. For the catalytic distillation system alone, when C; diene
conversion is between 40 and 60% and typically 45%, ethylene losses are observed.
However, when operating at conditions where the C3 diene conversion in the catalytic

distillation column is between 10 and 35% and typically about 20%, ethylene gains from

7.



10

15

20

over the catalyst without the need for additiona

reflux. This permits operation of the catalytic
wai2sdeidipari on col umm at | ower reflux ratios thaaT/us2005/024628

previ ously possible without the penalty in

distillation efficiency observed with the prior art.

Reflux ratios in the range of fromabout 0.5 to about

1. i 4 ' C in :
sl 0S¥ VARl 0 et i YA i BreephaE the pRbadiene

as about 5 were required with.the prior. art.. Lh .
COIYETHQTOERTY kS PHEAHH Y %tlﬁ%ﬂwgflla SHll Bipintaining sihylene gain.

ener gyrequi renments, hi gher hydrogen partial pressures

due Duoringehd mwerl orefdtion of anictylepie/unitbeariatiany mishe cathon

the present invention resulting in |ower required
meAbBIY Sbnté dfBRErge gas 10is dypiadlally hdditioh, Seddkoalt fraality or operating

colum, it is critical to keep the catal yst wetted at

CIRE N | LEAGThRMnAGEHES Edhtédi®f ch
S‘iVFqf}{%g%ﬁ%é@?ng%ﬁg’rag‘éﬁg?gﬁaw@? aotf%;a catal ytic charee
distillation systemrelies in part. the reaction .
sasaidichg (piesSataRL Yo P G pAE iohifRfian gepil Tpeteites in carbon
conponents that the operator wi shes to remain )
monorie ve thisiud nesend ecdtyibrin soneapiipRonsfypiselbhiegHeldy lower conversion
concentration in the vapor phase. Mantaining a certain

-~ and Sk HidhepfdidaBestdiTiest tiedesirbdiprodusts diito tsireaah 50.0 Ik theirowess

the catalyst wetted. If the liquid traffic is greater

1&8&2%%1%8/ rg X\I?\A(? P{ad %gét% %ﬁt{e{rlﬁ %toc%rgg&lgn oE R85 A0l en®ingl thE fixed

reaction

selectivity wil] be i ntai ned. A secondary cont r.ol
behreraler aYsiesn can Padjusisddp eHRET THCRERsS C}ré{%p'ﬁ#\xﬁeatcﬂwty of the reactor
associated variation in reboiler duty. In this way, . .
systdrh and tiaisyfsliow ebhngesip eatatyiicalisiiption Aepstien aediyity and mamtam

complete C, acetylene removal and high hydrogen removal efficiency.

Finally, a fixed bed hydrogenation reactor system is designed to include not only
operating reactors but also spares. Catalyst deactivation will occur in both the fixed bed
system and the catalytic distillation system. It is not possible to regenerate the catalytic
distillation catalyst without shutting down the process or installing a paralle] column.
Both options are costly. However, a spare fixed bed vapor phase reactor is arelatively
ine;I(pensive option. By utilizing a fixed bed reactor system with a spare instead of the
single column concept of the prior art, onstream life of the process-can be substantially
improved.

In the fixed bed hydrogenation system, the net overhead 50 from the catalytic

distillation passes through the cross flow heat exchanger 64 and inlet heater 66 into the
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may be altered to achieve the desired hydrogenation.

Additionally, a variable feed |location allow ng for
weamenidaed poi nt bel ow the stripping section P2Tmiskdos/024628

provi de sonme separation of any heavy conponents

present in the feed before reaching both the catal yst

bed 16 and the side stream52 for the first

FRHERAT 1ENEactdbd. Mt diiYent Hobhbikk FrdtReackdi®sshay through the
potentially fouling conponents over the catal yst bed

.is elimnated. In additi.on. feed. pajnts,abgv o

ineer N o R P el d RS TG iR of ced becs
t urndown operation_and thus avoi d the, probl ens, of

follawed §y éntempylsts can e nead inthe samesfaghion i prgey {9 ghigye e necessary

these | ower flow conditions. The bottons 63 fromthe -
heaotrasferwhaareqaesdt Thereffluent frem the tsbwsctoy72thed @oes bagk through
As shown in FIG 1, the fixed bed trimreactor system

fhBCANE A8 H Hedf LBAndLY 64 GARAMOR cfifragibd BRIMHE Geed BUI t6 the fixed bed
systemis typicalTy two reactors with an intercool er

byt coul a series of ' ' .

b %f”{ﬁé%ﬁefgﬁggg S HNFL tempel %1{638 %’&megge%%gémeactﬂlémy changed
system provi des four advantages: 1. The catalyti.c

tockiider inkreascon desteasmibp queﬁtr@é’b’g’f?éé%‘aé‘opdn &Eeé’&f@é’e%?acm- Such
hi gh | evel s of hydrogenation but can be operated for

cdriv®! ismecessanyrio eueessivist hanfitecinengre iSoerbohmenexidarafigge and
a net ethylene gain with high acetyl ene,

ad BRI REE L EREti RN ATPHARARN BB £ARADAGE SérSeriitd e of 80°F. total
intaining acetylene C2 specification.
for both beds, a stable fixed bed operation with no ethylene loss is possible. A typical
adiabatic rise of about 35°F. is expected for normal operation. With an adiabatic
temperature rise of from about 70 to about 80 and typically about 80°F., handling of
about 35,000 to about 58,000, and typically about 43,000, ppm alkynes and dienes from
the catalytic distillation results in from about 9,000 to about 30,000, and typically about
10,000, ppm C; and heavier dienes and acetylenics in the final product stream 74 while
maintaining 100% C, acetylene conversion primarily to ethylene.

In 2 similar fashion, the temperature control on the inlet to the fixed bed reactors
can provide for compensation for catalyst deactivation providing the typical start-of-run
and end-of-run operating temperatures to the fixed bed system. In the prior art, this could
only be done by a temperature correction in the catalytic distillation column. This

requires a pressure change in the column and thus the fractionation conditions will be

altered. With both the catalytic distillation column and fixed bed reactor system of the
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2. Changes in the catalytic distillation overhead
concentration of acetylenics and dienes resulting from

woav@loystizdeact i vati on, carbon nonoxi de cont enPCT/US2005/024628

i ncrease, or feedstock change can be accomobdat ed. 3.
Hydr ogen renoval can be maintai ned during tenporary
upsets and/or catal yst deactivation or poisoning thus

pidsati ihieitiog trasatadytitaiad]fion doMmet d@JIFERL dt genaimtdractionation
systens. If the quantity of hydrogen fromthe system

%‘EC[S ff Iltxﬁo ! b ¥er thik GIQ&I.[RIB E(?Jr &%ﬁsﬁu ]Zi bkl @ysqmgr%%&mmd_

|on sys em wou ange an the reqU|re

G ek A Pk S b U of B 1y <

provi ded for catal yst regeneration by the use of spare
f i xe &G eHpresantt oy alterndie smbadimedi efghopresané drvicopen.alnsiegd of
life of the entire system In addition to control of

cithigtit QispghRdrUdoturan O vaBeMDSE chin0f? fiksihg tocexali@iget B and then to
colunn it is inportant to operate with tess than

&4 ﬂ%fﬁé 2158814048 ?aﬁéd‘bﬁg&ﬁa%&o% ﬁg\%%xeﬂﬁgef B8 and into

cata ytic’ |st| ['at1on co ol ng so, ethy

oGl sren Faliv g ?ﬁé?edv‘?@ﬁaﬁa sty e uent is

hydr ogenation of the prior art thus nmaxi m zing
cealed byt anddhetefluk 48ifenthe sphimysis senapdertatioyiasy. condensed liquid 69
OQperation wth a fixed bed reactor systemfoll ow ng

afideet@abditothaktdlomsd. this to occur. If the colum were to
be operated such that there is no nore than

appr @xid E‘ﬂigeeééﬁéaﬂx %Hﬁé'tﬁé‘ﬁxéd 54 e &Qﬂqrsﬁil'cgﬂtah{k 11 the

reactive enation I n exce

reflux for the column, the operating temperature of the fixed bed reactors will be
somewhat higher to insure complete vapor flow. This will change the design catalyst
activity and space velocity to insure stable operation. The advantage of this approach will
be a higher mass flow of hydrocarbon that will minimize temperature rise across the fixed
beds, a reduced ﬁydro gen partial pressure that will improve sé:lectivity, and a higher space
velocity that will both improve selectivity and decrease catalyst costs.

FIG. 3 illustrates an alternate embodiment of the present invention incorporating a
pre-reactor. This arrangement is advantageous for bulk selective hydrogenation of feeds
high in dienes and alkynes. Following compression at 12 and possible treatment in a
guard bed (not shown), the vapor phase feedstock is admixed with recirculation liquid 76
from the pump 56 of column 14 and the two phase mixture passed co-currently through a

fixed bed reactor 78. Hydrogenation occurs and the presence of liquid serves to control
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95% of the C2 to C5 and heavi er di enes can be

achieved. This results in fromabout 5,000 to about
wo.26M1pam di enes and acetyl enics in the vapor pernsa0ws/024628

50 fromthe reflux drum 46 and a m ni num et hyl ene | oss

of about 1% To make 100% acetyl ene conversion,

et hyl ene | osses woul d even be higher. This operation
the edmiséraiRse tise throuyll vageizatienoipdrogénatipp ranctord ehy be designed as

30- 35% dependi ng upon the feed conposition. However,

a R 3oQNGr eftchiia @Pération of the

a%\’%%‘?av?ﬁr%kere Sigééﬁ‘re@{‘% 2 EARYRIHoder ktehiiBg e drRirbim ap

acetylenics are Feduced to between

R T S T U S
di ene_and acetylene in the outlet stream 50, ethylen
cojann slireethy #fea mbterdeasipr suparpicy ik @ enseation daEn gpd ﬂr%‘&&ei gud

after the catalytic distillation colum 14, and with
vdpoe fetiadephiptdy tof the belwinny &he latter tkemefeioé dinab eweoligomers formed in
acetyl ene breakthrough wi th about 10,000 to about

thg %ﬁﬁ@a&%ﬂ%ﬂﬁi A Mm@i@f}ﬁmé OnRQnd RRHE Qb MeSlc di8mn below

I enes and al kynes can be tolerated from
the catalytic distillation colum. A typical system
thje tﬁfﬁéxﬁec%itﬁ‘ég e@)‘écén%{?&t%%enati on reactors wth
i ntercooi ng has_been_shown to hydrogenate 100% of the

ac et Derdoraning therfixeg behBydrpseatiprybefesdhoratalylds dgtibaftpn column

approxi mately 75% of the conbi ned C and heavi er dienes
14awil] alldsy desSpoesibBrhigigr titelyst utdtati@dwitbaut teapersarsingrathylene loss
This results in from about 2500 to about 14,000 and

R T
diEnes ani earﬂgysnes of higher reactivity available for hydrogenation. At higher catalyst
utilization, lower catalyst volumes would be necessary making the process more
economical. A catalytic distillation unit is still required following a pre-reactor to reach
hydrogenation specifications. It is anticipated that a maximum of 50% and typically 20%
of the hydrogenation duty can be accomplished in the pre—réactor.

Another advantage of a fixed bed hydrogenation reactor before the catalytic
distillation columm 14 is that the reactor can be used as a guard bed for catalyst poisons.
A still further advantage is that the external pre-reactor system could have a spare and
thus allow for regeneration without the requirement for shutting the entire plant down for
catalyst replacement.

Alternately, as shown in FIG. 4, the liquid 76 from pump 56 can flow downwards

through the fixed bed 78 and the vapor stream from the compressor 12 can flow upwards.
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approxi mately 97% hydrogenati on of the total C and
heavi er al kynes and diolefins in the feed. Such
wopercakisam al |l ows for substantial overall ethyPemas2005/024628
gains of up to about 0.5% wi th about 70% over al
acetyl ene selectivity toward ethyl ene at 100%
acetyl ene conversion. This is a substanti al )
Ligujar e rtea bottare of thedixsdibed reactor 7§ eensiiesks i aclower portion of
hydr ogenati on reactivity of ethylene is just slightly

cohlgfﬁ? 14 LR8P f R LSRG i ghet aBiponnt YTRfadpmapgfahis coliterscurrent
cl ose observation of the C3 diene conversion provides

liabl e .indi ' ilitw of
oS ST S At e

I nt or t

system For the catalytic distillatian . system.al
unsprRiEEhireREb s RrIOSR FEEE SRS o B i g ot pass

typically 45% ethylene | osses are observed. However,
ovehthe repeinaid ptian of e ditalyshizedwidse thinbquid iseahie column 26 ata
conversion in the catalytic distillation colum is

1oRel YWRRMHokEk, ﬁﬁﬂnﬁéﬁ% an@pbietial abhiymaioh o2 8% caetlysy regdumn 14,
gai ns fromabout 0.2%to about 0.5% are possible. Wth

the present adi FHURLIP AR & arated and
[ ncr@ggc@?}erglﬁ}éﬁaﬁ |f§%emﬂ?@ggg§ﬁﬁf mal nt Zi ni nggﬂy%

et hyl ene gain. During the normal operation .of, an
desngiiFise i therfofumsy i ¢ Rt Lo F BRPCT BB G -ourrent flow
content of charge gas 10 is typical. In addition, :
ofteadticaeiraot cylyst bedmen Asvawspsey elpwingfayragencighgeyle the
that will inpact the acetylenic and di ol efmcontent of

oS HE s B istHera@in%.! X abigityoto)eatilyaeereeatt ontline will increase
catalytic distillation columm, increases in carbon
Xi

SRRk B AR S50 e Sgamenimb s
fouling rate.

To minimize fouling in the fixed bed pre-reactor, liquid flow rates need to be
sufficient to minimize local hot spots due to the high heat of hydrogenation and to wash
any oligomers formed off the catalyst. The operation o;i; these beds is preferably in the
vapor continuous zone. For cracked gas feeds that exhibit extreme fouling tendencies,
operating in the liquid continuous zone is also possible.

FIG. 5 illustrates a further embodiment of the present invention which
incorporates fixed bed reactors within the liquid pumparound or intercooler streams that
are withdrawn from the column 14. The fixed bed hydrogenation reactors 82 and 84 are

placed in the side stream from collecting tray 30 and the side stream from collecting tray

31, respectively. These fixed beds 82 and 84 are in addition to the reactive hydrogenation
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and thus higher rel eases of these undesired products

into stream 50. In the process including a fixed bed
woeamtp71system the tenperature of the vapor POT/US2005/024628

entering the fixed bed reactor system can be adj usted

to either increase or decrease reactivity of the

reactor systemand thus follow changes in catal ytic

di.sti]latiqn reaction actividt. i Nt aj ;
sepisois e BBl Ftbn o p oA RER: Bifilarion
efficiency. Finally, a fixed bedfh drogenatjon react.or .
caymnddh iAsmaessiranpséa zewe $hin the ETHIR Sgﬁ? %%Fﬁ’t“igr?é ays1s also
reactors but al so spares. Catal yst deactivation wl|
adiled Wboventhb etithdtdveal hbing dndeelow st eatalyst $ed.hEhiszone ¢iigws for
distillation system is not possible to regenerate

It
i | Sikd ' & tis ok TR \the Bydibgd ired fi
h}?j:g%&ltath%le%%ﬁaté’d Sikd %h!eﬁfgkl%& alayts po e Bydtbgdnngquired for

€ process or i ing a parallel colum. Both

opti.ons are t 1. ! ' d vapor
g EReioh o S omes R e B REQREadOtuRET ToPE)
utilizing a fixed bed reactor systemwth ar.e
i nst Shelabyitt ofethe pregPR RSP UGHORH OBt aﬁ%@@?‘? ghout;§Q% of the
onstreamlife of the process can be substantially '
hydrpg@vem the clidnge gasxpedr wechiliing audeoralensation ptope lgwWarkh e energy
net overhead 50 fromthe catalytic distillation passes

C%&&H@QBH bhe ré&h@%%a?itél\’&oﬁ? Athe @ IHARIBHrénaed 00 eftthe acetylene

eater 66 into thefirst fixed bed reactor 68. The

.effluent fromthe fir . . 1

inspetE Bl R RarphE e (G RoR B8y A At losses was
in reactor 12. A series of fi ed. beds, fol.| owed.by.

nptmassiblsoy gk Bremnior 8. (96 qomAmEh Sxed b %%?%Wlﬁmﬁs%l%@? steps
to achi'eve the necessary o _

provide superior handling of system upsets while maintaining stable diene/alkyne

hydrogenation and hydrogen removal.

Fig. 6 illustrates a vapor phase front end system embodiment of the present
invention.

In a conventional front-end selective catalytic hydrogenation reactor system, the
acetylene reactors precede the demethanizer in the process. There are two options in
current practice. One is a front end de-ethanizer and the other is a front end de-
propanizer. Inthe front-end de-ethanizer design variation, the de-ethanizer is the first
distillation column and the reactors are on the overhead stream. Thus, the feed contains a
C2 and lighter stream. Similarly, in a front-end depropanizer unit, the initial distillation
column is the depropanizer. As the acetylene reactors are used to treat the overhead of

this column, the feed to the reactors is composed of Cs and lighter hydrocarbons. The
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heat transfer when required. The effluent fromthe

| ast reactor 72 then goes back through the cross flow
woeads/oaxahanger 64 where heat is extracted andpCiast@ed24628

50 to the fixed bed reactors is heated.. The inl et

tenperature to the fixed bed reactors can be quickly

changed to either increase or decrease the extent of

hydr ogenati on _i,n the f.i xed bed.reactor .
rep (o SRR PP ateR o€ by ey BHSIoe Sl otor pair

nonoxi de or diene and acetylene feed congentration. Up . .
Thoirderpeolpimdrs ted sbhmitdhe mpsraiugrise ang éc%?veégﬁﬁe.quefsé églem"lfy’

for both beds, a stable fixed bed operation with no
i.€tlhyit arethydar los tpethand| e. A typical adiabatic rise of

about 35F. is expected for normal operation. Wth an

adi abafb o RARERA N etahlzSEartf ddpr@inplPddsigh8, Coa@DBigher dienes
80 aﬁgﬁl%eygi cally abgut 8Q0F. , r?gndl i ng osflgﬂgbout 35,@030 .

[
t o about .58, 00 and. typi.cakl t
iy he ity A dme AP R A e Pt et L R mportanty,
results.in from about 9,000 to about . 30, OO%,8 an
theygeasdie| ipiniBg AmorptseEenY bp ArtalenssPT Hisass By thy oxprsadprpduct.
acetylenics in the final product stream 74 while
Thedent@ildberpred&id % B2 feeclatsyel remdt elimssehai panfept sepavatioyp. t1dsing
ethylene. In a simlar fashion, the tenperature

cSRRhfilal ORtaly s, thidew fded 1698 of kotadiihiRe afh @ BedtylEsicS Ritequired in
provi de for conpensation for catal yst deactivation

o5t thitder Bfuet B Bt eShBRIGE R AP ROl or porpire rise
Nty hetsh BHTERY SRR Oy EREY GREPFIS) | GHSGO P g outlet
The conversion of higher hydrocarbon acetylenes and dienes does not necessarily have to
be essentially 100%. However, the higher the conversion, the more process advantages
result. Since hydrogen and olefins are in excess in these feeds, catalyst selectivity is
important. The reaction of olefins with hydrogen represents a loss in selectivity, for
example, ethylene loss to ethane or propylene loss to propane. In addition these
reactions will cause additional heat generation due to the exothermic heat of reaction. In
these reactions, the total hydrogen conversion indicates the total reaction and hence the
heat generated.

Excessive heat generation (in any reactor before intercooling) will lead to
excessive temperature rises across the reactor, which in turn leads to temperature

runaways. In practice, the temperature rise across any reactor is limited. If the system is

operated with a low temperature rise, selectivity is improved since the extent of reaction
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requires a pressure change in the colum and thus the

fractionation conditions wll be altered. Wth both
wohesmadabytic distillation colum and fixed bedr/Uus2005/024628

react or system of thepresent invention the catalytic

di stillation colum can operate at constant

fractionation conditions and | ower tenperature

corrections for the fjxed bed systemw || b s :
orHIE e PR OR ONTHA  51 5 1 TP AP R g g L féuire
life of the catalyst. FIG 2 presents an alternate |
merdieaitomriharoiff theresign deraparatups/ase is digher. nHighgrtegyperature rise across
catalytic distillation colunn overhead stream 42
aRAR 8t B0w I PalRXE RN GRdcti¢d réaptlonseoctw with bieated fraquesdy. Thus a
overhead stream 42 is passed directly to cross-fl ow
exs 04 | i ity8 YWhe#t is possible
df%ﬁr}%ggﬁ%lz?%g@?%#ggf gf er&!i@ofs a?ﬁﬂstblggs J1GRb@¥itye P

reactor system the 'ef fluent

is cooled at 6 nd.the .reflux 48 for the col '
todpyoEEsa hisher a8 of argyiamah At recseufet Thek Rhage

to the colum. Since the streamentering th? fixed bed
systams whersysstsonngentidnakestalyitn ¢ large ngmbenef Goghly Tpactosy and

the columm, the operating tenperature of the fixed bed
i &864160 havé 1o bdiges wmwidtunhivgieind/a selestivity lossepl Evrfeedstocks

vapor flow. This wll change the design catal yst

thyi 08 i LRIy if the initial

Wgtgl é}éﬁeﬁ%a%ﬁ'mogﬂ%g{?m‘{ﬂ P& Tefed Mrdl A1 And bt

vantage of this approach will be a
hi gher, mass fl ow qf .hydr.ocarhgn th il L m.niom :
SrpAGHER GreT PO Bt DUCHONEnS patropiantroeq oPhigindh €4 and lighter
hydrogen partial pressure that will inprove i
abheciniddiengs imentess KGO0 popn e 6T BoTe KpagipigysiFs are required.
both inprove selectivity and decrease catal yst costs.
In the current improved process (FIG. 6), the compression system is followed by a

distillation tower which operates as a de-propanizer. The boitom product containing C4’s
and higher hydrocarbons is further processed in order to remove the C4 and higher dienes
and alkynes usually with a combination of trickle bed reactors and distillation columns.
The overhead of the depropanizer tower product which includes C; acetylene as
well as methylacetylene and propadiene, totaling more than about 10,000 ppm, can be
treated with a series of front end reactors loaded with the improved SCI catalyst. While in
FIG. 6, a series of 3 fixed bed vapor phase reactors with intercooling has been shown, in
many case, due to the improved catalyst selectivity, processing can take place with less
than three reactors and two intercoolers. With this reactor system C, and C; dienes and

alkynes can be removed without ethylene or propylene losses and without temperature
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FIG 3 illustrates an alternate enbodi nent of the

present invention incorporating a pre-reactor. This
weanp@ngeent i s advant ageous for bul k sel ecti veCcT/us2005/024628

hydr ogenati on of feeds high in dienes and al kynes.

Fol | owi ng conpression at 12 and possible treatnent in

a guard bed (not shown), the vapor phase feedstock is

adn xe it G reair ' i, QUi .6

RS i el SR B B e fheffied BT AP oS
co-currently through a fixed bed reactor 78.
CPPBTHGRNEF D6H 5REEHeand t he presence of |iquid serves

to controlthe tenperature rise through vapori zati on. ]
Hy dr dfferfatiowmgresamples iih@treteraspestdefshe mydntion zervell as comparisons
operating reactor plus a spare to allow for extending

HehfeclNhd EQAMRARE B the Probsst dTemeenfibe Bhd felus@WF sfninbeially
pre-reactor, the liquid/vapor- mi xture can be either

sent .t o .the cgl W r hxed

s R Ry SR LG eRs See o FErocsgs and Bxamples
va&;)_r fed separately to the colum. The latter is
I3k dlupiaaie ailiguid phaye RSRfifers formed in the initial
hydrogenation will be in the liquid phase and can be
fed to the colum bel ow the catal yst beds thus
reducing fouling. Perform ng the fixed bed

hydr ogenati ons bef grgAtire EERICOMIPIAR ATBIE) | ati on
colum 14 will allow for possibly higher catalyst

utiligation wt ' ' : I L f -
that BB Ese Bt o fR0E LaRG RGN I PR AT 2 Sfmercially
ampunt of preferentially absorb di enes d al kynes

10 aplehly peplybdbats BOOVLED Eh Foroorr IO Hat SOSHBETARILY
hi gher catalyst utilization, |ower catal yst vol unes
aveildbie baalysices baoptamekifrygn Shé-Ghewiekss. efdrauisville, KY under the

product name of G-83C. Analysis shows that the catalyst contains 0.018 weight percent
of palladium and 0.07 weight percent of silver on an alumina carrier. The carrier for the
catalyst has a BET surface area of about 4.3 m?/ g. The catalyst has a total pore volume of

15  0.295cc/g and a pore volume distribution in A as follows:

Pore Diameter in A Percentage of total
pore volitme

35.6-100.0 0.00%

100.0-300.0 0.10%

300.0-500.0 0.07%

500.0-1000.0 0.27%

Above 1000.0 99.56%
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economcal. A catalytic distillation unit is still
required follow ng a pre-reactor to reach

woyedriepgenat i on specifications. It is antici pat edTiusai05824628
maxi mum of 50% and typically 20% of the hydrogenati on
duty can be acconplished in the pre-reactor. Another
advantage of a fixed bed hydrogenation reactor before
the catalytic disti IIatiogME 14 is that the
reactor can be used as aF d for catal yst
poi sons. A still further advant a&e is that the ,
ext eTHiakxapie lRsedtes theypstpemtion ahd prperics of fre Wdilpmie catalyst
thus allow for regeneration without the requirenent

us«t:@!n[ &b g%&cie&%f%@pr%&ﬂt R R G THEQARIfs0 is repaby by immersing 25
Fepl ac t

ment . ernately, as shown in FIG 4, the
l'iquid 76 fram punp.56 ¢ ls@HadE dré¥eof about
STRR 8HCPRY ST é{ﬁ‘g%ée @g@%@ %Pé}g@a&@f@?‘g@nﬁlt %E?Srrpr casor
12 can flow upwards. Liquid fromt ot tom of .the .
3.5 i} églsingthe sHOEER Hrpélqdﬁéﬁpﬁ{léfﬁgmt‘:gﬁ%‘ eSO OF piificien

colum 14 and vapor flows to a higher entry point The
corduaniiag f gikldtapalladimmmtoeding of 0 Oh8 Wetght perseRiawiie A paladam
that oligoners resulting from polynerization reactions

de%gl} é f@eg?@%ﬁo&%oﬁ&@l@ed‘%%ﬁﬁﬁ RO Sst ab&utoOmeyedt 6f hepaltetium is

as fornmed and do not pass over the

remai ni portion.gof ed. SibinSm tion,
W}Q‘J@Lﬁbauﬁ% lzgiggor 9 s s&:ﬁﬂkﬁg&@f‘t@% ypgfefégwg\fﬂeg‘?tﬁ 1(r?&;/ point, e

m ni m zi ng anypotential contam natjon of the catalyst ..
tHomanistimeatbmed & 7 BRHPE A ¢ HOBEN The GHabRe i) yipoed in a5

distillation catalyst are easily separated and do not _
p%béﬁ a'gﬁboﬁ@ Soifith i1 sctendrelisatedtie atiéraperatiied g&about 170°F (76°C)

urth as in the co-current flow
for about one hour. The catalyst is then washed free of chlorides (less than 100 ppm)
with deionized water at about 160°F (71°C). The catalyst is then dried at about 250°F
(121°C) for about 18 hours. The palladium containing precursor catalyst is then
impregnated with silver by dipping the catalyst spheres in a silver nitrate solution of
sufficient concentration to yield a silver loading of 0.05 weight percent. The catalyst is

then calcined at 454°C for three hours. The resulting catalyst has a total pore volume of

0.519 cc/g and a pore volume distribution in A as follows:

Pore Diameter in A Percentage of total pore volume
35.6—~100 0.00%

100.0 - 300.0 0.10%

300.0 - 500.0 0.27%

500.0 - 1,000.0 1.71%

Above 1,000.0 97.93%
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option, the pre-reactor catal yst bed can have a spare,
allowing for regeneration while the rest of the system
woo@pasari ng. The ability to easily regenerat eCoskoosm24628

will increase systemcycle |lengths as the catal yst

zone at the feed inlet is expected to have the highest
fouling rate. To mnimze fouling in the fixed bed
pre-reactor, liquid flow rates need to be sufficient

to mnimze | ocal hot spots due to the high heat of

hydr ogenat i on mm@mmmw med of f the

catal yst. The operation of these beds is preferably in

the Té??gé )(%?181%& &;&'ﬁgﬁ?ioﬁ %Q.?xgﬁgg]vg%;@?&%an%etgﬁﬁg§ rc{aﬁtgi' and

exhi reme fo operating In

|'iquid continyoys zone is also passible. F 5

sl g Gi6 86553 IFCQRRRL OB DB RB, OB SeTHEe Y ¢k fjpd snd product
i nvention which incorporates fixed bed reactors_ wthin

wetdheplletigd atispecifin dnmintbrons immampbolsizs end enal e affrline by @as
w t hdrawn fromthe colum 14. The fixed bed

ChPHA0S8RR], i TRalRasheris tBPreastdr $4s lopt ap] Hcgss.i Tiypibet GHSV used
side streamfromcollecting tray 30 and the side

S from I i \o i
oo S RS SR Seld et AP YRR ver
hgdrogenationsections 16 and 18 {n.the qxdnggenation
(1gbe eoramercia Tpptencgpaliadivgusibier gp glumung patlyty of cogparative
colum 14. A nmass transfer zone 85 in the form of
Exatplect, and @) peecdeitaigst of theriaysntios ofiEsempléded above t he
Wi t hdrawal poi nt and bel ow the catal yst bed. This zone

al | ays fdaicofydEiaesh %é% fhessRoientie tablBtio THefded tprébents

phase and thus provi de the hydrogen required for
normal CO level as well as high diolefin and acetylenic loads (35,000 ppm of total dienes

and alkynes).
Table 1
Example I Gas Phase Feed Composition
Component - Volume (%)
H, 18.20
N, 26.26
CO 0.06
Ethylene 28.55
Acetylene 0.07
Propane 0.22
Propylene 17.83
Methylacetylene (MA) 0.40
Propadiene (PD) 0.28
N-butane 0.04
2-Butenes 0.95
1-Butene 5.89
1,3-Butadiene (BD) 0.93
Isoprene 0.31
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t he hydrogenati on of the al kynes and dienes in the

withdrawn liquid. The ability of the present
woaeossamome from about 30 to about40% of the hy®#CwgmsR05/024628

i nvent i

on

fromthe charge gas prior to chilling and condensati on
steps lowers the energy consunption and reduces

capRésalts SEsting Heeoflpatativy/ pdrdriyibedgersdnahd S Vermionil leatalyst,

acetyl ene irrespective of the carbon nonoxide

i i1 t
GS%(?&%?;&S%?AEVE E\)/{\n%nio YT adMe §l @enfis cRbBE

n the prior art.

ed and catalyiig distillati
of B8 hEi Gr Ryl AP
di ene/ al | cyne hydrogenati on and hydrogen renoval .

phase front end system
In a conventi onal

6 ill
enbod

ustrates a vapor
i ment of the present

The ¢o

frai nt ai

ntion.

i'ned fixed

ning stable
F

front-end sel ective c&P%wom¢@Resgp® ogenati on reactor
system the acetyl ene reactors precede the

denet
curre
the o
front
de- et
react
conta
front

col um

are u

hani zer in the process. There are two options |
Fxappiacti ce. One is a|(front 3end defethanttzer arn
her is a front end deprofGemlbr n_the

Gapbstdereet hani zer desilgn vEET@tion| the

Wieighr@y is the first distilfation columfsand tH

(He8 Taniperamre (Fhe over hedd stryam Thus, tHe f eed

Rsction Keassiad@sik)l ght er gtreamsoSim lprly, 15 a

@n¥ gepropani zer unit], thessnitial dissizglatid

N 1S the depropani zer.] As the acetyl ene reactor

SRR O} EaRbsild 1€ OVer fiead gk 56 100.00

Ethylene % Gain/Loss -2.60 -0.89

Acetylene % Selectivity to Ethylene -998 -343

Propadiene % Conversion 61.80 51.82

Methylacetylene % Conversion 83.28 92.41

MA/PD % Selectivity to propylene 91 93

Butadiene % Conversion 82.43 96.31

Butadiene % Selectivity to Butenes 95 98

Isoprene % Conversion 72.11 99.24

Rate-H; conv., Ib-mol/b/Ib cat 0.0047 0.0057
Hydrogen Conversion 12.47 11.37

Inlet Composition

ppm wi Acetylene 655 654

\ppm wt Propadiene 3860 3815

ppm wt Methylacetylene 5483 5548

ppm wi Butadiene 17258 17237

ppm wi Cs dienes 7274 7125

Total ppm wt. (acetylene+dienes) 34531 34379

Outlet Composition

{ppm wt Acetylene 42 0

ppm wt Propadiene 1475 1838

ppm wt Methylacetylene 917 421

ppm wt Butadiene 3032 637
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this colum, the feed to the reactors is conposed of

C3 and |ighter hydrocarbons. Thereactor systemis a
woandsinetiron of reactors with an intercool er beCnwasmo0s/024628

each reactor pair. The intercoolers are used to limt

the tenperature rise and achi eve the required

selectivity, i.e. limt the ethylene | oss to ethane.

in the, j | zer—and-deprepan

desi gnsExa@pleand hi gher di enes have3to be | im

| ow am i han 808 10 1000 ppm
| mport WOt o can he nihinal %m_gy_agéggy_
acet y| ¢hud poe wdiaesiéanetidisngshe over hé44 product se
woul d be present in the feed as a result of |ess than
perfect separation. Using conventional catalysts, this
| ow Rewdnpaseen ofghe resuldy fron &rsapaaptiy eddwmple aapd Example 4 shows
required in order to achieve 100% acetyl ene conversion

that SIOGPE ERCRESienE chBREAT oft tRerpap@ived eatilystqExiNaplie 4) faltigher
the primary objective is to renove acetylene to levels

of < 1 i ' '
R 4 Oa Bl AL 2 Thara A RO ST AR ek 1o maep of
have to be essentially 100% Fgﬁﬁv r, the hi heﬁ,thggi le 4
cibgser ShisReCHR &l GY6R & 97 SRS areh BHTaBRLCPESHTR. &tk dgample
hydrogen and olefins are in excess in these feeds,
woaldadhpsta sighectlevtivily 4t o lowpdieaaganeratine. Thisqermiis §i use of fewer
ol efins with hydrogen represents a loss in

realoBCiFlqudited, Al @fis SxpERhee, 1 futhlostefIERampleot Mhbanetdene
propyl ene |l oss to propane. In addition these reactions

P EO EpDP AT T e ot i

oAl e O Ot SRR 1 S rOht wi§3S bO8bytene

-

QP

ted to a

B

.

loss.

The advantage of the improved catalyst is either the higher reactivity (hydrogen
conversion) at the same selectivity of the Cs, C4 and Cs dienes at similar acetylene
conversions or the higher selectivity at the same conversion (Table 2). Example 4 data
show about 3,000 total outlet ppm of the higher dienes compared to about 7,500 outlet
ppm for the conventional catalyst (Example 3). Since the hydrogen conversion for
Example 4 is in fact lower, this translates into much higher selectivity. This provides an
advantage for the catalytic distillation with trim reactor applications where more than
10,000 ppm of higher alkynes and dienes are present in the feed along with the acetylene.

. The advantage of using a catalyst with such higher Cs, C4 and Cs reactivity is that the
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heat generated. Excessive heat generation (in any

reactor before intercooling) will |lead to excessive
woenmpanatiare ri ses across the reactor, which i RCTWSR05/024628

| eads to tenperature runaways hi practice, the

tenperature rise across any reactor is limted. If the

systemis operated with a | ow tenperature rise,

selectivity is inproved since the extent of reactionor

acB/ R GRI (HOMNE kil %uhé 1dsbdiipkGsdssiftg br Raghmasqiiycingdatther
conver3| on thls wi | reqwre nore reactors than if the

des I gillng{ re
prP?eSS %é‘ ny&rﬁg)ggz V%Iﬁﬁ i osvaﬁ%%& : ctlﬁe ted

reactlonsto occur W|th greater, fre ec. Thus a ..

desi Gk RSBY‘Fdrﬁa?g)?t PRIS ABEATIPTPEATE, F)éﬂdgg’va?émﬂfﬁt%sthan the

of selectivity. Wiile it is possible to hydrogenate

EhinglieB cheest. sThd wadewydf ep@atlamw dtifispdes the difemenosthebriegn the
vapor, phase systens when using conventional catalysts,

te&pbﬁﬁﬁ@ wWHerD@BEreQbe €6oSifibant E@FTENS 16ssedhdi thé Bitt) ddr@pFature where
have to be used to avoid runaways and/or selectivity

acg@iet%% %4: ﬁct,at g\qgéékg%ﬁ Jt]lom&ﬁ %x? %%s%p&rﬁﬁad these

di enes a esp eC| elnitia

fractl onati on system ut an r and th

type et §yisisats %Sé’é?jmewrﬁc’&ﬁ@&fﬁg%*&qi mﬂ@ﬂ MH%EIOQH%} through
di enes in excess of 20,000 ppm three or nore reactor

pesipsls efrfeedcempesjlion atiatibn. THepetature ialsorgised daring spikes and
(FIG 6), the conpression systemis followed by a

dlﬁin%tthé liadatiB of M6efn Whihe batOIpey dehetbvans if offier py kqpriradirct spec. Tt

bott om product containing C4 5S
is very unportant to use a catalyst with a wide window of high acetylene selectivity to
ethylene so that the product quality can be consistent. In addition, when the temperature
is raised and the ethylene to ethane hydrogenation reaction is preferred, temperature
runaways can result from a narrow temperature window catalyst. The temperature
window of the Example 4 catalyst is much wider than that of the catalyst employed in
Example 3. Thus, the data show that the improved catalyst of Example 4 can be used at

up to 176°F with minimum losses but the catalyst of Example 3 cannot be used at that

temperature without making off-specification product.

EXAMPLES 5 (COMPARATIVE) AND 6
In addition to the low CO feed, a high CO feed simulating a CO spike condition
was used for some of the experiments. The only difference between the high CO feed

and the feed in Table 1 is that the CO is 0.12% on a volumetric basis. Total pressure in
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and hi gher hydrocarbons is further processed in order

to renove the C4 and hi gher dienes and al kynes usually
woi2bds/m9moenbi nati on of trickle bed reactors an®#CT/us2005/024628

distillation colums. The overhead of the depropani zer

tower product which includes C acetylene as well as

net hyl acet yl ene and propadi ene, totaling nore than

about 10,000 ppm can be treated with a series of

the RBktoeRE a%\%ﬁﬁ)ﬁa[s% e%?ﬁﬁﬁ&xté’%&ﬁélph@t 1553;5 f et %erature range

cat al yst. e in , a series of
has been homn

R 8 490 RSPt e e pprommanee SE Rk
select|V|t rocessi ng can take place with | ess than
CPRYEORE SEIIEL CRAT. FubitR ABIOE GbPRIYSt ANDrOVided i8 Tblsck balow,
system C2 and C3 di enes and al kynes can be renoved
whictdin Bkampleyd dloetraies the dpwehioreaddBsamsplaids piebdmned for comparison
tenperaturerunaways as a result of the higher vapor

5 P& 2lie6hisdeiNe ?Jopeepth\é%\%ﬂaoﬂwdrogen conversi ons
(or heat generation). [ om ng exanpl es
illustrate aspects of the |nvent|on as well as
conpari sons between the cat%lysé used in the process
of invention and the use of rcially avail abl e
catal ysts. Exanpl es 1- 10200ppué&iQResalty gas phase
operation process and Exanples 11-14 illustrate a

10 |quid phase operation. EXAVPLE 1 (COVPARATIVE) This
I Examplpnpari son exanpl e denonsitrating the properti és
of a commercially avail abl e cat al y&lonigipt 1§ not
WdaBlyd: type scope of the invent|i Ofmp. MXEmERMMEEHAR: bYExample 2

Weight (g) 0.52 0.50
Bed Temperature (°F) 185 185
Reaction Pressure (psig) 150 150
GHSV (ar') 5348 3890
Acetylene % Conversion 96.50 100.00
Ethylene % Gain/Loss -6.80 -0.48
Acetylene % Selectivity to Ethylene -2992 -192
Propadiene % Conversion 70.00 34.00
Methylacetylene % Conversion 86.52 94.93
MA/PD % Selectivity to propylene 78 92
Butadiene % Conversion 84.62 98.33
Butadiene % Selectivity to Butenes 89 98
Isoprene % Conversion 71.95 94.07
Rate-H, conv., Ib-moVh . Ibes 0.0065 0.0031
Hydrogen conversion 17.42 8.01
Inlet Composition
ippm wt Acetylene 607 607
ppm wt Propadiene 3860 3860
ppm wt Methylacetylene 5530 5530
ppm wt Butadiene 13214 13214
ppm wt Cs dienes 3308 3308
Total ppm wt. (acetylene+dienes) 26519 26519
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avai |l abl e catal yst can be obtained from Sd- Chem e Inc.

of Louisville, KY under the product nane of G 83C.
wonalyadpa7shows that the catal yst contai ns 0. 0R8TWSR@024628

percent of palladiumand 0.07 wei ght percent of silver

on an alumna carrier. The carrier for the catalyst

has a BET surface area of about 4.3 nR/g. The catal yst

has a total pore volune of 0.295cc/g and a pore volune

xanp

at i ofCoammd) pro

lEgglglFﬁuti on in A as follows: J05/ 024628 EXAMPLE 2 ¥his
e illustrates the prepar

erties of

o =D

fre—Sud—TCheni € cat al yst used |

SiRePEohPysain ON-

The cat al ysit

n the process
i's prepared

of the
by

Ny "%‘txér;

grams-—of

CTOMMTET TI

arry aal rabl

E al um pa

TRy
|nn ||'\n|

out 39948

g»bmtthﬁﬂUﬁac@MlPlﬁq Ci ent concent

rJuT lpm e 4wl

rati 03_60 \/| e

HT blll‘[ﬂ 10u€

baklvadiubdichoadi ng of 0. 018 wel ght #2cent

mth 221

depth of penetration contesl | ed

t 0 wherl®bn

Sl oot

fgcgt&leffé#d&

Ld ent

or t

e pakgggdl um

S W t Bpds

S
a
2B A, Uil
a

oot oYU 1r ol uirs U

la. £ £
me—Suar 1T dtt Ul

thespheres.

Alrter

pal | adi um i npregnatl on, is calcined at

250C f or , about hours. The catalyst is th

r edudédg high G S’Sbf@%@}?? aE\H’@E gmg%%ﬁ’ﬂ SIWOSF%\@@%IGSP}%%mG
heated to a tenperature of about 1700F (760C) f.or,

petiodit Ohepikesiempataeiresavill hespised in arder taashkere e desigrd acetylene
chlorides (less than | OCppm w th deionized water at

g&ﬁﬂéaﬁ%ﬁo Ak tHe/ehdQPkhe TOaspiiatbafors teneerdtiercad bi eetluged there is high
bout

probability for temperature runaways. Catalysts with wide temperature windows which

t he catal yst

overlap between periods of low and high CO are ideal for CO tolerant performance.
Table 3 shows that the improved catalyst made acetylene spec at 185° F while the
conventional catalyst still allowed 21 ppm acetylene in the outlet. The selectivity of
acetylene to ethylene was higher for the catalyst system of Example 6 than that obtamed
with the catalyst of Example 5, the latter resulting in 6.8 % ethylene losses of less than
1%. The example also shows that the hydrogen conversion for the conventional catalyst
was over 17%‘ compared to 8 % for the catalyst of the process. The high conversion for
the conventional case reflects the high loss of ethylene to ethane and represents not only
an economic penalty but a potential runaway situation due to the high amount of heat
generated.

At the same time the improved catalyst again provided much lower total Cs, Cq

and Cs dienes and acetylenics in the outlet (3,200 ppm versus 4,900 ppm for G83-C)
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(121 0C) for about 18 hours. The pall adi um cont ai ni ng
precursor catalyst is then inpregnated with silver by
woizp@ingrithe cat al yst spheres in a silver nitr&C®/US2005/024628
solution of sufficient concentration to yield a silver
| oadi ng of 0.05 wei ght percent. The catalyst is then
cal ci ned at 4540C for three hours. The resulting
catal yst has a total pore volunme of 0.51-9 cc/g and
makiog # asoperie diadist footitis applicatidn. adt fid highes tépdvPiueSugl CO
(COVMPARATI VE) and 4 The Sud Chem e catal yst of Exanple
level RS lr\]/PAﬁq e eL1bdfivity BRhBpylbntRr HRAGH Vst dPBxiBple®ds 9PURIompared

gas phase hydrogenat’i on conditions.” Gas sanpl es of the

d.and praoduc I ol l,ec t..speci fi [
to R e B B BB 60 ARG SR uPu R S s e forthe
Chromat ography. Total pressure in _the reactor was ketpt}‘l
Bxgmpieso cpialygt is P oanargddy S<eef tiaSxamply. > cpfdyst. Both ofthese
tenperature range tested was 140F to 19Q0F. The
seleativtiys dBdicnstand avetyleni¢slio dléfEnscarenmepaoritat fdrihaprodnd quality
pal | adi um sil ver on alum na catal yst of conparative
sirle¥ AM8HE(plopyAétd 20d bufehs) 16ataled8to Riss bheathdbieprotiadn. of
Exanpl e 2.” "The feed conposition in gas phase is given
in Table 1. This feed represents normal CO | evel as
wel |l as high diolefin and acetylenic |oads (35,000 ppm
of total dienes and alkynes). Table 1 Exanple | Gas
Phase Feed Conpositi orﬁ%‘@m ﬁéwlﬂg the conparative
performance between the conventional catalyst,
In these examples, no acetylene or CO were used in the feed. Table 4 sets forth

the feed composition. Total pressure in the reactor for these experiments was kept at 60

psig and GHSV used were in the 30,000-200,000 range. The temperature range tested

‘was 140°F to 200°F. The catalysts tested were the commercial front end G83-C catalyst

(Comparative Example 1) and the Sud Chemie catalyst employed in the process of the
invention (Example 2). Results showing the comparative performance between .
conventional catalyst G83-C and the improved catalyst are provided in Table 5 below
wherein Examples 8 and 10 illustrate the invention and Examples 7 and 9 are presented

for comparison purposes and are outside the scope of the invention.
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&B3-C (Conparative Exanple 3), nd the Sud Chem e

catal yst enployed in the process of the invention
wOBs@mdaE74) are provided in Table 2. Table 2 @00/uSp@si024628

CO Resul t sA conmparison of the results from Conparative

Exanpl e 3 and Exanpl e

4 shows that at 176F the

acetyl ene conversion of the inproved catal yst (Exanple
4) is higher 5 than the conventional catal yst

(Conpar ati ve Exanpl e 3) w flabledch | ower | osses of

et hyl ene. This occur gasithag\Feed Gothposttionnet over al |

hydr ogen conversi on. Thus, Exanple 4 vvoul d show a

r-

hi gher s A at a 1ower heat ghigled, on- |This

ol t
wer—reagtor-s—t ’li’eu t this

t enper at LII‘Ize the cat aI yst of [Exanpl e11L3F= de acetyl ene

speci fi cagétdanef O ppmw th liess -t hafi7.5% et hyl ene | oss

whi | e th%C% gt onal

neka—-a Aan

catal yfst OT 1%‘65)rrparafwe

Exanpl e ewed—42—p
with 2. 6|E%BeRY| ene | 0ss. The adyvant e of th

P61 cet yl efe——+ Ilc—pl oduct

i nprovedipegpadiyat i s either tihe hi gheﬁl?f eactivifty

(hydr oge ﬁg%éahe‘h@ at thelsane sel(;aglwty of the

ﬁ“‘ADLML

CS, C4 ape———6at+enres—at

S+ CI.LTL e cotversi ons

or the hPgPRYIEB®| ectivity at [the qamz3 ‘mvpr sian

(Tabl e 2Profxapl e 4 data 15 show abduf7 3, 000 tjot al

outlet p @*Et"cﬁ@r}cm gher dr enes corrpaggj 6 about

7,500 ou A--or—t+he—cotvent ulrare‘lr'@é:u aryst

( Exanpl e IsButegence t he hydroden conv on_for

2-Butenes 0.67

n-Butane 0.04

Isoprene 0.89

Table 5
0 ppm CO
Example 7 8 9 10
{Comp.) (Comp.)

Catalyst Type Comp. Example 1| Example 2 |.Comp. Example 1 | Example 2
Weight (g) 043 0.50 0.43 0.21
Bed Temperature (°F) 144 145 203 202
Reaction Pressure (psig) 60 80 80 60
GHSV (hr) 109,000 33,402 204,000 80,336
Ethylene % Gain/Loss -33.47 ~12.47 -40.32 -27.78
Propadiene % Conversion 84,74 96.44 77.85 83.12
Methylacetylene % Conversion 80.39 94.25 74.00 83.12
Methylacetylene/Propadiene % Selectivity to -110.00 -79.00 ~14.00 -19.00
propylene
Butadiene % Conversion 77.04 93.73 69.59 79.36
Butadiene % Selectivity to Butenes 68.00 90.10 55.00 77.00
Isoprene % Conversion 68.50 89.85 56.33 75.30
rate-H, conv., lb-mol/h/ib, 0.07 0.07 0.17 0.18
Hydrogen conversion 31.55 30.12 36.30 36.46
Kinetic Selectivity Ratio of Butadiene vs. 3.6 20.8 2.3 4.8
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Exanple 4 is in fact lower, this translates into much

hi gher selectivity. This provides an advantage for the
woav@logditc distillation with trimreactor appl PCEUSONS/024628

where nore than 10,000 ppm of higher al kynes and

di enes are present in the feed along with the

acetylene. 20.. . The advantage of using a catalyst

with such higher C3, C4 and C5 reactivity is that

etdprcet yl ene-free product wil1 requires|esser 10

processing or nmay not repguiCemany further grod@é@ﬂ

efifierps to purity fromC ,! C4 and C di enes and

Kin&iie Bkt RatioloNiethyibdetyier® vs. The | wpr oved catll yst prd¥i des 55
clfylene der tenperature w ndpw of operpation than the

kirtio BaR ity Ratwat Rdpydidne vsThe M ndew of ppeewtion is défined 35
eiigent he di fference betweepn the tenperature where there

KREtE Seiaciy Rafcoaisthretvh yhyne| | 0sg@s and t &S i niti al 1.8 4.3
Tenperature where acetyl ene specifjcation is achieved

, mg{bnten'perature 'S used comefcially in these

b HcRlene> Y SLENE as TME TN coniro[ paganefer tq@ keep 0

s i _Qb’adLe” Spec Pt uuuu Llr OUTHGg PETT00%7PT T eed 1333 1411
PRIT, ¥ "aawaepxﬁ“ YE‘;;“LLL“ZUJ FTEYAS UT €| TS5/ 34 SO T A 588 242
YA T IOAA SO EIE  N E WUA  Cll J0
P%E‘@Jd'?“\es is VEF\L i mnnrta'n“ t$:1use =1 u@?lg!*' J:'l_ U:’:'v‘;"éﬂl:) a 16562
Tolplgem wi (rragpetsienss) gh acet Y1 er?d8®el obt WPy 1o oW enel 31370
so that the product qual{ty can belcaonsi stént __In

omtld Compasitionnwhen t he tenperature is taised and the

oeth ypkaynge t 0 et hane hydrogenat®on reactfon is 0 0

oBh RiPehéRfe Tenperature ryunawags cap rewult |front® 270
oA AcETREr at ur e W ndo\ catal yst| The tenper atiti e 439
o, WEEgaiE T 1e Exanpre A catapyst 1§ mueh wjder siman 2432
pom'ﬁtlcﬂflénes”c catatyst—enp Oy€ghss N 1736 6568 4140
Total ppm wt. (acetylene+dienes) 8003 2661 13809 7281

Examples 7 and 8§ provide a comparison between G83-C and the catalyst
employed in the process of the invention at about 145°F. Examples 9 and 10 provide a
similar comparison at the higher temperature of about 202°F. At both temperature levels
G83-C and the catalyst of the invention have similar overall catalyst productivities: 0.07
Ib-moles Hy/lbey/h at 145°F and 0.17 IB moles Hy/lbca/h at 202°F. This is also reflected
in nearly the same hydrogen conversion levels. However, the selectivities of the catalysts
for the desired reactions, i.e., the hydrogenations of Cs, C4 and Cs dienes and acetylenics,
versus the undesired competing parallel reaction of ethylene hydrogenation, as expressed

by the Kinetic Selectivity Ratio, differ significantly. The kinetic selectivity ratio of
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Exanpl e 3. Thus, the data show that the inproved

catal yst of Exanple 4 can be used at up to 176F with
woiznoemigiirosses but the catal yst of Exanple 3 eammustoos®24628

used at that tenperature w thout naking

of f - speci ficati onproduct. EXAMPLES 5 ( COMPARATI VE) AND
6 h addition to the low CO feed, a high CO feed
simul ating a CO spi ke condition was used for sone of

B B TP el L RO B PREr K, ke Xeo and

0.12%.0n.a volunetri.c basis. ..Tot al ssu [ :
Xeih Biedhe o RE SPELE SRR S5 BER R PRI hebfvalf. Thg hieher
psig. The tenperature range tested was 140 to 19Q0F .. .
thReratip 0§ kintinsakstivieratiorss dutadicne sems sibisne dhpmoTRagiective is the
conventional catalyst GS3-C and the inproved catal yst
caalyplsdyi the desired Tigtlogerdtioalofvtadtene over cEdens! e 6
illustrates the invention and Exanple 5 is presented

for eoupanl 8RRt RERCEAS, tife tRelcaiabRisiRBIbHCA@ABAntly different
the invention. Table 3 1,200 ppm CO Resul tsThe hi gh CO

erfarnange at . hj [.tenperat i S:l '
SBEFHRELEDER by B IS RGN f3ub FPALA SBbpBlc6a. for
raised in order to achieve the desired acetyl ene
G83eCiat 14Fi e ratio fonthedmprayedioatalsb s Hicoparagrdto 2.3 of G83-C
tenperature can be reduced there is high probability
of D24re pRKIAL tinds eRpoRYSed Gt tab ¥eltaivitl tdtiosiofenethyl acetylene,

tenperature w ndows whi ch overl ap between peri ods of
plré)pvgd?erx]lg all %%pr%% Qc;n%pdrgtf B ethPEnSRitAhEEaivit§ bf Bl BRAGst of the
invention being higher than that of G83-C in all cases. This comparison shows that in the
absence of acetylene, the improved catalyst shows higher reactivity for the Cs, C, and Cs
dienes and acetylenics compared to ethylene. This shows that the selectivity advantage

for the catalytic distillation with trim reactor applications that the improved catalyst

prdvides spans the full range of possible CO and alkyne compositions.

EXAMPLES 11-14
These examples illustrate a liquid phase operation employing a known catalyst,
designated G68-I of Sud Chemie, and the Sud Chemie catalyst of Example 2. Catalyst
G68-1 contains.0.2 wt. % palladium and 0.1 wt.% silver on alumina.and is supplied as 2.5
mm extruded pellets.
The liquid phase feed was a mixture of Cs’s, C4’s and Cs’s saturated with

hydrogen. A predetermined amount of ethylene was also added to this mixture before the
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Tabl e 3 shows that the inproved catal yst nade
acetylene spec at 185 F while the conventi onal
woav@lysti7still allowed 2 1 ppm acetyl ene in tRET/US2005/024628
outlet. The selectivity of acetylene to ethyl ene was
hi gher for the catal yst system of Exanple 6 than that
obtained wth the catal yst of Exanple 5, the latter
resulting in 6.8 %ethylene | osses of |less than 1%
fedthevae paset evel thocatlipsbet.hai tiyheahfzett cepositiomie psivaded in Table
for the conventional catalyst was over 17% conpared to

6.8G¥8 Eﬁﬁ?ﬁeg‘ &f iﬁ@tféhiéﬁ& pRIGuENR R RUIBSEd at RciNE@Hme intervals in
convers or t he conventlonal case reflects t he hi gh

s | Oj% BOf Ca%tsl e%i cg‘g m% gggs ogxla §ota{] Ites%ﬁr\]% %1 tgg reactor
to the high armunt of heat generat ed At the sanme tine
W@mam@n@«%@teﬁoe 26 Whieh Bgaiiiipieely bigh lavski Kegméie matyp 1n the
C3, &4 and C dienes and acetylenics in the outlet
lid3d 2@8sep The\test snpeft@OvpdB0PBr G83-C)nmaking it a
superior catalyst for this application. At this higher
tenperature and CO level, thg;MV PD selectivity to
propyl ene for the catal yst 'of Exanple 6 is 92%
conpared to 78% for the catal yst of Exanple 5. Also

t he but adiepe—selectivi-ty—to-butenes—for—the Exanple 6
catal yst i€ofptmeninpar ed toTgpivaleed tmal@éarrpl e 5
cat al yst. O%X of tThese selectivi S of enes and
acet yl eni q§Y#'88%1 ef ins are i nport for the product
guality si Eg@leﬁé efin (pr opyl ene anek but ene) | osses
| ead to | gss—et—valuvable—produet—BXAMPEES 7 to 10

Propane 0.34

Propylene 0.30

Propadiene 0.03

Methylacetylene 0.07

Isobutane 92.11

n-Butane 0.05

t-2-Butene 0.23

1-Butene 0.61

c-2-Butene 0.37

1,3 Butadiene 0.55

Isoprene 1.07

2me-2butene 0.02

Results showing the comparative performance between catalyst G68-I and the catalyst of
the invention (Example 2) are provided in Table 7 below wherein Examples 12 and 14
illustrate the process of the invention and Examples 11 and 13 are presented for

comparison purposes and are outside the scope of the invention
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In these exanpl es,

o acetylene or CO were used in the

feed. Table 4 sets forth the feed conposition. Total

wonresaupAE7i N the reactor for these experi ment s PORAISE@EN24628
at 60 psig and GHSV used were in the 30, 000-200, 000

range.

i nvention (Exanple 2).
per f or mance between .

afige7

process o

The tenperature range tested was 1400F to
2000F. The catalysts tested were the commerci a

end &B3-C catal yst (Conpar
Chem e catal yst enpl oyed i

f the

front
Exanple 1) and the Sud

Resul ts show ng the conparative

conventi onal

catal yst &83-C and

the inproved catalyst are provided in Table 5-below————
Mbenei n Exanpl es 8 and 10 &4 | ust{r at e;at he j nvensi on |and 14
Exanples 7 and 9 are T esedy gd fior conpar sgamﬂﬂrpcses
and are outside the sdepe—oi-theé—irvention—TFabte 4 Gas—
Ehgagpdeed Conposition Talste 5 0 ppamECEXanp|EEs! 7 an@gxample 2
8 plDVlue a-conpariso betmeen (ﬁd C and e ﬁgtéTystosms
\Weight @yed in the process of®¥Phe j ¥an ut :
%ﬁ?OFAW anples 9 and {10 pgevi dg ngljar+cgg?gr|§on 181
nhpr formpr_arurq of—abaut—202F +—boeth
toppesaki e | evel s GB3-C ama thd catsad yst| of seoie 500
béyention have simlar overall datalyst
'pIUUULlIVIlIeS 0. 07 |0-nn|es k&f1bcat/ﬁ at 1% OF and 568
\gHavAhn)B m)l es H2/1bcat)/h 87202 [QF. Thi af%o
flect lLh.gearly the sans hycrogqqgconyersmgn 0.51

iﬁ% nazm lneé&, the del ectivitiles of the|catalysts

Ethylene conversion (%) 24.09 25.28 9.68 3.10
Hydrogen conversion (%) 61.66 68.92 61.67 80.90
Methy! acetylene conversion (%) 51.67 64.70 48.93 61.51
Propadiene conversion (%) 38.25 55.22 30.46 50.38
Methylaceylene/propadiene % selectivity -30 24 34 80
to propylene

Butadiene conversion (%) 39.17 56.01 35.41 46.08
Butadiene selectivity to butenes 73 91 94 99
Isoprene conversion (%) 3247 45.76 27.75 28.86
Rate H, conversion (Lb-mol Hy/ h /lbg, 0.089 0.248 0.072 0.152
Kinetic selectivity ratio of butadiene vs. 1.80 2.82 4.29 19.64
ethylene

Kinetic selectivity ratio of methyl 2.64 3.57 6.60 30.37
acetylene vs ethylene

Kinetic selectivity ratio of propadiene vs. 1,75 2.76 3.57 22.29
ethylene ’

Kinetic selectivity ratio of isoprene vs. 1.42 2.10 3.9 10.83
ethylene
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for the desired reacti

hydr ogenati on,
Rat i o,

ons, i.e.

et hy

vers

| ene (ETH)

us the

i s

t he hydrogenati ons of
C3, &4 and C dienes and acetyl enics,
wondeailvad conpeting parallel reaction of ethylPemas2005/024628
as expressed by the Kinetic Selectivity
differ significantly. The kinetic selectivity
rati o of But adi ene (BD) vs.

calculated as In(l-X BD)/In(l-XETH), where XBD and X

ETH are The Tractional conyersipns but pdi eng and 14
RPN ene respectively| The higher thé rat|o Rf ki netic
selectivity ratio of but &M8he bersus et hyl eRe™ hé
infeirCempositioct i ve i s the cat al ysi s| for_the desi red
hydrogenatiori of butadie over et ene, Basgd on o0
&% esults from Tahl E g 2 | vsis w\ﬁjm ¢ :
Eqﬂyg,w ficantly different sqlz,ectl Vi t| ess The cabal yst] of376
—+he—+Rventtor—showed—arattoof °‘8‘Unp red 1o 3.6
Hrapylen€83- C at 1400F. The rd&47o fpr t BB i npfoveti? 0.90
catalyst was 4.8 con‘paired of 3-J at F.
@Pplaﬁ?i"ét trends were olser \9&2% for 4_&13%54 ebt i &2, 0.05
Viedlyi-8eqf methyl acetyl enggoopropadi epe and |sm@1rené 0.0
cofpated—to—ethytenewththesetectivity of_the
stk yst of the invent]i on®@i ng| hi gHS# than tREf off &0
&B3-C1n all cases. This ari{son ows| t ha n the
g@nC_e Of a(‘@t \LI Pﬂp it hp%gﬁr oved g‘? l \I i Sl:ud\vnvp\r 261
mg,g@gnereactlw ty for t he 0_(4‘,,@ C# andsL£5 d enegssmnd 1,32
aﬁc—{ _)rl —e€S cmlparcu tro—et h“yﬁ’en:‘. This—shpws—that tjhe
spteect | vity advant age |f or 07he catal y1c d{stiPfatiagn 24916
With trimreactor appWJl cations that the ipproved
Quiletopeasitify ovi des spans the full range of | possibleCO
}W&Qgeﬁ' kyne conposi tiorns. BXAVPLES 13744 0.65 0.38
Ethylene 0.88 1.57 0.85 3.66
Propylene 043 0.61 0.26 0.97
Propadiene 0.01 0.01 0.01 0.02
Methyl acetylene 0.00 0.01 0.00 0.02
isobutane 95.22 93.33 9217 88.30
Butenes 1.07 1.40 3.04 3.28
1,3-butadiene 0.27 0.23 0.55 0.71
lsoprene 0.56 0.87 1.83 179 .

Experiments 11 and 12 provide a comparison between the performance of G68-I
and the improved catalyst at high hydrogen to diene and acetylenic molar ratio of 1.3.
Experiments 13 and 14 provide a similar comparison at the a lower ratio of 0.5. The
improved catalyst showed much higher catalyst productivity in the liquid phase compared

to the conventional catalyst. At the high hydrogen stoichiometric ratio the improved
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These exanples illustrate a |liquid phase operation

enpl oyi ng a known catal yst , designated G68-1 of Sud
wGhemi971and t he Sud Chemi e catal yst of Exanpl eC2/US2005/024628

Catal yst 6-8-1 containsD, 2 w. %alladiumand 0 1

Ww.%silver on alumna and is supplied as 2.5 mm

extruded pellets. The |iquid phase feed was a m xture

of C3's, C4's and C' s saturated wi th hydr n
caprtgstl soaveriameadustiviiyof 6248 chppaiee QB 88aTsHoAHH @@at for the

this mxture before thefeed was passed over the .
cop@b@lanslcab@t. Simflatly pi thallowerdydmpapsisichicometiis rgicothf daproved
in. Table 6. Gas sanples of the feed and product were

cafdlist gﬁogﬁy izxgtg i gjéizfcbﬁﬁ)a}éd'{@ 0i07T 8%-UR) $1,1 h1/16 ATk €her@@Sentional

i ne by gas chromat ogr aphy. Tot al

pressure in the reactor was int al ned.. '
coply R HerR s PrecR Yy T e Syt iy P Bhfhoyed

in the liquid phase, The test tenperature was_1800QF
cafapit ender Rowivklent eomditiong. The mprepet wialyst fyther sliRwp ds use of 2
bet ween catal yst G68-1 and the catal yst of the

Tk BRbiraps cAxgnTthes )visy epiitiooste édt theopibabise 7 bel ow
wherein Exanples 12 and 14 illustrate the process of

the jnyent Jﬂaemg%ﬁqﬂg li:gl?ro%éld &gyt 3t slegrlppvals ed alfieintage

conparison purposes an e outside the scope of the

inventio le 7 rigrent.s.. 1 n '

U RBABPSSH beLBHEERSeparT o RuRLE i E8H S o el
i nproved catal yst at high hydrogen to di ene and X
seetivity mitloe dasired Taagtions, be., tedydpgenatippeeh &3, £5 2§ flignes and
provide a simlar conparison at the a |ower ratio of .
a@tydenidersus the undesired competing parallel reaction of ethylene hydrogenation.

Based on the results from Table 6, the improved catalyst showed higher ratios compared
to the ratios of the catalyst G68-I for all conditions and all competing reactions (MA, PD,
BD and isoprene). In particular for Example 14 (improved catalyst, low hydrogen
stoichiometric ratio) the BD to ethylene kinetic selectivity ratio is 20, for MA 30, for PD
22 and for isoprene 11. These ratios can be contrasted to the maximum ratio achieved for
the catalyst G68-I which is 6.6.

In addition to the higher reactivity of this catalyst to Cs, C4 and Cs dienes and
acetylenics, the improved catalyst is more selective for diene hydrogenation to olefins
compared to the catalyst G68-1. Comparing Examples 11 and 12 shows the improved
catalyst has a MA/PD selectivity to propylene of 24% compared to the —30% for the
catalyst G68-L The selectivity of BD to butenes is 91% for the improved catalyst

compared to 73% for catalyst G68-L Similarly comparing between Examples 11 and 12
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i mproved catal yst showed nuch hi gher catal yst

productivity in the liquid phase conpared to the
woanmsanditonal catal yst. At the high hydrogen PCT/US2005/024628

stoichionetric ratio the inprovedcatal yst showed a

productivity of 0.248 conpared to 0.089 |b-nmol H2/ h 1

/1 bcat for the conventional catalyst. Simlarly at the

| ower hydrogen stoichionetric ratio the inproved

sloatsaNIRERD pelectvityiofi90% fos tHe.itpZoved nptalysticdmpBedioB4% for the
b-mol H/ h 1 /Ib cat for the conventional catalyst.

caTﬁ?st'dHﬁr P}S‘ﬁgﬂﬁh}g BHeC b1ty B?B!Det%qmte%ek W@@?&Qhe improved

IVity I nproved” catal yst under equi val ent

itions oV yst further allows the
C%Qﬁgé?HQmPQW%pgé%gﬁ %$1¥%%%8 t thus saving capita
costs for the process. In terns of selectivity of th
i npr Bhale texatbave description FerRing MsRy YPFHECsaWCEIPERIiSY %hould not be
over catalyst &68-1. The Kinetic Selectivity Ratio is

cotsetded @y lanitaionx pf thesnidndon,dud inesdly aebeniplifichijorfsaf préferred

desired reactions, i.e., the hydrogenations of C3, C
erftbShiifiefis %éoia o?ecﬁéll/éd%l eSart WAl éﬁkﬁsﬁﬂ e et ERBodiments
conpeting parallel reaction of ethylene hydrogenation.

5RO St b R RSP et

of the catalyst G68-1 for all conditions and all
conpeting reactions (MA, PD, BD and isoprene). In
particul ar for Exanple 14 (inproved catal yst, |ow

hydr ogen stoichionetric ratio) the BD to ethyl ene
kinetic selectivity ratio is 20, for MA 30, for PD 22
and for isoprene 11. These ratios can be contrasted to
the maximumrati o achi eved for the catal yst G88-1
which is 6. 6.
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In addition to the higher reactivity of this catalyst

to C3, & and C5 dienes and acetylenics, the inproved
woav@loysti7i s nore sel ective for di ene hydr ogenaCras2a08/024628

ol efins conpared to the catal yst G68-1. Conparing

Exanpl es 11 and 12 shows the inproved catal yst has a

MA/ PD sel ectivity to propylene of 24% conpared to the

-30% for the catal yst 68-1 The selectivity of BD to
L »'s 91% for the inproved catal yst conpared to

73% for catalyst G68-1. Simlarly conparing between ]

Exanpl Aprdcesa fiet thowieotive hyrepnsiom of aligme/andfor gosefpysent in an

the inproved catal yst conpared to 34% for the catal yst

3 dntaiir]B hy@¥rbohrbdnTeds BlegBbdeyd EompHisiBPcdrRadiuig &ielsydrscarbon

Ol%g)cérg?ﬁ{fgeﬁ}?ﬁnpr oved cat al%gst con‘pg{ieggto 94 g/oforythe

cat al yst - | j . [Pt : j ;
e Feest LA BaP PP YE AT BRI PHAPH:, GO Gnll with 2
~construed as limtatians g‘F .the jnvent.on, cgut mar.(glgg£ I
5 catplyst fen ISt FPacHOR 6078 WHCTRelerty s RYTQBRSHPREMAUN G Fatalyst
Those skilled in fee art will envision many other, ,
inelntimgipati adismaaridhit teastrome SoowrelBimegtad pinporporafediinte an morganic
invention as defined by the clains appended hereto. THE

sug}:gtlt,l\@ieréin AP ERFRA TS PEurtds afaloEtdny Ebdit e genatl arf/oind a
kyne and/or diene present in an ol efin-containing

hyd bon feed, ISl i :
SR B b S P SERDALD GEB
BB A LS P SR SRRATT A e vt o

hydr ogenation conditions, said catal yst including
10 thppbleadhitina pord didmdterafatm ebrat GP® dptol dBobt H00G Acompoises fsem about
into an inorganic -

1% to about 2% of the total pore volume.

2. The process of Claim | wherein the catalyst includes from about 0.01 to about
0.1 weight percent palladium and from about 0.005 to about 0.6 weight percent of Group
15  IB metal, the weight ratio of the Group IB metal to the palladium ranging from about

0.5:1 to about 6:1.

3. The process of Claim 2 wherein the Group IB metal is silver.

20 4. The process of Claim 1 wherein the alkyne includes acetylene.

5. The process of Claim 1 wherein the olefin includes ethylene.
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support, wherein the support has a surface area of

fromabout 2 to about 20m /g and a pore vol une greater
wohaos/iabaat 0.4 cc/ g, at |east about 90% of thecparse0os/024628

volune is contained in pores with pore dianeters

| arger than about 500 A, and the pore volune of the

pores with a pore dianeter from about 500 A to about

1,000 A conprises fromabout 1% to about 2% of the

total pore volune. 2. The process of C aim lwherein

the catal yst includes fromabout 0.01 to about 0.1

vei gt TIREpeests of @ldiadi wie@Rtht selotbledtyiirdgefitiont conditiond include

0.6 weight percent of Group IB netal, the weight ratio

f th t b | adj ' :
»Jermtrp iRl o P a2 Sphcid BERORRRLC0 psig o
wherein the Goup IB netal is silver. 4. The 0
2bgut @Q prig1anftreTners Vel bR bt LLAfi9gto &E%‘e%@ﬁ)eéﬁ%?ﬁ
The process of Caim1 wherein the olefin includes

5 et hyl ene. 6. The process of Claim1l wherein the
sel ective hydrogenation conditions include a

t enper gheheodeks b ORirA D GiHerdifiie firt RBA1SN 208 Qbmpases a catalytic
pressure of from about 100 psig to about 250 psig, and

a..: ce velocity of fromabout 1,000 to about 5, 000
dépé%?onfmﬁhe process of Claim1 wherein the first
reaction zone conprises a catalytic distillation unit.
8. The process of Caim?7 further conprising renoving
a vapor phase overhead
8. The process of Claim 7 further comprising removing a vapor phase overhead

10 from the catalytic distillation unit.

9. The process of Claim 8 wherein at least a portion of the vapor phase overhead
is introduced into a second reaction zone under selective hydrogenation reaction
conditions in the presence of said catalyst.

15

10. The process of Claim 9 wherein the second reaction zone comprises at least

one fixed bed reactor.

11. The process of Claim 1 wherein the feed is fractionated prior to contacting
20  with the catalyst in the first reaction zone to remove at least a portion of the dienes and
alkynes possessing four or more carbon atoms and the resultant feed contains at least

10,000 ppm alkynes and dienes.
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fromthe catalytic distillation unit. 9. The process

of Claim8 wherein at |east a portion of the vapor
wpheasmiomer head is introduced into a second re&CiriusP005/024628

zone under sel ective hydrogenation reaction conditions

in the presence of said catal yst. 10. The process of

Claim9 wherein the second reaction zone conprises at

| east one fixed bed reactor. 11. The process of C aim

1 wherein the feed is fractionated prior to contacting

with the catalyst in the first reaction zone to renove

at | ensithedpridist bOOlagth 1tlhehatemrths fisshtbastidty Pt comprises a fixed bed

possessi ng four or nore carbon atons and the resultant
k&6 contains at |east 10,000 ppm al kynes and

renes.12. The process of Claim 11 wherein the first

reacti on zone conprises a fixed bed reactor. 13 . The

process of Claim 12 wherein the fixed bed reactor

conprises at |least two catalyst beds with intercooling

neank3. Jéeweeaess ¢ieClaim 3 Rywherpiadle fixed beieagiprorameprises at least two

Caim1l wherein the contacting of the hydrocarbon feed
catalidt bedd wity ditercSolpey hoamekbtwashathe vaplyst fadase

conditions. 15. The process of Claim1l wherein the

contacting of the hydrocarbon feed wth the catal yst

is perfornmed under m xed vapor and |liquid phase

con dii I'I%ré%rocess of Claim 1 wherein the contacting of the hydrocarbon feed with

catalyst is performed under vapor phase conditions.

15. The process of Claim 1 wherein the contacting of the hydrocarbon feed with

the catalyst is performed under mixed vapor and liquid phase conditions.

16. The process of Claim 1 wherein the contacting of the hydrocarbon feed with

the catalyst is performed under liquid phase conditions.

17. A process for the selective hydrogenation of one or more alkyne and/or one or
more diene in a cracking effluent containing olefin and hydrogen, the process comprising:

feeding the effluent into a catalytic distillation reaction zone under selective
hydrogenation reaction conditions in the presence of a selective hydrogenation catalyst
wherein both gas and liquid phases are present and wherein the effluent is in the vapor

phase containing at least about 10,000 ppm of alkyne(s) and/or diene(s), said selective
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16. The process of Caim1 wherein the contacting of

t he hydrocarbon feed with the catalyst is perforned
wondevro1pitqui d phase conditions. 17. A process POT/usb@s/024628

sel ecti ve hydrogenati on of one or nore al kyne and/ or

one or nore diene in a cracking effluent containing

ol efi n and hydrogen, the process conprising: feeding

the effluent into a catalytic distillation reaction
hyArogenativtherata gt endidnes pajiddiogearst itdenst ezcGiomp IBonetil incorporated

in the presence of a sel ect.ive hydrogenati on catal yst

ianiﬁ&@aﬁetsh%@ﬁ yaaebid iAWl RNASLSE BE SupHoBSIe MonPilbut 2 to about

wherein the uent 1s in the vapor phase containing

ato,l east abouyt 10, 00 m of yne(s n o
203 ke e porattme & By B L R 16 4pglt 0% of the pore
i ncl udi ng _pal | adi um and at | east one G oup |B ngtal
voi%wpf@ﬂ%a@dl inpeEss Aith neee digpeters apgss than 3hAe; WA R the pore
surface area of the support is fromabout 2 to about
voR@ner8f fhe pohe witr £pare dimmetérsiam ebaw 506 Haiv abootit,000 4 comprise
cc/g, at |east about 90% of the pore volune is

P AbGitned dbBulDk, 88 theithi] RAE Qoklhpet ers | arger than
about 500 A and the pore volune of the pores with a

pore di ameter from about 500 A to about 1,000 A
conprise fromabout 1 to about 2% of the total pore
volunme. 18. The process of Claim.17 wherein the .
sel ek The prgr@mgtp&la}m bhwhgrein s selpsiiie iydrosepaipnaatalyst includes
0.01 to about 0.1 weight percent palladiumand from

fromb abidut @. @0fs dboutahdwteight peroerit gphtladiemead troGr ahgut DBOS to about 0.6
netal, the weight ratio of the Goup IB netal to the

weight RAUHPGrARAIB G ethl, B RS ralh 6f the (o@D Binefil {o the palladium

ranging from about 0.5:1 to about 6:1.
19. The process of Claim 18 wherein the Group IB metal is silver.

20. The process of Claim 17 wherein the catalyti‘c distillation reaction zone

comprises a catalytic distillation unit operated as a debutanizer.
21. The process of Claim 20 wherein the catalytic distillation unit is operated at a

pressure of from about 100 psig to about 400 psig and a catalyst bed temperature of from

about 30°C to about 130°C.
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19. The process of Caim 18 wherein the Goup |IB netal
is silver. 20. The process of Claim 17 wherein the
woav@loydiie distillation reaction zone conpri Se®C&/US2005/024628

catalytic distillation unit operated as a debutani zer.

2 1. The process of Caim20 wherein the catal ytic
distillation unit is operated at a pressure of from

about 100 psig to about 400 psig and a catal yst bed

t enper ghy ?Focggs_ S @R PP Wherd A0 bataARR SRR CreAdionT e

process of Claim 17 wherein the catalytic distillation

reaction zone .c rises. a catalytic distil.lation

COUBIRH? ‘6"’5@?’&? gﬁggguo&l G 2%%%%%%%%%%? aéigpenﬁ%}e%.r ocess of
Claim 22 wherein the catalytic distillation colum is
operated at a pressure of from between about 75rsig
and 350 psig and a catal yst bed tenperature of from
abow23. 768 Grdcessadfilibind 310G Berevithe Thialypicatedktiof cdlimmnns derated
wherein the catalytic distillation reaction zone

atlaNfdHA8 Bf &lonl B@FeePMOUE T5Bdg Bed3 Wgﬁi@iaﬁﬁ A@a@Bkthed temperature

sel ective hydrogenation catalyst. 25. The process of -

aim1 el opatalytic distillation reaction
ot it bt sURElT it BB 00 Sed beds wi t «
i ntercooling nmeans between the beds. 26. The process
of Caim17 wherein the al kynes conprise one or nore
of acetyl ene, nethyl acetylene, ethyl acetylene and
vi nyl4. Taepydoeseofaiidint hEwtereinehe catafyticskstidlagomreactimezont
pr opadi ene, butadi ene and i soprene.

includes at least one fixed bed containing said selective hydrogenation catalyst.

25. The process of Claim 17 wherein the catalytic distillation reaction zone

inctudes at least two fixed beds with intercooling means between the beds.
26. The process of Claim 17 wherein the alkynes comprise one or more of

acetylene, methyl acetylene, ethyl acetylene and vinyl acetylene and the dienes comprise

one or more of propadiene, butadiene and isoprene.
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