TI TLE: | NTEGRATED PROCESS FOR ACETI C ACI D AND METHANCL
Background of the Invention [0001] The present
wonvesrossh i s directed generally to an i nprovedcmeEyhad/000002

TITCE; tfﬁg@(@ﬂaﬁtﬂwg‘ocméﬁ R ACIELTIC ACTH AND

ot her 'chem cal s such as vinyl acetate nononmer (VAM

fro ural gas. The inproved nethod integrates a
Mw&ﬁskﬁonoxi de separation plant with a nethanol

synthesis unit to forman optinmal syngas conposition
Badkyromidhafithe pneentionon. [0002] Methanol is a major
chem cal raw material. Mjor uses of nethanol include

YA e ot v

xpected to grow.in the next decade as.hew .
me G Foradio RsSURLifD oo THETENal: SUUTE AGibatnd jgther chemicals
conversion of nethanol to gas (Mobil MIG Process), the
suchoay eviaiybracetateremioanoiert ()Vg\il‘élht frome fiatiaral Ng©. PLBE elBproved
of UCP and Norsk Hydro), the use of nethanol for power

me %'Eleriﬁ‘tteiﬁg&eém? $18oHS dtoxi®s hapakatidn fplaht cRithsa Aithanol

evel opffent of such applications is clearly linked to

t he et hanaol oduction cost. The present .i.nvergi o
syntagsis ¢ unitpdoc JAG, o i‘&I?PlBPI h%‘}ﬁa;?pecf‘\“i‘%‘?séﬁ?yl Tok ®thethanol
single-train plants for converting natural gas to
prodattianol at | ow cost in large quantities. [0003] The
manuf acture of acetic acid from carbon nonoxi de and

{fﬁﬁ@ﬂgﬂ;r tr&@étﬁgnél Gar L bAtdHRMmieal #hwsmdterink! Mdopwes of
methanol include the production of acetic acid, formaldehyde and methyl-t-
butylether. Worldwide demand for methanol is expected to grow in the next
decade as new applications become commercialized such as the conversion
of methanol to gas (Mobil MTG Process), the conversion of methanol to
light olefins (MTO Process of UOP and Norsk Hydro), the use of methanol
for power generation and the use of methanol in fuel cells. The development
of such applications is clearly linked to the methanol production cost. The
present invention permits the construction of highly efficient single-train
plants for converting natural gas to methanol at low cost in large quantities.

[0003] The manufacture of acetic acid from carbon monoxide and
methanol using a carbonylation catalyst is well known in the art.
Representative references disclosing this and similar processes include U.S.

Patent Nos. 1,961,736 to Carlin et al (Tennessee Products); 3,769,329 to



Representative references disclosing this and siml ar
processes include U S. Patent Nos. 1,961,736 to Carlin
we@rooalo7qgFennessee Products); 3,769, 329 t oPaul i RCECY2004/000002
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I 728, 871
5.6 Fopddero Garaadost Al ol FBERTCs Sy Aa*e%éeﬁ‘?i:mwgynsen et al
5,817,869 to H nnenkanp et al (QJantum Chemi cal
(Halnopa?cqismbu) 5, 5138642 367Dants 5t 81 7(/ek3ex Cimizg] S5¢815869 to
(BP Chemcals); 5,883,289 to Denis et al (Acetex
Hln%hghﬁgp Wﬁ(‘dﬁﬁ; @ﬁa@t@ﬁht ThAicay @orﬁbre(tﬁfr’l)d‘%nS’PPB&)i and

eac hereby |ncorporated here|n

ferenc ia for
5,858 i i Al GHemBRse > a8 MonsRuer ahjhSetex
nmet hanol . I n the typical acetl c aci dpl ant, net hanoli s
Chinniedy ned 5/883c20bd0 Smeyiateal bBBaGgemdwals),f ¢acdulof iwekich is
associated with the transport and storage thereof, is

herf8BY {11 drhfedhdrdin B9 ¥efdryndy, reformng natural gas or
anot hydrocarbon Wi th steam and/ or carbon di oxi de.

r ason, attentio ecent.ly focuse
co&@{'%m BitineR 5P s BLeriits 4PE SErbtei G eatnd WFe, of
nmet hanol and acetic acid. A signi f| cant expense for
coursey earbon anandxddprodunethanol dpahs fypichlsacetie acid pilang| methanol is
cost of the equi pnment necessary for carbon nonoxi de

imPREd %'doé‘arbbh M@Hbﬁéld%e t%ébﬁ@@&iﬂdﬁﬁ%hlt?é%' essd‘cmtedsmh the

caplta cost could be fargely elimnated or at | east

trriiig) o Srabe (FFPE s seaith sk WKL Vformjng natura

et hyl ene, acetic aC| d and oxygen. Carbon dioxide is
caspomauetbdr hydercanhere sithasicenbymd/od erbdmdioréde. d2an thénreason,
and rmust be renoved fromthe

attention has recently focused on the construction of integrated plants

producing both methanol and acetic acid. A significant expense for new acetic
acid production capacity is the capital cost of the equipment necessary for
carbon monoxide generation. It would be extremely desirable if this capital
cost could be largely eliminated or at least significantly reduced.

[0005] The primary raw materials for vinyl acetate monomer
manufacture are ethylene, acetic acid and oxygen. Carbon dioxide is produced
as an undesirable byproduct in the reaction and must be removed from the

recycled ethylene.



recycl ed ethyl ene. [ 0006] A significant expense of new
production capacity for syngas, nethanol, acetic acid
w@nwsansss ¢ aci d derivatives such as VAM i s tPEI/CY2004/000002

ca CQSt; . .

o 0GR CACbighhabaR BIRAREHOAT uBHCtion SapEity for synges,
'bncl udi ng the _cost of, raw naterials. Ih woul d be .
metaapol AselicReddl 2ag) aectic aaid dervagiveaisugh@sop&Mi ismghe capital

costs could be reduced. [0007] For nethanol
cosprofdtint ineoesdatry i equiphlent st @ithérs Beghificant feapensdsaimdude the
capacity syngas plant autothermal reform ng could be

opegelifﬁrlcggbgtseQH@Rl'&@%Fﬁ@ %‘3?@ of ¢3 Hl%téa‘?%lgy %P\%hﬁi #8%xtremely

I"arge capi costs are save
copstructing large primary reforners or nultiple
desgagfq Hithess QapifeAndboRsAUNS CORES/EHIA diegisdlcedhe
drawback is not being able to have a full usage of all
caf(097] noFer whethanol emobtctian,iib it heel esstdbhighed thatr fpe a large
quantities of CO2, which is undesirable. It is in fact

capFECRARAY Pl GRRGbIAN JEREHE COORL B MR"nfle LRl Fhoess

unber N). = [ (H2- )/ ( CO+ is belo , usually |
lea vxge%a(%%eﬁl%g%ﬁ, pinge s%%afa?ig St AR éhnebppa%ctmg
syngas ratio, which lies in the range of 2.0 to 2.1
largk qurimadyengfornuers loe modtipknpdrtislyotidetiors réfoapers] A0EBIrthedasss, the
et al discloses in U S Patent No. 5,180,570 an
I . .
Ay DRI HS DoRIOATS fo bie TRl BB R AN A ORI, Rslfing in
nmet hanol.. reaction.l o McShea, 11] et al disclose in
the Ueatingsqt lage ABantiey oF Gy leléﬂsamiqslrﬁhﬁ- Jisin@ehapcessary
reform ng and the neans to obtain a syngas in
to conditodn dretsyntheqis gasrmat ithasutiyt ob the attoihegntah eecformambecause
carbon and oxygen to carbon ratios. Supp et al

the gitéi%hﬁﬁﬁet'ki@ hhmbef 3R = V26 32 C88 A 3¢ Beid?™, Ofisually

between 1.7 and 1.9. The goal is to obtain an optimum syngas ratio, which lies in
the range of 2.0 to 2.1 for makeup to the methanol synthesis loop.

[0008] Lee et al discloses in U.S. Patent No. 5,180,570 an integratéd
process for making methanol and ammonia in order to approach stoichiometric
conditions in the methanol reaction loop. McShea, III et al disclose in U.S. Patent
No. 4,927,857 a catalyst for autothermal reforming and the means to obtain a
syngas in stoichiometric proportions by controlling the steam to carbon and oxygen
to carbon ratios. Supp et al disclose in U.S. Patent No. 5,310,506 the addition of a

high-hydrogen gas in the ATR feed to obtain, a synthesis gas exiting the ART



hi gh-hydrogen gas in the ATR feed to obtain, a
synthesis gas exiting the ARTsuitable for nethanol
w@shasss having a stoichionetric nunber of bRCTEER004/000002

su1t§;b137fo§'1ﬂetﬁaﬂol %’MM s Hhwiaig Qs e9idiloMeic Manbet oRdstween 1.97
88, 130 and 999, 133, a process suitable for

I A A

st oi chi omat ri c composition required for nethanol
suitpbledfiot meshanddproduatignt anea yeblarge seate Behepovthe wnghasitazap

steam reforner and an autothermal reactor. [0009] In

be ﬁfadéfzisi elRePie nenésaskyt fo 200QtoMioeheldit hivnglositiunl esqrird for
pen agen Denmark %Igt/ 8- 10, 2000, Streb shows that

5 S ot T OB Py S5 Ao

reform ng can be used when the feedstock is |ight
andreax aytetherrasl repotorhe underlines that then the
st0| chionetric ratio is less than 2 and suggests the

Neee(9) S WP PAESHEtiIEIR peesanRds i@ 000N WEBrlBaMuthanol Conference
Appl i cation No. 1 34 , 685 AI Grobys et al disclose a

CoRAEET b CALEL LG S 0 0G40 e capaciy

nmonoxi de stream In commnl y assi gned WD _03/097523
methagolp At regiitel @aspedink droewss dasiBRt eglat SHLESH cg’% pure
t hat produces both net hanol and acetic acid under

aut%@ﬁh@lnﬁelf@ﬂdlih Sdafli isedeihére tirofeddstookds 1ipROA&trdl gakiSut he
, 495, 609, Searl e discloses the recycl e of CO2 to a

t ha
dé‘ﬁm et B BERAERELRE A, e BRI O eBts the need to
6, 444, 712, Janda di scl oses the recycl e of
suppress 7O isenvessemekn BP Ragant rﬁétﬂi&@@%né%théﬁgg %Jpéﬁrpgys et
control the SN between 1.6 and 2.1. Both Searl e and
al dge16% §prEnst fat tetgiodi@ivnpel @tihanobivhetwin #i¢ symgas ghmber is

t he use of
adjusted by withdrawing a carbon monoxide stream. In commonly assigned WO
03/097523A2, the present applicant discloses an integrated process that produces
both methano! and acetic acid under substantially stoichiometric conditions.

[0010] In US 6,495,609, Searle discloses the recycle of CO2 to a
methanol synthesis reactor in the production of ethylene and ethylene oxide from
methanol. In US 6,444,712, Janda discloses the recycle of CO2 back to either the
reformer or the methanol synthesis loops to control the SN between 1.6 and 2.1.

Both Searle and Janda demonstrate the manipulation of the SN through the use of

steam and partial oxidation reformers. Generally steam reformers generate



steam and partial oxidation reformers. Generally steam
reforners generatesyngas with an SN greater than 2.8,
wokiose74885 t i al oxi dation reforners produce sSynp@ECY2004/000002

syngzag‘é{gﬁgo@{‘ ﬁ}%“ [WeRinl2 4, ante partidl Wktdatidh @efbhﬁbﬁgproduce

_ rh ogen In refineries is driven by the

i NGreasin tringent fyel. specifications in terns of
Syngag W&ﬁ%‘%ﬁ&ée%}ma]t%@gggn]d sul fur in gasoline and

diesel . The inportation of large quantities of

hy0dgEn Tlse nisieg saced der Hydregpsn inleredimgrige atés deimen by the

bal ances in refineries are jeopardi zed. Summary of

incr%%bﬁ%#lggsgﬁrrl%%{% 1841 %ﬁecﬁ?&ti@ﬁ!"il@ &b B ARVESREntt ddromatics and

orm ng process, which uses the conbination

of ,an ayt ot he | reforner and a cl.assical ..stea .
Sulti rp BHeA e sk ¢ A AEPERBIOR OF [REEHRBHTS oh erogsn i
by integrating an acetic acid plant which consunes
neceszatycas hyuhogeniderhand peakh ang batanegs imrefideties aes jeepardized.
met hanol . The hydrogen which is now freed can be

Sur@%&@g%@qggéﬂ?% used either by inporting CO2 streans

_ xamnpl e rothAM nearby plants in order to

I ncrease e nmet hanol product i or. by .expord i

ny B30, s hencren BRSPUGe) 2Rt Eiep it ol Bocess
present invention integrates a nethanol synthesis

whiph amses sthei ¢cdmbinatioetofcamaeitbtherserd skeformmes anth énelpsyical steam
t akes advantage of having a carbon nonoxi de separation

ref@hnlca e bEEP hARhEB thaRRthAn®d pkéduction %ﬁgmsgratihg an acetic

remai ni ng syngas stoichionetric nunber ( to a val ue

.between .2. 0 and 2.1 and nore .nreferabl t

aci R greh SopngersarnaBpaPaBt dof PRl B R &y fog Bgeam
reformer effluent with CO2 recovery recycled to the

of mefhanak ey drogerogdich istown Sged canthe advantageously used cither

by importing CO2 streams for example from VAM nearby plantsA in order to
increase the methanol production, or by exporting the hydrogen surplus to a nearby
refinery.

[0013] The present invention integrates a methanol synthesis process with
an acetic acid process. The invention takes advantage of having a carbon monoxide
separation plant upstream the methanol reactor, to adjust the remaining syngas
stoichiometric number (SN) to a value between 2.0 and 2.1 and more preferably
close to 2.05. The carbon monoxide is separated from a portion of the reformer
effluent with CO2 recovery recycled to the reformer and hydrogen returned to the

methanol synthesis. The amount of reformer effluent from which the CO is



met hanol synthesis. The anount of reformer effl uent
fromwhich the COisrecovered is balanced to result in
wao b@sedassy ed SN for the makeup syngas to the nmeeTi@n2do4/000002

recdvRRRt id BhAted b8 résutent kendedifed SEsfa thetmakieuhsyngas to the
produces nethanol, acetic acid and optionally vinyl

cetate nononer, or the like. It also involves the
met, W§839%9y that the large capital costs for |large scale
production can be reduced through a specific manner of .
i nfG0J4dt | The titreentionupreyidesi m@l%ﬁ@éé&@eﬁr@m% anol, acetic
conpounds into one integrated process. [0015] In one

aci®2Bad Iyt iyl RKEMatd AMbnvhty] destharlikelt dgralsednvolves the
nmet hod for manu?]acturi ng net hanol and acetic acid. The

. process .c ri ses separat.i u
isfRES T aBE et A geaLbn gt iaBe BRERRRA A e Bdhced
first hydrocarbon streamw th steam o produce a
throughoa spdciftor mannemnfl infieetiting gl MANHEACHITNE Pracewsss f dhese
of the refornmed stream and the second hydrocarbon

contp RN M BnOinteentéd Brargpon di oxide to produce a
syngas stream e process al so includes separating a

por{ of the syngas r [ : .
G OB, 7T o€ PR 5P S R R b integrated method
carbon nonoxi de-rich stream recycling the carbon .

for dhawifaisuring mesharel andoacetis agid-otiher FAFCSSSWBNRELSSS, SCRAGUNS 2
conpressing a renmaining portion of the syngas stream

hy®BcAB6848aRe AT fifkh anlieebyrtd ctirboh stteamanreformmg the first
carbon dioxide streamto supply a nakeup streamto a

hycl%ﬁt%a%&glﬁr%%{ﬂ x?zie}ﬁ: siez{xﬁocg ptr8d1?<,két ?g@fg V@Htslﬁ%gﬂﬂ aﬁﬂoﬂl‘t'&hermally

us fgrven antageously match
cearmongby KRG O dbe ARforRAT And B RGP BHdiFlon stream
streamfroma cold box to a fuel gas
with oxygen and carbon dioxide to produce a syngas stream. The process also
includes separating a portion of the syngas stream into a carbon dioxide-rich
stream, a hydrogen-rich stream, and a carbon monoxide-rich stream, recycling the
carbon dioxide-rich stream to the autothermal reforming, and compressing a
remaining portion of the syngas stream, an adequate part of the hydrogen-rich
stream and a carbon dioxide stream to supply a makeup stream to a methanol
synthesis loop to obtain a methanol product. The flexibility is thus given to
advantageously match the SN of the makeup syngas to an optimum value of 2.05

by directing any surplus of the hydrogen-rich stream from a cold box to a fuel gas

system. Additionally, the SN can be adjusted by importing a CO2 stream into the



system Additionally, the SN can be adjusted by
inporting a CO2 streaminto thenethanol synthesis gas
woraspssi ream t o i ncrease the CO2 content, orP@HCY2004/000002

mefRAYE |syfithedis Cels Sh 4RehhefiN ihBRagIttAE heOMlcontent, or by
refornmer to increase produced. The CO2-rich stream

can be ined fromthe separatjon qf the s as_ or
recgfiig g L7 i cbtean, SHE RO iRy cti8ful B ieRime CO
t he nmet hanol synthesis loop is preferably supplied to
produecd ephe &0 gich tsepamTian beephiained drom g s¢pasdteombf the syngas
i ncl udes supplying the portion of the syngas streamto

or @ ARbERANK psésscol d box. Flash gas fromthe col d box
can preferably be recycled to the nethanol synthesis

|l o tail gas fromthe cold box cgn beg recycled a

or JRBLE) oA\ puldlass Pty oGt w1 dt piimably

fromthe cold box can be recycled to the nethanol )
supplied e $he s¢peogtingastepa Thej sepagssion; séep preferablshingtugdes supplying

rich stream can be exported for either an associ ated

the&?diﬁ@ﬁ of thY syribad stiehh @ ¥ nlcPleeefadleasldyboxCaFRGR gas from the
i oxi de em ssions (neasured as carbon di oxi de mass)

col ek B PSSR, S ETBE T AR5 Rt 3, B

preferably less than 5 percent.. [0017] The process
frogathefapld hex candeugeydgdah @socesh gasic &t minergpartipn e 2aliydrogen
| east a portion of the nethanol product and the carbon

ric8Reath $omh te e 1l R ManARMredri@t irthe dndth@§sISynthesis loop, and a
preferably uses the acetic acid as a reactant, uses

ol B5RAAE e RUBIAGHr bkt ot RIER A i et

or a conbination thereof. The use of a single air
prosessa0attp anrefiiety 1gcaredenearpy.e Casbemidiaxdde empssienfugaeasured as
the capital costs associated with the integrated
car_Bbﬁlﬂioxid@ﬁla@@tfb@ﬁleqﬁ[bdg’l\htéﬂ coffpléidgrepraRrablp desdthan 10 percent
e

i nported carbon di oxi stream

of the total carbon input (by mass), and more preferably less than 5 percent..

[0017] The process can further include synthesizing acetic acid from at
Jeast a portion of the methanol product and the carbon monoxide-rich stream. Any
associated process preferably uses the acetic acid as a reactant, uses the methanol
product as a reactant, shares oxygen from a common air separation unit, shares
common utilities, or a combination thereof. The use of a single air separation unit,
for example, significantly reduces the capital costs associated with the integrated

plant. The method can also include supplying an imported carbon dioxide stream

and/or a carbon dioxide stream from an associated process to the methanol



and/ or a carbon di oxi de stream from an associ at ed
process to the nethanol synthesis | oop. At |east a
w@esimssdf the acetic acid produced can be sup@i/CE¥e008000002

synthests T(ydz?t 2 kali% St thyAtiS ﬁ@fdtl"ﬁl%gtﬁ%%/cfeﬁl b8 sgﬁﬁlied to a

associ process for reaction w ene an
. oxygen to prod AM A CQ2-ri.ch stream fromthe. VAM .
vinyd ggtaissnandms SRS BrIORR It L6 HEORIHHGPEsS Tor Tection

synthesis | oop. [0018] The feed stream can al so be
withpethiylenatad dyygdepdoggedats ¥Mo Al COR-rch streamsfremnthecVAM
carbon ratio to be enpl oyed whil e avoi di ng soot

: [0 1), tat : t he
sypthEGTRIGEBn % Aiord e M RS IO hod, o
hydr ogen-J.i c treamis added to a, feed S stream
bl nyimfegaénewmeﬂ% haiqiesatad BppEdiogeaipn to allow a
atons), the resulting mxture is contacted with a
lowéiy steagetoatarbon catiatoybe eaiplayddy whilgaavaiding soetfeationein the
and the hydrogenated m xture is fed to an autot her nal

aut IE@ : a'TrPrEfdﬁnteE i e @&‘ilesgfrﬁgx?g{ga%fbcf:% BENR9asn tHi8emethod, a

ogen-rich streamis l'y a purgé gas or
fractign thereof from t hanol synt hesis.lqo
hydrageBrAT greayihis-Addse ta adard 2ansiears FARAHERE i Jy drogggbons
hydrogen-rich streamis preferably added at a rate to |
(2 aprmorectarlain hieas), thesesmiltihg anture ds aantastedovith pdiysyegenation
for hydrogenation of the higher hydrocarbons to

catﬁsft ?g%ryg%(%%n?%&g tRE 4IRS £nafld REaLRY Bk to an

. The process facility in this

o S S S5, 5 SRR L P cogen i

conprising hydrogenation catal yst for converting the,
strehingis prefeyably a pubzmgas or fractinmthieigifdrorhyadnethanbbsynitieesis loop

stream (base nmetal s such as platinum palladi um

oGl nelF o SRS, o i st e SRSt s s
pref%:;*]aba}}lfJ taﬁéé‘cf ola lrat%ett)oﬂrgs{defa% "least a stoichiometric amount of hydrogen
for hydrogenation of the higher hydrocarbons to methane. The hydrogenation
temperature can preferably be from 300°C to 550°C. The process facility in this
embodiment includes a feed gas supply comprising higher hydrocarbons; a pre-
hydrogenation reactor comprising hydrogenation catalyst for converting the higher
hydrocarbons to form a higher-hydrocarbon-lean stream (base metals such as
platinum, palladium, cobalt, molybdenum, nickel or tungsten, supported on

alumina or a zeolite are commonly used as catalyst); an autothermal reformer for

reacting the higher-hydrocarbon-lean stream with steam and oxygen to form a



reacting the higher-hydrocarbon-lean streamw th steam
and oxygen to form asyngas stream a nethanol
wa@shasss | oop for reacting hydrogen and car bp@I/CY2004/000002

Sym@sO¥iréting a0 Mdiigol Yafsessd N6GN fof feQEhdEL RGN aﬁgn 8arb0n

purge gas stream fromthe nethanol synthesi's |oop;
thecfor .supplying a pordion t he purge gas, stream
g QRSB ok ke Afe a0 Foird nthanelg Gt o3 SsSmaliom the
reaction is exotherm ¢, the hydrogenation process can
meplangd srnthasis deops andéveneforrsepplyong a paition ofitherprrde gae stream
coolers if it is necessary. This hydrogenation step is

to fier prediyidesdenaiibh keareipt ed for use with autot her nal
refornmers having a | ow steamto carbon ratio in the

feg 0 The ,net hod can also i.nclude providi ng at
| 0100 D Bocalie ISt B R B nti S b eeha g Bagpess can
synthesis loop in the associated process, and
be dgns i PR of sryepl reaciarsoithrsteamediate eeoldrsvif ittis axecessary. This
et hyl ene source and oxygen fromthe conmon air
hydeganaidmostepié parttiRuRiRoWeR aldpled Forhiss Wi’ﬂhYautéth@%ag tefbrmers

streamis inported to the nethanol synthesis |oop from

. s |loop. .Bhie scription of the
haﬁﬁgv%\{@gaﬁ%‘%%?ﬁéoa?gﬁo gt %F?Dr& i fied bl ock flow

di agram of an enbodi nent according to the present

in Pbn Bre mephast e alser inekidenpraviding ras! leastce tpioetion of the

acid and vinyl acetate nononer, enploying steam and

acetitt atideproducs@ftoraarAM @ynthbsis Ploog Uit tH afochitéddrocess, and
[0022] Fig. 2 is a sinplified block flow of an

cof it B0 30 e iR R FAL 2R3 8em om
thepcro%r%grsl a(i:rasre]:pgr%ti%nrlll%\ﬁ t%lp?géﬁceb\ufkl\i/l.t P%gtyelrgbl}?,l : ?JObZe-righ stream is
imported to the methanol synthesis loop from the VAM synthesis loop. |
Brief Description of the Drawings

[0021] Fig. 1 is a simplified block flow diagram of an embodiment
according to the present invention of a process for making methanol, acetic acid
and vinyl acetate monomer, employing steam and autothermal reformers for the
production of syngas.

[0022] Fig. 2 is a simplified block flow of an embodiment similar to Fig.

1, wherein CO2 emissions are decréased.



retrofit of an existing nethanol, acetic acid and/or
VAM pl ant. [0024] Natural gas 102 is provided as both
w0 oa@b/01835 f or the plant as well as feed gas foPCT/®2004/000002
DesoHiiiisi s- The natural gas is supplied to a
entional desulfurization unit 104 and then

co

se ed.into first and second streans 111 and 112,

regﬁéﬁli v Ihfip(f ifgﬁtlgagpcgw aPPWrRISBtai)@t @5’0‘1%(% also be a

percent of the total natural gas in the streans 111,
retrafid of 32 exi¥imgf metianel, meetic 4ditl drsl/6eWAM plasther an

adi abatic or non-adi abatic catal ytic steam prereforner

10 y 41 f ' \V/ j

1AL ) BE 1o Rl ey Bt IR 303 60 thE PRkt as well

at es. at, bet ween, 70Q, and 9000C and between 0.7 and .
as R gas, 1ok phe SypGenisy dPE| ARl 1§a5ni% FRPRLG IR Pef oRYRBLional

109 .i s t hen conbined with the second stream of natural
desgurization oritddd driithehtsapamated mbonfast @id sevepdrsateams 111 and
unit (ASU) 116, and a recycled CO2-rich stream 110.

1 12%'{%3[56:\%1?%}7? KRS dadt) c«‘(ijtﬂ H ESE 3518 %ﬂ:@ﬁ’t (Siothé%gtal natural

is operate a conventi manner t

sasgidfe Sintals A oo L ARg et st d4X b fehiositie on adiabatie

introduced to autothermal reformer 118 with the oxygen
or fer-adiabatig caalytef steammpreresformerc b0 avith steain 108 befuee eatering
ref orm ng equi pnent and catal yst systens to produce

the OORTRAt Shdl T 12hm TERrMERID9. SThE 31Bak?efofmer 109 oglgrates at

conventionally cool ed and dried. [0025] A portion

e AR D57 T b S T P B S ttunt

previously nentioned. The amount of syngas in stream
fromiidhe degran defopmiend 09 liy them ¢comabinedumith dhe O anekesteshni of natural

acetic acid synthesis, but preferably conprises at
gasl 883! oRyRAN 8P oWhined from an air separation unit (ASU) 116, and a
recycled CO2-rich stream 110. Air is compressed in compressor 115 and fed to
ASU 116, which is operated in a conventional manner to obtain the oxygen
stream 114. The mixture of natural gas, steam reformer effluent, and carbon
dioxide, is introduced to autothermal reformer 118 with the oxygen for catalytic
reforming using conventional autothermal reforming equipment and catalyst
systems to produce syngas stream 120. The syngas stream 120 is conventionally
cooled and dried.

[0025] A portion of the syngas stream 120 is fed to CO2 removal unit

122 via line 119 to produce the CO2 recycle stream 110, previously mentioned.
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stream 120, nore preferably at |east 20 percent, up to
50 percent or nore in the case where methanol export
WO 200807I8sHi bl e and acetic acid production is aPCHCY2004/000002

5 T a ! p 0 .

Th R HE or et SHSewoRED APrhd: nfarly A B, Bhgynt of CO
CO, and CO2 produced, preferably from 1,000 to 20,000

neefgd (P acelis Aeish SRER¢RAR obutam&fqra%m eUBPHsessablrgshatpereent of
tons/day acetic acid. The nore acetic acid that is

stre@f U120 echord prefeiably hiplcabie2pichaomy) upted0gsdcerith@r@ore in the

wi Il be nore hydrogen available for reaction with the
cas ERRUA g BRI ol R eSB! b at o

i nsufficient hydrogen, e.g. .the SNwIll b oo | ow and
maxifEie: FasnBletios aad 1Acetie dcishgoductionsbopft b matched 10 take
production of syngas is increased too nuch, the limts
fullohdvditagSdf cthe He, ©0eadddCO2egroducad, phefeenbdessomel, 000 to
capital cost of a second ASU, and/or the steam

20,{)@(?] gllié'(ﬁ[: t?)ﬁ%/‘d?%'tlg GfiolCa C(%(?Fo?ﬁ'm ¥ 6900t Hetrd ?(?Ls,/day acetic

production i's reduted too nmu

there is a loss of the, econo of _.scale and the
acigd  piheamoge geaticasid that 150Pr0§1“6n%‘ércrtei1%¥¥ev\ﬁq {he m&ﬂ@&gépmduced»
[0026] COX2 renoval unit 122 can use conventional CO2
thereemillabe picre elsrizegandvaiiablp nfont rebctiore voivle théémPogted CO2 to
sol vent absorption and stripping. The nethanol

e. g.

i A , i on.:
mal¥15e SN AP AMIAT RS, SRt ackl 5 1REAR R I8l be
. apot her_associ ated _process, .or a conbi nation thereof .
insEHIFiE sl ArpgoT Gy Hs, SHaWlkcber 190 5B ABAYS MeAROL ke wil

line 119. [0027] The CO2 renoval unit produces a
decté®ser iI€ thestota rodudicancf smigaeds DCtddRed toeamch2the limits of the
essentially free of CO2. The CQ2-rich stream 110 is

AS\ITER BBkl N qRiRa The I BREIVe ottt E6R7B1 #%econd ASU,
and/or the steam reformer costs increase excessively. On the other hand, if the
total production is reduced too much, there is a loss of the economy of scale and
the capital costs per unit of production will increase.

[0026] CO2 removal unit 122 can use conventional CO2 removal
processes and equipment to remove the CO2, e.g. solvent absorption and
stripping. The methanol synthesis loop purge gas stream 124, all or a portion of
CO2 imported from the VAM synthesis process or another associated process, or

a combination thereof, can also, if desired, be fed to the removal unit via line 119.

[0027] The CO2 removal unit produces a CO2-rich stream 110 and a
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[0028] Separation unit 130, which is preferably a
conventional cold box, separates the stream 128 into
w@rooseasss a CO-rich stream 132 and an H2 ri ch BECT/€3n004/000002

mixed1COPMD tRAnAI 39 ckseitiatls filtdof GORUMRE CD20feh QtrefBY £10 is
residual or tail gas streans of m xed hydrogen,

. t ha nd_CO used a uel , or § Vi | i

intfRRCEDH. Bl bRt e 132 1t Bin YR AU et relotnet dts,
condensation box with two colums. The CO-rich stream
13300281 bSepuppibhawit b3Q,shighds prefgrabdy 9yapnwestianalfold box,
136 via line 135, as discussed in nore detail bel ow.

sephRfiEPihe HiRahLIPS Bt Gt 304302 T O dtieden 130 an@@A FIP @ith stream
stream 126, and hydrogen from stream 131, are

ressed to hanol  synt hesi re el n.: ot
135 O €325 o ST Ao SDRER oF et PE Mo Bsicpal oy ol s
met hanol synthesis unit 140 enpl oying a_met hanol .
streapis pEmized dydregen, ceethage aad g@ﬁéﬁ@dl ass{el s sgxported via line
reactors well known in the art. Preferably the SN of

134 herliy Spasaticn BaitvESD can Geafor exdmpl®)raepitial @oabbysation box
bet ween 2. 04 and 2.06. Purge gas stream 124 fromthe

..synthesi s unit. 1 [ ref C : . .
wilHO SRS To5 Poutol ol phf BEOAByib8 shitfie e acia
known, the pur%e 3as stream 124 is neces_sarf/ to
synphesicenrit 186 b lingddSons fisepsseddndporgdesaih Balowi t r ogen
and net hane in the nethanol synthesis |oop. Processing

t hgoQR9j0e TdRSrehihifing sya@as €roay dineull, JO2 fend dtivancdld, and
box 130 has the advantage of recycling the CO2, CO and .

hyqERE Ry {0 BB oLl osh A PRI, pressure in
can be purified by distillation unit 142, qr another | )
COTBPYA3EQN fmaandp fest @8 gnalpypi stresmdZatoothe methanel suathisis unit

product via line 144, or a portion may be supplied to
140 hemplesing aaehethsnolt Besthssisnidopl 36d véaalyticenibdltanol synthesis

reactors well known in the art. Preferably the SN of the syngas is between 2.0
and 2.1; more preferably between 2.04 and 2.06. Purge gas stream 124 from the
synthesis unit 140 is preferably recycled to the CO2 removal unit 122, as
described above. As is well known, the purge gas stream 124 is necessary to
prevent the buildup of inerts such as argon, nitrogen and methane in the methanol
synthesis loop. Processing the purge gas in the CO2 removal unit 122 and the
cold box 130 has the advantage of recycling the CO2, CO and hydrogen from the
purge gas, while rejecting the inerts to the residual stream 134. Methanol product

can be purified by distillation unit 142, or another conventional process. Purified

12



[0030] The acetic acid synthesis unit 136 enpl oys
conventional acetic acid manufacturing equi pnent and
woretohodssdgy wel | known and/or commerci al |y avedT/abbe@4/000002

mdthandids expéited asl prodidiaiatinetiadf of A pirbh tmAEbE shipIfed to the
CO via stream 135 and net hanol via stream 145, such

Aar ﬁﬁgﬁl . 0 p=nore of the acetic acid
ac?rﬁa%ﬁélgcsygrl ng lglaﬂ (%%?giarrgﬁ? i?g%'ed above. For exanple, a
convent | onﬁtl1 BP/ Monsant o process can be enpl oyed, or .
an (Wg%ve BeCKBHS6i syphews smikdgp symplgyBrogxentional acetic
technol ogy (iridiumcatal yst), Celanese |ow water
acide c memiubaptufing odiduipmehhi uiaceletiRlotddal ¥adl) » known and/or
M 11 eniumlow water technol ogy (rhodi um phosphorous
I de. eat / . t hano. . .
cofEI I Frallible BIpS, SfHRD I EERTTo Thi iic pgid from CO via
reaction generally, conprises reacting nethanol, nethyl
StfP%‘PriéSe%n%meﬂla@@hﬁi%tW% 1dfesuchs as, {0x pramples Siose 0n¢ 08 more
reacti on m xture conprising carbon nonoxi de, water, a
of sthe vaueticancidanmatfdoysting \sit@its cosmiondd abate. eRof exagple, a
hal ogenat ed pronoter and at | east one conpound of
i i/ r [ [ t.her The .
coh AR, HE /Ml BotBL! BRL' 80, PRISH, Y a4, irgproved
wei ght percent. Were the reaction conprises_ sinple
B &k@éﬁl}qoatnre?@SSt kamiayiee ddirattva feehnolognciridinm catalyst),
m xture is preferably from about 14 to about 15 wei ght
Ceprarese tdw wWilter ®chine opg dettodumclpthipum siestateovatwls el Millenium low
carbonyl ation, the water content in the reaction

Wagﬁiiel’:‘( Eﬁ@‘ﬂ%@ :({él{ot 'ﬂﬁlﬁ}lef)ﬁ&oﬂgonid% E&aﬁ@?ﬁ &Irﬁ%o\gf 'Qﬁ?lé process

>

e reaction conprises
isgggriz tigQn . or a con?inatiqn of .isonerization and
methanol fsrbomdation-mathy, fommate dsempriratigne: (Fke peagtionageyerally

contains a nonzero quantity of water up to 2 weight
cogggts?agireacTMg metizinoh nmiethyll Yiorimatd, Yorc® donibifason Aereof in the
presence of a reaction mixture comprising carbon monoxide, water, a solvent and
a catalyst system comprising at least one halogenated promoter and at least one
compound of rhodium, iridium, or a combination thereof. The reaction mixture
preferably has a water content up to 20 weight percent. Where the reaction
comprises simple carbonylation, the water content in the reaction mixture is
preferébly from about 14 to about 15 weight percent. Where the reaction
comprises low-water carbonylation, the water content in the reaction mixture is

preferably from about 2 to about 8 weight percent. Where the reaction comprises

methyl formate isomerization or a combination of isomerization and methanol
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acid product is obtained via line 146. [0031] If
desired, a portion of the acetic acid fromline 146
weavshasted via |ine 147 to an associ at ed pr ocBGECYbh@i/000002

carBbAFHESE, K& réfetRNPWRILARNY Grefdsly eontaRRVEMJIBAl quantity of
vi nyl acetate nononmer (VAM) synthesis unit 148. The

B o 2 AR R SR SIB 8 di0 0 e

separation unit 116. A liquid product stream 152 is
acidrmooducidsl obtringshviadineohdd. VAM di stillation unit 156 to
produce essentially pure (comrercial specification)

VAKQWBP | iTpgedifd, aGRurtien ofitex hektidoati@ hesthl tine f4@oanite fed via
VAM synthesis is separated fromthe reactor effluent

. vi a conventy onal r val e

linf g7 1o tf DA Bt T PELRs {3 o0 4 hpfiligpgsuch as
The .oxylge'n in line 114 can_ be obtained, for exanple, . )

conrgsintignal vion epetatmmonpprea (VA pyathesigamit 148; rlhe acetic acid
separation unit 116 produci ng the anmount of oxygen

is RAERAAVHR eftid/viadide 15Ea M Ryt dpsitionudl the b4§gamd14 from
the autothermal refornmer 118. [0032? VAM production is

mai. nl y achi eved he ,a Y, ' f..et ene :
A P08 "B Yidhcr AonhBE/prBUbE o 382 B piggessed in

H20O [ 0033] The nmi n by-product is CO2 fornmed by téwe )
copecndtongh VAdgiistillation unit Ppo prodysecgseersiglly pure (commercial

Selectivity for this process yields approximtely 7-8%

sp&BconEVAMAVIAIhS 188,  [WaeBie idigkidp yepiothicelffom the VAM
100, 000 netric tons per year (MIY) requires

sy%ﬁ?é@éﬂ%@etp%%eg IR0 M Ye fltof teBth ERE ngQ:g P10 985 shtional CO2

removal system 154 and recycled to the methanol synthesis loop via line 126.
The oxygen in line 114 can be obtained, for example, using a conventional
(preferably cryogenic) air separation unit 116 producing the amount of oxygen
needed to supply both the VAM synthesis unit 148 and the autothermal reformer
118.

[0032] VAM production is mainly achieved by the acetoxylation of
ethylene according to the reaction:

C2H4 + AcOH + %2 02 --> VAM + H20
[0033] The main by-product is CO2 formed by the reaction:

C2H4 + 302 -->2C0O2 +2H2 O
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9,000 and 10,000 MrY of CO2. [0035] Utilities 160,
which typically include the steam system cooling
W(watoemosssmpr essed air and the like, are supplP@ﬂCY2004/000002

fu mﬁr]t hselee&s f3 t ?Ot wﬁf&e@@ id18€ ﬁgm)éﬂntaﬁe CO2 by

concom tage economes O scal/e

i nci dent al tolargrutlllt S |y nms for the
masgspt éy e\é{% Rlalafnprwﬁq\%@g \ﬁ@pf%ﬂ@ggfiw 1{@{@@@ Japtrignfqns per year
t hereof. Notably, steam generated by waste heat
(MTE) aequiyes approkiatelye 85)008f BT rofl€ykend aliiRproBicesabetween
well as fromthe nethanol synthesis unit 140, the

9 oéﬁg_{lamgﬁow !ng unit 136 and/ or VAM synt hesi s

or ‘any o associ ated integrated unit, can

vvatl‘g‘f?’sgun‘g{tﬂgiﬁé:lﬁo(go‘%ﬁfcﬁg St ¥ ﬁﬁlt h'gl@gsoé%g{q}{%%m cooling

wat er punp, natural gas conpressor, ASU conpressor
watkt,Scompressfdoairemd1he, lilkeT Rrd kﬁppl@wiﬁrin\thd: integtatd® gystem as
makeup conpressor 138, nethanol syngas recycle

necdQAPHARSAL fuftRE: E&?cdrfulfﬁlt éﬂ%aﬁﬁée A RoASIQ ot SiaNE K cidental

I'ncontrast to t etyplca situdti on where excess

to [pFs6R QLY SUIRY SO Sle S s ORE SRICBRAITHBIEPh g Ge beieaghyingiyidual

of the present invention. An auxiliary boiler can
unis tipgreyf. adtitablynateast ganeratednby deaste hoaBsicoRrgniiom the steam
In this exanple, flowrates, conpositions and ot her

ref 09 S ATR 318! X WHRL ;?sde{/Bl‘?lat {8 SthaRbI éﬁﬁﬁ@sﬁ uBH M99, the

ess ot herw se not ed; es are in"normal cubic

rreter er hour (NnR/ h 05| i onsi n.
acefigr Bl SYNiess gmé& ﬁSﬁ&%@ e&eseygltngégr%ﬁ agy other
to the enbodl ment of the |nvent|on for a
assheiaddAn@drvelnmt enn ehaed tordrisiegor suppdy atesingtoetietbmilea feed
pl ant producing 5016 netric tons per day (MIPD)

walB L HARS) s?8d dSb1fRP W Pump, sea cooling water pump, natural gas

compressor, ASU compressor 115, prereformer 106, ATR 118, CO2 removal unit
122, makeup compressor 138, methanol syngas recycle compressor, and the like,
or any combination thereof. In contrast to the typical situation where excess
steam is produced by steam reforming, there is preferably no steam exported by
the integrated system of the present invention. An auxiliary boiler can supply
additional steam as needed.

[0036] Example1: In this example, flow rates, compositions and
other properties are approximated to two significant figures unless otherwise

noted; flow rates are in normal cubic meters per hour (Nm3/h) and compositions
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CO for acetic acid synthesis. Natural gas 102 is
provi ded at 194,000 NnB/h as both fuel 103 for the
w@k@an70832, 000 NnB/ h) as well as process feed PEBECY2004/000002

in rﬁ&l%ﬁ;e@@&t'\'[fﬁfeﬁﬁ oth%déaﬁdté@' Adpfodessaccad | the @mbidiment

app OXI mat 5% net hane, 5.0% et hane, I.0%

of the g mi?ﬁéb%?ﬁ%‘ﬁpﬁ%e@{cs@ ST P B for

104. AfIrSt portion of the desul furized natural

a plab prabeing 80 ho nietris dpps perdday ITPRY mathapplk andsl%gﬁ{) Nm3/h
(246,000 NnB/h) for prereform ng 106 and steam

CO' R QBB %ei@@séﬁtﬁeﬁbt Nﬁuﬂaﬁ%@%ﬂ\ﬁ%ﬂmﬁﬁd 4e194,000 Nm3/h as
conprising 5 , 5% 35% hydr ogen, 35% st eam

bot GgeTONAES Hnaiant P> AT ]l bt PERCL; SRk BB RO 2,000

N8/ h) in line 112 is fed to the autothernmal reforner
NnB1ig). withie nateraltgesnhases momposiian gbsppemdmatelp - Nesmsthane,
recycle CQ2 vi a line 110 conprising 98% CO2 and | ess

5.0 3thah¥ aa9h B g% 095 Bueihe AR Beaviep Wydravagbons, and 4.0%
met hane. The ATR 118 consunmes a 115, 000 g/h oxygen

streamyia lin i sin on
N e Eﬁ%ﬁ e "B nortign of the
8. 0% C2, 23% CO, 66% hyd 8% net hane, and I ess
desubfBnized 2vatoral vgase(l 27:006r Nrmﬂg/h) a%) éﬁpﬁh@d zigdime 1bbagth Ateam
127,000 NnB/h portion of the dried effluent fromthe

(24/6T(‘f0013f&n5 #h)S 6RP lpr @@ férenih b e1 68 2ande sivaal reftirinid 2109rhe obtain
Cc2-rich stream 110 is déscri bed above, and t

1 BRSBTS 95,068, Yl A e, 3

1.3%nit rogen and | ess than 1% of argon, whi ch 'S
stegmp pBVemetianerrmddessithene. A%00f Mibogen and@rged box 130
produces a 19,400 NnB/ h stream 132

[0037] The remaining desulfurized natural gas (55,000 Nm3/h) in line
112 is fed to the autothermal reformer 118 with the steam reformer effluent and
10,000 Nm3/h recycle CO2 via line 110 comprising 98% CO2 and less than 1%
each of CO, hydrogen, water vapor, and methane. The ATR 118 consumes a
115,000 kg/h oxygen stream via line 114 comprising 0.5% argon, and produces
620,000 Nm3/h of dried effluent comprising 8.0% CO2, 23% CO, 66% hydrogen,
1.8% methane, and less than 1.2% of water vapor, nitrogen and argon.

[0038] A 127,000 Nm3/h portion of the dried effluent from the ATR 118
is supplied to the CO2 removal unit 122. The CO2-rich stream 110 is described

.above, and the CO2-lean stream comprises 116,000 Nm3/h of gas with a
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conprising 98% CO 1.7%nitrogen, and | ess than 1%
each of hydrogen, argon and net hane, a 65,000 NnB/h
WO 2005/0®s5 st ream 134 conprising 11% CO, 84% hyRPeGE2004/000002

corApaSitiBh LJfOBEA. C&. GY0avst ena'Q% |n‘i‘&ﬁaﬁé‘aln3‘%°/hﬁ‘f f and less
and a 32,000 NnB/h stre 1 conprl sing 90% h ogen,

ol R it 0 B 8 o7, 280 o

with stream 131, is conpressed to stream 123 to supply
52710039] Nigien aaﬂdnhkmu[b?»@apm:dmpm 8i 19,408%Nmpdflogdrgam 132
22% CO, 7.5% CQ2, 1.7% nethane, and |ess than 1.3%

f t r oged 1 o '
coBPESIEISI €O, PY L GREIGA86 000 LERAAIROR, wson

w@é@étBﬁﬁéi%‘é%zé@ii‘?%ﬁ/M ' ﬂrfé p&ﬂ@t‘?%%ig%ﬁﬁ@ﬁ% 0, 84%

of crude nethanol containing 24% water, 1.9% CQO2,
hydregen.t hafo hitregah 6% Coethands ané ricssaﬁhgunl %aratgoes amhe 32 000
and 209, 000 kg/h of commercially pure nmethanol in

Nnﬁ/h%ﬁ‘é’ﬁmlﬂs"l é&ﬁpﬁéﬁr d(%‘h%rhro%e&leQ'B%@()Sa&hﬁ%ése&laﬁqw‘%gch of

g/h of nmethanol tothe acCetit acid synthesis unit

t isre e th the COvia stream 135 to obtaln
mlgp;gegoérggg/q{l rcial glacial acetic acid after
distillation, at a purity greater than 99.85 w %

[ 0d6930]A wret irsmadhdarhefaseearn d20d dloog Withe singgm s131, is
fed at a rate of 22,000 kg/h to VAM synthesis unit 148

M?és@ed to 'sﬁeﬁl‘ﬁaﬂﬁ@o Wby 8270060 N4 6f RRIKEIE 'dad %"oh&ihsmg

grade ethyl ene conprising nor e than 99 9% et hyI ene

oo Ry oL A 5P ol " 030150 %en of

31,000 kg/h of commercial VAM pr oduct stream 152,
Wamapgr,mltrogen and argon (producing a syngas with an R value of 2. 04), to

the methanol synthesis unit 140. The unit 140 produces the purge gas stream 124
as previously mentioned, 260,000 kg/h of crude methanol containing 24% water,
1.9% CO2, and less than 1% each of CO, hydrogen, argon and methane, and
209,000 kg/h of commercially pure methanol in streams‘ 144 and 145.

[0041] Stream 145 supplies 26,000 kg/h of methanol to the acetic acid
synthesis unit 136 which is reacted with the CO via stream 135 to obtain 47,600
kg/h of commercial glacial acetic acid after distillation, at a purity greater than
99.85 wt%. B

[0042] A portion of the acetic acid from line 146 is fed at a rate of

22,000 kg/h to VAM synthesis unit 148 where it is reacted with 10,000 Nm3/h of
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purity greater than 99.9 wei ght percent. VAM
production is mainly achieved by the acetoxyl ation of
werdwpheses A CO2 stream conprising nore than 9BO%H/CE2004/000002

IyenRAfBaCsadt kthvieRe NGB diSe MesieV@agdJ. 9%% d1
porygﬂrmva s,)e/‘gsjrtaem615%1 e004 1Ilflgthls exanpl e, ﬂ3£9¥ene and fess

thapo6 ? %mlﬁg %%ldw'g meﬂ@ VAM Zé(;g(t)@ i\ﬁn?/rhln(ixy%tg frrecyalr geparatlon

necessary or_ desired, add|t| onal CO2 coul d
un#[1il6rtaahitaial 31,000 ket of covamercipleV Al prodertsizeam hi2, fmying a
to supply the total CO2 needed in line 126. [0044] The

Rl tARg ©9 Pivelglitpepd@iP AN PEORRSDNI 8 (ﬁﬂdtlhgﬁ a@meved by
h| g pr essure steam auxiliary boiler producing 155 t

ste t 101 .bar .and carbon effici
thgyEfoniicnpt dbifE afgqﬁf}?ﬁ&eﬁ%ﬁ%ﬂ%@nﬁwwﬁfﬁ’ég% €02, is
S nt heS| s 148 (including VAMdi stillation 156 and CO2
preducedat 15400 Newdhp ps eseoreicd| o 2902 ronesyl wretamisd2: | n
this exanple, flow rates, conpositions and other

Pr ope48] eSindthgs 8R4 ﬂ’ﬁ’I €02 sirdat® psddiietliinant VANUE@shesis
unl ess ot herwi se no flow rates are in nor mal cubi ¢

is BB deRiEd 4ol Eﬂﬁfm‘ SAREBTOR yif dinel AR gy or

to the enbodi nent of the invention for a MeOH A C]—|
desirest excidlitionalrCOR quudd alternatiyely gnadditinnally s unported via line
produci ng 4,400 netric tons per day (MIPD) nethanol,

124%@9%@*{%%1@96@%@@&6'@ [a@i K6synt hesi s and 99, 000
ydrogen for a nearby refinery. Were features

to T4HT, RS e bsPeSofor HROK fgary %Z?Eéﬁsgﬁ% ﬁ“gi%zhlgh'

I's provided at 182,000 NnB8/h as_process feed o
pressute sleagaguxitiory bedleppEiducaig &85 4fppieamnat &0 b@@ a@% 500°C.

The carbon efficiency exclusive of acetic acid synthesis 136 and VAM synthesis
148 (including VAM distillation 156 and CO2 system 154) is approximately
82%.

[0045] Example2: In this example, flow rates, compositions and
other properties are approximated to two significant figures unless otherwise
noted; flow rates are in normal cubic meters per hour (Nm3/h) and compositions
in mole percent, unless otherwise noted. A process according to the embodiment
of the invention for a MeOH/AcOH process shown in Fig. 2 is designed for a
plant producing 4,400 metric tons per day (MTPD) methanol, 49,000 Nm3/h CO

for acetic acid synthesis and 99,000 Nm3/h hydrogen for a nearby refinery.
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nmet hane, 5.0% et hane, 1.0% propane, 0.5% butane and
heavi er hydrocarbons, and 4.0% nitrogen, and is
waapphisss t o desul furization unit 104. A firstPEDCY2@1/000002

Wheke fEfuRRSfouhdih Fesk. nadnd 2lar® aferkitdl tHO QubiiRtdmsddsto identify
supplied via line 111 with steam 108 (246,000 Nn8/h)

t rereformer. 106 d_ st formng, 109 t '
they Rabiygosiamdevigrt | SRErdcER 10 3 Blodfictg: 323 RloEhhnah as
35% hydr ogen, 35% steam 18% nethane and | ess than
proeesdesac pant The nagedl gasdhay gorwmpaitien of appreximaielygdd.5%
desul furized natural gas (55,000 NnB/h) from

mefifsie] SUI%Zathaas, VIORE pkofarfyi(. 5% batahknghdl héavied hiydrdcagbons,
to the autothermal reformer 118, along with the Steam

fQrner effluent and.approximatel y. 22 00 / :

and § Qartitrofon. g BRI B R SR PalfoBauf Y SR cflsg pgrtion of
than 1% each of CO hydrogen, water vapor, and .

thendasnbfveized metusaiRgas @ &wﬂme/b) ip1suppbigd kg Hngxyldewith steam
streamvia line 114 conprising 0.5% argon, and

1091046909 8@93/AP Q0 NiretdTomherdl 06 threl Fedantefonfiig 1090to obtain
9.0% C2, 24% CO, 64% hydrogen, 1.7% et hane, and | ess

. 3% aof.;wat.er vapaor AT n o 0
s B0 e APl R Ghe AP, 9% LR Mt 35
118, together with the purge stream from net hanol
stegim tl R methangpanbless ﬁlamao@‘%i eaghtof nittegemand argffal  uni t
122 via 119. The C2-rich stream 110 i s descri bed

abope46pNATtid @ efelrih€ adesalfuciasd Geitwral 000 ON#38iA N from
of qggs !/avith a corrpos}gti on of 23% CO, Gﬁhﬁogen, 5%)1

hane., 3%.ni tLogen r36e [
aef Ghafifionddfif 404 RIRE S b A2 3R RSBl 3p Uhe Hpfiernt Fhfbrmer
exanpl e, the cold box is based on a met hane wash
118 elomgswiht ther peam rafpimeroeifiiest and appypvimatelyyé2,000 Nm3/h
colum to withdraw a nitrogen-rich

recycle CO2 via line 110 comprising 98% CO2 and less than 1% each of CO,

hydrogen, water vapor, and methane. The ATR 118 consumes a 117,000 kg/h
oxygen stream via line 114 comprising 0.5% argon, and produces 630,000 Nm3/h
of dried effluent comprising 9.0% CO2, 24% CO, 64% hydrogen, 1.7% methane,
and less than 1.3% of water vapor, nitrogen and argon.

[0047] A 220,000 Nm3/h portion of the effluent from the ATR 118,
together with the purge stream from methanol synthesis loop 124 is supplied to
the CO2 removal unit 122 via 119. The CO2-rich stream 110 is described above,

and the CO2-lean stream comprises 235,000 Nm3/h of gas with a composition of
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stream 214. Stream 214 conprises nitrogen and CO in
approxi mately the sanme proportions. This streamis
wo e@anassi n a VSA (Vacuum Swi ng Absorber) sepaPEL/cyn004/000002
2399100 e58Y2RAdroken, $%avethate U3%S nitrogenmd tnooeoahdentsiaflargon,

stream 210, ich is added to COrich stream 132
£exi.ting €0 m ng stream 135. VSA 206 al so
Whlﬁﬁ&ﬁﬁ%ﬂ%ﬁ?éﬁ@’géﬁ*‘gg?}ég%ﬁ’zm. Col d box 130 produces a

44,000 NnB/ h stream 132 of 98% O%q\%n th 1.3%.nit ro%%n
and0048s {mais examply: dheAoldhgols basgd e, micthang wagh process
gas stream 202 of 9,200 NnB/h conprising nore than 98%

witHEhhe eath Golesss bham 2¥abfsidenoturhn ee; withdBwa@0nike@eh-rich
flash gas stream 208 conpri si ng 59% hydr ogen, 36%

car noxide,, 3% o BHt #,0 }dﬁyﬂg tﬁ
Strefﬂ,aggor%ﬁ%}ﬂ %314#205%&%?6}@%0 ?@sali!1 ﬁg@QS@S%oﬁﬁg r ogg , fo/%ame

met hane and | ess than 0.5% each of nitrogen and argon.
propaftionsas &hiseshean2isc deatrd dbpp| Vsé aé’r a0uR iR Absorber)

natural gas 102. A portion of hydrogen-rich stream 131

sepAPatidIE pERRBS 06 tb resdveramuBdfal anrbars etbrioxiderich stream 210,
associ ated process, such as in a refinery. [0049] The

whi ngg%gﬁ;% Irrc%agﬁ%a%lg %gh %%ﬁé%gﬂdtl% {3@sfor®af stream 135.

por of s IS conpressed

to stream 123 to supply 460, 000 Nn8/ h, of keu as
VSO ARG Asar G ebIEny bR sirea T | o ok Porpl 30 DEEea 44,000
met hane, and | ess than 1. 2% each of water vapor,

NpfiB/h aem 480 @asm (B with. 3% hitrdgen amt ksschan 1% hydrogen,
synthesis unit 140. The unit 140 produces purge gas

argsf)%%ae% VTN Fqég\r%agi%#leﬁré{g% bpresho RESH/AW ’ %rﬁ%’fmore than

ano Yowater, 1.9%
98%;11&%%%? %ﬂ@? Eg/ggﬁé%o%rg&%;n% %;ﬁﬂ:g{\laﬁﬁg {ﬁe%sﬂaga%’ stream
streans 144 and 145.

208 comprising 59% hydrogen, 36% carbon monoxide, 3% methane and 1%
nitrogen; and a 144,000 Nm3/h stream 131 comprising 98.5% hydrogen, 1%
methane and less than 0.5% each of nitrogen and argon. Tail gas stream 202 can
be supplied as feed with natural gas 102. A portion of hydrogen-rich stream 131
may be separated in stream 212 and used in an associated process, such as in a
refinery.

[0049] The remainder of stream 120 along with the flash gas stream 208
and a portion of stream 131, is compressed to stream 123 to supply 460,000

Nm3/h of makeup gas comprising 68% hydrogen, 22% CO, 7.5% CO2, 1.6%

methane, and less than 1.2% each of water vapor, nitrogen and argon (R = 2.03),
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[ 0050] Stream 145 supplies 65,000 kg/ h of nethanol to
acetic acid synthesis unit 136, where it is reacted
WOWak/00@85yi a stream 135 to obtain 120, 000 kg/ hp@f/CY2004/000002

to 8k afbBhnSCIntitesariit 130, A it M 40T Botecesthiage s §ream 124
wei ght percent after distillation. [0051] A portion of

t he.acetic acid 6 +s f ' 0
as BGRIGSE tafioped SERNNE] kot Guddadiindy Coriplihgass water,
N8/ h of pol ynerization grade ethyl ene conprising nore
1.9h £1029andslesshifiaant’ eard pELO4 hﬁérqgemp/@:ﬁgon apd methage, and
via line 150, and 6,000 NnB/h oxygen fromair

183606 k8 8Ncotiderdidly pareohictianoBin HP 9144 ahd 145.
conmerci al VAM product stream 152, with a purity

gr t han 99..9.w % VAMprp@duet i,on d L nky. : :
achpest' Sfaite HseuipiGt ot Kt i heMidty acctic acid
stream conprising nore than 98% CO2, is produced at
synthesdounitd/36, inhere dowapacied vith €6 viesiseam 1394p«htains120,000
[0052] In this exanple, CO2 fromthe VAM synthesis is
kg/MObf bREYAl fticOadifealmRtaNg! greutt gh 99.89velpht perent after
126. "I f necessary or desired, additional CO2 may be
dis{i!;[gﬁé ed via line 127 to supply the total CO2 needed
| I'he 126. In this exanple, the integrated nethanol
acetic acid plant produces nethangl and acetjc. aci
AndOUSET /5000 0b tRerBFHIo AKyGHEN 165 Sodhis 197 to VAM
refinery.[0053] The major portion of high nitrogen
symthedie nhitdi48neheredt isgeacted with d OcD00NN13¢h wEpplyahamgation grade
wth a small quantity of CO The additional fuel gas

eth&gﬁq‘léi cfa@'i@‘ggriﬁ% Elgdrettﬁﬁl §9?@g glﬁfﬁ&ﬁ%taﬁﬁl lg&gtélhﬁf(m%ed}f iffurities,

require er, cou
i DRSSt et RS 16t cbtin
em ssions (less than 2,500 N8B/ h or |ess

31,000 kg/h of commercial VAM product stream 152, with a purity greater than
99.9 wt%. VAM production is mainly achieved by the acetoxylation of ethylene.
A CO2 stream comprising more than 98% CO2, is produced at 1,400 Nm3/h is
recovered from CO2 removal system 154.

[0052] In this example, CO2 from the VAM synthesis is not recycled to
the methanol synthesis loop via line 126. If necessary or desired, additional CO2
may be imported via line 127 to supply the total CO2 needed in line 126. In this

example, the integrated methanol acetic acid plant produces methanol and acetic

acid and supplies 99,000 Nm3/h of hydrogen for a nearby refinery.
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than 10% of the carbon input), if hydrogen cannot be
used el sewhere. CLAIMS: [cl 1] A nmethod for
worewahassur i ng nmet hanol and acetic acid, charaeCECY2@d/000002

gyﬁé(yﬁ”]l ”t‘filgrr%‘{qq ggﬁlgﬂﬁl 8%:13§ﬁ5121?0 leR9cShtBYPCRIBRA gas is

ource-in fir secon arbon streans;
steamreformng the first hydrogcarb streamw.th
purged amthe S palons itk Rorial ASmvaRrot GG ol Rerdditonal fuel gas
reformng of a mxture of the reforned stream and the

reqaRemedtshyst deafibah pesheatem atid hefoxygenasametlc as fon the required
di oxi de to produce a syngas stream separating a m nor
-por r . a
boif shfft 66 A URTRR, FHEFRE by SxERIRROR A in an
. nmonoxide-rich streany recycling.the carbon
integratedcrompleR Vaith S8R 105V (12 STMIORS (655 &’@P&ﬁ?%{myh or less
conpressing a renaining portion of the syngas stream
thaatl 06 @$ thacqboh inputpfif hipdrdpedroagrot bé sedselseahereo
supply a makeup streamto a nethanol synthesis loop to
obtai n a nethanol product; and synthesizing acetic
acid fromat |east a portion of the nethanol product
and the carbon nonoxide-rich stream [cl 2] The method
of claim1l, wherein the makeup stream has an SN
between 2.0 and 2.1.[cl 3] The nethod of any one of
the preceeding clains, further conprising
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supplying a purge gas streamfromthe nethanol

synthesis loop to the separation step, [cl 4] The
woreiohosed any one of the preceedi ng cl ai ms, WPET/€2004/000002
CLAR:autothermal reformer is a single train autothernal
—retornmer [cl 5] The nethod of any one of the

[cl e%gfgtﬁlﬂi ﬁJr%dTﬁlfaé’tﬁﬁﬁ niethdifo]1 28R ACEES BE1dSERRacterized by the
inhclu e

es supplying t nor portion of the syngas to
a net hane sh CP| d box unit, [cl 6] The nethod of
cl ailAtegratgtheieBs Alia f1 ash gas from the separation step
is recycled to the nethanol synthesis |oop [cl thyThe
met hodsephraiing erigydvbcarban reuscoint®, fivdteans seeondibydepegrbon
streamfromthe cold box is recycled as feed gas. [cl
8] The rretsﬁuggngxf any one of the preceeding cl ai s,
wher ei n carbon di oxi de emissions are | ess than 10% of

the total carbon input., [.cl, 9] The pethod. of any.on
of Gl aHRRMTERMAg s et iisncasbos sEAdnviB syl 4§ BFoduce o
| ess than 5 percent of the total carbon input [cl 10]

The net hodefoimadgtroam; of the preceedi ng cl ai ns,
wherein a first portion of the hydrogen-rich stream

fromt Qﬁoﬁﬁ%@%ﬁ%ﬁ%ﬂgﬁ% P al Mixt@eYst tRE rdfBrhbe stieiiandlthe

synt hesi's econd portion is sent as feed to
Tt Lo e NI T M T
carbon di oxi de stream from an associ ated process to
suppl y t herodicelgosynigae sineam;
separating a minor portion of the syngas stream into a carbon dioxide-
rich stream, a hydrogen-rich stream, and a carbon monoxide-rich
stream,;
recycling the carbon dioxide-rich stream to the autothermal reforming;
compressing a remaining portion of the syngas stream, at least a portion
of the hydrogen-rich stream to supply a makeup stream to a
methanol synthesis loop to obtain a methanol product; and
synthesizing acetic acid from at least a portion of the methanol product
and the carbon monoxide-rich stream.

[c12] The method of claim 1, wherein the makeup stream has an SN between 2.0

and 2.1.
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[cl] 12] The nethod of any one of clainms 10 or 11,
wherein the associ ated process uses the acetic acid as
wWa@2008a88ht , uses t he net hanol product as a reBCT/@§2004/000002

[cB3Tar The WStHEM of ERYbRe 6P ITeddddi &@fﬂé,imﬁh%dm?risin
shares common utilities, or a conbination thereof [cC

13] Th hod of f ¢l ai 107 12, f h
compiaVe rwer ainsraen o i Bepp LIRS oo R e he
acid produced to a vinyl acetate nononer synthesis

| oopséparatken sfegoci at ed process; conbining the portion
of the acetic acid with an ethyl ene source and oxygen

[ck 4] PTREuehyd BY hnyp6ss 8f theMBSHing Slhid wHdiein Mk RatbtRérmal
cl'aim 13, wherein a single air separation unit

suppl ies oxyvgen t.Q.fthe associ ate rocess and the
aut of‘?@’frp@ﬁ %&%%Fal?gp%i%ﬁmfkggﬂﬁ{lﬁod of any one of
the preceeding clainms, wherein at |east 10% of the

[ck§hgdbe snetbedrof enypreof the preceeding elpimsawhnieist thp spparation

16] The nmethod of any one of the preceeding clains,

wher giep ihéladeeiuppihg ThOAREADIrEioR OF IREH nkadRPa athane wash
30, OOOptons/day, [clg17] The "met hod of an% one of the

preceedi.ng cl.ai s, wherein the acetic acid produced is
bet m@gﬁ”ﬁ%‘o‘“};}ﬁd 6,000 netric tons/day [cl 18] The
met hod of an recedi ng clai further conprising )
[c§ ¢ oThe maethodbop claimch vgter@am asht ges froan g sepassiaTheisp ds
| oop.[cl 19] The nethod of claim 13, further
conpiécyclvd tb 1RO hiekithod s{HtBedis tdbpst ream from t he vi nyl

acetate nononer synthesis |oop to the nethanol

[cf’yft Iﬁlﬁ in?etil&? Bt any one of claims 5 or 6, wherein a tail gas stream from the
cold box is recycled as feed gas.

[cl 8] The method of any one of the preceeding claims, wherein carbon dioxide
emissions are less than 10% of the total carbon input.

[c1 9] The method of any one of claims 1-7, wherein carbon dioxide emissions
are less than 5 percent of the total carbon input.

[c] 10] The method of any one of the preceeding claims, wherein a first portion of
the hydrogen-rich stream from the separation step is recycled to the

methanol synthesis loop and a second portion is sent as feed to an

associated process.
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[cl 20] The nmethod of claim18 or 19, wherein the
hydr ocar bon source conprises natural gas and a ratio
wo@Rooshassaiported CO2 streamto the hydrocar bonPGDUN2@4/000002

[c] Bl]alThk @stho® ofank Gn&@tﬂé%ired:\d!ﬁiﬁgﬂéluﬁﬁé, fufther Edthprdihg

The nmet hod of claim 20, wherein the ratio of the

ORGP oL B Sl S8Rl e B85 Bl

claim19, wherein the ratio of the inported CO2 to the
nat uFMKCYRSIFE@Ngt | east 0.23 kg CO2 per NnB natural
gas. [cl 23] The nethod of any one of the preceding

[clc1Zi The nesthpd 0f angondlbf Elaihd Y0 betl 1esRe®in dtfad8bufdd process
the feed gas streamto the first stream and diverting

cecon e el dadsn il FRbIRE T GRTROHICN o g reactant,

precedi ng claing, conprising: diverting 45 to 55%of
the FRATES gR¥Ses: iremm ¢QENIMPR Al Separationaw, Shargs gpuasrar wilities,
45 to 55% of the feed gas streamto the second stream

[cl 8bh combimionatieebf.any precedi ng cl ai mwherein the

separation step produces a tail gas streamenriched in
[cl 18" e method of any one of claims 10-12, further comprising:
providing at least a portion of the acetic acid produced to a vinyl acetate
monomet synthesis loop in the associated process;
combining the portion of the acetic acid with an ethylene source and
oxygen to produce vinyl acetate monomer.
[cl 14] The method of claim 13, wherein a single air separation unit supplies
oxygen to the associated process and the autothermal reformer.
[cl 15] The method of any one of the preceeding claims, wherein at least 10% of
the syngas stream is directed to the separation step.
[cl 16] The method of any one of the preceeding claims, wherein the methanol
produced is between 1,000 and 30,000 tons/day.
[cl 17] The method of any one of the preceeding claims, wherein the acetic acid
produced is between 500 and 6,000 metric tons/day.

[cl 18] The method of any preceding claim, further comprising importing a CO2-

rich stream to the methanol synthesis loop.
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[c]l 19] The method of claim 13, further comprising importing a CO2-rich stream

from the vinyl acetate monomer synthesis loop to the methanol synthesis
loop.

[c1 20] The method of claim 18 or 19, wherein the hydrocarbon source comprises
natural gas and a ratio of the imported CO2 stream to the hydrocarbon
source is at least 0.05 kg CO2 per Nm3 natural gas.

[c]1 21] The method of claim 20, wherein the ratio of the imported CO2 stream to
the natural gas is at least 0.2 kg CO2 per Nm3 natural gas.

[c]1 22] The method of claim 19, wherein the ratio of the imported CO2 to the
natural gas is at least 0.23 kg CO2 per Nm3 natural gas.

[c1 23] The method of any one of the preceding claims, comprising:

diverting between 35 and 65% of the feed gas stream to the first stream;
and

diverting between 35 and 65% of the feed gas stream to the second
stream.

[c] 24] The method of any one of the preceding claims, comprising:

diverting 45 to 55% of the feed gas stream to the first stream; and
diverting 45 to 55% of the feed gas stream to the second stream.

[c1 25] The method of any preceding claim wherein the separation step produces a

tail gas stream enriched in inerts.
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